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EXTENDED ABSTRACT

Chemical Looping Combustion (CLC) is an oxy-combustion like technology where oxygen carrying particles are used to supply oxygen for combustion. The oxygen carrier circulates between an Air Reactor and a Fuel Reactor. Synthetic and natural metal oxides are both considered as oxygen carriers for the CLC process, most are dense Group B particles of the Geldart classification. The Air Reactor, as developed by IFPEN and Total, is a riser type reactor where the metal oxide is transported upwards by the air flow as it is being oxidized. In order to minimize the energy penalty of the CLC process, efficient oxidation of the oxygen carrier in the Air Reactor is mandatory. There is a lack of reliable modeling and experimental information in the literature on Circulating Fluidized Beds (CFBs) working with large dense Group B materials. Circulating fluidized beds are based on a pressure balanced circulating loop of solids and are successfully used for fluid catalytic cracking (FCC) and circulating fluidized bed combustion (CFB boilers). However, further studies, both experimental and theoretical, are required for the reliable scale-up and optimization of the CLC process that brings together dense Group B particles and CFB technology.

The first goal of the thesis is to gather basic experimental data on large scale circulating fluidized bed riser with Group B particles. Experimental results of pressure drop, solids flux, velocity and concentration along the riser will be used to improve the understanding of gas-particle interactions in the transport regime. The hydrodynamic studies were conducted on a 18 m long riser of a cold flow CFB model built at IFPEN, with a diameter of 0.3 m and a blind-T exit. The first series of tests were conducted with sand particles with an initial mean Sauter diameter of 300 μm and density of 2650 kg/m 3 . Axial pressure profiles and radial profiles of flux and momentum have been obtained at strategic elevations along the riser. A second series of tests were conducted with glass beads of 250 μm and density of 2600 kg/m 3 . And a final series of tests were made with a metal ore with an initial mean Sauter diameter of 280 μm and density of 3300 kg/m 3 . Tests were made at gas velocities of 8 and 10 m/s and a wide range of solid fluxes (20 to 90 kg/m²s). Experimental conditions were chosen according to the operating conditions of the CLC process and the cold flow mock-up operating limits.

Axial pressure profiles along the riser indicate the existence of three regions, a denser solids phase on the bottom of the reactor, acceleration zone, a more dilute phase, fully developed zone, and a riser exit zone. The height of the acceleration zone depends on operating conditions as well as particle properties. Pressure drop across the riser depends strongly on particle sphericity. Indeed, glass beads generate pressure drops about 50 % lower than sand, at identical conditions. In the developed flow region, the radial tests indicate the presence of the core-annulus regime for all particles studied. At the local level, it is suggested that lower particle sphericity leads to higher solids hold-up and a larger annulus region inside the riser.

The second goal of the thesis was to develop an one dimensional hydrodynamic model of the riser that is both based on experimental data and Eulerian-Eulerian gas-solid models. In a first step, solid concentration and drag force profiles were calculated from a system of mass and momentum equations that was fitted to experimental pressure profiles. A new cross section averaged drag force correlation is proposed. Results show that drag force at a given elevation depends mainly upon gas volume fraction. Additionally, particle shape has been shown to be an important parameter on gas-solid hydrodynamics. The higher the sphericity, the lower drag force will be. Moreover, a new boundary condition for the bottom of the riser was established showing that the typical values (at minimum fluidization) are overestimated. The final 1D model is able to predict pressure drop across the riser at different conditions and it takes into account particle properties, like density, size and shape. The slip factors calculated from the 1D model show a closer tendency to the experimental results than existing literature correlations. Further improvements are required to enhance flow description at the riser bottom and in the acceleration zone in order to achieve fully developed conditions in the upper riser.

An investigation of the Barracuda CPFD® software suitability for the transport regime of Group B particles was made. It was shown that the code, while predicting close pressure drop values for glass beads, underestimates pressure drop for smaller sphericity.

Local measurements on the large scale riser could be envisioned to verify the theories proposed here. In particular, reliable measurements of local particle velocity would be useful. A more in-depth study of CFD tools should be considered to better understand local phenomena but also for scale-up purposes. Further work should be done to understand the full impact of particle properties on gas-solid flow.
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RESUME ETENDU

La combustion en boucle chimique (Chemical Looping Combustion, CLC) est un procédé du type oxy-combustion où des particules, transporteurs d'oxygène, sont utilisées pour fournir de l'oxygène à la combustion. Le transporteur d'oxygène circule entre un "Réacteur Air" et un "Réacteur Fuel". Des oxydes métalliques synthétiques et naturels sont étudiés comme potentiels transporteurs d'oxygène pour le procédé CLC, la plupart étant des particules du groupe B de la classification de Geldart. Le Réacteur Air, tel que développé par IFPEN et Total, est un réacteur du type riser où l'oxyde métallique est transporté dans un courant ascendant par le flux d'air lors de son oxydation. Afin de minimiser la perte d'énergie du procédé CLC, une oxydation efficace du transporteur d'oxygène dans le riser est nécessaire.

La littérature concernant les lits fluidisés circulants (CFB) avec des particules très denses est peu fournie. Dans les lits de particules du groupe B de la classification de Geldart se forment des bulles à partir de la vitesse minimale de fluidisation, ne présentant aucune taille maximale de bulle stable. Le principe de fonctionnement des lits fluidisés circulants est basé sur une boucle de circulation de solide en équilibre de pression. Ils sont utilisés avec succès pour le craquage catalytique fluide (FCC) et la combustion en lit fluidisé circulant (CFB boilers). Cependant, d'autres études, tant expérimentales que théoriques, sont nécessaires pour l'extrapolation et l'optimisation du procédé CLC, fonction des propriétés des particules du groupe B et de la technologie CFB.

Le premier objectif de la thèse est de réunir une base de données expérimentales sur un riser d'un lit fluidisé circulant avec des particules du groupe B. Les résultats expérimentaux de la perte de charge, du flux, de la vitesse et de la concentration solide le long du riser permettront d'améliorer la compréhension des interactions gaz-particules dans le régime de transport. Les études hydrodynamiques ont été faites dans un riser de 18 m de hauteur d'une maquette froide CFB construite à l'IFPEN, de diamètre intérieur de 0,3 m, avec une sortie en T. La première campagne d'essais a été réalisée avec des particules de sable ayant un diamètre de Sauter initial de 300 μm et une densité de 2650 kg/m 3 . Les profils axiaux de pression ainsi que les profils radiaux de flux et de quantité de mouvement ont été obtenus à différentes hauteurs le long du riser. La deuxième campagne d'essais a été réalisée avec des billes de verre ayant un diamètre de Sauter initial de 250 μm et une densité de 2600 kg/m 3 . La troisième campagne d'essais a été réalisée avec un oxyde métallique ayant un diamètre de Sauter initial de 280 μm et une densité de 3300 kg/m 3 . Les essais ont été conduits à deux vitesses gaz, 8 and 10 m/s, et une large gamme de flux solide (20 to 90 kg/m²s). Les conditions expérimentales ont été choisies en fonction des conditions de fonctionnement du procédé CLC et des limites de fonctionnement de la maquette.

Les profils axiaux de pression pour différentes vitesses gaz et flux de solide ont été obtenus. Les profils de pression indiquent l'existence de trois zones dans le riser, une phase dense de solide dans le fond du riser, zone d'accélération, une phase plus diluée, zone d'écoulement développée, et une zone de sortie du riser. La hauteur de la zone d'accélération dépend des conditions opératoires mais aussi des propriétés des particules. Un impact de la sphéricité des particules sur la perte de charge à travers le riser a été révélé. Dans des conditions identiques, les billes de verre sable génèrent des pertes de charge d'environ 50% inférieur à celui du sable. Dans la zone d'écoulement développée, les profils radiaux indiquent la présence du régime coeur-anneau. Au niveau local, il est suggéré qu'une sphéricité inférieure conduit à des hold-up solides supérieurs et à une région annulaire plus grande à l'intérieur du riser.

Le deuxième objectif de la thèse est de développer un modèle hydrodynamique mono-dimensionnel du riser qui est à la fois fondé sur des données expérimentales et sur les équations gaz-solide Euler-Euler. Dans une première étape, les profils de concentration solide et de force de traînée sont calculés à partir d'un système d'équations de quantité de mouvement et de matière ainsi que par interpolation d'un profil de pression expérimental pour une condition donnée. Une nouvelle corrélation pour la force de traînée moyennée sur la section est proposée. Les résultats montrent que la force de traînée dépend essentiellement du taux de vide. De plus, la forme des particules s'avère être un paramètre important pour l'hydrodynamique gaz-solide. Plus la sphéricité augmente, plus la force de traînée diminue. Par ailleurs, une nouvelle corrélation des conditions limites dans la partie inférieure du riser a été établie, elle montre que les valeurs typiques de la littérature ( à vitesse minimum de fluidisation ) sont surestimées. Le modèle 1D final est en mesure de prédire la perte de charge du riser dans des conditions différentes et en tenant compte des propriétés des particules, comme la densité, la taille et la forme. Les facteurs de glissement calculés à partir du modèle 1D montrent une tendance plus proche des résultats expérimentaux que les corrélations de la littérature. Du développement additionnel est nécessaire pour améliorer la description de l'écoulement au fond du riser et dans la zone d'accélération, afin d'obtenir des conditions entièrement développés dans la zone supérieure du riser.

Une étude sur la pertinence de l'utilisation du logiciel Barracuda CPFD® pour simuler des particules du groupe B en régime de transport a été réalisée. Il a été montré que le code, tout en prédisant des valeurs proches de perte de charge pour les billes de verre, sous-estime la perte de charge pour une sphéricité inferieure.

Des mesures locales dans le riser de grande échelle pourraient être envisagées afin de vérifier les théories proposées dans cette thèse. En particulier, des mesures fiables de vitesse locale des particules seraient utiles. Une étude plus approfondie des outils CFD devrait être considérée afin de mieux comprendre les phénomènes locaux, mais aussi à des fins d'extrapolation. D'autres travaux doivent être faits pour comprendre l'impact des propriétés des particules sur l'écoulement gaz-solide. 

INTRODUCTION

Chemical Looping Combustion (CLC) is an oxy-combustion like technology where oxygen carrying particles are used to supply oxygen for combustion [1;2]. The CLC process comprises two separate reactors, an Air Reactor and a Fuel Reactor, in between which the particles travel. The oxygen carrier circulates between the Air Reactor, where it is oxidized in contact with air, and the Fuel Reactor, where it is reduced by burning fuels. CO 2 can be easily recovered from the Fuel Reactor flue gases after steam condensation, since it is not diluted by N 2 . Based on energy penalty criteria, the CLC process is now considered as one of the most promising routes for CCS (Carbon Capture and Storage).

IFPEN and Total have a joint development program to develop CLC process applications.

In order to minimize the energy penalty of the CLC process, it is necessary to minimize pressure drop across the reactor and achieve efficient oxidation of the oxygen carrier. The Air Reactor, as developed by IFPEN and Total, is a riser type reactor where the metal oxide is transported upwards by the air flow as it is being oxidized. It has been estimated that an increase on pressure drop of about 100 mbar would lead to a loss of 0.5 % in energetic yield. This is the reason why an adequate model should be used for optimization. This requires optimization of the contact time between air and oxygen carrier along the riser and therefore a careful control of solid concentration as a function of operating conditions while minimizing pressure drop.

Several synthetic metal oxides as well as natural ones have been evaluated and can be considered as oxygen carriers for the CLC process. From the preliminary tests, the oxygen carriers will most likely be Group B particles of the Geldart classification [START_REF] Geldart | Types of gas fluidization[END_REF]. Several studies on riser hydrodynamic have been conducted with Group A powders for the FCC process [4;5]. However, Group B oxygen carrying particles are larger and heavier than FCC catalysts (Group A) and so have a different behavior. Contrary to FCC particles, these types of particles allow the use of non-mechanical valves (like the Lvalve) that are considered for solids flow control at high temperature (around 900°C). In addition, in case of solid fuels, Group B particles can be straightforwardly separated from unburned solid fuel at the Fuel Reactor exit based on size and density differences [START_REF] Bourgeon | Chemical Looping Combustion: Development status and perspectives[END_REF].

There is a lack of reliable modeling and experimental information in the literature on Circulating Fluidized Beds (CFBs) working with large materials with densities exceeding 3000 kg/m 3 . Further studies are required for the reliable scale-up and optimization of the CLC process. It is in this context that are established the objectives of the present thesis. On a first level, the aim of this work is to gather basic experimental data on a circulating fluidized bed riser with Group B particles. The experimental results will be used to improve understanding of gasparticle interactions in the transport regime so that more accurate predictions of gas solid flow behavior can be made. In particular, the impact of particle properties on the flow will be studied.

To optimize the design and operation of the Air Reactor, a global tool to study the coupling of kinetics and hydrodynamics is needed. Therefore, the second level consists on the development of an onedimensional riser hydrodynamic model. Due to the lack of universally accepted drag force correlations, one main goal is the determination of a new drag force correlation, based on experimental data. Another is the establishment of appropriate boundary condition correlations to simulate initial bed voidage as a function of operating conditions and particle properties.

The last level consists on interpreting CFD simulations in order to evaluate the adequacy of the commercial code Barracuda ® to model a riser with Group B particles. Validation of the simulations is made by comparison to experimental results. The goal is to understand if the CFD code could be used to optimize geometry or study scale-up issues.

The following manuscript presents a synthesis of the work made for the thesis "Riser Hydrodynamic Study with Group B Particles for Chemical Looping Combustion". In the first chapter, the general context of the work is presented in a bibliographic study. The CLC process is detailed as well as the fundamental theory of gas-solid fluidization, the working principles of a circulating fluidized bed and current investigations on riser flow. Chapter II presents the experimental tools and methods used to obtain the experimental results of this work. In Chapter III, the full characterization of the three types of Group B particles used is given. The full experimental study, with its different types of tests, is shown on the forth chapter. Chapter V presents the 1D modeling approach to the riser and simulation comparison to experimental results. CFD simulations of the riser are presented on Chapter VI, as well as their interpretation. Finally, conclusions and perspectives are stated.

Chapter I -Bibliographic study I.1 Chemical Looping Combustion

CO 2 represents the largest emissions of greenhouse gases in the planet [START_REF] Adánez | Progress in Chemical-Looping Combustion and Reforming technologies[END_REF]. In 2011, about 31 Gt of CO 2 were released in the atmosphere. Among the different sources of emissions, combustion of fossil fuels represents about 30% of the total CO 2 emissions [START_REF] Lyngfelt | A fluidized-bed combustion process with inherent CO2 separation; application of chemical-looping combustion[END_REF]. According to experts, in order to limit global warming to less than 2°C, CO 2 emissions should be reduced to 22 Gt in 2035. There are several ways to reduce CO 2 emissions to the atmosphere. One approach is to increase the use of renewable resources to produce energy. But at this stage, alternative energy technologies could not replace the fossil fuels [START_REF] Hossain | Chemical-looping combustion (CLC) for inherent separationa review[END_REF]. Other options include reducing energy consumption and CO 2 sequestration [START_REF] Adánez | Progress in Chemical-Looping Combustion and Reforming technologies[END_REF]. About 10 years ago, several programs have been initiated, in Europe and then in other parts of the world, to develop appropriate technologies to capture and store CO 2 from large emissions sources. Political initiatives such as CO 2 quotas have been introduced in order to implement these technologies on a 2020 time scale. However, over the last years, the CO 2 emissions values dropped to about 5 €/t, and it is presently considered that a massive deployment of CCS shall not occur before 2025-2030, at least in Europe.

Different ways to store CO 2 have and are being studied. These include storing CO 2 in depleted oil and gas fields or deep coal beds, in aquifers or in deep sea. However, concentrated stream of CO 2 is needed for transport and storage purposes, which means it needs to be separated. According to Lyngfelt et al. [START_REF] Lyngfelt | A fluidized-bed combustion process with inherent CO2 separation; application of chemical-looping combustion[END_REF] the costs of storage are small (over 10 times smaller) compared to the costs of separating CO 2 from the flue gases.

To separate CO 2 , different systems have been considered for industrial application: post-combustion systems, oxy-fuel combustion and pre-combustion. Most of these technologies can reduce CO 2 emissions but, at their present development stage, they still present high energy penalty [START_REF] Adánez | Progress in Chemical-Looping Combustion and Reforming technologies[END_REF]. Chemical lopping combustion (CLC) is an oxy-combustion technology with zero to negative carbon emissions [START_REF] Tong | Iron-based syngas chemical looping process and coal-direct chemical looping process development at Ohio State University[END_REF] where no energy is needed for the separation [START_REF] Lyngfelt | A fluidized-bed combustion process with inherent CO2 separation; application of chemical-looping combustion[END_REF]. It can repeatedly been considered one of the best and cheapest technologies for CO 2 separation [1;7]. Studies conducted by IFPEN and Total estimate a CO 2 avoidance cost in the range of 35 €/t which is about 30-40% less than the avoidance cost achieved by standard amine or oxy-combustion technologies [START_REF] Gauthier | La combustion en boucle chimique, un procédé en rupture pour le captage du CO2[END_REF]. The energy penalty computed for a large scale thermal power plant of 630 MWe is about half of the energy penalty of other processes. This value includes CO 2 compression cost for transportation which represents, for CLC, 80% of the energy penalty [START_REF] Gauthier | La combustion en boucle chimique, un procédé en rupture pour le captage du CO2[END_REF]. For these reasons, CLC is a promising technology for CO 2 capture. However, there are still many technical challenges to face [2;7;10;11] and political issues to solve.

I.1.i The process

CLC is an indirect combustion process where an oxygen carrier is used to transport oxygen from the Air reactor to the Fuel Reactor. In the Air reactor the oxygen carrier is oxidized by air and in the Fuel reactor the oxygen carrier is reduced by the fuel. The basic concept of the CLC is the recycling of the oxygen carrier between these two reactors, as shown on Figure I-1. As the fuel is never mixed with air, the resulting gas stream includes CO 2 and water and it is not diluted in N 2 . The water can be easily separated by condensation and the CO 2 compressed for storage.

In the Fuel reactor, the reduction step of the oxygen carrier by an hydrocarbon can be described by the flowing equations.

Eq.1

Eq.2

Eq.3

Where is the metal oxide and is the reduced metal oxide. In the Air reactor, the oxidation step of the oxygen carrier by air can be described as: Eq.4 Depending on the metal oxide used, the reduction step is often endothermic while the oxidation step is exothermic. An important part of the development of the CLC process stands on the development of the oxygen carriers used. A good oxygen carrier should present [START_REF] Rifflart | Construction and operation of a 10-ákW CLC unit with circulation configuration enabling independent solid flow control[END_REF]:

• high conversion rates;

• high reactivity;

• low fragmentation and abrasion;

• low tendency for agglomeration;

• and low production cost and environmental impact. Adánez et al. [START_REF] Adánez | Progress in Chemical-Looping Combustion and Reforming technologies[END_REF] have made a review of the different oxygen carriers tested for the CLC process. The solids that have been most investigated are the Ni-based oxygen carriers. Nickel based particles have shown good performance at high temperatures, but are more expensive than other metal oxides and may cause toxicity concerns. Copper based oxygen carriers have shown high reaction rates and oxygen transfer capacity but its resistance to high temperatures needs to be further investigated. Iron based oxygen carriers show weak redox characteristics but it is a cheap option that is environmentally compatible. Mn-based oxygen carriers have shown high oxygen transfer capacity and are non-toxic and cheap but not extensively studied. Other materials have been tested like mixtures of different oxides, natural minerals (like ilmenite) or industrial waste products [START_REF] Adánez | Progress in Chemical-Looping Combustion and Reforming technologies[END_REF]. Different configurations have been proposed for the CLC process: two interconnected moving or fluidized bed reactors; alternated packed or fluidized bed reactors; rotating reactor [START_REF] Adánez | Progress in Chemical-Looping Combustion and Reforming technologies[END_REF]. The majority of the existing CLC projects are composed by interconnected fluidized beds. The Korea Institute of Energy Research has operated a 50 kWh CLC unit with natural gas and syngas as fuel and nickel and cobalt based oxygen carriers [START_REF] Adánez | Progress in Chemical-Looping Combustion and Reforming technologies[END_REF]. At CHALMERS University, solid fuels have been investigated on a 10 kWh CLC with ilmenite [START_REF] Berguerand | Operation in a 10 kWth chemical-looping combustor for solid fuel -Testing with a Mexican petroleum coke[END_REF]. IFP Energies Nouvelles and TOTAL have a joint R&D project on CLC technology development. A 10 kWh has been built and successfully operated with Ni-based oxygen carrier [START_REF] Rifflart | Construction and operation of a 10-ákW CLC unit with circulation configuration enabling independent solid flow control[END_REF] and a new concept for fuel reactor has been proposed [START_REF] Gauthier | La combustion en boucle chimique, un procédé en rupture pour le captage du CO2[END_REF]. Combined, a 25 kWh syngas chemical looping and coal direct chemical looping have been operated for over 850 h with iron based materials at the Ohio State University [START_REF] Tong | Iron-based syngas chemical looping process and coal-direct chemical looping process development at Ohio State University[END_REF]. Within the European ÉCLAIR project, a 1 MWth CLC prototype working with coal has been built in Darmstadt [START_REF] Orth | Design and Operation of a 1 MWth Chemical Looping Plant[END_REF]. A lot of efforts remain to be made before industrialization of CLC technology. There are still scale-up issues of materials, reactivity vs number of cycles and attrition. Optimization work needs to be made for contact time in the Fuel Reactor, as a function of the fuel nature, and in the Air Reactor, in severe operating conditions while minimizing energy consumption. These solutions will improve the cost of CO 2 capture. Units at bigger scale are needed to reach a new confidence level on the CLC process. Projects for a 200 MWh CLC fired refinery gas and for a 455 MWe CLC power plant with solid fuels have been developed [START_REF] Adánez | Progress in Chemical-Looping Combustion and Reforming technologies[END_REF].

I.2 Gas-solid fluidization

As discussed before, the most likely technology to be used in the CLC process is the fluidized bed technology. For a long time, fluidization technology has been widely used in several industrial processes like: Fluid Catalytic Cracking to produce gasoline, polyethylene polymerization in petrochemistry, acrilonitrile synthesis in chemistry, ore reduction in the mining industry and coal combustion in CFB boilers. The act of fluidization consists of inducing dynamic fluid like behavior to static solid granular material. This is achieved through the suspension of solids particles in gas or liquid. When a gas is introduced in the bottom of a solid bed of particles at slow velocity, it will pass through the porosity of the bed. As the gas velocity increases, so does the upward drag force on the solids particles. When this force equals the downward gravitational forces, the solids become suspended in the gas, acquiring fluid like characteristics. A fluidized bed can be handled like a fluid, permitting continuous feeding and withdrawal. This is one of the advantages of fluidized beds when compared to packed beds. Another advantage of the fluidized bed is the enhancement of the mass and heat transfer by intense mixing. However, the operation of fluidized beds may be problematic because of the production of solid fines, clusters and bubbles and possible solid entrainment [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. An additional advantage of fluidized beds is the possibility to reduce internal mass transfer limitations while maintaining low pressure drop through the reactor, by using fine materials. This is particularly true for Geldart Group A particles. [3;16] The Geldart's powder classification defines the behavior of solids fluidized by gases in four distinct Groups (A to D), characterized by the apparent density of particle in the fluid ( pf ) and the mean particle diameter (the Sauter mean particle diameter). The different Groups can be found on Figure I-2. Beds of Group A particles can be fluidized homogeneously with significant expansion before starting to form bubbles and reach the so called bubbling fluidization regime. The bubbles rise fast through the particles and split and coalesce regularly. Bubbles formed in beds of Group A particles present a maximum stable bubble size, even for very large beds. A way to facilitate fluidization of Group A beds is to have a certain amount of fines [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. In Group A powders, particle weight is rather small and interparticles forces (electrostatics, van der Waals and capillary forces) can affect particle flow. Due to their small diameter, Group A particles are easily kept aerated, which explains the homogenous fluidization in the vicinity of minimum fluidization velocity. Group B particles have larger diameter and/or larger density than Group A particles, sand is the most common example. Interparticle forces are less significant and these particles deaerate quickly [START_REF] Kunii | Fluidization Engineering[END_REF]. No homogenous fluidization is therefore observed. A bed of Group B particles can be fluidized and bubbles are formed as soon as gas velocity exceeds the minimum fluidization velocity, contrary to beds of Group A particles. As the gas velocity increases, small bubbles formed at the distributor at the bottom rise, grow and coalesce being able to reach the vessel diameter. Bubbles in Group B fluidized beds continue to grow throughout the reactor height. In this group of particles it can be considered that the bubble size is quite independent of the mean particle diameter. A nearly linear bubble diameter growth is found for the Group B particles with the height of the fluidized bed [17;18]. For fluidized beds of Group B particles the bubbles formed are function of the type and distance from the gas distributor and the excess gas velocity [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. Bubbles that reach the size of the vessel diameter inside fluidized beds generate slug flow and vibrations that can be a serious problem for equipment pieces. Large bubbles displace large quantities of solids at once, that rise and fall, shaking the vessel. These operating conditions, known as the slugging regime, can be dangerous but also do not promote an homogenous medium. Particles of the Group C of the Geldart classification are very difficult to fluidize. Interparticle forces in this group of particles have a crucial role and tend to prevent the fluidization process. Depending on the diameter of the bed, these particles tend to rise in plugs of solids or to make channels for the gas to pass through which may strongly alter fluidization quality. However, it is well know that if fluidization can be achieved at the beginning with additional energy sources (e.g., mechanical stirring), then satisfactory fluidization regimes can be observed [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. Group D particles are heavy and large, leading to easily spouted beds, which is the preferable way of operating these particles. In order to be fluidized, beds of Group D particles need very large quantities of gas. Bubbles in these beds can be large and coalesce and rise slowly compared to interstitial gas [START_REF] Kunii | Fluidization Engineering[END_REF]. I.2.ii Fluidization regimes [15;19] The fluidization of gas-solid systems is a complex process that depends greatly on the types of powders used. The existence of different flow structures at different operating conditions leads to a regime classification of the fluidization phenomenon. The most helpful way to characterize the fluidization evolution is by plotting the pressure drop across the bed versus the fluidization velocity. Starting from immobile conditions, pressure drop across the fixed bed rises with the gas velocity, as seen on Figure I-3, until all the particles are essentially supported by the gas stream. At this point, the voidage of the bed corresponds to the loosest packing and the gas velocity to the minimum fluidization velocity. The voidage is defined as the volume fraction of the gas in the gas-solids suspension. The fluidization curves shown on Figure I-3 correspond to increasing gas velocity (full line) and decreasing gas velocity (dotted line). When the bed of particles is fluidized, the bed pressure drop does not increase with the increase of gas velocity and it depends only on the weight of particles in the bed.. Otherwise, if pressure drop is measured inside the bed, a decreasing pressure drop could be observed that would correspond to a decrease of bed density when the superficial velocity increases. Two large categories of fluidization can be straightforwardly identified, the particulate (homogeneous) fluidization and the aggregative (bubbling) fluidization. Particles are dispersed relatively uniformly in the fluidizing medium in the particulate fluidization and bed density is locally homogeneous. Alternatively, bubbles are observed in the aggregative fluidization, leading to an heterogeneous fluidization. This type of fluidization is found on the bubbling, slugging, turbulent and the fast fluidization regimes. In the bubbling regime and the slugging regime the bubbles are well defined but not in the turbulent regime or the fast fluidization regime [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. Unlike Group A particles, Group B minimum fluidization velocity matches the minimum bubbling velocity. This means that at the minimum fluidization velocity, bubbles are formed in beds of Group B particles. The lack of a particulate regime in beds of Group B particles is a way to differentiate particles of Group A and B of the Geldart classification. There are many correlations in the literature to predict minimum fluidization velocity. Many are based on the Ergun equation, simplified and defined in terms of the Reynolds and the Archimedes numbers [15;20].

I.2.i Geldart's powder classification

Eq.5

The values of constants C 1 and C 2 have been given by many authors, a few examples are shown on Table I-1. The values change according to the data base to which the equation was fit. Lippens and Mulder [START_REF] Lippens | Prediction of the minimum fluidization velocity[END_REF] have argued that C 1 and C 2 on equation 5 should not be considered as constant values. Indeed, the authors insist C 1 and C 2 should be considered as function of particle shape and of voidage at minimum fluidization. However, these parameters are often difficult to obtain. Therefore, minimum fluidization velocity should be determined from the Ergun equation (equation 6).

Eq.6

Gauthier et al. [START_REF] Gauthier | Influence of the particle size distribution of powders on the velocities of minimum and complete fluidization[END_REF] studied the impact of particle size distribution on minimum fluidization velocity. It was conclude that correlations for uniform-sized powders could be used to predict minimum fluidization velocity of particles with a Gaussian-type PSD. However, flat PSD or binary mixtures will have very different behaviors.

No detailed study seems to have been made about the impact of particle shape on the minimum fluidization velocity. In the literature there is no consensus on the prediction of the minimum fluidization velocity.

In the bubbling regime the solids mixing is promoted by the formation and growth of bubbles in the bed. The slugging regime happens when the bubbles diameter reaches the diameter of the vessel and creates a discontinuity of the solids flow. This regime presents great pressure fluctuations and vibrations that can endanger vessel integrity.

A schematic representation of the different fluidization regimes is presented in Figure I-4. The turbulent regime, the fast fluidization regime and the pneumatic conveying are characterized by a part of the solid that returns to the bottom of the vessel. Solids recycling, after separation, to the bottom of the bed is imposed by the solids entrainment due to high gas velocity. In the turbulent regime there is chaotic behavior created by the movement of bubbles, clusters and streamers. Particles are transported out of the bed in the fast fluidization regime. It is divided into a dense phase on the bottom of the bed and a dilute phase on top. Whereas in the pneumatic transport regime there is only one dilute phase with some axial and radial concentration variation down the vessel. A great deal of discussion can be found in the literature concerning the transitions between different fluidization regimes. The definition of the transition between the turbulent and the transport regimes is not yet clearly established or easy to predict. Avidan and Yerushalmi [START_REF] Avidan | Bed expansion in high velocity fluidization[END_REF] use the expansion curve of FCC catalyst to identify the different regimes. They show that at the fast fluidization regime the voidage is no longer a unique function of the superficial gas velocity but also depends on the solid rate. Rhodes [START_REF] Rhodes | What is turbulent fluidization?[END_REF] identifies the gas velocity at which amplitude of pressure fluctuations peak as the transition from bubbling or slugging to the fast fluidization regime. The velocity at which amplitude of pressure fluctuations level off marks the end of the fast fluidization regime. Grace [START_REF] Grace | Reflections on turbulent fluidization and dense suspension upflow[END_REF] identifies two types of turbulent fluidization, one for Group A particles and one for Group B and D particles, in which there exists a net downward flow of solids at the wall. Turbulent fluidization for Group B particles is defined as an extended transition into the transport regime, involving intermittency between larger scale voids and finer scale motions.

I.3 Circulating fluidized beds [15;16]

A circulating fluidized bed is the designation of a specific geometry where all particles are transported out of the top of a main reactor by a considerable gas velocity and are afterwards recycled to that same reactor. A typical scheme of a circulating fluidized bed with a simple recycle loop composed of a cyclone, a standpipe and a return seal, is presented on Figure I-5. However, there are circulating systems where the gas and the solids flow rate can be controlled independently, when the recycle loop is more complex or when there are several fluidized beds interconnected together. This is the case of the FCC process, where the use of slide valves and interconnected beds facilitate the control of solids flow rate.

The upward transport of solids takes place in a tall main reactor called riser for FCC applications. The solid particles are then separated from the gas flux in an usually external separator (often a cyclone) and are received in a fluidized bed or a standpipe or a moving bed before being recycled to the riser. The downflow of solids is usually made through a downcomer or a standpipe. In the systems where solids flow rate is controlled independently, it is achieved by the use of slide valves, L valves, loop seals, stripers or orifice valves. This design allows for the particles to be kept in a recirculation loop while the fluid passes through only once. High gas throughputs, limited backmixing of gas and the flexibility in handling different types of particles are some of the advantages of the circulating fluidized bed (CFB). However, the CFB presents some disadvantages like the need for very tall reactors, the backmixing of solids and the existence of axial and radial gradients of concentrations. When compared to low-velocity fluidization, the circulating fluidized beds have a lower suspension-to-wall heat transfer coefficients, and the added difficulty in designing and operating a recirculating loop.

There is some confusion in the literature about the necessary parameters to definitely define the riser flow of a circulating fluidized bed. Some authors imply that the flow cannot be adequately described by the gas velocity and solids flux alone. Several papers have found that the solids inventory in the system, the status of the downcomer and the solids flow control valve influence the axial voidage profiles of the riser. This confusion is partially due to the existence of circulating systems where the solids flow rate is dependent of the gas flow rate and others where it is not. However this subject is still a matter of controversy as the impact of the solids inventory has been found only for some experimental conditions. Also the effect of the status of the downcomer of the CFB on the riser flow has not been exhaustively studied as an independent parameter [27;28]

I.3.i Pressure balance

A circulating fluidized bed (CFB), as a circulating loop of solids, presents a pressure balance at an equilibrium state. That is to say that within the loop all the pressure gradient lost to frictional resistance has to be regained within the loop as well. The effect of some pieces of equipment on the pressure of the stream can be easily predicted. The pressure drop of cyclones (G -H) has been thoroughly studied and can be determined knowing all the operating conditions as well as the cyclone geometry. The same can be said for the pressure gradient of fluidized beds (A -B) that is straightforwardly quantified, it is translated into the weight of the bed. The pressure effect of other pieces of equipment can be more complex and specific correlations have to be developed/used. The downcomer or standpipe (B -C) is the pipe that allows the downflow of solids to the bottom of the riser and it is a crucial element of the circulating system. Usually, a standpipe allows solids to flow from a vessel at low pressure to one at higher pressure [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. This occurs when the gas flow is upwards relative to the solids downwards flow. However, the actual gas flow relative to the wall of the standpipe can be either up or down as long as its relative movement to the solids remains upwards. In non-fluidized standpipes, the pressure gradient of the standpipe is determined by the relative movement of the gas and solids, as the gas flow adjusts according to the system's pressure balance. A standpipe is stated as "not fluidized" when the slip velocity is inferior to the minimum fluidization velocity. Usually, Group B standpipes operate non fluidized (or aerated next to the bottom) to avoid large bubbles and standpipe operating with Group A operate fluidized to maximize pressure recovery.

Case A Case B

Figure I-7 -Representation of gas and solids velocities inside the standpipe when P>0.

In Figure I-7 are shown the two cases in which the standpipe presents higher pressure on the bottom. In Case A, the gas travels downwards relative to the pipe wall but upwards relative to the solid. This happens when the gas velocity is downwards and smaller than the solids velocity. In this case, the resulting slip velocity is upwards relative to the pipe wall. In Case B, the gas is moving upwards relative to the solid velocity and the pipe wall. As for Case A, the slip velocity is upwards relative to the pipe wall. Case A and B both present a pressure gain and an upwards slip velocity.

In particular cases, gas flow can be faster than solid downward flow, when the pressure at the exit of the standpipe is smaller than the pressure at the top (see Figure I-8). In this case, the standpipe presents a resulting pressure loss, sometimes referred to as streaming, and not a pressure gain as most commonly found [29;30]. The solids inside the standpipe may or may not be completely fluidized. For Group B particles, fluidization inside the standpipe has to be avoided to avoid the presence of large bubbles. However, in the most common industrial case of the FCC particles, particles of the Group A of the Geldart classification, the standpipes are fluidized. In this specific case, high solid flux and therefore high solid velocities together with high pressure recoveries are requested. At the bottom of the standpipe the pressure is higher than at the top. When analyzing fluidized standpipe flow, interstitial gas and bubbles cannot be overlooked, especially with Group A particles. Usually in this case, interstitial gas flows downward relative to the wall but bubble flow direction will depend on solid mass flux [START_REF] Gauthier | Controlling gas flow in standpipe systems[END_REF]. In a non-fluidized standpipe the solids flow can be considered as a moving bed descending a pipe. This is the case of standpipes with Group B particles. The frictional pressure drop can be calculated by the modified Ergun equation (see equation 7), where the slip velocity (v sl ) is the difference between the gas and the solids velocity [START_REF] Leung | Flow of gas solid mixtures in standpipes. A review[END_REF].

v sl v S v g v sl v S v g

Case C

Eq.7

The pressure gradient in a standpipe of Group B particles increases with the increase of the solids-gas relative velocity until the split velocity reaches the value of the minimum fluidization velocity. After that point, the increase of the relative velocity will generate bubbles and a low pressure gradient due to accumulation of voids. The bubbles formed by the aeration gas will coalesce and grow and potentially block the downflow of solids [START_REF] Kunii | Fluidization Engineering[END_REF]. The maximum pressure gain that the standpipe can generate is when it is fluidized. It is then considered as a fluidized bed and its pressure gain is calculated by equation 8 while neglecting pressure drop due to wall friction.

Eq.8

For the control of the solids flow on circulating fluidized beds, specific valves, such as slide valves, have been developed and are commonly used at temperatures up to 750°C. At higher temperature nonmechanical valves such as L-valves can be used [32;33]. Orifices can also be used but the constant area limits the potential of direct and fine solid flow control.. When a fluidized flow of particles passes v sl v S v g through an orifice, it can be treated as an inviscid liquid for which the Bernoulli's theorem applies [29;34]. Eq.9

Where the discharge coefficient (Cd) is a function of the solids and orifice characteristics. Equation 9has proven to give good predictions of pressure drop through an orifice [START_REF] Leung | Flow of gas solid mixtures in standpipes. A review[END_REF]. For non-fluidized flows different equations apply as a function of orifice size (such as the Beverloo equation [START_REF] Nedderman | The flow of granular materials I: Discharge rates from hoppers[END_REF] and gas passing through the orifice with the solids, dependent on pressure balance. Indeed, aeration of the orifice can be used to increase solid flow. However, there is an upper limit to the aeration usefully added [35;36]. It was found that there is a limited amount of gas, for each system, that will facilitate the solids passage through the orifice.

In the case of an L, the solids flow is controlled by the amount of aeration gas added upstream a direction change. This gas flow is shown on Figure I-9 by Q g . However, the actual gas flow that passes through the valve is not just the aeration gas added [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. Under some conditions, there is gas travelling down the standpipe with the solids, so the gas passing through the valve is the aeration added plus the gas travelling with the solids. Under other conditions, there can be gas going up the standpipe, so the flow through the valve is the difference between the gas added and the gas travelling up the downflow of solids [START_REF] Yazdanpanah | Investigation of a Chemical Looping Combustion (CLC) Configuration with Gas Feed[END_REF]. Several authors have correlated the pressure drop through an L-valve based on empirical dimensional correlations [37;38] or on a modified form of the Ergun equation [START_REF] Yazdanpanah | Investigation of a Chemical Looping Combustion (CLC) Configuration with Gas Feed[END_REF].

I.3.ii The riser

The part of the circulating fluidized bed (CFB) where the particles are transported upwards, the riser, is the focus of this thesis. The goal is to have its full hydrodynamic characterization. In order to do so it is essential to know the pressure profiles and the solids concentration along the riser. To completely understand the flow inside the riser it is necessary to analyze both the axial and the radial profiles of these characteristic parameters. The riser description can then be used to build and validate models that could be used for reactor performance prediction after coupling with reaction kinetics. Inside the riser, there is a progressive transfer of momentum from the gas, initially flowing at high velocity, to the solid particles, usually not accelerated at first, increasing its velocity. Consequently, there is a pressure gradient profile as well as a solid concentration profile along the riser. Inside each riser an acceleration zone can be identified, the zone (height) in which the gas, with its initial velocity, transfers its momentum to the solid particles. This transfer is not an instantaneous one, being easily identifiable in the riser by a large pressure drop. Acceleration is a slow process that v g Q g cannot be predicted by simple single gas-particle flow interactions equations. Because of the multiple interactions present, like particle-particle interactions and wall-particle interactions. When trying to describe the flow in a riser reactor, the acceleration in a solids-gas system cannot be neglected [START_REF] Pugsley | A predictive hydrodynamic model for circulating fluidized bed risers[END_REF][START_REF] Das | Axial voidage profiles and identification of flow regimes in the riser of a circulating fluidized bed[END_REF][START_REF] Gungor | Predicting axial pressure profile of a CFB[END_REF]. Pressure drop due to acceleration can be as much as 40% of the total measured pressure drop in the acceleration region [START_REF] Pugsley | A predictive hydrodynamic model for circulating fluidized bed risers[END_REF]. A typical riser presents a pressure gradient profile with high values for the bottom of the riser i.e., closer to the gas distributor, that becomes progressively smaller with increasing height inside the riser. This pressure gradient trend is explained by the solids concentration evolution inside the riser. Higher solids concentration at the bottom of the reactor means a greater pressure gradient. Therefore, the higher above the gas distributor, the smaller the solids concentration and the pressure gradient are. The height of the dense phase at the bottom of the reactor is highly dependent on the operating conditions (gas velocity and solid mass flux) and the type of particles in the riser. The cross-sectional average of solids concentration has a exponential like decrease with the height of the riser, neglecting exit effects [START_REF] Qi | Hydrodynamic similarity in circulating fluidized bed risers[END_REF]. When the riser is high enough, the flow inside the reactor reaches a stationary state where the pressure gradient and the solids concentration present very small fluctuations. This evolution of the pressure gradient happens for as long as there are no restrictions to the flow. This tendency is followed by a large range of solids for a large range of operating conditions. The top exit of the riser affects solids flow in its upper part by inducing deceleration and/or particle reflux depending on riser outlet geometry. Depending on the type of exit of the reactor, a more or less restricting one, the pressure gradient will be more or less affected by it. It is not an insignificant parameter on the study of the total riser performance and highly dependent on the geometry. The more abrupt is the reactor exit, the higher the solids concentration will be at the top of the reactor [START_REF] Bai | The axial distribution of the cross-sectionally averaged voidage in fast fluidized beds[END_REF]. In this case, the solids concentration will become smaller with the height of the riser until it increases again due to the effect of the exit restriction. Experimental studies done with Group A particles show that a smooth reactor exit (C shape) allows for higher solids flow rate without presenting higher solids concentration on reactor exit [44;45]. Solids entry conditions in the reactor should not be ignored either. Different solids feeders will generate different pressure drops and influence the risers axial solids concentration differently [START_REF] Kunii | Effect of exit geometry on the vertical distribution of solids in circulating fluidized beds. Part I: solution of fundamental equations; Part II: analysis of reported data and prediction[END_REF]. The way gas and solids are fed into the riser can affect initial flow conditions and result in different flow development in the riser. Asymmetric flow may be observed when particles are introduced on the wall side above the gas inlet and can persist along the riser height [15;46]. The local solids concentration in the riser evolves with the distance from the distributor (height of reactor) but also with the radial position. Depending on the height of the riser, the radial solids concentration can go from dense, to core-annulus, to dilute as the particles rise. The radial flow structure in a riser can usually be represented by a core annulus structure. The core-annulus regime consists on the segregation of particles into a dilute core and a more dense annulus. The cross sectional view of a riser (see Figure I-10) shows the difference zones that exist in the core-annulus regime. The segregation is a result of the force balance of the weight of the particles, the wall friction and collisional forces [START_REF] Salvaterra | Solid Flux in a Circulating Fluidized Bed Riser[END_REF]. Near the wall depending on operating conditions, the particles travel predominantly downwards and in the center of the riser they travel upwards. Therefore, the radial profile of the solids flux is like an inverted U that becomes more parabolic-like as we move away and upwards from the riser distributor. It must be mentioned that reverse core-annulus regime has been reported in the literature. It has been shown that for sand of 175 μm, high mass fluxes (above 200 kg/m²s) lead to solids moving upwards in the annulus region [START_REF] Karri | Flow direction and size segregation of annulus solids in a riser[END_REF]. Chew et al. [START_REF] Chew | Reverse core-annular flow of Geldart Group B particles in risers[END_REF] have found a reverse core-annulus regime with 650 μm Group B particles. A rough-wall effect is given as an hypothesis for the reverse core-annulus and it could be linked to the Stokes number. Although the core-annulus regime is well recognized [50-52], one recent article shows the existence of reverse core-annulus regime for some Group B particles under certain experimental conditions [START_REF] Chew | Reverse core-annular flow of Geldart Group B particles in risers[END_REF]. The extent of the reversal cannot be explained by gas-phase turbulence or due to rough riser walls, as most commonly found. The hypothesis presented was that the elbow type exit directs particles back into the riser which leads to an unexpected higher concentration. This result reiterates the impact of the exit geometry of the riser on the experimental results used.

Core annulus regime

For particles of Group B it has been found that for the same circulation rate, a larger riser (changed between 6 and 15 cm) presents a larger pressure drop. This means that the solids holdup increases with the riser diameter [START_REF] Xu | Hydrodynamic dependence on riser diameter for different particles in circulating fluidized beds[END_REF]. At constant superficial gas velocity, with the increase of solids mass flux the radial holdup profiles become more steep [START_REF] Bhusarapu | Solids flow mapping in a gas-solid riser: Mean holdup and velocity fields[END_REF]. This means there is a greater difference between the solids concentration on the core and the annulus of the riser. Therefore, this suggests that flow segregation is promoted by the solids concentration and the corresponding collisional forces. The particle size and density of the particles affect the solids concentration in the riser. For the same circulation rate, particles with identical diameter but higher density present lower solids concentration on the fully developed region of the riser [43;55]. This surprising and unexpected results were obtained at gas velocity of 3,5 m/s, particle diameters of 70 and 67 μm and particle density of 1770 and 2540, for a range of solids flow rate between 10 and 100 kg/m²s, respectively. Inversely, particles with identical density but higher diameter present higher solids concentration on the fully developed region of the riser [START_REF] Qi | A new correlation for predicting solids concentration in the fully developed zone of circulating fluidized bed risers[END_REF]. In conclusion, the authors say, for the same operating conditions, higher solids concentration in the fully developed region of CFB risers can be obtained by increasing particle size and /or decreasing particle density. The density effect on solids concentration for particles of the same diameter is unexpected, for the same operating conditions there should be a higher slip velocity, which would lead to higher solids concentrations. However, the authors explain the density effect by the smaller volume the denser particles present for the same operating conditions. The importance of the polydispersity was shown in a study aiming to verify the impact of different Group B materials [START_REF] Chew | Cluster characteristics of Geldart Group B particles in a pilot-scale CFB riser. I. Monodisperse systems[END_REF]. The behavior of a density-different (900 and 2500 kg/m 3 ) binary mixture duplicates the behavior of one of the mixture components. Whereas, a size-different (170 and 650 μm) binary mixture has an entirely different behavior. Inside the riser, there are groups of particles that continuously form and break in the total stream that are called particle clusters [START_REF] Chew | Cluster characteristics of Geldart Group B particles in a pilot-scale CFB riser. I. Monodisperse systems[END_REF]. Those groups of particles are quite large and interact more with the flow than individual particles. The solids are not dispersed uniformly but present an instable quality in the form of clusters. Therefore, momentum transfer from gas to particulates is more difficult and acceleration of the flow at the riser bottom takes more time than if the particles were homogeneously dispersed within the gas flow. The presence of clusters means that the solids flow inside the riser cannot be modeled assuming simply single particle-gas interactions. Clusters have been extensively studied over the last 30 years but no general description of cluster formation and behavior is available in the literature [START_REF] Chew | Cluster characteristics of Geldart Group B particles in a pilot-scale CFB riser. I. Monodisperse systems[END_REF][START_REF] Sharma | Parametric effects of particle size and gas velocity on cluster characteristics in fast fluidized beds[END_REF][START_REF] Ishii | The flow structures of a circulating fluidized bed[END_REF]. These clusters are more likely to form near the riser walls. The probability of cluster formation depends greatly of the radial position. The influence of other parameters like the operating conditions and the particles type are mostly seen on the riser from mid-height upwards [START_REF] Chew | Cluster characteristics of Geldart Group B particles in a pilot-scale CFB riser. I. Monodisperse systems[END_REF]. This can very probably be explained by the impact of the acceleration process in the riser. Cluster density was found to decrease with increasing gas velocity, for particles of both 70 μm and 120 μm [START_REF] Sharma | Parametric effects of particle size and gas velocity on cluster characteristics in fast fluidized beds[END_REF]. Indication that Group B particles have larger clusters than Group A particles at the same operating conditions [START_REF] Xu | Hydrodynamic equivalent diameter for clusters in heterogeneous gas solid flow[END_REF] , also point to the impact of acceleration on the formation of clusters.

I.4 Effects on gas-solid flow

I.4.i Effect of temperature and pressure

Most of the experimental studies on the hydrodynamic of the fluidized and the circulating fluidized bed are made at ambient temperature and pressure. However, the industrial applications of the CFB are most usually operated at high temperatures and sometimes at higher pressures. Therefore it is important to know the evolution of the behavior of fluidized beds with both temperature and pressure. In the particular case of the CLC process, the system operates at high temperature and low pressure. The pressure and the temperature at which a bed is operated influence the physical properties of the gas density and viscosity. These gas properties affect the gas-particles interaction of the suspension, hence the characteristic velocities of the particles and fluidization regimes. Still, the consequences on the hydrodynamic behavior are not identical for each particle group. In Figure I-13 the effects of temperature and pressure are presented on the terminal fall velocity of different Geldart groups particles. It can be seen that they present the same trends, but Group B particles suffer a stronger effect that Group A particles. When the pressure of the fluidized bed is increased, there is a small increase of the minimum fluidization voidage (1 -4%) [START_REF] Kunii | Fluidization Engineering[END_REF]. At the same time there is a decrease (up to 40%) of the minimum fluidization velocity for beds of large particles (d p > 360 μm), that can be negligible for beds of more fine particles (d p < 100 μm). On the other hand, when the temperature of the system is increased so does the minimum fluidization voidage for beds of fine particles whereas it remains the same for coarse particles [START_REF] Kunii | Fluidization Engineering[END_REF].

For beds of Group A and Group B particles [START_REF] Cai | Effect of operating temperature and pressure on the transition from bubbling to turbulent fluidization[END_REF], the transition from bubbling to turbulent fluidization regime is delayed by the increase of the operating temperature. In contrast, the transition is advanced by the increase of the operating pressure. When the operating temperature is increased in beds of Group B particles [START_REF] Wang | Influence of temperature on solids flux distribution in a CFB riser[END_REF], the mean suspension density decreases. The solids flow profiles become flatter, there is less difference between the core and wall region as the operating temperature rises. Some studies have been conducted concerning the effect of the operating pressure on the bubble diameter in fluidized beds of Geldart Group B particles [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. It was found that an increase of pressure leads to more bubble interaction and a shift of bubble flow towards the central axis of the fluidized bed. Increasing the pressure leads to an increase of the mean bubble frequency, flow rate and rise velocity. Although they remain unconfirmed, some experiment results point to the existence of a ceiling pressure from which the bubble diameters start to shrink. Although the influences of pressure and temperature have been studied on fluidized beds, there is little information on risers. A full characterization of the solids behavior is difficult to achieve in a cold flow mock up. However, the implement of a large scale pilot mock up working at high temperature and pressure is very delicate and complex. Therefore, additional characterization studies will have to be conducted when scaling up the CLC process.

I.4.ii Effect of particle sphericity

The impact of particle sphericity on riser flow has been analyzed by very few authors through experimental studies [START_REF] Xu | Effects of particle properties on flow structure in a 2-D circulating fluidized bed: Solids concentration distribution and flow development[END_REF]. Therefore, questions about how particle shape can influence flow inside the riser still exist. Xu et al. [START_REF] Xu | Effects of particle properties on flow structure in a 2-D circulating fluidized bed: Solids concentration distribution and flow development[END_REF] measured axial and lateral solids concentration with an optical fiber probe on a 7.6 m 2D riser for four different particles. Sphericity was studied through Geldart Group A sand and glass beads (134 μm, 2467 kg/m3). For one experimental condition (gas velocity of 5.5 m/s and solid flux of 150 kg/m²s) glass beads were found to have higher solids holdup, especially on the riser bottom. When the solids circulation rate was increased to 200 kg/m²s, sand showed a lower solids holdup all along the riser. The authors state that the sphericity has a notable influence on the drag force coefficient, it will increase with lower sphericity, under the same operating conditions. Xu et al. [START_REF] Xu | Visualization of particle aggregation and effects of particle properties on cluster characteristics in a CFB riser[END_REF] also attempted to link particle properties and cluster characteristics with the same experimental apparatus and particles as shown before. The study of the flow structure by high speed digital image system was not conclusive about the impact of particle sphericity. Razzak [START_REF] Razzak | Hydrodynamics modeling of an LSCFB riser using ANFIS methodology: Effects of particle shape and size[END_REF] studied the effect of particle shape on the hydrodynamics of a liquid-solid circulating fluidized bed (LSCFB). A riser 5.97 m tall with a diameter of 0.0762 m was used with two different types of group B particles with comparable size and density. Solid holdups were found higher for all experimental conditions for spherical particles when compared to particles of the same size and density but irregular shape. When analyzing the conclusions of Xu's [START_REF] Xu | Effects of particle properties on flow structure in a 2-D circulating fluidized bed: Solids concentration distribution and flow development[END_REF] and Razzak's [START_REF] Razzak | Hydrodynamics modeling of an LSCFB riser using ANFIS methodology: Effects of particle shape and size[END_REF] it must be considered that 2D short risers were used to obtain the experimental results. Therefore, wall effects on the flow behavior are to be expected. Chang et al. [START_REF] Chang | Fluid dynamic similarity of circulating fluidized beds[END_REF] showed the importance of particle surface by testing untreated and coated glass beads of 109 μm. Axial pressure profiles showed a difference of over 50 % between the two types of glass beads, as shown on Figure I-14. Coated beads, that would have a less rougher surface, generate less pressure drop in the riser. This suggests that the reduction of particle-particle interactions favors acceleration of particles in riser flow. 

I.5 Modeling the riser

The development of riser models is essential for design purposes as well as allowing the study of solids flow without the use of experimental tools. Riser models, that result from different approaches, can be divided in three types [START_REF] Gupta | Modeling of Fluid Catalytic Cracking Riser Reactor: A Review[END_REF]. Models of Type I are mono-dimensional models. Type II models can predict axial and radial variation of solids concentration as well as slip velocities between gas and solid, based on correlations and phenomenological flow description (such as core annulus models). Models that employ the fundamental conservation equations with a multi-dimensional approach for both solid and gas phases are Type III models (CFD models). These models allow the study of local flow structure and the impact of the geometry of the circulating loop.

The Nieuwland [START_REF] Nieuwland | An engineering model for dilute riser flow[END_REF] approach to riser modeling, a Type I rigorous model based on fundamental mass and momentum balances assuming Euler-Euler two phase flow is the intended approach in this work.

There is then a need to validate closure equation describing phase interactions and wall interaction and to clearly define and model boundary conditions based on experimental data, in order to integrate local phenomena over the riser radial cross section. This is a contrast approach to the one of Pugsley [START_REF] Pugsley | A predictive hydrodynamic model for circulating fluidized bed risers[END_REF], a Type II core-annulus model that is based on empirical information, like the fact that the riser outlet particle concentration results from a slip factor correlation and not from a gas-solid momentum equilibrium once the flow is accelerated.

In the present work, it is intended to develop a riser model for design purpose. This model should reflect the findings of the experimental work and enable the coupling of hydrodynamics with kinetics. For these reasons, the efforts were focused on developing a 1D Eulerian-Eulerian model. In addition, the potential of a commercial CFD code to simulate large scale risers with Group B particles has been evaluated I.5.i One-dimensional models

One-dimensional models are used as a first and simple approach to modeling the riser reactor. These models are Type I models that do not account for the radial variation of solids concentration and consider the gas as having plug flow behavior.

A multiplicity of one-dimensional models are built based on the different hypothesis made by each author [START_REF] Grace | Circulating Fluidized Beds[END_REF]. Some one-dimensional models consider axial voidage variation inside the riser while others do not. There are models that divide the reactor axially in cells with different regimes.

It must be mentioned that the radial solids concentration gradients present in a riser reactor can have an important influence in the reactions inside [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. The existence of solids downflow at the riser walls means that there is great difference in solids radial concentration and backmixing of solids which may affect the reactors conversions depending on the reaction mechanisms. Not taking into account the lateral variations inside the riser decreases the ability of the one-dimensional model to represent reality.

An example of an one-dimensional model is the one presented by [START_REF] Nieuwland | An engineering model for dilute riser flow[END_REF] [START_REF] Nieuwland | An engineering model for dilute riser flow[END_REF]. The governing equations of the fluid were derived from general two-fluid model equations where the variables are considered as averaged on the radius of the riser. The continuity equations for the gas and the solid phase are presented below.

Eq.10

Eq.11

The reduced momentum equations for the gas and the solid phase can be defined as follows.

Eq.12 Eq.13

From the continuity equations and the momentum equations for gas and solid phase, the following expression [START_REF] Nieuwland | An engineering model for dilute riser flow[END_REF] for the total pressure gradient was deduced.

Eq.14

The total pressure gradient can be calculated as the sum of all the pressure gradients involved on the flow inside the riser. The phenomena that causes the pressure gradients on the solid and the gas phase are the acceleration, the weight and the wall friction.

Eq.15

When solving the momentum equations for the gas-solid system, it is necessary to account for the pressure gradient due to particle-wall friction as well as to gas-wall friction.

The pressure drop produced by the fluid-wall friction (F f ) is commonly defined through the Fanning equation [67;69]. Where the Blasius relation is used to define the friction factor ( ).

Eq.16

Eq.17 [START_REF] Pugsley | A predictive hydrodynamic model for circulating fluidized bed risers[END_REF] admitted a core-annulus regime for the fully-developed region of the riser. The authors used the Blasius friction factor to determine the interfacial friction factor in that region.

Pugsley and Berruti

Eq.19

The drag force represents the inter-phase momentum transfer between gas and solids in fluidization. It is an essential factor when modeling the riser, especially in the acceleration zone. Unfortunately, there are numerous drag force models in the literature and no consensus over a one set of parameters [39;70;71].

The basic form of the Richardson-Zaki drag force (F t ) equation is presented below [START_REF] Wang | Modeling of core flow in a gas-solids riser[END_REF]. This approach is based on a single particle settling at terminal velocity among a swamp of neighboring particles in the creeping flow regime, in which the Re number is lower or equal to one.

Eq.20 Wang (2010) [START_REF] Wang | Modeling of core flow in a gas-solids riser[END_REF] presented an alternative drag force formulation, based on that of a single particle among a swamp of neighboring particles in a gas flow. The resulting model was validated with experimental data of Group A and Group B particles. The drag force was defined as: Eq.21 where Eq.22

For their predictive mathematical model, Pugsley and Berruti [START_REF] Pugsley | A predictive hydrodynamic model for circulating fluidized bed risers[END_REF], modified the drag coefficient for the acceleration region of the riser based on calculations in the fully-developed region. The drag force of the gas on the particle in the acceleration zone is defined bellow.

Eq.23 with Eq.24

Where K is a constant. Cruz et al. have shown that a series of available drag coefficient models underestimate radial solids concentration profiles in high density CFB risers [START_REF] Cruz | New closure models for CFD modeling of high-density circulating fluidized beds[END_REF]. The authors concluded that solids concentration should have a stronger impact on the drag force model to be able to predict high density risers correctly. The proposed correlation implemented on FLUENT showed good agreement with literature for high density risers with FCC particles. Through studies on stationary particles in uniform flows, the impact of particle shape and orientation on drag force has systematically been identified [START_REF] Hölzer | New simple correlation formula for the drag coefficient of non-spherical particles[END_REF]. These studies lead to experimental values for drag force coefficient obtained for single particles of very specific geometries on a narrow spectrum of experimental conditions. A smaller amount of work on drag force can be found on particles with irregular shapes and/or neighboring particles. Therefore, using drag coefficients obtained from a limited set of experimental data when designing industrial CFBs is not without risk. A first attempt to correlate the drag force coefficient (Cd) to particle sphericity was made by Haider and Levenspiel [START_REF] Haider | Drag coefficient and terminal velocity of spherical and nonspherical particles[END_REF]. The concept of particle sphericity ( ) by Wadell (1934) shown on equation 25 was used.

Eq.25

Where s is the surface of a sphere having the same volume as the particle and S is the actual surface area of the particle. The authors collected experimental results for different settling particles with sphericity ranging from 1 to 0.026 to determine a set of depending constants to be used on the following drag coefficient equation. They also stated that the less spherical a particle is, the higher drag force it will experience.

Eq.26

Ganser [START_REF] Ganser | A rational approach to drag prediction of spherical and nonspherical particles[END_REF] specifies the range of Re numbers for the use of the Haider and Levenspiel, inferior to 2.5x10 4 for isometric particles and inferior to 500 for disks. In his work, Ganser showed the importance of the Stokes' shape factor (K1) and of the Newton's shape factor (K2) to predict drag force on both spherical and nonspherical particles. After a dimensional analysis, Ganser presents a simplified drag coefficient equation 27 that is a function of the generalized Reynolds number (ReK1K2).

Eq.27

This equation is valid for (ReK1K2) 105 and for all shapes of particle. It was assumed every isolated particle experiences a Stokes' regime where drag is directly proportional to velocity and a Newton's regime where drag is proportional to the square of velocity. Hölzer and Sommerfeld [START_REF] Hölzer | New simple correlation formula for the drag coefficient of non-spherical particles[END_REF] argue that the sphericity ( ) alone is not enough to help predict the drag coefficient of a nonspherical particle because it does not reflect the particle orientation. In their work, they developed a new correlation 28 that is able to predict drag coefficients for many different shapes for all the Reynolds number range.

Eq.28

This new correlation is a function of the Re number and particle sphericity but also of the crosswise sphericity and of the lengthwise sphericity, which is harder to calculate. Crosswise sphericity ( C ) is defined as the ratio between the cross sectional area of the volume equivalent sphere and the projected area of the particle perpendicular to the flow. The lengthwise sphericity ( L ) is defined as the ratio between the cross sectional area of the volume equivalent sphere and the difference between half the surface area and the mean longitudinal projected area of the particle. However, the authors indicate that the substitution of the lengthwise sphericity by the crosswise sphericity does not translate into an important gain on the mean relative deviation from the experimental data (0.3%). Tran-Cong [START_REF] Tran-Cong | Drag coefficients of irregularly shaped particles[END_REF] used another measure of particle shape, the ratio between the nominal diameter (d n ) and the sphere equivalent diameter (d a ), to develop a drag coefficient for a wide range of shapes. The terminal velocity of particles built of agglomerates of glass beads was determined experimentally for a Reynolds number range of 0.05 < Re < 1500. The particles with a non-circular planar construction showed the highest drag coefficient. With these experimental results, the author reached a drag coefficient correlation 23 that is a function of the Reynolds number, the ratio of diameters but also of the particle circularity (c) (also known as surface sphericity).

Eq.29

The correlation is said to be in very good agreement with the experimental results for spheres agglomerates and regular shapes as long as the particles are released with their maximum cross section parallel to the motion. Hilton et al. [START_REF] Hilton | Dynamics of gas-solid fluidised beds with nonspherical particle geometry[END_REF] modeled a pneumatic conveying system using a discrete element method (DEM) coupled to the Navier Stokes equations for gas flow through a particle bed. The goal of the work was to study regime transition for different shapes of particles. Simulation results were obtained for a cuboid, a spherical particle and a series of prolate and oblate particles. The drag coefficient used in the model was calculated by the Hölzer and Sommerfeld (2008) equation. The higher the sphericity, the smaller the drag coefficient will be. The validation of the model was made by comparison to experimental results on slug flow regime, showing close match for the pressure drop and particle velocities. The authors state that particle shape has an important role on slug formation and that spherical particles will lead to more stable slugs than non-spherical particles. However, attention should be given when extrapolating from the results due to the polydispersive and irregular nature of the industrial particles. As mentioned before, fluidization inside the riser can be very heterogeneous. In order to take into account the existence of different structures inside the riser, the Energy Minimization Multi-Scale (EMMS) model of Li and Kwauk [START_REF] Li | Particle-fluid two-phase flow: the energy-minimization multi-scale method[END_REF] divided the fluid field into different scales. Drag force that will depend on the flow structure can then be better assessed. This model is can be coupled with computational fluid dynamics (CFD) to simulate 3D fluidized beds [80;81]. Another very important step to consider for riser modeling is the determination of initial boundary conditions. The initial solids concentration considered has a great impact on the model solutions. The conditions of the gas-solid suspension on the bottom of the riser are not known a priori. Nor how these conditions vary with operating conditions or geometry. There is generally no experimental information reported and therefore, many authors make the assumption that initial dense solids conditions correspond to solids concentration at minimum fluidization [START_REF] Yang | A model for the dynamics of a circulating fluidized bed loop[END_REF][START_REF] Berruti | Modelling the internal flow structure of circulating fluidized beds[END_REF][START_REF] Rhodes | A model for the circulating fluidized bed[END_REF]. This assumption can be the source of great error for many experimental results point to much dilute initial conditions1 [28;49;85].

I.5.ii Core-annulus models

Core-annulus models are Type II models that take into account a radial gradient of solids concentration. Core-annulus models that can predict the axial gradients of solids concentration inside the riser can be built in different ways [START_REF] Grace | Circulating Fluidized Beds[END_REF]. Although the core-annulus regime is assumed for the upper part of the riser, diverse regions can be considered for the bottom part of the reactor, where the flow structure is not completely developed. A well mixed zone on the inlet of gas and solids can be presumed, which behaves as a CSTR and in which voidage is calculated via correlations. In an attempt to become closer to reality, a region of acceleration of the solids particles can be added between the bottom region and the core-annulus region. In The use of core-annulus models can be limited by their dependence on the boundary conditions or/and of empirical parameters [START_REF] Bai | Internal Recirculation Flow Structure in Vertical Upflow Gas-Solids Suspensions .1. A Core-Annulus Model[END_REF]. Boundary conditions are often very difficult to measure and empirical correlations are either very specific or have non-negligible error. Berruti and Kalogerakis (1989) built a model of a CFB riser where solids moved upwards in a lean core region and downwards in a dense annular region. It is assumed that voidage on the annular region is the same in a bed at minimum fluidization. A model presented by Bi (1991) [START_REF] Bi | Coarse-Particle Effects in A Multisolid Circulating Fluidized-Bed for Catalytic Reactions[END_REF] admitted a riser divided into two different zones, a core and a wall regions. The gas was considered to have a plug flow like behavior. The model was designed with a mixture of three different particles, 90% of Group A particles and 10% of two types of coarse particles. The axial concentration profile of coarse particles is assumed to have an exponential decrease along the riser. Fine particles are transferred from the core to the annulus region by turbulent diffusion. The solids velocity can be calculated along the riser height once the initial conditions are settled. Wong et al. modeled the CFB riser in three sections: an acceleration zone at the bottom of the riser, a fully developed zone and a deceleration zone close to abrupt riser exits [START_REF] Wong | Modeling the Axial Voidage Profile and Flow Structure in Risers of Circulating Fluidized-Beds[END_REF]. Model predictions were compared to two batched of experimental tests, one with Group A particles and one with Group B particles. For a small range of operating conditions, the model can reasonably predict the different voidage zones in the riser. The model developed by [START_REF] Pugsley | Modeling the catalythic oxidation of the n-butane to maleic anhydrine in a circulating fluidized bed reactor[END_REF] divides the riser into two sections, acceleration zone and developed flow zone [START_REF] Pugsley | Modeling the catalythic oxidation of the n-butane to maleic anhydrine in a circulating fluidized bed reactor[END_REF]. It admits that the riser has a smooth exit, that does not decelerate the particles. Simulations were made taking into account the intrinsic kinetics of the partial oxidation of nbutane to maleic anhydride. Pugsley and Berruti [START_REF] Pugsley | A predictive hydrodynamic model for circulating fluidized bed risers[END_REF] presented another predictive model of the CFB riser that admits the existence of a core-annulus regime. The riser was divided into two zones, and acceleration and a fully developed flow regions, and both consider the core-annulus regime. Model validation was made with Group A and Group B particles in risers ranging from 0.05 to 0.4 m in diameter. As perspective, the authors envision a better way to predict voidage at the bottom of the riser.

I.5.iii Computational fluid dynamics

Many researchers have shown over the past two decades the potential of computational fluid dynamics (CFD) models for the simulation of CFBs [START_REF] Gupta | Modeling of Fluid Catalytic Cracking Riser Reactor: A Review[END_REF]. With CFD models of circulating fluidized beds it is possible to simulate in detail the gas and the solid flows [START_REF] Huilin | Numerical study of particle cluster flow in risers with cluster-based approach[END_REF]. Simulations made through CFD models help understand the complexity of the physical mechanisms of the flow inside the riser as well as gassolid interactions [91;92]. However, one of the challenges of CFD is to validate simulations through appropriate comparison with experimental results. There are two different classes of CFD models that are currently developed, the Eulerian-Eulerian models and the Eulerian-Lagrangian models [START_REF] Gupta | Modeling of Fluid Catalytic Cracking Riser Reactor: A Review[END_REF]. The Eulerian-Eulerian models use the two-fluid continuum model in which the gas and the solid phase are considered as two continuous and interpenetrating phases. The solid is treated as a pseudofluid and the modified Navier-Stokes equations are used to solve the two phases as an interpenetrating continua [93;94]. Flow structures within the fluidized bed or riser will impact the interphase momentum transfer and mass transfer, through drag force and mass transfer rate [START_REF] Wang | A review of multiscale CFD for gas solid CFB modeling[END_REF]. Most drag models increase drag force monotonically with solid concentration. However this relationship is only true for homogenous flow. When simulating a CFB with an Eulerian approach, drag will be overpredicted which will lead to particles being carried out of the bed. [START_REF] Qi | Modeling of drag with the Eulerian approach and EMMS theory for heterogeneous dense gas-solid two-phase flow[END_REF] has stated that the use of homogenous methods when simulating fluidized beds has its limitations because the flow can be very heterogeneous [START_REF] Qi | Modeling of drag with the Eulerian approach and EMMS theory for heterogeneous dense gas-solid two-phase flow[END_REF]. An Eulerian-Eulerian approach to an 14,43 m long riser with Group A particles was developed by Das [START_REF] Das | CFD simulation of dilute phase gas solid riser reactors: Part I a new solution method and flow model validation[END_REF], in very dilute conditions (2 kg/m²s). A core-annulus regime was shown by the simulations as well as an important effect of the abrupt T exit on the flow, causing significant solid recirculation. The decrease in gas-solid turbulence along the riser height with small particles is qualitatively consistent with the experimental literature. Because the formation of structures is important, within the homogenous Eulerian approach there have been developed methods to resolve the meso-scale structure. There is the highly regarded two-fluid model (TFM) using kinetic theory for granular flow [START_REF] Gidaspow | Hydrodynamics of fluidization using kinetic theory: an emerging paradigm: 2002 Flour-Daniel lecture[END_REF]. The kinetic theory for granular flow is based on the concept of granular temperature. This method works through refining grid and considering homogeneity in each grid. However, the fine grid demands great computing capacity [START_REF] Wang | A review of multiscale CFD for gas solid CFB modeling[END_REF]. Another method is the energy minimization multi-scale (EMMS) method that works through a variational stability condition to correlate the smaller and the larger scale. Results of Yang et al. [START_REF] Yang | CFD simulation of concurrent-up gas-solid flow in circulating fluidized beds with structure-dependent drag coefficient[END_REF] suggest the EMMS approach can be used to derive the drag correlation, after comparison to very fine particle (54 μm) experimental results. Hartge et al. [START_REF] Hartge | CFD-simulation of a circulating fluidized bed riser[END_REF] used the same method to simulate Group B powders in a riser 8.5 m tall. The overall trends seem to agree with the experimental results but the limited available data does not allow for model validation. To introduce a new drag force model, [START_REF] Qi | Modeling of drag with the Eulerian approach and EMMS theory for heterogeneous dense gas-solid two-phase flow[END_REF] combined the Eurlerian approach with the energy minimization multi-scale (EMMS) method. Simulations were compared to two experimental cases, both with FCC particles. Good agreement was found but not an important improvement to the O'Brien and Syamlal model. The Euler-Lagrange models simulate the fluid phase as a continuous medium and the particle phase as discrete, particulate phase. The Eulerian-Lagrangian models consider every individual particle and for each solve the Newtonian equations of motion [66;93]. In this way, the particle-particle and the particle-wall interactions can be predicted in a more realistic way. In order to derive the governing equations, the Lagrangian method considers a control volume in which the velocity of the control volume surface equals the local fluid velocity. This model has more CPU requirements than the Eulerian-Eulerian models.

Bastos [100] used a two-phase 3D CFD model to predict radial solids velocity profiles on a 10 m long riser with a diameter of 76 mm at high solids flux (300 kg/m²s). The k-two-phase flow turbulence model showed good agreement with the experimental measurements on Group A particles but tends to overestimate the velocity profiles in the dense region, for all solids viscosity tested. The discrepancies may be due to the effective viscosity dependence on the solids volume fraction. In an attempt to reduce the CPU requirements of the Eulerian-Lagrangian models, hybrid models have been developed. To reduce the time needed for the simulations, the number of equations are reduced by creating clouds of similar particles that stand together. An example of an hybrid model is the Barracuda TM code. Barracuda uses a multiphase particle-in-cell approach to decrease calculation time [101;102]. This approach consists in representing a large number of real particles by a smaller number of computational particles. This code further allows simulation of a distribution of particle sizes. Further detail on the Barracuda code is given on Chapter VI. Chen et al.[102] used Barracuda to study a rectangular 3D CFB riser, 8 m tall and 18 cm thick, with Geldart B particles at different conditions, gas velocity of 3 to 4 m/s and solid fluxes of about 20 kg/m²s. The code was able to simulate the flow structures in the riser but it tended to overestimate drag force.

I.6 Conclusion

The Chemical Looping Combustion process is a very promising method to produce energy while separating CO 2 ready for transportation and storage. However, several challenges still need to be overcome to reach industrialization. One key optimization point is Air Reactor contact time and operating conditions to minimize energy consumption. The Air Reactor is defined by IFPEN and TOTAL as a riser reactor, a part of a circulating fluidized bed, most probably working with Group B type particles. Group B particles are easily fluidized but bubbles are formed in a bed from the minimum fluidization velocity, creating vibrations and pressure fluctuations hard to deal with at industrial scale. Literature studies on fluidization with Group A particles are numerous and less extensive on Group B particles. However, there is little consensus on the literature about vital factors of fluidization, like drag force correlations. Interrogations remain about the impact of different particle properties on the particle-particle, gas-particle and wall-particle interactions. Therefore, experimentation is needed to evaluate the impact of particle properties on gas solid riser flow Great efforts are made on the modeling of the riser, especially on the recent development of CFD models of CFBs. Yet, no universal model to describe gas-solid flow exists and all models require proper validation. Moreover, CFD constraints, like scale and simulation time, still need to be addressed.

Chapter II -EXPERIMENTAL SET-UP AND METHODS

The first goal of the present thesis was to gather experimental data on large scale riser flow with different Group B particles. For that purpose, three types of Group B solids were studied in a large scale Circulating Fluidized Bed (CFB) located at IFP Energies Nouvelles in Lyon. The CFB used in this work has an 18 m high riser with a diameter of 30 cm. The study of the riser was made by measuring axial pressure profiles at different operating conditions as well as by making local solid flux and Pitot tube measurements. The three Group B solids used on the experimental tests were sand, glass beads and BMP. Their properties will be detailed on Chapter III. The full experimental set-up will be detailed in this chapter. First, the full CFB and its operation will be explained. Then, the method for solid flux determination and both extraction probes and Pitot tubes will be presented.

II.1 Cold flow Circulating Fluidized Bed

The ultimate goal of understanding the hydrodynamics of the riser flow is to be able to accurately extrapolate information to industrial scale. For this reason, experimental results should not be influenced by the diameter or the height of the riser. For example, the flow inside the riser may not be fully developed if the riser is not tall enough. The diameter must also be large enough to minimize wall friction and limit potential interactions between gas jet or gas voids and the wall, at the bottom of the riser. Large scale units are used to study hydrodynamics to make sure that results can be used for scale-up. However, most experimental studies reported on literature are made using laboratory size mock ups [103]. Very few studies are presented at large scale with Group B powders like the ones by Kruse et al. [104] and Chew et al. [START_REF] Chew | Reverse core-annular flow of Geldart Group B particles in risers[END_REF]. Kruse et al. [104] presented experimental results made in a 0.4 m diameter riser 15.6 m in height with quartz sand and Chew et al. [START_REF] Chew | Reverse core-annular flow of Geldart Group B particles in risers[END_REF] worked with a 18.3 m tall riser with a 0.3 m diameter with different Group B powders with different particle size distributions and densities. The following sections explain the geometry and operation of the large scale cold flow mock-up used in this work as well as gas properties.

II.1.i General cold flow mock-up description

All experimental tests were conducted in a large scale cold flow circulating fluidized bed built at IFPEN Lyon. The cold flow mock-up is composed of two solid loops with a central riser, the primary loop being used for all stationary hydrodynamic tests. Besides the riser, both loops consist of a fluidized bed, a standpipe, an orifice valve, primary and secondary cyclones, as shown on Figure II-1. To ensure that no particles are released into the atmosphere, there is a baghouse filter downstream the secondary cyclones. The secondary loop of the CFB allows the discharge of the main fluidized bed (FB1) through the riser to the secondary fluidized bed (FB2). This method allows the determination of the solid flux inside the riser and of correlations between riser pressure drop and circulating solid flux. The batch discharge method will be explained further along in this chapter. The riser is made of steel, 18 m high and has a 30 cm diameter. The riser is fully grounded and has a blind-T exit (detailed geometry can be found on Appendix A). Slide valves (not represented on Figure II-1) can be inserted in each branch of the blind-T, upstream the primary cyclone, in order to isolate one loop from another. Air is fed in the riser by a central jet with a diameter of 0.1 m. A fluidization ring, operating around 10 u mf , is placed at the bottom of the riser (detailed geometry can be found on Appendix A). A maximal inventory of 4000 kg of solid can be loaded in the cold flow mock-up due to mechanical structure constraints. The solid particles are fed in the riser by a 45° angle entry between the fluidization ring and the top of the air jet. Particles are first fluidized by the ring before being accelerated by the central air jet. This configuration is chosen to avoid asymmetric flows of solids in the riser [105;106]. In between tests, the solid flux can be adjusted by changing the orifice valve situated at the bottom of the standpipe (detailed geometry can be found on Appendix A). To achieve the desired solid flux range, orifice valves with diameters of 3.5, 5, 6 and 7 cm were used. During an experimental test, solid flux can be corrected, within a certain range, by the use of two air injections made above the orifice valve. These aerations will modify pressure balance by changing the standpipe pressure recovery. The air flow into the riser is measured by a flow meter and maintained constant during each experiment by a control valve. The solid flux inside the riser is determined by a calibration that depends on the type of particles, gas velocity inside the riser, diameter and aeration of the orifice valve at the bottom of the standpipe, explained in section II.2.i.. It must be noted that the cold flow mock-up imposes limit experimental conditions for solidity and security reasons. The most important limit is the total pressure drop inside the riser (over 30000 Pa) which is translated into maximum circulating solid flux for each solid used. The pressure drop at each part of the circulating fluidized bed is linked. Pressure at the top of the riser depends on the pressure drop produced by the cyclones and the filter downstream. Filter pressure drop ranges from 300 Pa (gas only) to 900 Pa (maximum before cleaning). The average solid height inside fluidized bed 1 was monitored during tests through pressure drop measurements . The height would change according to the experimental conditions (leading to different solid fluxes) and to the solid being tested. Because of its higher density, BMP had the smaller average heights inside the fluidized beds. However, the monitoring ensured that a minimum height existed at all times.

II.1.ii Pressure taps

In order to monitor the CFB operation, pressure drops were measured for each equipment piece through well located pressure taps, whose elevations are shown on The location of the extra pressure taps allows for a more complete axial pressure profile to be made, detailing the acceleration zone inside the riser by using a pressure drop sensor that is connected successively to each tap. To avoid the plugging of pressure taps, these are continuously aerated by small rotameter systems. The taps aeration was set to generate zero pressure drop when there was no circulation inside the riser. The average aeration flowrate was 25 NL/h. Along the riser, there are six ports that can be used to insert extraction probes or Pitot tubes, their different elevations can be seen on the right on Figure II-2. The ports are located on the riser wall, at an angle of 90° with the solid feed.

II.1.iii Gas properties

The gas used in the cold flow mock-up is air compressed by two compressors at 2.5 bar. The hot gas after compression, is dried and its CFB inlet temperature controlled by an automatic refrigerated system. This structure allows a constant inlet temperature and humidity content in the air that is fed to the central air jet and all fluidization rings. All tests were made at about 40°C and between 12 and 15% humidity. The control of the inlet gas flow is made by a valve upstream of the flow meter. The Eldridge volumetric flow meter, provided by Ser'Instrumentation, is used to impose volumetric gas flow. Calibration of the flow meter was made several times over the time of the tests. The accuracy of the measurement was calculated at ± 115 Nm 3 /h for a range of 1013 to 3212 Nm 3 /h. Gas velocity inside the riser is an essential parameter for the solids transport. Therefore, the knowledge of gas velocity is vital for the understanding of solid flow. The gas velocities presented in this work were defined relative to the conditions on top of the riser.

II.1.iv Electrostatics issue

Electrostatics is known to disturb gas-particle experiments, especially when using plastic mock ups [107;108]. Electrostatics can modify the flow of particles, especially for fine group A and C powders where hydrodynamic is sensitive to interparticles forces [START_REF] Rokkam | Computational and experimental study of electrostatics in gas-solid polymerization fluidized beds[END_REF]. All experimental tests were conducted on a steel cold flow mock-up that is grounded, stopping the buildup of electric charge. In addition, the air supplied to the riser has a constant rate of humidity and the results obtained were reproducible. No electrostatic phenomena, such as electrostatic discharges were observed. This means that electrostatics should not play any apparent role in the results.

II.2 Methods

In the following section, three measurement methods are explained and discussed. First, the method for determination of the solid flux inside the riser is presented. Second, extraction probes design and operation are exposed. And last, the Pitot tube is described.

II.2.i Solid flux determination

Solid flow measurement is an important variable for the description of the riser hydrodynamics that is not accessible through direct measurements. Different methods have been used in the literature to determine solid flux in a CFB. Most methods assume that the cyclones are 100 % efficient so that solid flux can be calculated through downward flow. This method has been used by Burkell et al. (1988) by tracking particles down the downcomer [START_REF] Grace | Circulating Fluidized Beds[END_REF]. A method used by many authors is the use of a butterfly valve in the downcomer. By closing the valve, the time to accumulate a known volume of solids can be measured [109] or the time to reach a certain pressure drop across the bed. Patience and Chaouki used the pressure drop across a portion of the exit to build a correlation. Ultrasounds can be also used to measure solid flux through measurements on the downcomer [START_REF] Grace | Circulating Fluidized Beds[END_REF].

In the present large scale cold flow circulating fluidized bed, the solid flux inside the riser results from the pressure balance of the loop at a given riser gas flow. The pressure balance depends mostly from three parameters:

• Inventory in the loop which affects FB1 level;

• Dimension of the orifice valve which will generate pressure drop;

• Aeration above the orifice, which will modify standpipe pressure drop and orifice pressure drop. In order to evaluate solid flux, a calibration method was chosen, using riser total pressure drop (through PDT20). The method consists on batch operation from FB1 to FB2. At identical conditions, at a given gas flow rate, a solid flux of a given solid will only generate a given pressure pressure drop. The solid flux for one operating condition can be determined by discharging the solid inventory from the fluidized bed of the primary loop, through the riser, to the fluidized bed of the secondary CFB loop. By opening the correct valve at the riser exit, solid and gas flow can be diverted to the secondary loop in a batch operation. During this operation riser pressure drop is recorded, as well as solid level change inside the primary fluidized bed. Solid flux can be calculated from the slope of the fluidized bed level versus time function, as shown on Figure II-3. Nonetheless, the time interval that can be used for this purpose must be chosen very carefully due to the transient nature of this operation. Hence, standpipe pressure drop and pressure drop through the orifice valve are also recorded in order to establish a fully developed and stable solid flow. An example of the choice of time interval used for calculations can be found on The goal of this method is to be able to correlate solid flux inside the riser with a measurable pressure drop during hydrodynamic tests i.e., normal circulating fluidized bed operation. For a given solid and gas velocity inside the riser, the circulating solid flux can be directly correlated to the total riser pressure drop (given by PDT20). An example of a solid flux correlation, obtained for glass beads for a gas velocity of 10 m/s, can be found on Figure II-4. The same procedure was repeated for all gas velocities and all Group B particles considered in this thesis. The linear relationship shown on Figure II-4 can also be found for all types of solids and gas velocities. The resulting solid flux correlations for all gas velocities and solids used can be found on Appendix A. It must be noted that this solid flux determination method can contain some error, especially for high solid flux, when the fluidized bed empties quickly. The accuracy error linked to the experimental determination of the solid flux should be in the range of 10%. Indeed, the average error found between the experimental solid flux and the correlation is 7% for all solids. The use of this correlation between riser pressure drop and solid flux has the drawback of being gas velocity dependent, which greatly increased the number of tests needed for calibration. As a first approach to solid flux calibration, an attempt at calibrating the orifice valves was made. However, the uncertainty about how air goes up the standpipe or down through the orifice valve, depending on operating conditions, did not allow a correlation to be built.

II.2.ii Extraction probes

The flux of solids within the riser can be measured by a sampling technique. Sampling probes are a direct measurement technique that has been widely used [49;109;110].With this technique, solid and gas samples are taken directly from the riser through a probe at a series of radial positions. By orienting the sample probe tip in the up or downward directions, measurements of the upward and downward mass flux can be made. Because there can be upward or downward solids flow inside the riser, the net solid flux is defined as the difference between the measurements conducted in the two directions. Sampling probes can be operated in two ways. Isokinetic sampling probes use a local nozzle vacuum velocity equal to that of the fluid inside the riser. However, these conditions can be difficult to achieve and hard to maintain close to the riser wall, especially because of the radial gas velocity profile. Nonisokinetic sampling probes use different suction velocities that allow the steady flow of particles and gas through the probe. The non-isokinetic probes have been proven to give the same results for a range of suction velocities [50;104;110]. Therefore, the sampling probes used in this work, were operated at pseudo-isokinetic mode. This means that, for a given gas velocity, a single nozzle vacuum velocity was used and it corresponded to the superficial gas velocity inside the riser. As an attempt to minimize the intrusiveness of the extraction probes on the flow inside the riser, they were built with probe tips at a 90° angle facing the flow, as shown on Figure II-5. The pseudo-isokinetic measurements were conducted only in one axial position at 11,2 m from the gas inlet. In order to obtain a radial profile, the extraction probe is positioned at 12 extraction points, covering the riser diameter. The probe tip is positioned in the direction of the gas inlet air jet to measure solid moving upwards. During extraction measurements, plugging issues were found for several experimental conditions. Plugging was detected all along the probe. These problems are not well documented on literate mostly because most studies focus on Group A particles, which are more easily transported. In an attempt to solve these issues, different designs of extraction probes were tested. The initial probe (probe (a) on Figure II-7) has an 8 mm inside diameter and a quite severe angle to place the probe tip perpendicular to the solids flow. The solids travel 14 cm vertically and 44 to 50 cm horizontally to reach the collection pot. The line connecting the extraction probe to the collection pot has the inside diameter of 8 mm. A first attempt was made to solve the plugging issues a probe with a less abrupt angle, that would improve the solids passage (probe (b) on Figure II-7). This probe did not allow measurements to be made over the total riser diameter. However, the plugging problems persisted, which led to a probe (probe (c) on Figure II-7) with a smaller horizontal portion of 33 cm. The last probe tested (probe (d) on Figure II-7) had a smaller horizontal portion and a wider entrance of 9,5 mm, but the same 8 mm inside diameter on the rest of the probe. The last probe tested was the one that presented less plugging issues. Therefore, probe d was used for the ensuing tests. The detailed geometry of the different probes tested can be found on Appendix A. Assuming flow symmetry inside the riser, the solid flux profiles obtained with the extraction probe can be integrated on the whole section of the riser in order to obtain the net solid flux inside the riser [110]. This is achieved by subtracting the integrated upward solid flux and the integrated downward solid flux. The net solid fluxes calculated from the extraction probes can be compared with the solid flux calibration method at identical operating conditions. These results will be presented in Chapter IV. Some measurement errors could be produced by the intrusiveness of the probe in the flow which has been, nevertheless, minimized. Suction velocity at the tip of the probe could disturb the flow at the riser wall, where particles have small momentum compared to the center of the riser.

II.2.iii Pitot tube

Momentum probes and Pitot tubes are used to conduct local measurements in order to determine local velocities. A Pitot tube inside a continuous gas flow measures the difference between stagnant and dynamic pressures to determine gas velocity. It is admitted that the differential pressure measured by the Pitot tube in a solid-gas suspension accounts for the solids velocity alone [49;110] [START_REF] Chew | Reverse core-annular flow of Geldart Group B particles in risers[END_REF]. Tests were made with different size glass beads and high density polyethylene with gas velocities between 13 and 17 m/s. A Pitot tube was used in this work to try to determine solids velocity inside the riser at a specific riser height. Measurements were made at 11.2 m from the gas inlet and at 12 radial different positions along the riser diameter, as made with the extraction probes. The Pitot tube was built with the probe tip at a 90° angle, very similar to the extraction probes presented earlier.

The classic design of a Pitot tube consists of two concentric tubes, a dynamic pressure tap and a static pressure tap, as shown on Figure II-8 (more information is given on Appendix A). The dynamic pressure tap is made of 3 mm opening facing the flow. The static pressure tap is made of 8 openings of 0.8 mm perpendicular to the flow. The pressure drop between the dynamic and the static pressure will be mostly generated by the passage of the solid particles inside the riser. Therefore, it will be directly linked to solid velocity. The equations that define pressure drop generated on the Pitot tube are given on Chapter IV. To prevent plugging issues, both pressure taps are aerated. Special attention is made so that both aerations are equivalent, meaning that the aerations alone do not cause differential pressure when there is no flow. The complete system used in this work is presented on Figure II-8. Initially, a first series of tests was conducted on the impact of aeration velocity on the Pitot pressure drop using sand (see Figure II-9). A constant experimental condition was maintained and the aeration velocity inside the Pitot tube was changed. There is little information about air purge of the Pitot tube in the literature. Zhang et al. [110] chose an aeration velocity 2.5 times superior to the gas velocity inside the riser. This value was justified as corresponding to the maximum Pitot tube pressure drop that would lead to complete momentum transfer. Surprisingly, it was found that the Pitot pressure drop results at the center of the riser strongly depend on aeration velocity, as shown on Figure II-9. Between 1 and 3 m/s, the pressure drop measured is two times higher for gas velocity of 8 m/s. At higher aeration velocities (higher than 3 m/s), a plateau is observed for the given operating conditions. The same conclusion can be made for both experimental conditions shown above ( Unlike the results obtained for sand, Pitot tube pressure drop for glass beads are not significantly dependent on aeration velocity. This difference is rather surprising, it may be explained by the difference of particle shape between sand and glass beads (see Chapter III). Sphericity could impact particle interactions and particle-wall interaction in the probe region, but this phenomena was unexpected. Due to equipment limitations, smaller aeration velocities could not be tested to further study the Pitot tube aeration with glass beads.

To avoid any aeration dependence, an aeration velocity of 3.6 m/s was chosen to carry out all Pitot tube tests. This velocity was chosen so that it would not impact Pitot pressure drop but not higher so that it would not disturb the particles flow.

II.3 Conclusion

Three types of tests were developed and conducted to characterize the riser hydrodynamics: axial pressure profiles, radial solid flux profiles and radial Pitot tube profiles. The range of operating conditions used for each solid and test are given on Table II These experimental conditions were chosen to match the envisioned operating conditions of the CLC process. The potential operating conditions of the CLC process have been determined through thermal and mass balances made at IFPEN. This is part of the objective of this work, to obtain experimental data on a large scale CFB riser in a useful range for industrial extrapolation for the CLC process.

The CFB cold flow mock allowed the study of the riser hydrodynamics in a large range of operating conditions, as shown on Table II-1. The scale of the mock up allows for the use of the results to be extrapolated to larger scale. However, the scale of the CFB presents its operating challenges, especially concerning maintenance. For future work, the number of pressure taps on the bottom of the riser should be increased to better study the acceleration zone. It would have been interesting to use alternative measurement methods to complete hydrodynamic characterization. The use of optical fiber probes would have been a good addition to the measurements made in the riser. Chew et al. [START_REF] Chew | Cluster characteristics of Geldart Group B particles in a pilot-scale CFB riser. I. Monodisperse systems[END_REF] have used fiber optic probe to measure cluster formation in a riser with Group B particles. Zhang et al.

[111] used dual-optical density probe to measure local solids fractions in a riser with FCC catalyst. Pärssinen et al.

[112] also used reflective-type fiber optic to measure solids concentration of FCC catalyst flows. However, the development of such techniques can be very complex as well as the treatment of the raw results. Non-invasive methods like the electrical-impendance tomography or the gamma-densitometry could be used to access local information on the riser [113]. But these methods are expensive and require extensive data analysis to reconstruct the interior of the riser.

The main objective of this work was to study the impact of particle properties on riser hydrodynamics. Time was spent on carefully testing three different solids rather than on developing additional experimental methods.

Chapter III -PARTICLES

With the purpose of building a significant experimental data base on a large scale riser of a CFB, three different Group B solids were used in this thesis. Hydrodynamic tests were conducted with sand, glass beads and BMP. These three solids have been selected in order to investigate the impact of particle density and sphericity on riser flow in the perspective of CLC Air reactor application. The oxygen carriers being considered for the CLC process are particles belonging to Group B. This type of particles allow the use of non-mechanical valves (like the L-valve) that are employed for solids flow control at very high temperatures (around 900 ºC) required for the CLC process [START_REF] Yazdanpanah | An experimental investigation of L-valve operation in an interconnected circulating fluidized bed system[END_REF]. In addition, Group B solids can be straightforwardly separated from the unburned solid fuel at the Fuel Reactor exit based on size and density differences [START_REF] Bourgeon | Chemical Looping Combustion: Development status and perspectives[END_REF].

In this chapter three different types of particles will be presented, from a macroscopic to a microscopic view. First, particle size distribution and mean diameters will be discussed for all solids. The experimental determination of the minimum fluidization velocity for each solid is presented afterwards. Following the comparison of microscopic images of sand, BMP and glass beads, the study of particle sphericity is presented. Lastly, a discussion on particle terminal velocity is made and the evolution of particle size distribution is investigated.

III.1 Initial Particle size distribution

The three types of Group B solids used in this work present a normal particle size distribution. For this reason, a mean diameter must be adopted to compare particle size. The volume-surface mean diameter, or Sauter diameter [START_REF] Yazdanpanah | Investigation of a Chemical Looping Combustion (CLC) Configuration with Gas Feed[END_REF], was selected as the mean diameter to characterize the solids.

Eq.30

The particle size distribution of all solids was studied via a laser diffraction method provided by an internal analytical laboratory at IFP Energies Nouvelles. This method relates the intensity of the scattered light from a particle passing through a sensing volume to its size. The results presented here were made on small (few grams) dry samples of solid. However, measurements were systematically repeated on suspensions of solid-water with the use of ultrasounds as a way to verify the results.

A very common method to study powders and their particle distribution is the sieve analysis. The particles are sieved through a series of screens with known mesh size by vibration [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. This method can generate inaccuracies due to the discrete nature of the method. The size cut provides an approximate value for the mean particle size within the cut. But no information is known for the largest or the smallest particles. Moreover, no impact of particle shape can be detected. Another method to determine particle size distribution is the resistivity zone sensing technique [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. Particles are suspended and passed through two electrodes. The signal generated is analyzed and the equivalent spherical diameters are determined. Errors can come from the distance between the two electrodes and its relation to the particle diameter and position. This technique does not give information about particle shape.

Particle shape can affect the measurement of the particle size distribution. However, it has been found that mostly isotropic particles, like the particles used in this work, had small impact on laser diffraction methods [114].

Samples for all solids were taken directly from the supplied bags using an extraction rod. It is understood that the samples taken in this manner cannot be representative of the total inventory. However, due to the large quantities supplied, this method was used to give a broad view of the inventory.

III.1.i Sand

The sand used in this work is extracted natural silica sand provided by SAMIN. The sand is extracted in the southwest of France and it was provided in 35 kg bags on pallet. The total amount of sand provided was of 10 ton. Sand density was specified by the supplier and is 2650 kg/m 3 . The particle size distributions of three randomly chosen samples are shown on Figure III-1. Glass beads particles present a normal size distribution, with a mean value of 256 μm and a standard deviation of 62 μm, that is consistent with its manmade and controlled origin. A narrow particle size distribution was expected from the information given by the supplier. Sample 2 shows a slightly different PSD but its distribution is acceptably close to the average. The Sauter diameter of the initial cold flow mock-up inventory was 250 μm. The average PSD can be found on Appendix B.

III.1.iii BMP

BMP is a material that could potentially be used for CLC application. This solid is a natural mineral ore that was pretreated in order to meet CLC process specification. The pretreatment consists of a grinding step followed by sieving that was conducted by a mining company prior to this work. Detailed information concerning this material cannot be disclosed for confidentiality reasons. BMP presents a measured density of 3300 kg/m 3 . The particle size distributions of three randomly chosen samples are shown on Figure III-3. The normal size distribution, with a mean value of 298 μm and a standard deviation of 117 μm, is a result of the grinding and sieving process that BMP goes through. Some fines were found on BMP samples used to form the initial cold flow mock-up inventory, probably resulting from sieving issues.

Because the presence of fines could compromise the experimental results, an operating mode that excludes fines from the circulating inventory was adopted. This method is explained further down in this chapter. The Sauter diameter of the initial cold flow mock-up inventory of BMP was 280 μm. The average PSD can be found on Appendix B.

All three solids present different normal particle size distributions. These differences are the result of the particles origins. For that matter, manmade glass beads present a much narrow particle size distribution than sand or BMP that are extracted and sieved at large scale. Nevertheless, the three solids used in this work present very similar Sauter diameters.

III.2 Minimum fluidization velocity

One important particle characteristic for fluidization tests is the minimum fluidization velocity. This is the gas velocity at which all solid particles are supported by the gas flow i.e., at the loosest possible packing of a packed bed.

The minimum fluidization velocity can be experimentally determined with the use of a fluidization column, as shown on Figure III-4. The experimental test consists of filling the column with a packed bed, slowly increasing gas velocity until the bed is fluidized and then, slowly decreasing gas velocity.

The recorded bed pressure drop evolution with gas velocity is used to determine the minimum fluidization velocity of the particles. In this work, a fluidization column with a diameter of 10 cm and a solids bed height between 52 and 65 cm was used. To ensure good gas distribution, a porous plate was used. A similar procedure was repeated for all three Group B solids used in this work to determine each individual minimum fluidization velocity. The results will be presented on the following sections.

III.2.i Sand

The complete fluidization curve of sand particles in a fluidization column can be seen on Figure III-5.

The pressure drop evolution is as expected, even if increasing/decreasing gas velocity lines are slightly offset. The minimum fluidization velocity of sand was determined through the decreasing gas velocity pressure drop graph and is 7.1 cm/s. Based on experimental data, Wen & Yu simplified the Ergun equation at minimum fluidization velocity [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. Using the Reynolds number and the Archimedes number, equation 2 can be used to predict minimum fluidization velocity.

Eq.31

Where de Reynolds number and the Archimedes number are defined by equation 32 and 33, respectively.

Eq.32

Eq.33

Using the Wen & Yu correlation to determine the minimum fluidization velocity for sand gives a result of 7.7 cm/s. This value is very close to the experimentally obtained value of minimum fluidization velocity. Another reason for the different behavior of the particles could be particle sphericity. Glass beads are fabricated to be perfectly round particles. Whereas sand and BMP are extracted from natural sources. A qualitative and quantitative measures of sphericity for all three solids were made in this work.

III.2.ii Glass beads

III.3 Microscopic images

For the purpose of better characterizing the three different Group B solids that were used in this work, microscopic images were taken of each solid. The images allow a qualitative analysis of particle sphericity and the comparison between solid types. As expected from the normal particle size distribution of all solids, the microscopic images show particles of different sizes. This will be more pronounced on sand and BMP images, since they have a wider particle size distribution. Glass beads are glass spheres with no surface imperfections or angles. Contrastingly, sand and BMP particles show imperfect particles with angles. Despite the irregular shape of sand and BMP particles, these still have high sphericity and do not present flat, disc-like or rod-like particles.

Particle sphericity can be qualitatively investigated through the microscopic images. However, the number of particles considered is limited and shape factor is can only be evaluated on 2 dimensions. Therefore, a more global approach was used in order to evaluate sphericity.

III.4 Sphericity

Particle sphericity ( ) was determined experimentally for all three Group B solids. The chosen method was the one suggested by Kunii [16;[START_REF] Yazdanpanah | Investigation of a Chemical Looping Combustion (CLC) Configuration with Gas Feed[END_REF] that uses the Ergun equation.

For a given solid type in a fluidization column, pressure drop was recorded for a variety of gas velocities (inferior to the minimum fluidization velocity) and of degrees of particle concentration. The voidage inside the column was changed by tapping the column between pressure drop measurements and estimated based on the height of the bed and the mass of particles and density of particles. The values for voidage at minimum fluidization are presented on Table 2. Using all the experimental data, experimental sphericity can be calculated for a specific solid. The following table shows the sphericity values found for the three Group B solids. Tests were conducted on large samples of sand, glass beads and BMP at equilibrium state. The Ergun equation fit for all three solids can be found on Appendix B. Eq.34

The sphericity result for sand is within the normal range for sand particles. Glass beads present a sphericity of 1 which is consistent with the microscopic images seen before. BMP particles are marginally rounder than the sand particles used in this work.

The value of sphericity determined through fluidization tests will incorporate the shape of the individual particle but it will also reflect the surface texture or roughness of the particles. Therefore, the value of sphericity mentioned in this work is not purely an assessment of the shape of an individual or averaged particle. The sphericity in this work reveals the impact of both particle shape and particle roughness in fluidization.

After determining the values of sphericity, the minimum fluidization velocity determined earlier can be corrected by using the Ergun equation [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF].

Eq.35

Once corrected with sphericity, the theoretical minimum fluidization velocity of sand becomes 5.7 cm/s and the minimum fluidization velocity of BMP becomes 7.1 cm/s. The theoretical approach predicts a slightly higher minimum fluidization velocity for sand than for glass beads, as found experimentally. The predicted value for BMP corrected with sphericity decreases but it is still higher than the experimental value (4 cm/s). This difference could in part be explained by the presence of fines in the fluidization column that would help fluidization but are not accounted for in the particle diameter.

III.5 Terminal velocity

To completely characterize a particle, its terminal velocity must be known. It is an intrinsic characteristic of the particle as important as density or size [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. Size, shape and orientation of the single particles strongly influence the value of terminal velocity [115].

Considering the free fall of a particle in the Stokes regime, the terminal velocity could be written as follow [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF].

Eq.36

It can be seen from equation 36 that the discussion about the terminal velocity can be linked to the prediction of the drag force coefficient. Drag force in the literature is discussed on the modeling section of the bibliographic chapter.

Haider and Levenspiel [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF] have proposed a method to determine the terminal velocity u t of a single spherical particle that uses a dimensionless particle size (dp*) and a dimensionless particle velocity (u*).

Eq.37
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The calculated terminal velocity for the three Group B solids according to Haider and Levenspiel, is presented on the table below. The results show that a single particle with rough edges and angles will have a smaller terminal velocity. The sphericity correction supposes that the single particle orientates itself in the flow to minimize flow interaction. Therefore, the diameter accounted for with non spherical particles decreases. The single particle terminal velocity theory tends to reduce gas-particle interaction when sphericity decreases. As a consequence, results shown on Table 4 would suggest that all three particles should have very similar hydrodynamic behavior, once sphericity is accounted for.

III.6 Particle size evolution: equilibrium PSD

Experimental tests were made in the cold flow mock up over several weeks and reached hundreds of hours of solid circulation for each solid. Fresh material in bags was loaded in the CFB and became well mixed and with a single homogeneous PSD due to circulation and fluidization. However, the PSD can evolve with time because of material attrition or losses. For this reason, regular control of particle size distribution (PSD) was made. Samples of solid, around 0.2 kg, were taken from the standpipe during operation, through a small valve, once a week. All samples were analyzed via laser diffraction method as explained earlier.

For sand the testing period was extended over 15 weeks, but the cumulated time of circulation was about 140 hours. The graph shows that glass beads Sauter diameter changed very little over time. Due to operating conditions, an amount of glass bead particles were found inside the filter. However, these particles had the same PSD than the particles circulating on the CFB. Glass beads were found in the filter, probably due to inefficient cyclone separation. Glass beads did not show any signs of attrition inside the cold flow mock up, despite same velocities and flux ranges as sand.

The particle size achieved during operation is very close to the initial averaged size. The final value at equilibrium of Sauter mean diameter for glass beads was of 250 m. The final glass beads PSD can be found on Appendix B.

The tests made with BMP particles lasted less time than the tests of other solids. Through the use of complete elutriation, the PSD of the BMP inventory was controlled and stable throughout the tests.

The final value at equilibrium of sauter mean diameter is 280 μm. The final PSD of BMP can be found on Appendix B.

Conclusion

In this chapter a detailed characterization of the three types of particles used in this work was made. A discussion about how particle size evolved with operating time was also presented.

The following table presents a summary of the particle properties. It must be noted that the value of sphericity given here depends on the particle shape as well on particle roughness. These properties are very important to define each particle type. The properties will be used to justify similarities and differences in hydrodynamic behavior as well as a base for correlation development.

Chapter IV -RISER EXPERIMENTAL STUDY

As the first goal of the present thesis was to gather experimental data on large scale riser, three types of Group B solids were studied in a large scale Circulating Fluidized Bed (CFB) located at IFP Energies Nouvelles in Lyon. The three Group B solids used on the experimental tests were sand, glass beads and BMP. The goal is to compare two solids of identical density but different sphericity to a third solid with higher density. Their properties are well detailed on Chapter III. As discussed in Chapter I, there is very little available data with these particulate systems. The CFB used in this work has an 18 m high riser with a diameter of 30 cm. The full description of the cold flow mock up used in this work can be found on Chapter II. In order to study the impact of particle properties on the solid flow inside the riser, the three solids were tested in a similar range of experimental conditions, corresponding to expected operating conditions in a CLC industrial Air Reactor. Preliminary tests, mass and thermal balances, made at IFPEN have resulted in 25 to 100 kg/m²s as the desired solid flux range of industrial operation. Gas velocity should be minimized to limit particle attrition, but it must be enough to transport Group B particles out of the riser. Therefore, a small range of 7 to 10 m/s is the desired range of gas velocity in the Air Reactor. The following chapter presents a summary of the results obtained with the three types of particles tested and the discussion of the main findings. First, the axial pressure profiles are presented and discussed. Then, the radial solid flux profiles are shown and studied. And finally, the Pitot tube radial profiles are presented and analyzed.

IV.1 Axial pressure profiles

Axial pressure profiles provide important insight into the dissimilar axial flow distribution inside the riser. As pressure drop is of great importance for the industrial operation of a circulating fluidized bed, it is essential to know how it evolves along a riser at different operating conditions. On a CFB, the overall pressure balance of the unit will directly influence the maximum circulation rate allowed. Pressure drop will also be responsible for stopping flow reversal and be used for control [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. Moreover, the efficiency of the overall process is directly linked to riser pressure drop. The energy required to compress process air would increase if the pressure drop across the riser increases. This means more energy would be necessary to capture a given amount of CO 2 , decreasing the process efficiency. If the pressure drop across the riser increases, more solids will be available in the air reactor, increasing air reactor contact time and possibly increasing reactor performance. Therefore, an optimum should be found between minimizing pressure drop and maximizing contact time. Up to 14 pressure taps per condition were used to determine the axial pressure profiles along the riser in the present work. Three pressure taps are fixed to give an overall view of the riser pressure drop at all times. A series of extra pressure taps, that can be connected to a pressure sensor, allow a more detailed profile of the bottom of the riser. Their exact location and operation description can be found on Chapter II, section one. Over 50 axial pressure profiles were obtained for three different solids, to study the impact of particle properties on solid flow. Experimental conditions were chosen as a compromise between the envisioned industrial operating conditions and the cold flow mock up imposed security limits. Because this work is part of a larger CLC project, the most useful information is obtained at expected operating conditions. Nevertheless, the security limits of the mock up must be respected. For example, the maximum complete solids inventory allowed is of 4000 kg and the maximum riser pressure drop allowed is of 30 kPa. This means that axial pressure profiles of sand could not be made for high solid fluxes, like 80 kg/m²s. Each condition is defined by the gas velocity (v g ) that is computed as a function of gas flowrate and the pressure at the top of the riser. Pressure at the riser outlet depends upon gas flowrate and solid mass flux. Due to the rather small solid mass flux conditions range tested, pressure at the top of the riser was quite constant for a given gas velocity. Filter pressure drop ranged from 300 Pa (at zero solid concentration) to 900 Pa (maximum before cleaning). Therefore, riser outlet pressure was almost constant and ranged in between 1.03 and 1.15 bar. Each experiment is also defined by the solid mass flux. All values of solid flux presented were calculated through the respective solid flux correlations, based on riser pressure drop and calibration curves. The method for obtaining all correlations can be found on Chapter II. Up to around five meters, pressure drop is nearly exponential and it becomes linear afterwards. The results clearly divide the riser into two zones of difference pressure drop intensity. These results suggest a dense solid region on the bottom of the riser, that is being accelerated, and a more dilute solid phase, where the flow is already established [39;41]. In the acceleration zone, on the bottom of the riser, particles are being accelerated by the gas, generating high pressure drop. In the dilute region, the linearity of the pressure gradient suggests that solid concentration is quite constant. Therefore, solids are probably accelerated and the flow is fully established, generating less pressure drop. A different behavior is observed on the last meters of the riser where pressure drop starts to increase again (see Figure IV-1). Depending on experimental conditions, the inflection point can be more or less easy to detect. The inflection point, found at around 13 to 14 m, will mark the impact of the riser exit geometry on solid flow. The higher pressure drop on the top region comes from the riser blind-tee exit that generates flow deceleration and potential particle reflux at the exit vicinity [45;105]. The impact of the riser exit on the axial pressure profile is geometry dependent. For this reason, the experimental data of the riser top was not used for the modeling of the riser. Figure IV-2 shows the pressure drop evolution along the riser for three solid fluxes at gas velocity of 8 m/s. The same general trend can be found for the pressure profiles of sand at the smaller gas velocity.

IV.1.i Sand

It can be seen from both figures that the higher the solid flux, the higher the pressure drop. This can be explained by the higher solid concentration inside the riser when solid mass flux increases. More particles need more energy to be fully accelerated and to be transported out of the riser. Therefore, higher solid flux for a given gas velocity will generate higher pressure drop along the riser. On Figure IV-3 the pressure profiles obtained with a solid flux of 60 kg/m²s are compared for two gas velocities of 8 and 10 m/s. It can be seen that the same solid flux generates more pressure drop at the lower gas velocity. This suggests that the flow is more concentrated when gas velocity decreases. Pressure drop in this velocity range is probably dominated by the weight of the suspension rather than by frictions. At larger velocities, pressure drop should be mostly dependent upon frictions and it should be expected that pressure drop increases when velocity increases. In this case, the weight contribution decreases when the gas flow increases, decreasing particle concentration. In these figures, the importance of the experimental conditions on the resulting pressure profile and total pressure drop can be seen. The velocity at which gas is fed into the riser will have a decisive impact on how solids flow happens inside the reactor. Pressure drop will decrease but solid concentration as well, decreasing contact time.

IV.1.ii Glass beads

Similar test were conducted with glass beads. Density and PSD of glass beads are similar to those of sand (see Chapter III). As discussed before, the main apparent difference between the two solids relates to sphericity. As mentioned before, glass beads are spherical particles with sphericity equal to 1 vs. 0.83 sphericity of sand.

The following figures show how pressure drop evolves inside the riser for different glass beads fluxes and two gas velocities at similar conditions. The same axial pressure profile overall trend can be found for glass beads results as for sand. The different heights inside the riser needed for solids to be fully accelerated can be clearly observed in Figure IV-4. On one hand, for a solid flux of 60 kg/m²s, solids are fully accelerated at 1 m from the gas injection. On the other hand, for a solid flux of 90 kg/m²s, solids need more than 2 m to be fully accelerated. Higher solid flux results in a greater number of particles on the riser bottom that will be harder to accelerate, resulting in higher acceleration heights. In the fully developed section, pressure gradient is small which suggests that the accelerated flow is very much diluted. Therefore, particles probably flow faster in the fully developed zone. As for sand, the impact of riser outlet is also noticeable. The impact of riser outlet is more pronounced at higher velocities, where deceleration effect is probably stronger due to the larger particle velocities in the fully developed zone. In both figures, the important impact of the solid dense bottom phase on the pressure drop value can be seen. Around 50% of the pressure drop happens on the first 5 m of the riser.

As for sand at similar mass fluxes, pressure drop decreases when gas velocity increases suggesting that, in this velocity range, pressure drop is governed mostly by the weight of the suspension.

Increasing gas velocity will decrease pressure drop but also decrease contact time inside the riser.

IV.1.iii BMP

The final series of axial pressure profiles tests were made with BMP. BMP is a denser material, closer to the expected properties of a typical CLC material, with a shape factor close to sand particles. Due to time and material constraints, the range of solid fluxes studied was smaller than for other solids. The total pressure drop generated is about 50% higher for the smaller gas velocity. Again, for BMP, in the velocity range tested, pressure drop is governed by the weight of the suspension in the riser and when gas velocity increases, solid concentration decreases. BMP profiles show a less pronounced riser exit effect, suggesting that deceleration is smaller with BMP than with other materials tested.

IV.1.iv Impact of particle properties

The first two types of particles used in this work were sand and glass beads with densities of 2650 and 2600 kg/m 3 , respectively. Sand presented a range of averaged Sauter diameter between 150 and 300 μm (variation related to attrition and control of fines) while glass beads particle size distribution remained unchanged with a constant Sauter mean diameter of 250 μm (no attrition was witnessed). As explained in Chapter III.6, after experimental verification, the difference in Sauter mean diameters observed with sand did not cause sensitive differences on the axial pressure profiles at similar experimental conditions. It must be noted that the Sauter mean diameter is a good measure of the ensemble of particles but it does not give an extensive information about the particle size distribution. The Sauter mean diameter is strongly influenced by the fines created on the system. Despite the change in distribution, the pressure profiles measured with sand were not significantly affected by attrition. Therefore both solids can then be directly compared. The most relevant difference in particle properties between the two solids is particle shape with a sphericity of 1 for glass beads and 0.83 for sand. In spite of showing the same overall trend, the axial pressure profiles for both solids do not match. For the same operating condition, sand presents a total pressure drop twice as big as the total pressure drop of glass beads. Clearly, acceleration is larger with sand. Also, larger pressure profile slopes in the fully developed zone (at 5-10 m) mean larger pressure gradients suggesting more concentrated flows and particles flowing at a lower velocity.

Considering that both solids have very similar density and particle size distribution, this result is unexpected. Figure IV-8 therefore suggests a substantial impact of particle shape on the solid flow inside the riser. The experimental data points to sphericity impacting particle-particle interactions and gas-particle interactions, changing the hydrodynamic balance of the flow inside the riser. These differences in the overall hydrodynamic behavior of the solids would generate larger pressure drop for solids of smaller sphericity. The third Group B solid tested was BMP, a denser material than sand or glass beads. It presents a density of 3300 kg/m 3 and a Sauter diameter of 280 μm, as shown on Chapter III. BMP is denser than glass beads or sand but it presents about the same diameter than the other two solids. With respect to particle shape, BMP particles are much closer to sand particles.

The following two figures compare density corrected pressure drop along the riser for the three solids at two solid fluxes and gas velocities, which corresponds to the apparent particle concentration in the riser (while neglecting friction and acceleration effects). It can be seen that the apparent particle concentration is much higher in the first meters of the riser. Regardless of experimental condition the acceleration zone of the riser can be identified by the high values of apparent particle concentration on the bottom of the riser. Glass beads present the smaller apparent particle concentration for both experimental conditions. When compared to sand, the results suggest again that the higher the sphericity, the smaller the pressure drop will be at identical conditions. It can be seen that sand presents higher overall apparent solid concentration. Comparing pressure drop that has been corrected by density and admitting that particle size is similar between solids, the most significant difference between the three solids is particle sphericity. The results on Figure IV-9 and Figure IV-10 point to the same conclusion: the higher the sphericity, the smaller the pressure drop will be. This correlation between particle shape and pressure drop inside the riser could be explained by the impact of sphericity on drag force, friction between particles and riser wall and cluster formation. Rougher particles will need more energy to be accelerated on the riser bottom and also to be transported by air. Chang et al [START_REF] Chang | Fluid dynamic similarity of circulating fluidized beds[END_REF] have found a great impact on pressure along the riser when changing the surface of glass beads. By using untreated and coated glass beads of 109 μm, Chang showed the effect of particle shape on riser hydrodynamics. Coated beads with smoother surfaces generated far less pressure drop than rough beads, in accordance to the results of this work. An opposite trend was found by Xu et al. [START_REF] Xu | Effects of particle properties on flow structure in a 2-D circulating fluidized bed: Solids concentration distribution and flow development[END_REF] with sand and glass beads, but in a smaller and shorter 2D riser. Their results, obtained with an optical fiber probe, suggest that voidage decreases with the increase of particle sphericity. The authors state that higher sphericity leads to smaller drag force and smaller acceleration, therefore resulting in lower voidage. The reported terminal velocity is smaller for glass beads than for sand. However, according to the Haider & Levenspiel correlation [START_REF] Haider | Drag coefficient and terminal velocity of spherical and nonspherical particles[END_REF], the terminal velocity should be smaller for sand. The 2D riser geometry could also have an impact on the resulting voidage trends.

The evolution of the pressure drop along the riser obtained experimentally can be used to study particle acceleration. The shape of the pressure drop profiles allows the determination of the height inside the riser that particles need to be fully accelerated, which will depend on experimental conditions. It is assumed that when pressure drop becomes linear, solids are fully accelerated and the flow is fully developed. To determine mathematically the acceleration height for each condition, the pressure profiles are analyzed individually as part of the 1D modeling approach to the riser. This different behavior of sand and glass beads should be explained mainly by the difference in particle shape, as discussed before. The particles that have smaller sphericity will be more difficult to accelerate and therefore, will create longer acceleration zones. BMP shows acceleration heights closer to the heights of glass beads, despite BMP sphericity being similar to sand. However, BMP density is larger, which means that for a given mass flux, the number of particles flowing is significantly reduced. Therefore, the experimental results showing similar acceleration patterns for glass beads and BMP suggest that acceleration depends not only on sphericity but on the number of particles. All this being probably related to particle-particle interactions in the dense riser bottom section. Sphericity should impact particle interactions, which will impact drag force and the way particles are accelerated in the riser. This impact will be seen in the higher height needed for acceleration of particles with smaller sphericity at similar conditions. The results also suggest that acceleration depends on the number of particles flowing for a given solid mass flux, i.e., on particle density.

In the fully developed region, the apparent solids concentration shown before, neglecting friction and acceleration terms, can be compared to a value determined through equation 41.

Eq.41

This equation is the result of the simplified added mass and momentum conservation laws for the gas and the solid phase. It is assumed that there is no acceleration on the fully developed zone of the riser, but friction is accounted for. Well established correlations are used to determine, gas-wall and solidwall friction. All the details about this equation can be found on Chapter V, section one.

The following two figures show the comparison between solids concentration calculated from equation 41 ((1-) Experimental ) and the apparent solids concentration (dP/dx ( g)) for the three solids at two gas velocities, 8 and 10 m/s and 55 and 60 kg/m²s, respectively. It can be seen that the value determined from equation 41, that takes into account gas-wall and solidwall friction, is very close to the apparent solids concentration. This result suggests that impact of both frictions is very small when compared to the impact of the suspension weight on the generation of pressure drop. Das et al. [START_REF] Das | Axial voidage profiles and identification of flow regimes in the riser of a circulating fluidized bed[END_REF] have found that above a certain height in the riser, that depends on conditions, real and apparent voidage axial profiles merge together. It has been shown above that higher sphericity leads to smaller pressure drop and smaller acceleration heights. If acceleration is easier for higher sphericity, the slip factor should be smaller, explaining glass beads results. BMP has higher density than sand particles that would place slip factor results much higher than sand results. Nevertheless, the results of BMP being very close to the results of sand suggest that the effect of density is not as strong as expected. The density effect on the slip factor on the dilute region does not play a crucial part as implied by theory for a single particle. This could be explained by the different phenomena happening in the particle clusters formed in the riser. In cluster interaction, particle density would not be as decisive as for a single particle. Unfortunately, it was not possible to characterize local flow structures (clusters) in the riser to confirm these hypotheses. Nevertheless, the strong differences observed between sand and glass beads slip factors confirm that particle shape has a strong impact on flow structure.

IV.2 Radial solid flux profiles

An investigation of radial flow structures was conducted in the riser. The measurements were conducted in the fully developed zone, at 11.2 m from the gas inlet. The riser chord studied, at an angle of 90° with the solids feed and the riser exit, was divided into 11 measurement points. Due to time constraints, it was not possible to conduct a complete local flow structure characterization at different riser elevations. Tests were made at one height only. Therefore, the height of the port was chosen to ensure the flow is developed according to pressure drop measurements. Tests were not made too close to the riser exit, where the exit geometry disturbs the solid flow. Extraction probes were used to measure local solids flow rate with the help of a balance and a stopwatch. The full extraction system and operating mode are detailed on Chapter II. Numerous tests were made at different experimental conditions and with two different Group B solids, sand and glass beads. Extraction probe tests were not made with BMP due to experimental prioritization. The probes were used facing down and up in order to measure upward and downward solid flux, respectively. Experiments were repeated to verify reproducibility and the integrated solid fluxes were compared to the solid flux correlation results. A few tests were conducted to verify radial symmetry in the dilute region. One example of a complete profile can be found on Appendix C showing the symmetry inside the riser. The solid inlet configuration, below the gas inlet, promotes a rather symmetrical flow inside the riser. Therefore, the results presented here represent the radius only.

As discussed in Chapter II, more sophisticated measurement methods could be used to evaluate the local flow structure in the riser. Reflective-type optical fiber probes could also be used to measure local solids holdup and particle velocity in the riser. Problems with this measurement technique can come from the limited measuring volume and the fact that particle velocities are obtained mostly in the vertical direction [119]. Tortora et al. [113] compared two non-invasive methods to measure radial voidage profiles in the riser, gamma-densitometry (GDT) and electrical-impedance tomography (EIT). GDT used a radiation source which means it is an expensive method and it can potentially be a dangerous technique to use. EIT is relatively new technique that has rarely been used in a quantitative way. And both methods require extensive data reconstruction to build the radial profiles. Shaffer et al.

[120] used high speed imaging and high speed PIV to study particle motion, concentration and clustering in CFB risers. The mathematical analysis to interpret the data obtained by these methods can be very complex. Therefore, extraction probes were used in this work because it is a proven method and due to the simplicity in use and post-treatment needed. When comparing both experimental conditions, it can be seen that higher gas velocity will lead to smaller solids downflow. The smaller solid flux at smaller gas velocity will have higher upflow but the downflow will be relatively larger than the higher solid flux at higher gas velocity. When velocity and flux increase, the radial mass flux profile tends to become more homogeneous. If an average core diameter of 0.13 m is considered, the annulus region represents 25% of the cross section of the riser. This means, downflow of solids occupies one fourth of the riser, probably accounting for the most important part of the concentration and pressure drop generated in the developed region of the riser. As for sand, regardless of experimental condition, solids upflow occurs in the center of the riser whereas there is downflow close to the riser wall. The core annulus regime is expected to be present on the fully developed regime of the riser for all conditions studied. The extraction probe values of solid flux obtained with glass beads are also in accordance with the calibration method, validating the extraction probe results. A maximum difference found between the two values of solid flux is of 20%.

IV.2.i Sand

IV.2.ii Glass beads

IV.2.iv Impact of particle properties

As presented before for the axial pressure drop profiles, a study of the impact of particle sphericity was made for the radial solid flux profiles. Sand has a sphericity of 0. As it was shown before in similar conditions, the flow seems to be more concentrated with sand in the fully developed region. From Figure IV-28 it can be seen that sand consistently presents slightly higher local solid fluxes, both upward and downward. The sand flow seems to be denser than glass beads flow at similar conditions. By looking at the intersection between the upwards and downwards solid flow for each solid, the size of the annulus region can be assessed. The annulus thickness looks similar but A simple method to describe the forces acting on a particle in the equilibrium point in the system is to match the particle weight to a drag like force. Equations 43 and 44 describe the forces on a glass bead and on a grain of sand, respectively.

Eq.43

Eq.44

In these equations, R 1 and R 2 refer to the distance from the center at which the equilibrium point is found for each solid. It has been shown on Chapter III that the minimum fluidization velocity of sand is greater than the minimum fluidization velocity of glass beads. Therefore, the equilibrium point of sand should be closer to the center than the equilibrium point of glass beads. This is confirmed by the experimental results shown on Figure IV-28.

To understand the impact of a different core region radius on the drag coefficient (Cd) of each solid, the division of equations 43 and 44 was made.

Eq.45

The correlation between the drag coefficient and gas velocity is then defined by equation [START_REF] Kim | Effects of solids feeder and riser exit configuration on establishing high density circulating fluidized beds[END_REF]. By admitting that the velocity profile can be described by the one seventh power law, equation 46 can be deduced.

Eq.46

Even if in a simplified way, equation 46 suggests the direct connection between the size of the annulus region and drag force. This relationship shows how a higher drag force coefficient will lead to a smaller core region radius. In accordance to the results, solids with a smaller minimum fluidization velocity have a smaller annulus region. And a smaller annulus region, meaning less particles flowing downwards, results in a smaller overall pressure drop. These results are in accordance with the axial pressure drop profiles shown before. Figure IV-28 shows how particle shape impacts the radial distribution of solids inside the riser that result in part in higher pressure drop for smaller sphericity. It would be expected for a denser solids flow to produce higher pressure drop at similar gas velocity. Likewise, a bigger annulus region and downflow i.e., more particles falling down the riser, would lead to higher pressure drop and a need to higher drag force. Since the main difference between the two solids is particle sphericity, it would be the cause for such different behavior.

For further conclusions about the impact of particle properties on the size of the annulus region, more detailed experimental measurements should be made.

IV.3 Radial Pitot tube profiles

Pitot tubes, as explained on Chapter II, were used for local measurements in order to determine local solids velocity. The probes measure the difference between the static and the dynamic pressures. The pressure drop will be mostly generated by the flow of solid particles inside the riser due to its higher density. Therefore, this measure is in direct correlation with particle motion. The equation used to define the particle velocity is given on section IV.3.iii. Tests with Pitot tube were made at 11.2 m from the riser bottom (like the mass flux tests) to assure that there is no influence of the acceleration zone or the blind-T exit on the solids flow. An aeration velocity of 3.6 m/s was chosen to carry out all Pitot tube tests (see Chapter II for detailed information).

Measurements were made with the probe facing downwards so the results are of upwards particle motion. Results with the probe facing upwards, to measure the solids downflow, could not be obtained because of pressure sensor range (pressure drop inferior to 1000 Pa). The particles falling along the walls are in lesser number and travel at a smaller velocity than particles moving upwards. Therefore, the values of pressure drop measured by the Pitot tube were very small. To study the impact of particle shape on solids motion, Pitot tube tests were made with sand particles and glass beads for a series of experimental conditions. First, direct Pitot tube measurements (pressure drops) are presented for sand and glass beads. Then, a discussion about the determination of solids velocity is made.

IV.3.i Sand raw data

The radial study of the riser with sand particles was made at a given height and different experimental conditions with the Pitot tube. The following figure shows the radial profile of Pitot pressure drop for two gas velocities and three solid fluxes. It can be seen that the same trend is followed by all experimental conditions. The measurements made over a whole diameter suggest again the flow inside the riser is symmetric. Sand particles will move with considerably more energy in the center of the riser (position at 0 cm on Figure IV-30). The pressure drop measurements will be directly linked to the square particles velocity which in turn is directly linked to the gas velocity and solid concentration. The gas velocity profile in the developed region should resemble the one seventh power law. The peaks found on the center of the radial profile of the Pitot tube pressure drop profiles can, in part, be explained by the shape of the gas velocity profile. In another part, more particles at the center traveling at higher velocity would further increase the center peaks of the Pitot measurements. Because the Pitot tube measures the energy created by the particles moving upwards, it can be concluded that there is very little upwards movement close to the riser wall. This result is in accordance with the radial solid flux profiles shown before and the coreannulus regime.

The impact of gas velocity on particle motion is seen when comparing two profiles at 10 m/s and 40 kg/m²s and at 8 m/s and 30 kg/m²s. Particles transported at smaller gas velocity have smaller energy than those transported by higher gas velocity. This can be explained by the higher energy of gas traveling at higher velocity. The pressure drop measured by the Pitot tube is a function of the particle motion but also of the number of particles in the flow. The reason is that at the same gas velocity, more particles will transmit more energy to the Pitot tube than fewer particles. This can be seen on Figure IV-30 when comparing profiles at 10 m/s and 40 kg/m²s and 10 m/s and 60 kg/m²s. The higher solid flux will result on higher Pitot tube pressure drop.

IV.3.ii Glass beads raw data

An identical method was used to determine radial profiles of Pitot tube pressure drop on flows of glass beads at different experimental conditions. It can be seen that the higher the gas velocity and the higher the solid flux, the higher the Pitot tube pressure drop will be. This can be explained by the fact that higher particle number and higher particle velocity will lead to higher energy and Pitot tube pressure drop (solids concentration contribution).

IV.3.iii Solid velocity

Pitot tubes have been widely used to determine fluid velocity through pressure drop [49;109], as shown on Chapter II. In a gas-solid flow, because solid particles density is several orders of magnitude larger than gas density, Pitot tube pressure drop can be expressed as a function of solids velocity [123].

Eq.47

In the above equation there are three unknown variables, calibration constant ( ) that is system dependent, solids local concentration ( s ) and solids local velocity (v s ). Furthermore, extraction probe solid flux results can also be correlated to local solids velocity.

Eq.48

Equation 48 shows two unknown variables, solids local concentration ( s ) and solids local velocity (v s ). The goal of this study was to combine experimental results of extraction probes and of Pitot tube to determine local solids velocity and local solids concentration simultaneously [START_REF] Chew | Reverse core-annular flow of Geldart Group B particles in risers[END_REF]. Nonetheless, the Pitot tube calibration constant must first be determined. This constant will depend on the Pitot tube geometry and on the apparatus used. Little information is found in the literature about the determination of the value of [123]. Some authors [49;109] suggest a value close to 1, while others [110] find higher values. In this work, calibration and validation of the Pitot tube could not be completed, partly due to the lack of other experimental methods to corroborate the results. Attempts to calibrate the Pitot tube were made in gas only flow. However, these tests were not conclusive because the measured values were too close to the detection level of the pressure sensors.

Another test was made on a different mock up but due to the differences in geometry the calibration constant could not be extrapolated. An effort was made to correlate the experimental results through equation 47 and 48 by trying to adjust α for each profile by adding an additional constraint, that the integrated resulting mass flux should equal the global circulating mass flux. For three different experimental conditions, a different α value was found and therefore, it was not possible to assess a calibration constant that could simultaneously predict the pair of solid velocity and solid concentration. On Appendix C, velocity and solid concentration results for a given are given. However, a given can lead to differences between the estimated solid velocities at the center and the gas velocities ranging from -6% to 32%, which is not expected. For these reasons, it is no possible to issue any result of solid velocity profiles based on the Pitot tube measurement conducted. No conclusive results were achieved concerning local solids velocity. One reason for this is the number of unknown variables: calibration constant, local solids concentration and solids local velocity. Another reason is the unavailability of a second reliable validation method for local solids or gas velocity or for solid concentration that could help determine the Pitot tube calibration constant. Finally, a sensitivity analysis showed the local values of velocity could change up to 75% if the averaged solids concentration changed by 2% (a table of results can be found on Appendix C). Nevertheless, the Pitot tube pressure drop radial profiles give qualitative information of the solids flow momentum profile inside the riser.

IV.4 Conclusion

In this chapter, the experimental results conducted on a large size CFB riser with three types of Group B particles were presented and discussed. Sand, glass beads and BMP have allowed the study of the impact of density and sphericity on solid flow inside the riser.

Axial pressure profiles along the riser were obtained for a wide range of experimental conditions, building a reliable data base of experimental results at large scale. It can be seen that pressure drop inside the riser evolves in a non-linear way, which is consistent with the literature [49;65;68;124;125]. Three distinct zones could be detected along the riser: the acceleration zone, a fully developed zone and the riser exit region. For all conditions, a zone of stronger pressure drop was found close to the riser bottom, a sign of uneven acceleration along the riser. The height of the acceleration zone, identified through the high pressure drop, depends on experimental conditions. The larger the solid flux is, the higher the acceleration zone will be, probably depending on the number of particles falling per section unit. For identical operational conditions, axial pressure drop profiles of sand and glass beads show a difference of approximately 50%. Pressure drops for glass beads operating conditions are smaller than those of sand. Considering that both solids have very similar density and particle size distribution, this result suggests a substantial impact of particle shape on the flow inside the riser. Sphericity probably impacts particle-particle interactions and gas-particle interactions generating larger pressure drop for solids of smaller sphericity [START_REF] Chang | Fluid dynamic similarity of circulating fluidized beds[END_REF]. Sand and glass beads flows inside the riser were studied through the use of extraction probes. Radial solid flux profiles, in the developed region of the riser, show the presence of the core-annulus regime, which is consistent with the literature [39;50-52]. Particles fall along the riser wall, in the annulus region, and move upwards in a diluted core. Particle sphericity seems to impact the structure of the core-annulus regime at similar experimental conditions. It is suggested that lower sphericity results in a more concentrated solid flow inside the riser and in a larger annulus region. A theory is put forward that links the minimum fluidization velocity to the size of the core region. The smaller minimum fluidization velocity of glass beads would lead to a larger core region, which in turn would lead to smaller pressure drop along the riser. This theory seems to be corroborated by the experimental results. These two experimental observations would help explain the greater total pressure drop found for particles with lower sphericity. No mass flux profiles could be conducted with BMP. Qualitatively, the smaller minimum fluidization velocity of BMP compared to sand may also explain the lowest concentration observed with BMP in the fully developed region. Pitot tube pressure drop radial profiles were conducted with sand and glass beads in order to determine local solids concentration and velocity by combining with radial local mass flux measurements. However, it was not possible to determine local solid concentration and velocities using this additional experimental information. Indeed, Pitot tube measurements in gas-solid flows are more complex than expected. A more in-depth study should be made to fully understand the impact of aeration on the Pitot tube results and to establish a calibration method for these systems. However, this study is out of the scope of this thesis and therefore, no quantitative results could be presented for local solids velocity.

The experimental data obtained in this work is the base for the modeling work of the riser shown on the next chapters.

Chapter V -1D RISER MODEL

The second main goal of this thesis was to build a predictive hydrodynamic model of the riser. The experimental data obtained on the large scale cold flow mock-up of a CFB for three Group B solids were used as a base for a 1D hydrodynamic model. There are different approaches to modeling the riser reported in the literature [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. As it was mentioned on Chapter I, no model is universally accepted and all have advantages and disadvantages. Many types of models are based on empirical correlations [39;94;126;127]. One dimensional models, that predict axial variation of voidage, are well suited to predict the effect of operating conditions and can potentially be coupled with kinetics with short computation times [START_REF] Gupta | Modeling of Fluid Catalytic Cracking Riser Reactor: A Review[END_REF].

In this chapter, the modeling approach of the riser is explained in detail. A new drag force correlation, based on the experimental pressure profiles for the different solids used, is presented. Next, the development of an one-dimensional hydrodynamic model is exposed. The resulting simulations are compared to the experimentally obtained pressure drop profiles. A sensitivity analysis is given and improvement perspectives are suggested.

In addition, a study of the slip factor results is presented as well as its comparison to literature correlations.

V.1 Modeling approach

Based on experiments, the intent of this work was to develop an hydrodynamic model of the riser transporting Group B particles. An one-dimensional (1D) approach to the riser was chosen for this work. The reason for this choice is that the 1D model is a simple first method to modeling the riser. Moreover, an 1D hydrodynamic model can be more easily coupled with kinetics equations and become a fully predictive model of the riser for scale-up purpose. Computation time remains small compared to CFD simulations, enabling the possibility to make more simulations and optimization steps.

The 1D model can be a simple but accurate tool to predict pressure drop and solid concentration as a function of riser height. It has been shown, in this work, that there is a significant axial evolution of the flow related to acceleration. Therefore, it is important to predict the axial flow development to access pressure drop and solid concentration profiles. Pressure drop in the riser is closely tied to the energy penalty on the industrial process. Therefore, it is of great importance to be able to predict it. However, it has been shown that there is a radial gradient of solid flux in the developed region of the riser. Since an one-dimensional model does not take into account the radial variation of solids concentration, this flaw can impact the prediction of reactor conversions, because solids concentration gradients can impact reactions [START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF]. As the main goal of modeling the riser is to be able to accurately predict overall pressure drop depending on experimental conditions, the one-dimensional approach was considered adequate.

A one-dimensional hydrodynamic model can be written using the general governing equations (mass and momentum balances) on the riser. In this work, the intended approach is an Euler-Euler two phase flow description through the fundamental mass and momentum conservation laws. Basing the 1D model on appropriate and validated correlations for friction and drag force is a necessary condition for a good riser model. There are generalized correlations for friction in the literature.

In Chapter I, several drag force correlations were presented showing how there is no consensus in the literature about drag force prediction. The great impact of the use of the correct drag force correlation has been extensively demonstrated [39;72;126]. This impact will be stronger when an important acceleration zone exists. Therefore, there is the need to develop a new cross section averaged drag force correlation based on experiments. An one-dimensional is also dependent on boundary conditions. The numerical approach needs to be adjusted to integrate reliable and realistic boundary conditions.

This work was conducted on several stages. On a first stage, experimental pressure drop profiles are analyzed for each condition. The riser is divided into an acceleration zone and a fully developed zone. Mathematical functions are used to fit the pressure profiles for the two different zones. Then, the 1D mass and momentum conservation laws are established along the riser for each condition. The equations are solved with back computation, starting at the top of the riser to derive a drag force intensity.

On a second stage, the values of cross section averaged drag force for different conditions and different solids were correlated as a function of operating conditions and solid properties. At this point, the drag force correlation can be integrated into the one-dimensional model, turning it into a predictive model. On a third stage, a 1D-model was built to predict flow development along the riser as a function of operating conditions. In order to predict the flow, a boundary condition is needed to describe the flow at the inlet or at the outlet of the riser. Simulations are based on a boundary condition at the inlet of the riser and for that reason a correlation was developed. The new drag force correlation parameters were optimized by comparing simulations to the experimental axial pressure drop profiles. This work resulted on a development of a new 1D model of the riser based on a data base of experimental points for large scale CFB with three Group B particles and a new cross section averaged drag force correlation.

V.1.i The equations

The 1D-model is built to represent the system in stationary conditions (no time dependence) and it intends to predict flow evolution along the z axis of the riser. Discretizing the riser into vertical layers and using Eulerian representation for both phases, the mass and momentum conservation laws can be written for the gas and the solid phase as follows.

Eq.49

Eq.50

According to these equations, pressure drop of a phase (dP/dz) results from acceleration, weight, interaction between phases (drag force) (Ft g and Ft s ) and friction to the wall (f g and f s ). Acceleration of a phase is calculated by the evolution of its velocity. In one layer of the riser, actual velocity (u g or u s ) can be calculated from the known variables, gas and solid flux, and corrected with voidage or solid concentration based on mass balance.

Eq.51

Eq.52

There are well established correlations for friction in the literature. Literature correlations were chosen considering that friction does not have an prominent role on pressure drop in the conditions studied. Fluid-wall friction (f g ) is usually defined through the Fanning equation, as written on equation 53. The friction factor ( ) can be calculated through the Blasius friction factor shown on equation 54 [39;69;126].

Eq.53

Eq.54

The particle wall friction (f s ), shown on equation 55, was defined by [START_REF] Konno | Pneumatic conveying of solids through straight pipes[END_REF] [128] and is commonly used for fluid-solids flow calculations [START_REF] Garic-Grulovic | Fluidodynamics characteristics of a vertical gas-solid and liquid-solid flow[END_REF].

Eq.55

Drag force (Ft) represents the inter-phase momentum transfer between the gas and solid particles. Therefore, drag force derived from gas equations (Ft g ) is symmetrical to the drag force derived from solids equations (Ft s ). As mentioned on Chapter I, there are numerous drag force correlations on the literature and none is universally accepted by the scientific community. Moreover, a 1D model requires a drag force representing cross section averaged gas-solid interactions. Therefore, in this work, the drag force correlation used was derived from the experimental results obtained on the large cold flow mock-up.

V.2 From the pressure profiles to the drag force

On the first stage of the construction of the 1D model, the mass and momentum conservation laws are used together with the experimental pressure drop results, to determine voidage and averaged drag force profiles along the riser for each operating condition. This method requires the analysis and the calculations to be made for each experimental profile. Thirty nine profiles were investigated individually for three Group B solids, at two gas velocities of 8 and 10 m/s and a wide range of solid fluxes, from 45 to 94 kg/m²s. The first step is to take the experimental axial pressure profile and to divide it into two zones, the acceleration zone and the fully developed zone. In this work, the riser exit is not investigated. Hence, only points below 14 m are considered (see Chapter IV). Each zone is fitted with a different mathematical expression due to their different hydrodynamic behavior. The acceleration zone is described by an exponential equation, like equation 56, and the fully developed zone is described by a linear equation, like equation 57, where h is the riser height. An example of this step is shown on Figure V-1, for sand axial pressure profile at gas velocity of 10 m/s and solid flux of 50 kg/m²s.

Eq.56

Eq.57 A continuity condition is imposed for the determination of the parameters of equation 56 and 57 (tangential continuity). The intersection between the two equations corresponds to the height inside the riser where the acceleration zone ends. Because the flow characteristics change rapidly in the acceleration zone, the riser is then discretized into more layers in this region. The riser is divided into 50 layers up to the intersection of the two zones and into 10 layers for the fully developed region. The bottom zone of the riser is divided into layers of 4 to 12 cm, depending on acceleration height, allowing a good description of particle acceleration. The equations shown previously in this chapter were implemented on an Excel spreadsheet. Particle and gas properties as well as flux information are given as entry data. The two mathematical fits (equations 56 and 57) for the two riser zones are used to calculate pressure drop between layers. The 2 momentum equations combined with the mass balance do not give the possibility to estimate voidage as a function of pressure drop directly. However, when the flow is fully accelerated, the acceleration term becomes negligible and the two momentum equations (equations 49 and 50) can be combined and simplified.

Eq.58 Equation 58, only valid for accelerated flows, relates pressure gradient to voidage and allows direct voidage estimate at the top of the riser.

Once voidage is known in the fully developed region, the hydrodynamics in the layers below can be back calculated using equations 49 and 50 shown previously without neglecting the acceleration term. The riser flow is solved from the top to the bottom layer, resulting on an axial voidage profile derived from the experimental pressure drop profile, as shown on Figure V-3. From the two solid flux conditions shown above, it can be seen how a higher solid flux at identical gas velocity will lead to higher solid concentration, as it was qualitatively discussed in Chapter IV. Figure V-3 shows how the higher voidage zone corresponds to the higher pressure drop zone of the pressure profiles shown on the previous chapter. The difference will be more notorious on the acceleration zone where the flow is being developed. From the terms calculated for each layer, cross section averaged drag force can be determined for each phase and riser layer. For sand, glass beads and BMP, thirty nine cross section averaged voidage and drag force profiles were obtained from the experimental results. Drag force for the three solids is analyzed on the next section.

V.3 Drag force

As discussed in the previous section, drag force was estimated along the riser for all conditions. It can be seen that drag force values are much higher on the bottom of the riser. This was expected because the higher solid concentrations are found on the bottom, where acceleration takes place. In the fully developed zone, drag force remains constant since there is no change in concentration.

To model drag force, it is useful to correlate it to riser operating parameters. In the literature, drag force is often described as a function of the difference between gas and solid velocities (u g -u s ), like the Wang [START_REF] Wang | Modeling of core flow in a gas-solids riser[END_REF] or the Pugsley and Berruti [START_REF] Pugsley | A predictive hydrodynamic model for circulating fluidized bed risers[END_REF] formulations. The basic form of drag force of Richardson-Zaki [72] also includes voidage. Following literature correlations formats, drag force was plotted as a function of gas velocity, solid velocity and (u g -u s ) on The figures above show there is no simple correlation between the cross section averaged drag force and gas velocity, solid velocity or (u g -u s ). In order to find a better correlation for the cross section averaged drag force, it was plotted against voidage as shown on Figure V-9. As for sand, glass beads and BMP show the same overall trend, regardless of experimental condition. Therefore, cross section averaged drag force can simply be represented as a function of (1-)/ . The higher the solids concentration is, the much higher becomes the cross section averaged drag force. This is an understandable result: the more particles there is, the more energy will be needed to accelerate and transport them. In the riser bottom, where the flow is more concentrated, particles are being accelerated by the higher drag force.

To mathematically describe the drag force as a function of voidage, an empirical correlation was built for each solid as a function of voidage, according to the equation 59.

Eq.59

The three correlations are shown and compared on Figure V-13. For a given voidage, BMP presents the highest drag force for identical solid concentration of the three solids. The larger drag force of BMP particles can be explained by the higher density compared to glass beads or sand. Heavier particles of similar size, like BMP compared to sand, need more energy to be accelerated. Higher values of cross section averaged drag force are explained by the need to counteract the weight effect. Moreover, Figure V-13 shows that the cross section averaged drag force profile is larger for sand than for glass beads. This is consistent with work that has shown that the lower the sphericity is, the higher the drag force will be [START_REF] Haider | Drag coefficient and terminal velocity of spherical and nonspherical particles[END_REF]. Tran-Cong et al [START_REF] Tran-Cong | Drag coefficients of irregularly shaped particles[END_REF] have reached a similar conclusion from a number of lab-scale experimental tests with particle agglomerates: the near-spherical shaped particles had the lowest drag coefficients. The lower particle sphericity is, the larger the drag force will have to be to efficiently accelerate the rougher particles. In this work, the calculated cross section averaged drag force seems to depend mainly on voidage. This unexpected result can be observed for a range of conditions and for the three types of particles studied. As discussed before, most of the drag force expressions that can be found in the literature rely mostly on the velocity difference between gas and solid particles. Therefore, the results in this work are surprising but can probably be explained by the fact that in this case, drag force is averaged over the cross section. Table 6 presents the values of the drag force correlation constants obtained for the three Group B solids, as shown on equation 59. A great part of the correlations in use today, derive from extrapolations from single particle theory or free-falling conditions in liquids [129]. The proposed drag force correlation overcomes these flaws. By being based on large scale riser tests with a wide range of solid concentrations, the correlation will be closer to industrial reality. Moreover, by depending on voidage, the correlation takes implicitly into account all particle-particle interactions. However, this correlation results from cross section averaged data and consequently cannot be used for multi dimension simulations, like CFD codes. In a next stage, the drag force correlations obtained in this section will be improved by the optimization of the 1D hydrodynamic model. The value of constant A is clearly dependent on the solid type, but constants B and C are close in value. Therefore, a generalized correlation will be established the experimental results. Haider's correlation was fitted for spherical and for non-spherical data points for Re numbers inferior to 2.6x10 5 . Also from Figure V-14, a comparison can be made between the sand drag force correlation from this work and the Haider correction for sphericity. Sand sphericity has been calculated at 0.83. It can be seen that the Haider correlation is more strongly sensitive to sphericity. That is to say that Haider's work suggests there is a strong impact of particle sphericity on solids flow. Moreover, it supports our conclusion that larger sphericity will result on smaller drag force. Yet, the intensity of the drag force predicted by Wen & Yu and Haider's correlations is much higher than the correlations of this work, especially for large voidage values. This suggests that existing correlations are not appropriate to describe cross-section averaged drag force.

V.4 Development of the 1D hydrodynamic model

The last step of the construction of the 1D model consists on implementing the equations on Fortran.

The goal of the 1D model is to determine pressure, voidage and solid and gas velocity profiles along the riser as a function of the operating conditions (solid flux, gas velocity and initial pressure).

The base of the predictive model, i.e. the equations, is the same as shown previously (equations 49 to 50). Mass and momentum conservation laws were used for both solid and gas phase as shown on equations 49 and 50. Classical fluid-wall and particle-wall friction equations were used as presented on equations 53 and 55. The cross section averaged drag force is based on experimental results and is described by the correlations determined in the previous section.

To solve the equations, the riser is divided into horizontal layers of equal size, 14 cm tall. For each layer, the set of equations needs to compute the value of voidage and the value of pressure. In order to do that, there are two conversion loops in the code for each layer. The inner loop determines the right value of voidage by a binary search system (dichotomy algorithm). The outer loop verifies the accordance of the pressure values. For each layer to be calculated, it needs information on solid and gas flux, voidage and pressure information from the previous layer. The outline of this structure is shown on Figure V-15. The "Solid hydrodynamic" segment of the code (see Figure V-15) solves all hydrodynamic equations for on layer at a time. Gas-wall friction, solid-wall friction, gas and solid weight and the mass and momentum conservation laws for both phases are solved for a first time with initiated values of pressure and voidage (P 0 and 0 ). Then, the dichotomy algorithm is initiated, solving the hydrodynamic equations for two values of voidage. The process is repeated until the difference between the two voidage values becomes smaller than 1x10 -4 , ending the inner loop. Once one value of voidage is obtained for the layer, the pressure drop is compared to the initial one. This process is repeated for each layer until initial and final pressures coincide, ending the outer loop. After both loops, the result is a voidage and a pressure value for that layer of the riser.

Because one layer needs the information from the previous layer, the initialization values are critical parameters. The results of the first layer of the riser depend on the boundary conditions given as entry data to the model. Therefore, it is necessary to describe initial conditions, pressure and voidage at the riser bottom, a region that is very difficult to accurately characterize experimentally. If pressure can be easy to assess, voidage description is more challenging.

V.4.i The initial region

In the literature, there is limited information on the description of fluidization conditions at the riser bottom. As a hypothesis, many authors use the voidage at minimum fluidization as initial conditions of the bottom of the riser [72;83;84]. But this hypothesis can be the source of great error, for many experimental results point to much dilute initial conditions [28;49;85]. To improve the 1D model of this work and to avoid the boundary conditions being a source of error, an attempt to develop an initial voidage correlation based on experimental information was made. Pressure drop on the first 50 cm is very high, the highest of the riser for any given condition. The high pressure drop indicates that this region is characterized by high solids concentration.

For this reason, it is assumed that pressure drop in the initial region is chiefly generated by the weight of the solids. This hypothesis allows the initial region to be simply described as equation 62.

Eq.62

Equation 62 assumes that friction and acceleration are negligible on the initial phase of the riser when compared to solids weight. Experimental values of pressure drop ( P(A)) are used to determine solids concentration in the initial region. On a first stage, the determination of the solids concentration on the initial region are used as boundary conditions in the acceleration & developed region. On a second stage, the obtained values of solid concentration can be used to develop a correlation to predict conditions on the bottom of the riser. Equation 62 was used to correlate solids concentration as a function of the ratio between solids and total volumetric flows for sand and BMP results. Indeed, in a previous non published work conducted at IFPEN, it was found that the initial voidage at the riser bottom with FCC particles relates to the volumetric flow ratio of the suspension. This correlation physically predicts that when there is no solid (1-) becomes zero.

Eq.63

The values of constant for both solids can be found on Table 7. In It can be seen that sand presents higher solids concentrations than BMP at identical flow ratios. This can be explained by the difference in density between the two solids. BMP is much denser than sand therefore, there are less particles in the same volume with BMP. Since it is impossible to reach voidages higher than those observed at minimum fluidization condition in the range of 0.6, it can be anticipated that the accessible range of transportation for BMP and sand are probably limited to volumetric ratios of 0.3% for sand and 0.45% for BMP. This should be investigated with experiments in a wider range of operating conditions.

Glass beads have the highest sphericity of the three solids and solid concentration cannot be correlated to the ratio of solids and total flows by a straight line including the initial (0,0) point, as shown on 64) for glass beads. The constant values shown on equation 64 are defined on Table 7.

Eq.64

This correlation is very similar to the one obtained for FCC particles based on internal, non-published IFP Energies Nouvelles (but with different parameters). The calculated voidage (equation 62) and equation 64 results for glass beads results are plotted on Figure V-20. The results of glass beads suggest that glass beads tend to a maximum solids concentration value when increasing solids flow. If the maximum achievable solids concentration is in the range of minimum voidage conditions, the results suggests that much higher volumetric ranges can be achieved with glass beads than with sand or BMP. This means that the transport capacity of glass beads is much higher than the transport capacity of sand or BMP. Again, this should be confirmed with additional experiments in a wider range of operating conditions. The correlations determined for sand, glass beads and BMP can now be used to determine the initial solids concentration in the riser. The correlation predicts different values from the ones classically found in the literature, which consider the minimum fluidization voidage [72;84]. For each kind of particle, the correlation proposed takes into account the effect of operating conditions. Therefore, by using these correlations, the model will be closer to reality, by adjusting solid concentration in the initial region with operating conditions. It must be kept in mind that the values of initial solid concentration obtained are averaged over the initial height of 0.65 m because there is no other available information. This means there is some error associated with considering the initial region as a single region. Voidage is considered as constant over 0.65 m while in reality it probably varies due to flow acceleration. Therefore, additional work should be conducted to more accurately describe initial conditions and attempt to derive a more general correlation accounting for particle properties.

V.4.ii Drag force adjustment

The acceleration and developed region of the riser is solved through the specific code developed in this work on Fortran. The base of the model is the mass and momentum conservation laws presented on V.1.i. The developed phase is divided into 98 layers as presented on Figure IV-17. The double loop structure described on V.4 was used. The values of solid concentration and pressure at the initial phase obtained as explained on the previous section, were used as entry information for the respective simulation.

As mentioned on section V.3, the next stage was to optimize the model by finely tuning the drag force correlation (equation 59). Simulations were run for sand, glass beads and BMP and compared with experimental results. Because it was found in the initial work on drag force that the values of B and C were very close it was decided to fix them at a constant value (see Table 8). The values of A, that clearly depend on particle properties, were then finely tuned for each gas velocity and for each solid to best fit the experimental pressure profiles. A list of the values obtained for different conditions can be found in Appendix D. 
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Through the simulations run to optimize the 1D model, it was found that model prediction quality is very sensitive to the value of A. The goal on building a predictive 1D model is to make it as global as possible. Therefore, a general expression of A shall be proposed, to be able to predict drag force for any gas velocity and Group B solid. The correlation shall depend on the particle properties such as density, size, sphericity and terminal velocity, and on gas velocity inside the riser since it was found that A changes slightly from one gas velocity to another (see Appendix D). All these variables will allow to build a correlation for A as accurate as possible. Equation 65shows the A correlation form.

Eq.65

The correlation shown above was built using the optimized values of A averaged for each gas velocity and for each solid. The constant adjusted for equation 65 are presented on Table 9. Some constant present low values, it must be noted that a difference of 2% on the value of A results on important differences on the pressure drop profiles. Therefore, it is very important to accurately predict A. All parameters on equation 65 are from particle properties except gas velocity. Gas velocity was introduced as a parameter because it clearly improved results but it can be seen that the constant value is low. To optimize the 1D model, both gas and solid friction correlations were not optimized. Gas friction depends on gas velocity as shown on equation 53. It is possible that an optimization of this equation would then lead to a new cross section averaged drag force correlation that is not a function of gas velocity. The expression developed should be improved in the future, for example it depends on terminal velocity which itself depends on particle size and density.

A sensitivity analysis of A to gas velocity was conducted. It can be seen how sensitive the results are to the value of A. The A coefficient corresponding to 6 m/s is 6250 (3% difference to the base case) and the pressure drop simulated is about twice as big as the one of the base case. The simulation corresponding to 15 m/s, with A equal to 6677, leads to 10% smaller pressure drop. lead to higher solids hold-up and higher pressure drop. For a higher velocity, a more diluted flow is predicted.

The 1D model of the riser is now complete. It comprises two zones, an initial and an acceleration & developed region. The initial region of the riser is defined as a single layer and the pressure drop generated in that layer is considered to be caused by weight alone. Empirical correlations were developed for the three solids to determine solids concentration in this region as a function of the ratio of the solid and total flowrates. The values of solid concentration of the initial phase are required as inlet boundary condition for the acceleration and developed region. The acceleration & developed region is divided in 98 layers (14 cm tall), where the mass and momentum conservation laws are solved for each phase. The code implemented on Fortran, together with the optimized form of the drag force correlation (equation 59), predict the pressure profile and axial variation of hydrodynamics ( , u g , u s ) in the riser for known operating conditions (gas velocity, initial pressure and solid flux) and fluids properties.

V.5 Comparison of model predictions with experiments

Simulations of riser pressure drop can be made by entering the operating conditions and the fluids properties. In the following section, a comparison between 1D model results and experimentally obtained pressure drop profiles for sand, glass beads and BMP is presented. The model results compared to the experimental profiles seem to indicate the height of the initial region on the bottom of the riser changes with operating conditions. These results suggest that the higher the solids flux, the higher the initial region will be. This can be explained by the presence of more particles, that make acceleration by the gas more difficult. Therefore, the hypothesis made about the fixed height of the initial region (0.65 m) may be too rough to accurately predict the riser. An inflection point on the experimental pressure profile can be seen for solid fluxes of 43 and 57 kg/m²s at around 13 m. This disturbance of the experimental results close to the riser top exit is a sign of the impact of the blind-T exit in these cases. The 1D model does not account for the exit effect.

For the solid mass flux of 90 kg/m²s the 1D model tends to underestimate the pressure drop along the riser when solid flux increases. It can clearly be perceived that the height of 0.65 m for the initial region of the riser is not enough for a solid flux of 90 kg/m²s. This can be seen from the slope of the first experimental points. The hypothesis of 0.65 m seems to not be enough and it leads to a difference between the experimental and simulated profiles.

To verify the suggestion that the height of the initial region has a decisive impact on the final simulated profile, a test was made on the case of glass beads at gas velocity of 8 m/s and solid flux of The 1D model can properly predict the pressure profile of sand and glass beads with its different slopes. Therefore, the 1D model is capable of predicting the impact of particle sphericity on solids flow inside the riser. It can be seen that solids concentration is higher for sand and that glass beads velocity is higher all along the riser (which may explain the stronger exit effect reported on Chapter IV). These are the expected results considering that pressure drop is much higher for sand, resulting from higher solids concentration in the riser.

It is interesting to see that despite pressure gradient being almost constant (Figure V-29), the predicted flow continues to accelerate slowly in the riser upper part. The drag force correlation implemented on the 1D model is based on experimental results with a focus on the acceleration zone of the riser. In the 1D model, the drag force correlation is used to simulate the whole of the riser, including the fully developed zone. The cross section averaged drag force correlation, that depends strongly on voidage, fits well the acceleration zone but may lead to pressure drop under-prediction on the upper part of the riser. The continuing acceleration of the solids may suggest the use of the drag force for the upper part of the riser should not be directly made.

The hypothesis that the flow is fully accelerated from a certain height is made based on the measurements of constant pressure gradients on the upper riser. However, it was not possible to validate this hypothesis by the measurement and comparison of voidage over different heights of the riser.

V.5.iii BMP Simulations of BMP experimental tests were made with the 1D model. Two gas velocities were tested for a variety of solid fluxes. The model is capable of predicting smaller pressure drop for bigger riser diameters. This is expected because a larger riser diameter will lead to decreasing particle-wall friction and so, pressure drop. It should be noted that as the riser diameter becomes higher, the impact on pressure drop decreases. The pressure drop difference between a riser with a diameter of 0.1 m and of 0.3 m is similar to the difference predicted between a riser of 0.3 m and a riser of 3 m. This can be explained by the smaller percentage of particles touching the walls on increasingly larger risers and the resulting decreased wall friction (Konno Saito correlation is a ). From a certain limit, increasing the riser diameter will have almost no impact. This tendency should be verified by comparing results from larger or smaller scale equipment, or by conducting CFD simulations at different scale, once validated. It would have been useful to study the sensitivity of the model to particle parameters. However, a generalized boundary condition to better describe i as a function of particle properties would be needed (to be developed in future work).

V.6 Slip factor evaluation

Simulations made with the hydrodynamic 1D model built in this work result in detailed information on each layer of the riser. This information includes voidage, gas and solids velocities. Therefore, the calculation of the slip factor (SF) in the fully developed region of the riser is possible. As mentioned on Chapter IV, the slip factor is defined as the ratio of the actual gas velocity to particle velocity inside the riser (see equation 66). It can be seen that the slip factors from the 1D model at 7 m are much closer to the experimental results. Up to this height the 1D model predictions are much closer to the experimental results, emphasizing the over-prediction of acceleration on the developed zone of the riser. The overprediction, reiterates the fact that, to improve the 1D model, a drag force correlation should be derived for the dilute flow where the flow is fully accelerated. Results seem to suggest that the sphericity plays a role in fluid-particle interactions, especially visible at gas velocity of 10 m/s. It also seems that density is not as important as expected, when comparing sand and BMP results.

V.7 Contact time

As mentioned on the first chapter, the optimization of the CLC process is directly linked to Air-Reactor performance, which is to say, contact time inside the riser. Contact time can be calculated with the information from the 1D model simulations, the voidage profiles. It can be seen that the higher the pressure drop, the higher contact time will be. As it has been shown that pressure drop in the riser is mostly governed by voidage, it is logic that higher pressure drop, that is equivalent to smaller voidage, results in larger contact times.

A compromise between pressure drop and contact time must be made in order to optimize riser performance. Because higher contact times lead to higher performances, but higher pressure drops lead to higher energy penalty. However, this optimization can only be made with the implementation of kinetics on the 1D model. The contact time needed to capture 90% of the oxygen of air depends on the rate constants of the reaction. Therefore, the addition of kinetic elements to the 1D model is essential to optimize riser performance.

V.8 Conclusion

A 1D hydrodynamic model of the riser was developed to compute hydrodynamics as a function of height for the three different solids tested in this thesis. The resulting model reasonably predicts pressure drop profiles for a range of operating conditions for sand, glass beads and BMP (from 22 to 90 kg/m²s). New correlations for cross section averaged drag force were developed as well as for initial boundary conditions. The 1D model predicts the important differences of pressure profiles found experimentally between sand and glass beads. The impact on riser hydrodynamics of particle density, size and shape are accounted for by the 1D model developed in this work. The model does not account for the effect of riser exit. It does not predict a fully accelerated flow within the riser limits, it seems to over-predict acceleration on the upper part of the riser, especially for sand and BMP.

The new cross section averaged drag force correlation format (shown on equation 59) depends mainly on solid concentration. This is rather surprising when compared to drag force correlations found in the literature that are based on velocity difference between phases. Nonetheless, the cross section averaged drag force results suggest that voidage is the main parameter affecting inter-phases momentum transfer. Additionally, it was confirmed that, besides the classical particle properties like density and size, sphericity is an important parameter on gas-solid hydrodynamics. The lower is the sphericity, the higher the drag force will be. The cross section averaged drag force correlation developed mostly on the acceleration zone of the riser was applied in the 1D model to simulate the entire riser. Because the particles continue to accelerate in the simulation, this expression may not be fully adequate over the upper part of the riser.

Chapter VI -CFD RISER MODEL

The final part of this work consisted on estimating the relevance of Computanial Fluid Dynamics (CFD) to model the riser. The use of a 3D powerful tool can give access to local information in the riser. This information can be crucial to understand the phenomena inside the riser [START_REF] Wang | The Simulation and Experimental Validation on Gas-Solid Two Phase Flow in the Riser of a Dense Fluidized Bed[END_REF]. Nevertheless, the use of such codes must be made carefully since the physics describing gas-particle and particleparticle interaction remains approximate. Simulations validation with available experimental information is still crucial before considering using CFD to compute gas-solid flow. A critical evaluation of CFD simulation results is made in this chapter. First, the commercial code (Barracuda ® ) is studied. Then, a description of the geometry and the initial conditions is made. Finally, simulation results are interpreted and compared to experimental conditions.

VI.1 Barracuda ®

Barracuda ® is a Eulerian-Lagrangian model that solves the fluid and particle equations in three dimensions using the averaged Navier-Stokes equations. The gas is described as a continuous phase in the Eulerian description. The Lagrangian description of the solids considers it as a disperse phase where the equations for each particle will be solved [START_REF] Gupta | Modeling of Fluid Catalytic Cracking Riser Reactor: A Review[END_REF]. The energy of the two phase mixture is conserved by exchange terms in the gas phase mass, momentum and energy equations [129]. Barracuda uses a multiphase particle-in-cell approach to decrease calculation time [101;102]. This approach consists in representing a large number of real particles by a smaller number of computational particles. It is in this computational particles that the mass and momentum conservation laws are calculated. However Barracuda does not capture particle collisions. Particle-to-particle collisions are modeled by the particle normal stress model developed by Harris and Crighton [102].

VI.1.i The equations

The volume averaged mass and momentum equations, that describe the continuous fluid phase are shown below [102].

Eq.69

Eq.70

The rate of momentum transfer per unit volume between the fluid and the particle phases (F) is defined as:

Eq.71

The Lagrangian method is used to model the particles. This method considers a control volume in which the velocity of the control volume surface equals the local fluid velocity. The numerical particles in Barracuda contain a number of real particles with identical properties located at a certain known position. Particle acceleration is defined on equation 72.

Eq.72

Solids movement is given by the displacement equation shown on equation 73.

Eq.73

Particle properties are mapped from the particles to the Eulerian grid to obtain grid-based properties such as the particle volume fraction at cell i.

Eq.74

And at cell i, the interphase momentum transfer is defined as:

Eq.75

The "number density" used in Barracuda can be described as the total number of real particles in the feed divided by the number of real particles per numerical particle and by the solid hold up.

In Barracuda, a series of drag force correlations can be used to determine the force acting on a particle by the fluid. The drag function chosen for the glass beads simulations conducted in this work is the Wen-Yu and Ergun correlations. Because the Wen-Yu correlation is more adapted for more dilute flows and the Ergun correlation is better for higher solids concentration flows, this is an appropriate choice for modeling the riser [131].

The equations used to determine drag force as a function of solids concentration are detailed below.

Eq.76

Eq.77

Eq.78

Where the Wen & Yu drag force coefficient is defined by, Eq.79

The range of use of each equation is relative to the close packing solid concentration. A transition (equation 77) was developed to prevent numerical problems on the transition phase. The drag functions were calculated with constant Reynolds number and the corresponding (u g -u s ). It can be seen that a smooth transition is assured between the two drag functions. It can be seen that both drag forces follow the same trend. High drag force is found on the bottom of the riser, where acceleration happens. However, the 1D model drag force is about 1 order of magnitude smaller than the Barracuda drag force in the upper riser. It must be noted that the 1D model drag force results from a cross section averaged analysis and the correlations used by Barracuda are used for each particle. This is probably the reason for such a difference between both drag forces. It was stated previously that the 1D model might over predict drag on the upper part of the riser as a result of the use of mostly acceleration results for its development.

To simulate sand particles, that present smaller sphericity than one, the non-spherical Haider-Levenspiel model in Barracuda was used. The drag force on a particle is calculated by the following expression.

Eq.81

The drag force coefficient takes into account particle sphericity ( ) as seen on equation 82.

Eq.82

In Barracuda, solids are defined as part of a "Particle Species". Each "Particle Specie" is defined by the material, particle density, particle size and particle sphericity. In this work no kinetics were studied inside the riser. Therefore, particle material is of no importance for simulation results. The "Particle Specie" size is defined by the real particle size distribution function for each solid studied. The small fluidization ring on the bottom of the real riser was not included in the numerical geometry. However, to simulate fluidization on the bottom, air injection points were created where the ring should be. A grid can be generated automatically from an initial set of major grid lines over the geometry input. Then, the initial grid was adjusted to the riser geometry. For Barracuda it is very important to create a grid as uniform as possible with very small differences between neighboring cells. From the adjusted grid, Barracuda generated the mesh over the riser geometry. The final mesh used in all simulations can be seen on Figure VI-5. In Barracuda two numbers of cells are displayed. The total number of cells includes all cells created in the grid, independently of the input geometry. The real number of cells are the ones created within the input geometry that will be part of the fluid domain. The mesh system shown above has generated 186760 real and null cells. The cells inside the riser are cubes with sides of 0.03 m.

VI.2 Geometry and initial conditions

To simplify the simulation case, it was chosen not to describe the reactor top exit. The goal was only to evaluate the capability of the code to simulate a riser with Group B particles. Because geometry is simple, no mesh related problems were encountered.

The "number density" controls the rate at which computational particles are fed through the boundary.

Simulations were run with an initial "number density" of 200, which was increased to 700 in some simulations in an attempt to improve the match between the inlet and the outlet solid flux. The total number of particles was about 9.1 x 10 9 and the number numerical particles, or clouds, of about 1.7 x 10 6 .

VI.2.ii Boundary and initial conditions

Boundary conditions allow for the definition and control of the entries and exits of the 3D mesh. The user chooses the location of the boundary conditions to define whether a discontinuity on the geometry wall is a flow inlet or outlet. There are also used to impose pressure, solid or gas flow rate. The riser geometry used in all simulations has three boundary conditions, as shown on Figure VI-6. The riser top, without exit geometry, is defined as flow outlet and pressure condition is imposed at the top of the riser. The top of the inlet air jet is defined as a gas entry where the gas flow rate is imposed. And the angled solids feed line is defined as solid and gas entry. The state of the riser, gas and solids at the start of the simulations (initial conditions) will determine how long the system will take until reaching steady state. In order to decrease simulation time, at the initial condition the riser bottom is full of particles close to minimum fluidization solid concentration (0. The inlet air jet is defined as full gas flow rate as initial condition.

Before starting Barracuda simulations, it is known in advance the information needed to compare to experimental results available. Therefore, a series of points are set along the riser to obtain local information about pressure, particle velocity and solids concentration, called transient data points. Ten points are set along the riser to determine the axial pressure profile of the riser. And ten points are set over the diameter of the riser at 12 m high to determine radial particle concentration and velocity. The information collected on the transient data points can be averaged over time and then be used to compare experimental and simulation results. The time step of simulations varied between 5x10 -4 and 1x10 -1 s, auto-adjusted by Barracuda.

VI.3 Simulation results and experimental comparison

VI.3.i Glass beads

Glass beads flow inside the riser were simulated with the Wen-Yu/Ergun drag force correlation for 200 seconds. The operating conditions were chosen to match an experimental case for glass beads. Barracuda is able to correctly predict the slope of the first meter of the riser and the different slope of the accelerated zone. The CFD code is able to simulate the acceleration zone at the bottom of the riser as the experimental pressure profiles showed. The evidence of the bottom region with higher solids concentration can also be seen on The radial particle velocity profile at 12 m shown above suggests the existence of a core-annulus regime with downward flow at the wall which was not observed with glass beads. The average gas velocity at this height is 9.4 m/s and the average voidage value of 0.998. The profile shape is expected one, but the central values of solid velocity are much higher than gas velocity (10 m/s). The calculated value of cross section averaged solid velocity (9.9 m/s) varied less than 0.1% between 2 and 17 m.

VI.4 Conclusion

The Barracuda CPFD commercial code has been used to simulate a riser with Group B particles at different operating conditions. In order to evaluate the adequacy of Barracuda to predict pressure drops along the riser with particles with different sphericities, glass beads and sand particle were simulated. Simulation results have been compared to experimental pressure drop profiles for both solids, shown on Chapter IV. Direct results from Barracuda have been adjusted to experimental pressure in the developed region of the riser. This was made because the input value pressure at the top of the riser can only be estimated.

Barracuda has been shown to predict quite well the pressure drop profiles of glass beads. The Wen & Yu/ Ergun drag force correlation for spherical particles is capable of simulating glass beads pressure profiles along the riser. However, the CFD code has not been able to accurately predict pressure profiles for sand particles. The use of the Haider and Levenspiel model for non-spherical particles seems to underestimate the pressure drop generated by particles with sphericity of 0.83. The local drag coefficient may need to be changed or particle-particle interactions may need to be adapted to better reflect the effect of particle shape.

The core annulus regime is predicted by Barracuda in both cases, with significant deformation of radial particle velocity and voidage profiles, especially in the case of sand. However, the downward solids flow at the wall seems under-predicted and the radial solid flux profiles are quite flat, especially for glass beads. This result could be the effect of several parameters, like the drag force correlations used but also from mesh impact or from the lack of the riser outlet in the simulation.

When compared to the 1D model results, Barracuda predicts a fully developed zone in the upper part of the riser. This is in accordance with experimental findings resulting from pressure drop measurements.

Additionally, a study on the impact of the density number on simulation results and the use of another drag force correlation for non-spherical particles can be envisioned as future work. It would also be interesting to simulate the complete riser with the blind-T exit, to analyze the effect of the geometry, especially on the reflux at the wall.

GENERAL CONCLUSION

The Chemical Looping Combustion is a promising technology within the Carbon Capture and Storage worldwide effort. At an industrial scale, the process should consist of a Circulating Fluidized Bed where Group B solids circulate between two reactors. However, several stages of optimization are still necessary for proper scale-up of the CLC process. For example, operating conditions, as gas velocity, need to be optimized so pressure drop is minimized but oxygen consumption is maximized through reaction with the oxygen carrier. Yet, there is a lack of reliable modeling and experimental information in the literature on CFBs working with large particles with densities exceeding 3000 kg/m 3 . It is in this context that were established the objectives of the present thesis.

The chosen approach to the problem is based on the combination of experimental and modeling methods. The experimental work consisted on, often complex, large scale hydrodynamic experiments. Experimental tests were conducted on a 18 m high riser with a 0.3 m diameter of a CFB. Three types of Group B particles were used in this work in order to investigate the effect of particle properties on riser flow at gas velocities of 8 and 10 m/s and solid fluxes between 20 and 90 kg/m²s. Sand, glass beads and BMP particles have sphericity between 0.83 and 1, mean Sauter diameter between 250 and 300 μm and density between 2600 and 3300 kg/m 3 . Three different methods were used to study the hydrodynamics inside the riser; pressure drop measurements, extraction probes and Pitot tube measurements. Axial pressure profiles of the riser allow the study of solid distribution along the riser and how it is impacted by operating conditions and particle properties. Extraction probe and Pitot tube allow the study of local flow structures for a better knowledge of the radial solids distribution. The experimental results have been used as a foundation for the development of an hydrodynamic 1D model of the riser that can be used for performance prediction and optimization. The procedure starts with the proposition of a new cross section averaged drag force correlation based on experimental pressure drop profiles. Then, the mass and momentum conservation laws are written for each phase allowing the prediction of pressure drop along the riser. The hydrodynamic 1D model is averaged over the cross section of the riser, not simulating radial flow variations that are essential to fully understand gas-particle flow. Therefore, an evaluation of the potential of a commercial CFD code to simulate gassolid flow in risers with Group B particles was envisioned.

The experimental results have shown the axial distribution of solids is divided into three zones. The acceleration zone, on the bottom, accounts for a great part of the pressure drop of the riser. The height of the acceleration zone depends on operating conditions and on particle properties, but more detailed information would have been needed for further conclusions. The developed flow zone is characterized by linear pressure drop and acceleration should be negligible. Depending on conditions, an inflection point can be seen on the axial pressure profile, indicating the beginning of the exit zone.

The blind-T geometry of the riser exit disturbs the solid flow, increasing pressure drop. For identical operating conditions, sand and glass beads axial pressure drop profiles show a difference of approximately 50%. Pressure drops for glass beads, with sphericity of 1, are consistently smaller than those of sand, with sphericity of 0.83. The results, for a wide range of operating conditions, suggest a substantial impact of particle sphericity on the flow inside the riser. Such impact could also be seen on radial solid flux profiles. The core-annulus regime was found to exist on the developed region of the riser, for all conditions. Particle sphericity seems to impact the structure of the coreannulus regime, suggesting that lower sphericity results in larger annulus region. The differences seen on the axial pressure profiles of sand and glass beads would be explained in part by the larger annulus region.

The impact of sphericity is strong and unexpected and cannot be predicted by the classic riser models. Therefore, in order to minimize energy consumption on the CLC process, particle sphericity has to be taken into account. Nevertheless, it must be noted that sphericity, as defined in this work, includes the effect of particle shape but also of particle roughness. This parameter reflects the averaged state of the particles that will impact fluidization.

Based on experimental results, a new drag force correlation was developed. This cross section averaged drag force correlation shows voidage is the main parameter affecting inter-phases momentum transfer. A new boundary condition correlation was also developed, showing that initial conditions depend on operating conditions and on particle nature. The impact on riser hydrodynamics of particle density, size and shape are accounted for by the 1D model developed in this work The hydrodynamic 1D model predicts reasonably well the important pressure profiles differences found experimentally between sand and glass beads. For sand and BMP, an over-prediction of acceleration on the upper part of the riser was found. Since the drag force correlation is mostly based on the acceleration zone of the riser, the differences found on the upper part of the riser might mean it is not adequate do simulate the entire riser. The cross section drag force correlation, developed with a focus on the acceleration zone, may need to be better adjusted for the developed region of the riser. Alternatively, another drag force expression could be developed to better describe the upper part of the riser where the flow seems accelerated.

CFD simulations were interpreted in order to evaluate the adequacy of the commercial code Barracuda ® to model a riser with Group B particles. Validation of the simulations is made by comparison to experimental results. Although the simulations with glass beads were very close to the experimentally obtained pressure profiles, the commercial code could not simulate sand particle pressure profiles. However, the averaged radial solid flux profile of glass beads does not show the expected core annulus regime. The work suggests that further investigation on drag force correlations for non-spherical particles must still be made.

The experimental data has been obtained and the bases have been implemented of a tool allowing the simulation of the hydrodynamic of the Air Reactor and its optimization. Even if some 1D model features still need to be improved, some keys particle properties, like sphericity and density, are already taken into account. CFD simulations through Barracuda ® seem promising with glass beads (ideal spherical particles). Therefore, CFD could be an important tool to study riser size and geometry effects in this case.

Gas-solid flow in the riser is a complex issue. Careful and reliable experimentation remains long and difficult, particle properties to account for still present challenges and mathematical modeling remains approximate. This work has contributed to improve flow description, show the impact of particle properties that should be taken into account and has developed and evaluated relevant models. Hopefully in the future, this work can be relied upon to as a base to optimize these systems, which will help the development and scale up of new technologies and minimize risk and cost. The fit of the Ergun equation used to determine particle sphericity is presented for each solid on the following figures. The final particle size distribution for san, glass beads and BMP are presented on the following tables. 
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 1 Figure I-1 -Chemical looping concept.
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 2 Figure I-2 -Powder classification according to the Geldart classification.
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 3 Figure I-3 -Pressure drop curve during fluidization.
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 4 Figure I-4 -Schematic representation of the different possible fluidization regime.

Figure I- 5 -

 5 Figure I-5 -General diagram of a circulating fluidized bed with identification of components [15].The main applications of circulating fluidized beds are fluid catalytic cracking (FCC) and circulating fluidized bed combustion (CFB Boilers). A distinction of two types of operating systems within the circulating fluidized beds must be made. In a CFB like the one shown on Figure I-5, the solid circulation rate depends only of the solids inventory in the system and the gas velocity in the riser. However, there are circulating systems where the gas and the solids flow rate can be controlled independently, when the recycle loop is more complex or when there are several fluidized beds interconnected together. This is the case of the FCC process, where the use of slide valves and interconnected beds facilitate the control of solids flow rate. The upward transport of solids takes place in a tall main reactor called riser for FCC applications. The solid particles are then separated from the gas flux in an usually external separator (often a cyclone) and are received in a fluidized bed or a standpipe or a moving bed before being recycled to the riser. The downflow of solids is usually made through a downcomer or a standpipe. In the systems where solids flow rate is controlled independently, it is achieved by the use of slide valves, L valves, loop seals, stripers or orifice valves. This design allows for the particles to be kept in a recirculation loop while the fluid passes through only once. High gas throughputs, limited backmixing of gas and the flexibility in handling different types of particles are some of the advantages of the circulating fluidized bed (CFB). However, the CFB presents some disadvantages like the need for very tall reactors, the backmixing of solids and the existence of axial and radial gradients of concentrations. When compared to low-velocity fluidization, the circulating fluidized beds have a lower suspension-to-wall heat transfer coefficients, and the added difficulty in designing and operating a recirculating loop. There is some confusion in the literature about the necessary parameters to definitely define the riser flow of a circulating fluidized bed. Some authors imply that the flow cannot be adequately described by the gas velocity and solids flux alone. Several papers have found that the solids inventory in the system, the status of the downcomer and the solids flow control valve influence the axial voidage profiles of the riser. This confusion is partially due to the existence of circulating systems where the solids flow rate is dependent of the gas flow rate and others where it is not. However this subject is
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 6 Figure I-6 -Example of a fluidized circulating bed with pressure balance graph.
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 8 Figure I-8 -Representation of gas and solids velocities inside the standpipe when P<0. Case C (Figure I-8) illustrates pressure drop inside the standpipe, where the slip velocity is downwards relative to the pipe wall.The solids inside the standpipe may or may not be completely fluidized. For Group B particles, fluidization inside the standpipe has to be avoided to avoid the presence of large bubbles. However, in the most common industrial case of the FCC particles, particles of the Group A of the Geldart classification, the standpipes are fluidized. In this specific case, high solid flux and therefore high solid velocities together with high pressure recoveries are requested. At the bottom of the standpipe the pressure is higher than at the top. When analyzing fluidized standpipe flow, interstitial gas and bubbles cannot be overlooked, especially with Group A particles. Usually in this case, interstitial gas flows downward relative to the wall but bubble flow direction will depend on solid mass flux[START_REF] Gauthier | Controlling gas flow in standpipe systems[END_REF]. In a non-fluidized standpipe the solids flow can be considered as a moving bed descending a pipe. This is the case of standpipes with Group B particles. The frictional pressure drop can be calculated by the modified Ergun equation (seeequation 7), where the slip velocity (v sl ) is the difference between the gas and the solids velocity[START_REF] Leung | Flow of gas solid mixtures in standpipes. A review[END_REF].
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 9 Figure I-9 -Schematic lateral view of the L-valve.
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 10 Figure I-10 -Schematic cross section of the riser on core-annulus regime.

  Figure I-11 shows a representative experimental profile of the solids flow with a typical core-annulus structure. The solid flow is shown to be symmetrical around the central axis of the riser and to have descending solid flow near the riser wall. Symmetry is dependent on the solid feed.
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 1112 Figure I-11 -Example of a radial solids flow profile on the core-annulus regime [15].
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 13 Figure I-13 -Temperature and pressure effects on terminal fall velocity[15].
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 14 Figure I-14 -Dimensionless pressure profile for coated (empty squares) and uncoated (black squares) glass beads from the work of Chang et al.[65].

Stermerding ( 1962

 1962 ),[START_REF] Konno | Pneumatic conveying of solids through straight pipes[END_REF],Capes and Nakamura (1973) and Yousfi and Gau (1974) defined the friction term due to the particles[START_REF] Garic-Grulovic | Fluidodynamics characteristics of a vertical gas-solid and liquid-solid flow[END_REF] as: Eq.18Where v is the particle velocity and D t is the diameter of the transport tube. There are numerous correlations in the literature to determine the solid friction factor, based on different sets of experimental data or on slightly different definitions of the friction term. Below are a few examples of correlations of the friction factor to account for the friction between particles. Where the Konno and Saito correlations is generally accepted.

  Figure I-15 the arrangement of the possible different zones in a core-annulus model is presented.

Figure I- 15

 15 Figure I-15 -A schematic view of a riser reactor divided into possible model zones.
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 1 Figure II-1 -Schematic representation of the cold flow mock-up used in this work.

  Figure II-2. Four pressure sensors (PDT17, PDT18, PDT19 and PDT20 on Figure II-2) continuously monitor riser pressure drop. Total pressure drop of the riser, given by PDT20, is used to estimate the circulating solid flux (detailed below in section II.4.i). Two other pressure sensors (PDT16 and 40 on Figure II-2) can be connected one by one to fourteen extra pressure taps along the riser, especially concentrated on the riser bottom half.

Figure II- 2 -

 2 Figure II-2 -Schematic view of the riser and its pressure taps (left) and probe ports (right).The lowest pressure tap on the riser is located 0.15 m above the top of the inlet air jet. Therefore, as seen on Figure II-2, the first pressure drop measured on the riser is over 0.5 m at 0.65 m from the air jet. This means there is a limited amount of information on the bottom of the riser, which is the zone of higher solids concentration. Pressure acquisition was made at 1Hz for a minimum period of 7 minutes by Keller pressure sensors. Pressure sensor PDT20 on Figure II-2 presented a precision of ± 301 Pa for a range of 500 to 99600 Pa.

  Figure II-3, delimited by two dotted lines.
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 3 Figure II-3 -Example of recorded pressure drops for solid flux determination with selected time interval.
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 4 Figure II-4 -Experimental solid flux data and matching linear correlation for glass beads at a gas velocity of 10 m/s.

Figure II- 5 -

 5 Figure II-5 -Extraction probe design.
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 6 Figure II-6 -A schematic view of the extraction system collecting particles from the riser (on the right).
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 7 Figure II-7 -The four extraction probes used in this work.
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 8 Figure II-8 -Pitot tube design and aeration control systems.
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 9 Figure II-9 -Evolution of Pitot pressure drop with aeration velocity for sand and two gas velocities inside the riser.

  8 m/s and 10 m/s, and solid flux of 30 kg/m²s and 40 kg/m²s, respectively) and for all radial positions. Similar tests were conducted with glass beads, to study the impact of aeration velocity on Pitot pressure drop. The results for three different experimental conditions are shown on Figure II-10. Results are shown for three gas velocities (6, 8, 10 m/s) and three solid fluxes (51, 58, 80 kg/m²s, respectively).
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 10 Figure II-10 -Evolution of Pitot pressure drop with aeration velocity for glass beads and three gas velocities inside the riser.
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 12 Figure III-1 --Particle size distribution for 3 random samples of sand and the average PSD.Sand particles present a Log Normal size distribution, with a mean value of 338 μm and a standard deviation of 122 μm, that is consistent with its natural origin. Nevertheless, sand samples do not show the presence of fine particles which is ideal for the hydrodynamic tests. The presence of fines can disturb fluidization and lead to wrong conclusions about the behavior of Group B particles The Sauter diameter of the initial cold flow mock-up inventory was 300 μm. The average PSD can be found on Appendix B.

Figure III- 3 -

 3 Figure III-3 -Particle size distribution for 3 random samples of BMP and the average PSD.
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 4 Figure III-4 -Layout of the small fluidization column used to determine minimum fluidization velocity of all solids.
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 5 Figure III-5 -Bed pressure drop of sand for minimum fluidization velocity determination.

Figure III- 6 Figure III- 6 -

 66 Figure III-6 shows the complete fluidization curve of glass beads. The experimental results were as expected for Group B particles fluidization.

Figure III- 7 -

 7 Figure III-7 -Bed pressure drop of BMP for minimum fluidization velocity determination.The minimum fluidization velocity of BMP was determined by the decreasing gas velocity pressure drop graph and is 4 cm/s. The Wen & Yu correlation presented earlier was used to calculate the minimum fluidization velocity of BMP. The result is 8.3 cm/s. The minimum fluidization velocity given by the Wen & Yu correlation is about two times bigger than the experimentally obtained value. This difference is very large. This could be explained by the presence of particle fines or by an impact of particle density not accounted for by the Wen & Yu correlation. BMP presents a smaller minimum fluidization velocity than sand or glass beads even if it is a denser material. The most likely explanation is the presence of solid fines in the BMP sample used for the determination of the minimum fluidization velocity. Fines would lower the mean diameter of BMP and help fluidization, leading to smaller minimum fluidization velocity.

Figure III- 8

 8 through Figure III-10 show images of sand, glass beads and BMP, respectively.
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 8 Figure III-8 -Microscopic image of sand particles.
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 9 Figure III-9 -Microscopic images of glass beads.
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 10 Figure III-10 -Microscopic images of BMP particles.

  Figure III-11 shows the evolution of the Sauter diameter of sand particles over time.

Figure III- 11 -

 11 Figure III-11 -Sand particle size evolution during tests.It can be seen that the Sauter diameter of the sand inventory changed over time. During the first weeks, the Sauter diameter became smaller with solid circulation time and the PSD graphs showed an increasing volume of smaller particles. Sand particles were attrited during circulation inside the CFB cold flow mock up and, since the filter recovery was recycled back in the CFB, the PSD decreased to 150 microns. In order to have a more constant solid inventory and to have a better control of particle size distribution, the operation strategy was modified and fines recycling was stopped after around 5 weeks. Elutriation was also promoted by opening a direct connection between the fluidized bed and the particle filter as passage for elutriated particles. As expected, the size of the solids inventory started to stabilize, as seen on Figure III-11. Solid elutriation impact on the solids height inside the fluidized bed was not significant for the duration of a single test. Nonetheless, over time, elutriation caused a decrease of solids inventory and fresh sand was added over time to the system to assure a constant height inside the fluidized bed (represented by dotted lines on figure Figure III-11). To verify the impact of the evolution of the PSD on the experimental results, riser total pressure drops were compared for identical operating conditions but different periods of time, i.e. different Sauter diameters.
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 12 Figure III-12 -Solid fluxes obtained for different periods of mean particle diameter.

Figure III- 13 -

 13 Figure III-13 -Glass beads particle size evolution during tests.

  Pressure profiles of sand flow inside the riser were conducted at gas velocities of 8 and 10 m/s and solid mass fluxes in the range of 22 to 65 kg/ m²s. To accurately study the hydrodynamics of the riser, three different solid fluxes for two gas velocities are presented in this chapter. Other profiles, at different experimental conditions, are detailed in Appendix C. The measured profile of pressure drop along the riser can be found on Figure IV-1 for a gas velocity of 10 m/s and for solid mass flux in the range of 30-60 kg/ m²s. Zero height in the graph is equivalent to the reference pressure tap, 15 cm from the gas outlet. The experimental results all present similar trends, presenting the expected profile shown on literature [68].
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 1 Figure IV-1 -Axial pressure profiles of sand at a gas velocity of 10 m/s.
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 2 Figure IV-2 -Axial pressure profiles of sand at a gas velocity of 8 m/s.
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 3 Figure IV-3 -Axial pressure profiles of sand for a solid flux of 60 kg/m²s.
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 4 Figure IV-4 -Axial pressure profiles of glass beads at a gas velocity of 10 m/s.
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 5 Figure IV-5 -Axial pressure profiles of glass beads at a gas velocity of 8 m/s.
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 6 Figure IV-6 -Axial pressure profiles of BMP at a gas velocity of 10 m/s.
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 7 Figure IV-7 -Axial pressure profiles of BMP at a gas velocity of 8 m/s.

Figure IV- 8

 8 compares the axial pressure profiles for sand and glass beads at two identical experimental conditions.
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 8 Figure IV-8 -Axial pressure profiles for sand and glass beads at two experimental conditions.
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 9 Figure IV-9 -Normalized axial pressure gradient profiles for the three solids, gas velocity of 10 m/s and solid flux of 60 kg/m²s.

Figure IV- 10 -

 10 Figure IV-10 -Normalized axial pressure gradient profiles for the three solids, gas velocity of 8 m/s and solid flux of 55 kg/m²s.

Figure IV- 11 -

 11 Figure IV-11 -Pressure profile of glass beads at gas velocity 10 m/s and solid flux of 80 kg/m²s divided into acceleration and fully developed zones. Each pressure drop profile is fitted by two mathematical functions, an exponential one for the acceleration zone and a linear one for the fully developed zone. A tangential continuity is imposed between the two functions. The intersection of these two functions, for each operating condition, gives the acceleration height. An example of this procedure if shown on Figure IV-11, where the dotted line defines the acceleration height. Further details on the analysis method of the axial pressure profiles are presented on Chapter V. Sabbaghan et al. [117] studied the acceleration zone in the riser through the development of a model based on experimental results. Model validation was made by comparison to results with FCC and sand particles where the variation of the acceleration height with conditions is clear. The evolution of pressure drop in the different zones was also studied by Gungor et al. [41]. The experimental results used to validate the model cover a great deal of experimental conditions and show how acceleration heights change.

Figure IV- 12 -

 12 Figure IV-12 -Acceleration heights at gas velocity of 10 m/s for sand, glass beads and BMP.

Figure IV- 12

 12 Figure IV-12 shows acceleration heights for sand, glass beads and BMP for a range of solid fluxes at gas velocity of 10 m/s. It can be seen that acceleration height increases with increasing solid mass flux. Increasing solid mass flux at equal density will increase the number of particles inside the riser. At similar gas velocity, the presence of more particles will hamper their acceleration resulting in higher acceleration heights. It takes two to six meters to fully develop the solid flow for glass beads for solid fluxes between 60 and 90 kg/m²s.Weinstein [118] reports acceleration studies but direct comparison with this work is difficult, due to different riser geometry, experimental conditions and type of particles used (FCC catalyst). Results for Group B particles presented on Gungor et al. show how acceleration height triples when solid flux goes from 51 to 240 kg/m²s at gas velocity of 8.5 m/s[START_REF] Gungor | Predicting axial pressure profile of a CFB[END_REF]. On Figure IV-12 is shown that, for a given solid mass flux, larger acceleration heights are observed for sand than for glass beads. At 60 kg/m²s, acceleration height more than doubles for sand particles. This different behavior of sand and glass beads should be explained mainly by the difference in particle shape, as discussed before. The particles that have smaller sphericity will be more difficult to accelerate and therefore, will create longer acceleration zones. BMP shows acceleration heights closer to the heights of glass beads, despite BMP sphericity being similar to sand. However, BMP density is larger, which means that for a given mass flux, the number of particles flowing is significantly reduced. Therefore, the experimental results showing similar acceleration patterns for glass beads and BMP suggest that acceleration depends not only on sphericity but on the number of particles. All this being probably related to particle-particle interactions in the dense riser bottom section. Sphericity should impact particle interactions, which will impact drag force and the way particles are accelerated in the riser. This impact will be seen in the higher height needed for acceleration of particles with smaller sphericity at similar conditions. The results also suggest that acceleration depends on the number of particles flowing for a given solid mass flux, i.e., on particle density.
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 13 Figure IV-13 -Comparison between experimental and apparent solids concentration at gas velocity of 10 m/s.

Figure IV- 14 -

 14 Figure IV-14 -Comparison between experimental and apparent solids concentration at gas velocity of 8 m/s.

  The conclusion was made in a 6 m tall riser with coal particles. Their results are in accordance with the results of this work on the fully developed region of the riser. Equation 41 can be used to determine solids concentration at different conditions. Solid concentration and its evolution with solid flux for a given solid at a given gas velocity are shown on Figure IV-15 and Figure IV-16.

Figure IV- 15 -

 15 Figure IV-15 -Solid concentration for a range of solid fluxes for the three solids tested at gas velocity of 10 m/s.

Figure IV- 16 -

 16 Figure IV-16 -Solid concentration for a range of solid fluxes for the three solids tested at gas velocity of 8 m/s.The figures shown above reflect how dilute the flow is at the fully developed region of the riser. It can also be seen that glass beads will systematically have lower solids concentration at identical solid flux condition. BMP and sand concentrations are very similar. For all kinds of particles, the concentration in the fully developed section tends to increase when solid mass flux increases. By solving equation 41, solids concentration is determined but it is also possible to compute actual gas and solid velocities in the developed region. Therefore, the calculation of the slip factor (SF) in the fully developed region of the riser is possible. The slip factor is defined as the ratio of the actual gas velocity to particle velocity inside the riser (see equation 42).

Figure IV- 17 -

 17 Figure IV-17 -Experimentally determined slip factors for all three solid and gas velocity of 8 m/s.

Figure IV- 18 -

 18 Figure IV-18 -Experimentally determined slip factors for all three solid and gas velocity of 10 m/s.

  Figure IV-17 and Figure IV-18 show how much smaller SF values for glass beads, corroborating the previous conclusions.

  Solid flux radial profiles were obtained for two operating conditions with sand at 8m/s and 10 m/s with respective solid mass fluxes of 25 and 60 kg/m²s. In Figure IV-19, both measured solids upflow and downflow are shown in the case of 10m/s and 60 kg/m²s solid flux. The zero radial position corresponds to the riser center.

Figure IV- 19 -

 19 Figure IV-19 -Up and downflow radial solid flux profiles for sand, gas velocity of 10 m/s (wall at 0.15 m).

Figure IV- 22 -

 22 Figure IV-22 -Dimensionless net solid flux profiles for sand, gas velocity of 8 m/s and solid flux of 25 kg/m²s and gas velocity of 10 m/s and solid flux of 60 kg/m²s (wall at 0.15 m).

  Extraction probe results made with glass beads at two different experimental conditions, at 8 and 10 m/s with respective solid mass fluxes of 57 and 60 kg/m²s,can be seen on Figure IV-23 and Figure IV-24.

Figure IV- 23 -

 23 Figure IV-23 -Net radial solid flux profile for glass beads, gas velocity of 10 m/s (wall at 0.15 m).

Figure IV- 24 -

 24 Figure IV-24 -Net radial solid flux profile for glass beads, gas velocity of 8 m/s (wall at 0.15 m). The dimensionless radial solid flux profile for both glass beads conditions are shown on Figure IV-25. When gas velocity decreases, the solid concentration in the riser top section decreases, as shown before. The radial mass flux profile is more pronounced with more reflux of solids at the wall.
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 25 Figure IV-25 -Dimensionless net solid flux profiles for glass beads, gas velocity of 8 m/s and solid flux of 57 kg/m²s and gas velocity of 10 m/s and solid flux of 60 kg/m²s (wall at 0.15 m).

Figure IV- 26 -

 26 Figure IV-26 -Solid flux values determined by pressure drop calibration and by extraction probe for sand at 10 m/s. The solid flux values obtained by integrating the radial solid flux profiles are very close to the values obtained by the calibration method explained on Chapter II. Figure IV-27 shows the same comparison for glass beads at a gas velocity of 10 m/s.

Figure IV- 27 -

 27 Figure IV-27 -Solid flux values determined by pressure drop calibration and by extraction probe for glass beads at 10 m/s.

  [START_REF] Berruti | Modelling the internal flow structure of circulating fluidized beds[END_REF] and glass beads have a sphericity of 1, it is the largest difference between the two solids. Sand and glass beads results are compared on Figure IV-28 for one set of operating conditions.

Figure IV- 28 -

 28 Figure IV-28 -Dimensionless net radial solid flux profiles for glass beads and sand at 10 m/s and 60 kg/m²s (wall at 0.15 m).

  Figure IV-28 suggests that the annulus portion of the glass beads profile may be smaller than the annulus presented by sand. The core region of sand has an approximate diameter of 0.125 m and the core region of glass beads has an approximate diameter of 0.135 m. To try to link the radial solid flux profile results to the axial pressure drop conclusions presented earlier, a theoretical approach to the core-annulus regime was made. The gas velocity profile in the developed region should have a parabola shape as shown on Figure IV-29. It has been seen that solids in the core-annulus region fall downwards. It is admitted that particles will fall close to the riser wall when gas velocity is smaller than the particles minimum fluidization velocity. It is assumed that the annulus conditions are the ones at minimum fluidization velocity, like stated on the Berruti-Kalogerakis model (1989). Therefore, there is a point on the riser radius where gas velocity will equal the solids minimum fluidization velocity. The equilibrium point of the velocities, shown on Figure IV-29, will separate the core region of the riser from the annulus region.

Figure IV- 29 -

 29 Figure IV-29 -Schematic view of developed region of the riser with the radial gas velocity profile and equilibrium point between solids minimum fluidization velocity and gas velocity.

Figure IV- 30 -

 30 Figure IV-30 -Radial profile of Pitot tube pressure drop for three operating conditions of sand particles.

Figure IV- 31 -

 31 Figure IV-31 -Radial profile of Pitot tube pressure drop for three operating conditions of glass beads.

Figure IV- 31

 31 Figure IV-31 show the radial profiles of three experimental conditions of glass beads. The same overall trend found for sand is found for glass beads. As for sand, the profiles are rather symmetrical. Particles move upwards at the center of the riser in accordance to the radial solid flux profiles. It can be seen that the higher the gas velocity and the higher the solid flux, the higher the Pitot tube pressure drop will be. This can be explained by the fact that higher particle number and higher particle velocity will lead to higher energy and Pitot tube pressure drop (solids concentration contribution).

Figure V- 1 -

 1 Figure V-1 -Division of the pressure profile into acceleration and fully developed zone (left) and fit by two equations (right).

  Figure V-2 shows a schematic view of the riser divided for the first step of the 1D model development.

Figure V- 2 -

 2 Figure V-2 -Riser division into acceleration and fully developed zone with respective layers.

Figure V- 3 -

 3 Figure V-3 -Voidage profile calculated through the mass and momentum conservation laws from the pressure profile of sand at gas velocity of 10 m/s.

Figure V- 4

 4 and Figure V-5 present some examples of the cross section averaged drag force profile computed at different conditions for sand and BMP, respectively.

Figure V- 4 -

 4 Figure V-4 -Axial drag force profiles for sand at different experimental conditions.

Figure V- 5 -

 5 Figure V-5 -Axial drag force profiles for BMP at different experimental conditions.

  Figure V-6 through Figure V-8.

Figure V- 6 -

 6 Figure V-6 -Cross section averaged drag force as a function of gas velocity for sand at different conditions.

Figure V- 7 -

 7 Figure V-7 -Cross section averaged drag force as a function of solid velocity for sand at different conditions.

Figure V- 8 -

 8 Figure V-8 -Cross section averaged drag force as a function of gas minus solid velocity for sand at different conditions.
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 9 Figure V-9 -Cross section average drag force as a function of voidage for sand at different conditions.

Figure V- 9

 9 Figure V-9 shows all the drag force results obtained in this work for sand as a function of voidage. It can be seen that all results follow the same trend, leading to a simple correlation. The same conclusion was found for all three solids studied. Therefore, drag force was correlated to voidage alone. Surprisingly, a very good fit was obtained. The drag force correlation for sand can be seen on Figure V-10 with three different conditions as example.
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 10 Figure V-10 -Drag force correlation for sand and three different drag force results for different experimental conditions.

Figure V- 11

 11 Figure V-11 and Figure V-12 show cross section averaged drag force results as a function of (1-)/ at different experimental conditions for glass beads and BMP, respectively. Again, very good fits are obtained between the correlation and different experimental conditions.

Figure V- 11 -

 11 Figure V-11 -Drag force correlation for glass beads and three different drag force results for different experimental conditions.

Figure V- 12 -

 12 Figure V-12 -Drag force correlation for BMP and three different drag force results for different experimental conditions.

Figure V- 13 -

 13 Figure V-13 -Comparison between the three drag force correlations.

Figure V- 15 -

 15 Figure V-15 -Structure of the 1D model with the inner and outer conversion loops for one layer of the riser.

Figure V- 16

 16 shows the bottom of the riser used to obtain the experimental results of this work. There are 50 cm between the first two pressure taps at the bottom of the riser. Unfortunately, there is a 15 cm segment above the jet for which there is no information.

Figure V- 16 -

 16 Figure V-16 -Drawing of the bottom of the riser, including existing pressure taps and its distances from the inlet air jet.Therefore, there are not enough experimental data on the bottom 0.65 m to be able to correctly determine an accurate initial voidage at the jet discharge level. The pressure gradient is too large and there is too little experimental information to allow the correct optimization of the model in this region.

Figure V- 17 -

 17 Figure V-17 -Riser division into layers and regions for the 1D hydrodynamic model.In the final 1D model of the riser, the initial region comprises the 0.65 m high section between the top of the air inlet jet and the second pressure tap, as illustrated on Figure V-17. The available experimental information consists on the pressure drop ( P (A)) over 50 cm. Pressure drop on the first 50 cm is very high, the highest of the riser for any given condition. The high pressure drop indicates that this region is characterized by high solids concentration. For this reason, it is assumed that pressure drop in the initial region is chiefly generated by the weight of the solids. This hypothesis allows the initial region to be simply described as equation 62.

  Figure V-18, sand calculated voidage is plotted against the results from equation 63 for a wide range of solid fluxes (from 22 to 65 kg/m²s) and two gas velocities (8 and 10 m/s). It should be noted that solids concentration (1-) above 0.6 (corresponding to minimum fluidization voidage) cannot be physically reached.

Figure V- 18 -

 18 Figure V-18 -Solid concentration values for the initial phase of sand flows and the proposed correlation.

Figure V- 19 -

 19 Figure V-19 -Solid concentration values for the initial phase of BMP flows and the proposed correlation.

Figure V- 19

 19 Figure V-19 shows the data for BMP. It can be seen that sand presents higher solids concentrations than BMP at identical flow ratios. This can be explained by the difference in density between the two solids. BMP is much denser than sand therefore, there are less particles in the same volume with BMP. Since it is impossible to reach voidages higher than those observed at minimum fluidization condition in the range of 0.6, it can be anticipated that the accessible range of transportation for BMP and sand are probably limited to volumetric ratios of 0.3% for sand and 0.45% for BMP. This should be investigated with experiments in a wider range of operating conditions.

Figure V- 20

 20 Figure V-20 below. A new equation was therefore proposed (Equation64) for glass beads. The constant values shown on equation 64 are defined on Table7.

Figure V- 20 -Table 7 -

 207 Figure V-20 -Solid concentration values for the initial phase of glass beads flows and the proposed correlation.

Figure V- 21 -

 21 Figure V-21 -Correlations for solid concentration in the initial region for the three solids.

  Figure V-22 shows the comparison between the A values resulting from the optimization with 1D model results (abscissa) and the A value resulting from correlation 65 (ordinate).

Figure V- 22 -

 22 Figure V-22 -Comparison between the averaged A values from the 1D model and the correlation of A (equation 65).

  A base case of sand particles at gas velocity of 10 m/s, solid flux of 60 kg/m²s was chosen. The base simulation was made with A coefficient equal to 6480. Two new cases were simulated by changing the value of A alone. The new values were calculated according to equation 65. Figure V-23 shows the simulations results for gas velocity of 6 and 15 m/s and the base simulation.

Figure V- 23 -

 23 Figure V-23 -Sensitivity analysis of the drag force coefficient A to gas velocity.

V. 5

 5 .i Sand Simulations on the 1D model, comprising initial and acceleration & developed region, were made for the operating conditions tested experimentally. The analysis of the results is made for three solid flux conditions for each gas velocity, 8 m/s and 10 m/s (see Figure V-24 and Figure V-25). Figure V-24 shows the pressure evolution with the height of the riser for the experimental results (dots) and the 1D model (line) at several conditions. In the case of 22 kg/m²s and 8 m/s, the 1D model is capable of predicting the pressure drop between 0 m and 11 m with 8% accuracy.

Figure V- 24 -

 24 Figure V-24 -Experimental and modeling comparison for sand at gas velocity of 8 m/s.The model prediction is better for the lower mass flux and worsens when solid mass flux increases. The general experimental trend is good, but the acceleration & developed region prediction seems more diluted when solid mass flux increases than observed experimentally. The 1D model results for gas velocity of 8 m/s and solid flux of 43 kg/m²s show a deviation of the trends. The slope of the 1D model is smaller than the slope of the experimental profile. This means the 1D model predicts a stronger acceleration than the one seen on the experimental profiles. The same can be seen on for 57 kg/m²s but with greater impact. By analyzing the first three experimental points of each profile (at the riser bottom), the slope resulting from the dense part of the 1D model could be extended past the first 0.65 m. The model results compared to the experimental profiles seem to indicate the height of the initial region on the bottom of the riser changes with operating conditions. These results suggest that the higher the solids flux, the higher the initial region will be. This can be explained by the presence of more particles, that make acceleration by the gas more difficult. Therefore, the hypothesis made about the fixed height of the initial region (0.65 m) may be too rough to accurately predict the riser. An inflection point on the experimental pressure profile can be seen for solid fluxes of 43 and 57 kg/m²s at around 13 m. This disturbance of the experimental results close to the riser top exit is a sign of the impact of the blind-T exit in these cases. The 1D model does not account for the exit effect.

  90 kg/m²s. By visual analysis of the experimental profile a new height for the initial region was established at 1.1 m instead of 0.65 m (vertical grey line on Figure V-27). The new value of voidage (0.26) was determined from equation 64 using the experimental pressure drop data at 1.1 m. The simulation was made for the developed region and the results are shown on Figure V-27.

Figure V- 27 -

 27 Figure V-27 -Experimental data, original 1D model and 1D model with new initial height for glass beads at 90 kg/m²s and gas velocity of 8 m/s. With the new height for the initial region and the corresponding new voidage the simulated profile (1D model II on Figure V-27) and the experimental profile are much closer than the original model (1D model on Figure V-27). It can be concluded that the 1D model can be improved by adjusting the initial region height to operating conditions. The following figure shows the comparison of experimental and model results for three solid fluxes at gas velocity of 10 m/s. The results show the model can predict the pressure drop profiles for a range of experimental conditions.

Figure V- 28 -

 28 Figure V-28 -Experimental and modeling comparison for glass beads at gas velocity of 10 m/s.

Figure V- 29 -

 29 Figure V-29 -Experimental data and 1D model results for sand and glass beads at 60 kg/m²s and gas velocity of 10 m/s.

Figure V- 30

 30 and Figure V-31 present the axial profiles of solid concentration and solid velocity for sand and glass beads at similar conditions resulting from the 1D model simulations. The profiles evolve as expected, solid concentration decreasing and particle velocity increasing along the riser.

Figure V- 30 -

 30 Figure V-30 -Axial profile of solid concentration for sand and glass beads at 60 kg/m²s and gas velocity of 10 m/s.

Figure V- 31 -

 31 Figure V-31 -Axial profile of solid velocity for sand and glass beads at 60 kg/m²s and gas velocity of 10 m/s.

  Figure V-32 shows the comparison between experimental and model results for 62 and 72 kg/m²s at gas velocity of 8 m/s.

Figure V- 32 -

 32 Figure V-32 -Experimental and modeling comparison for BMP at gas velocity of 8 m/s.It can be seen that the model can reasonably predict the pressure drop profiles of BMP up to 11 m. From these conditions a small impact of the hypothesis of 0.65 m of dense region is seen. This means the 1D model seems to over-predict acceleration on the developed region. At a higher velocity of 10 m/s (see Figure V-33) a very good agreement is found between the model and the experimental results. The fact that the 1D model can reasonably well predict the results of all three Group B solids indicates that the drag force correlation developed in this work is a promising equation.

Figure V- 33 -

 33 Figure V-33 -Experimental and modeling comparison for glass beads solid flux of 62 kg/m²s and gas velocity of 10 m/s.

Figure V- 34 -

 34 Figure V-34 -Sensitivity analysis of the 1D model to solid flux (base at 60 kg/m²s).

Figure V- 35 -

 35 Figure V-35 -Sensitivity analysis of the 1D model to gas velocity (base at 10 m/s).

Figure V- 36 -

 36 Figure V-36 -Sensitivity analysis of the 1D model to riser diameter (base has D = 0.3 m).

  Through the results of the 1D model, slip factors were calculated for sand, glass beads and BMP at different experimental conditions. Since the model predicts the flow continues to develop even at 15 m (see Figure V-31), the slip factor estimated from the 1D model was the one computed at 15 m. Experimental slip factor values presented on section IV.1 and slip factors from the 1D model are plotted on Figure V-37 and Figure V-38 for gas velocities of 8 m/s and 10 m/s, respectively.Eq.66

Figure V- 37 -

 37 Figure V-37 -Comparison of slip factors and the Patience and Berruti correlation (P&B) for gas velocity of 8 m/s at 15 m.

Figure V- 38 -

 38 Figure V-38 -Comparison of slip factors and the Patience and Berruti correlation (P&B) for gas velocity of 10 m/s at 15 m.

Figure V- 39 -

 39 Figure V-39 -Comparison between experimental and 1D model slip factors at 7 m.

  The following equation was used to determine contact time for each simulation as shown on Figure V-40. Contact time was calculated between 0.65 m and 15 m inside the riser.Eq.68

Figure V- 40 -

 40 Figure V-40 -Pressure drop as a function of contact time inside the riser for sand, glass beads and BMP at two different gas velocities.

  Figure VI-1 shows how drag function evolves with solid volume fraction.

Figure VI- 1 -

 1 Figure VI-1 -Drag function as a function of solid volume fraction.

A 80 Figure

 80 Figure VI-2 shows the results of drag force for both models with glass beads.

Figure VI- 2 -

 2 Figure VI-2 -Comparison between Barracuda drag force and drag force resulting from the 1D model.

VI. 2

 2 .i Geometry To simulate the hydrodynamics inside the riser with Group B solids, a simplified version of the experimental riser was used. The riser geometry used in Barracuda simulations does not include the blind-T exit. The riser bottom is defined with the central air jet as shown on Figure VI-3.

Figure VI- 3 -

 3 Figure VI-3 -Schematic view of the riser with measurements used in Barracuda simulations.

Figure VI- 4 -

 4 Figure VI-4 -Images of the CAD file as introduced on Barracuda.

Figure VI- 5 -

 5 Figure VI-5 -Portion of the riser bottom exterior wall with the final mesh generated by Barracuda.

Figure VI- 6 -

 6 Figure VI-6 -Placement of boundary conditions on the riser geometry for all Barracuda simulations.

  5). As shown on Figure VI-7, the small fluidization bed on the bottom of the riser as an initial condition means there is no simulation time spent charging the bottom.

Figure VI- 7 -

 7 Figure VI-7 -Initial solids condition for all Barracuda simulations, scale of solids concentration on left.

  The simulation was done at gas velocity of 10 m/s, solid flux 60 kg/m²s and a top pressure of 109000 Pa. The evolution of pressure drop with simulation time along the riser is presented on FigureVI-8, pressure drop was averaged over the time intervals as shown on the legend.

Figure VI- 8 -

 8 Figure VI-8 -Pressure drop evolution with simulation time.It can be seen that it takes about 75 s (average between 65 to 85 s) to approach the final pressure drop profile. However, until 150 s (average between 140 to 160 s) higher pressure drop on the first 5 m can be seen, indicating a flow not yet fully developed. With time solid concentration stabilizes along the riser. To verify simulation convergence, the inlet and outlet solid fluxes are also compared. Figure VI-9 shows the pressure profile of the riser (as a line) resulting from the Barracuda simulation and averaged over the last 50 s (dotted line on Figure VI-8).

Figure VI- 9 -

 9 Figure VI-9 -Comparison between Barracuda simulation and glass beads experimental values of pressure along the riser.It can be seen from Figure VI-9 that the experimental pressure profiles obtained with glass beads is very close to the one obtained from the Barracuda simulation at identical conditions. However, pressure at the bottom of the riser is not the same for the experimental results and the simulation results due to the boundary conditions imposed. As stated before, Barracuda has as an entry point, the pressure at the top of the riser. The pressure at the top is imposed by the respective boundary condition. This pressure value can only be estimated from the experimental results because the value is influenced by the exit geometry. As the riser geometry in Barracuda does not have the blind T exit, pressure drop at the top should be lower. The pressure at the top of the riser assigned for the simulation shown on Figure VI-9 was slightly too small. Figure VI-10 shows the comparison between the experimental results for the previous glass beads case and the Barracuda simulation after direct correction of the results to match pressure at 13 m. The pressure outlet adjustment is minor (1.2 kPa) and the impact on simulations should be negligible.

Figure VI- 10 -

 10 Figure VI-10 -Comparison between Barracuda original and corrected results and glass beads experimental values of pressure along the riser.

  Figure VI-11. The solids concentration mapping shows the solids inlet and the lower riser region where solid concentration can be very high due to particle acceleration.

Figure VI- 11 -

 11 Figure VI-11 -Simulation still image of solid concentration at the bottom of the riser at 200 s.

Figure VI- 12 -

 12 Figure VI-12 -Solid velocity radial profile obtained from Barracuda simulation of the first glass beads case.The simulation results cannot be compared directly to experimental results (not possible to measure velocity experimentally). Nevertheless, the radial profile shows the same overall trend as the radial solid flux profiles shown on Chapter IV, Figure IV-23. At the center of the riser, particles travel faster, closer to the gas velocity, in this case 10 m/s. Negative values for solid velocity were found at the walls at some instants. However, the Barracuda simulation does not predict an averaged downward solid flow close to the wall like it was shown on experimental results.

Figure VI- 13 -

 13 Figure VI-13 -Comparison between Barracuda results, Barracuda corrected results and glass beads experimental values of pressure along the riser at gas velocity of 8 m/s.

Figure VI- 14 -

 14 Figure VI-14 -Solid velocity radial profile from Barracuda simulation of the second glass beads case. The radial solids velocity profile shows the high gradient existing between the center of the riser (at 0.15 m) and the riser walls. At the center of the riser particles travel at a faster velocity, approaching the gas velocity. Yet, close to the riser walls, vertical velocity is much smaller. The profile suggests the existence of a core-annulus regime, where the particles travel upwards in the center. However, the Barracuda simulation does not predict an averaged downward solid flow close to the wall like it was shown on experimental results, by local flux measurements. The radial profile of local voidage values at 12 m from the gas inlet is shown on Figure VI-15.

Figure VI- 15 -

 15 Figure VI-15 -Voidage radial profile at 12 m from the gas inlet from Barracuda simulation of the second glass beads case.It can be seen how the solids volume fraction is higher closer to the riser walls. The profile seems slightly asymmetrical, this could be linked to average time used to calculate the profile. Experimental results of radial solid flux have shown rather symmetrical radial profiles. This result shows how Barracuda can predict the core-annulus regime on the developed region of the riser. From the local results of velocity and voidage shown above, the local solid flux can be calculated through equation 83.

Figure VI- 16 -

 16 Figure VI-16 -Comparison between experimental and Barracuda radial dimensionless solid flux.The values of dimensionless local solid flux from the Barracuda simulation are smaller than for the experimental results. Because there is downward solids flow on the wall, there has to be higher upward solid flux in the center to obtain a similar value of integrated solid flux. Considering that Barracuda does not predict averaged downward solid flow, a horizontal profile, like the one shown on Figure VI-16, would be expected. Yang et al.[START_REF] Yang | CFD simulation of concurrent-up gas-solid flow in circulating fluidized beds with structure-dependent drag coefficient[END_REF] revealed CFD simulations where the core-annulus regime was found in a 2D, 10 m riser with fine particles (54 μm).

Figure VI- 17 -

 17 Figure VI-17 -Comparison between Barracuda results, Barracuda corrected results and sand experimental values of pressure along the riser at gas velocity of 10 m/s.

Figure VI- 18 -

 18 Figure VI-18 -Solid velocity radial profile from Barracuda simulation of the sand case at 10 m/s.

Figure A- 3 -

 3 Figure A-3 -Schematic view of the orifice valve and both air injections.

Figure A- 4 -

 4 Figure A-4 -Experimental solid flux data and matching linear correlation for sand at a gas velocity of 10 m/s.

Figure A- 5 -

 5 Figure A-5 -Experimental solid flux data and matching linear correlation for sand at a gas velocity of 8 m/s.

Figure A- 6 -

 6 Figure A-6 -Experimental solid flux data and matching linear correlation for glass beads at a gas velocity of 8 m/s.

Figure A- 7 -

 7 Figure A-7 -Experimental solid flux data and matching linear correlation for BMP at a gas velocity of 10 m/s.

Figure A- 8 -

 8 Figure A-8 -Experimental solid flux data and matching linear correlation for BMP at a gas velocity of 8 m/s. The following figure shows the four different extraction probes used in this work. Different geometries were tested to prevent plugging.

Figure B- 1 -

 1 Figure B-1 -Ergun equation fit to determine particle sphericity for sand particles.

Figure B- 2 -Figure B- 3 -

 23 Figure B-2 -Ergun equation fit to determine particle sphericity for glass beads.

  

  

  

Table I - 1 -

 I1 Values of constants for the minimum fluidization correlation by different authors[START_REF] Yang | Handbook of Fluidization and Fluid-Particle Systems[END_REF].

		C 1	C 2
	Wen and Yu (1966)	33.7	0.0408
	Richardson (1971)	25.7	0.0365
	Saxena and Vogel (1977)	25.3	0.0571
	Babu et al. (1978)	25.25	0.0651
	Grace (1982)	27.2	0.0408
	Chitester et al. (1984)	28.7	0.0494
	Rabinovich et al. [21]	13.07	0.0263

Table I -

 I 

2 -Friction factor correlations

[START_REF] Garic-Grulovic | Fluidodynamics characteristics of a vertical gas-solid and liquid-solid flow[END_REF]

.

Correlation

Stemerding (1962)

Yousfi and

Gau (1974) 

  . A momentum probe was used by Herb et al. to determine isokinetic conditions inside a 0.15 m diameter riser with FCC particles [109]. Zhang et al. used momentum probes to measure velocities inside a CFB boiler with Group B particles [110]. Chew et al. used this technique to measure solids velocity inside a large scale riser

Table II - 1 -

 II1 Range of gas velocities and solid fluxes used for each solid and type of test.

			Sand	Glass beads	BMP
	Axial pressure profiles	v g (m)s W s (kg/m²s)	8 and 10 22 to 70	8 and 10 46 to 94	8 and 10 57 to 74
	Radial solid flux	v g (m)s	8 and 10	8 and 10	--
	profiles	W s (kg/m²s)	26 to 61	51 to 97	--
	Radial Pitot tube	v g (m)s	8 and 10	8 and 10	--
	profiles	W s (kg/m²s)	28 to 60	53 to 94	--

Table 2 -

 2 Experimentally obtained sphericity values for sand, glass beads and BMP.

	Sand	0.39	0.83
	Glass beads	0.42	1
	BMP	0.4	0.85

Table 3 -

 3 Terminal velocity for a single spherical particle.

	u t (m/s)

Table 4

 4 

presents the terminal velocities of the three Group B solids according to equation 40, that is to say, corrected by particle sphericity.

Table 4 -

 4 Sphericity corrected terminal velocity of a single particle.

		u t. (m/s)
	Sand	2.1
	Glass beads	2.2
	BMP	2.2

Table 5 -

 5 Summary of properties of sand, glass beads and BMP.

	Sand	Glass beads	BMP

Table 6 -

 6 Drag force correlation constants for sand, glass beads and BMP.

		A	B	C
	Sand	6130	0.96	3.7
	Glass Beads	5670	0.97	4.2
	BMP	7679	0.95	3.6

Table 8 -

 8 Final drag force correlation constants B and C.

Table 9 -

 9 Constant values of the A correlation.

		A correlation
	a	8.49
	n	0.85
	m	0.005
	o	0.03
	p	0.074

  To evaluate the state of the art of CFD gas-solid simulations, the National Energy Technology Laboratory (NETL) and the Particulate Solids Research Inc. received simulation submissions through the Challenge Problem[132]. Five Eulerian-Eulerian and Eulerian-Lagrangian simulations of a CFB with Group A (glass beads) and B (high density polyethylene beads of 800 μm) particles were compared to experimental results. When comparing pressure drop profiles, an overall tendency to overestimate solids hold-up was found. The capability to predict the heterogeneous radial flow distribution was found for both Eulerian-Eulerian and Eulerian-Lagrangian models. To be able to accurately predict weight contribution in the momentum balance equation, especially true for Group B simulations, further work on attributing the right importance to solid properties is needed. Mesh related disadvantages of the Eulerian-Eulerian approach were also highlighted. The dependency of the grid resolution was clearly seen. However, to follow the rule of thumb of Eulerian-Eulerian simulations of cell size no bigger than 10 times the particle size, the number of cells would be too big to solve. The objective of this work is to evaluate the adequacy of a commercial CFD code to simulate the hydrodynamics of a riser with Group B particles. By comparing experimental results to the simulations at identical operating conditions, the capability of the code to take into account particle properties is tested. The 1D model presented earlier is a global hydrodynamic model of the riser. The drag force correlation used in the 1D model is derived from cross section averaged experimental data. Therefore, the model cannot account for the existing radial flow structure. Moreover, it does not include geometry issues, such as solid inlet configuration. CFD simulations, by describing the geometry in detail and doing a finer modeling, can be a more complete, detailed and closer to reality modeling approach.

Table 12 -

 12 Initial averaged particle size distribution for BMP.

	Particle	Volume
	diameter	percentage
	3	0.05
	4	0.13
	4	0.19
	5	0.21
	6	0.22
	7	0.20
	8	0.17
	9	0.13
	10	0.09
	11	0.06
	13	0.02
	15	0.00
	17	0.01
	20	0.03
	23	0.04
	26	0.07
	30	0.09
	35	0.11
	40	0.12
	46	0.10
	52	0.07
	60	0
	69	0
	79	0
	91	0.03
	105	0.37
	120	1.11
	138	2.42
	158	4.41
	182	7.08
	209	9.97
	240	12.53
	275	13.95
	316	13.78

Table 13 -

 13 Final particle size distribution of sand.

		7000				
		6000				
		5000					0.01 m/s
	P (Pa)	4000 3000					0.02 m/s 0.03 m/s 0.04 m/s
		2000					Ergun
		1000				
		0				
		0,35	0,36	0,37	0,38	0,39	0,4
				Particle		Volume
				diameter		percentage
				120		0.0
				138		0.3
				158		1.8
				182		4.2
				209		7.6
				240		11.2
				275		14.2
				316		15.7
				363		15.1
				417		12.6
				479		9.0
				550		5.3
				631		2.4
				724		0.6

Table 14 -

 14 Final particle size distribution of glass beads.

	105	0.0
	120	0.2
	138	1.6
	158	6.0
	182	12.5
	209	19.7
	240	22.4
	275	19.3
	316	11.4
	363	5.5
	417	1.2
	479	0.1

Table 15 -

 15 Final particle size distribution of BMP.

	105	0.1
	120	0.9
	138	2.6
	158	5.3
	182	8.8
	209	12.1
	240	14.7
	275	15.5
	316	14.3
	363	11.5
	417	7.9
	479	4.5
	550	1.7
	631	0.1

On Figure IV-20, the resulting net solid flux profile is presented at the same conditions. This profile is obtained by subtracting the downward flux to the upflow flux, for each local point. On Figure IV-21 the net solid flux radial profile is shown for a gas velocity of 8 m/s and a total solid flux of 25 kg/m²s. On both figures, a clear contrast between upflow and downflow can be seen. Solids rise mainly in the center and fall close to the riser wall. As expected [104], overall upflow is significantly more important than downflow. There is no solids downflow in the center but it increases the closer to the wall. These results suggest the existence of a core annulus regime in the fully developed zone of the riser. The core annulus regime is well established in the literature as the typical flow regime in the developed dilute region of the riser [50; 52;121]. This definition of solid segregation on the dilute region of the riser has repeatedly been used to model the riser [39;87;122]. where A is solid dependent and B and C are constants. The drag force constant will be optimized in order to best fit the range of experimental data for the three solids.

V.3.i Comparison to literature

To further analyze the cross section averaged drag force results, a comparison with a commonly used drag force correlation was made. The Wen and Yu semi empirical correlation, as shown on equation 60, is used by many authors for regions of voidage superior to 0.8 [129][130][131].

Eq.60

Eq.61 The Haider's [START_REF] Haider | Drag coefficient and terminal velocity of spherical and nonspherical particles[END_REF] correlation for the drag force coefficient (Cd) (equation 61) was used in the calculations of equation 60. As shown before, Haider [START_REF] Haider | Drag coefficient and terminal velocity of spherical and nonspherical particles[END_REF] presents different coefficients to correct for particle sphericity ( ). To evaluate the potential to predict the sphericity effect, a comparison between glass beads and sand drag force correlations was made with the literature correlation. Following the procedure presented on section V.2, a glass beads case, with gas velocity of 10 m/s and a solid flux of 60 kg/m²s, was solved to determine voidage, gas and solid velocity. The values were used to solve equations 60 and 61 with different sphericity values. From Figure V-14 a direct comparison between the glass beads correlation developed so far in this work and the Wen and Yu correlation for spherical particles can be made. The same general trend is found for both correlations, the higher the solids concentration, the higher the drag force. However, glass beads correlation from this work is larger for all solids concentration range than Wen &Yu correlation with =1. It must also be noted that the two correlations do not present the same shape. Such differences found between the correlations can be explained by the different set of experimental results used to fit the semi-empirical correlations and the different hypothesis made when analyzing

The following figure shows the comparison between experimental results and the 1D model results for sand at gas velocity of 10 m/s and increasing solid flux. Contact time calculations show how particle sphericity can play an important role on the reactor performance. Higher contact times, needed for higher performances, lead to higher pressure drops.

Model optimization was rather fast, rough work in order to achieve preliminary objectives of the CLC program. A more sophisticated mathematical optimization of the drag force correlation could probably be conducted in order to improve model predictions. The improvement of friction correlations could avoid gas velocity effect on drag force. Improving the predictions of i should also be envisioned.

Then, coupling of the 1D model with kinetics could be made to explore process design optimization aspects.

The present 1D model does not allow the simulation of radial flow variations that are essential to fully understand gas-particle flow in the riser. Therefore, in the next chapter, an evaluation of CFD capabilities to predict the riser flow structure is presented, using a commercially available code.

PERPECTIVES

Following this thesis, several axes of future work have been identified. It has been seen that the impact of particle properties on gas-solid flow remains to be fully understood.

To help define flow acceleration and its borders as a function of operating conditions, further local experimental work is needed. Measurements of local solids velocity and voidage at several heights of the riser should be done.

The understanding of the acceleration phenomenon on the bottom part of the riser is required for the generalization of boundary conditions. To achieve this, more detailed experimental work on the first part of the riser should be made. On the 1D model, extra work should be done to improve the definition of the 'initial region'. Results suggest the height of this zone should be a function of operating conditions. The 1D hydrodynamic model developed in this work could be used to predict riser performance. In order to do this; kinetic elements should be added to the existing code. Yet, a generalized boundary condition correlation should first be developed. The present correlation limits the use of the 1D model to a restrict set of particles. The optimization of the implemented drag force correlation was made in a rather straightforward way. Because the results are very sensitive to the drag force value, improvement to the correlation should be made. In future work, friction correlations should also be adjusted. Better friction correlations could limit the effect of the velocity parameter on the drag force correlation. Additional simulations on Barracuda should be done to help assess its capability to predict the flow of different Group B particles. Only one sphericity dependent correlation of the software has been tested in this work, while others exist in the literature. Other potential drag force correlations should be identified to be used on CFD simulations. If Barracuda is confirmed as being able to predict glass beads flow, riser geometry effects (solid inlet, riser exit and diameter) could be investigated as well as inlet boundary conditions. Conclusions from the 3D simulations could then be used on the 1D model to predict and optimize Air Reactor performance.

Appendix A -

The top of the CFB riser is a blind-T geometry, as shown on Figure A-1 

Appendix B -

The initial particle size distribution for each solid used in this work are presented on the following tables. The following table presents an example of the calculations using the Pitot tube equation and the solid flux equation (equations 47 and 48). One value of calibration constant was fixed. It can be seen that if voidage between Pitot tube and pressure drop can be close, the velocity value can be very different from the expected. The results shown above are obtained for a constant and calculated and v s to simultaneously solve equations 47 and 48. ( ) is the voidage resulting from the integral of the local voidage points obtained through equations 47 and 48. v ( ) is the velocity resulting from the integral of the local velocity points obtained through equations 47 and 48. v s center is the error between the local velocity at the center from equations 47 and 48 and the superficial gas velocity. 

Appendix D -