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Abstract

Because of current environmental issues, some technologies are being devel-
oped to reduce the fuel consumption and to reduce the emissions of CO2. En-
ergy recovery by means of Organic Rankine Cycles or Hirn Cycles is one inves-
tigated track to answer these issues. Indeed, these cycles could represent an ef-
fective way to recover the waste heat energy of the internal-combustion engines
(ICE). At present, some systems based on Organic Rankine Cycle (ORC) are avail-
able in industry but advanced studies are needed to allow their application in the
road transport industry. A better understanding of the two-phase fluid behaviour
is necessary to optimize the design models of the components containing a two-
phase refrigerant (evaporator and condenser).

For the Organic Rankine Cycle system, the thermodynamic conditions are fairly
different from standards relevant to refrigeration or air-conditioning systems. In-
deed, the key characteristic of the ORC system is the evaporation saturation tem-
perature. Exhaust gas temperatures range from 400◦C to 900◦C so that the refriger-
ant evaporation occurs at temperatures higher than 100◦C. Besides, in the context
of research motivated by refrigeration, air-conditioning, or electronic component
cooling, almost all the flow boiling heat transfer models or correlations were ob-
tained for saturation temperatures ranging from -20◦C to 40◦C. The empirical mod-
els for boiling in such conditions are limited by the experimental data on which
they are based, while analytical and theoretical approaches are needed to achieve
advanced knowledge on the thermohydraulic behaviour of two-phase refrigerants.

This PhD thesis aims at studying the flow boiling characteristics of R-245fa
in a 3.00 mm inner diameter channel in the thermodynamic conditions typical of
the ORC system, i.e. for saturation temperatures ranging from 60◦C to 120◦C. To
achieve this goal, an experimental test facility was specifically designed and built
to conduct refrigerant evaporation experiments. This test facility allowed to per-
form flow regime visualizations, pressure drop and heat transfer measurements in
minichannels.

First, an image processing method for two-phase flow pattern characterization
was developed. Based on this method and with the help of an adequate analysis
of the heat transfer coefficient, the main flow regimes were identified. Their transi-
tions were detected and plotted on flow pattern maps. The influence of saturation
temperature on the flow patterns and their transitions was highlighted.

The second objective was to provide new experimental data concerning flow
boiling heat transfer in minichannels. Flow boiling heat transfer coefficients at
such high temperatures were, so to say, never reported in the open literature so
far. The influence of saturation temperature on the heat transfer mechanisms was
discussed. In order to evaluate the capability of the current flow boiling prediction
methods to predict the heat transfer coefficient at high saturation temperature, the
comparison between experimental results and theoretical results predicted with the
commonly used correlations and models was made.

Lastly, pressure drop databases were obtained. The influence of the main flow
parameters, especially the saturation temperature, was studied and discussed. Ex-
perimental values of pressure drops were compared against several methods.
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Résumé

La valorisation de l”énergie thermique contenue dans des gaz chauds pour pro-
duire de l’électricité est possible grâce à l’utilisation de divers cycles thermody-
namiques, parmi lesquels le cycle de Rankine mérite d’être considéré. Cependant,
l’industrialisation d’un tel système passe par une connaissance approfondie du
comportement thermohydraulique du fluide actif, appelé par abus de langage "flu-
ide frigorigène". Ceci permettra d’améliorer le design des principaux composants
du système, spécialement les échangeurs de chaleur (évaporateur et condenseur).

Dans le cas du cycle organique de Rankine, les conditions thermodynamiques
du fluide sont éloignées des conditions usuelles rencontrées dans les domaines de
la climatisation ou de la réfrigération. En effet, le fluide est mis en oeuvre dans
des conditions proches de son point critique, i.e., haute température réduite et
haute pression réduite. La température des gaz d’échappement varie entre 400◦C
et 900◦C et l’évaporation se produit à une température de saturation supérieure à
100◦C.

En ce qui concerne les caractéristiques des écoulements diphasiques (chute de
pression, coefficient de transferts thermiques, régimes d’écoulement), la quasi-totalité
des méthodes de prédiction a été développée pour des températures comprises en-
tre -20°C et 40°C correspondant aux domaines de la climatisation ou de la réfrigéra-
tion. C’est pourquoi la fiabilité de ces modèles reste incertaine dans certaines condi-
tions d’évaporation du cycle de Rankine, car leur utilisation est limitée par la base
de données à partir de laquelle ils ont été établis et ils ne peuvent être extrapolés
avec précision pour d’autres fluides, géométries ou conditions thermodynamiques.

Cette thèse vise à étudier les caractéristiques thermohydrauliques du R-245fa
en ébullition convective dans les conditions thermodynamiques du cycle de Rank-
ine. Dans un premier temps, un banc expérimental a été conçu et construit afin
de réaliser des tests en ébullition convective dans un minicanal de 3.00 mm de di-
amètre. Ce banc expérimental permet de faire des mesures sur les régimes d’écoulement,
les coefficients de transfert de chaleur et les pertes de charge par frottement.

Dans un second temps, une méthode de traitement d’image a été développée
afin de caractériser différents régimes d’écoulement à partir de données quanti-
tatives. Cette méthode couplée à une analyse des transferts thermiques a per-
mis d’identifier quatre principaux régimes d’écoulement. Les transitions entre les
régimes d’écoulement ont été étudiées et différentes cartes d’écoulement tracées.
L’influence de la température de saturation sur les régimes d’écoulement et leurs
transitions a été soulignée et discutée. Les caractéristiques des bulles ont également
été étudiées à l’aide de la méthode de traitement d’image.

Dans un troisième temps, une base de données expérimentale sur les coeffi-
cients de transfert de chaleur a été créée pour l’ébullition convective du R-245fa à
haute température. L’influence de la température de saturation sur les mécanismes
de transfert thermique a été étudiée dans ces conditions originales. Afin de tester
la fiabilité des méthodes de prédiction dans ces conditions, les résultats expérimen-
taux ont été confrontés à différentes méthodes de la littérature.

Finalement, les chutes de pressions ont été mesurées et une analyse paramétrique
a été menée. Les mesures expérimentales ont été confrontées aux principales méth-
odes disponibles dans la littérature.
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Nomenclature

Symbols

A area m2

a thermal diffusivity m2/s
B constant of Chisholm
C constant of Lockhart and Martinelli m
c specific heat capacity J/K · kg
D pixel size pixel
d tube diameter m
F multiplier factor
f friction factor
f frequency Hz
G mass velocity kg/m2 · s
g acceleration of gravity m/s2

h specific enthalpy J/kg
I intensity A
J superficial velocity m/s
L pixel length pixel
l length m
M molar mass kg/mol
ṁ mass flow rate kg/s
P pressure Pa
p perimeter m

Q̇ thermal power W
q̇ heat flux W/m2

q
′′

volumetric heat flux W/m3

Rp surface roughness m
r radius m
S suppression factor
Sc scale conversion factor m/pixel
s slip ratio
T temperature ◦C
t time s
U voltage V
u velocity m/s

V̇ volumetric flow rate m3/s
v specific volume m3/kg
x vapor quality
Y Chisholm parameter
y factor of Groeneveld
z longitudinal abscisa m

Greek letters

α heat transfer coefficient W/m2 · K
β contact angle ◦
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∆ difference
∆ error
δ film thickness m
ǫ void fraction
λ thermal conductivity W/m · K
γ constant of Bankoff
µ dynamic viscosity Pa · s
ν kinetic viscosity m2/s
Φ two-phase multiplier
Ψ enhancement ratio
ψ Lee and Lee parameter
ρ density kg/m3

σ surface tension N/m
τ period s
θ constant of Beattie and Whalley
ζ Lee and Lee parameter

Dimensionless
numbers

Bd Bond number
Bo Boiling number
Co confinement number
Cv convective number
Eö Eötvös number
Fa Fang number
Fr Froude number
La Laplace constant
Nu Nusselt number
Pr Prandtl number
Re Reynolds number
X Martinelli’s parameter
We Weber number

Sub and super-
scripts

A configuration A
annular annular
B configuration B
bottom bottom position
bubbles bubbles
c characteristic
cc cross-correlation
cap capillary
cb convective boiling
crit critical
D dimensionless
d dryout
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dry dried
di dryout inception
de dryout completion
dryout dryout
evap evaporator
exp experimental
PF pressure factor in Gorenflo correlation
F related to the Fanning equation
Fr related to Froude number
f fluid
film film
frict frictional
H homogeneous
h hydraulic
hor horizontal
heat heat transfer
inner inner
inlet inlet
L liquid
l laminar
LV boiling
mean mean
min minimum
mom momentum
mist mist flow
nb nucleate boiling
O only
outer outer
outlet outlet
PD post dryout
p pressure
ph preheater
profiles profiles
pre pre-dryout
pred predicted
red reduced
SL liquid superficial
SUB subcooled
SV vapor superficial
sat saturation
ss stainless steel
static static
T temperature
TP two-phase
t turbulent
th threshold
top top position
total total
V vapor
v viscous
wall wall
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wet wetted
x vapor quality
y position y
0 initial

Abbreviations

A annular
ALT atmosphere life time
AS annular slug flow
B bubbly
C circular
CB convective boiling
CB coalescing bubble
D dryout
G global warming potential
F finned
H horizontal
HFO hydrofluoroolefin
I intermittent
IB isolated bubble
IEA International Energy Agency
ICE internal combustion engine
M mist
M multiport channel
MAE mean absolute error
MRE mean relative error
NB nucleate boiling
ODP ozone depletion potential
ORC organic Rankine cycle
PD post dryout
R rectangular
S slug
S smooth
SW stratified wavy
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Chapter 1

Introduction

1.1 Background

Despite technological improvements, transport CO2 total emissions have constantly
increased since 1990 and all transport modes have increased their greenhouse gas
emissions due to the fuel combustion (IEA, 2011). The transport sector in 2009 was
responsible for about 31% of total CO2 emissions from fuel combustion. In this sec-
tor, the road was the main responsible with 71% of total CO2 emissions as shown in
Fig. 1.1. Moreover transport CO2 total emissions carried out about 28% of growth
from 1990 to 2009 and about 5% from 2000 to 2009: all transport modes - except
railways - have increased their total emissions. In order to limit the climate change
due to the increase of greenhouse effect, the CO2 emissions associated with the
consumption of fossil fuel need to be minimized.
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12.3%
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Figure 1.1: World CO2 emissions by sector in 2009. Source IEA (Railway Handbook
2012).

With the huge increase in oil price and growing the awareness on the environ-
mental concerns, energy saving measures have been taken with an accelerated pace
to minimize the CO2 emissions. Previous studies have shown that the efficiency
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2 CHAPTER 1. INTRODUCTION

during the fuel combustion is about 25% in a internal combustion engine. The pro-
duced energy is converted into the vehicle motion and its loads. The remainder is
engine waste heat that is dissipated by the engine exhaust system, coolant system,
and convection as well as radiation from engine block (see Fig. 1.2). Nearly 40% of
heat energy is wasted with the engine exhaust gas. If this part of waste heat could
be harnessed, energy efficiency would be enhanced, and thus vehicles all over the
world could save lots of energy. Furthermore, CO2 emissions would be decreased
which is recognized as an important factor in anthropogenic climate change.

Figure 1.2: Energy flow path in internal combustion engine. Source [Yu and Chau
(2010)].

Energy recovery by means of Organic Rankine Cycles is one of the investigated
tracks to recover this energy from exhaust gas. The ORC system is a vapor power
cycle that works using the same principles as the steam Rankine cycle, except that a
fluid with a lower boiling point and higher molecular mass is used. This enables the
operation of the cycle at a much lower temperatures than a steam Rankine cycle.
Thus, using the energy from the heat sources of the low temperature waste, the
ORC can produce electricity and thus represents an effective way to recover the
waste heat energy of internal combustion engines (ICE).

The Rankine cycle is composed of four main components: evaporator, turbine,
condenser and pump. As represented on Fig. 1.3, an organic working fluid1 is
evaporated to run through a turbine to generate electricity. Figure 1.4 displays the
typical temperature-entropy process diagram for the ORC cycle with R-245fa. De-
pending on the working fluid, a recuperator might be advantageous. ORC systems
offer a wide range of parameters for optimization. Among these parameters, the
selection of working fluid is the most obvious.

At present, some systems based on Organic Rankine Cycles (ORC) are avail-
able in industry but advanced studies are needed to allow their application in the
road transport industry. A better understanding of the two-phase fluid behaviour
is necessary to optimize the design models of the components containing a two-
phase fluid (evaporator and condenser). As reported by [Srinivasan et al. (2010)],
the evaporator is the key heat exchanger in Organic Rankine Cycle system. In-
deed, the key characteristic of the ORC is the evaporation saturation temperature.
Exhaust gases temperature ranges from 400◦C to 900◦C and the refrigerant evap-

1Because of the nature of the fluid choose in the present work, and as this is also a common practice
with ORC using synthetic fluids, the working fluid will often be referred to as “refrigerant”.
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Figure 1.3: Working principle of an ORC cycle with (left) and without (right) recu-
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Figure 1.4: Typical temperature-entropy process diagram for the ORC cycle with
R-245fa.

oration occurs at temperatures higher than 100◦C. These temperatures are much
higher than standards relevant to refrigeration or air conditioning systems.

1.2 Motivation of the study

The ORC system efficiency optimization is linked to a better sizing and design of
the each component, especially heat exchangers. For the design of phase-change
heat exchangers, pressure drops, heat transfer coefficients and flow patterns are
the required data.

Heat transfer coefficients and pressure drops are related to the local two-phase
flow structure of the fluid. Besides recent heat transfer models for predicting boil-
ing are based on the local flow pattern and therefore require reliable two-phase
flow pattern maps to identify what type of flow pattern exists at the local flow
conditions.

Moreover, the prediction models or correlations cannot be extrapolated with
accuracy for different fluids because of the change of properties (mostly viscosity,
density and surface tension), different geometries or different thermodynamic con-
ditions (pressure, temperature) from those for which they were initially developed.
The empirical models for boiling in such conditions are limited by the experimen-
tal data on which they are based, whereas analytical and theoretical approaches
are needed to gain improved knowledge on the thermohydraulic behaviour two-
phase refrigerant. Furthermore, miniaturization has recently become the key word
in these emerging technologies, both for reducing the weight of the system and
the fluid charge. The transition from conventional to compact heat exchangers is
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4 CHAPTER 1. INTRODUCTION

however not completely ready yet.

Since the paper published by [Cooper (1984)], it is usually recognized that dif-
ferent fluids, at similar reduced pressure, may present similar behaviors. As a mat-
ter of fact, invoking the principle of corresponding states, one could expect that,
at a first order, two fluids would have the same thermohydraulic characteristics
when at the same reduced pressure and reduced temperature. However, a litera-
ture analysis shows that there is a gap in knowledge of the flow boiling for synthetic
refrigerants at high saturation temperature (60-120 ◦C) and moderate reduced pres-
sure (0.2-0.5) while data were reported for the same range of reduced pressure but
for lower saturation temperatures. Indeed, most of publications available in the
literature are focused on the saturation temperatures ranging from -20◦C to 40◦C
corresponding to the following applications:

• -20 ◦C to 0 ◦C: commercial refrigeration and operation of heat pump in winter

• 0 ◦C to 10 ◦C: static air conditioning

• 10 ◦C to 20 ◦C: heat pump in summer and middle-season

• 20 ◦C to 40 ◦C: cooling of electronic components

Hence, the reliability of the correlations or predictive models used for the ORC
evaporator sizing is not ensured (Tsat > 120 ◦C). Indeed, when the saturation tem-
perature increases toward the critical point (i.e. when the reduced temperature
increases), the density and the viscosity of vapor phase increase while the viscos-
ity and the density of liquid phase decrease. These both trends tend to reduce the
vapor phase velocity and to increase the liquid phase velocity. In other words, the
slip ratio tends to 1. An increase in reduced temperature also leads to a decrease
in surface tension and thus, the Bond Number decreases (gravity forces become
predominant). All these properties widely influence the liquid-vapor interactions,
and thus the flow patterns.

Thus, it is very risky to extrapolate two-phase flow boiling models to high sat-
uration temperatures. Providing accurate and reliable heat transfer and pressure
drop models is hence the first step to optimize the design of the Organic Rankine
Cycles. An accurate prediction of heat transfer and pressure drop coefficients can
reduce costs by avoiding both undersizing and oversizing of evaporators. More-
over, the optimal design of the evaporator permits to reduce the weight of these
embedded systems on cars or trucks.

1.3 Objectives of the study

The present thesis aims at providing experimental results on flow boiling at a high
saturation temperature in a minichannel. To reach this general goal, we defined
several objectives that are summed up in the following.

The first objective was to develop a test facility in order to perform refrigerant
evaporation experiments in the conditions of ORC systems. The test facility was to
be built in such a way that flow visualizations, flow boiling heat transfer coefficient
measurements, and two-phase pressure drop measurements could be done on the
same system.
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1.4. LAYOUT OF THE THESIS 5

The second objective was to develop an image processing method to character-
ize the two-phase flow regimes from quantitative details such as bubble frequency
and bubble size.

The third objective of this experimental investigation was to investigate the in-
fluence of the main flow parameters and the saturation conditions on the flow pat-
terns, the bubble characteristics, the heat transfer mechanisms and the pressure
drop.

The fourth objective was to develop heat transfer coefficient and pressure drop
databases for a wide range of experimental conditions.

The fifth objective was to assess the well-known flow boiling heat transfer co-
efficients and two-phase pressure drop prediction methods in the conditions of the
ORC systems.

1.4 Layout of the thesis

The thesis is divided into eight chapters. It is organized as follows:

- Chapter 1 provides a background to the study, by motivating the study and
stating the research objectives.

- In Chapter 2, the definition of main parameters and basic equations used in
two-phase flow are presented as well as the main dimensionless numbers.

- Chapter 3 gives an overview of the state-of-the-art review related to the ex-
isting studies on flow visualization, flow pattern map, pressure drop, and heat
transfer during flow boiling of refrigerants. The most quoted flow pattern maps,
two-phase pressure drop predictive methods and flow boiling heat transfer pre-
dictive methods are presented and classified. The objective is to illustrate typical
trends observed in the literature on the influence of the main flow parameters and
thermodynamic conditions.

- Chapter 4 describes the experimental test facility as well as the test sections
used for visualization and heat transfer and pressure drop measurements. Addi-
tionally, an image processing method to characterize the two-phase flow regimes is
presented. The experimental methodology and data reduction procedure are also
described.

- In Chapter 5, a description of the two-phase flow patterns observed for R-245fa
in a minichannel at high saturation temperature is presented. The effect of the heat
flux, the mass velocity and the saturation temperature is introduced and discussed.
New diabatic flow pattern maps are presented and the experimental transition lines
are compared against predictions available in the literature. Additionally, bubble
characteristics results are presented.

- Chapter 6 presents experimental data concerning flow boiling heat transfer in
minichannel at high saturation temperatures. The database is composed of 5964
data points covering four flow patterns. This chapter aims at highlighting the in-
fluence of the saturation temperature on the heat transfer mechanisms. The exper-
imental results are compared to the commonly used correlations or models. The
effect of the saturation temperature and the kind of flow pattern on the capability
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6 CHAPTER 1. INTRODUCTION

of these methods to predict the flow boiling heat transfer coefficient is investigated.

- Chapter 7 provides experimental results on two-phase frictional pressure drop.
The present database is composed of 249 data points. A parametric analysis is pre-
sented. The experimental data set is compared against 21 well-known two-phase
frictional pressure drop prediction methods.

- Chapter 8 presents the general conclusions of this study and the perspectives.
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Chapter 2

Fundamental definitions

This chapter presents the fundamentals two-phase fluid mechanics and provides
information on the primary parameters used throughout this work and derives
some simple relationships between them for the case of one-dimensional flow.

To distinguish between vapor and liquid the subscripts "L" for liquid and "V"
for vapor will be used. Basic equations for two-phase flows are also introduced at
the end of the chapter.
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8 CHAPTER 2. FUNDAMENTAL DEFINITIONS

2.1 Two-phase flow

A phase, from Classical thermodynamics view, is a macroscopic state of matter
which is homogeneous in chemical composition and physical structure; e.g. a gas,
a liquid or solid of a pure component. Two-phase flow is the simplest case of mul-
tiphase flow in which two phases are present for a pure component.

In internal flow boiling processes, the vapor and liquid are in simultaneous mo-
tion inside the pipe. The resulting two-phase flow is generally more complicated
physically than single-flow. In addition to the usual inertia, viscous, and pressure
forces present in single-phase flow, two-phase flows are also affected by interfa-
cial tension forces, the flow regime, the thermodynamic and transport properties
of both the vapor and the liquid, the wetting characteristics of the surface-liquid
pair, and other parameters.

Two-phase flow is encountered extensively in the air-conditioning, heating, and
refrigeration industries. A combination of liquid and vapor refrigerant exists in
coolers (e.g. direct-expansion coolers), plate evaporators and condensers (e.g. brazed
plates), and tube-in-tube evaporators and condensers, as well as in air-cooled evap-
orators and condensers.

2.2 Flow boiling in Tubes

Boiling occurs when a liquid is in contact with a surface maintained at a temper-
ature Ts sufficiently above the saturation temperature Tsat of the liquid. Boiling
is classified as pool boiling or flow boiling, depending on the presence of bulk fluid
motion. Boiling is called pool boiling in the absence of bulk fluid flow and flow
boiling (or forced convection boiling) in the presence of it. Pool boiling involves a
pool of seemingly motionless liquid, with vapor bubbles rising to the top as a re-
sult of buoyancy effects. In flow boiling, the fluid is forced to move by an external
source such as a pump as it undergoes a phase-change process. The boiling in this
case exhibits the combined effects of convection and pool boiling.

In Internal flow boiling, which is the case of study of the present investigation,
both the liquid and the vapor are forced to flow together inside a duct.

2.3 Vapor quality

The vapor quality x is defined as the vapor mass flow rate ṁV (kg·s−1) divided by
the total mass flow rate ṁV + ṁL:

x =
ṁV

ṁV + ṁL
(2.1)

To determine the quality when phase change does not take place in the tube,
one can measure the mass flow rate of each phase, as the quality is constant all
along the entire tube. In case there is a phase change in the tube, e.g. if the tube
is heated and boiling takes place, then the quality increases along the tube. Since
there is often no thermal equilibrium between the phases, it is difficult to calculate
the quality merely by knowing the inlet quality and the heat flux from the wall.
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2.4. CROSS-SECTIONAL VOID FRACTION 9

[Revellin et al. (2012)] defined the vapor quality variation as the sum of the
vapor quality variations due to the heat transfer with the surroundings (dxheat),
the temperature variation (dxT), the friction at the channel walls (dxfrict), and the
capillary work (dxcap) :

dx = dxheat + dxT + dxfrict + dxcap (2.2)

If the phases are at equilibrium (PV = PL = Psat and TV = TL = Tsat) and
if we neglect the temperature variation, the friction at the channel walls, and the
capillary work, Eq. (2.2) reduces to:

dx =
δQ̇

ṁ · hLV
(2.3)

where Q̇ is the heat supplied to the fluid and ṁ is the total mass flow rate of the
two-phase flow.

Integrating over a length dz and assuming constant properties, we can calculate
the variation of the vapor quality along this length. Firstly, we need to distinguish
two distinct configurations:

• the fluid enters as subcooled liquid: in that case the vapor quality variation is
calculated as:

∆x =
hinlet +

q̇ · π · dh · ∆z
ṁ

− hsat

hLV
(2.4)

where hinlet is the specific enthalpy of the liquid, hsat is the specific enthalpy
of the saturated liquid, hLV is the latent heat of vaporization, and q̇ is the heat
flux.

• the fluid enters as saturated two-phase flow: in that case the vapor quality
variation is calculated as:

∆x =
q̇ · π · dh · ∆z
ṁ · hLV

(2.5)

2.4 Cross-sectional void fraction

In two-phase flow, cross-sectional void fraction is one of the most important param-
eters to be determined. It defines the cross-sectional area occupied by each phase
(Fig. 2.1). As it determines mean velocities of the liquid and the vapor, it repre-
sents a fundamental parameter in the calculation of pressure drop, flow pattern
transitions and heat transfer coefficients.

The void fraction is defined as:

ǫ =
AV

AV +AL
(2.6)

where AV is the sum of areas occupied by the vapor and AL is the sum of areas
occupied by the liquid. The total cross-sectional area of the tube is denoted A.
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10 CHAPTER 2. FUNDAMENTAL DEFINITIONS

Figure 2.1: Void fraction representation.

2.5 Velocities

There are a number of velocities which can be defined in a two-phase flow. In
general, the two phases will not have the same velocity, and there will be a relative
velocity between them, as discussed below.

2.5.1 Mass velocity

The mass velocity, also known as mass flux, is defined by the mass flow rate di-
vided by the total cross-sectional area:

G =
ṁ

A
(2.7)

The principal unit of the mass velocity is [kg·m−2·s−1]. Considering the conti-
nuity law, the mass velocity is also the expression of the mean flow velocity multi-
plied by the mean density.

2.5.2 Actual velocities

The actual velocities (or true mean velocities) of the phases uV and uL, are the
mean velocities at which the phases actually travel. The cross-sectional velocities
are determined by the volumetric flow rates V̇V and V̇L (m3· s−1) and divided by
the cross-sectional areas which are actually occupied by the phases as:

uV =
V̇V

AV
=

V̇V

ǫ ·A
(2.8)

uL =
V̇L

AL
=

V̇L

(1 − ǫ) ·A
(2.9)

From the continuity law, it is possible to define both liquid and vapor actual
velocities:

uV =
x

ǫ
·

ṁ

ρV ·A
=

G

ρV
·
x

ǫ
(2.10)

uL =
(1 − x)

(1 − ǫ)
·

ṁ

ρL ·A
=
G

ρL
·
(1 − x)

(1 − ǫ)
(2.11)
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2.6. NON-DIMENSIONAL NUMBERS 11

2.5.3 Superficial velocities

The superficial velocities (also called volumetric flux densities) JV and JL are the
velocities of the phases as if they were each flowing alone in the tube, occupying
the total cross-sectional area. They are defined as:

JV =
V̇V

A
= ǫ · uV (2.12)

JL =
V̇L

A
= (1 − ǫ) · uL (2.13)

and the total superficial velocity is the sum of the vapor and liquid superficial
velocities:

J = JV + JL (2.14)

2.6 Non-dimensional numbers

The main non-dimensional numbers used in the present study are defined be-
low. Different definitions of main non-dimensional numbers, particularly for the
Reynolds and Froude number, can be found in the literature. In order to be consis-
tent in this work, the corresponding definitions used in this work are introduced.

2.6.1 Reynolds number

The Reynolds number represents the ratio of the inertial forces to the viscous forces.
For the particular case of forced convection inside a tube, the liquid Reynolds num-
ber for a single-phase flow in a tube can be expressed in the following form:

Re =
ρ · u · dh

µ
(2.15)

where dh is the hydraulic diameter defined as the ratio of the cross-sectional A
to the wetted perimeter pL and is calculated as follows:

dh =
4 ·A
pL

(2.16)

In the particular case of circular tubes, dh = d.
Considering one-dimensional flow and using the definition of the actual veloc-

ity from Eq. (2.9), the liquid Reynolds number in a two-phase flow can be expressed
as:

ReL =
G · dh

µL
·
(1 − x)

(1 − ǫ)
(2.17)

where dh for the liquid phase is expressed in the following form:

dh =
4 ·AL

pL
=

4 · (1 − ǫ) ·A
pL

(2.18)

The same approach will be used for the vapor Reynolds number which is de-
fined as:

ReV =
G · dh

µV
·
x

ǫ
(2.19)
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12 CHAPTER 2. FUNDAMENTAL DEFINITIONS

where dh for the vapor phase is expressed as:

dh =
4 ·AV

pL
=

4 ·A · ǫ
pL

(2.20)

Due to the difficulty in calculating pL, pV and ǫ, other definitions of the Reynolds
number may be found in the literature. As the void fraction is difficult to determine,
the following expressions are also used for circular tubes:

ReL =
G · (1 − x) · dh

µL
(2.21)

ReV =
G · x · dh

µV
(2.22)

Another type of Reynolds number may be calculated when considering each
phase flowing alone in the complete cross-section of the tube at its own velocity:

ReLO =
G · dh

µL
(2.23)

ReVO =
G · dh

µV
(2.24)

It represents the liquid (or the vapor) phase only flowing alone in the complete
cross-section of the tube at the total mass velocity.

2.6.2 Prandtl number

The Prandtl number is the ratio of the molecular diffusivity of momentum (µ/ρ) to
the molecular diffusivity of heat (λ/ρ·cp). It is a function only of the fluid properties
and can thus be expressed for the vapor phase PrV and for the liquid phase PrL:

PrL =
µL · cp,L

λL
(2.25)

PrV =
µV · cp,V

λV
(2.26)

2.6.3 Bond number

The Bond number is related to the ratio of the gravitational forces to the surface
tension forces. The characteristic length that will be used in the present work is the
hydraulic diameter. It is defined as:

Bd =
g · (ρL − ρV) · d2

h
σ

(2.27)

2.6.4 Froude number

The Froude number represents the ratio of the inertia forces to the gravitational
forces. The general expression is:

Fr =
G2

g · dh · ρ2
(2.28)
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2.6. NON-DIMENSIONAL NUMBERS 13

The liquid Froude number for the liquid phase in a tube can be expressed as:

FrL =
G2

g · dh · ρ2
L

(2.29)

and for the vapor Froude number as:

FrV =
G2

g · dh · ρ2
V

(2.30)

2.6.5 Weber number

The Weber number expresses a ratio of inertia to surface tension forces. The char-
acteristic length is the tube diameter. It is expressed for the liquid phase as:

WeL =
ρL · u2

L · dh

σ
(2.31)

2.6.6 Nusselt number

The Nusselt number is based on a ratio of convection to conduction heat transfer,
with α the convective heat transfer coefficient and λ the thermal conductivity of the
fluid. The characteristic length used here is the hydraulic diameter. The Nusselt
number is expressed as:

Nu =
α · dh

λ
(2.32)

where dh is the tube diameter calculated by Eq. (2.18) or Eq. (2.20) according to
the phases considered.

2.6.7 Lockart-Martinelli parameter

The Lockart-Martinelli parameter [Lockhart and Martinelli (1949)] is defined as the
ratio between the theoretical pressure gradients which would occur if each phase
would flow alone in the pipe with the original flow rate of each phase. The Mar-
tinelli parameter X2

tt is calculated as:

X2
tt =

(

dPfrict

dz

)

LO
(

dPfrict

dz

)

VO

(2.33)

X2
tt is void fraction independent and is a measure of the degree to which the

two-phase mixture is close to being a liquid, i.e. X2
tt >> 1, or to being a vapor, i.e.

X2
tt << 1. Modeling the pressure drop of each phase with its superficial velocity

and friction factors in the classical form:

fL = CL · Re−n
L (2.34)

fV = CV · Re−m
V (2.35)

and assuming the same friction model for both phases (both turbulent or both
laminar) which means that m = n and CL = CV, Eq. (2.33) reduces to:
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14 CHAPTER 2. FUNDAMENTAL DEFINITIONS

Xtt =

(

1 − x

x

)

−n+2/2

·
(

µL

µV

)n/2

·
(

ρV

ρL

)1/2

(2.36)

[Lockhart and Martinelli (1949)] and then [Taitel and Dukler (1976)] used n =
m = 0.2 and CL = CV = 0.046 for a smooth pipe. In this work, the same expression
as [Lockhart and Martinelli (1949)] and [Taitel and Dukler (1976)] will be used:

Xtt =

(

1 − x

x

)0.9

·
(

ρV

ρL

)0.5

·
(

µL

µV

)0.1

(2.37)

The subscript tt means that both phases are turbulent. Modes of calculation of
the Lockhart-Martinelli parameter for one of both fluids flowing in laminar regime
(Xtl, Xlt, Xll) were presented in the literature but they will not be required in the
next chapters.

2.7 Chapter conclusions

Fundamental parameters and basic principles of two-phase flow used through-
out this work have been presented. Relevant information on the primary vari-
ables and some simple relationships between them are derived for the case of one-
dimensional flow.
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Chapter 3

State of the art review

This chapter presents a state-of-the-art review of in-tube flow boiling. The first part
will highlight the various descriptions of macro-to-micro transition existing in the
literature in order to relate the configuration used in the present investigation to
these descriptions. Next, a literature review on flow pattern studies in macrochan-
nels, minichannels, and microchannels will be presented to illustrate the geometric
characteristics of flow patterns inside tubes. The most quoted flow pattern maps
available in the literature and their ranges of applicability will be recalled.

Then a literature review on two-phase pressure drop studies will be presented
in order to illustrate the main trends and to identify the mechanisms which gov-
ern the two-phase pressure drop in adiabatic configuration. Several two-phase flow
prediction methods will be reported and the differences between them will be stud-
ied.

Finally, a survey of two-phase flow heat transfer coefficient investigations will
be presented. The goal is to illustrate the typical heat transfer trends and the in-
fluence of several flow parameters. In addition, several prediction methods will be
described.

This state-of-the-art focuses mainly on the influence of saturation temperature.
The objective is to identify the limit saturation temperature beyond which no data
point is available for two-phase flow of refrigerants.
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16 CHAPTER 3. STATE OF THE ART REVIEW

3.1 Macro-to-microscale transition

The literature dealing with heat transfer and flow characteristics in small chan-
nels is replete with terms to describe channel size (e.g. micro-, meso-, compact,
ultra-compact, etc.). There is no unique hydraulic diameter separating microchan-
nels from the conventional scale and a precise terminology for describing heat ex-
changer sizes does not exist. Several macro-to-microscale transition criteria for
two-phase flows and heat transfer are available in the literature. They are based
on several approaches as described below.

3.1.1 Geometrical approach

[Shah (1986)] defined a compact heat exchanger as an exchanger with a surface
area density ratio greater than 700 m2/m3, corresponding to a hydraulic diameter
lower than 6 mm, a value that was therefore retained as the transition diameter.
[Mehendale et al. (2000)] classified heat exchanger types according to the hydraulic
diameter, dh:

• Conventional heat exchanger: dh > 6 mm.

• Compact heat exchanger: dh = 1 - 6 mm.

• Meso heat exchanger: dh = 100 µm - 1 mm.

• Micro heat exchanger: dh = 1-100 µm.

[Kandlikar (2002)] recommended the following ranges of hydraulic diameters
to distinguish different channels:

• Conventional channels: dh > 3 mm.

• Minichannels: dh = 200 µm - 3 mm.

• Microchannels: dh = 10 - 200 µm.

[Kandlikar and Grande (2003)] explained this classification and refined it. The
transition between conventional channels and minichannels is associated with the
techniques applied to make the channels. Indeed, the channels of 3 mm hydraulic
diameter or larger are made with the conventional techniques whereas narrower
channels are formed as narrow fin passages, as for plate heat exchangers. The tran-
sition between minichannels and microchannels is imposed by the major changes in
fabrication technology warranted below 200 µm. The range under 200 µm, termed
as microchannel, is influenced by the rarefaction effects for gases and was divided
by [Kandlikar and Grande (2003)] as follows:

• Transitional microchannels: dh = 10 - 1 µm.

• Transitional nanochannels: dh = 1 - 0.1 µm.

• Molecular nanochannels: 0.1 µm > dh.

These definitions are arbitrary and are only based on geometrical considera-
tions, independently from the type of fluid and its properties. They do not take
into account the influence of channel size on the physical mechanisms, e.g. the ef-
fect of reduced pressure on bubble sizes and flow transitions. Furthermore these
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3.1. MACRO-TO-MICROSCALE TRANSITION 17

criteria do not take in consideration the properties of the test fluid. For a more gen-
eral definition, some approaches were developed to represent fluid flow in mini-
and microchannel and to reach a better classification criterion between hydraulic
diameters.

3.1.2 Bubble departure diameter approach

Such a macro-to-micro transition criterion can be related to the bubble departure
diameter. [Jacobi and Thome (2002)] chose the bubble departure diameter as their
transition criterion. They considered a macrochannel as one in which the bubbles
are much smaller than the channel diameter, and a microchannel will be loosely
identified as one in which the bubbles are constrained by the channel size. In other
words, their macro-to-micro transition was assumed to be reached when the diam-
eter of a growing bubble reaches the internal diameter of the tube before detach-
ment. As a first approximation, the bubble departure diameter in nucleate pool
boiling without cross-flow can be used.

The [Fritz (1935)] correlation gives the detachment diameter dbub as:

dbubbles = 0.0208 · β ·
[

σ

g · (ρL − ρV)

]

(3.1)

where β is the contact angle in degrees (°). [Jensen and Memmel (1986)] reported
twelve widely quoted correlations to predict bubble departure diameters in nucle-
ate pool boiling which can be used to determine the macro-to-micro transition.

3.1.3 Confinement number approach

In the microscale, the influence of gravity is surpassed by that of surface tension.
Hence, no stratified flow can exist if the tube diameter is sufficiently small. [Kew
and Cornwell (1997)] proposed the Confinement number Co as a criterion, defined
as:

Co =
1

dh
·
√

σ

g · (ρL − ρV)
(3.2)

Co represents the ratio between surface tension forces and gravity forces. The
authors set the threshold at Co = 0.5, where Co > 0.5 is for microscale and Co <
0.5 is for macroscale. The threshold becomes smaller when the saturation pressure
increases. The transition diameter can be rewritten as:

dth = 2 · lcap (3.3)

where the capillary length is given as:

lcap =

√

σ

g · (ρL − ρV)
(3.4)

Based on their flow visualizations and film thickness uniformity/nonuniformity
measurements for R-134a, R-236fa and R-245fa during flow boiling in small chan-
nels of 1.03, 2.20 and 3.04 mm inner diameter, [Ong and Thome(2011a)] found that
the gravity forces were more dominant when Co < 0.34 but weak when Co > 1.0.
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18 CHAPTER 3. STATE OF THE ART REVIEW

The threshold diameter (dth), that is the threshold below which there are deviations
from macroscale flows, and the critical diameter (dcrit) representing the transition
criterion to microscale can be written as follows:

dth = 2.94 · lcap (3.5)

dcrit = 1 · lcap (3.6)

[Cheng and Wu (2006b)] used the Bond number to define transition criteria.
The Bond number is a common macro-to-microscale transition criterion for two-
phase flow and heat transfer derived from the confinement number approach. The
Bond number, Bd, scales the ratio between gravity and surface tension forces for a
tube of diameter dh and among various definitions, is often written as:

Bd =
g · (ρL − ρV) · d2

h

σ
(3.7)

They classified phase change heat transfer in channels according to the Bond
number as follows:

• microscale if Bd < 0.05, the effect of gravity can be neglected

• mesoscale if 0.05 < Bd < 3, surface tension effect becomes dominant and grav-
itational effect is small

• macroscale if Bd > 3, the surface tension is small in comparison with gravita-
tional force

The diameters of transition proposed by [Cheng and Wu (2006b)] can be ex-
pressed as following:

dth = 1.73 · lcap (3.8)

dcrit = 0.224 · lcap (3.9)

From the analysis of the microscale flow pattern data of [Triplett et al. (1999)]
for air-water in a 1.1 mm channel, [Ullmann and Brauner (2007)] suggested that
the Eötvos number played a major role in flow pattern transitions and the disap-
pearance of stratified flows. Hence, this number appears to be a good candidate to
be used as a criterion for defining the two-phase macro-to-microchannel transition.
The Eötvos number is expressed as:

Eö =
g · (ρL − ρV) · l2c

8 · σ
(3.10)

where lc is the characteristic length. The practical difference between Bd and
Eö is that in the definition of Bd the hydraulic diameter is used. In the Eötvos
number, lc is often replacing by dh. They recommended the macro-to-microchannel
threshold to occur at an Eötvos number of about 0.02. The transition diameter can
be written as:

dth = 0.4 · lcap (3.11)
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3.1. MACRO-TO-MICROSCALE TRANSITION 19

Their observations, based on the flow regime with respect to the hydraulic di-
ameter dh resulted in the following classifications:

• dh < dth: Gravity forces are insignificant compared to surface tension factors
and no stratified flow exists as in microscale.

• dh > dth : Gravity forces are dominant and the flow regimes are similar to
macroscale flow.

[Harirchian and Garimella (2010)] developed a new transition criterion based
on the fact that bubble confinement depends on channel size and on the mass flux
since the bubble diameters varies with flow rate. Using FC-77 flow visualizations,
they divided their experimental values into two groups: confined and unconfined
flow. They correlated their transition between confined and unconfined flow:

Bd0.5 · ReLO =
1

µL
·
(

g · (ρL − ρV)

σ

)0.5

·G · d2
h = 160 (3.12)

[Harirchian and Garimella (2010)] defined the convective confinement number
expressed as Bd0.5 · ReLO. Their analysis resulted in the following classification:

• for Bd0.5 · ReLO < 160, confined flow corresponding to microchannel

• for Bd0.5 · ReLO > 160, unconfined flow corresponding to macrochannel

This criterion seems able to predict the confined and unconfined nature of the
flow for experimental observations in literature having water, dielectric liquids and
refrigerants as working fluids. The threshold diameter can be rewritten as follows
(see [Baldassari and Marengo (2013)]):

dth =
160

ReLO
· lcap (3.13)

3.1.4 Young-Laplace equation approach

[Li and Wang (2003)] conducted an analysis to predict the influence of tube size on
two-phase flow regimes for flow condensing in mini/microchannels. They studied
the gravitational effect on the transition from symmetric flow (where gravity can
be ignored) to asymmetric flow (where gravity cannot be ignored). Based on the
Young-Laplace equation, they proposed the following critical and threshold values
of the tube diameter (dcrit and dth) as a function of the capillary length (lcap) as:

dcrit = 0.224 · lcap (3.14)

dth = 1.75 · lcap (3.15)

Their critical diameter is similar to the bubble departure diameter in the Fritz
equation above if the contact angle is set to 10°. Their threshold diameter differs
from that of [Kew and Cornwell (1997)] only by the value of the multiplier (1.75
rather than 2).
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Table 3.1: Summary of the threshold diameter expressions and the values of Eötvos
number corresponding.

Authors Diameters Eötvos number

[Kew and Cornwell (1997)] dth = 1.73· lcap Eö = 4

[Ong and Thome(2011a)] dth = 2.94· lcap Eö = 8.65
dcrit = 1· lcap Eö = 1

[Cheng and Wu (2006b)] dth = 1.73· lcap Eö = 3
dcrit = 0.224· lcap Eö = 0.05

[Ullmann and Brauner (2007)] dth = 0.4· lcap Eö = 0.02

[Harirchian and Garimella (2010)] dth=(160/ReLO) · lcap Eö = (160 / ReLO)2

[Li and Wang (2003)] dth = 1.75· lcap Eö = 3.06
dcrit = 0.224· lcap Eö = 0.05

Their observations, based on the flow regime with respect to the hydraulic di-
ameter dh resulted in the following classifications:

• dh < dcrit: Gravity forces are insignificant compared to surface tension factors
as in microscale. Annular, elongated bubble and bubble flow regimes are
symmetrical (equivalent to Co > 4.46)

• dcrit < dh < dth: Gravity and surface tension forces are equally dominant. A
slight stratification of the flow distribution is observed (equivalent 0.57 <
Co < 4.46)

• dth < dh: Gravity forces are dominant and the flow regimes are similar to
macroscale flow (equivalent to Co < 0.57)

Hence, this is apparently the first proposition for macro-to-miniscale and mini-
to-microscale threshold criteria which can be applicable to adiabatic flows and flow
boiling.

3.1.5 Comparison of the macro-to-micro transition thresholds

Table 3.1 summarizes the expressions of the transition threshold diameters previ-
ously quoted as well as the transition values of Eötvos number. Figure 3.1 dis-
plays a comparison of the threshold diameter calculated from several macro-to-
microscale criteria evaluated for R-245fa as a function of saturation temperature.
In conclusion, there is still a significant difference of opinions with respect to the
two-phase macro-to-microscale transition. As an example, a channel of diameter
dh = 3.0 mm (diameter that will be used further on) belongs either to macrochan-
nel at high saturation temperature or to macrochannel or minichannel (according
to the criterion of [Ong and Thome(2011a)]) at low saturation temperature.
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Figure 3.1: Comparison of selected macro-to-microscale transition criteria for
R-245fa as a function of saturation temperature (The threshold diameter of
[Harirchian and Garimella (2010)] was calculated from Eq. (3.13) with ReLO = 100).
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3.2 Flow patterns

One of the most important features of two-phase flows is the variety of flow pat-
terns that can be encountered. The study of two-phase flow patterns describes how
the liquid and vapor phases are distributed. Heat transfer coefficients and pres-
sure drops are closely related to the two-phase flow structure of the fluid, and by
consequence, two-phase flow pattern prediction is always required for a correct
description of two-phase thermohydraulics. In this section, some techniques de-
veloped to characterize the flow patterns will be presented and described. Next,
the flow patterns encountered in macrochannels and in mini-/microchannels will
be described and, in the last part, a survey of two-phase flow patterns maps will be
presented. This review will draw attention to the following main points:

• the existing techniques to characterize the two-phase flow patterns, their ad-
vantages and their drawbacks

• the most commonly flow structures observed in macro-, mini-, and microchan-
nels

• the influence of saturation temperature on the flow patterns

• the influence of saturation temperature, heat flux, and mass velocity on the
flow regime transitions

3.2.1 Two-phase flow pattern characterization techniques

The conventional experimental techniques to characterize the two-phase flow pat-
terns can be classified into two types: contact measurement and non-contact mea-
surement. For contact measurement, [Serizawa et al. (1975)] pioneered detailed
experiments in bubbly flow using hot-film anemometers and studied liquid turbu-
lent structure. An improved system of conductance probes was used by [Barnea
et al. (1980)] to identify the flow patterns in two-phase horizontal, near horizontal
and upward flows. The limit of these techniques is the requirement of the greatest
accuracy, because the sensor is set up in the flow region.

Furthermore, in order to increase the objectivity, indirect methods were de-
veloped dealing with the statistical analysis of fluctuations in measured pressure
or void fraction. [Rouhani and Sohal (1983)] confirmed the correlation between
flow regime and the fluctuation characteristics of the two-phase flow properties
using mathematical and statistical models to analyze these fluctuations. [Matsui
(1984)], [Matsui (1986)] and [Olivier et al. (2007)] investigated the differential pres-
sure fluctuations to characterize the flow regime transitions. [Canière et al. (2010)]
developed a capacitive void fraction sensor to study the flow pattern mapping of
horizontal refrigerant two-phase flow in macroscale tubes. Figure 3.2 represents
three typical sensor signals for a slug flow, an intermittent flow, and an annular
flow.

For the non-contact measurement, optical methods, X-rays and ultrasounds
were used. On one hand, some techniques dealing with opaque channel were de-
veloped. [Jones and Zuber (1975)] used a X-rays void fraction measurement sys-
tem to obtain statistical measurements in normally fluctuating air-water. [Xu and
Xu (1998)] developed an ultrasonic facility for tomographic imaging of gas/liquid
two-phase flows. On the other hand, for transparent channels, some techniques
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Figure 3.2: Capacitive void fraction signals of R-410A at Tsat = 15◦C obtained by
[Canière et al. (2010)]: (a) slug flow, (b) intermittent flow, and (c) annular flow.

were elaborated. The earlier experimental results were mostly based on a quali-
tative approach using direct observations from high speed photography or video
technique: [Hewitt and Roberts (1969)] with vertical flows, [Baker (1954)], [Taitel
and Dukler (1976)] and [Suo and Griffith (1963)] for horizontal flows. More re-
cently, [Serizawa et al. (2002)] visualized gas-liquid two-phase flow patterns with a
microscope for air-water flow in circular tubes of 20, 25 and 100 µm diameters and
for steam-water flow in a 50 µm.

The best approach to identify the flow patterns is to quantitatively define cri-
teria typical of each two-phase flow pattern. For instance, [Wojtan et al. (2005a)]
used measurements and trends observed in the void fraction to determine the flow
patterns. They applied the technique developed by [Ursenbacher et al. (2004)].
Later, [Revellin et al. (2006)] chose the bubbles frequency, the coalescence rates,
and the mean bubble length as criteria to identify the flow patterns. For this, they
developed an optical measurement method using two laser diodes and photodi-
odes, as shown in Fig. 3.3. More recently, [Sempértegui-Tapia et al. (2013)] used a
similar technique.

Some of these techniques were optimized to obtain the bubble characteristics:
the bubble velocity, the bubble frequency, the percentage of small bubbles and the
mean bubble length. [Agostini et al. (2008)] investigated the velocity of elongated
vapor bubbles exiting two horizontal micro-evaporator channels with refrigerant
R-134a. Experimental video sequence with tube diameters of 509 and 790 µm were
obtained with a high-speed high-definition digital video camera. [Revellin et al.
(2008)] used the optical measurement method for two-phase flow pattern charac-
terization developed by [Revellin et al. (2006)] to determine the frequency of bub-
bles generated in a microevaporator, the coalescence rates of these bubbles and the
distribution of their length as well as their mean velocity. [Arcanjo et al. (2010)]
investigated the bubbles velocity and frequency with R-134a and R-245fa evapo-
rating in a stainless steel tube with diameter of 2.32 mm. [Revellin et al. (2008)]
and [Arcanjo et al. (2010)] concluded that the bubble velocity increases with in-
creasing mass velocity and vapor quality. Figure 3.4 presents the results of [Rev-
ellin et al. (2008)] on the influence of mass velocity and vapor quality on bubble
velocity. They also noted that the frequency of bubbles passes through a peak with
increasing the vapor quality from 0, as shown in Fig. 3.5. Moreover, they observed
that the frequency peak value increased with increasing the mass velocity.
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Figure 3.3: Shematic of the laser instrumentation developed by [Revellin et al.
(2006)].

Figure 3.4: Elongated bubble velocity as a function of vapor quality for Tsat =35◦C
with R-134a flowing in a 0.5 mm microchannel (from [Revellin et al. (2008)]).
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Figure 3.5: Frequency of bubbles as a function of vapor quality for various mass
velocities and Tsat =31◦C with R-134a and R-245fa in a 2.32 mm inner diameter
tube (from [Arcanjo et al. (2010)]).

Only a few articles dealing with flow pattern characterization by image pro-
cessing are available in the literature. [Zhang et al. (2010)] proposed a method for
pattern recognition of gas-liquid two-phase flow regimes based on improved local
binary pattern (LBP) operator (operator used to measure the local contrast in tex-
ture analysis). [Ong and Thome(2011a)] developed an image processing method to
determine the liquid film thicknesses at the top and bottom of a tube. [Hanafizadeh
et al. (2011)] analyzed vertical air-water flows by means of an image processing
technique based on the binarization of pictures derived from films recorded with a
high-speed video camera. Their final processed images of different flow regimes in
air-water, two-phase flow in minichannel are represented on Fig. 3.6. This method
is unable to determine bubble frequency, percentage of small bubbles and velocity.

Figure 3.6: Final processed images of different two-phase flow regimes in a 2.0 mm
inner diameter channel for air-water provided by [Hanafizadeh et al. (2011)].
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3.2.2 Experimental studies on flow regimes

The respective distribution of liquid and vapor phases in a two-phase flow is an
important aspect of its description. Their distributions exhibit commonly observed
flow structures, which are defined as two-phase flow patterns that have particular
identifying characteristics. Here below, various studies on flow pattern character-
ization dealing with macro-, mini-, and microchannel flows are reported. At the
end of this section, a few publications dealing with the influence of saturation tem-
perature are also reported.

The first study on flow patterns in minichannels was seemingly performed by
[Suo and Griffith (1963)], who identified different flow patterns using channels of
1.03 mm and 1.60 mm inner diameter: bubbly/slug flow, slug flow, and annular
flow. They used heptane or water as liquid phase, while using helium or nitrogen as
gas phase. A relatively comprehensive summary and representation of gas-liquid
flow patterns was provided by [Wambsganss et al. (1991)].

[Kew and Cornwell (1997)], [Cornwell and Kew (1993)] and [Cornwell and Kew
(1995)] conducted experiments with R-113 in a 1.2 mm × 0.9 mm rectangular chan-
nel. They identified three different flow regimes in their study: isolated bubbles
flow, confined bubbles flow and slug/annular flow. These three flow regimes are
schematically represented on Fig. 3.7. Many authors also observed these three ba-
sic flow patterns: [Damianidis and Westwater (1987)], [Mertz et al. (1996)], [Kasza
et al. (1997)] and [Sheng and Palm (2000)]. [Mertz et al. (1996)] investigated evap-
oration in single- and multichannel test sections with water and R-141b in small
vertical channels that were from 1 to 3 mm wide with aspect ratios up to 3. [Dami-
anidis and Westwater (1987)] studied air-water two-phase flow in a 1.0 mm inner
tube diameter, and [Sheng and Palm (2000)] investigated flow boiling of water in
vertical glass tubes with diameter ranging from 1.0 to 4.0 mm.

Figure 3.7: Schematic proposed by [Kew and Cornwell (1997)] showing flow
regimes results with R-113 in a 1.2 mm × 0.9 mm rectangular channel: IB - isolated
bubble, CB - coalescing bubble, and ASF - annular slug flow.

Additional flow patterns were named by other authors to describe microchan-
nel two-phase flows. [Kuwahara et al. (2000)] performed flow boiling experiments
with R-134a in a 1.2 mm horizontal tube with mass velocities ranging from 80 to
1260 kg/m2·s. The flow patterns observed through the glass tube section in the
ranges of vapor quality of x = 0.008-0.975 at a constant pressure of 0.92 bar were:
bubble flow, plug flow, slug flow, wavy-annular flow and annular flow. [Yang and
Shieh (2001)] performed experimental investigation of two-phase flow patterns for
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refrigerant R-134a and air-water in horizontal tubes with inner diameter from 1.0
to 3.0 mm. They reported six distinct flow regimes, as shown on Fig. 3.8: bubbly
flow, plug flow, wavy flow, slug flow, annular flow and dispersed flow.

Figure 3.8: Photographs of air-water flow patterns in a 3.00 inner diameter tube
visualized by [Yang and Shieh (2001)]: (a) bubble flow, (b) plug flow, (c) wavy flow,
(d) slug flow, (e) annular flow, and (f) dispersed flow.

More recently, [Revellin et al. (2006)] investigated flow boiling of R-134a at
30◦C in a 0.5 mm glass channel and reported, using a new optical measurement
method, four flow patterns: bubbly flow, slug flow, semi-annular flow and an-
nular flow. They observed collision of bubbles which is a one-dimensional phe-
nomenon caused by the small dimension of the channel. The bubble coalescence
rates were observed to be an important phenomenon controlling the flow pattern
transition in microchannels. From their observations, they also defined two other
regimes: isolated bubbles and coalescing bubbles. [Revellin and Thome (2007a)]
performed new experiments in 0.5 mm and 0.8 mm diameter glass channels us-
ing R-134a and R-245fa at 26, 30 and 35◦C saturation temperatures. They observed
the same flow patterns as in the previous study ( [Revellin et al. (2006)]). [Tibiricá
and Ribatski (2010)] characterized flow patterns for R-134a and R-245fa as working
fluids in a 2.3 mm inner diameter tube at three different saturation temperatures:
22, 31 and 41◦C. [Ong and Thome(2011a)] presented experimental two-phase flow
pattern observations for channel with inner diameters of 1.03, 2.20 and 3.04 mm
with R-134a, R-236fa and R-245fa. They observed flow patterns similar to those
reported by [Revellin et al. (2006)] and they grouped together, for a seek of sim-
plicity, “wavy-annular” and “smooth-annular” into “annular flow”. [Arcanjo et
al. (2010)] performed two-phase flow pattern visualizations and measurements of
elongated bubble velocity, frequency, and length. Their tests were run for R-134a
and R-245fa evaporating in a 2.32 mm inner diameter tube with mass velocities
ranging from 50 to 600 kg/m2·s and saturation temperatures of 22, 31, and 41◦C.
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They identified the following flow patterns: bubbly, elongated bubbles, churn, and
annular flows. Many other research works dealing with two-phase flow visual-
izations are available in the literature: [Saisorn and Wongwises(2010a)], [Saisorn et
al. (2010b)], [Saisorn et al. (2011)], [Galvis and Culham (2012)], [Harirchian and
Garimella (2012)], [Celata et al. (2012)], [Zeguai et al. (2013)], and [Sempértegui-
Tapia et al. (2013)]. In conclusion, there is no consensus on two-phase flow regime
definitions and a multitude of names are available in the literature. In order to clar-
ify this situation, [Thome et al. (2013)] defined five primary flow regimes (bubbly
flow, slug flow, annular flow, stratified flow and mist flow) and assumed other flow
patterns as subregimes or transition modes between these major flow regimes.

In order to investigate the effect of the channel diameter on the flow patterns,
[Chung and Kawaji (2004)] performed experiments of two-phase flow with nitro-
gen gas and water in several circular channels of 530, 250, 100 and 50 µm diameter.
For channels of 250 and 530 µm, the flow patterns observed were consistent with
those appearing in minichannels of 1.0 mm: bubbly flow, slug flow, churn flow,
slug-annular flow and annular flow. For channels of 50 and 100 µm, essentially
only slug was identified under the flow conditions investigated. [Revellin et al.
(2006)] provided a comparison of elongated bubbles in 2.0, 0.8 and 0.5 mm chan-
nels to demonstrate that gravity has essentially no buoyancy effect for the 0.5 mm
channel as shown in Fig. 3.9. In the 2.0 mm channel, the difference in film thickness
at the top compared to that at the bottom is notable. Similarly, the film thickness in
the 0.790 mm channel is not uniform above and below the bubble. In contrast, in
the 0.509 mm channel, the film is quite uniform.

Figure 3.9: Elongated bubble for three different channel diameters: (a) 2.0 mm
channel, (b) 0.8 mm channel, and (c) 0.5 mm channel. From [Revellin et al. (2006)].

Concerning stratification effect, [Triplett et al. (1999)] highlighted the role of
surface tension which becomes more important in smaller diameter channels. In
their investigations, stratified flow never occurred for gas-liquid flows in circular
microchannels with 1.10 and 1.45 mm inner diameters, and with semi-triangular
(triangular with one corner smoothed) cross-sections with hydraulic diameters of
1.09 and 1.49 mm. Surface tension was dominant and, slug and churn flow patterns
occurred over extensive ranges of parameters. On the other hand, [Kasza et al.
(1997)] presented a detailed study on flow visualization and reported stratified flow
at very low flow rates, in their case 21 kg/m2·s with water in a large rectangular
flow channel of 2.5 × 6.0 mm.

Regarding dryout and mist flow regimes, some authors have used heat trans-
fer coefficient measurements to identify these flow patterns. As a matter of fact,
the process of evaporation in horizontal tubes during the transition from annular
to mist flow is accompanied by the inception of the dryout at the top of the tube,
while the onset of the dryout is accompanied by a drastic drop of the heat trans-
fer coefficient relative to that prior to dryout. These phenomena were observed

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



3.2. FLOW PATTERNS 29

by [Mori et al. (2000)] (see Fig. 3.10), [Mastrullo et al. (2012)] and [Wojtan et al.
(2005a)]. These latters provided a schematic of the flow patterns during dryout
shown on Fig. 3.11. As you can see on the figure, dryout occurs first at the top of
the tube where the liquid film is thinner, denoted as vapor quality xdi (section A-A),
and then progresses downward around the perimeter (section B-B) until reaching
the bottom (section C-C) at the vapor quality xde. [Wojtan et al. (2005a)] called the
regime between xdi and xde “dryout”.

[Mori et al. (2000)] and [Wojtan et al. (2005a)] proposed prediction methods
for both, vapor quality of dryout inception, xdi, and vapor quality of dryout com-
pletion, xde. [Katto (1984)], and [Sun and Groll (2002)] also provided correlations
to predict the vapor quality of dryout inception. For carbon dioxide, [Cheng et al.
(2006a)] and [Cheng et al. (2008)] used the same method to identify dryout and
mist flow regimes. [Kim and Mudawar (2013a)] proposed a correlation for dry-
out incipience quality from their database consisting of 997 dryout data points for
mini/microchannels from 26 sources. They highlighted the effects of working fluid,
heat flux, channel diameter, and saturation pressure on dryout incipience quality
using their correlation.

Figure 3.10: Representation of heat transfer coefficient in the neighborhood of dry-
out from [Mori et al. (2000)].

A few publications available in the literature deal with high saturation temper-
atures or high reduced pressures. [Mastrullo et al. (2012)] performed flow visu-
alizations in a horizontal smooth tube of 6.00 mm for carbon dioxide and R-410A,
varying the reduced pressure from 0.57 to 0.64 (saturation temperature in the range
of 7-12◦C) and 0.19 to 0.52 (saturation temperature in the range of 5-42◦C), respec-
tively. They observed four flow patterns: slug flow, intermittent flow, annular flow
and dryout flow.

3.2.3 Flow pattern maps

Flow pattern maps are used to predict the local two-phase flow configuration and
also to identify the transition from one flow pattern to another. The flow pattern
maps available in the literature were first developed for petrochemical industry,
subsequently, the adiabatic flow pattern maps were developed as general flow pat-
tern maps. In recent years, a number of flow pattern maps were developed for
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Figure 3.11: Schematic proposed by [Wojtan et al. (2005a)] of (a) dryout zone during
evaporation in a horizontal tube and (b) cross sections: A-A onset of dryout in
annular flow, B-B dryout, and C-C end of dryout and beginning of mist flow.

specific conditions (new fluids, small diameter tubes, evaporation or condensation,
and compact heat exchanger geometries). Here below, the most common flow pat-
tern maps for macroscale and for mini- and microscale are presented.

3.2.3.1 Macroscale flow pattern maps

One of the first flow pattern map for horizontal tubes was proposed by [Baker
(1954)] and developed for flow of oil and gas in large diameter pipes. This adia-
batic flow pattern map is based upon the superficial gas and liquid velocities rela-
tive to water-air mixtures. [Hewitt and Roberts (1969)] proposed a widely quoted
adiabatic flow pattern map for vertical upflow. [Sato et al. (1971)] and [Sato et al.
(1972)] proposed a diabatic flow pattern map based on observations for evaporat-
ing flow boiling experiments in horizontal channels. They based their map upon
flow rate and vapor quality.

For large diameter, [Mandhane et al. (1974)] provided a generalized flow pat-
tern map for air-water system (Fig. 3.12) which was quite representative of other
flow conditions as well. [Ishii (1975)] developed a map with three flow patterns:
separated, disperse and mixed. [Taitel and Dukler (1976)] proposed one of the most
widely quoted flow pattern map for the prediction of the transition between two-
phase flow regimes for adiabatic flow in horizontal tubes. This map is based on
their analytical analysis of the flow transition mechanisms together with empirical
selection of several parameters.

[Kattan et al. (1998a)] developed a flow pattern map for smaller diameter tubes
typical of heat exchangers. This map is a modification of the [Steiner (1993)] map,
which itself is a modification of [Taitel and Dukler (1976)] map and it includes a
method for predicting the onset of the dryout at the top of the tube in evaporating
annular flows. The axes of this map are the vapor quality, x, and the mass velocity,
G, which are typical parameters related to flow boiling. The intermittent-to-annular
transition occurs at a fixed value of vapor quality of 0.34.

Thome and co-workers added some improvements to this initial flow pattern
map by increasing their experimental database. [El Hajal et al. (2003)] flow pattern
map incorporated a newly defined method to calculate the vapor void fraction us-
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Figure 3.12: Flow pattern map of [Mandhane et al. (1974)] for air-water.

ing Rouhani-Axelsson model. For an inner diameter of 14.00 mm, [Zurcher et al.
(2002)] proposed a modification of [Kattan et al. (1998a)] flow pattern map for two
substitute refrigerants (R-134a and R-407C) and for one natural refrigerant (R-717,
ammonia) in which the transition line between annular and intermittent flow to
stratified flow was modified.

[Wojtan et al. (2005a)] modified the [Kattan et al. (1998a)] flow pattern map
to develop a significantly new version of the map. Based on their void fraction
measurements, the stratified-wavy region was divided into three subzones: slug,
slug/stratified-wavy and stratified-wavy. This map incorporates annular-to-dryout
and dryout-to-mist flow transition curves. It also takes into account the influence
of the heat flux on the annular-to-dryout and dryout-to-mist flow transition curves
using a non-dimensional ratio (q̇/q̇crit). This influence was the reason to modify the
approach of [Mori et al. (2000)]. This flow pattern map is represented on Fig. 3.13.

[Barbieri et al. (2008)] modified the [Kattan et al. (1998a)] flow pattern map
with a new intermittent-to-annular transition line. They investigated the flow boil-
ing of R-134a in smooth brass tubes of inner diameters varying from 6.2 mm to 12.6
mm at a saturation temperature of 5◦C. They used two non-dimensional groups:
the liquid Froude number, FrL, and the Lockhart-Martinelli parameter, X. [Cheng
et al. (2008)] flow pattern map based on the flow boiling heat transfer mechanisms
for horizontal tubes was developed specifically for carbon dioxide. This flow pat-
tern map is applicable to a wide range of conditions: hydraulic diameters from
0.8 to 10 mm, mass velocities from 170 to 570 kg/m2·s, heat fluxes from 5 to 32
kW/m2 and saturation temperatures from -28 to 25 ◦C (reduced pressures from
0.21 to 0.87). [Canière et al. (2010)] proposed flow pattern maps for R-410A and R-
134a in a smooth tube with an inner diameter of 8 mm at a saturation temperature
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Figure 3.13: Flow pattern map developed by [Wojtan et al. (2005a)] for R-22 at
Tsat =5◦C in a 13.84 inner tube diameter at G = 100 kg/m2· and q̇ = 2.1 kW/m2.

of 15◦C. The mass velocity ranged from 200 to 500 kg/m2·s. They found that the
intermittent-to-annular flow transition occurred at slightly higher vapor qualities
for R-410A compared to the prediction of [Barbieri et al. (2008)]. They obtained
an excellent agreement with R-134a. Recently, [Mastrullo et al. (2012)] proposed a
new flow pattern map with new easy-to-use correlations to explicitly illustrate the
effect of reduced pressure.

3.2.3.2 Mini- and microscale flow pattern maps

The first microscale flow pattern map, as far we know, was developed by [Suo and
Griffith (1963)]. Subsequently, [Triplett et al. (1999)] developed a flow pattern map
based upon the superficial gas and liquid velocities for air-water in a 1.1 mm inner
diameter circular tube. The flow pattern map provided by [Coleman and Garimella
(1999)] and [Coleman and Garimella (2000)] for R-134a with diameter ranging from
1.3 to 5.5 mm used a x-G format.

[Akbar et al. (2003)] proposed a flow pattern map based on the observations
of air-water flows in circular and near-circular channels with hydraulic diameters
less than or equal to 1.0 mm. They used a log-log format for their flow pattern map
with the vapor superficial Weber number, WeSV, and the liquid superficial Weber
number WeSL. This map is suggested for use only when Bond number is less than
0.3.

[Revellin et al. (2006)] detected the transitions between several flow patterns
from their tests in a 0.5 mm glass channel using saturated R-134a at 30◦C (7.7
bar). The associated flow pattern map is shown on Fig. 3.14. It is compared to
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a macroscale map developed by [Kattan et al. (1998a)]. There are two main differ-
ences between both maps:

• the microscale transition to annular flow is a function of the mass flux, whereas
it happens at a fix vapor quality for macroscale

• the microscale transition to annular flow happens at lower vapor quality than
in macroscale channels for high mass fluxes

Experimental transition lines

Kattan et al. (1998a) transition lines

Figure 3.14: Comparison between [Revellin et al. (2006)] and [Kattan et al. (1998a)]
flow pattern maps for R-134a with dh = 0.5 mm and Tsat = 30◦C (A: annular flow;
B: bubbly; B/S: bubbly/slug flow; S: slug flow; S/S-A: slug/semi-annular flow;
S-A: semi-annular flow).

Rather than segregating the observations into the traditional flow regimes of an
adiabatic map, [Revellin and Thome (2007c)] developed flow pattern maps which
classify flows into three types: (i) the isolated bubble regime, (ii) the coalescing
bubble regime, and (iii) the annular regime. Their database includes data for two
refrigerants (R-134a and R-245fa), two channel diameters (0.509 and 0.790 mm), and
three saturation temperatures (26, 30, and 35◦C). Figure 3.15 shows an example of
this flow pattern map.

[Ullmann and Brauner (2007)] recently proposed a microscale flow pattern map
derived from an analysis of the mechanisms controlling each flow pattern transition
and tailored to small diameter channels. Based on the flow pattern observations
of [Triplett et al. (1999)], they made significant modifications in the well-known
macroscale transition criteria. Their flow pattern map describes five flow regimes:
dispersed bubble, bubble, slug, aerated slug and annular.
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Figure 3.15: Diabatic coalescing bubble map of [Revellin and Thome (2007c)] for
evaporating flow in circular uniformly heated microchannels for R-134a with df =
0.5 mm and Tsat = 30◦C (IB: isolated bubble regime, CB: coalescing bubble regime,
A: annular regime, and PD: post dryout regime).

[Ong and Thome(2011a)] modified the flow pattern map developed by [Ong
and Thome (2009)] to predict both the macroscale and the microscale flow patterns.
They focused their experiments on the macro-to-microscale transition with inner
tube diameters ranging from 1.03 to 3.04 mm with R-134a, R-236fa and R-245fa
whereas the flow pattern map of [Ong and Thome (2009)] was developed only
for 1.030 mm inner diameter tube. They proposed a flow pattern map including
new dimensionless numbers accounting for the gravity, inertia and surface tension
effects. The introduction of the Froude number, Fr, accounts for the inertia and
gravity forces while the Confinement number, Co, accounts for the confined bub-
ble effect as a function of the capillary length.

[Arcanjo et al. (2010)] compared their experimental data of flow visualization
with R-245fa to the flow pattern map data of [Revellin et al. (2006)] and [Ong and
Thome (2009)]. They investigated the influence of the saturation temperature on
the ability of the flow pattern maps of [Revellin et al. (2006)] and [Ong and Thome
(2009)] to predict the experimental flow patterns. Figure 3.16 shows that the exper-
imental intermittent-to-annular transitions are dependent on saturation tempera-
ture whereas the intermittent-to-annular transition lines of [Revellin et al. (2006)]
and [Ong and Thome (2009)] do not take into account the effect of the saturation
temperature.

More recently, [Costa-Patry and Thome (2012)] proposed a new flow pattern
map from their experimental results for several multi-microchannel evaporators.
They proposed a new correlation for the coalescing bubble-to-annular flow transi-
tion which takes into account the influence of the heat flux. They used two dimen-
sionless numbers: the boiling number, Bo, and the Confinement number, Co.
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Figure 3.16: Comparison between the experimental data of [Arcanjo et al. (2010)]
and the predictive methods (lines) by [Ong and Thome (2009)] and by [Revellin et
al. (2006)] with R-245fa in a 2.32 mm inner diameter channel at (a) Tsat = 22◦C and
(b) Tsat = 41◦C.

The two-phase flow patterns were widely investigated since 1954 and the first
flow pattern map developed by [Baker (1954)]. Previous works also indicate that
the influence of some parameters (hydraulic diameter, heat flux) was much more
investigated than that of other parameters, among which the saturation tempera-
ture.

3.2.4 Conclusions

Among the numerous techniques developed to determine regimes that can take
place during two-phase flows, the techniques using detailed physical information
of the flow are the most promising. The image processing technique represents
the most convenient technique to implement for a laboratory disposing of a high
speed high resolution video camera. This technique has to be coupled with the
measurement of the heat transfer coefficient to characterize the dryout inception.

Even if many authors seem to use different names, six flow regimes seem to be
commonly recognized in the literature: bubbly flow, slug flow, annular flow, strati-
fied flow, dryout flow and mist flow. These six primary flow regimes are schemat-
ically represented on Fig. 3.17. Other flow patterns are subregimes or transition
modes between these major flow regimes.

To date, only few studies have been carried out to investigate the effect of sat-
uration temperature on the two-phase flow structure. Nevertheless, some results
on the influence of saturation temperature on the bubble dynamics suggest that
the saturation temperature may be an important factor. The transitions to annular
flow and to dryout flow may be strongly influenced by the saturation temperature.
The results of [Revellin et al. (2008)] and [Arcanjo et al. (2010)] on the influence
of saturation temperature on the elongated bubbles characteristics, shown on Fig.
3.18, tend to corroborate its major role. Therefore, the study of two-phase flow and
the development of new flow pattern maps valid at high saturation temperature
should be one goal of the present research work.
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Bubbly flow Slug flow

Mist flow

Annular flowStratified flow

Dryout flow

Figure 3.17: Schematic of the 6 primary flow regimes commonly recognized in the
literature.

a b

c

Figure 3.18: Influence of saturation temperature on elongated bubbles characteris-
tics: (a) elongated bubble velocity as a function of vapor quality for R-134a flowing
in a 0.5 mm inner diameter tube at G = 1000 kg/m2·s from [Revellin et al. (2008)],
(b) elongated bubble length as a function of vapor quality for R-134a flowing in a
0.5 mm inner diameter tube at G = 1000 kg/m2·s from [Revellin et al. (2008)], and
(c) elongated bubble frequency as a function of vapor quality from [Arcanjo et al.
(2010)].
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3.3 Pressure drop

The reliable prediction of pressure drop in two-phase flows is an important pre-
requisite to accurate optimization of thermal systems. The total pressure drop of a
fluid is due to the variation of potential and kinetic energy of the fluid and to the
friction on the channel walls or between the phases. Thus, the total pressure drop
∆Ptotal is the sum of the static pressure drop (elevation head) ∆Pstatic, the momen-
tum pressure drop (acceleration) ∆Pmom, and the frictional pressure drop ∆Pfrict:

∆Ptotal = ∆Pstatic + ∆Pmom + ∆Pfrict (3.16)

For a horizontal tube (i.e. the configuration of interest in the next chapters),
there is no change in static head, i.e. ∆Pstatic =0. The momentum pressure drop
reflects the change in kinetic energy of the flow due to the flashing or diabatic ef-
fect. When measuring two-phase pressure drops in horizontal tubes, the frictional
pressure drop is obtainable by subtracting the momentum pressure drop from the
measured total pressure drop. The frictional pressure drop results from the shear
stress between the flowing fluid and the channel wall and between the phases of
the fluid itselfs.

A concise summary of experimental researches on two-phase flow pressure
drop is presented below and considers only two-phase pressure drop studies for
horizontal channels with different sizes: macro-, mini-, and microchannels. The
objective is to illustrate typical trends observed in the literature. This review draws
attention to the following main points:

• the difference between two-phase flow pressure drop in macrochannels and
microchannels

• the effect of the nature of flow pattern on the two-phase flow pressure drop

• the effect of mass flux, reduced pressure, and saturation temperature on the
two-phase flow pressure drop

• the range of saturation temperature used during the two-phase flow pressure
drop studies

3.3.1 Experimental studies for pressure drop in straight tubes

Frictional two-phase pressure drops in internal geometries have been experimen-
tally investigated over the last three decades by several authors. Figure 3.19 presents
the number of data points published in the open literature (122 articles for 23 re-
frigerants since 1980) only for refrigerants flow boiling. We see that R-245fa was
not a favorite fluid in the past. Actually, it regained some interest during the last
decades because of its possible application for electronic cooling and air condition-
ing (see [Zyhowski et al. (2002)]).
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Figure 3.19: Number of pressure drop data points (22363 data points in total) for
each refrigerant published in 122 articles since 1980 for flow boiling ( [Charnay et
al. (2011)]).

3.3.1.1 Pressure drop studies in macrochannels

[Kuo and Wang (1996)] reported diabatic and adiabatic experimental pressure drop
data for R-22 and R-407C in a microfin tube with inner diameter of 9.52 mm. They
investigated the effect of mass velocity on the pressure drop. They observed from
their results that the pressure drop increased significantly with increasing the mass
velocity and the vapor quality. All the studies quoted in this section corroborate
these trends. So, the effects of mass velocity and vapor quality are clearly estab-
lished and hence typical representation of these effects on the two-phase flow pres-
sure drop in macrochannels can be plotted. These effects are schematically repre-
sented on Fig. 3.20.
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Figure 3.20: Schematic of the typical trends of two-phase flow pressure drop ob-
served in macrochannels: influence of the mass velocity and the vapor quality.
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[Zhang and Webb (2001)] investigated the two-phase pressure drop character-
istics for R-134a, R-22, and R-404A flowing in a multiport extruded aluminium tube
with hydraulic diameter of 2.13 mm, and in two copper tubes having inside diame-
ters of 6.25 and 3.25 mm, respectively. They studied the influence of the saturation
temperature on the pressure drop. The saturation temperature ranged from 20 to
65◦C. They noted a decrease of the two-phase flow pressure drop with increas-
ing the saturation temperature as represented on their results on Fig. 3.21. This
influence of the saturation temperature on the pressure drop was also observed
by [Wang et al. (2001)], [Wongsa-ngam et al. (2004)], [Park and Hrnjak (2007)], [De
Rossi et al. (2009)], [Oh and Son (2011)], and [Padilla et al. (2011)]. Typical rep-
resentation of the results available in the literature on the influence of saturation
temperature is represented on Fig. 3.22.

Figure 3.21: R-22 two-phase flow pressure drop measured by [Zhang and Webb
(2001)] in a 3.25 mm inner diameter tube.
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Figure 3.22: Schematic of the typical trends of two-phase flow pressure drop ob-
served in macrochannels: influence of the saturation temperature.

[Ould Didi et al. (2002)] provided pressure drop data points for five refrig-
erants (R-134a, R-123, R-402A, R-404A and R-502) flowing in two horizontal test
sections of 10.92 and 12.00 mm inner diameters. In their study, the saturation tem-
perature ranged from -1.3 to 30.7◦C. They classified their data by flow pattern using
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the [Kattan et al. (1998a)] flow pattern map. They segregated their database into
annular flow, intermittent flow, and stratified-wavy flow. They found that the best
correlation for annular flow was that of [Müller-Steinhagen and Heck (1986)], the
best for intermittent flow was that of [Grönnerud (1979)], and the best for stratified-
wavy flow was that of [Grönnerud (1979)]. [Greco and Vanoli (2006)] used the same
flow pattern map to determine the flow regimes. They provided two-phase flow
pressure drop data obtained with several refrigerants (R-22, R-507, R-404A, R-134a,
R-407C, and R-410A) in a horizontal, smooth, stainless steel tube with an inner di-
ameter of 6.00 mm. The experimental tests were carried out at an almost constant
saturation pressure of 7.0 bar (saturation temperature ranging from -28 to 25◦C).
They investigated the effect of the kind of flow regimes on the pressure drop:

• intermittent flow: a slight increase of the pressure drop when increasing the
vapor quality with some anomalies

• annular flow: a stiff increase of the pressure drop when increasing the vapor
quality

• mist flow: a decrease of the pressure drop when increasing the vapor quality

In the same spirit, [Quibén and Thome (2007a)] investigated the trends of vapor
quality versus the vapor quality. They provided experimental data on two-phase
flow pressure drop of R-134a, R-22 and R-410A in horizontal channels with two
different sizes (8.0 and 13.8 mm). They noted two distinct behaviors over the range
of vapor quality (see Fig. 3.23):

• an increase of the pressure drop when increasing the vapor quality until a
maximum value

• a falloff of the pressure drop after the maximum value until the complete
evaporation

Figure 3.23: Frictional pressure gradients versus vapor quality for different mass
velocities. From [Quibén and Thome (2007a)].
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They identified two distinct configurations: (i) the location of the peaks was
near to the onset of dryout at the top of the tube or (ii) the peak occurred before the
onset of the dryout. For the second configuration, they associated the appearance
of this peak with the damping out of interfacial waves (as the annular film thins)
to explain this phenomenon. They compared their database to the correlations of
[Grönnerud (1979)] and [Müller-Steinhagen and Heck (1986)]. Only 40 % of the
data were captured within ±20% by the [Grönnerud (1979)] correlation whereas
that of [Müller-Steinhagen and Heck (1986)] provided the best accuracy, but with
only 50% of the data captured within ±20%. [Mauro et al. (2007)] compared their
database obtained for a 6.00 mm inner diameter horizontal smooth tube and for
different refrigerants (R-22, R-507, R-404A, R-407C, R-410A, R-417A and R-507A)
and different experimental conditions (saturation temperature ranging from -18.4
to 46.2◦C) to four correlations and to the phenomenological model of [Quibén and
Thome (2007b)] developed from the previous database. They statistically showed
that the method of [Grönnerud (1979)] and that developed by [Quibén and Thome
(2007b)] were equally accurate.

[Filho et al. (2004)] provided pressure drop results of R-134a under convec-
tive boiling conditions in horizontal smooth and microfinned copper tubes. Ex-
periments were carried out at a saturation temperature of 5◦C with different inner
diameters ranging from 6.24 to 8.76 mm for smooth tubes and from 6.40 to 8.92
mm for microfinned tubes. They investigated the influence of inner tube diameter
and they concluded that pressure drop decreased with increasing inner tube diam-
eter. This trend was confirmed later by [Quibén and Thome (2007a)] and [Padilla
et al. (2011)]. The typical trend of evolution of the pressure drop with the quality
for various channel diameters is schematically depicted on Fig. 3.24. The corre-
lation of [Jung et al. (1989)] was found to be the best prediction correlation for
smooth tube. [De Rossi et al. (2009)] reached the same conclusion when compar-
ing their experimental database to several predictive methods for pressure drops.
Their database was obtained with R-134a flowing inside a 6.00 mm inner diameter,
smooth and horizontal stainless steel tube with a saturation temperature ranging
from -8.9 to 19.9◦C.

Vapor quality [-]

P
re
s
s
u
re
 d
ro
p
 [
P
a
]

0 1

Diameter

Figure 3.24: Schematic of the typical trends of two-phase flow pressure drop ob-
served in macrochannels: influence of the inner tube diameter.
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[Park and Hrnjak (2007)] measured the two-phase flow pressure drop in a 6.1
mm inner diameter horizontal smooth tube for CO2, R-410A and R-22. This study
was performed at two different saturation temperatures of -15 and -30◦C. The pres-
sure drop measured for CO2 was much lower than that of R-22 and R-410A at iden-
tical conditions. They found that the correlation of [Müller-Steinhagen and Heck
(1986)] was the best at predicting their data. [Padilla et al. (2011)] found the same
results when comparing their 819 experimental pressure drop data to several cor-
relations. Their database was obtained during two-phase flow of refrigerants HFO-
1234yf, R-134a and R-410A in horizontal straight tubes. The inner diameter ranged
from 7.90 to 10.85 mm and the saturation temperature from 4.8 to 20.7◦C. The best
accuracy was given by the correlation of [Müller-Steinhagen and Heck (1986)] with
around 90% of the data predicted within a ± 30% error band.

[Oh and Son (2011)] reported flow boiling pressure drop data of CO2 in a 4.57
mm inner diameter horizontal tube. The saturation temperature ranged from 0 to
40◦C. They compared their database against the correlations of [Chisholm (1973)],
[Friedel (1979)], [Jung et al. (1989)] and, [Choi et al. (1999)]. They concluded by
noting that none of the empirical correlations assessed in their study were able to
predict correctly the pressure drop of CO2.

Table 3.2 summarizes the experimental conditions corresponding to the previ-
ous quoted studies.

3.3.1.2 Pressure drop studies in mini- and microchannels

Pressure drop in small diameter tubes was studied by a number of investigators.
[Lazarek and Black (1982)] investigated the pressure drop for saturated boiling of
R-113 in a round tube with an internal diameter of 3.1 mm. They conducted sys-
tematic experiments to evaluate the three components of pressure drop (i.e. mo-
mentum, static, and frictional pressure drop). They correlated their database to
predict each component of the pressure drop.

[Tran et al. (2000)] provided two-phase flow pressure drop measurements with
three refrigerants (R-134a, R-12, and R-113) at six different saturation pressures
ranging from 1.38 to 8.56 bar (saturation temperature ranging from 5.5 to 63.9◦C)
and in two sizes of circular channels (2.46 and 2.92 mm inner diameters) and one
rectangular channel (4.06 × 1.7 mm). They observed an increase of the pressure
drop when the vapor quality and the mass velocity increased. These results are
similar to those measured in macrochannels and shown on Fig. 3.20. They also
investigated the influence of the saturation temperature on the two-phase pressure
drop of R-134a (saturation temperatures ranging from 11.9◦C to 32.8◦C) and R-12
(saturation temperatures ranging from 16.8◦C to 34.0◦C). The pressure drop was
higher at a lower saturation temperature. For R-134a, they observed that a de-
crease in saturation temperature of 50% caused an increase in two-phase flow pres-
sure drop of about 60%. This observation was similar to that made in macroscale
conditions reported on Fig. 3.22. These observations indicated a similar behavior
in macro- and minichannels. [Yun and Kim (2004)] corroborated these results from
two-phase pressure drop data of CO2 flowing in circular channels with inner diam-
eters of 2.0 and 0.98 mm and rectangular channels with hydraulic diameters rang-
ing from 1.08 to 1.54 mm and saturation temperatures varying from 0 to 10◦C. [Tran
et al. (2000)] evaluated five correlations developed for macrochannels: they were
all found unable to predict the pressure drop in minichannels in any of these test
conditions. These authors developed a correlation taking into account the effects of
surface tension and channel size.
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Table 3.2: Summary of experimental two-phase flow pressure drop studies in macrochannels (C: circular; F: finned; H: horizontal; M: multiport
channel; S: smooth).

Author Fluid Geometry dh [mm] Length [mm] q̇ [kW/m2] G [kg/m2·s] Tsat [◦C] x [-]
[Kuo and Wang

(1996)]
R-22/R-407 H - F - C 9.52 1300 6-14 100-300 1.66 - 6.04 0.1-0.9

[Zhang and Webb
(2001)]

R-134a/R-22/R-
404A

H - S - C/M 2.13-6.25 560-914 0 200-1000 20 - 65 0.2-0.89

[Ould Didi et al.
(2002)]

R-134a/R-123/R-
402A/R-404A/R-
502

H - S - C 10.92-12.00 3013 0 100-500 -1.3 - 30.7 0.04-1

[Haberschill et
al.(2003)]

R-22/R-407C H - S/F - C 6.50-11.98 1000 10-30 100-300 10.31 - 16.41 0-1

[Wongsa-ngam et
al. (2004)]

R-134a H - S/F - C 5.43-8.12 2500 10 400-800 10 - 20 0.1-0.95

[Filho et al. (2004)] R-134a H - S/F - C 6.24-8.92 1500 0 70-1100 5 0.5-0.95
[Greco and Vanoli

(2006)]
R-22/R-507/R-
404A/R-134a/R-
407C

H - S - C 6 6000 11.7-36.8 280-1080 -28 - 25 0-1

[Park and Hrnjak
(2007)]

CO2/R-410A/R-
22

H - S - C 6.1 150 0 100-400 -30 - -15 0.1-0.8

[Quibén and Thome
(2007a)]

R-134a/R-22/R-
410A

H - S - C 8.00-13.8 980-2035 0-57.5 70-700 5 0-1

[Mauro et al. (2007)] (*) H - S - C 6 6000 5-42 190-1150 -18.4 - 46.2 0.2-98
[De Rossi et al.

(2009)]
R-134a H - S - C 6 1000-1200 0 197-472 -8.8 - 19.9 0.05-0.94

[Oh and Son (2011)] CO2 H - S - C 4.57 4200 10-40 200-1000 10 - 40 0-1
[Padilla et al.

(2011)]
HFO-1234yf/R-
134a/R-410A

H - S - C 7.90-10.85 1000 0 187-1702 4.8-20.7 0.04-0.98

(*) R-22/R-134a/R-404A/R-407C/R-410A/R-417A/R-507A
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[Cavallini et al. (2005)] provided two-phase flow pressure drop characteristics
of three refrigerants (R-236ea, R-134a, and R-410A) flowing in a 1.4 mm hydraulic
diameter multiport minichannel tube. The choice of these three refrigerants al-
lowed to vary an important parameter, namely the reduced pressure. Indeed, the
saturation temperature was fixed at 40◦C which corresponds to a reduced pressures
of 0.096, 0.25, and 0.49 for R-236ea, R-134a, and R-410A, respectively. For a fixed set
of operating conditions (except pressure), R-410A (with the highest reduced pres-
sure) presented a significantly lower pressure drop in comparison with R-236ea and
R-134a. The low pressure fluid R-236ea showed the highest pressure drop among
the three fluids. Figure 3.25 shows typical trends regarding the influence of reduced
pressure on the pressure drop. In addition, [Cavallini et al. (2005)] compared their
database against several correlations. The statistical analysis indicated that the cor-
relations assessed in their study were not able to predict the pressure drop data
of R-410A: all the correlations overpredicted their experimental values. On the
contrary, the pressure drop data for the refrigerants R-236ea and R-134a was well
predicted by the correlation of [Müller-Steinhagen and Heck (1986)]. [Ducoulom-
bier et al. (2011)] also compared their database to several correlations and that one
of [Müller-Steinhagen and Heck (1986)] gave the best prediction. Their database
was obtained from two-phase flow pressure drop measurements of carbon dioxide
in a single horizontal stainless steel tube having a 0.529 mm inner diameter. Exper-
iments were carried out for four saturation temperatures of -10, -5, 0, and 5◦C.
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Figure 3.25: Schematic of typical trends of the influence of reduced pressure on the
two-phase flow pressure drop.

[Yun et al. (2006)] investigated the two-phase flow pressure drop of R-410A
in rectangular microchannels whose hydraulic diameters were 1.36 and 1.44 mm.
The saturation temperatures were fixed at 0, 5, and 10◦C. On the one hand, they
studied the influence of the hydraulic diameter with a comparison between their
results and those of [Chang et al. (2000)] obtained in a 5.0 mm inner diameter
tube. The pressures drops increased with decreasing the hydraulic diameter as
represented on Fig. 3.24. On the other hand, they investigated the influence of the
saturation temperature on the two-phase pressure drop. They observed a decrease
of the pressure drops with an increase of the saturation temperature as observed
by [Chang et al. (2000)] for a larger diameter tube.

[Revellin and Thome (2007b)] measured the two-phase pressure drops over a
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wide range of experimental test conditions in microchannels of two different di-
ameters (0.509 and 0.790 mm) and for two refrigerants (R-134a and R-245fa). In
general, their results depicted the expected trend (i.e. the higher the mass flux,
the higher the vapor quality, the higher the two-phase pressure drop). However,
for mass velocities of 1000 and 1200 kg/m2·s, they observed a change in the trend
which corresponded to a change in the flow patterns with the transition from wavy
annular to smooth annular, represented on Fig. 3.26. [Ducoulombier et al. (2011)]
confirmed this observation with carbon dioxide. [Revellin and Thome (2007b)] also
studied the influence of the saturation temperature on the pressure drop from tests
performed a three different saturation temperatures (26, 30, and 35◦C) and found
the expected trend (i.e. the higher the saturation temperature, the lower the two-
phase pressure drop). Finally, they confirmed the strong influence of the diameter
on the two-phase frictional pressure drop and corroborated the results of [Yun et
al. (2006)].

Figure 3.26: Two-phase frictional pressure drop as a function of the vapor quality
for R-134a, dh=0.509mm and Tsat=30◦C and the corresponding flow patterns at the
locations (a) and (b): (a) wavy annular and (b) smooth annular flow. From [Revellin
and Thome (2007b)].

[Tibiricá et al. (2011a)] presented experimental flow boiling pressure drop re-
sults of R-134a in a horizontal smooth tube with an internal diameter of 2.32 mm.
The saturation temperature was fixed at 31◦C. They corroborated the influence of
the mass velocity and vapor quality on the pressure drop. They also compared their
database against some of the most quoted prediction correlations. The predictive
correlation of [Cioncolini et al. (2009)] worked the best to predict the data. [Tibir-
icá and Ribatski (2011b)] used the same test section to provide flow boiling pres-
sure drop results of R-245fa at two different saturation temperatures (31 and 41◦C).
Five frictional pressure drop correlations were assessed against the experimental
database and they concluded by noting that the [Cioncolini et al. (2009)] method
was found to work the best.

Table 3.4 summarizes the experimental conditions corresponding to the previ-
ous quoted studies for mini- and microchannels.
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3.3.2 Two-phase pressure drop prediction method

The empirical correlations are commonly used in modeling two-phase pressure
drop. The main reason is that minimum knowledge of the systems characteris-
tics is required. Thus, empirical correlations are easy to implement and often they
provide good accuracy in the range of the experimental conditions on which the
methods are based. As a consequence, one of the principal disadvantages of this
approach is that they are limited by the range of their underlying database. Another
important disadvantage of the empirical approach is that no single correlation is
able to provide an acceptable accuracy for general sense. Two principle concepts in
empirical methods are assumed: the homogeneous and the separated flow models.
More recently, another approach, more phenomenological, taking into account the
flow pattern effects was developed. Below, the most quoted empirical correlations
are presented as well as the most quoted flow pattern based two-phase pressure
drop models.

3.3.2.1 Homogeneous flow model

The homogeneous flow model provides the simplest technique for analyzing two-
phase flows. In the homogeneous model, both liquid and vapor phases are as-
sumed to move at the same velocity. This ideal-fluid obeys the conventional equa-
tions of a single-phase fluid and is characterized by suitably averaged properties of
the liquid and vapor phase.

The frictional pressure drop for a steady flow in a channel with a constant cross
sectional area is:

(

dP
dz

)

frict
=

2 · fTP ·G2

dh · ρTP
(3.17)

In Eq. (3.17), ρTP is the two-phase mixture density given by:

ρTP =

(

x

ρV
+

1 − x

ρL

)

−1

(3.18)

and fTP is the two-phase friction factor defined as:

fTP =
16

ReTP
for ReTP < 2000 (3.19)

fTP =
0.079

Re0.25
TP

for ReTP > 2000 (3.20)

where the two-phase Reynolds number (ReTP) is :

ReTP =
G · dh

µTP
(3.21)

In the homogeneous model, there are some common expressions for the vis-
cosity of two-phase gas-liquid flow. The expressions available for the two-phase
liquid-gas viscosity are mostly of an empirical nature as a function of vapor quality
(x). A non-exhaustive list of two-phase viscosity definitions available in the litera-
ture is given in Table 3.3. The two definitions proposed by [Awad and Muzychka
(2008)] were developed by analogy to the effective thermal conductivity using the
Maxwell-Eucken No 1 definition and the Maxwell-Eucken No 2 definition, respec-
tively. These definitions of two-phase viscosity are available in the paper of [Hashin
and Shtrikman (1962)].
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Table 3.3: Two-phase viscosities proposed by several authors used in the homoge-
neous flow models.

Authors Definitions

[McAdams et al. (1942)] µTP =

(

x

µV
+

1 − x

µL

)

−1

[Cicchitti et al. (1960)] µTP = x · µV + (1 − x) · µL

[Dukler et al. (1964)] µTP = ρTP ·
(

x ·
µV

ρV
+ (1 − x) ·

µL

ρL

)

[Beattie and Whalley (1982)] µTP = θ · µV + (1 − θ) · (1 + 2.5 · θ) · µL

θ =

[

1 +

(

ρV

ρL

)

·
(

1 − x

x

)]

−1

[Lin et al. (1991) ] µTP =
µL · µV

µV + x1.4 · (µL − µV)

[Fourar and Bories (1995)] µTP = ρTP ·
(√

x · νV +
√

(1 − x) · νL

)2

[Davidson et al. (1943)] µTP = µL ·
[

1 + x ·
(

ρL

ρV
− 1

)]

[García et al. (2003)] µTP =
µL · ρV

x · ρL + (1 − x) · ρV

[Awad and Muzychka (2008)] No 1 µTP = µL ·
2 · µL + µV − 2 · (µL − µV) · x
2 · µL + µV + (µL − µV) · x

[Awad and Muzychka (2008)] No 2 µTP = µV ·
2 · µV + µL − 2 · (µV − µL) · (1 − x)

2 · µV + µL + (µV − µL) · (1 − x)
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An extension of the homogeneous two-phase model was proposed by [Bankoff
(1960)] which takes into account some two-dimensional effects. He derived expres-
sions for the axial variation of velocity and void fraction in a tube. The assumption
was that the axial variation could be determined using a power law function. The
two-phase frictional pressure drop is expressed as a function of a two-phase multi-
plier as follows:

(

dP
dz

)

frict
=

(

dP
dz

)

LO
· Φ7/4

TP (3.22)

The liquid only frictional pressure gradient is:
(

dP
dz

)

LO
=

2 · fLO ·G2

dh · ρL
(3.23)

with

fLO =
0.079

Re0.25
LO

with ReLO =
G · dh

µL
(3.24)

In Eq. (3.22), the two-phase multiplier is expressed by:

ΦTP =
1

1 − x
·
[

1 − γ ·
(

1 −
ρV

ρL

)]3/7

·
[

1 + x ·
(

ρL

ρV

)

− 1

]

(3.25)

where

γ =

0.71 + 2.35 ·
(

ρV

ρL

)

1 +

(

1 − x

x

)

·
(

ρV

ρL

) (3.26)

This method was derived using 375 data points for steam-water mixtures in
horizontal and vertical tubes in a range of mass velocity from 950 to 1220 kg/m2·s,
pressure from 0.1 to 172.3 bar and is applicable to vapor quality from 0 to 0.9.

3.3.2.2 Empirical models based on the separated flow model

The separated flow model considers the two-phases to be artificially separated into
two streams, one liquid and one vapor, each flowing in its own duct.

3.3.2.2.1 The Φ2
L, Φ2

V based methods

The first of these analyses was performed by [Lockhart and Martinelli (1949)]
from data for horizontal two-phase flow of two-component (benzene-air, kerosene-
air, water-air, and various oils-air) systems at low pressures (close to atmospheric)
with a range of saturation temperature from 15.5 to 29.5◦C and a range of inner
tube diameters from 1.49 to 25.83 mm.
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Table 3.4: Summary of experimental two-phase flow pressure drop studies in mini- and microchannels (C: circular; F: finned; H: horizontal; M:
multiport; R: rectangular; S: smooth).

Author Fluid Geometry dh [mm] Length [mm] q̇ [kW/m2] G [kg/m2·s] Tsat [◦C] x [-]
[Lazarek and Black

(1982)]
R-113 H - S - C 3.1 123 0 125-750 48 - 80 0-0.6

[Tran et al. (2000)] R-134a/R-12/R-
113

H - S - C/R 2.40-2.92 412-914 2.2-129 33-832 5.5 - 63.9 0.02-0.95

[Yun and Kim
(2004)]

CO2 H - S - C/R 0.98 - 2.0 400-1200 5-48 100-3570 0-10 0.2-0.9

[Cavallini et al.
(2005)]

R-236ea/R-
134a/R-410A

H - S - M 1.4 1130 0 200-1400 40 0.25-0.81

[Yun et al. (2006)] R-410A H - S - R 1.36-1.44 / 10-20 200-400 0-10
[Revellin and

Thome (2007b)]
R-134a/R-245fa H - S - C 0.509-0.790 100 0 210-2094 26 - 35 0-0.95

[Tibiricá et al.
(2011a)]

R-134a H - S - C 2.32 / 10-55 100-600 31 0.2-0.99

[Tibiricá and Rib-
atski (2011b)]

R-245fa H - S - C 2.32 / 0-55 100-700 31 - 41 0.1-0.99

[Ducoulombier et
al. (2011)]

CO2 H - S - C 0.529 191 0 200-1400 -10 - 5 0-1
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They demonstrated that four flow regimes can exist during two-phase flow: (i)
liquid and gas both turbulent (tt), (ii) liquid laminar and gas turbulent (lt), (iii)
liquid turbulent and gas laminar (tl), and (iv) liquid and gas both laminar (ll).

There are two basic postulates stated for the analysis of the pressure drop:

• the static pressure drop for the liquid phase must equal the static pressure
drop of the vapor phase regardless of the flow pattern,

• the volume occupied by the liquid plus the volume occupied by the gas at
any instant must equal the total volume of the pipe.

These postulates suggest that the flow pattern does not change along the tube
length, thus they eliminate from consideration slug flow in which alternate slugs
of liquid and gas move down the tube.

In the final model, the two-phase frictional pressure drop based on a two-phase
multiplier for the liquid phase, or the vapor phase, respectively, is:

(

dP
dz

)

frict
=

(

dP
dz

)

V
· Φ2

V,tt (3.27)

(

dP
dz

)

frict
=

(

dP
dz

)

L
· Φ2

L,tt (3.28)

where the terms
(

dP
dz

)

V
and

(

dP
dz

)

L
represent the frictional two-phase pres-

sure drop that would exist if the flow as a vapor or liquid, respectively, were as-
sumed to flow alone in the entire cross-section of the tube, are expressed as:

(

dP
dz

)

V
=

2 · fV ·G2 · x2

dh · ρV
(3.29)

(

dP
dz

)

L
=

2 · fL ·G2 · (1 − x)2

dh · ρL
(3.30)

The single-phase friction factors of the liquid (fL) and the vapor (fV) and the
Reynolds numbers are calculated using the classical definition with their respective
physical properties:

fV =
0.079

Re0.25
V

where ReV =
G · dh · x

µV
(3.31)

fL =
0.079

Re0.25
L

where ReL =
G · dh · (1 − x)

µL
(3.32)

The resulting graphical correlation is shown on Fig. 3.27 where Φ (not Φ2) is
plotted as a function of X. All flow regimes were correlated in this manner and the
corresponding Φ2

V and Φ2
L can be related to the Lockhart-Martinelli parameter by

relationships of the forms:

Φ2
V = 1 + C ·X +X2 (3.33)

Φ2
L = 1 +

C

X
+

1

X2
(3.34)

where the Lockhart-Martinelli parameter is defined as:

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



3.3. PRESSURE DROP 51

(1 - α) α

X

(1 - α)

α

L,tt

L,lt

L,tl

L,ll

V,tt

V,lt

V,tl

V,ll

Figure 3.27: [Lockhart and Martinelli (1949)] correlation.

Table 3.5: Values of C to fit the empirical curves of [Lockhart and Martinelli (1949)].

Liquid Gas C

(tt) turbulent turbulent 20
(lt) laminar turbulent 12
(tl) turbulent laminar 10
(ll) laminar laminar 5

X =

(

1 − x

x

)0.9

·
(

ρV

ρL

)0.5

·
(

µL

µV

)0.1

(3.35)

and C takes the values given in Table 3.5.

Several authors modified the parameter C in Eqs. (3.33) and (3.34) from their
database. For instance, [Mishima and Hibiki (1996)] measured the frictional pres-
sure drop for air-water flows in capillary tubes with inner diameters in the range
from 1 to 4 mm and modified the constant C as a function of the tube diameter:

C = 21 ·
(

1 − e−0.319·dh

)

(3.36)

This model is applicable for vertical and horizontal round tubes as well as rect-
angular channels. [Zhang et al. (2010)] modified the expression of C proposed
by [Mishima and Hibiki (1996)] for minichannel. They used the non-dimensional
Laplace constant La∗ (also called Confinement number Co) defined as :
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Table 3.6: Empirical constants of [Lee and Lee (2001)].

Liquid Gas A q r s X ReL

laminar laminar 6.833 × 10−8 -1.317 0.719 0.557 0.776 - 14.176 175 - 1480
laminar turbulent 6.135 × 10−2 0 0 0.726 0.303 - 1.426 293-1506
turbulent laminar 3.627 0 0 0.174 3.276 - 79-415 2606 - 17642
turbulent turbulent 0.408 0 0 0.451 1.309 - 14.781 2675-17757

La∗ =

[

σ

g · (ρL − ρV)

]0.5

dh
(3.37)

They correlated the parameter C by the following equation for adiabatic liquid-
vapor two-phase flow:

C = 21 ·






1 − e

 −0.142

La∗

!





(3.38)

The applicable ranges of this model are as follows: 0.014 ≤ dh ≤ 6.25 mm, ReL
≤ 2000, and ReV ≤ 2000.

[Sun and Mishima (2009)] proposed two expressions of C for both laminar and
turbulent flow regimes. They collected 2092 data points from 18 published papers.
The hydraulic diameter ranged from 0.506 to 12 mm. Based on the database, they
found that C was strongly affected not only by La∗ but also by ReL in laminar flow.
For turbulent flow, [Sun and Mishima (2009)] modified C but also the expression
of Φ2

L.

In the same spirit, [Lee and Lee (2001)] proposed a model for the two-phase
pressure drop through horizontal rectangular channels with small heights by mod-
ifying the parameter C as presented in Eq. (3.39).

C = A · ζq · ψr · Res
LO (3.39)

where

ζ =
µ2

L
ρL · σ · dh

(3.40)

and

ψ =
µL · J
σ

(3.41)

where J is the superficial velocity and A, q, r, and s are constants which take
different value for each different flow regime (Table 3.6).

[Lee and Mudawar (2005)] measured the two-phase pressure drop across a
microchannel heat sink. The micro-channels were formed by machining 231 µm
wide × 713 µm deep groves into the surface of a copper block. They took into
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account that typical microchannel operating conditions rarely produced turbulent
liquid flow. Therefore, they proposed two correlations for C based on the flow
regimes of the liquid and vapor:

Cll = 2.16 · Re0.047
LO · We0.6

LO (3.42)

Clt = 1.45 · Re0.25
LO · We0.23

LO (3.43)

[Yamamoto et al. (2007)] proposed a correlation to predict the frictional pres-
sure drop of carbon dioxide in minichannels. They found that the parameter C was
dependent on the vapor quality and the mass velocity. More recently, [Pamitran et
al. (2010)] investigated the two-phase flow pressure drop of R-22, R-134a, R-410A,
R-290 and CO2 in horizontal tubes of 0.5, 1.5 and 3.0 mm inner diameters. Ex-
perimental data were obtained over a heat flux range from 5 to 40kW/m2, a mass
velocity range from 50 to 600 kg/m2· s, a saturation temperature range from 0 to
15◦C, and a quality up to 1. Their experimental results showed that pressure drop
was a function of mass velocity, inner tube diameter, surface tension, density and
viscosity, and therefore, they developed a factor C as a function of the two-phase
Weber number (WeTP) and two-phase Reynolds number (ReTP). The expression of
C is:

C = 0.003 · We−0.433
TP · Re1.23

TP (3.44)

where

ReTP =
G · dh

µTP
(3.45)

with µTP is calculated using the model of [Beattie and Whalley (1982)] given in
Table 3.3. The two-phase Weber number is calculated from the following equation:

WeTP =
G2 · dh

ρTP · σ
(3.46)

with

ρTP = ǫ · ρV + (1 − ǫ) · ρL (3.47)

3.3.2.2.2 The Φ2
LO, Φ2

VO based method

Because the Lockhart-Martinelli multipliers were determined from experiments
at atmospheric pressure in the previous model, [Martinelli and Nelson (1948)] ex-
tended the region of validity of the procedure up to the critical pressure. In this
model, the frictional pressure drop is determined by using a two-phase multiplier
factor from the frictional pressure drop of the single-phases, considering the liquid
and the vapor phase flowing alone (LO stands for “liquid only” and VO for “vapor
only”) in the channel with the total mass flow rate. [Martinelli and Nelson (1948)]
proposed the following expression for the two-phase frictional pressure drop:

(

dP
dz

)

frict
=

(

dP
dz

)

LO
· Φ2

LO (3.48)

where
(

dP
dz

)

LO
is:
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(

dP
dz

)

LO
= fLO ·

2 ·G2

dh · ρL
(3.49)

with

fLO =
16

ReLO
for ReLO =

G · dh

µL
< 2000 (3.50)

fLO = 0.079 · Re−0.25
LO for ReLO > 2000 (3.51)

They assumed in their model that the relationship between Φ2
LO and Φ2

L was:

Φ2
LO = Φ2

L · (1 − x)1.8 (3.52)

where Φ2
L is calculated by Eq. (3.34) for atmospheric pressure. From their ex-

perimental tests, they determined in graphical form the function between the two-
phase multiplier Φ2

L and the Lockhart-Martinelli parameter X.

Several authors extended the model of [Martinelli and Nelson (1948)] for dif-
ferent experimental conditions by modifying Φ2

LO. [Jung et al. (1989)] proposed a
correlation based on 600 pressure data points obtained for pure and mixed refrig-
erants (R-22, R-114, R-12, and R-152a). The mass velocity ranged from 230 to 720
kg/m2·s for annular flow only. They replaced Φ2

LO in Eq. (3.48) by:

Φ2
LO = 12.82 ·X−1.47 · (1 − x)1.8 (3.53)

with X calculated with Eq. (3.35).

[Friedel (1979)] proposed another correlation for the two-phase frictional pres-
sure gradient multiplier defined as:

Φ2
LO = E +

3.24 · F ·H
Fr0.045 · We0.035 (3.54)

In Eq. (3.54), the Froude number (Fr) and the Weber number (We) are defined,
respectively as:

Fr =
G2

g · dh · ρ2
H

(3.55)

We =
G2 · dh

σ · ρH
(3.56)

where homogeneous density (ρH) in this method is defined as:

ρH =

(

x

ρV
+

1 − x

ρL

)

−1

(3.57)

The factors H , F and E are calculated by Eqs. (3.58), (3.59), and (3.60), respec-
tively.

H =

(

ρL

ρV

)0.91

·
(

µV

µL

)0.19

·
(

1 −
µV

µL

)0.7

(3.58)

F = x0.78 · (1 − x)0.224 (3.59)
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E = (1 − x)2 + x2 ·
ρL · fVO

ρV · fLO
(3.60)

This correlation is applicable to vertical upflow and to horizontal flow. This
method is known to work well when µL/µV<1000, which is the case for many work-
ing fluids and operating conditions typical of engineering application of two-phase
flows, and for mass velocity less than 2000 kg/m2·s.

[Zhang and Webb (2001)] modified the correlation of [Friedel (1979)] to predict
two-phase pressure drop of R-134a, R-22, and R-404A flowing in a multi-port ex-
truded aluminium tube with hydraulic diameter of 2.13 mm, and in two copper
tubes having inside diameter of 6.25 and 3.25 mm, respectively. They used the re-
duced pressure (Pred = Psat/Pcrit) to replace the non-dimensional groups of density
and viscosity ratios in the associated terms in the Friedel correlation and did not
use the We and Fr numbers. Their expression for the two-phase multiplier is:

Φ2
LO = (1 − x)2 + 2.87 · x2 · P−1

red + 1.68 · x0.8 · (1 − x)0.25 · P−1.64
red (3.61)

The method of [Grönnerud (1979)] was developed specifically for refrigerants
by using around 1000 data points for R-12 and R-717 in a 26.2 mm inner diameter
horizontal tube. This method is for vapor qualities from 0 to 1 and the following
two-phase multiplier was proposed:

Φ2
LO = 1 +

(

dP
dz

)

frict
·

[

(

ρL

ρV

)

·
(

µL

µV

)

−0.25

− 1

]

(3.62)

The frictional pressure gradient depends on the Froude number and is given as:

(

dP
dz

)

frict
= fFr ·

[

x+ 4 ·
(

x1.8 − x10 · f0.5
Fr
)]

(3.63)

When applying this expression, if the liquid Froude number FrL ≥ 1, then the
friction factor fL=1.0, or if FrL < 1, then:

fFr = Fr0.3
L + 0.0055 ·

(

ln
1

FrL

)2

(3.64)

where

FrL =
G2

g · dh · ρ2
L

(3.65)

This method was derived in a range of mass velocities from 20 to 1600 kg/m2·s,
and saturation temperatures from -45.0 to 5.0◦C.

[Chisholm (1973)] transformed the graphical procedure of [Baroczy (1965)] into
equations to provide a more convenient correlation for predicting local pressure
gradients during the turbulent flow of two-phase mixtures in smooth tubes. He
proposed the following equation for the calculation of the frictional pressure drop.
The two-phase multiplier is expressed as:
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Table 3.7: Values of B for the correlation of [Chisholm (1973)] for smooth tubes.

Y [-] G [kg/m2·s] B [-]

≤ 9.5 ≤ 500 4.8

≤ 9.5 500 < G < 1900
2400

G

≤ 9.5 ≥ 1900
55

G0.5

9.5 < G < 28 ≤ 600
520

Y ·G0.5

9.5 < G < 28 > 600
21

Y

> 28
15000

Y 2 ·G0.5

Φ2
LO = 1 +

(

Y 2 − 1
)

·



B · x
2 − n

2 · (1 − x)

2 − n

2 + x2−n



 (3.66)

where the exponent n is equal to 0.25 and the Chisholm parameter Y is given
by:

Y 2 =
(dP/dz)VO

(dP/dz)LO
(3.67)

The values of the parameter B are given in Table 3.7.

[Yoon et al. (2004)] investigated the pressure drop of carbon dioxide in a 7.53
mm inner diameter horizontal smooth tube. The saturation temperature ranged
from -4 to 20◦C and mass flux from 200 to 530 kg/m2·s. They included the surface
tension in the two-phase flow pressure drop correlation by using the Weber number
which is the ratio of inertia forces and surface tension forces. Their frictional two-
phase multiplier is based on the approach of [Chisholm (1973)] and it is expressed
as:

Φ2
LO = 1 + a ·

(

Y 2 − 1
)

·
[

B

WeVO
· x0.875 · (1 − x)0.875 + x1.75

]

(3.68)

The constant a was found equal to 4.2 by a least square fitting. This correlation
is applicable for flow boiling of carbon dioxide in smooth channels.

[Tran et al. (2000)] developed a pressure drop correlation on the basis of Chisholm
method. The definitions of B and Y were modified to better reflect the physics of
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flow boiling in small tubes in which the channel size, fluid physical properties,
mass velocity, pressure, and quality are important factors. The new frictional two-
phase multiplier is expressed as:

Φ2
LO = 1 +

(

4.3 · Y 2 − 1
)

·
[

Co · x0.875 · (1 − x)0.875 + x1.75
]

(3.69)

where Co is the dimensionless confinement number calculated with Eq. (3.70).

Co =
1

dh
·
√

σ

g · (ρL − ρV)
(3.70)

This correlation is applicable for smooth tubes in the range of experimental con-
ditions used by [Tran et al. (2000)] in their study (see Table 3.4).

Contrary to the previous correlations, [Chawla (1968)] suggested the following
method based on the vapor pressure gradient and not the liquid pressure gradient:

(

dP
dz

)

frict
=

(

dP
dz

)

VO
· ΦVO (3.71)

(

dP
dz

)

VO
is calculated with:

(

dP
dz

)

VO
= fVO ·

2 ·G2

dh · ρV
(3.72)

where

fVO =
16

ReVO
for ReVO =

G · dh

µV
< 2000 (3.73)

fVO = 0.079 · Re−0.25
VO for ReVO > 2000 (3.74)

In Eq. (3.71), the two-phase multiplier is:

ΦVO = x1.75 ·
[

1 + s ·
(

1 − x

x

)

·
(

ρV

ρL

)]2.375

(3.75)

where the slip ratio s is:

s =
uV

uL
=

1

9.1 ·

[

1 − x

x
· (ReVO · FrH)−0.167 ·

(

ρL

ρV

)

−0.9

·
(

µL

µV

)

−0.5
] (3.76)

where FrH and ReVO are calculated by using the following expressions:

FrH =
G2

g · dh · ρ2
TP

with ρTP =

(

x

ρV
+

1 − x

ρL

)

−1

(3.77)

ReVO =
G · dh

µV
(3.78)

This method was derived from 88 data points for R-11 in horizontal tubes in a
range of mass velocity from 20 to 200 kg/m2·s, saturation temperature from 0.0 to
20.0◦C, inner diameter from 6 to 25 mm and is applicable to vapor qualities from
0.10 to 0.95.
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[Müller-Steinhagen and Heck (1986)] proposed a model for the prediction of
frictional pressure drop for two-phase flow in pipes. This method was devel-
oped from 7851 data points obtained for several mixtures (air-water, steam-water,
hydrocarbons-air, oils-air, R-11, R-12, R-22, Neon, and N2) in horizontal tubes and
1462 data points in vertical tubes including air-water, steam-water, R-12, and argon
combinations. The channel diameter ranged from 4 to 392 mm. This correlation is
simple and more convenient to use than other methods. The two-phase frictional
pressure drop is expressed as:

(

dP
dz

)

frict
= F · (1 − x)1/3 +B · x3 (3.79)

where the factor F is:

F = A+ 2 · (B −A) · x (3.80)

The factors A and B are the frictional pressure gradients for all liquid
(

dP
dz

)

LO

and all vapor flow
(

dP
dz

)

VO
, respectively.

(

dP
dz

)

LO
is given by Eq. (3.49) and

(

dP
dz

)

VO
Eq. (3.72).

3.3.2.3 Phenomenological model

In general, the methods that follow an empirical approach do not account for flow
pattern effects on the process, which are particularly important at low flow rates
(stratification effects) and high vapor quality (dryout effects). Furthermore, they
do not use the actual velocities of liquid and vapor phases by introduction of the
local void fraction in the method. Conversely, two-phase pressure drop models
developed following a phenomenological approach are theory based methods as
the interfacial structure is taken into account.

[Quibén and Thome (2007b)] provided a phenomenological model that is phys-
ically based on several simplified interfacial two-phase flow structures. The corre-
sponding interfacial flow structures are determined using the [Wojtan et al. (2005a)]
flow pattern map. The model treats each flow regime separately and then insures
a smooth transition at the transition boundary, in agreement with the experimen-
tal observations. The [Quibén and Thome (2007b)] model was developed from the
database presented by [Quibén and Thome (2007a)] for R-22, R-410A and R-134a
during flow boiling in horizontal tube. The model was based on diameters com-
prised between 8 to 13.8 mm over the entire range of vapor quality. The complete
set of equations will not be given here due to their length and complexity but the
calculating procedure is given by [Quibén and Thome (2007b)]. Below, the calcula-
tion procedure for the annular flow regime is presented and described:

(

dP
dz

)

frict
= fannular ·

2 ·G2 · x2

dh · ρV · ǫ2
(3.81)
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where the friction factor is calculated by:

fannular = 0.67 ·
[

1 − ǫ

4

]1.2

·

[

g · dh · (1 − ǫ)2 · (ρL − ρV)

16 · σ

]

−0.4

·
(

µV

µL

)0.08

· We−0.034
L

(3.82)
and the Weber number is given by:

WeL =
ρL · u2

L · dh

σ
(3.83)

The void fraction calculation used is given by the [Steiner (1993)] version of
the [Rouhani and Axelsson (1970)] expression and is as follows:

ǫ =
x

ρV
·

[

(1 + 0.12 · (1 − x)) ·
(

x

ρV
+

1 − x

ρL

)

+
1.18 · (1 − x) · [g · σ · (ρL − ρV)]0.25

G · ρ0.5
L

]

−1

(3.84)
Based on a statistical comparison, they concluded that the two-phase frictional

pressure drop flow pattern map based model successfully predicted their experi-
mental database and reproduced the numerous trends observed in the data.

[Revellin and Haberschill (2009)] developed a simple linear function to predict
the two-phase pressure drop based on an explicit expression for the vapor qual-
ity corresponding to the maximum pressure drop (xM). According to the theory
of [Quibén and Thome (2007b)], the maximum occurs either in the annular flow
regime (xM1), or at the annular-to-dryout transition (xM2), or at the annular-to-mist
flow transition (xM3) depending on the conditions. To determine the transitions be-
tween each regime, the authors used the flow pattern map of [Wojtan et al. (2005a)].
The expressions of xM1, xM2, and xM3 are:

xM1 = −
a2

3 · a3
+ 2 ·

√

−p1

3
· cos

[

1

3
· arcos

(

−p2

2
·

√

27

−p3
1

)

+
4 · π
3

]

(3.85)

xM2 = 0.58 · e

2

40.52−0.23·We0.17
V ·Fr0.37

V ·

 

ρV

ρL

!0.25

·

 

q̇

q̇crit

!0.70
3

5

(3.86)

xM3 = 0.61 · e

2

40.57−0.0058·We0.38
V ·Fr0.15

V ·

 

ρV

ρL

!0.09

·

 

q̇

q̇crit

!0.27
3

5

(3.87)

Finally, according to [Quibén and Thome (2007b)], xM is based on flow regimes
and is retained as:

xM = min (xM1, xM2, xM3) (3.88)

The procedure to calculate the parameters a2, a3, p1, and p2 is described in the
article of [Revellin and Haberschill (2009)].

As a first approximation, the authors developed a simple mathematical func-
tion to predict the frictional pressure drop. They assumed a linear variation of the
pressure drop as a function of x for 0 ≤ x < xM and another linear variation of the
pressure drop as a function of x for xM ≤ x≤ 1. As a result, the approximation was:
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• For 0 ≤ x < xM

(

dP
dz

)

frict
=

[(

dP
dz

)

LO
−
(

dP
dz

)

max

]

·
x

xM
−
(

dP
dz

)

LO
(3.89)

• For xM ≤ x ≤ 1

(

dP
dz

)

frict
=

[(

dP
dz

)

VO
−
(

dP
dz

)

max

]

·
x− 1

xM − 1
−
(

dP
dz

)

VO
(3.90)

[Cheng et al. (2008)] collected 387 two-phase flow pressure drop data points of
CO2. The inner tube diameters ranged from 0.8 to 7 mm, the saturation temperature
from -25 to 20◦C, and the mass velocity from 190 to 2000 kg/m2·s. The database was
compared to several empirical pressure drop models: [Chisholm (1973)], [Friedel
(1979)], [Grönnerud (1979)], [Müller-Steinhagen and Heck (1986)], [Yoon et al. (2004)],
and the flow pattern based model of [Quibén and Thome (2007b)]. None of these
models was able to predict the CO2 pressure drop data well.

Therefore, they proposed a new flow pattern based phenomenological model
specific to carbon dioxide by modifying the [Quibén and Thome (2007b)] model.
To determine the flow regimes, they extended the flow pattern map of [Cheng et
al. (2006a)] to a wider range of conditions. The complete set of equations will
not be given here but the calculating procedure is given by [Cheng et al. (2008)].
Below, the calculation procedure for the annular flow regime is presented. The CO2
frictional pressure drop model is calculated by Eq. (3.81) where fannular is expressed
as:

fannular = 3.128 · Re−0.454
V · We−0.0308

L (3.91)

More recently, [Cioncolini et al. (2009)] proposed a two-phase frictional pres-
sure drops model during annular flow. This model is based on the vapor core
Weber number, capable of providing physical insight into the flow. The databank
contains 3908 data points for eight different gas-liquid combinations and 22 dif-
ferent tube diameters, covering microscale and macroscale channel from 0.517 to
31.7 mm in diameter. They proposed to different friction factors for macroscale and
microscale, respectively. This model is not described here but it is detailed in the
article of [Cioncolini et al. (2009)].

3.3.3 Conclusions

This concise review highlights the influence of the flow parameters (mass velocity
and vapor quality), the working fluids, the geometry and the saturation condi-
tions. The general trends on the influence of G, x, Tsat and dh on the two-phase
pressure drop were clearly determined and are schematically represented on Figs.
3.20, 3.22, and 3.24, respectively. The literature analysis also reveals that there is no
distinct trend of variation of pressure drop with these parameters in mini and in
microchannels. On the contrary, this review underlines the fact that the two-phase
flow regime plays a major role on the pressure drop.
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Moreover, no pressure drop data were published for saturation temperature
higher than 80◦C. Figure 3.28 shows the distribution of data points according to the
reduced pressure and saturation temperature for pressure drop studies published
since 1980 ( [Charnay et al. (2011)]). As can be seen in the figure, there is no data in
the saturation temperature range encountered in ORC systems that are the initial
motivation of the present PhD thesis.
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Figure 3.28: Distribution of data points published in 122 articles since 1980 for
pressure drop studies with respect to saturation temperature and reduced pres-
sure( [Charnay et al. (2011)]).

In addition, despite numerous theoretical and experimental investigations done
in the past, no general model is available to reliably predict two-phase pressure
drops. Indeed, these models still have very large standard, mean and average devi-
ations. Figure 3.29 displays a comparison among several two-phase pressure drop
prediction methods for R-245fa in a 3.00 mm inner tube diameter at 500 kg/m2·s for
two different saturation temperatures: 40◦C and 120◦C. The discrepancies observed
can be explained by considering that two-phase flow includes all the complexities
of single-phase flow like non-linearities, transition to turbulence, and instabilities
plus additional two-phase characteristics like motion and deformation of the in-
terface and interactions between phases. Moreover, the empirical approach is the
most widely used. This approach is restricted by its underlying database whereas
the phenomenological approach requires an in-depth knowledge of the flow pat-
terns. In conclusion, it is very risky to extrapolate these methods at saturation
temperature higher than 80◦C, where no data are available.

This is why, among others, the present PhD thesis aims (i) at providing new
pressure drop data at high saturation temperature and (ii) at assessing the existing
correlations and models against this new data set. The ranges of reduced pressure
and saturation temperature investigated during the present study are represented
on Fig. 3.28 with the stippled zone.
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Figure 3.29: Comparison among several two-phase pressure drop prediction meth-
ods for R-245fa in a 3.00 mm inner tube diameter at 500 kg/m2·s for two different
saturation temperatures: 40◦C and 120◦C.

3.4 Heat transfer coefficient

3.4.1 Experimental studies on flow boiling heat transfer

Experimentally, two mechanisms were assumed to govern flow boiling heat trans-
fer in macrochannels: (i) the nucleate boiling and (ii) the convective boiling. Nu-
cleate boiling is related to the formation of bubbles at the tube wall, whereas, con-
vective boiling is related to conduction and convection through a thin liquid film
with evaporation at the liquid-vapor interface. These boiling mechanisms are often
assumed when trying to describe flow boiling, for simplicity, to be independent the
one from the other. In fact, it is indeed well known (see [Collier and Thome (1994)])
that these mechanisms can coexist when the vapor quality increases.
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These mechanisms were experimentally related to the heat transfer coefficient:

• when nucleate boiling is dominant, the heat transfer coefficient is indepen-
dent of the mass velocity and vapor quality, dependent on the heat flux and
sensitive to the saturation pressure level.

• when convective boiling is dominant, the heat transfer coefficient is indepen-
dent of the heat flux and dependent on the mass flux and vapor quality.

• when both nucleate and convective boiling are of the same order of impor-
tance, the heat transfer coefficient is dependent on the heat flux, mass velocity
and vapor quality.

A concise summary of experimental researches on two-phase heat transfer coef-
ficients is presented below for different geometries: macrochannels, minichannels
and microchannels. Figure 3.19 presents the number of data points published in
the open literature (130 articles for 22 refrigerants since 1980) only for refrigerants
during flow boiling heat transfer studies. As shown in the figure, R-245fa is ranked
as the fourth most studied refrigerant since 1980 (with about 3600 data points) after
R-134a, R-410A, and R-22. These figures confirm a resurgence of interest for R-245fa
during the last decades.
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Figure 3.30: Number of flow boiling heat transfer coefficient data points (28416
data points in total) for each refrigerant published in 130 articles since 1980 for
flow boiling ( [Charnay et al. (2011)]).

The objective is not to describe all the works that were published on this topic
but rather to describe those sufficient to illustrate typical trends observed in the
literature. This review draws attention to three main points:

• the different mechanisms that govern flow boiling heat transfer.

• the difference between flow boiling heat transfer in macrochannels and mi-
crochannels.

• the effect of the temperature on the heat transfer coefficient.
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3.4.1.1 Flow boiling heat transfer studies in macrochannels

During the five last decades, flow boiling of refrigerants in tubes has been intensely
investigated especially in sight of refrigeration applications. The first part of this
review focuses on experimental studies of flow boiling heat transfer in circular
macroscale tubes to illustrate the typical trends observed in such geometry. [Ham-
braeus (1991)] reported a heat transfer investigation during flow boiling of R-134a
inside a 12.00 inner diameter horizontal tube. The heat transfer coefficients were
dependent on mass velocity and heat flux indicating that nucleate boiling and con-
vective boiling were both present.

[Wang et al. (1998)] studied phase-change heat transfer coefficient characteris-
tics for R-22 and R-410A flowing inside a smooth tube with a 6.54 mm inner diam-
eter. They noticed two different trends according to the mass velocity:

• For a mass velocity of 100 kg/m2·s, the effect of heat flux was very pro-
nounced for both R-22 and R-410A and the heat transfer coefficients did not
increase with the vapor quality. These trends were the clue for a predomi-
nance of nucleate boiling in the heat transfer mechanisms.

• For a mass velocity of 400 kg/m2·s, the heat transfer coefficients increased
with the vapor quality. The flow regime visualized was annular flow pattern
and the heat transfer was dominated by convective boiling.

[Kattan et al. (1998b)] presented an experimental study on flow boiling heat
transfer for five refrigerants (R-134a, R-123, R-402A, R-404A and R-502) evaporat-
ing inside horizontal tubes with two diameters: 12.00 mm and 10.92 mm. They
observed a significant increase in the heat transfer coefficient with heat flux. They
defined three different trends:

• At low vapor quality (from 8 to 15%), they observed a maximum in heat
transfer coefficients which could correspond to a change in flow pattern or
a change in the respective contribution of nucleate boiling and convective
boiling to the overall heat transfer.

• For intermediate vapor quality, the heat transfer coefficient decreased mono-
tonically with increasing vapor quality at the lowest mass flow rate, in their
case 100 kg/m2·s.

• At high vapor quality, they observed a decrease of the heat transfer coefficient
which was caused by the transition from annular flow to annular flow with
partial dry-out.

[Jabardo and Bandarra Filho (2000)] performed experiments on flow boiling
in horizontal tube with an inner diameter of 12.7 mm for three refrigerants: R-
22, R-134a and R-404A. Figure 3.31 shows their results on the influence of heat
flux and mass velocity on the heat transfer coefficient. They also found out new
trends in connection to the effects of heat flux and mass velocity. They found that
nucleate boiling effects could persist at high vapor quality, especially for higher
heat fluxes. They compared their experimental data to the correlations of [Jung et
al. (1989)] and [Kandlikar (1990)]. Both correlations overpredicted the experimental
heat transfer coefficient.
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a) b)

Figure 3.31: Influence of (a) heat flux and (b) mass velocity on the heat transfer
coefficient observed by [Jabardo and Bandarra Filho (2000)].
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Table 3.8: Summary of experimental flow boiling heat transfer studies in macrochannels.
Author Fluid Geometry dh [mm] q̇ [kW/m2] G [kg/m2·s] Tsat [◦C] x [-] TYPE
[Hambraeus (1991)] R-134A circular 12.0 2-10 60-300 -6.0 0-1.0 A
[Wang et al. (1998)] R-22/R-

410A
circular 6.54 2.5-20 100-400 2.0 0-0.95 A

[Ebisu and Torikoshi (1998)] R-410A/R-
22/R-407C

circular 7.0 7.5 150-300 5.0 0-0.9 A

[Kattan et al. (1998b)] R-134a/R-
123/R-
402A/R-
404A/R-
502

circular 10.9 - 12.0 0.4-37.0 100-500 -1.3-30.7 0.02-1.0 A

[Jabardo and Bandarra Filho (2000)] R-22/R-
134a/R-
404A

circular 5-20 50-500 8.0 - 15.0 0.05-0.95 A

[Park and Hrnjak (2007)] CO2/R-
410A/R-22

circular 6.1 5-15 100-400 -30.0 - -15.0 0.1-0.8 A
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Figure 3.32: Schematic of the typical trends of heat transfer coefficient observed
with nucleate and convective boiling dominant regions (NB: Nucleate Boiling and
CB: Convective Boiling).

[Park and Hrnjak (2007)] investigated flow boiling heat transfer with R-410A
and carbon dioxide in a 6.1 mm inner diameter horizontal smooth tube. The heat
transfer trends of carbon dioxide revealed the predominance of nucleate boiling,
i.e. dependence upon the heat flux and independence upon the mass velocity and
the vapor quality. Nucleate and convective boiling heat transfer mechanisms are
active for R-410A flow boiling heat transfer (influence of heat flux, mass flux and
quality).

The experimental conditions of these studies are reported in Table 3.8. In con-
clusion, for macrochannels, nucleate and convective boiling mechanisms are cou-
pled. At low vapor quality, nucleate boiling is dominant whereas at higher vapor
quality, convective boiling becomes predominant. Typical representations of the
results available in the literature are represented on Fig. 3.32 and this kind of char-
acteristic curve will be referred to as being of “type A” in the following.

3.4.2 Heat transfer studies in mini- and microchannels

Flow boiling heat transfer inside channels having hydraulic diameters smaller than
3 mm, identified here as minichannels, has become in recent years a major research
topic in the thermal fluid science field. Most of this interest was driven by the in-
dustrial demand for compact devices capable of dissipating extremely high heat
flux. Despite the enormous benefits that can represent these minichannels, they are
still under development and require deeper investigations. During the last decade,
great efforts have been made to identify the main parameters governing microscale
flow boiling heat transfer. The upcoming literature review is based on a classifi-
cation of the dominant heat transfer mechanism: (i) studies with nucleate boiling
dominance, (ii) studies showing no predominance of nucleate or convective boiling
and (iii) studies with convective boiling dominance.
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Figure 3.33: Heat transfer coefficient measured by [Lazarek and Black (1982)] as a
function of vapor quality for various heat fluxes.

3.4.2.1 Experimental studies with nucleate boiling dominance

[Lazarek and Black (1982)] experimentally investigated R-113 flow boiling heat
transfer in a vertical circular channel of 3.1 mm. The experiments indicated that the
flow boiling heat transfer coefficient was independent of vapor quality and strongly
dependent on heat flux, as shown on Fig. 3.33. They concluded from their results
that the nucleate boiling mechanism was dominant during their tests.

The same conclusion was reached by [Tran et al. (1996)], [Bao et al. (2000)], [Lin
et al. (2001)], [Yu et al. (2002)], [Choi et al. (2007a)] and [Saisorn et al. (2010b)].

Recently, [Bortolin et al. (2011)] confirmed these features with R-245fa in a 0.96
mm diameter single circular channel at 31◦C. [Ali et al. (2011)] presented an ex-
perimental study of flow boiling heat transfer with R-134a in minichannel. The
experimental results showed that the heat transfer coefficient increased with heat
flux, while mass velocity and vapor quality had no considerable effect.

[Basu et al. (2011)] also investigated flow boiling of R-134a but in horizontal
circular microtubes with a diameter ranging from 0.50 mm to 1.60 mm. The mea-
sured heat transfer coefficients increased with increasing heat flux and saturation
pressure but were independent of mass flux. The effects of vapor quality on heat
transfer coefficients were less pronounced and varied depending on the quality.

From flow visualization with a high-speed video camera and a microscope op-
tics, [Kasza et al. (1997)] provided a model of the dominant flow regimes dur-
ing nucleate boiling in a small horizontal channel. Figure 3.34 shows these flow
regimes.
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Figure 3.34: Schematic of flow regimes during nucleate boiling in a horizontal small
channel proposed by [Kasza et al. (1997)].

Vapor quality [-]

H
e
a
t 
tr
a
n
s
fe
r 
c
o
e
ff
ic
ie
n
t 
[k
W
/m

².
K
]

Vapor quality [-]

H
e
a
t 
tr
a
n
s
fe
r 
c
o
e
ff
ic
ie
n
t 
[k
W
/m

².
K
]

0 0 11

Heat flu
�

�
as� ��locity

Heat flu
�

�
ass��
locity	
 ��


���
ut

���� 
 ���� �

Figure 3.35: Schematic of the typical trends observed for heat transfer coefficient in
the case of nucleate boiling dominance (NB: Nucleate Boiling).

From these studies and the graphs they display, two typical curves for the case
of nucleate boiling dominance can be drawn, as shown on Fig. 3.35. Two repre-
sentations are necessary (Fig. 3.35, characteristic curves of type “B” and “C”) to
better transcribe the heat transfer coefficient trends in nucleate boiling heat trans-
fer dominant region. Table 3.9 summarizes the experimental conditions as well as
the typical curves corresponding to the previous quoted studies. The effects of heat
flux and mass velocity are also represented on these graphs.

3.4.2.2 Experimental studies showing both nucleate and convective boiling

[Cornwell and Kew (1993)] conducted experiments in two sets of parallel channels.
Their results indicated that the flow boiling in such small channels exhibits fully de-
veloped nucleate boiling characteristics in the isolated bubble region at lower qual-
ities. At higher qualities, for annular flow region, convective effects are dominant.
These characteristics are similar to those observed for the large diameter tubes.

[Wambsganss et al. (1993)] investigated the flow boiling of R-113 in a 2.92 mm
inner diameter tube and observed a heat transfer sensitivity to both heat flux and
mass flux. Their results indicated the contributions of both nucleate boiling and
convective boiling heat transfer mechanisms.
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Figure 3.36: Effect of heat flux and mass flux on heat transfer coefficient observed
by [Saitoh et al.(2005)] for two different diameter channels: (a) 3.1 mm and (b) 1.12
mm.

[Saitoh et al.(2005)] described an increase of the heat transfer coefficient with
increasing mass flux or heat flux indicating the presence of both nucleate and con-
vective boiling mechanisms as represented on Fig. 3.36. They also highlighted the
influence of inner diameter: its increase reduced the contribution of forced convec-
tive boiling to the heat transfer.

[Ong and Thome (2009)] performed flow boiling heat transfer experiments with
R-134a, R-236fa and R-245fa in a 1.03 mm inner diameter circular channel. The local
heat transfer coefficients displayed a heat flux and a mass flux dependency.

Table 3.9 summarizes the experimental conditions of the previously quoted
works. Figure 3.32 represents the general trends described in this section which
are similar to those for macroscale studies. The relation between the type of curve
and the original work is also given in Table 3.9.
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Figure 3.37: Schematic of the typical trends of heat transfer coefficient when con-
vective boiling is dominant (CB: Convective Boiling).

3.4.2.3 Experimental studies with convective boiling dominance

[Lee and Lee (2001)] performed experiments with R-113 during flow boiling through
horizontal rectangular channels with low aspect ratios. The quality range was from
0.15 to 0.75 and the flow pattern appeared to be mainly annular. The heat transfer
coefficients increased with the mass flux and the local quality, whereas the effect of
the heat flux appeared to be minor. Convective boiling was therefore the dominant
heat transfer regime.

[Qu and Mudawar (2003)] provided flow boiling heat transfer experiments in
microchannel heat sinks for water at 30◦C and 60◦C. They pointed out the existence
of an abrupt transition to annular flow near the point of zero vapor quality and
revealed the dominance of convective boiling corresponding to annular flow.

[Ong and Thome (2011b)] completed their first study ( [Ong and Thome (2009)])
with two other diameters of 2.20 mm and 3.04 mm for the same refrigerants. Ex-
perimentally, they observed that the flow boiling heat transfer coefficients were a
significant function of the type of two-phase flow pattern. Furthermore, the mono-
tonically increasing heat transfer coefficients with vapor quality signified convec-
tive boiling as the dominant heat transfer mechanism.

For each investigation, the experimental conditions are summarized in Table
3.9. As for the case of nucleate boiling dominance, two representations are neces-
sary to better transcribe the heat transfer coefficient trends when convective boiling
heat transfer is dominant (Fig. 3.37, curves of type “D” and “E”).
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Table 3.9: Summary of experimental flow boiling heat transfer studies in minichannels and microchannels.
Author Fluid Geometry dh [mm] q̇ [kW/m2] G [kg/m2·s] Tsat [◦C] x [-] TYPE

Nucleate [Lazarek and Black (1982)] R-113 circular 3.1 14-380 125-750 55-97 0-0.6 /
boiling [Tran et al. (1996)] R-12 circ./rect. 2.4 3.6-129 44-832 16-34 0-0.95 B

dominant [Bao et al. (2000)] R-11/R-123 circular 1.95 5-200 50-1800 5-15 0-0.9 B
region [Lin et al. (2001)] R-141b circ./rect. 1.1-3.6 1-300 50-3500 31-68 0-1.0 C

[Yu et al. (2002)] Water circular 2.98 / 50-200 120 0.15-1.0 B
[Choi et al. (2007a)] (*) circular 1.5-3.0 20-40 200-600 10 0-1.0 C
[Saisorn et al. (2010b)] R-134a circular 1.75 1-83 200-1000 31-50 0-0.95 B
[Bortolin et al. (2011)] R-245fa circular 0.96 5-85 200-400 31 0.05-0.8 C
[Ali et al. (2011)] R-134a circular 1.70 2-156 50-600 27-32 0-1 C
[Basu et al. (2011)] R-134a circular 0.5-1.6 0-350 300-1500 15-45 0-1 B

Nucleate [Cornwell and Kew (1993)] R-141b circular 1.39-3.69 9.7-90.0 188-1480 / 0-0.95 A
and [Wambsganss et al. (1993)] R-113 circular 2.92 8.8-90.75 50-300 / 0-0.9 A

convective [Saitoh et al.(2005)] R-134a circular 0.51-3.1 5-39 150-450 5-15 0.1-1.0 A
dominant [Ong and Thome (2009)] (**) circular 1.03 2.3-250 200-1600 31 0-1.0 A

region [Charnay et al. (2013)] R-245fa circular 3.0 10-90 100-1500 60 0-1.0 A
Convective [Lee and Lee (2001)] R-113 rectangular 0.78-3.63 15 50-200 / 0.15-0.75 D
dominant [Qu and Mudawar (2003)] Water rectangular 0.35 / 135-402 104 0-0.2 E

region [Ong and Thome (2011b)] (**) channel 1.03-3.04 4.8-221.5 200-1290 31-35 0-1.0 D
(*) R-22/R-134a/CO2 - (**) R-134a/R-236fa/R-245fa
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3.4.2.4 Experimental studies on the influence of saturation temperature

Liquid-vapor phase-change phenomena at high saturation temperatures present
specificities that are due to high vapor density, low surface tension, high vapor
viscosity and low liquid viscosity. These conditions lead to flow boiling heat trans-
fer characteristics quite different from those of conventional data (presented here-
above). A few recent papers reported data on the influence of saturation tempera-
ture.

[Greco and Vanoli (2005)] investigated flow boiling heat transfer characteristics
for R-410A and R-404A with saturation temperatures ranging from -15◦C to 23.5◦C
and from -15◦C to 15◦C, respectively. Their experimental results indicated that for
both fluids the heat transfer coefficients increased with increasing the saturation
temperature for a constant mass velocity. For higher saturation temperature and
low vapor quality regions, they observed also a decrease of the heat transfer co-
efficient with increasing vapor quality. For higher vapor quality region, the heat
transfer coefficient increased again. In conclusion, the heat transfer coefficient re-
sulted from the interaction between nucleate boiling and convective boiling.

[Da Silva Lima et al. (2009)] presented heat transfer results for R-134a at three
saturation temperatures (5, 10 and 15◦C) flowing in a 6.00 mm inner diameter tube.
At low vapor quality, they observed the same trends as those of [Greco and Vanoli
(2005)] with a decrease of the heat transfer coefficients with the vapor quality. They
noted the existence of a local minimum vapor quality, xmin, which results of the
competition between nucleate and convective boiling mechanisms. The local mini-
mum vapor quality corresponded to their transition from slug flow regime to inter-
mittent flow regime. After this minimum, the heat transfer coefficients increased
until dryout inception indicating convective boiling dominant region.

[Del Col (2010)] focused on flow boiling of halogenated refrigerants at high
saturation temperature in a horizontal tube. The database was characterized by
saturation temperatures ranging from 25◦C to 45◦C. He observed that the exper-
imental trends of heat transfer coefficients versus vapor quality were dependent
on fluid and experimental conditions (especially the saturation temperature). The
heat transfer coefficient increased with vapor quality (for R-134a), was roughly con-
stant (for R-134a, R-22 and R-125) or even decreased with vapor quality (R-410A).
Moreover, at lower vapor quality, the higher the saturation temperature, the larger
the heat transfer coefficient, while, at higher vapor quality, the difference between
high and low saturation temperature decreased and the curves merged together, as
shown on Fig. 3.38. Similarities between R-410A and carbon dioxide heat transfer
data were discussed in his work.

[Tibiricá and Ribatski (2010)] provided flow boiling heat transfer results for R-
134a and R-245fa with saturation temperatures of 22, 31 and 41◦C. They found that
the heat transfer coefficient was a strong function of heat flux, mass velocity and
vapor quality. They confirmed the influence of saturation temperature observed in
the previous study. With R-245fa, they noted that the heat transfer coefficient in-
creased with saturation temperature for a larger vapor quality range. Other stud-
ies reported the same trends on the impact of saturation temperature: [Agostini et
al. (2008)], [Vakili-Farahani et al. (2013)], [Ong and Thome (2011b)], [Basu et al.
(2011)], [Ali et al. (2011)] and [Grauso et al. (2013)].
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Figure 3.38: Influence of saturation temperature on the heat transfer coefficient with
R-134a in a 8.0 mm inner diameter channel. From [Del Col (2010)].

At the opposite, [Saisorn et al. (2010b)] observed a decrease of the heat transfer
coefficients with increasing saturation temperature across their experimental range
of vapor quality as shown on Fig. 3.39. They studied flow boiling of R-134a in a
circular minichannel with an inner diameter of 1.75 mm for three different satura-
tion temperatures of 31, 40 and 50◦C. They called for a physical explanation that
an increase of saturation temperature contributes to a thinner liquid film on the
tube wall which can be easily broken. A similar trend regarding the effect of the
saturation temperature on heat transfer coefficients was also reported by [Choi et
al. (2007b)] (for carbon dioxide) and [Kaew-On and Wongwises (2009)] (for R-410A
with saturation temperature ranging from 10 to 30◦C).

These two different trends are schematically represented with typical curves on
Fig. 3.40 where the curves of type “F” correspond to papers reporting an increase
of the heat transfer coefficient with increasing saturation temperature, whereas the
curve of type “G” correspond to the opposite trends. For each paper, this informa-
tion is reported as well as the experimental conditions in Table 3.10.
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Figure 3.39: Influence of saturation temperature on the heat transfer coefficient.
From [Saisorn et al. (2010b)].
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Figure 3.40: Schematic of the typical heat transfer coefficient trends with the influ-
ence of saturation temperature.
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Table 3.10: Summary of experimental flow boiling heat transfer studies on the influence of saturation temperature.
Author Fluid Geometry dh [mm] q̇ [kW/m2] G [kg/m2·s] Tsat [◦C] x [-] TYPE
[Greco and Vanoli (2005)] R-410A/R-404A circular 6.0 11-39 290-1100 -15-23.5 0-1.0 F
[Da Silva Lima et al. (2009)] R-134a circular 13.84 7.5-17.5 300-500 5-20 0.01-0.99 F
[Del Col (2010)] (*) circular 8.0 9-53 200-600 25-45 0-1.0 F
[Tibiricá and Ribatski (2010)] R-134a/R-245fa circular 2.3 5-55 50-700 31-68 0.05-0.99 F
[Agostini et al. (2008)] R-245fa rectangular 0.336 36-1900 281-1501 24-44 0.15-1.0 F
[Vakili-Farahani et al. (2013)] R-245fa/R-1234ze rectangular 1.3-1.45 3-107 50-400 30-70 0-1.0 F
[Ong and Thome (2011b)] (**) channel 1.03-3.04 4.8-221.5 200-1290 31-35 0-1.0 F
[Ali et al. (2011)] R-134a circular 1.70 2-156 50-600 27-32 0-1.0 F
[Basu et al. (2011)] R-134a circular 0.5-1.6 0-350 300-1500 15-45 0-1.0 F
[Grauso et al. (2013)] CO2/R-410A circular 6.0 5-20 150-500 5-42 0-1.0 F
[Saisorn et al. (2010b)] R-134a circular 1.75 1-83 200-1000 31-50 0-0.95 G
[Choi et al. (2007b)] CO2 circular 1.5-3 20-40 200-600 -10-10 0-1.0 G
[Kaew-On and Wongwises (2009)] R-410A rectangular 3.48 5-14.25 200-400 10-30 0-1.0 G
(*) R-22/R-134a/R-125/R-410A - (**) R-134a/R-236fa/R-245fa

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



3.4. HEAT TRANSFER COEFFICIENT 77

3.4.3 Two-phase flow boiling heat transfer prediction methods

In spite of the enormous number of research works undertaken to date, the pre-
diction of flow boiling heat transfer coefficients remains essentially empirical due
to the complex hydrodynamic and heat transfer processes. A number of methods
have been developed to predict the heat transfer coefficient in horizontal and verti-
cal smooth tubes for natural and synthetic refrigerants. A summary of an extensive
literature survey on flow boiling heat transfer prediction models or correlations will
be presented below. Firstly, the prediction models and correlations will be classi-
fied into two groups: (i) pre-dryout and (ii) post-dryout heat transfer prediction
methods.

Then, for pre-dryout, prediction methods will be classified according to their
theoretical background as follows:

• asymptotic approach

• Nusselt-type correlations

• enhancement-factor approach

• phenomenological approach

Several pool boiling correlations are also included in the pre-dryout methods.

For post-dryout heat transfer, fewer prediction models or correlations are avail-
able, they will hence all be grouped together. Moreover, some prediction methods
developed exclusively or not for carbon dioxide will be evaluated for both pre-
dryout and post-dryout regions.

3.4.3.1 Pre-dryout heat transfer prediction methods

The pre-dryout region gathers intermittent flow and annular flow regimes and ends
by the inception of the dryout at the top of the tube at the location where the heat
transfer coefficient begins to decrease sharply.

3.4.3.1.1 Pool boiling correlations

[Bertsch et al. (2008)] proposed an assessment of several predictive correlations
by comparing them against 10 independent data sets from the published literature
covering a range of hydraulic diameter from 0.16 to 2.01 mm. They found that the
correlation of [Cooper (1984)] provided the lowest deviation between predictions
and measurements for their database and that the correlation of [Gorenflo(1993)] re-
sulted in smaller deviations from the experimental database than most of the flow
boiling correlations. This is remarkable in view of the fact that these correlations
were developed specifically for pool boiling and do not contain any effects of mass
velocity or vapor quality. They concluded by noting that these good agreements
could indicate a dominance of the nucleate boiling heat transfer mechanism. More-
over, several published works, such as those of [Gungor and Winterton (1986)], [Liu
and Winterton (1991)], [Yun et al. (2005)], and [Bertsch et al. (2009)] recommended
the correlation of [Cooper (1984)] for nucleate flow boiling.

Comparisons between experimental results and the heat transfer coefficients
predicted by pool boiling correlations appear to be promising and have to be per-
formed. Nucleate pool boiling correlations are generally formulated as follows:
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αnb ∝ q̇n (3.92)

[Stephan and Abdelsalam (1980)] proposed four specific correlations accord-
ing to the following fluid classes: water, organics, refrigerants and cryogens. The
organic fluid correlation is the most widely quoted:

αnb = 0.0546·

[

(

ρV

ρL

)1/2

·
(

q̇ · dbubbbles

λL · Tsat

)

]0.67

·
(

hLV · d2
bubbbles

a2
L

)0.248

·
(

ρL − ρV

ρL

)

−4.33

·
(

λL

dbubbbles

)

(3.93)
[Cooper (1984)] proposed a form of pool boiling correlation including the molec-

ular mass of the fluid (M ) and the reduced pressure (Pred = P/Pcrit). The [Cooper
(1984)] correlation covers reduced pressure from 0.001 to 0.9. The expression of this
correlation is:

αnb = 55 · P 0.12
red ·

(

−log
10
Pred

)

−0.55 ·M−0.5 · q̇0.67 (3.94)

[Gorenflo(1993)] proposed a correlation to specifically include the effect of re-
duced pressure and that also included the effect of surface roughness expressed as
follows:

αnb = α0 · FPF ·
(

q̇

q̇0

)0.9−0.3·P 0.3
red

·
(

Rp

Rp0

)0.133

(3.95)

where FPF is a pressure correction factor and Rp is the surface roughness.
[Jung et al. (2003)] developed a correlation based upon the database obtained

for eight pure refrigerants (R-123, R-11, R-142b, R-134a, R-12, R-22, R-125, and R-
32) following both the Cooper and the Stephan and Abdelsalam approaches. The
final form of the correlation is:

αnb = 10 ·
(

λL

dbubbbles

)

·
[

q̇ · dbubbbles

λL · Tsat

]C1

· P 0.1
red · (1 − Tred)−1.4 ·

(

νL

aL

)

−0.25

(3.96)

In Eq. (3.96), νL is the liquid kinetic viscosity, aL is the liquid thermal diffusivity
and Tred is the reduced temperature (T/Tcrit). The exponent C1 is calculated by:

C1 = 0.855 ·
(

ρV

ρL

)0.309

· P−0.437
red (3.97)

[Ribatski and Jabardo (2003)] introduced the surface roughness and material
effects into a correlation for nucleate pool boiling of halocarbon refrigerants (R-11,
R-123, R-12, R-134a, and R-22). The reduced pressure ranged from 0.008 to 0.260.
Three materials were considered: copper, brass and stainless steel.

αnb = B ·
(

q̇0.9−0.3·P 0.2
red

)

· P 0.45
red · [−log (Pred)]−0.8 ·R0.2

p ·M−0.5 (3.98)

where B is an empirical constant accounting for wall material effect.
[Yun et al. (2005)] generated a pool boiling heat transfer correlation specific to

carbon dioxide from a power law form of heat flux and reduced pressure.
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3.4.3.1.2 Asymptotic approach

In the asymptotic approach, flow boiling models consider two heat transfer
mechanisms to be important: (i) nucleate boiling heat transfer (αnb) and (ii) con-
vective boiling heat transfer (αcb). These two main heat transfer mechanisms are
combined to obtain the heat transfer coefficient (αTP) in the following power law
form:

αTP = [(αnb)
n + (αcb)

n]1/n (3.99)

[Chen (1963)] and [Chen (1966)] proposed the first flow boiling model for evap-
oration in vertical tubes. He assumed a simple addition of the respective contribu-
tion by setting n=1 but introduced two dimensionless factors, a nucleate boiling
suppression factor (S) and a two-phase multiplier factor (F ). The model is ex-
pressed as:

αTP = S · αnb + F · αL (3.100)

The suppression factor accounts for the smaller effective superheat due to forced
convection as compared to that in a nucleate pool boiling, hence the nucleation of
boiling sites is partially suppressed and the contribution of nucleate boiling is re-
duced. The factor F reflects the increase in convective heat transfer contribution
due to the presence of vapor phase. The nucleate pool boiling correlation of [Forster
and Zuber (1955)] is used to calculate αnb as:

αnb = 0.00122 ·

[

λ0.79
L · c0.45

p,L · ρ0.49
L

σ0.5 · µ0.29
L · h0.24

LV · ρ0.24
V

]

· ∆T 0.24
sat · ∆P 0.75

sat (3.101)

whereas the single-phase heat transfer (αL) is calculated by the turbulent flow
correlation of [Dittus and Boetler (1930)] defined as:

αL = 0.023 · Re0.8
L · Pr0.4

L ·
(

λL

dh

)

(3.102)

A modified form of this boiling model was developed by [Gungor and Winter-
ton (1986)] from a large database of 3693 points from the literature including data
for R-11, R-12, R-22, R-113, R-114 and water. They replaced the enhancement factor
(F ) by a two-phase convection multiplier (E) which is dependent upon the boiling
number (Bo) and the Lockhart-Martinelli parameter (X). The suppression factor
(S) is correlated as a function of the Lockhart-Martinelli parameter and the liquid
Reynolds number (ReL). They introduced Shor and Ehor which take into account
the orientation of the tube. The expression for αTP is:

αTP = S · Shor · αnb + E · Ehor · αL (3.103)

From the previous model, [Del Col (2010)] proposed a tool for practical appli-
cations from his database obtained for flow boiling of halogenated refrigerants at
high saturation temperature (from 25◦C to 45◦C) in a horizontal smooth tube. He
proposed to multiply the heat transfer calculated by the model of [Gungor and
Winterton (1986)] by a factor of 1.2.

[Kandlikar (1990)] expressed the two-phase flow boiling heat transfer coeffi-
cient as the larger value of the convective and the nucleate boiling contributions.
He used the Boiling number (Bo) to represent the nucleate boiling contribution
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and not a pool boiling correlation. The single-phase heat transfer coefficient con-
sidering the liquid phase flowing alone in the tube (αLO) is used in the following
expressions to predict the nucleate boiling and convective boiling components:

αTP,nb =
(

0.6683 · Cv−0.2 · (1 − x)0.8 · f2 (FrLO) + 1058.0 · Bo0.7 · (1 − x)0.8 · Ff

)

·αLO

(3.104)

αTP,cb =
(

1.136 · Cv−0.9 · (1 − x)0.8 · f2 (FrLO) + 667.2 · Bo0.7 · (1 − x)0.8 · Ff

)

· αLO

(3.105)
where Ff is the fluid-dependent parameter and FrLO is the Froude number con-

sidering the liquid phase flowing alone in the complete cross-section of the tube.
Cv is the convective number defined as:

Cv =

(

1 − x

x

)0.8

·
(

ρV

ρL

)0.5

(3.106)

αLO is calculated from the [Gnielinski (1976)] correlation as:

αLO =
(fF/8) · (ReLO − 1000) · PrL

1 + 12.7 · (fF/8)1/2 ·
(

Pr2/3

L − 1
) ·
(

λL

dh

)

(3.107)

with fF is the Fanning friction factor.

The [Chen (1963)] model is based on the assumption that two-phase flow con-
vective heat transfer can be described by the [Dittus and Boetler (1930)] correlation.
The validity of this assumption is quite questionable when used for other condi-
tions since the [Dittus and Boetler (1930)] correlation is applicable only for turbu-
lent flow.

[Lee and Lee (2001)] re-examined the Chen process to predict the heat transfer
coefficient for the laminar flow in rectangular minichannels. They modified the
multiplier factor (F ) as a function of the aspect ratio and the two-phase frictional
multiplier calculated by [Lockhart and Martinelli (1949)].

[Kandlikar and Balasubramanian (2004)] modified the [Kandlikar (1990)] model
to circular minichannels by using the laminar single-phase heat transfer coefficient
for all liquid flow and the nucleate boiling as the dominant part of the original
model.

In the same spirit, [Zhang et al. (2004)] modified the Chen model to extend it to
a wide range of flow conditions, e.g. liquid-laminar and gas-turbulent such as often
occurs in minichannels. They proposed another definition of the factor F as a func-
tion of the two-phase friction multiplier defined by [Chisholm (1967)] (φ2

L) whereas,
initially, [Chen (1963)] defined this factor as a function of the turbulent-turbulent
Lockhart-Martinelli parameter. The general form proposed by [Chen (1963)] was
expressed as:

F = 1 + C ·
(

1

X

)n

(3.108)

where the Lockhart-Martinelli parameter is calculated by:

X =

(

fL

fV

)0.5

·
(

1 − x

x

)

·
(

ρV

ρL

)0.5

(3.109)
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[Zhang et al. (2004)] provided another expression of F as a function of the
turbulent two-phase friction multiplier (φ2

L) leading to:

F = C ·
(

φ2
L
)m (3.110)

In Eq. (3.110), φ2
L is calculated by a general form for four conditions according

to [Chisholm (1967)]:

φ2
L = 1 +

C

X
+

1

X2
(3.111)

In Eq. (3.111), the values of the Chisholm parameter (C) depends on liquid-
vapor flow conditions and X.

For laminar flow, the convective heat transfer correlation of [Dittus and Boetler
(1930)] was replaced by a single-phase laminar flow equation. The authors used
the correlation of [Forster and Zuber (1955)] to calculate the nucleate pool boiling
coefficient.

[Choi et al. (2007a)] proposed a boiling heat transfer coefficient model from
a database obtained with R-22, R-134a, and carbon dioxide. Using the model of
[Zhang et al. (2004)], they replaced the factors S and F with the following expres-
sions:

F = 0.042 · φ2
L + 0.958 (3.112)

S = 469.1689 ·
(

φ2
L
)

−0.2093 · Bo0.7402 (3.113)

They modified the Lockhart-Martinelli parameter to take into account the im-
portant effect of quality, density ratio and viscosity ratio:

X =

(

µL

µV

)1/8

·
(

1 − x

x

)7/8

·
(

ρV

ρL

)1/2

(3.114)

[Choi et al. (2007b)] proposed a specific carbon dioxide flow boiling heat trans-
fer coefficient model based on their database. In both studies proposed by Choi et
al., the [Dittus and Boetler (1930)] correlation was used to determine the liquid heat
transfer coefficient (αLO) and the [Cooper (1984)] correlation for the nucleate boil-
ing heat transfer coefficient. They defined two coefficients F and S for the specific
carbon dioxide prediction method.

[Saitoh et al. (2007)] modified the model of [Chen (1963)] to predict the flow
boiling heat transfer coefficient of R-134a over a wide range of tube diameters. They
used a vapor Weber number (WeV) to take into account the effect of tube diameter
on the fluid flow conditions. They used the [Stephan and Abdelsalam (1980)] cor-
relation to calculate αnb. They proposed another expression of factor F for forced
convective boiling heat transfer expressed as:

F = 1 +
(1/X)1.05

1 + We−0.4
V

(3.115)

The factor S for suppression of nucleate boiling is expressed as a function of
ReTP defined as ReTP = ReL · F 1.25:

S =
1

1 + 0.4 · (ReTP · 10−4)1.4 (3.116)
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Table 3.11: Experimental conditions used to develop the asymptotic models with n = 2 (see Eq. (3.92)) (A: annuli, C: circular, H: horizontal R:
rectangular, and V: vertical).

Reference Fluid Geometry dh [mm] Psat [bar] Tsat [◦C] G [kg/m2·s] q̇ [kW/m2] x [-]
[Chen (1963)] water, methanol, cyclo-

hexane, pentane, hep-
tane, benzene

V - C / 0.55-34.8 / / / 0.01-0.71

[Gungor and Win-
terton (1986)]

water, R-12, R-22, R-11,
R-113, R-114, ethylen gly-
col

V,H - A,C 2.95-32 0.08-202.6 -0.7-365 12.4-61518 0.35-91534 0-1

[Kandlikar (1990)] water, R-11, R-12, R-
22, R-113, R-114, R-152,
neon, nitrogen

V,H - C 4.6-32 0.4-64.2 / 13-8179 0.0003-2.28 0-0.99

[Kandlikar and
Balasubramanian
(2004)]

R-113, R-141b, R-123 H, V - C 0.19-2.92 / / 50-300 5.46-90.75 0-0.98

[Lee and Lee
(2001)]

R-113 H - R 0.8-3.6 / / 50-200 15 0.15-0.75

[Zhang et al.
(2004)]

water, R-11, R-12, R-113 H, V - C, R 0.78-6 1.01-12.1 34-190 23.4-2939 2.95-2511 /

[Choi et al. (2007a)] R-22, R-134a, carbon
dioxide

H - C 1.5-3.0 4.15-45.0 10 200-600 10-40 0-1

[Choi et al. (2007b)] carbon dioxide H - C 1.5-3.0 26.5 - 45.0 -10 - 10 200-600 10-40 0-1
[Saitoh et al. (2007)] R-134a H - C 0.51-3.1 3.5-4.9 5-15 150-450 5-39 0.2-1

[Pamitran et al.
(2007)]

R-410A H - C 1.5-3.0 10.95 10 300-600 10-30 0-1

[Bertsch et al.
(2009)]

water, R-134a, R-236fa,
R-245fa, R-11, R-123, R-
134a, FC-77, R-113, R-
141b, nitrogen, R-12

H, V - C, R 0.16-2.91 / -194 - 97 20-3000 0-115 0-1

[Ducoulombier et
al. (2011)]

carbon dioxide H - C 0.529 26.5 - 34.8 -10 - 0 200-1200 10-30 0-1

[Fang (2013)] carbon dioxide H - C 0.529 - 7.75 10 - 67 -30 - 28.6 97.5 - 1400 3.93 - 40 0-1
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[Pamitran et al. (2007)] developed a boiling heat transfer prediction model
for R-410A. They specifically took into account the mass transfer resistance during
convective boiling and the mixture effect on nucleate boiling as this refrigerant is a
binary mixture.

[Bertsch et al. (2009)] proposed a heat transfer model for saturated flow boiling
in small channels. They used Eq. (3.94) to calculate αnb and replaced αL by αL, TP
calculated as:

αL,TP = αL · (1 − x) + αL · x (3.117)

In Eq. (3.117), αL is calculated from the [Hausen (1943)] correlation for develop-
ing laminar flow. They chose a formulation for the suppression factor considering
a linear decrease of the nucleate boiling heat transfer coefficient with increasing the
vapor quality and expressed as:

S = 1 − x (3.118)

They modified also the enhancement factor F leading to the following expres-
sion:

αTP = αnb · (1 − x) + αcb,TP ·
[

1 + 80 ·
(

x2 − x6
)

· e−0.6·Co
]

(3.119)

More recently, [Ducoulombier et al. (2011)] developed a prediction model for
carbon dioxide flow boiling heat transfer coefficient. The heat transfer coefficient
corresponds to the larger value of the heat transfer coefficient corresponding to
convective boiling (αcb) or the heat transfer coefficient referring to nucleate boiling
(αnb). Their expressions for αcb and αnb are given by:

Bo > 1.1 · 10−4 : αcb =

(

1.47 · 104 · Bo + 0.93 ·
(

1

X

)2/3
)

· αL (3.120)

Bo < 1.1 · 10−4 : αcb =

(

1 + 1.80 ·
(

1

X

)0.986
)

· αL (3.121)

αnb = 131 · P−0.0063
red · (−log

10
Pred)−0.55 ·M−0.5 · q̇0.58 (3.122)

Based on their carbon dioxide database of 2956 experimental data points, [Fang
(2013)] developed a new carbon dioxide specific model which is given as:

αTP =
0.00061 · (S + F ) · ReL · Fa0.11 · Pr0.4

L

ln
(

1.024 · µL,f

µL,w

) (3.123)

They proposed two factors (S and F ) and defined a new dimensionless number
(Fa) expressed as:

Fa =
(ρL − ρV) · σ
G2 · dh

(3.124)

This dimensionless number is associated with the formation and departure of
bubbles.

Table 3.11 summarizes the experimental conditions for the development of the
asymptotic models developed with n = 2 (see Eq. (3.92)).
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Table 3.12: Experimental conditions used to develop the asymptotic models with n = 3 (see Eq. (3.92)) (A: annuli, C: circular, H: horizontal R:
rectangular, and V: vertical).

Reference [-] Fluid [-] Geometry
[-]

dh [mm] Psat [bar] Tsat [◦C] G [kg/m2·s] q̇ [kW/m2] x [-]

[Kutateladze
(1961)]

water / / / / / / /

[Liu and Win-
terton (1991)]

water, R-12, R-22, R-11, R-
113, R-114, ethylen glycol,
butanol, ethanol

H - C, A 2.95-32 / / 12-8180 0.34-2620 0-0.948

[Yoon et al.
(2004)]

carbon dioxide H - C 7.53 31.3 - 57.3 -4 - 20 200 - 530 12 - 20 0-0.7
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[Kutateladze (1961)] used n = 2 for the wheighting between both contribu-
tion. This method has the feature over the simple addition method that nucleate
boiling is further suppressed once the convective boiling contribution (F · αcb) is
appreciably larger than the nucleate boiling contribution (S · αnb).

αTP =
[

(S · αnb)
2 + (F · αcb)

2
]1/2

(3.125)

In Eq. (3.125), αcb and αcb are calculated by the correlations of [Dittus and
Boetler (1930)] and [Cooper (1984)], respectively. [Liu and Winterton (1991)] used
this approach and modified the factors (F and S) to provide a flow boiling model
for vertical and horizontal flow in tubes and annuli. [Yoon et al. (2004)] adapted
the factors for carbon dioxide flow boiling.

Table 3.12 summarizes the range of experimental conditions used during the
development of the asymptotic models based on n = 3 (see Eq. (3.92)).

[Steiner and Taborek (1992)] proposed a prediction model of the heat transfer
coefficient during flow boiling in vertical tubes from an asymptotic approach using
an exponent n equal to 3. This model was developed from data obtained for flow
boiling in vertical circular channels of several refrigerants: water, R-11, R-12, R-22,
R-113, benzene, n-pentane, n-heptane, cyclohexane, methanol, ethanol, n-butanol,
nitrogen, hydrogen, helium, and ammonia.

αTP =
[

(S · αnb)
3 + (F · αcb)

3
]1/3

(3.126)

3.4.3.1.3 Enhancement-factor approach

[Schrock and Grossman (1962)] developed a correlation based on a fit of their
data points for water in a vertical tube. This correlation is based on an enhancement
ratio Ψ that refers to single-phase heat transfer coefficient of flowing liquid:

Ψ =
αTP

αLO
(3.127)

In this equation, the correlation of [Dittus and Boetler (1930)] is used to calcu-
late αLO with the liquid only Reynolds number (ReLO). For saturated flow boiling in
vertical and horizontal tubes, [Shah (1982)] proposed another enhancement corre-
lation with another mode of calculation of the two-phase enhancement factor given
by:

Ψ =
αTP

αL
= max (Ψnb,Ψcb) (3.128)

[Shah (1982)] defined a dimensionless number N which is used to determine
the appropriate set of equations to calculate Ψnb and Ψcb.

3.4.3.1.4 Nusselt-type correlations

[Lazarek and Black (1982)] proposed an empirical prediction method for the
heat transfer coefficient during flow boiling in a minichannel. The heat transfer
coefficient was expressed with a Nusselt-type correlation, i.e. as a function of the
liquid only Reynolds number and the Boiling number. They correlated their 728
saturated boiling heat transfer coefficient measurements using a least squares data
fitting algorithm to obtain the following form:
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αTP = 30 · Re0.857
LO · Bo0.714 ·

(

λL

dh

)

(3.129)

This prediction method is independent of the vapor quality. Indeed, nucleate
boiling was the predominant heat transfer mechanism during the experiments (in-
dependence from the vapor quality).

[Tran et al. (1996)] developed a correlation with the same approach from their
data points for the nucleate boiling dominant heat transfer region (selection of their
data with a wall superheat larger than 2.75 K). In this correlation, ReLO is replaced
with the Weber number (We) to eliminate viscous effects in favor of surface tension
as:

αTP = 840000 ·
(

Bo2 · WeL
)0.3 ·

(

ρL

ρV

)

−0.4

(3.130)

[Warrier et al. (2002)] compared is heat transfer data for FC-84 to the correla-
tions of [Lazarek and Black (1982)], [Kandlikar (1990)], [Liu and Winterton (1991)]
and [Tran et al. (1997)]. The latter was the only one able to show a correct trend (a
decrease of the heat transfer coefficient with increasing vapor quality) but the cor-
relation did not correctly predict the two-phase heat transfer coefficient. Therefore,
they proposed another correlation expressed as a function of Boiling number (Bo)
and the liquid single-phase heat transfer coefficient (αL):

αTP =
(

1 + 6 · Bo1/16 − 5.3 · (1 − 855 · Bo) · x0.65
)

· αL (3.131)

[Sun and Mishima (2009)] developed a correlation based on the [Lazarek and
Black (1982)] correlation, taking into account the effect of Weber number:

αTP =
6 · Re1.05

LO · Bo0.54

We0.191
LO · (ρL/ρV)0.142 ·

λL

dh
(3.132)

Besides, [Kew and Cornwell (1997)] modified the [Lazarek and Black (1982)]
correlation to adapt it to their database where convective boiling is the dominant
heat transfer mechanism (highlighted by the dependence of the heat transfer coeffi-
cient on the vapor quality). Their correlation is expressed as a function of the liquid
only Reynolds number (ReLO), the Boiling number (Bo) and the vapor quality (x):

αTP = 30 · Re0.857
LO · Bo0.714 ·

(

1

1 − x

)0.143

·
(

λL

dh

)

(3.133)

Table 3.13 summarizes the experimental conditions for the development of these
Nusselt-type correlations.

3.4.3.1.5 Phenomenological approach

[Kattan et al. (1998b)] developed a phenomenological model based on the two-
phase flow structure. To determine the flow structure, they used their own two-
phase flow pattern map for horizontal evaporating flows. The model covers fully
stratified flows, stratified-wavy flows, intermittent flows, annular flows and an-
nular flows with partial dryout. Plug and slug flows are classified as intermittent
flows. This model does not predict the two-phase flow boiling heat transfer for
bubbly flow and mist flow regimes. The heat transfer coefficients are calculated
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from the evaluation of wet and dry perimeters, which are geometrically related to
the flow structure:

αTP =
dh · θdry · αV + dh ·

(

2π − θdry
)

· αwet

2 · π · dh
(3.134)

Figure 3.41: Annular flow with partial dry-out by [Thome et al. (2004a)].

In eq. (3.134), the heat transfer coefficient is viewed as a weighted average of
two heat transfer coefficients, namely one for the area of the tube which is dry and
one for the area which is wet shown on Fig 3.41. Here, αV is the vapor heat transfer
coefficient calculated from the [Dittus and Boetler (1930)], while αwet is the heat
transfer coefficient for the liquid fluid calculated from an asymptotic expression
using an exponent of three.

θdry is the angle of the tube wall that is assumed to be constantly dry for strat-
ified flows and annular flows with partial dryout. For annular and intermittent
flows, the tube perimeter is always wet and the dry angle is equal to 0. The authors
proposed a dry angle value for the stratified flow before the dryout inception and
another for the region after the dryout inception.

αwet is calculated with the following asymptotic expression that combines the
nucleate boiling and convective boiling contributions:

αwet =
(

α3
nb + α3

cb
)1/3 (3.135)

The correlation of [Cooper (1984)] is used to calculate the nucleate boiling heat
transfer coefficient. Besides, [Kattan et al. (1998b)] proposed from their database a
correlation to predict the convective boiling heat transfer coefficient assuming the
annular ring of liquid more realistically as a film flow rather than as a tubular flow:

αcb = 0.0133 ·
[

4 ·G · (1 − x) · δ
(1 − ǫ) · µL

]0.69

·
[

cp,L · µL

λL

]0.4

·
λL

δ
(3.136)

In Eq. (3.136), ǫ is the void fraction predicted by the drift flux void fraction
model of [Rouhani and Axelsson (1970)] for vertical tubes that was modified by
[Steiner (1993)] for horizontal tubes. δ is the annular liquid film thickness.
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Table 3.13: Experimental conditions used to develop the Nusselt-type correlations (A: annuli, C: circular, H: horizontal R: rectangular, and V:
vertical).

Reference [-] Fluid [-] Geometry
[-]

dh [mm] Psat [bar] Tsat [◦C] G [kg/m2·s] q̇ [kW/m2] x [-]

[Lazarek and
Black (1982)]

R-113 V - C 3.1 1.3-4.1 55-97 125-750 14-380 0-0.6

[Tran et al.
(1997)]

R-12, R-113 H - C, R 2.4-2.92 5.1-8.2 16-33 44-832 3.6-129 0-0.94

[Yu et al.
(2002)]

water H - C 2.98 2 120 50-200 10-300 0.15-1

[Warrier et al.
(2002)]

FC-84 H - R 0.75 / / 557-1600 0-60 0.03-0.55

[Sun and
Mishima
(2009)]

water, carbon dioxide, R-11,
R-12, R-123, R-134a, R-141b,
R-22, R-404a, R-407c, R-410a

H, V - C, R 0.21-6.5 / / 44-1500 5-109 0-1

[Kew and
Cornwell
(1997)]

R-141b H - C 1.39-3.69 / / / / /
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[Thome and El Hajal (2004c)] updated the heat transfer model of [Kattan et
al. (1998b)] to the case of flow boiling of carbon dioxide in horizontal tubes. They
found necessary to first correct the nucleate pool boiling correlation to better de-
scribe the behavior of CO2 at high reduced pressures and secondly to include a
boiling suppression factor on the nucleate boiling heat transfer coefficient to cap-
ture the trends in the flow boiling data. [Thome and El Hajal (2004c)] modified
the [Kattan et al. (1998b)] model by replacing Eq. (3.135) with the following expres-
sion:

αwet =
(

(

S · αnb,CO2

)3
+ α3

cb

)1/3

(3.137)

In Eq. (3.137), αnb,CO2
is determined from the [Cooper (1984)] pool boiling cor-

relation as:

αnb,CO2
= 0.71 · αnb + 3970 (3.138)

The boiling suppression factor S was determined from their whole carbon diox-
ide database resulting in the following expression:

S =
(1 − x)1/2

0.121 · Re0.225
L

(3.139)

[Wojtan et al. (2005b)] extended the model of [Kattan et al. (1998b)] from
their database and their flow pattern map. The previous model did not predict
the heat transfer coefficient for stratified-wavy flow with accuracy. In consequence,
stratified-wavy region was divided into three subzones: slug, slug/stratified-wavy
and stratified-wavy. They proposed equations to calculate the dry angle for these
three subzones.

[Thome et al. (2004a)] and [Dupont et al. (2004)] presented a phenomenological
model to predict the two-phase flow boiling heat transfer coefficient during inter-
mittent flows in microchannels. They proposed a model for flow boiling which is
interpreted as a sequence of three steps as represented on Fig. 3.42 (this model is
referred to as “three zones model”). At a given location, the process proceeds as
follows: (i) a liquid slug passes, (ii) an evaporating elongated bubble passes and
(iii) if the thin evaporating film of the bubble dries out before the arrival of the next
liquid slug, then a vapor slug passes.

The cycle then repeats itself upon arrival of the next liquid slug. Thus, either
a liquid slug and elongated bubble pair or a liquid slug, elongated bubble and
vapor slug triplet passes at this given point at a frequency that is a function of the
formation rate of bubbles upstream. The heat transfer coefficient is expressed as a
time-average of the successive heat transfer coefficients for the three passages:

αTP (z) =
tL
τ

· αL (z) +
tfilm

τ
· αfilm (z) +

tV
τ

· αV (z) (3.140)

In Eq. (3.140), αL and αV are calculated from an expression of the mean heat
transfer coefficient as a function of Reynolds number using the [Churchill and Us-
agi (1972)] asymptotic method with n=4. The three zone model has three adjustable
parameters which are difficult to predict theoretically: (i) δmin, the minimum thick-
ness of the liquid film at dryout, (ii) Cδ0 , a correction factor on the prediction of the
initial film thickness δ0 and (iii) f , the pair frequency.
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Figure 3.42: Three-zone heat transfer model for elongated bubble flow regime in
microchannels developed by [Thome et al. (2004a)].

[Cioncolini and Thome (2011)] provided an algebraic model of turbulence in
adiabatic and evaporative annular two-phase flow, focusing in particular on mo-
mentum and convective boiling heat transfer through the annular liquid film. This
turbulence model is part of unified annular flow modeling suite that includes meth-
ods to predict the entrained liquid fraction and the fractional pressure gradient
(see [Cioncolini and Thome (2010a)], [Cioncolini et al. (2010b)] and [Cioncolini and
Thome (2012a)]).

Table 3.14 presents the ranges of experimental conditions used to develop these
models based on the phenomenological approach.

3.4.3.2 Dryout and post-dryout prediction methods

The regime of post-dryout heat transfer is encountered when the heated wall be-
comes dry before complete evaporation, i.e. during dryout and mist flow regimes.
Figure 3.11 shows a representation of these flow regimes. Empirical methods for
predicting heat transfer in these flow regimes have been reported. On the one
hand, some prediction methods can be classified as simple modifications of single-
phase heat transfer correlation ( [Dittus and Boetler (1930)] or [Gnielinski (1976)]).
[Dougall and Roshenow (1963)] proposed the following correlation to predict the
heat transfer coefficient only in mist flow regime assuming homogeneous flow:

αTP = 0.023 · Re0.8
V,H · Pr0.4

V ·
λV

dh
(3.141)

In Eq. (3.141), ReV,H is the homogeneous vapor Reynolds number. [Groen-
eveld (1973)] corrected the homogeneous approach where the definition of the
Reynolds number is not consistent with homogeneous flow theory. [Groeneveld
(1973)] added a multiplying factor y defined as:

y = 1 − 0.1 ·
[(

ρL

ρV
− 1

)

· (1 − x)

]0.4

(3.142)

The final expression for two-phase flow boiling heat transfer coefficient during
mist flow proposed by [Groeneveld (1973)] is:
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αTP = 0.00327 ·
(

G · dh

µV
·
[

x+
ρV

ρL
· (1 − x)

])0.901

· Pr1.32
V · y−1.50 ·

λV

dh
(3.143)

[Ünal and Gasselt (1983)] conducted experiments on post-dryout heat trans-
fer in a non-uniformly heated steam generator tube. Based on the experimental
database and existing literature data on uniformly heated tubes, they provided
a correlation for the estimation of post-dryout heat transfer coefficient. More re-
cently, [Sindhuja et al. (2010)] modified the [Ünal and Gasselt (1983)] correlation in
order to better fit their database for ternary refrigerant mixtures.

[Wojtan et al. (2005b)] extended the model of [Kattan et al. (1998b)] from
their database and their flow pattern map for both dryout and mist flow regimes.
Based on their experimental data, [Wojtan et al. (2005b)] modified the correlation
of [Groeneveld (1973)] for the prediction of the mist flow heat transfer coefficients
during evaporation of refrigerants as follows:

αTP,mist = 0.0117 · Re0.79
V,H · Pr1.06

V · y−1.83 ·
λV

dh
(3.144)

For the dryout region, the heat transfer coefficient decreases sharply and then
becomes nearly constant in value for mist flow, they proposed the linear interpola-
tion equation to calculate the heat transfer coefficient:

αTP,dryout = αTP (xdi) −
x− xdi

xde − xdi
· [αTP (xdi) − αTP,mist (xde)] (3.145)

In Eq. (3.145), xdi and xde are the vapor qualities for the dryout inception and
completion, respectively. αTP (xdi) is the heat transfer coefficient calculated by Eq.
(3.134) at dryout inception vapor quality. αTP,mist (xde) is the heat transfer coefficient
determined by Eq. (3.144) at the completion dryout vapor quality.

Besides, [Saitoh et al. (2007)] proposed a correlation to predict the heat trans-
fer coefficient in the post-dryout region based on the summation of two terms: (i)
the heat transfer coefficient by the [Dittus and Boetler (1930)] correlation in the va-
por phase (αV) and (ii) the pre-dryout heat transfer coefficient in the liquid phase
calculated by the [Saitoh et al. (2007)] correlation (αTP,pre).

αTP,mist =
(

1 −Adryout
)

· αTP,pre +Adryout · αV (3.146)

In Eq. (3.146), Adryout is the ratio of the dry portion around the entire perimeter
of the tube.

[Yoon et al. (2004)] developed a correlation to predict the post-dryout heat
transfer coefficient for carbon dioxide flow boiling. They estimated the heat trans-
fer coefficient after the critical quality as the sum of the liquid and vapor heat trans-
fer coefficients for the wet and dry portion so.

Table 3.15 summarizes the experimental conditions for the development of these
correlations and models for post-dryout heat transfer coefficient.
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Table 3.14: Experimental conditions used to develop the prediction models based on the phenomenological approach (A: annuli, C: circular, H:
horizontal R: rectangular, and V: vertical).

Reference [-] Fluid [-] Geometry
[-]

dh [mm] Psat [bar] Tsat [◦C] G [kg/m2·s] q̇ [kW/m2] x [-]

[Kattan et al.
(1998b)]

R-134a, R-402A, R-404A, R-
502, R-123, R-407C, ammonia

H - C 10.92 - 12 1.12 - 8.87 -1.3 - 30.7 16.3 - 500 440 - 71600 0.01 - 0.1

[Thome
and El Hajal
(2004c)]

carbon dioxide H - C 0.19 - 10.06 17 - 64 -25 - 25 85 - 1440 5 - 36 0 - 0.91

[Wojtan et al.
(2005b)]

R-22, R-410A H, C 8 -13.84 5.84-9.34 5 70-700 2-57.5 0.01-0.99

[Thome et al.
(2004a)]

R-113, R-12, R-134a, R-11, R-
123, R-141b, carbon dioxide

H - C, R 0.77-3.1 1.24-57.66 5.23-81.59 50-564 5-178 0.01-0.99

[Cioncolini
and Thome
(2011)]

R-22, R-32, R-134a, R-290, R-
600a, water, R-12, R-245fa

H, V - C 1.03 - 14.4 1 - 72 / 123 - 3925 3 - 736 0.19-0.94
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3.4.4 Conclusions

In conclusion, the first part of this section allowed to show that heat transfer mech-
anisms are strongly dependent on the flow parameters (mass velocity, heat flux and
vapor quality), the working fluid, the geometry and the saturation temperature. It
clearly appears that (i) heat transfer is driven by two main mechanisms: nucleate
boiling and convective boiling and (ii) there are no data available for saturation
temperature higher than 100◦C. Figure 3.43 shows from a color scale the number of
data points available in the literature as a function of the reduced pressure and sat-
uration temperature. This graph highlights the lack of information for saturation
temperature higher than 100◦C.

Range of present 

experimental conditions

Figure 3.43: Distribution of data points published (28416 data points) in 130 arti-
cles since 1980 for heat transfer studies with respect to saturation temperature and
reduced pressure( [Charnay et al. (2011)]).

The second part permitted to present a state-of-the-art on two-phase phase flow
boiling heat transfer predictions tools. It is clearly shown that almost all the corre-
lations or models remain essentially empirical due to the complex hydrodynamic
and heat transfer processes. The Tables 3.11, 3.12, 3.13, 3.14, and 3.15 emphasized
that the range of applicability of these tools does not exceed 100◦C. Figure 3.44 dis-
plays a comparison between several flow boiling heat transfer prediction methods
for R-245fa in a 3.00 mm inner diameter tube at 500 kg/m2·s and 50 kW/m2 for
two different saturation temperatures: 40◦C and 120◦C. These graphs highlight the
discrepancies which can exist from one method to another. Figure 3.44(b) shows
that these discrepancies increase when these methods are extrapolated up to high
saturation temperature.

The main objective of this investigation is to provide accurate data on flow boil-
ing heat transfer coefficient at high saturation temperatures to better understand
the relative importance of the various heat transfer mechanisms in these condi-
tions and to assess the correlations and models at high saturation temperature. The
ranges of reduced pressure and saturation temperature during the experiments are
represented on Fig. 3.43 with the stippled zone.
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Figure 3.44: Comparison among several flow boiling heat transfer prediction meth-
ods for R-245fa in a 3.00 mm inner tube diameter at 500 kg/m2·s and 50 kW/m2

for two different saturation temperatures: 40◦C and 120◦C.
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3.5 Conclusions on the state-of-the-art review

A state-of-the-art review related to the existing studies on flow visualization, flow
pattern map, pressure drop, and heat transfer during flow boiling of refrigerants
has been carried out. Each section, previously presented, draws up its own conclu-
sion available in sections 3.2.4, 3.3.3, and 3.4.4, respectively. The effect of the high
saturation temperature has, so to say, never been studied so far for Tsat higher than
100◦C. However, some works investigated the influence of saturation temperature
on flow boiling. With their limited range of saturation temperature, the authors
concluded by noting that the two-phase flow patterns and their transitions, the
two-phase flow pressure drop, and the two-phase flow boiling heat transfer coeffi-
cients were strongly influenced by the saturation temperature.

In addition, this literature review enables the elaboration of the research plan
in order to answer to the problem of the evaporator design of the Organic Rankine
Cycle:

• Development of a quantitative method coupled with a method of analysis of
heat transfer coefficient to characterize the flow regimes.

• Visualization of the flow patterns and drawing of flow pattern maps.

• Measurements of the pressure drop, parametric analysis, assessment of the
existing correlations and models for two-phase pressure drop, and analysis
of their domains of applicability.

• Measurements of the heat transfer coefficient, parametric analysis, assess-
ment of the existing correlations and models for two-phase flow boiling heat
transfer coefficient, and analysis of their domains of applicability.
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Table 3.15: Experimental conditions used to develop the prediction correlations and models for post-dryout heat transfer coefficient (A: annuli,
C: circular, H: horizontal R: rectangular, and V: vertical).

Reference [-] Fluid [-] Geometry
[-]

dh [mm] Psat [bar] Tsat [◦C] G [kg/m2·s] q̇ [kW/m2] x [-]

[Dougall and
Roshenow
(1963)]

/ / / / / / / /

[Groeneveld
(1973)]

/ V, H - A, C 2.5 - 25 34 - 215 / 700 - 5300 120 - 2100 0 - 0.9

[Ünal and
Gasselt (1983)]

/ V - C, A / / / / / /

[Wojtan et al.
(2005b)]

R-22, R-410A H, C 8 -13.84 5.84-9.34 5 70-700 2-57.5 0.01-0.99

[Saitoh et al.
(2007)]

R-134a H - C 0.51-3.1 3.5-4.9 5-15 150-450 5-39 0.2-1

[Yoon et al.
(2004)]

carbon dioxide H - C 7.53 31.3 - 57.3 -4 - 20 200 - 530 12 - 20 0-0.7

[Sindhuja et
al. (2010)]

R-407C V - C 12.7 17 - 35 / 1200 - 2000 50 - 80 0.22 - 0.73
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Chapter 4

Description of the experiments

This chapter describes the conceptualization, construction, components assembly
and commissioning of the experimental setup used during the present PhD work.
It was built in such a way that flow visualizations, flow boiling heat transfer coef-
ficient measurements, and two-phase flow pressure drop measurements could be
done on the same system. In parallel, an image processing method to characterize
the two-phase flow regimes, to determine the bubbles frequency and to measure
the velocity of bubbles was developed.
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98 CHAPTER 4. DESCRIPTION OF THE EXPERIMENTS

4.1 Description of the experimental test facility

An experimental test facility was developed in order to control the fluid character-
istics at inlet of the test sections, i.e. mass flow rate, inlet subcooling and saturation
pressure.

The working fluid is R-245fa as one motivation behind the present work lies in
Organic Rankine Cycles. This refrigerant exhibits a high stability and high critical
point (Tcrit=154.05 ◦C and Pcrit=36.4 bar) so that it may be boiled at relatively high
temperature. Although R-245fa is non-ozone depleting (due to its lack of chlorine)
and therefore regarded as “environmentally friendly”, R-245fa is however a global
warming gas with a global warming potential (GWP) of 950-1020 kgeq.CO2/kg. Ta-
ble 4.1 summarizes the main properties of R-245fa. Previous studies promoted to
use R-245fa as operating fluid in ORC systems. For instance, [Zhang et al. (2011)]
ranked R-245fa as one of the best operating fluids for ORC systems according to
the thermal efficiency and exergy efficiency. Besides, considering safety levels and
environmental impacts, [Wang et al. (2011)] defined R-245fa as the most suitable
working fluids for an engine waste heat recovery application.

Table 4.1: R-245fa properties (ALT: Atmosphere Life Time - GWP: Global Warming
Potential - ODP: Ozone Depletion Potential).

Pcrit [bar] Tcrit [◦C] M [g/mol] GWP [kgeq.CO2/kg] ODP [-] ALT [year]
36.4 154.05 134.05 950-1020 0 7.6

The test facility used in the present study is shown schematically in Fig. 4.1.
The test bench was designed with three optional methods for controlling the flow
through the test sections: either by controling the rotational velocity of the pump,
or by actionning a by-pass valve, or by actionning a microvalve placed at the in-
let of the test section. Liquid R-245fa is pumped by a gear pump and then passes
through a filter/dryer, a Coriolis-type flowmeter, a microvalve, the test section,
and a condenser which is a plate heat exchanger. A controlled-temperature reser-
voir allows to fix the saturation pressure in the loop. Two K-type thermocouples
were installed to measure the liquid and vapor phase temperatures and a pressure
transducer measures the saturation pressure inside the reservoir. The microvalve at
the inlet of the test section avoids oscillations when boiling starts in the test section,
as it induces an increase in the pressure drop in the loop.

4.2 Description of the test section

The test section, presented in Fig. 4.2, consists of three parts: (i) a 2000 mm spirally-
shaped stainless steel tube (called preheater) whose inner and outer diameters
(dinner and douter) are 3.00 and 5.99 mm respectively, (ii) a 185 mm (levap) stainless
steel horizontal tube (called evaporator) with the same inner and outer diameters
as those of the preheater, (iii) a glass tube whose inner and outer diameters are 2.96
and 5.95 mm respectively.
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Figure 4.1: Schematic of the test facilty.

Figure 4.2: Schematic of the test section.
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The flow boiling heat transfer test section corresponds to the evaporator. The
control of the vapor quality at the heat transfer test section inlet is ensured by the
preheater. The test section is heated by Joule effect, by means of two copper clamps
that are connected electrically to a power supply. In addition, during the experi-
ments, the preheater and evaporator heat fluxes (q̇ph and q̇evap) were recalculated
with a direct voltage measurement on the external wall of the tube. For electrical
insulation, the preheater and the evaporator are separated by a 30 mm tube made
of peek resin. To measure the temperature at the inlet and outlet of the preheater,
two 0.5 mm K-type thermocouples are used and two pressure transducers are in-
stalled at the inlet and outlet of the heat transfer test section. Two 80 µm K-type
thermocouples are installed at the top of the tube at the inlet and the outlet of the
evaporator.

As shown in Fig. 4.3, twelve 80 µm K-type thermocouples are strapped on a
Kapton layer for electrical insulation at six positions along the channel: six ther-
mocouples are placed at the top of the evaporator and six at the bottom. For each
position y, the distances between the evaporator inlet and the thermocouple (ly)
are indicated on Fig. 4.4. As represented on Fig. 4.4, the stainless steel tubes are
thermally insulated by a silicone tube whose thickness is 10 mm and a 10 mm thick
layer of glass fibres.

Figure 4.3: Image of the heat transfer test section before thermal insulating (i.e.
evaporator).

The two-phase pressure drop values were directly obtained from the differential
pressure transducers under adiabatic conditions. As a consequence, the measure-
ments of pressure drop and heat transfer coefficients could not be performed simul-
taneously. The desired vapor quality at the inlet of the test section was obtained by
adjusting the power of the preheater. The length between the two pressure tap lo-
cations (l∆P) was 350 mm. In order to investigate a wide range of flow conditions
with the best accuracy as possible, a selection of sensors was used depending on the
level of the pressure drop being measured. Three differential pressure transducers
were used:

• Keller KE23D differential pressure transducer: 0 - 5 bar

• Keller KE23D differential pressure transducer: 0 - 200 mbar

• Rosemount 3551S differential pressure transducer: 0 - 50 mbar

The differential pressure transducers were placed at levels higher than the test
section, and the capillary tubes were positioned vertically. Two valves were placed
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Figure 4.4: Schematic view of the evaporator (right) and thermocouple locations
(left).

at the inlet and the outlet of each sensor in order to isolate it when the pressure
drop was higher than their operating range.

The experimental setup, as described above, is completely monitored using a
computer. Signals from the thermocouples, pressure transducers, mass flowmeter
and power supplies are collected by a computerized data acquisition system. The
entire acquisition system includes: (i) computer, (ii) a graphical data acquisition
program written under LabView environment (National Instruments, 2006), and
(iii) one Keithley Data Acquisition model 2701 with two slot cards allowing for
multiple measurements up to 40 channels. Besides, this LabView program allows
to remote control of the two power supplies and the two controlled-temperature
reservoir.

4.3 Measurements and accuracy

In this section, the different measurement techniques, calibration methods, and
the experimental accuracy will be detailed. This section introduces the root-sum-
square (RSS) combination, the basic form used for combining uncertainty contri-
butions in multiple-sample analysis. The term δXi refers to the uncertainty in Xi
in a general and nonspecific way: whatever is being dealt with at the moment (for
example, fixed errors, random errors, or uncertainties). The systematic component
was determined through a calibration or taken from the instrumentation documen-
tation. Table 4.2 lists the uncertainty for each type of measurement.

Consider a variable X , which has a known uncertainty δX . The form for repre-
senting this variable and its uncertainty is:

X = Xi(measured) ± δXi (4.1)

The result R of the experiment is assumed to be calculated from a set of mea-
surements using a data interpretation program (by hand or by computer) repre-
sented by:
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Table 4.2: Sensors used for the instrumentation of the experimental setup.

Equipment Range Incertitude
K-Type thermocouple -30 - 300 ◦C ± 0.25 ◦C

Keller PAA33 absolute pressure transducer 0-35 bar ± 0.07 bar
Keller KE23D differential pressure transducer 0-5 bar ± 0.01 bar
Keller KE23D differential pressure transducer 0-200 mbar ± 0.4 mbar

Rosemount 3551S differential pressure transducer 0-50 mbar ± 0.05 mbar
Micro Motion Coriolis type mass flowmeter 0-108 kg/h ± 0.1 %

Sorensen DCS 8-350 power supply 0-8 V ± 12 mV
0-350 A ± 1400 mA

Sorensen SGA 60-250 power supply 0-60 V ± 60 mV
0-250 A ± 1000 mA

R = R (X1, X2, X3, X4, ..., XN) (4.2)

The effect of the uncertainty in a single measurement on the calculated result, if
only that one measurement was in error would be:

δRXi =
∂R

∂Xi
· δXi (4.3)

The partial derivative of R with respect to Xi is the sensitivity coefficient for
the result R with respect to the measurement Xi. When several independent vari-
ables are used in the function R, the individual terms are combined by a root-sum-
square method. The general formulation for error propagation, presented in [Tay-
lor (2000)], is expressed as:

δR =

√

√

√

√

N
∑

1

(

∂R

∂Xi
· δXi

)2

(4.4)

Each term represents the contribution made by the uncertainty in one variable,
δXi, to the overall uncertainty in the result, δR. Each term has the same form: the
partial derivative of R with respect to Xi multiplied by the uncertainty interval for
that variable.

4.3.1 Tube diameter

Tube diameters (for both stainless steel tube and glass tube) have been measured
with a digital vernier caliper (Mitutoyo serie 500) with a resolution of ±0.02 mm.
The measurements of stainless steel tube inner and outer diameters have been car-
ried out on two samples chosen among the same tube used in the test section fabri-
cation. The diameter has been measured 8 times in total for each tube, at different
locations. The results are determined using the Student’s distribution with 7 de-
grees of freedom and 95% confidence interval.

dinner = 3.00 ± 0.03 mm (4.5)

douter = 5.99 ± 0.03 mm (4.6)
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The procedure has been repeated for the glass tube with measurements on two
different samples chosen among the numerous tubes bought and 8 measurements
have been made for each diameter.

dinner = 2.96 ± 0.03 mm (4.7)

douter = 5.95 ± 0.03 mm (4.8)

4.3.2 Tube lengths

Tube lengths are measured with an error less than 0.1 mm. This uncertainty comes
directly from the measurement instruments.

δl = ±0.1 mm (4.9)

4.3.3 Temperature

Different K-type thermocouples were used in the experimental facility: (i) six 0.5
mm K-type thermocouples made by Serv’Instrumentation and (ii) sixteen 80 µm
K-type thermocouples made in the CETHIL laboratory. Two cold junctions ther-
mocouple box made in the CETHIL laboratory were used to ensure a stable refer-
ence temperature. Preliminary calibration of the thermocouples was performed to
determine the actual deviation. For this purpose, the thermocouples were placed
in a thermal bath next to a platinum probe and the temperature of the bath was
varied from 10 to 130◦C. A second degree polynomial equation was then applied
to correct the measurement. The thermocouple systematic error was ± 0.25◦C.

δT = ±0.25 ◦C (4.10)

4.3.4 Absolute pressure and differential pressure

Absolute pressure measurements were made using Keller PAA33 transducers with
a range from 0 to 35 bar. The nominal uncertainty given by the manufacturer is ±
0.2% in overall measure range (i.e. ± 70 mbar). This nominal uncertainty includes
to the hysteresis errors, the linearity as a function of scale limit values and the
repeatability as well.

δP = ±0.07 bar (4.11)

Three differential pressure transducers were used during the present investiga-
tion to measure the pressure drop along the evaporator. Two of them were made by
Keller and the last one by Rosemount. Each sensor was calibrated by the manufac-
turers. The uncertainty given by Rosemount (for Rosemount 3551S1CD) is ±0.10%
of the full scale, i.e. ± 0.05 mbar. For the two others transducers, the nominal
uncertainty given by Keller is ±0.2% in overall measure range.

4.3.5 Fluid properties

Fluid properties and the vapor pressure curve were obtained with REFPROP (NIST
Standard Reference Database 23, Version 7.0) from a temperature measurement ap-
plying a linear regression. Regressions of 4th order were used to calculate σ, µL,
µV, λL, and λV whereas linear regressions of 6th order were used to calculate cp,L,
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cp,V, hL, hV, ρL and ρV. For instance, the linear regression of 6th order is expressed
as:

X = a0 + a1 · T + a2 · T 2 + a3 · T 3 + a4 · T 4 + a5 · T 5 + a6 · T 6 (4.12)

and the corresponding uncertainty is:

δX =
[

a1 + 2 · a2 · T + 3 · a3 · T 2 + 4 · a4 · T 3 + 5 · a4 · T 5 + 6 · a5 · T 6
]

· δT (4.13)

The coefficients a0, a1, a2, a3, a4, a5, and a6 for the R-245fa enthalpy are given in
Table 4.3.

Table 4.3: Coefficients for the R-245fa enthalpy calculations.

a0 a1 a2 a3 a4 a5 a6

hL 200313.8 1252.49 2.746 -0.04234 0.000578 -0.000003767 -0.00000001043
hV 404436.2 811.42 -2.758 0.06702 0.000915 0.000006013 -0.00000001678

For example, for a given saturation temperature of 100◦C, the results for the
enthalpies for R-245fa are hL = 341310 J/kg ±0.10% and hV = 476770 J/kg ±0.04%.

4.3.6 Mass flow and mass velocity

The nominal uncertainty of the Micromotion Elite CMF010M Coriolis type mass
flowmeter is ±0.1% of the measurement. The definition of the mass velocity was
introduced in section 2.5.1. It can be expressed for a circular pipe as:

G =
4 · ṁ

π · d2
inner

(4.14)

The uncertainty for G is:

δG =

√

(

4

π · d2
inner

· δṁ
)2

+

(

−8 · ṁ
π · d3

inner
· δdinner

)2

(4.15)

The mass velocity ranges from 96.4 kg/m2·s to 1509.6 kg/m2·s. Thus the uncer-
tainties for these extreme values of G are:

G = 96.4 ± 2.0 kg/m2·s (4.16)

G = 1509.6 ± 30.3 kg/m2·s (4.17)
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4.3.7 Heat flux

The heat powers delivered to the preheater and the evaporator (Q̇inner,ph and Q̇inner,evap)
are calculated from the measurements of the voltage (U ) and the intensity (I). The
thermal insulation is assumed ideal with no heat loss to the surroundings. This as-
sumption will be tested by evaluating the energy balances for both preheater and
evaporator, presented in section 4.5.1. The heat powers are determined with the
following expressions:

Q̇inner,ph = Iph · Uph (4.18)

Q̇inner,evap = Ievap · Uevap (4.19)

The corresponding uncertainties for Q̇inner, ph and Q̇inner, evap are:

δQ̇inner,ph =

√

(

Iph · δUph
)2

+
(

Uph · δIph
)2 (4.20)

δQ̇inner,evap =

√

(

Ievap · δUevap
)2

+
(

Uevap · δIevap
)2 (4.21)

The accuracy given by the manufacturer is ±60 mV and ±1000 mA for the pre-
heater (Sorensen SGA 60−250) and ±12 mV and ±1400 mA for the evaporator
(Sorensen DCS 8−350).

The heat fluxes imposed at the evaporator and the preheater are expressed as:

q̇ph =
Q̇inner,ph

π · dinner · lph
(4.22)

q̇evap =
Q̇inner,evap

π · dinner · levap
(4.23)

The uncertainties for the heat fluxes were calculated with the following expres-
sions:

δq̇ph =

√

√

√

√

(

1

π · dinner · lph
· δQ̇inner,ph

)2

+

(

−Q̇inner,ph

π · lph · d2
inner

· δdinner

)2

+

(

−Q̇inner,ph

π · dinner · l2ph
· δlph

)2

(4.24)

δq̇evap =

√

√

√

√

(

1

π · dinner · levap
· δQ̇inner,evap

)2

+

(

−Q̇inner,evap

π · levap · d2
inner

· δdinner

)2

+

(

−Q̇inner,evap

π · dinner · l2evap
· δlevap

)2

(4.25)

Table 4.4 presents the heat power and the heat flux with their respective uncer-
tainties calculated for both preheater and evaporator from two situations: at low
heat flux and at high heat flux.
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Table 4.4: Uncertainties on heat power and heat flux.

U [V] I [A] Q̇ [W] δQ̇ [W] q̇ [W/m2] δ q̇ [W/m2]

Preheater
Low flux 1.75 13.08 40.4 ± 2.3 2142 ± 120
High flux 14.63 183.89 2690.3 ± 18.4 142725 ± 1728

Evaporator
Low flux 0.41 43.29 17.3 ± 0.8 9931 ± 450
High flux 0.91 96.25 87.6 ± 1.8 50234 ± 1106

4.4 Data reduction

In this section, the calculations used to determine the vapor quality (x), the heat
transfer coefficient (α), and the frictional pressure drop (∆frict) are detailed.

Firstly, the vapor quality data reduction method is introduced taking into ac-
count the fact that two different situations may occur at the inlet of the evaporator:

• the fluid enters into the evaporator as subcooled liquid: configuration A.

• the fluid enters into the evaporator as saturated two-phase flow: configura-
tion B.

For each situation, the vapor quality is calculated at different positions: (i) at the
inlet of the evaporator, (ii) at the position y, and (iii) at the outlet of the evaporator.

Subsequently, the heat transfer coefficient data reduction method is detailed for
both single-phase flow and flow boiling. Finally, the frictional pressure drop data
reduction method is presented.

4.4.1 Vapor quality under configuration B

4.4.1.1 Inlet vapor quality under configuration B

With the configuration B, the fluid enters into the preheater as subcooled liquid
and the boiling starts into the preheater. Figure 4.5 shows a schematic view of the
preheater under this configuration.

Tph,inlet

Configuration B

preheater

Liquid single-phase 

flow pressure drop

l SUB,B

Pph,inlet Pevap,inlet 

x inlet

Tph,outlet

Psat,ph

Tsat,ph

Figure 4.5: Schematic view of the preheater in configuration B.
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The vapor quality at the inlet of the evaporator (xinlet) is expressed in terms of
the local enthalpy as follows:

xinlet =
hL,inlet,ph +

Q̇inner,ph

ṁ
− hL,sat,ph

hLV,outlet,ph
(4.26)

where hL,inlet,ph is the specific enthalpy of the liquid deduced from Tph,inlet and
Pph,inlet. hL,sat,ph is the specific enthalpy of the saturated liquid calculated at Tsat(Psat,ph).
hLV,outlet,ph is the latent heat of vaporization determined at Tsat(Pevap,inlet).

Figure 4.6 presents the variation of the latent heat of vaporization as a function
of the reduced pressure for an extreme case in terms of pressure drop along the
preheater (∆P = 1.5 bar). The variation of hLV is calculated from the following
equation:

∆hLV,outlet,ph =
hLV(Pph,inlet) − hLV(Pevap,inlet)

hLV(Pevap,inlet)
(4.27)

This variation is lower than 3% over the range of reduced pressure investigated
in the present study, therefore the variation of the latent heat of vaporization along
the preheater is negligible and the definition of the vapor quality (Eq. (4.26)) is
confirmed.
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Figure 4.6: Variation of R-245fa latent heat of vaporization as a function of the re-
duced pressure in the extreme case of a pressure drop along the preheater equal to
1.5 bar.

In order to calculate xinlet, a computational algorithm was used to calculate
Psat,ph required to determine hL,sat,ph. In the computational algorithm, presented
in Fig. 4.7, the subcooled length, lSUB,B is calculated by the following energy bal-
ance equation:
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Pph,inlet, Tph,inlet

Psat,ph= Pph,inlet 

Average properties at 

(Tsat,ph(Psat,ph) +Tph,inlet)/2

Properties at the inlet

Calculate: Tsat,ph(Psat,ph)

Calculate: Reliq, f

G, Qph, din

cp,L, ρL, µL

Blasius

Calculate: lSUB,B

Calculate: ∆Pliq

Psat,ph*= P ph,inlet-∆Pliq

Psat,ph, lSUB,B

Psat,ph* - P sat,ph < 1 mbar

Yes

No

Psat,ph*

Eq. (4.28)

Eq. (4.29)

Eq. (4.30)

Figure 4.7: Computational algorithm of the single-phase flow pressure drop and
the subcooled length for R-245fa flowing under configuration B.
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lSUB,B =
ṁ · cp,L

q̇inner,ph · π · dinner
·
(

Tsat,B(Pph,inlet) − Tph,inlet
)

(4.28)

and the single-phase flow pressure drop is calculated from averaged properties
with the following expression:

∆PL,ph =
G2

2 · ρL
· 4 · f ·

lSUB,B

dinner
(4.29)

where f is the friction factor calculated with the Blasius correlation. Then,
Psat,ph is obtained by:

Psat,ph = Pph,inlet − ∆PL,ph (4.30)

The calculation continues until the difference between two successive iterations
is greater than 1 mbar.

The uncertainty of xinlet is determined from the following equation:

δx2
inlet =

(

1

hLV,outlet,ph
· δhL,inlet,ph

)2

+

(

1

ṁ · hLV,outlet,ph
· δQ̇inner,ph

)2

+

(

−
Q̇inner,ph

ṁ2 · hLV,outlet,ph
· δṁ

)2

+

(

−
1

hLV,outlet,ph
· δhL,sat,ph

)2

+

(

−
xinlet

hLV,outlet,ph
· δhLV,outlet,ph

)2

(4.31)
where δhL,inlet,ph, δhL,sat,ph, δhLV,outlet,ph are calculated from Eq. (4.13) with the

coefficients given in Table 4.3 and the appropriate temperatures. The uncertainty
on the measured temperatures is ±0.25◦C whereas for deduced temperatures, the
uncertainties are calculated by error propagation on a case-by-case basis.

4.4.1.2 Vapor quality at each position y under configuration B

With the configuration B, the fluid enters into the evaporator as saturated two-
phase flow and the thermodynamic vapor quality at each position y in the saturated
region xy is expressed as follows:

xy = xinlet +

Q̇inner,evap

ṁ
·
ly

levap

hLV,y
(4.32)

where ly is the distance between the inlet of the evaporator and the position
y and hLV,y is the latent heat of vaporization calculated at Tsat,y which is deduced
from the saturation pressure at the position y:

Tsat,y = Tsat(Psat,y) (4.33)

with the saturation pressure at the position y calculated from the following
equation:

Psat,y = Pevap,inlet − (∆Ptotal) ·
(

ly

levap

)

(4.34)

where ∆Ptotal is the pressure drop measured along the evaporator which is as-
sumed to be linear as the vapor quality difference between the evaporator inlet and
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outlet remains low (∆x < 0.3). Pevap,inlet is the absolute pressure measured at the
inlet of the evaporator (see Fig. 4.2).

The uncertainty on xy is estimated by the following expression:

δx2
y = δx2

inlet +

(

ly

ṁ · levap · hLV,y
· δQ̇inner,evap

)2

+

(

Q̇inner,evap

ṁ · levap · hLV,y
· δly

)2

+

(

−
Q̇inner,evap · ly
ṁ2 · levap · hLV,y

· δṁ

)2

+

(

−
Q̇inner,evap · ly
ṁ · l2evap · hLV,y

· δlevap

)2

+

(

−
Q̇inner,evap · ly
ṁ · levap · h2

LV,y
· δhLV,y

)2

(4.35)
where δQ̇inner,evap is calculated from Eq. (4.21), δly and δlevap are equal to ±0.1

mm, and δṁ is equal to ±0.1%. δhLV,y is calculated from δTsat,y.

4.4.1.3 Outlet vapor quality under configuration B

With the configuration B, xoutlet is expressed by the following expression:

xoutlet = xinlet +

Q̇inner,evap

ṁ
hLV,evap,outlet

(4.36)

where hLV,evap,outlet is the latent heat of vaporization calculated at Tsat(Pevap,outlet).

4.4.2 Vapor quality under configuration A

4.4.2.1 Inlet vapor quality under configuration A

With the configuration A, the fluid enters into the evaporator as subcooled liquid
and the boiling starts into the evaporator, thus, the vapor quality at the inlet of the
evaporator (xinlet) is equal to 0.

xinlet = 0 (4.37)

Figure 4.8 shows a schematic view of the evaporator in configuration A.

Tevap,inlet

Configuration A

evaporator

Liquid single-phase 

flow pressure drop

l SUB,A

Pevap,inlet Pevap,outlet  

x outlet

Tph,outlet

Psat,evap

Tsat,evap

T T T T T T

T T T T T T

Figure 4.8: Schematic view of the evaporator in configurations A.
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4.4.2.2 Vapor quality at position y under configuration A

The thermodynamic vapor quality at each position y in the saturated region, xy is
expressed as:

xy =

hL,inlet,evap +
Q̇inner,evap

ṁ
·
ly

levap
− hsat,evap

hLV,y
(4.38)

where hL,inlet,evap is the specific enthalpy of the liquid deduced from Tevap,inlet
and Pevap,inlet. hsat,evap is the specific enthalpy of the saturated liquid calculated at
Tsat(Psat,evap).

In order to determine Tsat(Psat,evap) necessary to deduce hsat,evap, the subcooled
length, lSUB,A, must be evaluated. The procedure used to determine the subcooled
length into the preheater under configuration B was adapted to configuration A.
Firstly, the subcooled length is calculated by the following energy balance:

lSUB,A =
ṁ · cp,L

q̇inner,evap · π · dinner
·
(

Tsat(Psat,evap) − Tevap,inlet
)

(4.39)

The saturation pressure at the end of the sucooled length, i.e. at the beginning
of the two-phase flow (Psat,evap) is calculated taking into account the single-phase
pressure drop:

Psat,evap = Pevap,inlet − ∆PL,evap (4.40)

where the single-phase flow pressure drop along lSUB,A (∆PL,evap) is calculated
with the following expression:

∆PL,evap =
G2

2 · ρL
· 4 · f ·

lSUB,A

dinner
(4.41)

In Eq. (4.38), hLV,y is the latent heat of vaporization calculated at Tsat,y. This
temperature is deduced from the following expression:

Tsat,y = Tsat(Psat,y) (4.42)

where the saturation pressure at any location y (Psat,y) is calculated by Eq. (4.43):

Psat,y = Psat,evap − (∆Ptotal − ∆PL) ·
(

ly − lSUB,A

levap − lSUB,A

)

(4.43)

where ∆Ptotal is the pressure drop measured along the evaporator, ∆PL is the
liquid phase pressure drop calculated, ly is the distance between the inlet of the
evaporator and the thermocouple y and levap is the evaporator length. In this defini-
tion, the two-phase flow pressure drop is assumed to be linear as the vapor quality
difference between the evaporator inlet and outlet remains low (∆x < 0.3).

The equation to estimate the uncertainty on xy is similar to Eq. (4.31) but also
takes into account the uncertainties on ly and levap.
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4.4.2.3 Outlet vapor quality under configuration A

With the configuration A, the thermodynamic vapor quality at the outlet of the
evaporator, xoutlet is expressed as:

xoutlet =
hL,inlet,evap +

Q̇inner,evap

ṁ
− hsat,evap

hLV,evap,outlet
(4.44)

where hL,inlet,evap is the specific enthalpy of the liquid deduced from Tevap,inlet
and Pevap,inlet. hsat,evap is the specific enthalpy of the saturated liquid calculated at
Tsat(Psat,evap). hLV,evap,outlet is the latent heat of vaporization calculated at Tsat(Pevap,outlet).
Pevap,outlet is measured at the outlet of the evaporator by an absolute pressure trans-
ducer as represented in Fig. 4.2.

4.4.3 Heat transfer coefficient

4.4.3.1 Single-phase heat transfer coefficient

The heat transfer coefficient during liquid flow is calculated from the following
expression:

αL,mean,y =
q̇evap

Twall,inner,y − Tf,y
(4.45)

where q̇evap is the imposed heat flux at the evaporator.

The mean inner wall temperature at each position y (Twall,inner,y) is calculated
as:

Twall,inner,y =
Twall,inner,y,bottom + Twall,inner,y,top

2
(4.46)

where Twall,inner,y,bottom and Twall,inner,y,top are the inner wall temperatures at the
bottom and at the top of the tube respectively. These temperatures are calculated
from those measured at the outer surface of the tube, both at the bottom and at
the top (Twall,outer,y,bottom and Twall,outer,y,top). For example, at the top position y,
Twall,inner,y,top is calculated with the equation below:

Twall,inner,y,top = Twall,outer,y,top+
q
′′

evap

4 · λss
·
(

r2outer − r2inner
)

−

(

q
′′

evap

2 · λss
· r2outer

)

·ln
(

router

rinner

)

(4.47)

where q
′′

evap is the volumetric heat flux at the evaporator, λss is the thermal con-
ductivity of the stainless steel tube and router and rinner are the outer and the inner
radii respectively.

In Eq. (4.45), Tf,y is the temperature of the fluid at the position y calculated from
the following energy balance:

Tf,y = Tevap,inlet +
Q̇inner,evap

ṁ · cp,L
·
ly

levap
(4.48)

The uncertainty on αL,mean,y is calculated from the following equation:
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δαL,mean,y =

√

√

√

√

(

δq̇evap

Twall,inner,y − Tf,y

)2

+

(

−
qevap · δTwall,inner,y
(

Tf,y − Twall,inner,y
)2

)2

+

(

qevap · δTf,y
(

Twall,inner,y − Tf,y
)2

)2

(4.49)
where δq̇evap is calculated from Eq. (4.25), δTwall,inner,y and δTf,y are obtained by

applying the error propagation method to Eqs. (4.47) and (4.48), respectively.

4.4.3.2 Flow boiling heat transfer coefficient

The flow boiling heat transfer coefficient at each position y (αmean,y) is calculated
from the following equation:

αmean,y =
q̇evap

Twall,inner,y − Tsat,y
(4.50)

The mean inner wall temperature at each position y (Twall,inner,y) is calculated by
Eq. (4.46) and Twall,inner,y,bottom and Twall,inner,y,top are calculated with Eq. (4.47).

The saturation temperature at each position y (Tsat,y) is deduced for both con-
figurations from the saturation pressure:

Tsat,y = Tsat(Psat,y) (4.51)

According to the configuration A or B, the saturation pressure at any location y
(Psat,y) is calculated from Eqs. (4.43) or (4.34), respectively.

The uncertainty on αmean,y is calculated from the following equation:

δαmean,y =

√

√

√

√

(

δq̇evap

Twall,inner,y − Tsat,y

)2

+

(

−
qevap · δTwall,inner,y
(

Tsat,y − Twall,inner,y
)2

)2

+

(

qevap · δTsat,y
(

Twall,inner,y − Tsat,y
)2

)2

(4.52)

4.4.4 Frictional pressure drop

The two-phase pressure drops for flows inside horizontal tubes are the sum of
two contributions: the momentum pressure drop ∆Pmomand the frictional pressure
drop ∆Pfrict:

∆Ptotal = ∆Pmom + ∆Pfrict (4.53)

The momentum pressure drop is expressed as follows:

∆Pmom = G2 ·

{[

(1 − x)2

ρL · (1 − ǫ)
+

x2

ρV · ǫ

]

outlet

−

[

(1 − x)2

ρL · (1 − ǫ)
+

x2

ρV · ǫ

]

inlet

}

(4.54)

The variation of vapor quality between the inlet and the outlet of the test section
due to the pressure drop provokes a so-called flashing (increase of the vapor quality
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due to expansion). The flashing effect may easily be calculated using the relation
developed by [Revellin et al. (2012)], which is expressed (for constant properties)
as follows:

∆x = −
vLV · Tsat · cx,TP + hLV · vTP

h2
LV

· ∆Ptotal (4.55)

where cx,TP corresponds to the specific heat capacity of the two-phase flow at
constant vapor quality, calculated by the following relation:

cx,TP = x · cx,V + (1 − x) · cx,L (4.56)

The two-phase specific volume is defined as:

vTP = x · vV + (1 − x) · vL (4.57)

The void fraction (ǫ) can be calculated by the [Steiner (1993)] version of the drift
flux model of [Rouhani and Axelsson (1970)]:

ǫ =
x

ρV
·

[

(1 + 0.12 · (1 − x)) ·
(

x

ρV
+

1 − x

ρL

)

+ 1.18 ·
(1 − x)

G
·
(

g · σ · (ρL − ρV)

ρ2
L

)0.25
]

−1

(4.58)
where the vapor quality is calculated as:

x =
xinlet + xoutlet

2
(4.59)

where xinlet is calculated with Eq. (4.26) and xoutlet is expressed as:

xoutlet = xinlet + ∆x (4.60)

According to Eqs. (4.54) and (4.53), the momentum pressure drop is subtracted
from the total pressure to obtain the two-phase frictional pressure drop. The uncer-
tainty on ∆Pfrict is calculated from the following equation:

δ∆Pfrict = δ∆Ptotal + δ∆Pmom (4.61)

where δ∆Ptotal corresponds to the uncertainty of the sensor and δ∆Pmom is es-
timated from Eq. (4.54).

4.5 Validation of the test section for single-phase flows

4.5.1 Energy balance

In order to estimate the heat losses to the surrounding environment, the overall
heat balance of the system was checked for various heat fluxes and mass velocities.
The fluid temperature rise along the heated length provides the heat input into the
refrigerant (Q̇outer), and is calculated by:

Q̇outer = ṁ · cp,L · (Tf,outlet − Tf,inlet)) (4.62)

where Tf,inlet and Tf,outlet are the temperatures of the fluid at the inlet and the
outlet respectively for either the preheater or the evaporator. The uncertainty is
obtained with the following equation:
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δQ̇outer =

√

(

ṁ · ∆T · δcp,L
)2

+
(

cp,L · ∆T · δṁ
)2

+
(

cp,L · ṁ · 2 · δT
)2 (4.63)

where ∆T = Tf,outlet − Tf,inlet.

The measured Q̇outer was compared with the heat input to the test section, Q̇inner
(calculated as U × I). Figs. 4.9(a) and 4.9(b) represent the energy balance for the
preheater and the evaporator respectively along with the uncertainty bars. The heat
losses rate is around 7% and 4% for the preheater and the evaporator, respectively.
From these preliminary tests, one should consider that the energy balance for both
is validated.

4.5.2 Heat transfer test section validation

Concerning the validation of the heat transfer test section, Fig. 4.10 represents the
comparison between the experimental Nusselt numbers and the predicted Nusselt
numbers calculated with the [Shah and London (1978)] correlation for laminar flow
in the thermal entry region and with the [Gnielinski (1976)] correlation for turbulent
flow.

The experimental Nusselt number is calculated from the following expression:

Nuexp =
αL,mean,y · dinner

λL,mean
(4.64)

where αL,mean,y is the single-phase flow heat transfer coefficient calculated by
Eq. (4.45) and λL,mean is the mean liquid thermal conductivity of R-245fa. The
uncertainty on the experimental Nusselt number is expressed as:

δNuexp =

√

(

dinner

λL,mean
· δαL,mean,y

)2

+

(

αL,mean,y

λL,mean
· δdinner

)2

+

(

−
αL,mean,y · dinner

λL,mean
· δλL,mean

)2

(4.65)

The [Gnielinski (1976)] correlation is expressed as follows:

Nu =
(f/8) · (ReL − 1000) · PrL

1 + 12.7 · (f/8)1/2 ·
(

Pr2/3

L − 1
) (4.66)

The graph indicates a good agreement with these correlations as the Mean Ab-
solute Error (MAE) is around 5 % and as this deviation is within the uncertainty
range. However, the results were overestimated by these correlations. This valida-
tion concerns the twelve thermocouples.

4.5.3 Pressure drop test section validation

The last single-phase flow validation deals with the pressure drop test section. The
experimental friction factor was deduced from the following expression:

f =
∆P · dinner · ρL

2 · l∆P ·G2
(4.67)
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Figure 4.9: Energy balance: single-phase validation
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Figure 4.10: Comparison between experimental Nusselt numbers and predicted
Nusselt number.

where ∆P is the pressure drop measured and l∆P is the length between the two
pressure taps.

The uncertainty of the experimental friction factor is calculated from:

δf =

√

(

∂f

∂∆P
· δ∆P

)2

+

(
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∂dinner
· δdinner

)2

+

(
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· δρL

)2

+

(

∂f

∂l∆P
· δl∆P

)2
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(

∂f

∂G
· δG

)2

(4.68)

Then, this value of friction factor is compared with the theoretical value calcu-
lated by two different correlations: the Blasius correlation and the [Churchill (1977)]
correlation. The [Churchill (1977)] correlation is valid for laminar, transition, and
turbulent flow regimes. This correlation is expressed as:

fChurchill = 2 ·

[

(

8

Re

)12

+
1

(A+B)3/2

]1/12

(4.69)

where A and B are calculated with the following equations:

A =











2.457 · ln
1

(

7

Re

)0.9

+
0.27 ·Rp

dinner











16

(4.70)
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Figure 4.11: Comparison between experimental friction factors and predicted fric-
tion factors.

B =

(

37530

Re

)16

(4.71)

The Blasius correlation is valid for Reynolds numbers ranging from 4000 to
100000 and it is expressed as:

fBlasius = 0.079 · Re−0.25 (4.72)

Figure 4.11 shows a comparison between the experimental friction factor and
the predicted friction factor calculated by the Blasius and [Churchill (1977)] corre-
lations. The graph indicates a good agreement with these correlations as the Mean
Absolute Error (MAE) is around 5 % and 7 % for the [Churchill (1977)] and Blasius
correlations, respectively. This validation concerns the three differential pressure
transducers. The uncertainties bars are not plotted for a better readability of the
graph. They are however plotted in Fig. 4.12.

Figure 4.12 shows a comparison between the experimental pressure drop and
the predicted pressure drop with the correlation of [Churchill (1977)] for the three
pressure drop transducers. The uncertainties on the measurements are represented
with the horizontal bars. The difference between the sensors is relatively low and
the deviation from the predicted values is within the uncertainty range.
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Figure 4.12: Comparison between experimental pressure drop measured by the
three different sensors and the pressure drop calculated by [Churchill (1977)].

Table 4.5: Optical measurement conditions.

Parameter Range Units
Frame rate 3000 frames/s
Shutting speed 1/402000 s
Acquisition time 2 s
Frame size 128x1024 pixel
Grayscale value 0 - 255

4.6 Image processing method

4.6.1 Description of the technique

4.6.1.1 General description

An optical method to characterize the two-phase flow regimes, to determine the
bubbles frequency and to measure the velocity of bubbles was developed. Two
instruments were used to visualize the two-phase flow: a high-speed image ac-
quisition system and an image processing program written under Matlab environ-
ment. The experimental setup (Fig. 4.13) consists of a high-speed camera system
(PHOTRON FASTCAM 1024 PCI model 100K). The main parameters of the image
acquisition are summarized in Table. 4.5. The recording speed of 3000 frames/s
was found to be a good trade-off between file size and image quality. The light
system used for the visualization is provided through an adjustable light source
behind the visualization glass tube.

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



120 CHAPTER 4. DESCRIPTION OF THE EXPERIMENTS
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flow visualization tube
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59.0 mm

Image acquisition system

High speed high resolution 

camera

Figure 4.13: Diagram of the image acquisition system.

The size of the image is 128 x 1024 pixels. Each pixel has a grayscale value rang-
ing from 0 to 255. Note that the grayscale used here is inversed from the traditional
grayscale. Indeed, in the present study, a grayscale value equal to 0 corresponds to
the white color and a grayscale value equal to 255 corresponds to the black color,
as shown Fig. 4.14. This choice has been made to improve the distinction between
the two phases and to have a grayscale value of the liquid phase close to 0 and a
grayscale value of the vapor phase close to 255.

To characterize the flow configuration along the cross section, a profile line is
placed from the top to the bottom position of the inner diameter, as represented in
Fig. 4.15 (profile 1). This choice can be justificable when only one bubble passes
the profile at a time. This profile line has been placed as close as possible to the
entrance of the glass tube. Indeed, the vapor quality entering the flow visualization

255 050200 150 100

Annular flow grayscale 

value (see Fig. 5.2.(d))

Liquid flow 

grayscale value

Figure 4.14: Grayscale value used in the image processing.
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lprofiles =  (Lprofiles.d outer)/ D outer

Figure 4.15: Profile positions and image information necessary for scale plan calcu-
lation.

section was determined at the outlet of the evaporator. In the present study, profile
1 was placed 2.9 mm from the entrance of the glass tube. For each image, the
mean grayscale value along a profile is calculated from the grayscale values of each
pixel along this profile. The acquisition time is 2 seconds and corresponds to 6 000
frames. Figure 4.16(a) shows the mean grayscale values as a function of time for a
bubbly-slug flow regime.

All flow patterns, as for example the one shown for a bubbly-slug flow in Fig.
4.16(a), exhibit pulsed signals with peaks corresponding to the vapor phase and
troughs corresponding to the liquid phase. To count the bubbles, a threshold line
must be placed between the liquid and the vapor grayscale levels at a specific
value. This value has been chosen according to Fig. 4.16(b) which represents the
histogram of distribution of the signal in 5 particular grayscale ranges.

The threshold, in red line in Fig. 4.16(b), is placed 20 grayscale value after the
first peak. Threshold is 25 in the present case. When the grayscale value is below
the threshold, the presence of liquid is retained whereas a value greater than the
threshold means the presence of vapor. [Revellin et al. (2006)] used two thresholds
to distinguish between wavy annular flow and smooth annular flow. However,
in the present study, these flow regimes are grouped together into annular flow,
which explains why one threshold is necessary.

4.6.1.2 Bubble frequency

From the grayscale signal, the bubble frequency (average number of bubble pas-
sages per second) can be computed easily.

4.6.1.3 Bubble velocity

The method to determine the vapor bubble velocity is based on the presence of two
profiles, as shown in Fig. 4.15 separated by a known distance, namely 11.5 mm in
the present experiment. This distance (lprofiles) was calculated from the length in
pixel (Lprofiles) and a scale conversion factor (Sc [m/pixel]) that is the ratio between
the tube outer diameter (5.95 mm) (douter) and the number of pixels required to
display the cross-section of the tube (Douter):

Sc =
douter

Douter
(4.73)
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(b) Image histogram.

Figure 4.16: Example of (a) a grayscale signal and (b) a histogram of its distribution
showing the chosen threshold for characterizing a bubbly slug flow: (a) Signal at
profile 1 versus time and (b) histogram of 6,000 images segregated into 5 grayscale
value steps.
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The uncertainty of the scale conversion factor is calculated with the following
expression:

δSc =

√

(

1

Douter
· δdouter

)2

+

(

−douter

D2
outer

· δDouter

)2

(4.74)

where δDouter is equal to 2 pixels. Indeed, for a position deduced from the
image processing programm, the uncertainty is ± 1 pixel. From Fig. 4.15, the scale
conversion factor is equal to:

Sc = 0.0572 ± 0.0011 mm/pixel (4.75)

A normalized cross-correlation was used to determine the mean velocity of the
bubbles, as the ratio of the distance between profiles 1 and 2 and the time corre-
sponding to the peak of the cross-correlation function (mean transit time). Figure
4.17 shows an example of normalized cross-correlation. From time delay between
the two signals defined by the peak correlation (tcc), the mean bubble velocity was
calculated.

ububbles =
lprofiles

tcc
=
Sc · Lprofiles

tcc
(4.76)

The uncertainty of the bubbles velocity is defined from the following equation:

δububbles =

√

(

Lprofiles

tcc
· δSc

)2

+

(

Sc

tcc
· δLprofiles

)2

+

(−Sc · Lprofiles

t2cc
· δtcc

)2

(4.77)

where δLprofiles is equal to 2 pixels and δtcc is the error made when determining
the peak location of the cross correlation. [Revellin (2005)] fixed this error at 1 data
point, i.e. in the present investigation δtcc = 1/3000 s. From the cross-correlation
signal presented in Fig. 4.17, the peak is located at tcc = 62 msec. Thus, the mean
bubble velocity in these conditions is equal to:

ububbles = 0.184 ± 0.006 m/s (4.78)

4.6.1.4 Percentage of small bubbles

Given the mean bubble velocity and the transit time of the front and back interface
of each vapor bubble, its length can be determined. A vapor bubble is called a small
bubble when its length is lower than the tube inner diameter (3.00 mm). During the
tests, the percentage of small bubbles was calculated. An elongated bubble flow
corresponds to a percentage of small bubbles close to 0.

4.6.2 Experimental validation of the optical method parameters

In order to fix the main parameters of the optical measurement method, an exper-
imental validation was performed before running image processing. These main
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Figure 4.17: Example of normalized cross-correlation of grayscale value signals
from the two profiles.

parameters are: the acquisition time and the distance between the two image pro-
files. Figures 4.18(a) and 4.18(b) represent the acquisition time validation for re-
spectively the bubble velocity and the bubble frequency.

The chosen acquisition time is 2 seconds, value from which the bubble fre-
quency and the bubble velocity are almost constant. Figure 4.18(c) shows the bub-
ble velocity according to the distance between two image profiles. As can be seen,
the distance has no effect on the bubble velocity and 11.5 mm has been selected.
As a reminder, the threshold value is chosen from the histogram, as shown in Fig.
4.16(b), the position of profile 1 is driven by the obligation to be the closest from
the glass tube entrance and the frame rate is chosen as a compromise of the file size
and the image information.

4.7 Experimental procedures

Two distinct experimental procedures were used according to wether the tests were
carried out under diabatic or adiabatic conditions. For the former, the heat trans-
fer coefficients measurements and the flow pattern visualizations were performed
simultaneously. Under these conditions, for one test, the mass velocity was fixed
at the inlet of the preheater, the heat flux was imposed to the evaporator where the
saturation temperature was also regulated. The vapor qualities at the position y
(xy) and at the outlet of the evaporator (xoutlet) were calculated as explained previ-
ously. These values of vapor quality were modified by adjusting the power of the
preheater in order to cover a range from 0 to 1.
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(c) Bubble velocity vs. lprofiles.

Figure 4.18: Method parameters validation for R-245fa with dinner = 3.00 mm and
Tsat = 60 ◦C: (a) bubble counts/s at profile 1 versus acquisition time : chosen value
of acquisition time parameter, 2 seconds; (b) bubble velocity versus acquisition time
: chosen value of acquisition time parameter, 2 seconds; (c) bubble frequency versus
distance between two image profiles : chosen distance between two image profiles,
11.5 mm.
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Table 4.6 summarizes the experimental conditions for the flow boiling experi-
ments. For the heat transfer coefficients and flow patterns measurements, the ex-
periments were carried out for seven mass velocities (100, 300, 500, 700, 1000, 1200
and 1500 kg/m2·s), for three heat fluxes (10, 30 and 50 kW/m2) and saturation tem-
peratures of 60, 80, 100 and 120◦C with R-245fa as the operating fluid. In addition,
two tests were performed with 70 and 90kW/m2 at 60◦C. The diabatic experimental
investigation entailed varying the vapor quality from 0 to 1 for a series of 86 con-
figurations (characterized by a given G, a given q̇evap, and a given Tsat). The step
of vapor quality was not fixed but rather progressive according to the observed
phenomena. For instance, a focus was made on the flow regime transition zones.

Table 4.6: Experimental conditions for flow boiling experiments.

Parameter Range
dinner [mm] 3.00
douter [mm] 5.99
levap [mm] 185.0
q̇ph [kW/m2] 0.5 - 20.0
q̇evap [kW/m2] 0 - 90.0
G [kg/m2·s] 100 - 1500
Tsat [◦C] 60 - 120
x [-] 0-1

Under adiabatic conditions, the pressure drop measurements were performed.
The desired vapor quality at the inlet of the pressure drop test section (xinlet) was
obtained by adjusting the power of the preheater. The vapor quality ranged from
0 to 1. The saturation temperature was regulated at the inlet of the pressure drop
test section and the mass velocity was imposed at the inlet of the preheater. The
same ranges in G and Tsat as those studied for diabatic conditions were investi-
gated in order to utilize the information obtained on the flow patterns. Table 4.7
summarizes these experimental conditions for the two-phase flow experiments. Fi-
nally, the campaign of adiabatic experiments entailed varying xinlet from 0 to 1 for
a series of 28 configurations (characterized by a given G, a given Tsat).

Table 4.7: Experimental conditions for two-phase flow experiments.

Parameter Range
dinner [mm] 3.00
douter [mm] 5.99
l∆P [mm] 350.0
G [kg/m2·s] 100 - 1500
Tsat [◦C] 60 - 120
x [-] 0-1
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4.8 Conclusions

A new multipurpose minichannel test facility has been built at the Centre Ther-
mique de Lyon (CETHIL UMR-5008) to investigate the flow boiling of refrigerants
at high saturation temperatures. A test section has been developed to perform flow
visualizations, flow boiling heat transfer coefficient measurements, and two-phase
flow pressure drop measurements. Single-phase flow validation has been carried
out and the results valid the accuracy of the measurements. Furthermore, an optical
measurement method based on image processing technique has been developed
and perfected to quantitatively identify flow patterns, obtain bubble frequencies
and lengths and measure bubble velocities.
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Chapter 5

Flow patterns and bubble
dynamics

In this chapter, a description of the two-phase flow patterns observed for R-245fa
in a minichannel at high saturation temperature will be presented. The method
to characterize them from objective criteria based on image processing and an ap-
propriate analysis of the heat transfer coefficient will be developed. The effect of
the heat flux, the mass velocity and the saturation temperature on the flow pat-
tern will be introduced and discussed. Following this, a new diabatic flow pattern
map at high saturation temperature will be presented. The flow patterns transition
deduced from the experiments will be compared to predictions available in the lit-
erature. Additionally, measurements of the mean bubble velocity obtained from
the image processing will be presented.
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5.1 Flow pattern characterization

5.1.1 Visualization

From the image processing method described in section 4.6, four flow patterns can
be quantitatively identified: bubbly flow, bubbly-slug flow, slug flow and annular
flow. Figure 5.1 displays photos of these four flow patterns that were observed
in our experimental test bench as described in section 4.2, especially, the 2.96 mm
inner diameter tube used for visualization. Wavy-annular flow and smooth annular
flow are grouped together in annular flow. This choice is driven by the will to
stick to the five primary flow regimes (presented in Fig. 3.17) as recommended
by [Thome et al. (2013)] for the sake of making future data usable by others.

(a)

(b)

(c)

(d)

Figure 5.1: Flow pattern photos for R-245fa with dinner = 2.96 mm and Tsat = 60◦C
: (a) bubbly flow at x = 0.01, G = 500 kg/m2· s and q̇ = 50 kW/m2; (b) bubbly-slug
flow at x = 0.05, G = 300 kg/m2· s and q̇ = 50 kW/m2; (c) slug flow at x = 0.16, G
= 100 kg/m2· s and q̇ = 30 kW/m2; (d) annular flow at x = 0.92, G = 500 kg/m2· s
and q̇ = 50 kW/m2.

5.1.1.1 Flow pattern features

The identification of the flow regime was made from the signal diagram that was
reduced to determine the bubble frequency and a percentage of bubbles consid-
ered as “small”. When a bubble is smaller in length than the internal diameter of
the channel, it is classified as a “small bubble”; otherwise, it is defined here as an
“elongated bubble”. The flow patterns and their transitions are defined as follows:

• Bubbly flow : In bubbly flow, the vapor phase is distributed as discrete bub-
bles in a continuous liquid phase and the bubbles are smaller in length than
the diameter of the tube (Fig. 5.1(a)). This regime is considered to occur
when the percentage of the small bubbles in the flow ranges from 95%1 to
100% while a non-zero bubble frequency is measured. Figure 5.2(a) shows
the grayscale value/time signal for this flow with the periodic passage of
small bubbles.

• Bubbly − Slug flow : In bubbly-slug flow, bubbly flow (described above) and
slug flow (described below) are both present as shown in Fig. 5.1(b). This

1The transition thresholds for the percentage of small bubbles were fixed to 5% and 95% according
to the experimental visualizations and the results. Note that a small variation of these threshold
values (e.g. 1% and 99% as proposed by [Revellin et al. (2006)]) do not seem to influence the results.
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5.1. FLOW PATTERN CHARACTERIZATION 131

regime is identified when the percentage of surviving small bubbles is in the
range from 5%1 to 95%1 while a non-zero bubble frequency is measured. As
a matter of fact, the term of surviving bubbles defines bubbles that are not yet
coalesced into elongated bubbles. Figure 5.2(b) corresponds to the signal for
this flow with some thin peaks (vapor bubbles) and large peaks (vapor slugs).

• Slug flow : In slug flow, the vapor bubbles are greater in length than the di-
ameter of the tube, but the length can vary considerably. The nose of the
bubble has a characteristic hemispherical cap and the vapor in the bubbles is
separated from the tube wall by a thin film of liquid. The liquid flow is con-
tained mostly in the liquid plugs which separate successive vapor bubbles
(Fig. 5.1(c)). This flow pattern corresponds to a percentage of small bubbles
ranging from 0% to 5%1 while a non-zero bubble frequency is measured. Slug
flow is assumed as predominant even if 5%1 of the small bubbles survive.
Indeed, few small bubbles can be present at the end of the vapor slug but
are not representative of the flow regime. Figure 5.2(c) shows the grayscale
value/time signal, the vapor slugs are clearly detectable.

• Annular flow : In annular flow, a liquid film flows on the tube wall with a
continuous central vapor core (Fig. 5.1(d)). Liquid slugs are not present. Two
types of annular flow were detected during the test, viz. wavy-annular flow
and smooth annular flow. As justified before, both are grouped together into
annular flow. Annular flow is characterized by a bubble frequency equal to 0
Hz. This type of signal is represented in Fig. 5.2(d).

From the results on the influence of the kind of flow patterns on the heat trans-
fer coefficient (addressed in section 6.1), the choice to focus our attention on the
transition to annular flow were made. In a consequence, bubbly flow, bubbly-slug
flow, and slug flow were grouped together into intermittent flow.

5.1.1.2 Characterization results

Figure 5.3 presents the two main flow patterns that were detected with the help of
the optical measurement technique, i.e. intermittent flow (fbubbles = 131 Hz) and
annular flow (fbubbles = 0 Hz), the former grouping together the bubbly, bubbly-
slug and slug flow regimes. These visualizations have been carried out for a satu-
ration temperature of 120◦C, a heat flux of 50 kW/m2 and a mass velocity of 500
kg/m2·s.

5.1.2 Dryout and mist flow regimes characterization

Apart from the intermittent and annular flow regimes identified by the optical mea-
surement technique, two other flow regimes can be detected from the analysis of
measurement of the inner wall temperatures and from the resulting heat transfer
coefficient. Figure 5.4 shows the saturation temperature (almost constant over the
range of vapor quality), the top and bottom inner wall temperatures and the mean
heat transfer coefficient. A diagram of the flow regimes encountered along the
evaporator is also proposed on Fig. 5.4 to better highlight the relation between heat
transfer and flow regimes.

1The transition thresholds for the percentage of small bubbles were fixed to 5% and 95% according
to the experimental visualizations and the results. Note that a small variation of these threshold
values (e.g. 1% and 99% as proposed by [Revellin et al. (2006)]) do not seem to influence the results.
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Figure 5.2: Flow pattern signals with thresholds for R-245fa with dinner = 2.96 mm
and Tsat = 60 ◦C.

vapor quality = 0.13: intermittent flow - f = 131.0 Hz 

vapor quality = 0.25: annular flow - f = 0.0 Hz 

vapor quality = 0.58: annular flow - f = 0.0 Hz 

Figure 5.3: Influence of the vapor quality on the flow patterns for R-245fa in a 2.96
inner tube diameter at Tsat = 120 ◦C, q̇ = 50 kW/m2 and G = 500 kg/m2·s.

In the intermittent and annular flow regimes, the channel walls are wetted by
the liquid and the heat transfer coefficient is high. The top and bottom inner wall
temperatures are nearly the same.
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Figure 5.4: Temperatures and heat transfer coefficients as a function of vapor qual-
ity at 120◦C with flow patterns (I: intermittent; A: annular; D-O: dryout; M: mist
flow and V: vapor).
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The steep increase in the inner wall temperatures at x = 0.4 results in a cor-
responding stiff decrease in the heat transfer coefficient that announces the occur-
rence of dryout. The heat transfer coefficient falls over a limited quality range and
then becomes nearly constant in value. The vertical line at x = 0.4 indicates the in-
ception point of dryout (xdi) at the top of the horizontal tube, where locally the heat
transfer begins to fall as the annular film dries out. The vertical line at x = 0.57 in-
dicates the location where dryout is complete (xde) around the tube perimeter, and
thus also where the deterioration of the heat transfer ends. The distinction of these
two points is caused by the shift of the dryout position from the top to the bottom
around and along the tube perimeter with increasing quality. Indeed, the inner
wall temperature at the top starts to increase at lower vapor quality than inner wall
temperature at the bottom. The dryout completion (x = 0.57) corresponds to the
inception of the mist flow regime where the liquid film is entrained into the high
velocity vapor core with or without redisposition on the channel walls. Similar re-
sults were reported by [Mori et al. (2000)] for R-134a and [Wojtan et al. (2005a)] for
R-22 and R-410A.

Finally, based on the optical measurement technique and the analysis of the in-
ner wall temperatures and the resulting heat transfer coefficients, it is possible to
identify 4 main flow regimes which are:
- Intermittent flow (bubble frequency greater than 0 Hz)
- Annular flow (bubble frequency equal to 0 Hz)
- Dryout (major decrease of the heat transfer coefficient)
- Mist flow (heat transfer coefficient becomes nearly constant)

5.2 Flow regime transitions

This section presents an analysis of the parametric influence of the main flow pa-
rameters (mass velocity, heat flux, and vapor quality) and of the saturation temper-
ature on the flow pattern transitions.

5.2.1 Intermittent-to-annular transition

5.2.1.1 Influence of mass velocity

The influence of the mass velocity on the flow regimes can be seen on Fig. 5.5 for
a saturation temperature of 120◦C, a heat flux of 50 kW/m2 and a vapor quality of
0.32. When the mass velocity increases, the flow tends to be annular, i.e. a bubble
frequency decreasing from 28.5 to 0 Hz. In addition, the liquid-vapor interface is
more and more disturbed due to increasing shear stress.

In order to confirm the influence of the mass velocity made from the visual-
izations, the mean bubble frequency and the percentage of small bubbles were de-
termined for different flow conditions. Figure 5.6(a) shows typical results of the
bubble frequency vs. the vapor quality for a saturation temperature of 60◦C, a heat
flux of 50 kW/m2 and three different mass velocities. In Fig. 5.6(a), each curve
exhibits three different slopes which correspond to:

• an increase of the bubble frequency: the number of bubbles (small and/or
elongated) increases quickly with the increase of the vapor quality until reach-
ing a maximum value. This phenomenon could be partly linked to the bubbly
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5.2. FLOW REGIME TRANSITIONS 135

Mass velocity = 100 kg/m².s: intermittent flow - f = 7.0 Hz

Mass velocity = 300 kg/m².s: intermittent flow - f = 28.5 Hz

Mass velocity = 500 kg/m².s: annular flow - f = 0.0 Hz

Mass velocity = 1000 kg/m².s: annular flow - f = 0.0 Hz

Figure 5.5: Influence of the mass velocity on the flow patterns for R-245fa in a 2.96
inner tube diameter at Tsat = 120 ◦C, q̇ = 50 kW/m2 and x = 0.32.

flow and the bubbly/slug flow regimes which are classified into intermittent
flow as explained before in section 5.1.1.1.

• a decrease of the bubble frequency: the number of bubbles decreases from the
maximum value to 0 Hz. The decrease of the number of bubbles is related to
the coalescence. This decrease corresponds to bubbly-slug and slug flows.

• bubble frequency equal to 0 Hz which reveals the occurence of annular flow.

Such a behavior was previously observed by [Revellin et al. (2008)] and [Ar-
canjo et al. (2010)] as shown in Fig. 3.5. In Fig. 5.6(a), in the rising frequency zone,
for a given vapor quality, the higher the mass velocity, the larger the bubble fre-
quency, whereas in the decreasing frequency zone, the bubble frequency decreases
when the mass velocity increases. [Arcanjo et al. (2010)] suggested that such a be-
havior could be related to the increase of the turbulence intensity with the mass
velocity and its effect on the bubble departure and elongated bubble growth and
coalescence. Besides, the vapor quality corresponding to the maximum bubble fre-
quency decreases when the mass velocity increases. This behavior can be explained
by the fact that for a given vapor quality, the numbers of bubbles increases with
increasing the mass velocity, so, it is logical that the beginning of the bubble coales-
cence occurs for lower vapor quality and consequently the decrease in the bubble
frequency at lower vapor qualities.

Figure 5.6(b) shows the percentage of small bubbles as a function of the vapor
quality for Tsat= 60 ◦C, q̇= 50 kW/m2 and different mass velocities. In this graph,
the transition between bubbly flow, bubbly-slug flow, and slug-annular flow are
represented, for further information, according to the percentage of small bubbles
as following:

• from 95% to 100%: Bubbly flow;

• from 5% to 95%: Bubbly - slug flow;
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Figure 5.6: Influence of the mass velocity on the vapor bubble characteristic for
R-245fa, dinner= 2.96 mm, Tsat= 60 ◦C and q̇= 50 kW/m2.

• from 0% to 5%: Slug or annular flow.

At a given vapor quality, the lower the mass velocity, the larger the percentage
of small bubbles. In Fig. 5.6(b), the curves show clearly that annular flow occurs for
lower qualities when the mass velocity increases. Indeed, bubbly flow tends to dis-
appear at high mass flux because small bubbles quickly coalesce to form elongated
bubbles.

5.2.1.2 Influence of heat flux

The heat flux may also influence the flow regimes characteristics. Figure 5.7 shows
the intermittent flow and annular flow regimes for three different heat fluxes for
a saturation temperature of 120◦C, a mass velocity of 500 kg/m2·s and a vapor
quality of 0.20. As can be seen, the higher the heat flux, the greater the number of
vapor slugs. This characteristic will have for sure an influence on the flow regime
transitions.

Heat flux = 50 kW/m²: intermittent flow - f = 8.5 Hz

Heat flux = 30 kW/m²: annular flow - f = 0.0 Hz  

Heat flux = 10 kW/m²: annular flow - f = 0.0 Hz

Figure 5.7: Influence of the heat flux on the flow patterns for R-245fa in a 2.96 inner
tube diameter at Tsat = 120 ◦C, G = 500 kg/m2· and x = 0.20.
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Figure 5.8 shows the influence of the heat flux on the bubble frequency and
the percentage of small bubbles for Tsat= 80 ◦C, G= 300 kg/m2·s, and three dif-
ferent heat fluxes (10, 30, and 50 kW/m2). The trends of the bubble frequency as
a function of the vapor quality are those expected and similar to those presented
in Fig. 5.6(a). This graph confirms the observation made from the visualization,
i.e. the higher the heat flux, the higher the bubble frequency. Figure 5.8(b) shows
that, at a given vapor quality, the larger the heat flux, the greater the bubble fre-
quency. Both figures indicate that the larger the heat flux, the larger the vapor
quality for intermittent-to-annular transition. In conclusion, the results of the bub-
ble frequency and the percentage of small bubbles confirm the observations made
from the visualizations.
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Figure 5.8: Influence of the heat flux on the vapor bubble characteristic for R-245fa,
dinner= 2.96 mm, Tsat= 80 ◦C and G= 300 kg/m2·s.

5.2.1.3 Influence of saturation temperature

Another parameter that may affect flow regimes is the saturation temperature. Fig-
ure 5.9 presents the observations of the flow regimes for 60, 80, 100 and 120◦C at
two different vapor qualities and for a given mass velocity of 500 kg/m2·s and
heat flux of 50 kW/m2 along with a schematic of the cross-section to better see the
stratification effect.

Table 5.1: R-245fa properties at 60◦C and 120◦C

ρL [kg/m3] ρV [kg/m3] µL [µPa.s] µV [µPa.s] σ [mN/m]
60◦C 1237 25.7 265 12 9.59
120◦C 998 119.7 125 15 2.64

As can be seen, the higher the saturation temperature, the thicker the liquid film
thickness at the bottom, in other words the larger the stratification effect. Actually,
the surface tension is divided by 3.6 when passing from 60 to 120◦C (see Table 5.1)
which explains the increasing tendency to stratification (gravity becoming predom-
inant over surface tension effect when the saturation temperature increases). These
results are in agreement with the approaches of [Kew and Cornwell (1997)], [Li
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and Wang (2003)], and [Ong and Thome(2011a)] to predict the macro-to-microscale
transition. Theoretically, when the saturation temperature increases, the threshold
diameter decreases as shown in Fig. 3.1. Experimentally, the stratification effect,
which is typical of the macroscale, increases with increasing the saturation temper-
ature as shown in Fig. 5.9. Thus, the experimental results agree with the theory.
Furthermore, the higher the temperature, the smaller and shorter the bubbles.

T = 120°C; x=0.16: intermittent flow - f = 36.5 Hz

T = 100°C; x=0.16: intermittent flow - f = 55 Hz 

T = 80°C; x=0.17: intermittent flow - f = 24 Hz

T = 60°C; x=0.16: annular flow - f = 0.0 Hz T = 60°C; x=0.26: annular flow - f = 0.0 Hz

Figure 5.9: Influence of the saturation temperature on the flow patterns for R-245fa
in a 2.96 inner tube diameter at G = 500 kg/m2· and q̇ = 50 kW/m2.

Figures 5.10 and 5.11 show the influence of the saturation temperature on the
bubble frequency and the percentage of small bubbles at two different situations:
(i) q̇= 50 kW/m2 and G= 300 kg/m2·s and (ii) q̇= 30 kW/m2 and G= 500 kg/m2·s,
respectively. Figures 5.10(b) and 5.11(b) corroborate the observation made from
the visualization on the bubble size: the higher the temperature, the shorter the
bubbles. This observation is directly related to the vapor density which passes
from 25.7 kg/m2 at 60◦C to 119.5 kg/m2 at 120◦C (see Table 5.1).

According to Figs. 5.10(a) and 5.11(a), the vapor quality for the bubble fre-
quency peak increases with increasing the saturation temperature. Furthermore,
the intermittent-to-annular transition occurs for larger values of vapor quality when
the saturation temperature increases. In general, the higher the saturation temper-
ature, the larger the bubble frequency peak value. This observation is directly re-
lated to the decrease of surface tension with increasing the saturation temperature.
During flow boiling, the bubble departure is given by a balance between surface
tension forces, that act to keep the bubble attached to the wall, and buoyancy and
drag forces that act in order to detach the bubble from the wall. As a consequence,
by decreasing the surface tension, the bubble departure diameter decreases and the
bubble frequency increases. [Taitel and Dukler (1976)] and [Arcanjo et al. (2010)]
suggested that a decrease of the surface tension favored the breaking of bubbles by
turbulence effects that may also result in an increase of the bubble frequency.

5.2.2 Annular-to-dryout transition

5.2.2.1 Influence of mass velocity

The mass velocity has also a significant influence on the inception and completion
of dryout, as shown in Fig. 5.12 for a saturation temperature of 120◦C. As can be
seen, the higher the mass velocity, the lower the vapor quality at which dryout
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Figure 5.10: Influence of the saturation temperature on the vapor bubble character-
istic for R-245fa, dinner= 2.96 mm, G= 300 kg/m2·s and q̇= 50 kW/m2.
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Figure 5.11: Influence of the saturation temperature on the vapor bubble character-
istic for R-245fa, dinner= 2.96 mm, G= 500 kg/m2·s and q̇= 30 kW/m2.

occurs. In fact, the higher the mass velocity, the higher the shear stress and the
higher the entrainment of droplets in the vapor core.

5.2.2.2 Influence of heat flux

Figure 5.13 presents the influence of the heat flux on the occurrence of dryout. The
higher the heat flux, the lower the vapor quality at which dryout and mist flow
start because the thinner the liquid film thickness. Such a behaviour was pointed
out previously by [Wojtan et al. (2005a)].

5.2.2.3 Influence of saturation temperature

As shown in Fig. 5.9, the saturation temperature has a significant influence on the
stratification. It is thus not surprising to see an increasing temperature difference
between the top and the bottom of the tube as the saturation temperature increases
(Fig. 5.14). When the temperature is equal to 80◦C, there is almost no temperature
difference because the liquid film exhibits almost the same thickness all around
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Figure 5.12: Influence of the mass velocity on the dryout.
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Figure 5.13: Influence of the heat flux on the wall temperature and detection of
dryout.

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



5.3. FLOW PATTERN MAPS 141

the perimeter of the tube. On the contrary, at 120◦C the liquid film is thinner at
the top and dryout occurs first at the top. Moreover, as shown previously, when
the saturation temperature increases, the surface tension decreases. As the surface
tension decreases, it is easier to entrain the liquid film into the high velocity vapor
core and the dryout inception is encountered at lower vapor quality.

0 0.2 0.4 0.6 0.8 1 1.2
80

90

100

110

120

130

140

150

160

170

Vapor quality [−]

In
n
e
r 
w
a
ll
 t
e
m

p
e
ra

tu
re

 [
°C

]

Top temperature − T
sat

= 80 °C

Bottom temperature − T
sat

= 80°C

Top temperature − T
sat

= 100°C

Bottom temperature − T
sat

= 100°C

Top temperature − T
sat

= 120°C

Bottom temperature −T
sat

= 120°C

Dry−out at the top

Dry−out at the top 

and the bottom:

Mist flow

T
sat

= 80°C

T
sat

= 100°C

T
sat

= 120°C

R−245fa

Inner tube diameter = 3.0 0 mm

Mass velocity = 700 kg/m².s

Heat flux = 50 kW/m
2

Thermocouple at position 6

Figure 5.14: Influence of the saturation temperature on the dryout.

5.3 Flow pattern maps

Figures 5.15 and 5.16 present different flow pattern maps for four saturation tem-
peratures (60, 80, 100 and 120◦C) in two different formats: mass velocity vs. vapor
quality and superficial liquid velocity vs. superficial vapor velocity, which are cal-
culated from the test results as follows:

JV =
G · x
ρV

(5.1)

JL =
G · (1 − x)

ρL
(5.2)

The four main flow patterns described previously are encountered, i.e. inter-
mittent flow, annular flow, dryout and mist flow regimes, with the exception of
the map plotted for Tsat=60◦C, a temperature for which the dryout and mist flow
regimes were not detected. It can be clearly observed that the inception of the dry-
out and mist flow regimes occurs at lower quality when the saturation temperature
increases. As a matter of fact, the surface tension decreases with the increase of the
saturation temperature, so that the liquid film is more easily entrained into the high
velocity vapor core. Furthermore, when the mass velocity is larger, the intermittent
flow regime takes place over a narrower range of vapor quality (consistently with
Fig. 5.5) and mist flow regime occupies a wider range of vapor quality (consistently
with Fig. 5.12). Notice that at 120◦C and at a mass velocity of 100 kg/m2·s, the flow
is almost always intermittent whereas at high mass velocities, the intermittent flow
tends to disappear because bubbles and slugs quickly coalesce to form elongated
bubbles that lead to annular flow.
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Figure 5.15: Flow pattern maps with transition lines for R-245fa and q̇ = 50 kW/m2

at four saturation temperatures.

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



5.3. FLOW PATTERN MAPS 143

10
−2

10
−1

10
0

10
1

10
2

10
−3

10
−2

10
−1

10
0

10
1

Superficial vapor velocity [m/s]

S
u
p
e
rf
ic
ia
l 
li
q
u
id
 v
e
lo
c
it
y
 [
m
/s
]

Intermittent flow

Annular flow

Intermittent/annular transition line

R−245fa

Inner tube diameter = 2.96 mm

Saturation temperature = 60ºC

Heat flux = 50 kW/m²

(a) Tsat=60◦C.

10
−2

10
−1

10
0

10
1

10
2

10
−3

10
−2

10
−1

10
0

10
1

Superficial vapor velocity [m/s]

S
u
p
e
rf
ic
ia
l 
li
q
u
id
 v
e
lo
c
it
y
 [
m
/s
]

Intermittent flow

Annular flow@AB
−out flowCDEF GHIJKLFMANDFFMLFOPLLQHPA FAPLEDFDIL HDLMRLLQHPAOSAB

−out transition line@AB
−out/mist transition line

R−245fa

Inner tube diameter = 2.96 mm

Saturation temperature = 80ºC

Heat flux = 50 kW/m²

(b) Tsat=80◦C.

10
−1

10
0

10
1

10
2

10
−3

10
−2

10
−1

10
0

10
1

Superficial vapor velocity [m/s]

S
u
p
e
rf
ic
ia
l 
li
q
u
id
 v
e
lo
c
it
y
 [
m
/s
]

Intermittent flow

Annular flow

Dry−out flow

Mist flow

Intermittent/annular transition line

Annular/dry−out transition line

Dry−out/mist transition line

R−245fa

Inner tube diameter = 2.96 mm

Saturation temperature = 100ºC

Heat flux = 50 kW/m²

(c) Tsat=100◦C.

10
−1

10
0

10
1

10
2

10
−3

10
−2

10
−1

10
0

Superficial vapor velocity [m/s]

S
u
p
e
rf
ic
ia
l 
li
q
u
id
 v
e
lo
c
it
y
 [
m
/s
]

Intermittent flow

Annular flowTUV
−out flowWXYZ [\]̂_̀ ZaUbXZZà Zcd̀ è\dU ZUd̀ YXZX]̀ \X̀ af̀ è\dUcgUV
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Figure 5.16: Flow pattern maps with transition lines for R-245fa and q̇ = 50 kW/m2

at four saturation temperatures.
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The trend of the flow regime transitions looks like those encountered in mi-
crochannels ( [Revellin and Thome (2007a)]). As a matter of fact, the most im-
portant observation to make about the flow patterns in the present study is that
their intermittent-to-annular transitions are controlled primarily by the rate of co-
alescence as explained in [Charnay et al. (2013)]. The rate of coalescence was rec-
ognized to have a major influence on the intermittent-to-annular transition in the
microscale (not the macroscale).

Figure 5.17 shows the influence of the heat flux on the flow pattern transi-
tions. Whatever the saturation temperature, the higher the vapor quality for which
the intermittent-to-annular transition occurs. This influence was also observed
by [Costa-Patry and Thome(2013)]. On the contrary, as shown in Fig. 5.18, the
higher the heat flux, the lower the qualities for the annular-to-dryout and dryout-
to-mist flow transitions. These results are consistent with those presented previ-
ously on the effect of the heat flux on the flow patterns.
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Figure 5.17: Influence of the heat flux on the intermittent-to-annular transition.
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Figure 5.18: Influence of the heat flux on the annular-to-dryout and dryout-to-mist
flow transition.
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5.3.1 Comparison with predictive models

5.3.1.1 Intermittent-to-annular transition line

The experimental intermittent-to-annular transition lines have been compared to
the predictive methods of [Kattan et al. (1998a)], [Barbieri et al. (2008)], [Revellin
et al. (2006)], [Ong and Thome(2011a)], and [Costa-Patry and Thome(2013)]. The
intermittent-to-annular transition predicted by [Kattan et al. (1998a)] corresponds
to a constant vapor quality whereas the others depend on the mass flux as describe
here below.

The transition from intermittent to annular flow regime given by [Barbieri et al.
(2008)] is defined by:

G2
I/A = 3.75 · g · dh ·

(1 − x)0.16

x2.16
·
ρ1.2

V

ρ−0.8
L

·
(

µL

µV

)0.24

(5.3)

where GI/A is the mass velocity corresponding to the intermittent-annular tran-
sition.

The transition from intermittent to annular flow regime given by [Revellin et al.
(2006)] is defined by:

xI/A = 0.00014 ·
Re1.47

LO

We1.23
LO

(5.4)

where xI/A is the vapor quality corresponding to the intermittent-annular tran-
sition, ReLO is the liquid only Reynolds number and WeLO is the liquid only Weber
number.

The transition from intermittent to annular flow regime given by [Ong and
Thome(2011a)] is defined by:

xI/A = 0.047 · Co0.05 ·
(

µV

µL

)0.7

·
(

ρV

ρL

)0.6

·
Re0.8

VO

We0.91
LO

(5.5)

where Co is the Confinement number and ReVO is the vapor only Reynolds number.

The transition from intermittent to annular flow regime given by [Costa-Patry
and Thome(2013)] is defined by:

xI/A = 425 ·
(

ρV

ρL

)0.1

·
Bo1.1

Co0.5 (5.6)

where Bo is the boiling number.

Figure 5.19(a) presents a comparison of the experimental transition lines with
those given by [Kattan et al. (1998a)] and [Barbieri et al. (2008)] for the intermittent-
to-annular transitions. Even though the transition line proposed by [Barbieri et al.
(2008)] is not function of the heat flux, the trend is satisfactory which is not sur-
prising since this transition is based on macrochannels results. On the contrary,
the [Kattan et al. (1998a)] transition line developed also for macroscale flow does
not match at all the experimental transitions. [Revellin et al. (2006)] and [Ong and
Thome(2011a)] intermittent-to-annular transition lines originally developed for mi-
crochannels exhibit a trend similar to that of the experimental results (Fig. 5.19(b)).
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However, these methods do not take into account the heat flux dependence un-
like the [Costa-Patry and Thome(2013)] method. The latter, based on microscale
results, displays a trend similar to that of the experimental lines and shows a heat
flux dependence (Fig. 5.19(c)) but the experimental values are not well predicted.
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Figure 5.19: Comparison between present intermittent-to-annular transition lines
observed for R-245fa at Tsat=120◦C and predicted intermittent-to-annular transition
lines.

5.3.1.2 Annular-to-dryout transition line

The experimental annular-to-dryout transition lines observed at 120◦C for three
different heat fluxes (10, 30 and 50 kW/m2) have been compared to the correlations
developed by [Sun and Groll (2002)] and by [Wojtan et al. (2005a)].

[Sun and Groll (2002)] developed three correlations to predict the inception of
the dryout according to the saturation pressure. In the present investigation, the
appropriate correlation is the one valid for 4.9 ≤ Psat ≤ 29.4 bar and expressed as:

xdi = 10.795 ·
(

q̇evap

1000

)

−0.125

·G−0.333 · (1000 · dh)−0.07 · e(0.01775·10−5
·Psat) (5.7)

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



5.3. FLOW PATTERN MAPS 147

[Wojtan et al. (2005a)] proposed a correlation to predict the dryout inception
from data points obtained for R-22 and R-410A:

xdi = 0.58 · e

2

40.52−0.235·We0.17
V ·Fr0.37

V ·

 

ρV

ρL

!0.25

·

 

q̇

q̇crit

!0.70
3

5

(5.8)

where q̇crit is the critical heat flux calculated with the following expression:

q̇crit = 0.131 · ρ0.5
V · hLV · (g · (ρL − ρV) · σ)0.25 (5.9)

and WeV and FrV are calculated as:

WeV =
G2 · dh

ρV · σ
(5.10)

FrV =
G2

ρV · (ρL − ρV) · g · dh
(5.11)

Figure 5.20 shows that the trend is satisfactory with [Wojtan et al. (2005a)]
annular-to-dryout transition lines whereas [Sun and Groll (2002)] transition lines
exhibit higher values of vapor quality for dryout inception. [Kim and Mudawar
(2013a)] compared their database of 997 data points to the correlation of [Sun and
Groll (2002)]. They found that this correlation highly overpredicted their database
which is also the case in the present investigation. They explained that this correla-
tion was developed for CO2 but based on equations developed by [Kon’kov (1965)]
for steam-water mixture flows oriented upward vertical tubes, which can explain
the discrepancy. The present experimental transition lines highlight the influence
of heat flux which also appears in these both correlations.

5.3.1.3 Dryout-to-mist transition line

Two of the most quoted correlations to predict dryout completion (inception of
the mist flow regime) are that by [Mori et al. (2000)] and its version modified by
[Wojtan et al. (2005a)] defined by the two following expressions, respectively:

xde = 0.61 · e

2

40.57−0.0000265·We0.94
V ·Fr−0.02

V ·

 

ρV

ρL

!−0.08
3

5

(5.12)

xde = 0.61 · e

2

40.57−0.0058·We0.38
V ·Fr0.15

V ·

 

ρV

ρL

!−0.09

·

 

q̇

q̇crit

!0.27
3

5

(5.13)

The present experimental dryout-to-mist transition lines observed at 120◦C have
been compared to these two correlations for two different heat fluxes: 50 kW/m2

(Fig. 5.21(a)) and 30 kW/m2 (Fig. 5.21(b)). The agreement is correct with [Wojtan et
al. (2005a)] dryout-to-mist transition lines. This model includes the heat flux effect
whereas the correlation of [Mori et al. (2000)] does not. Therefore, the agreement
with [Mori et al. (2000)] transition line is not satisfactory at high heat flux (Fig.
5.21(a)).
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Sun and Gröll Annular/dry−out transition
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Figure 5.20: Comparison between present annular-to-dryout transition lines ob-
served for R-245fa at Tsat=120◦C and predicted annular-to-dryout transition lines
proposed by [Sun and Groll (2002)] and [Wojtan et al. (2005a)].
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Mori dry−out/mist transition line
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Wojtan et al. dry−out/mist transition line

Mori dry−out/mist transition line

R−245fa
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Figure 5.21: Comparison between present dryout-to-mist transition lines observed
for R-245fa at Tsat=120◦C and predicted dryout-to-mist transition lines proposed
by [Mori et al. (2000)] and [Wojtan et al. (2005a)].
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Figure 5.22: Effect of the mass velocity on the mean bubble velocity for R-245fa,
dinner= 2.96 mm, q̇= 50 kW/m2, and two different saturation temperature and com-
parison with the predicted void fraction calculated from the homogeneous model.

5.4 Vapor bubble velocity

The mean bubble velocity is determined using a normalized cross-correlation as
explained in the description of the image processing method (see section 4.6.1.3).
Figure 5.22 shows some typical results of the vapor bubble velocities as a func-
tion of the vapor quality for different mass velocities and two different saturation
temperatures. These graphs exhibit the comparison with the vapor velocities cal-
culated from the so-called homogeneous void fraction equation (UH) as referring to
the classical homogeneous model:

UH = G

[

x

ρV
+

1 − x

ρL

]

(5.14)

The set of data ends at relatively low vapor qualities because at higher vapor
quality, annular flow is reached. The increase of the vapor velocity when the mass
velocity and the vapor quality increase clearly appears as pointed out by [Revellin
et al. (2008)] and as recently corroborated by [Arcanjo et al. (2010)]. The comparison
shows that in all the tested conditions, the experimental vapor velocity is close to
that of the homogeneous model.

Figure 5.23 shows the effect of the saturation temperature on the elongated bub-
ble velocity for q̇= 50 kW/m2 and two different mass velocities: 300 kg/m2·s (Fig.
5.23(a)) and 500 kg/m2·s (Fig. 5.23(b)). The bubble velocity decreases when in-
creasing the saturation temperature. These results are similar to those obtained
by [Revellin et al. (2008)] and [Arcanjo et al. (2010)]. Such a behavior is explained
to the fact that the vapor/liquid specific volume ratio decreases when increasing
the saturation temperature, passing from 48.1 to 8.3 when the saturation temper-
ature increases from 60 to 120◦C. Therefore the fluid acceleration, inherent to the
evaporation process, also decreases resulting in a decrease of the vapor bubble ve-
locity. At 120◦C, the vapor velocity is below the homogeneous model prediction
which is quite unusual. This unexpected trend could be explained by two-phase
flow instabilities and perhaps some back flow as suggested by [Revellin (2005)].
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Figure 5.23: Effect of saturation temperature on the mean bubble velocity for
R-245fa, dinner= 2.96 mm, q̇= 50 kW/m2, and two different mass velocities and
comparison with the predicted bubble velocity calculated from the homogeneous
model.
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Figure 5.24: Effect of the mass velocity on the void fraction for R-245fa, dinner= 2.96
mm, q̇= 50 kW/m2, and two different saturation temperature and comparison with
the predicted void fraction calculated from the homogeneous model.

Figure 5.24 shows the void fraction calculated from the vapor velocity for q̇=
50 kW/m2, and two different saturation temperature: 80 ◦C (Fig. 5.24(a)) and 100
◦C (Fig. 5.24(b)). The homogeneous void fraction represented on each graph is
calculated from the following expression:

ǫH =
1

1 +

(

1 − x

x

)

·
(

ρV

ρL

) (5.15)

The void fraction data end at relatively low vapor qualities because at higher
vapor quality, annular flow is reached and the method is not able to determine the
void fraction. The comparisons between experimental data and prediction from
homogeneous flow model exhibit a good agreement.

Figures 5.25 shows the comparison between the 239 experimental values of bub-
ble velocity and those calculated from the void fraction (ǫ) which is determined
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Figure 5.25: Comparison of experimental velocity with predictive models.

by the version of the [Rouhani and Axelsson (1970)] model modified by [Steiner
(1993)], the homogeneous model, and the [Chisholm (1983)] model. The velocity
(um) is expressed as:

um =
G · x
ρVǫ

(5.16)

In addition to the graphical comparison, the Mean Relative Error (MRE) and
Mean Absolute Error (MAE) reported in the following tables are calculated as:

MRE =
1

n

n
∑

i=1

(

upred,i − uexp,i

uexp,i

)

(5.17)

MAE =
1

n

n
∑

i=1

(
∣

∣upred,i − uexp,i
∣

∣

uexp,i

)

(5.18)

The percentage of data falling in a ±30% error band is also given in the tables
in order to provide a quantitative indication of the performance of these prediction
methods when extrapolated up to high saturation temperatures. Table 5.2 reports
the statistical results. The homogeneous model and the one of [Steiner (1993)] work
relatively well to predict the mean bubble velocity in our conditions.
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Table 5.2: Comparison between the experimental results and the predicted results.

MAE [%] MRE [%] % of data within ± 30 % error band
Homogeneous 17.8 -5.4 87.6
[Steiner (1993)] 27.0 -25.3 84.3
[Chisholm (1983)] 30.5 -27.6 75.7

5.5 Conclusions

Based on an image processing method and on an analysis of the inner wall tem-
peratures and the resulting heat transfer coefficient, four main flow regimes were
identified: (i) intermittent flow, (ii) annular flow, (iii) dryout and (iv) mist flow.
Intermittent flow groups together bubbly flow, bubbly-slug flow and slug flow or
isolated bubbles regime and coalescing bubbles regime. Flow pattern maps were
presented for four different saturation temperatures. Therefore, the effect of sat-
uration temperature and heat flux on flow patterns and their transition could be
highlighted. Experimental transition lines were compared with predictive corre-
lations. For intermittent-to-annular transition lines, the predictive methods devel-
oped by [Barbieri et al. (2008)] and [Costa-Patry and Thome(2013)] agree the best
with the data. [Wojtan et al. (2005a)] transition lines present the best agreements
for both annular-to-dryout and dryout-to-mist flow transitions. Whereas the flow
regime would suggest an intensification of phenomena typical of the macroscale
(especially stratification), the flow patterns transitions are closer to those observed
at the microscale. For that reason, we believe that the term minichannel is appro-
priate to qualify the present type of tube in the case of flow boiling of R-245fa at
high saturation temperature. More in-depth investigations are required to consoli-
date these results; for instance, an accurate measurement of the film thickness and
an adequate way to quantify its uniformity/nonuniformity would probably allow
to reach more universal conclusion.

The bubble velocity as well as the bubble frequency and the percentage of small
bubbles were investigated. The influences of mass velocity and saturation temper-
ature on the bubble characteristics were highlighted. The image processing method
has been shown to be a promising tool for the detailed study of vapor bubble char-
acteristics (i.e. bubble frequency, mean bubble length, mean bubble velocity). Even
so, further experiments are required to improve the experimental database in inter-
mittent flow. For instance, the vapor quality step should be reduced to obtain more
detailed information.

Since the beginning of this work, we kept in mind the question raised by [Thome
et al. (2013)] on the utility of flow pattern maps. Indeed, we believed that a flow
map "is not only a sort of GPS to locate flow regime but has to provide quantita-
tive details about the flow". In the present work, the flow regime transitions are
based on these quantitative details, which are: bubble frequencies, bubble lengths
and their velocities. Even though a deeper investigation is necessary to develop an
optimal graphical representation, this preliminary work is a step towards develop-
ing unified mechanistic flow pattern map which would not only describe but also
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explain the flow and heat transfer mechanisms.

In our objective to achieve a reliable design of an ORC evaporator, the flow
pattern characterization was the first step. Knowing that heat transfer coefficients
and pressure drops are related to the local two-phase flow structure of the fluid, our
results will help us analyze the heat transfer and pressure drop mechanisms at high
saturation temperatures. For instance, the small bubble plays a major role in the
nucleate boiling contribution. Furthermore, the presented flow pattern maps will
permit the comparisons of our experimental database against phenomenological
heat transfer or pressure drop models (for instance 3-zone model developed by
[Thome et al. (2004a)] for heat transfer coefficient, and the model of [Quibén and
Thome (2007b)] for pressure drop).

The main conclusions on the influence of the saturation temperature (Tsat) are:

• The higher Tsat, the thicker the liquid film at the bottom, which increases the
stratified character of the flow.

• The higher Tsat, the smaller and shorter the bubbles.

• The higher Tsat, the greater the bubble frequency.

• The higher Tsat, the lower the bubble velocity.

• The higher Tsat, the lower the value of the vapor quality for dryout inception.

• The higher Tsat, the narrower the range of vapor quality corresponding to
annular flow whereas the larger the range of vapor quality for intermittent
and mist flow regimes.
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Chapter 6

Heat transfer

This chapter presents experimental data concerning flow boiling heat transfer in
minichannel at high saturation temperatures. The database is composed of 5964
data points covering four flow patterns: (i) intermittent flow, (ii) annular flow, (iii)
dryout flow, and (iv) mist flow regimes.

A parametric analysis on the influence of the kind of flow pattern, the mass
velocity and the heat flux will be presented in order to identify the dominant heat
transfer mechanisms. Finally, the effect of the saturation temperature on the heat
transfer coefficient will be presented.

In order to evaluate the reliability of the current flow boiling heat transfer pre-
diction methods for conditions of high saturation temperatures, this chapter will
also present comparisons between experimental results and theoretical results pre-
dicted with the commonly used correlations or models from the literature. Finally,
thirty flow boiling prediction methods will be assessed against our database. The
results will be presented graphically but also statistically. The effect of the satu-
ration temperature and the kind of flow pattern on the ability of the methods to
predict the flow boiling heat transfer coefficient will be investigated.
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6.1 Measurements of the heat transfer coefficient

Flow boiling experiments were performed with the aim to identify the heat transfer
dominant mechanisms at high temperatures. Thereby, the influence of the mass ve-
locity and the heat flux were investigated to detect the conditions for which nucle-
ate boiling or convective boiling predominates in their contribution to heat transfer.
The effect of the saturation temperature was also investigated within a range from
60 to 120◦C.

6.1.1 Influence of saturation temperature

Major modifications are expected when varying the saturation temperature from
60◦C to 120◦C. Indeed, some modifications in properties at high saturation temper-
ature strongly enhance the nucleate boiling contribution to heat transfer leading to
an increase of the heat transfer coefficient. Previous works performed by [Cooper
(1984)] and [Gorenflo et al. (2004)] brought to the fore such an increase of the heat
transfer coefficient with increasing the saturation temperature during nucleate pool
boiling.

Figure 6.1 highlights the influence of the saturation temperature at a constant
heat flux (50 kW/m2) for two different mass velocities: G = 300 kg/m2·s (Fig. 6.1(a))
and G = 700 kg/m2·s (Fig. 6.1(b)). The higher the saturation temperature, the
larger the heat transfer coefficient over a wide range of vapor quality until dryout
inception. These graphs are hence in agreement with the typical curve previously
referred to as F in the state-of-the-art review (Fig. 3.40).

For a mass velocity of 300 kg/m2·s, for low vapor quality, the difference be-
tween low and high saturation temperature heat transfer coefficient is more im-
portant. It is clear that small bubbles play an important role in conditions of low
quality. Indeed, when the saturation temperature increases, the surface tension de-
creases, the vapor density increases whereas the liquid density decreases (see Table
6.1). Such variations of properties result in an intensification of the nucleate boiling
heat transfer due to an increase of the number of active nucleation sites and to a
decrease of the detachment bubbles radius, which increases the bubble frequency
and reduces the bubbles size. These behaviors are notable in Figs. 5.10 and 5.11.

Table 6.1: R-245fa properties at 60◦C and 120◦C.

Pred ρL ρV µL µV λL σ
[-] [kg/m3] [kg/m3] [µPa.s] [µPa.s] [mW/m.K] [mN/m]

60◦C 0.13 1237 25.7 265 12 79 9.59
120◦C 0.53 998 119.7 125 15 61 2.64

For a saturation temperature of 60◦C and 80◦C, the heat transfer coefficient is
almost constant along the vapor quality range. The typical curve B (Fig. 3.35) rep-
resents schematically the same trends. The heat transfer is mainly due to nucleate
boiling. At 100◦C, the curve exhibits a plateau for the vapor quality range corre-
sponding to intermittent flow, then the heat transfer coefficient decreases gradually
until reaching the dryout.
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At 120◦C, the heat transfer coefficient decreases over the intermittent and annu-
lar flow regimes until to reach dryout. On the one hand, the decrease of the heat
transfer coefficient results from the reduction of the nucleate boiling contribution
which, nonetheless, remains the dominant mechanism. For these high saturation
temperatures, the contribution of nucleate boiling is very important in the low va-
por quality regions. In addition, nucleate boiling is also present during annular
flow with some bubbles nucleating in the thin liquid film (also observed by [Kasza
et al. (1997)] and represented in Fig. 3.34). When the vapor quality increases, the
annular liquid film becomes thinner and the wall superheat decreases, which leads
to a decrease of the number of active nucleation sites.

On the other hand, the convective boiling contribution is not sufficient at high
saturation temperature to lead to an increase of the heat transfer coefficient with
increasing vapor quality. Indeed, the density of the vapor increases with saturation
temperature, thereby its velocity decreases as shown in Figs. 5.23(a) and 5.23(b).
Moreover, the liquid film conductivity decreases with increasing saturation temper-
ature (see Table 6.1). Thus, the conduction and the convection through the liquid
film are reduced and, by consequence, the contribution of the convective boiling
is reduced too at high saturation temperature. These results are similar to those
obtained by [Pettersen (2004)] for carbon dioxide. Nevertheless, no comparison is
available with typical curves because these new trends have never been observed
until so far at such high saturation temperatures for halogenated refrigerants.

Figure 6.1(b) represents the heat transfer coefficient as a function of vapor qual-
ity for a mass velocity of 700 kg/m2·s and for four different saturation tempera-
tures. At 60◦C and 80◦C, the heat transfer coefficient exhibits a non-dependence
to vapor quality (plateau) during intermittent flow, which indicates the dominance
of nucleate boiling. For higher vapor quality regions, the heat transfer coefficient
increases with increasing vapor quality. Convective boiling becomes predominant
but that does not imply the complete suppression of nucleate boiling. When the
mass velocity increases, the contribution of convective boiling becomes more im-
portant and surpasses the nucleate boiling contribution. These results are typically
those observed in macrochannels as seen in section 3.4.1.1 and depicted on the typ-
ical curve A (Fig. 3.32).

At 100◦C and 120◦C, the heat transfer coefficient decreases sharply for the lower
vapor quality region corresponding to intermittent flow regime. This abrupt de-
crease could correspond to the bubbles frequency reduction with increasing va-
por quality. Indeed, the bubbles tend to coalesce to form bigger bubbles. The
curves exhibit a minimum heat transfer coefficient value which coincides with the
intermittent-annular flow pattern transition and with the suppression of bubbles
(also observed by [Da Silva Lima et al. (2009)]). The vapor quality corresponding
to the minimum value of heat transfer coefficient is called xmin. For vapor quality
higher than xmin, the heat transfer coefficient depicts a plateau resulting from the
decrease of the nucleate boiling and the increase of convective boiling. For higher
vapor quality, the heat transfer coefficient falls sharply, which corresponds to the
dryout inception at the top of the tube. The higher the saturation temperature, the
lower the vapor quality for dryout inception. This is due to the decrease of sur-
face tension which leads to a predominance of the gravity forces that gives birth
to stratification. Therefore, with increasing the saturation temperature, the liquid
film becomes thinner at the top of the tube and the dryout occurs for lower vapor
quality. These results are similar to those presented in section 3.4.
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Figure 6.1: Influence of the saturation temperature on the heat transfer coefficient
for R-245fa at 300 kg/m2·s and 700 kg/m2·s with a heat flux of 50 kW/m2 (I: inter-
mittent flow and A: annular flow).
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6.1.2 Influence of mass velocity

Mass velocity is one of the physical parameters that the most strongly affects the
heat transfer in convective boiling. Figure 6.2 represents the influence of the mass
velocity on the heat transfer coefficient for a constant heat flux of 50 kW/m2 and
four different saturation temperatures, viz. 60◦C, 80◦C, 100◦C and 120◦C. Three
different trends can be distinguished:

• on Fig. 6.2(a), at 60◦C, the higher the mass velocity, the larger the heat transfer
coefficient.

• on Figs. 6.2(b) and 6.2(c), at 80◦C and 100◦C, for lower vapor quality region,
the higher the mass velocity, the smaller the heat transfer coefficient whereas
for higher vapor quality region, the higher the mass velocity, the larger the
heat transfer coefficient.

• on Fig. 6.2(d), at 120◦C, the higher the mass velocity, the smaller the heat
transfer coefficient.

These general trends clearly underline a change of heat transfer mechanisms.
Indeed, convective boiling is surpassed by nucleate boiling at high saturation tem-
perature. The third trend is similar to the one observed for carbon dioxide. For
example, [Yun et al. (2003)] and [Oh et al. (2008)] observed such a trend for carbon
dioxide until a vapor quality of 0.2-0.3 and concluded that nucleate boiling was
dominant in this region.

At 60◦C and for low vapor quality, the flow pattern is intermittent and the heat
transfer coefficient is independent of the vapor quality (see Fig 6.2(a)). Moreover,
the influence of the mass velocity is very limited. Hence, nucleate boiling is the
dominant heat transfer mechanism during intermittent flow. For the vapor quality
range corresponding to annular flow, the heat transfer coefficient exhibits an abrupt
increase with increasing vapor quality except for a mass velocity of 300 kg/m2·s
(where the heat transfer coefficient is almost constant over the whole vapor qual-
ity range). Convective boiling is the dominant heat transfer mechanism in these
conditions. When the vapor quality increases, the liquid film thickness decreases
together with its thermal resistance and the vapor velocity increases. Thus, both
phenomena promote the contribution of convective boiling and the heat transfer
coefficient increases. This observation confirms the results found by [Cornwell and
Kew (1993)] and [Ong and Thome (2009)]. These characteristics at 60◦C are similar
to those observed for larger diameter tubes and represented with the typical curve
A (Fig. 3.32).

At 80◦C and 100◦C, two trends appear depending on the vapor quality range:

• For vapor quality corresponding to intermittent flow regime: the higher the
mass velocity, the smaller the heat transfer coefficient. In this region, nucleate
boiling predominates in the low vapor quality region, as explained in the
previous section, and its contribution decreases quickly with increasing vapor
quality.

• For vapor quality corresponding to annular flow regime: the higher the mass
velocity, the larger the heat transfer coefficient. Convective boiling becomes
the dominant heat transfer mechanism when the vapor quality increases dur-
ing annular flow regime.
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At 120◦C, the heat transfer coefficient decreases with increasing vapor quality.
The particular trend is directly related to the influence of the saturation temperature
and exhibits four different zones according to the vapor quality:

• For vapor quality corresponding to intermittent flow regime: the heat transfer
coefficient decreases abruptly as observed at 100◦C.

• For vapor quality corresponding to annular flow and until the dryout incep-
tion: the heat transfer coefficient diminishes with increasing vapor quality.
Nucleate boiling is still the dominant heat transfer mechanism even if its con-
tribution decreases gradually leading to the continuous decrease of the heat
transfer coefficient. In annular flow, the liquid film thickness becomes thinner
with increasing vapor quality, and therefore the temperature of the liquid film
which covers the surface decreases to reach a relatively low value. Hence the
contribution of nucleation in annular flow decreases. This phenomenon was
pointed out by [Jung et al. (1989)]. Moreover, as explained before, the con-
vective boiling is limited by the increase of vapor density and the decrease of
liquid film conductivity when increasing the saturation temperature.

• The heat transfer coefficient decreases sharply due to the dryout inception at
the top of the tube. The higher the mass velocity, the lower the vapor quality
for dryout inception. In fact, the higher the mass velocity, the higher the shear
stress and the higher the liquid entrained fraction (droplets). It is thus logical
to dry out the tube for lower vapor quality.

• The heat transfer coefficient becomes nearly constant in value. This observa-
tion corresponds to the complete dryout around the tube perimeter. The flow
pattern in this region is mist flow.

The trends observed at the higher saturation temperatures (100◦C and 120◦C)
were never reported previously in the literature and therefore cannot be related to
the typical curves that were identified in section 1.1.

6.1.3 Influence of heat flux

The effect of the heat flux over the heat transfer coefficient is shown on Fig. 6.3
for a mass velocity of 500 kg/m2·s and for four saturation temperatures: 60◦C (Fig.
6.3(a)), 80◦C (Fig. 6.3(b)), 100◦C (Fig. 6.3(c)) and 120◦C (Fig. 6.3(d)). In general, the
higher the heat flux, the larger the heat transfer coefficient.

At 60◦C, the heat flux affects more the heat transfer coefficient in low vapor
quality region, during intermittent flow, than during annular flow. Then, when the
flow pattern becomes annular, the difference between low and high heat flux heat
transfer coefficient diminishes and the curves converge, as shown on Fig. 6.3(a).
This effect highlights the occurrence of nucleate boiling during intermittent flow.
Furthermore, when the vapor quality increases, the nucleate boiling is gradually
suppressed and the curves tend to merge into a single one. In parallel, the im-
portance of convective boiling increases and the heat transfer mode becomes dom-
inant. The effect is stronger at 10 kW/m2 for which the heat transfer coefficient
increases strongly with increasing vapor quality. These trends are typically repre-
sented by the curve A (Fig. 3.32).
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Figure 6.2: Influence of mass velocity on heat transfer coefficient for R-245fa at
60◦C, 80◦C, 100◦C and 120◦C with a heat flux of 50 kW/m2 (I: intermittent flow
and A: annular flow).
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For higher temperatures (Fig. 6.3(b) and Fig. 6.3(c)), the heat flux affects the
heat transfer coefficient over the whole range of vapor qualities (until dryout in-
ception) as represented on the typical curve B (Fig. 3.35). This trend indicates that
the suppression of the nucleate boiling is delayed, i.e. it occurs at higher vapor
quality. At 120◦C, two different trends appear:

- At 10 kW/m2: the heat transfer increases with increasing vapor quality in an-
nular flow. For small heat flux, the nucleate boiling does not predominate even
at low vapor quality. The contribution of convective boiling to heat transfer is en-
hanced with increasing the vapor quality and as a consequence, the heat transfer
coefficient increases.

- At 30 kW/m2 and 50 kW/m2: when the heat flux increases, nucleate boiling
become the dominant heat transfer mechanism, especially for low vapor quality
regions. With increasing the vapor quality until the dryout inception, the nucleate
boiling (which is still surpassing the convective boiling) decreases and as a conse-
quence, the heat transfer coefficient decreases. As shown in Fig. 6.3(d), the higher
the heat flux, the lower the vapor quality for dryout inception.

6.1.4 Synthesis

Figure 6.4 aims at summarizing the previous analysis on the influence of the main
parameters (saturation temperature, vapor quality, heat flux and mass velocity) as
well as on the heat transfer mechanism from a comparison of the situations at two
saturation temperatures: 60◦C (Fig. 6.4(a)) and 120◦C (Fig. 6.4b). Both graphs
show the saturation temperature which is almost constant over the range of vapor
quality, the top and bottom inner wall temperatures and the mean heat transfer
coefficient. A schematic of the flow regimes encountered along the evaporator is
also associated to each graph to better highlight the relation between heat transfer
and flow regimes.

The heat transfer coefficient trend at relatively low saturation temperature (Tsat

= 60◦C) is represented on Fig. 6.4a. This graph reveals three main zones cor-
responding to different heat transfer mechanisms, from the variation of the heat
transfer coefficient along the evaporator:

Zone 1: liquid forced convection. Single-phase heat transfer through the liq-
uid, which may be laminar or turbulent.

Zone 2: nucleate boiling. The heat transfer coefficient is almost independent
of the vapor quality (exhibiting a plateau) and nucleate boiling is thereby predom-
inant. This predominance is consistent with the flow pattern encountered in this
region which corresponds to intermittent flow. The inner wall temperature at the
bottom is higher than the one at the top of the tube. This difference is due to the
nucleation which occurs more easily at the top part of the tube than at the bottom
because of the stratification for these conditions.
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Figure 6.3: Influence of heat flux on heat transfer coefficient for R-245fa at 60◦C,
80◦C, 100◦C and 120◦C with a mass velocity of 500 kg/m2·s (I: intermittent and A:
annular).
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Zone 3: convective boiling with some nucleate boiling. The predominance of
the contribution of convective boiling to heat transfer does not imply that nucle-
ate boiling is fully suppressed. The heat transfer coefficient increases prominently.
Indeed, the density of the liquid-vapor mixture decreases, the flow accelerates and
the convective transport enhances. During the vaporization, the liquid film trapped
between the vapor and the tube becomes thinner and its thermal resistance de-
creases enhancing also heat transfer. As a result, the heat transfer coefficient rises
with vapor quality

Figure 6.4b represent a type-curve of heat transfer coefficient at high saturation
temperature (Tsat = 120◦C). Here, five main zones can be distinguished:

Zone 4: nucleate boiling. This regime is characterized by the formation of
small bubbles on the heated wall of the tube. In this region, the heat transfer coef-
ficient decreases with increasing vapor quality as the influence of nucleate boiling
decreases: (i) the bubbles frequency decreases and (ii) the bubbles size increases.
The heat transfer coefficient exhibits a change of slope at the transition between
intermittent and annular flow.

Zone 5: nucleate boiling with a certain effect of convective boiling. The heat
transfer coefficient is still predominantly influenced by nucleate boiling but con-
vective boiling is present. Bubbles nucleate in the liquid film during annular flow.
The decrease of the heat transfer coefficient is caused by the large dominance of
nucleate boiling at low vapor qualities which is gradually suppressed with increas-
ing vapor quality. Indeed, when the vapor quality increases, the annular liquid
film becomes thinner and the wall superheat decreases leading to a decrease of the
number of active nucleation sites for bubbles formation.

Zone 6: vapor forced convection + liquid film evaporation + droplets evap-
oration. The heat transfer coefficient falls over a limited quality range and then
levels off. The vertical line at x = 0.7 indicates the inception point of dryout at
the top of the horizontal tube, where locally the heat transfer begins to fall as the
annular film dries out.

Zone 7: vapor forced convection + droplets evaporation. The heat transfer
coefficient is constant. The vertical line at x = 0.95 indicates the location where
dryout is complete around the tube perimeter, and thus also where the deteriora-
tion of the heat transfer ends. The dryout completion corresponds to the mist flow
regime inception where the liquid film is entrained into the high velocity vapor
core with or without redeposition on the channel walls.

Zone 8: vapor forced convection. Single-phase heat transfer to the vapor, all
the liquid is evaporated and the heat transfer coefficient decreases.
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Figure 6.4: Relation between heat transfer coefficient, flow configuration and heat
transfer mechanism ( A: Annular, CB: Convective Boiling, D: Dryout, Evdroplets:
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6.2 Comparisons of the database to prediction methods

In this section, the attention is focused on the comparison between the experimental
heat transfer coefficients presented here above and theoretical results obtained with
predictive methods previously quoted in section 3.4.3. The upcoming comparisons
are classified according to the theoretical background of the prediction methods.
To ensure the best consistency as possible, the comparisons are performed for each
prediction method with the appropriate flow patterns. For instance, if a method
was developed for annular flow regime, this method was tested only with data
points obtained in annular flow regime. In addition to the graphical comparison,
the Mean Relative Error (MRE) and Mean Absolute Error (MAE) reported in the
following tables are calculated as:

MRE =
1

n

n
∑

i=1

(

αpred,i − αexp,i

αexp,i

)

(6.1)

MAE =
1

n

n
∑

i=1

(
∣

∣αpred,i − αexp,i
∣

∣

αexp,i

)

(6.2)

The percentage of data falling in a ±30% error band is also given in the tables
in order to provide a quantitative indication of the performance of these prediction
methods when extrapolated up to high saturation temperatures. Moreover, a good
prediction method should not only be statistically accurate, but also able of captur-
ing the main trends of the experimental results. Hence, the trends in the evolution
of the experimental heat transfer coefficient as a function of vapor quality as well
as those predicted are compared for two situations: (i) Tsat = 60◦C, q̇ = 50 kW/m2,
and G = 700 kg/m2·s and (ii) Tsat = 120◦C, q̇ = 50 kW/m2, and G = 700 kg/m2·s.

6.2.1 Pre-dryout prediction heat transfer methods

6.2.1.1 Pool boiling correlations

The experimental dataset is compared to three pool boiling correlations: [Cooper
(1984)], [Ribatski and Jabardo (2003)], and [Yun et al. (2005)]. Figure 6.5 displays
these comparisons for two different saturation temperatures: 60◦C (Figs. 6.5(a),
6.5(c), and 6.5(e)) and 120◦C (Figs. 6.5(b), 6.5(d), and 6.5(f)). Table 6.2 summarizes
the results of the statistical analysis of these comparisons.

In general, at 60◦C, the heat transfer coefficient is largely underpredicted for
both intermittent and annular flow regimes. On the one hand, for the intermittent
flow regime, the correlations of [Cooper (1984)] and [Ribatski and Jabardo (2003)]
predict around 60% of the data within ±30% error band whereas the correlation
of [Yun et al. (2005)] predicts 88.9 % of the data within ±30% error band. These fig-
ures confirm the major role played by the nucleate boiling for the intermittent flow
regimes. On the other hand, for the annular flow regime, these correlations do not
take into account the increase of the heat transfer coefficient with increasing vapor
quality (see Fig. 6.6(a)) and the results present a large dispersion. Indeed, as ex-
plained previously, when the vapor quality increases, the convective contribution
to the overall flow boiling heat transfer is increased.

At 120◦C, the results are more homogeneous than at 60◦C for the comparisons
with the correlations of [Cooper (1984)] and [Ribatski and Jabardo (2003)] for both
intermittent and annular flow regimes. Moreover, the number of data falling within
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±30% error band for annular flow regime is 77.9% and 83.5% for the correlations
of [Cooper (1984)] and [Ribatski and Jabardo (2003)], respectively. These figures
corroborate the predominance of nucleate boiling heat transfer mechanism at high
saturation temperature for both intermittent and annular flow regimes. The com-
parison with the correlation of [Yun et al. (2005)] fails to predict the heat trans-
fer coefficient at 120◦C. In general, this correlation overpredicts the flow boiling
heat transfer coefficient. This correlation is developed for carbon dioxide which
explains this discrepancy. Indeed, the heat transfer coefficient for carbon dioxide
is higher than that for halogenated refrigerants for a given saturation temperature
(as observed by [Grauso et al. (2013)]). These correlations fail to achieve any vapor
quality effect and fail to reproduce the experimental trend (i.e. a decrease of the
heat transfer coefficient with increasing vapor quality). They do not take into ac-
count the gradual suppression of the contribution of nucleate boiling to the overall
heat transfer coefficient with increasing vapor quality (see Fig. 6.6(b)).

In conclusion, pool boiling correlations are not adequate to predict the whole
database with accuracy and, moreover, they do not capture the experimental trends.
Nevertheless, these comparisons were useful to highlight the change of dominant
heat transfer mechanism when changing the vapor quality.

6.2.1.2 Asymptotic models

For a better readability of the results, the comparisons with the models developed
for carbon dioxide with or without other fluids are presented separately from the
others in section 6.2.1.3.

The comparisons were performed against eight heat transfer prediction models
based on the asymptotic approach: [Chen (1963)], [Gungor and Winterton (1986)],
[Kandlikar (1990)], [Kandlikar and Balasubramanian (2004)], [Zhang et al. (2004)],
[Saitoh et al. (2007)], [Bertsch et al. (2009)], and [Liu and Winterton (1991)]. For
the models of [Kandlikar (1990)] and [Kandlikar and Balasubramanian (2004)], the
fluid dependent parameter (Ffl) is fixed at 1.43 as proposed by [Vakili-Farahani
et al. (2013)]. Table 6.3 summarizes the results of the statistical analysis of these
comparisons.

Figure 6.7 displays graphical results of the comparisons between experimental
data and those predicted by three heat transfer coefficient prediction models: [Gun-
gor and Winterton (1986)], [Kandlikar and Balasubramanian (2004)], and [Liu and
Winterton (1991)] at two different saturation temperatures: 60◦C (Figs. 6.7(a), 6.7(c),
and 6.7(e)) and 120◦C (Figs. 6.7(b), 6.7(d), and 6.7(f)).

At 60◦C, the asymptotic models developed by [Chen (1963)], [Gungor and Win-
terton (1986)], [Kandlikar and Balasubramanian (2004)], and [Zhang et al. (2004)]
produce homogeneous results and are relatively reliable to predict the heat trans-
fer coefficient, especially for annular flow (see Table 6.2). The heat transfer model
of [Kandlikar and Balasubramanian (2004)] developed for microchannels predicts
with accuracy the data with 74.3% and 83.8% of the data falling within ±30% error
band for intermittent and annular flow regimes, respectively.
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Figure 6.5: Comparison between experimental heat transfer coefficients and those
predicted by pool boiling correlations.
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Figure 6.6: Comparison between the experimental trends and those predicted by
pool boiling correlations at 60◦C and 120◦C ((a) Tsat = 60◦C, q̇ = 50 kW/m2, and G
= 700 kg/m2·s and (b) Tsat = 120◦C, q̇ = 50 kW/m2, and G = 700 kg/m2·s).
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Table 6.2: Summary of the statistical analysis of the comparisons between experimental heat transfer coefficients and those predicted by pool
boiling correlations (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data predicted within 30% error bar).

60◦C 120◦C Whole database
Intermittent Annular Intermittent Annular Total Intermittent Annular

MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30%

[Ribatski and Jabardo (2003)] 27.4 -27.4 56.0 46.5 -46.5 23.9 23.0 -8.7 75.9 16.4 -14.9 83.5 34.2 -32.6 51.5 22.9 -18.2 75.0 39.5 -39.3 40.7

[Cooper (1984)] 27.4 -27.4 59.7 46.7 -46.7 23.8 25.5 -16.8 60.9 23.1 -22.8 77.9 36.1 -35.1 47.4 24.7 -21.7 68.7 41.3 -41.2 37.5

[Yun et al. (2005)] 19.7 -19.6 88.9 40.5 -40.4 36.8 44.6 44.6 52.1 39.6 33.4 29.0 32.9 -5.6 53.7 27.9 16.9 74.7 35.2 -16.0 44.0
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The model of [Saitoh et al. (2007)] developed for R-134a with a very limited
range of saturation temperature (from 5 to 15◦C), is not able to predict the heat
transfer coefficient of R-245fa at 60◦C with only 15.9% and 28.7% of the data falling
within ±30% error band for intermittent and annular flow regimes, respectively.
The heat transfer model of [Bertsch et al. (2009)] works well to predict the data
for the intermittent flow regime (90.7% of the data falling within ±30% error band)
whereas this model fails to estimate the flow boiling heat transfer coefficient for
annular flow regime. This poor accuracy for annular flow could be due to the use
of the correlation of [Hausen (1943)] for developing laminar flow to calculate the
convective heat transfer in the liquid and vapor phases. It can also be due to the
not well justified assumption of a linear decrease of the nucleate boiling heat trans-
fer coefficient with increasing vapor quality. Figure 6.8(a) presents a comparison
between the trends predicted by models and the experimental one at 60◦C. Except
those given by the models of [Bertsch et al. (2009)] and [Liu and Winterton (1991)],
both experimental and predicted curves showing the heat transfer coefficient as a
function of the vapor quality present a positive slope. The model of [Kandlikar and
Balasubramanian (2004)] is ranked as the best to predict flow boiling heat transfer
trend at 60◦C.

At 120◦C, the comparisons with the asymptotic models developed by [Gungor
and Winterton (1986)], and [Kandlikar and Balasubramanian (2004)] (presented on
Figs. 6.7(b), and 6.7(d), respectively) exhibits a broad dispersion. In general, the
asymptotic models underestimate the heat transfer coefficient at high saturation
temperature. In section 6.1.1, nucleate boiling was shown to remain as the domi-
nant heat transfer mechanism at high saturation temperature over the whole range
of vapor quality until the dryout inception. The poor agreement could be due
to the definition of the nucleate boiling suppression factor (F ) established from
data taken in a limited range of saturation temperature. Nonetheless, the correla-
tion of [Kandlikar and Balasubramanian (2004)] and [Bertsch et al. (2009)] predicts
83.3% and 81.2% of the data for annular flow within ±30% error band. These good
agreements can be explain by the fact that these correlations were developed for
microchannels. As a matter of fact, similar mechanisms govern the flow boiling
heat transfer at moderate saturation temperature in microchannels and at high sat-
uration temperature in minichannels. Indeed, nucleate boiling whose importance
in the flow boiling heat transfer in microchannels was pointed out by [Kandlikar
(2002)] and [Thome (2004b)] is also the dominant contribution to heat transfer at
high saturation temperature. Figure 6.8(b) represents the experimental trends at
120◦C and those predicted by asymptotic models. These correlations fail to capture
any effect of the vapor quality when extrapolated up to high saturation tempera-
ture. Nevertheless, the models of [Gungor and Winterton (1986)] and [Bertsch et al.
(2009)] reveal trends close to the experimental ones for annular flow regime, i.e. a
decrease of the heat transfer coefficient. This result corroborates the choice of [Del
Col (2010)] to modify the model of [Gungor and Winterton (1986)] to predict the
heat transfer coefficient at high saturation temperature.

The [Kutateladze (1961)] model of [Liu and Winterton (1991)] predicts the whole
database with only 42.8% of the data falling within ±30% error band. This ap-
proach is not adapted to predict flow boiling heat transfer coefficient of R-245fa in
this range of saturation temperature.
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In conclusion, these asymptotic models are relatively reliable and robust to pre-
dict the flow boiling heat transfer coefficient for R-245fa at 60◦C while, at 120◦C,
the discrepancy increases except for the correlations developed for microchannels.
A modification of the factors F and S could be an interesting way to adapt these
asymptotic correlations to high saturation temperatures.
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Figure 6.7: Comparison between experimental heat transfer coefficients and those
predicted by asymptotic models at 60◦C and 120◦C.
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Figure 6.8: Comparison between the experimental trends and those predicted by
asymptotic models at 60◦C and 120◦C ((a) Tsat = 60◦C, q̇ = 50 kW/m2, and G = 700
kg/m2·s and (b) Tsat = 120◦C, q̇ = 50 kW/m2, and G = 700 kg/m2·s).
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Table 6.3: Summary of the statistical analysis of the comparisons between experimental heat transfer coefficients and those predicted by asymp-
totic models (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data predicted within 30% error bar).

60◦C 120◦C Whole database
Intermittent Annular Intermittent Annular Total Intermittent Annular

MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30%

[Chen (1963)] 27.5 -16.6 51.5 15.6 -2.2 88.2 46.5 -38.0 29.6 25.7 -21.3 59.4 25.0 -13.6 66.2 38.4 -24.9 37.5 18.8 -8.4 79.3

[Gungor and Winterton (1986)] 12.4 0.6 95.7 17.7 -4.5 82.8 34.3 -31.6 35.3 28.9 -27.8 53.9 22.5 -13.6 69.5 22.5 -13.6 67.2 22.5 -13.5 70.5

[Kandlikar (1990)] 31.4 30.2 54.2 23.6 20.2 73.7 23.3 8.5 80.2 27.1 21.3 60.7 27.8 21.2 65.7 31.7 25.3 61.0 26.4 19.6 67.5

[Kandlikar and Balasubrama-
nian (2004)]

24.7 -15.0 74.3 18.7 -8.0 83.8 40.7 -35.8 41.5 16.7 -10.1 83.3 23.2 -12.1 74.0 33.1 -22.1 59.8 18.7 -7.5 80.6

[Zhang et al. (2004)] 27.7 -13.0 50.9 20.4 -5.0 79.9 45.0 -37.5 31.8 25.6 -20.6 59.1 29.3 -14.4 60.7 38.0 -23.0 37.7 22.4 -10.5 71.4

[Saitoh et al. (2007)] 171.6 169.4 15.9 106.5 97.0 28.7 85.6 71.1 40.4 51.5 85.4 66.0 97.1 82.5 33.5 117.3 104.2 28.3 87.8 72.6 35.8

[Bertsch et al. (2009)] 20.7 -20.7 90.7 29.8 -27.0 51.8 27.2 -20.7 55.0 19.8 -15.0 81.2 25.4 -22.4 66.2 22.3 -19.0 74.8 26.8 -24.0 62.2

[Liu and Winterton (1991)] 26.5 -21.2 52.5 30.7 -19.5 49.4 33.2 -31.7 33.6 32.8 -32.6 41.6 32.4 -28.0 42.8 30.3 -27.1 41.4 33.4 -28.5 43.5
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6.2.1.3 Asymptotic models developed from carbon dioxide data with or without
other fluids data

The experimental heat transfer coefficients are compared to those predicted by
the asymptotic models of [Choi et al. (2007b)], [Ducoulombier et al. (2011)], [Fang
(2013)], and [Yoon et al. (2004)]. These models were developed from database
obtained for carbon dioxide with or without other fluids. These comparisons are
represented at 60◦C and 120◦C on Fig. 6.9. Table 6.4 summarizes the results of
the statistical analysis of these comparisons. These models work relatively well to
predict the whole database, especially the model of [Choi et al. (2007b)] with 88.8
% of the data falling within ±30% error band. For intermittent flow regime, these
models overpredict the flow boiling heat transfer coefficient. Indeed, for the lower
vapor quality region, the heat transfer of carbon dioxide is governed by the nucleate
boiling mechanism which is very important, and by consequence the heat transfer
coefficient for carbon dioxide is higher than for other refrigerants for intermittent
flow. For annular flow data, the statistical results are very good at 120◦C as the
percentage of data falling within ±30% error band is ranging from 77% to 94%.

Figures 6.10(a) and 6.10(b) represent the trends of the experimental heat trans-
fer coefficient as well as those predicted by asymptotic models for the same exper-
imental conditions. On Fig. 6.10(a), the models of [Choi et al. (2007a)] and [Choi
et al. (2007b)] provide the same trend as the experimental one. At 120◦C, the
trends provided by these models are more similar to the experimental trends than
those provided by the asymptotic models developed for other fluids than the car-
bon dioxide and presented in section 4.2.1 (see Fig. 6.8(b)). The trends obtained
with the asymptotic models developed by [Choi et al. (2007a)], [Ducoulombier et
al. (2011)], and [Fang (2013)] depict the experimental trend, i.e. (i) a stiff decrease
for intermittent flow and (ii) a gradual decrease for annular flow. The trends of
asymptotic models developed for carbon dioxide with or without other fluids are
good, however the discrepancies on the prediction of the heat transfer coefficient
are important and require to adapt F and S to extrapolate these models to other
refrigerants than carbon dioxide.

6.2.1.4 Enhancement-factor approach

Figures 6.11(a) and 6.11(b) display the comparison between the experimental heat
transfer coefficients and those predicted by the correlation of [Shah (1982)] at 60◦C
and 120◦C, respectively. The correlation for the prediction of the enhancement-
factor used by [Shah (1982)] is very efficient at 60◦C with 83.6% and 83.2% of the
data falling within ±30% error band for intermittent and annular flow regimes,
respectively. This correlation produces homogeneous results as its MAE is only of
16.5% and 17.9% for intermittent and annular flow regimes, respectively. At 120◦C,
this correlation largely underestimates the heat transfer coefficient and produces a
broad dispersion of the data. Only 21.3% and 34.2% of the data fall within ±30%
error band for intermittent and annular flow regimes, respectively.

The comparison between the experimental trends of the heat transfer coefficient
as a function of the vapor quality and those predicted by the correlation of [Shah
(1982)] is shown on 6.11(a) (Tsat= 60◦C) and 6.11(b) (Tsat= 120◦C). For both, the
discrepancy is important but the correlation exhibits a relatively good aptitude to
capture the effect of the vapor quality.
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Figure 6.9: Comparison between experimental heat transfer coefficients and those
predicted by asymptotic models developed for carbon dioxide with or without
other fluids.
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Figure 6.10: Comparison between the experimental trends and those predicted by
asymptotic models for carbon dioxide with or without other fluids at 60◦C and
120◦C((a) Tsat = 60◦C, q̇ = 50 kW/m2, and G = 700 kg/m2·s and (b) Tsat = 120◦C, q̇ =
50 kW/m2, and G = 700 kg/m2·s).
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Table 6.4: Summary of the statistical analysis of the comparisons between experimental heat transfer coefficients and those predicted by asymp-
totic models developed for carbon dioxide with or without other fluids (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%:
percentage of data predicted within 30% error bar).

60◦C 120◦C Whole database
Intermittent Annular Intermittent Annular Total Intermittent Annular

MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30%

[Choi et al. (2007a)] 31.3 12.5 73.2 26.3 -9.8 70.6 82.4 69.7 65.6 18.2 -15.0 77.4 31.9 0.5 71.6 48.7 34.5 70.9 24.2 -15.3 72.0

[Choi et al. (2007b)] 11.7 10.4 98.4 14.7 -3.4 91.5 33.4 4.5 72.3 11.5 -3.8 93.9 16.7 -4.2 88.8 19.8 -3.4 89.3 15.2 -4.6 88.7

[Ducoulombier et al. (2011)] 23.9 18.8 62.1 24.0 -8.2 67.6 23.4 5.5 83.2 16.5 -14.4 86.1 23.4 -5.3 70.0 21.7 11.5 74.9 24.2 -13.0 67.7

[Fang (2013)] 34.6 34.6 47.8 16.8 7.2 85.1 83.0 83.0 12.4 16.9 1.6 85.6 25.3 14.7 72.3 49.4 46.1 43.3 17.5 5.0 84.4

[Yoon et al. (2004)] 23.9 6.6 78.8 35.9 -7.4 50.5 27.3 -18.2 49.3 20.8 -16.3 82.2 30.7 -10.8 58.9 26.1 -4.5 66.8 32.7 -13.6 53.4
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Experimental data 
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Inner tube diameter = 3.0 mm
Saturation temperature = 120°C
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Heat flux = 50 kW/m 2
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Figure 6.12: Comparison between the experimental trends and those predicted by
the correlation of [Shah (1982)] ((a) Tsat = 60◦C, q̇ = 50 kW/m2, andG = 700 kg/m2·s
and (b) Tsat = 120◦C, q̇ = 50 kW/m2, and G = 700 kg/m2·s).
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Table 6.5: Summary of the statistical analysis of the comparisons between experimental heat transfer coefficients and those predicted by the
correlation of [Shah (1982)] (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data predicted within 30% error
bar).

60◦C 120◦C Whole database
Intermittent Annular Intermittent Annular Total Intermittent Annular

MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30%

[Shah (1982)] 16.5 -10.5 83.6 17.9 -12.2 83.2 44.1 -43.1 21.3 36.9 -36.8 34.2 26.3 -22.0 61.5 29.7 -24.2 53.6 24.8 -21.1 65.2
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(a) [Lazarek and Black (1982)] - Tsat = 60◦C.
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Figure 6.13: Comparison between the experimental heat transfer coefficients and
those predicted by Nusselt-type correlations.
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Figure 6.14: Comparison between the experimental trends and those predicted by
Nusselt-type correlations at 60◦C and 120◦C ((a) Tsat = 60◦C, q̇ = 50 kW/m2, and G
= 700 kg/m2·s and (b) Tsat = 120◦C, q̇ = 50 kW/m2, and G = 700 kg/m2·s).

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



186
C

H
A

P
T

E
R

6.
H

E
A

T
T

R
A

N
SFE

R

Table 6.6: Summary of the statistical analysis of the comparisons between experimental heat transfer coefficients and those predicted by Nusselt-
type correlations (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data predicted within 30% error bar).

60◦C 120◦C Whole database
Intermittent Annular Intermittent Annular Total Intermittent Annular

MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30%

[Lazarek and Black (1982)] 20.2 -19.0 75.1 38.6 -37.7 37.3 26.0 -22.8 54.0 22.4 -21.1 69.4 31.2 -29.2 52.8 22.5 -19.3 68.2 35.3 -33.8 45.7

[Tran et al. (1996)] 7.4 -2.8 99.2 30.3 -28.6 52.9 98.0 98.0 0.0 86.1 85.3 8.0 40.4 14.3 45.2 46.4 43.5 46.6 37.6 0.8 44.5

[Warrier et al. (2002)] 42.8 -4.5 45.1 62.6 -44.8 16.5 60.4 -55.3 14.2 64.6 -63.3 13.9 60.7 -44.5 20.2 52.1 -26.7 28.2 64.6 -52.7 16.5

[Sun and Mishima (2009)] 11.8 -9.0 99.7 32.2 -30.8 52.3 19.8 -10.1 74.4 14.8 -7.4 89.2 24.2 -17.8 70.2 17.0 -5.8 88.0 27.5 -23.2 62.0

[Kew and Cornwell (1997)] 19.6 -18.3 78.2 34.1 -33.0 47.7 25.1 -17.9 57.6 17.6 -12.9 82.3 27.4 -24.2 61.8 21.8 -16.7 73.4 30.0 -27.6 56.4
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6.2.1.6 Phenomenological approach

The phenomenological models of [Thome and El Hajal (2004c)], [Wojtan et al. (2005b)],
[Thome et al. (2004a)], and [Cioncolini and Thome (2011)] were assessed against the
heat transfer database. Table 6.7 summarizes the statistical results of these compar-
isons over the pre-dryout vapor quality range. The 3-zone model of [Thome et al.
(2004a)] is compared only with the data obtained for intermittent flow whereas the
model of [Cioncolini and Thome (2011)] is compared only with the data obtained
for annular flow.

Figure 6.15 displays the comparison results for the models of [Thome and El
Hajal (2004c)] and [Wojtan et al. (2005b)] at 60◦C and 120◦C. The model of [Thome
and El Hajal (2004c)], which is a modification of the model of [Kattan et al. (1998b)]
for carbon dioxide, overpredicts the experimental heat transfer coefficient at 60◦C
as its MRE is 70.9% and 41.5% for intermittent and annular flow regimes, respec-
tively. This model predicts only 50.0% of the data within ±30% error band for the
annular flow regime whereas, at 120◦C, the percentage of data falling in a ±30%
error band for the annular flow regime is 76.4%. This good agreement is due to the
similarities observed between carbon dioxide and R-245fa boiling at high satura-
tion temperature and pointed out previously. At the opposite, the model of [Wojtan
et al. (2005b)] provides more accuracy to predict the heat transfer coefficient at 60◦C
than at 120◦C. The poor agreement at 120◦C is due to the range of applicability of
this model.

Figure 6.16 displays a comparison between the experimental heat transfer co-
efficients and those predicted by the 3-zone model developed by [Thome et al.
(2004a)] at four different saturation temperatures. The adjustable parameters are
fixed as following: (i) δmin = 1.35 µm, (ii) Cδ0 = 0.29, and (iii) f was calculated from
the expression proposed by [Dupont et al. (2004)]. This model provides homo-
geneous results and a very good accuracy at 60◦C. Indeed, the percentage of data
falling within ±30% error band is 83.0%. At 120◦C, the accuracy is poor with only
29.1% of the data predicted within ±30% error band. This poor agreement could
be explained by the fact that this model does not take into account the effect of
the modification of the thermophysical parameters that increase the contribution
of nucleate boiling to the overall heat transfer for intermittent flow (i.e. high vapor
density, low surface tension, high vapor viscosity and low liquid viscosity).

Figure 6.17 depicts a comparison between experimental data and those pre-
dicted by the model of [Cioncolini and Thome (2011)] for four different saturation
temperatures. The deviation and the dispersion increase with increasing satura-
tion temperature. The model underpredicts the heat transfer coefficient as its MRE
is equal to -17.8% for the whole database. The percentage of data falling within
±30% error band passes from 74.0% at 60◦C to 32.6% at 120◦C. This is due to the
principle of the model itself that supposes that the heat transfer coefficient is gov-
erned by forced convection in the annular liquid film. This approach is correct at
60◦C but inconsistent at 120◦C where nucleate boiling is the dominant heat transfer
mechanism for annular flow regime.

Figures 6.18(a) and 6.18(b) display the evolution of the heat transfer coefficients
vs. vapor quality in comparison to the heat transfer predictive methods based on a
phenomenological approach, at 60◦C and 120◦C, respectively. At 60◦C, the model
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of [Thome et al. (2004a)] does not capture the trend of the experimental results
which exhibit a plateau and not a decrease for intermittent flow. The models of
[Thome and El Hajal (2004c)], [Wojtan et al. (2005b)], and [Cioncolini and Thome
(2011)] provide trends relatively similar to the experimental ones. At 120◦C, on
Fig. 6.18(b), the trend obtained with the model of [Wojtan et al. (2005b)] is plotted
over the whole range of vapor quality (taking into account dryout and mist flow
regimes). For intermittent and annular flow regimes, no model is able to capture
the experimental trend.

In conclusion, the phenomenological models are able to predict the heat transfer
coefficient with accuracy at 60◦C, but when increasing the saturation temperature,
the accuracy diminishes. This is mostly due to the fact that the two-phase flow con-
figuration is modified at high saturation temperature, and this approach requires
an in-depth knowledge of the flow patterns.
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Figure 6.15: Comparison between experimental heat transfer coefficients and those
predicted by the phenomenological models of [Thome and El Hajal (2004c)] and
[Wojtan et al. (2005b)] at 60◦C and 120◦C.
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Figure 6.16: Comparison between experimental heat transfer coefficients and those
predicted by the 3-zone model of [Thome et al. (2004a)].
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Figure 6.17: Comparison between experimental heat transfer coefficients and those
predicted by the model of [Cioncolini and Thome (2011)].
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Table 6.7: Summary of the statistical analysis of the comparisons between experimental heat transfer coefficients and those predicted by models
based on the phenomenological approach (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data predicted within
30% error bar).

60◦C 120◦C Whole database
Intermittent Annular Intermittent Annular Total Intermittent Annular

MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30%

[Thome and El Hajal (2004c)] 71.5 70.9 31.0 41.9 41.5 50.0 34.7 1.4 48.1 21.0 -13.1 76.4 37.6 26.2 58.6 50.9 36.5 45.7 21.5 31.5 64.5

[Wojtan et al. (2005b)] 32.2 -29.1 32.9 22.8 11.2 68.6 34.5 -30.5 30.6 25.7 -23.4 60.2 27.0 -9.2 58.3 34.5 -29.7 31.2 23.5 0.2 70.7

[Thome et al. (2004a)] 18.2 0.6 83.0 / / / 39.4 -34.7 29.1 / / / 26.8 -12.1 62.8 26.8 -12.1 62.8 / / /

[Cioncolini and Thome (2011)] / / / 23.6 -7.9 74.0 / / / 42.5 -42.5 32.6 27.4 -17.8 63.3 / / / 27.4 -17.8 63.3
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Figure 6.18: Comparison between the experimental trends and those predicted by
phenomenological methods ((a) Tsat = 60◦C, q̇ = 50 kW/m2, and G = 700 kg/m2·s
and (b) Tsat = 120◦C, q̇ = 50 kW/m2, and G = 700 kg/m2·s)

6.2.2 Dryout and post-dryout methods

Figure 6.19 displays the comparison between experimental results and those calcu-
lated from the following post-dryout correlations: [Dougall and Roshenow (1963)],
[Ünal and Gasselt (1983)], [Saitoh et al. (2007)], and [Sindhuja et al. (2010)]. The
comparisons are presented for mist flow data and for three different saturation tem-
peratures: 80◦C, 100◦C and 120◦C. At 80◦C, the comparison is satisfactory and pro-
vides small deviation whereas at 100◦C and 120◦C, the deviation and the dispersion
are more important. At high saturation temperature, these correlations underpre-
dict the flow boiling heat transfer coefficient in mist flow regime. These observa-
tions are confirmed by the statistical indicators presented in Table 6.8. However,
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the prediction of the all data for mist flow is relatively good with the correlations
of [Dougall and Roshenow (1963)] and [Ünal and Gasselt (1983)] with 69.2% and
65.7% of the data falling within ±30% error band. Figure 6.20 displays a compari-
son between predicted trend for the heat transfer coefficient and the experimental
one at 120◦C. These correlations are able to capture the experimental trend. Finally,
it clearly appears that the existing post-dryout heat transfer correlations do not pro-
vide accuracy to predict the flow boiling heat transfer when being extrapolated up
to high saturation temperature.
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Figure 6.19: Comparison between experimental heat transfer coefficients and those
predicted by post-dryout correlations.

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



6.
3.

C
O

N
C

L
U

SI
O

N
19

3

0.
5

0.
6

0.
7

0.
8

0.
9

1
0

20
00

40
00

60
00

80
00

10
00

0

12
00

0

14
00

0

16
00

0

18
00

0

20
00

0

Heat transfer coefficient [W/m².K]

V
ap

or
 q

ua
lit

y 
[−

]

 

 

E
xp

er
im

en
ta

l d
at

a
D

R
Y

−O
U

T
 F

LO
W

M
IS

T
 F

LO
W

Ü
na

l a
nd

 V
an

 G
as

se
lt 

(1
98

3)
D

ou
ga

ll 
an

d 
R

os
he

no
w

 (
19

63
)

S
in

dh
uj

a,
 B

al
ak

ris
hn

an
 a

nd
 S

rin
iv

as
a 

(2
01

0)
W

oj
ta

n,
 U

rs
en

ba
ch

er
 a

nd
 T

ho
m

e 
(2

00
5)

S
ai

to
h,

 D
ai

gu
ji 

an
d 

H
ih

ar
a 

(2
00

7)

D

R
−2

45
fa

In
ne

r 
tu

be
 d

ia
m

et
er

 =
 3

.0
 m

m
S

at
ur

at
io

n 
te

m
pe

ra
tu

re
 =

 1
20

°C
M

as
s 

ve
lo

vi
ty

 =
 7

00
 k

g/
m

2 .s
H

ea
t f

lu
x 

= 
50

 k
W

/m
2

M

Fi
gu

re
6.

20
:

C
om

p
ar

is
on

be
tw

ee
n

th
e

ex
p

er
im

en
ta

l
tr

en
d

s
an

d
th

os
e

p
re

d
ic

te
d

by
p

os
t-

d
ry

ou
t

co
rr

el
at

io
ns

at
12

0◦
C

(T
sa

t
=

12
0◦

C
,
q̇

=
50

kW
/

m
2
,

an
d
G

=
70

0
kg

/
m

2
·s

).

6.
3

C
on

cl
u

si
on

T
hi

s
ex

p
er

im
en

ta
l

in
ve

st
ig

at
io

n
ai

m
ed

at
st

u
d

yi
ng

he
at

tr
an

sf
er

ch
ar

ac
te

ri
st

ic
s

of
R

-2
45

fa
in

a
3.

00
m

m
in

ne
r

d
ia

m
et

er
tu

be
at

a
sa

tu
ra

ti
on

te
m

p
er

at
u

re
ra

ng
in

g
fr

om
60

to
12

0◦
C

.T
he

ev
ol

u
ti

on
of

th
e

he
at

tr
an

sf
er

co
ef

fi
ci

en
t

w
it

h
th

e
va

p
or

qu
al

it
y

w
as

d
is

cu
ss

ed
fo

r
va

ri
ou

s
co

m
bi

na
ti

on
s

of
he

at
fl

u
x,

m
as

s
ve

lo
ci

ty
an

d
sa

tu
ra

ti
on

te
m

p
er

at
u

re
w

hi
le

th
e

fl
ow

re
gi

m
e

w
as

al
so

fi
xe

d
by

th
es

e
p

ar
am

et
er

s.
T

he
co

n-
tr

ib
u

ti
on

to
th

e
ov

er
al

lh
ea

tt
ra

ns
fe

r
of

a
va

ri
et

y
of

m
ec

ha
ni

sm
s

w
as

id
en

ti
fi

ed
an

d
d

is
cu

ss
ed

fo
r

m
ed

iu
m

an
d

hi
gh

sa
tu

ra
ti

on
te

m
p

er
at

u
re

s.
A

t6
0◦

C
,t

he
he

at
tr

an
sf

er
co

ef
fi

ci
en

ti
s

in
d

ep
en

d
en

to
f

va
p

or
qu

al
it

y
an

d
m

as
s

fl
u

x
d

u
ri

ng
in

te
rm

it
te

nt
fl

ow
w

he
re

as
it

is
se

ns
it

iv
e

to
he

at
fl

u
x.

In
an

nu
la

r
fl

ow
,

th
e

he
at

tr
an

sf
er

co
ef

fi
ci

en
t

in
cr

ea
se

s
w

it
h

in
cr

ea
si

ng
va

p
or

qu
al

it
y

an
d

/
or

m
as

s
ve

lo
ci

ty
.

A
s

a
re

su
lt

,a
t6

0◦
C

,
nu

cl
ea

te
an

d
co

nv
ec

ti
ve

bo
ili

ng
ar

e
bo

th
p

re
se

nt
.

A
t

12
0◦

C
,t

he
he

at
tr

an
sf

er
co

ef
-

fi
ci

en
t

ex
hi

bi
ts

co
m

p
le

te
ly

d
if

fe
re

nt
tr

en
d

s.
T

he
he

at
tr

an
sf

er
co

ef
fi

ci
en

t
d

ec
re

as
es

fo
r

bo
th

in
te

rm
it

te
nt

an
d

an
nu

la
r

fl
ow

re
gi

m
es

.
T

he
an

al
ys

is
of

th
e

re
su

lt
s

ha
s

hi
gh

lig
ht

ed
th

e
ke

y
ro

le
of

nu
cl

ea
te

bo
ili

ng
at

hi
gh

sa
tu

ra
ti

on
te

m
p

er
at

u
re

.

T
he

ex
p

er
im

en
ta

lr
es

u
lt

s
w

er
e

co
m

p
ar

ed
to

th
e

th
eo

re
ti

ca
lr

es
u

lt
s

of
th

ir
ty

m
et

h-
od

s
se

le
ct

ed
fr

om
th

e
lit

er
at

u
re

in
or

d
er

to
ve

ri
fy

th
ei

r
ab

ili
ty

to
p

re
d

ic
t

th
e

he
at

tr
an

sf
er

co
ef

fi
ci

en
td

u
ri

ng
fl

ow
bo

ili
ng

at
hi

gh
sa

tu
ra

ti
on

te
m

p
er

at
u

re
.T

he
d

at
ab

as
e

w
as

co
m

p
os

ed
of

59
64

d
at

a
p

oi
nt

s.
T

he
fo

llo
w

in
g

co
nc

lu
si

on
s

ca
n

be
d

ra
w

n
fr

om
th

es
e

co
m

p
ar

is
on

s:

-
p

oo
l

bo
ili

ng
co

rr
el

at
io

ns
ar

e
no

t
re

lia
bl

e
to

p
re

d
ic

t
th

e
he

at
tr

an
sf

er
co

ef
fi

-
ci

en
to

ve
r

th
e

w
ho

le
d

at
ab

as
e

co
nd

it
io

ns
.N

ev
er

th
el

es
s,

at
60

◦
C

,t
he

se
co

rr
el

at
io

ns
p

ro
vi

d
e

go
od

re
su

lt
s

fo
r

in
te

rm
it

te
nt

fl
ow

,w
he

re
as

,a
t

12
0◦

C
,t

he
d

at
a

fo
r

an
nu

la
r

fl
ow

ar
e

re
la

ti
ve

ly
w

el
lp

re
d

ic
te

d
.T

he
se

co
rr

el
at

io
ns

fa
il

to
ca

tc
h

th
e

ex
p

er
im

en
ta

l
tr

en
d

s
of

ev
ol

u
ti

on
of

th
e

he
at

tr
an

sf
er

co
ef

fi
ci

en
tv

s.
qu

al
it

y.

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



194 CHAPTER 6. HEAT TRANSFER

- asymptotic models predict the data with an average of around 65% of the data
within ±30% error band. These models are really accurate at 60◦C and the pre-
dicted trends are similar to the experimental ones. At 120◦C, the deviation and the
dispersion are more important. In other words, these models cannot be extrapo-
lated to conditions of high saturation temperatures. Moreover, no model is able to
capture the experimental trends. Among the asymptotic models, those of [Gungor
and Winterton (1986)] and [Kandlikar and Balasubramanian (2004)], developed for
microchannels, provide the best agreements.

- asymptotic models developed from carbon dioxide data with or without other
fluids produce good agreements for the whole database as the average percentage
of data predicted within ±30% error band is 72.3 %. The predictions are better at
120◦C for both intermittent and annular flow regimes. These models capture the
experimental trends at 120◦C (especially the model of [Choi et al. (2007b)]), which
is not the case of the models developed without carbon dioxide. These features
corroborate the similarities observed between carbon dioxide and halogenated re-
frigerants boiling at high saturation temperature.

- the correlation of [Shah (1982)] based on the enhancement-factor approach is
able to predict the heat transfer coefficient at 60◦C, whereas, at 120◦C, this approach
fails to estimate the heat transfer coefficient.

- Nusselt-type correlations which are the most empirical correlations produce
dispersed results for the whole database and underpredict the heat transfer coef-
ficients. However, the correlation of [Sun and Mishima (2009)] which was par-
tially developed with carbon dioxide data predicts with accuracy the heat transfer
dataset.

- the phenomenological models of [Thome et al. (2004a)] and [Cioncolini and
Thome (2011)] are able to predict the flow boiling heat transfer coefficients with
accuracy at 60◦C for intermittent and annular flow regimes, respectively. At 120◦C,
these models are not reliable and require an indisputable knowledge of the flow
patterns at high saturation temperature. The model of [Thome and El Hajal (2004c)]
developed for carbon dioxide works well to predict the heat transfer coefficient at
120◦C.

- post-dryout methods fail to predict with accuracy the flow boiling heat trans-
fer for dryout and mist flow regimes when extrapolated up to 120◦C.

With the physical reasoning in background of the present analysis, this inves-
tigation provides the basis to develop a new model or correlation or to modify an
existing one to predict the heat transfer coefficient during flow boiling at high sat-
uration temperature.
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Table 6.8: Summary of the statistical analysis of the comparisons between experimental heat transfer coefficients and those predicted by post-
dryout correlations (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data predicted within 30% error bar).

120°C Whole database
Dryout Mist Total Dryout Mist

MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30% MAE MRE ±30%

[Dougall and
Roshenow
(1963)]

/ / / 25.4 -24.2 65.5 23.5 -20.4 69.2 / / / 23.5 -20.4 69.2

[Ünal and Gas-
selt (1983)]

/ / / 25.8 -13.9 62.8 24.1 -10.0 65.7 / / / 24.1 -10.0 65.7

[Sindhuja et al.
(2010)]

/ / / 34.5 -32.8 46.9 31.7 -29.8 52.9 / / / 31.7 -29.8 52.9

[Saitoh et al.
(2007)]

37.3 -13.4 46.6 43.3 29.7 58.4 41.1 1.0 45.5 41.3 -17.4 36.6 40.8 29.9 59.3
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Chapter 7

Pressure drops

This chapter presents experimental data concerning frictional pressure drop in a
minichannel at high saturation temperatures. The database is composed of 249
data points covering four flow patterns: (i) intermittent flow, (ii) annular flow, (iii)
dryout flow, and (iv) mist flow regimes.

A parametric analysis was carried out on the effect of the kind of flow pat-
tern, the mass velocity, and the saturation temperature on the two-phase frictional
pressure drop. Finally, the data set is compared against 23 well-known two-phase
frictional pressure drop prediction methods. A statistical analysis for each flow
regime was also carried out. The effect of the saturation temperature and the kind
of flow pattern on the ability of the methods to predict the frictional pressure drop
was investigated.
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198 CHAPTER 7. PRESSURE DROPS

Two-phase pressure drop measurements were carried out under in adiabatic
conditions (Fig. 4.2) and the frictional pressure drop was calculated by subtracting
the momentum pressure drop from the measured pressure drop, as explained in
section 3.3. The flow patterns were identified from the experimental flow pattern
maps. 60% of the database (249 data points in total) refer to annular flow (150 data
points), 28.5% to intermittent flow (71 data points), 6.5% to dryout flow (12 data
points), and 5% to mist flow (12 data points).

7.1 Frictional pressure drop

7.1.1 Pressure drop decomposition

Figures 7.1(a) and 7.1(b) show the total, momentum and frictional pressure drops
for a representative set of experimental conditions. As expected, the momentum
pressure drop is higher at high mass velocity and low saturation temperature. It
correspond to about 3% of the total pressure drop.
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Figure 7.1: Total, frictional and momentum pressure drops versus vapor quality
at different experimental conditions for R-245fa flowing in a 3.00 mm inner tube
diameter.

7.1.2 Effect of mass velocity

The general trend for the two-phase frictional pressure drop as a function of the va-
por quality is illustrated in Figs. 7.2, 7.3(a) and 7.3(b). The pressure drop rises with
increasing vapor quality due to the higher velocity, until a maximum is reached.
Then a further increase of the vapor quality leads to a decrease of the frictional
pressure drop. Concerning the peak location, several scenarios are likely to occur:

• the peak location may correspond to the inception of the dryout as repre-
sented in Fig. 7.3(a) for mass velocities of 700 and 1000 kg/m2·s

• the maximum frictional pressure drop may occur before the dryout incep-
tion as shown in Fig. 7.3(a) for mass velocities 300 and 500 kg/m2·s. Such a
behavior was previously pointed out by [Quibén and Thome (2007a)].

• the peak location may coincide with the inception of the mist flow regime as
represented in Fig. 7.3(b) for mass velocities of 700 and 1000 kg/m2·s

Cette thèse est accessible à l'adresse : http://theses.insa-lyon.fr/publication/2014ISAL0047/these.pdf 
© [R. Charnay], [2014], INSA de Lyon, tous droits réservés



7.1. FRICTIONAL PRESSURE DROP 199

The disappearance of the liquid film may be an explanation of the peak location
at the inception of dryout or mist flow regime. In Fig. 7.2, a schematic of the flow
regimes encountered along the pressure drop test section is associated to better
highlight the relation between frictional pressure drop and flow regimes in this
situation. Indeed, the disappearance of the liquid film results on phenoma which
could explain the decrease of the pressure drop:

• the decrease of the tube surface apparent roughness seen by the vapor phase
as suggested by [Ducoulombier et al. (2011)]

• the decrease of the friction factor of the phase in contact with the wall (the
vapor, whose the viscosity is lower than that of the liquid, progressively re-
places the liquid at the wall as represented on Fig. 7.2)
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Figure 7.2: Relation between frictional pressure drop and flow configuration (A:
annular, D: Dryout, and I: Intermittent)

These trends were previously observed and are similar to those observed in
macroscale channels and in most of the studies concerning microscale channels.
Regarding the case for which the maximum pressure drop occurs for a vapor qual-
ity lower than the vapor quality of dryout inception, [Quibén and Thome (2007a)]
suggested that the appearance of this peak is associated with the damping out of
interfacial waves (as the annular film thins).

For a mass velocity of 1000 kg/m2·s, a change in the trend can be observed
in Figs. 7.3(a) and 7.3(b) (indicated with the dotted zone). Such a behavior was
previously pointed out by [Revellin and Thome (2007b)]. In their case, this change
corresponded to a change in flow pattern with the transition from wavy to smooth
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200 CHAPTER 7. PRESSURE DROPS

annular. Such a transition could probably explain this experimental change of trend
as the flow regime is annular and, in our case, it groups together wavy and smooth
annular flow regimes.

Figure 7.3 presents the effect of the mass velocity on the frictional pressure drop
for R-245fa at two different saturation temperatures. An increase in mass velocity
results in a higher flow velocity and a higher flow inertia, which increases the fric-
tional pressure drop. The results show the expected tendency as represented on
Fig. 3.20.
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Figure 7.3: Influence of the mass velocity on the pressure drop for R-245fa in a 3.00
mm inner tube diameter.
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7.1. FRICTIONAL PRESSURE DROP 201

7.1.3 Effect of saturation temperature

Figure 7.4 depicts the effect of the saturation temperature on the frictional pres-
sure drop. Indeed, when increasing the saturation temperature, the vapor density
increases (see Table 6.1), the vapor velocity decreases and by consequence the two-
phase frictional pressure drop decreases. These results show the expected tendency
represented in Fig. 3.22.
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Figure 7.4: Influence of the saturation temperature on the pressure drop for R-245fa
in a 3.00 mm inner tube diameter.
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202 CHAPTER 7. PRESSURE DROPS

7.2 Comparisons of the database to prediction methods

7.2.1 Homogeneous flow model

The experimental dataset is compared to the homogeneous model with eight defi-
nitions of two-phase viscosity. The definitions of two-phase flow viscosity assessed
here were proposed by [McAdams et al. (1942)], [Cicchitti et al. (1960)], [Duk-
ler et al. (1964)], [Beattie and Whalley (1982)], [Lin et al. (1991) ], [García et al.
(2003)], [Awad and Muzychka (2008)] No 1, and [Awad and Muzychka (2008)] No
2. All the definitions presented in Table 3.3 were assessed, however, only the results
obtained for the eight“best” definitions of the two-phase viscosity are presented.

Figure 7.5 displays graphical results of the comparisons between experimental
data and those predicted by the version of homogeneous model based on the two-
phase viscosity definitions proposed by [McAdams et al. (1942)], [Cicchitti et al.
(1960)] and the [Awad and Muzychka (2008)] No 1 definition. The comparisons
are performed at two different saturation temperatures: 60◦C (Figs. 7.5(a), 7.5(c),
7.5(e)) and 120◦C (Figs. 7.5(b), 7.5(d), 7.5(f)).

At 60◦C, these methods underpredict the frictional pressure drop, even if the
model of [Cicchitti et al. (1960)] predicts well the experimental results with 81.5%
of the data falling within ± 30% error band. At 120◦C, the deviation decreases
strongly and these models are reliable to predict the two-phase frictional pres-
sure drop. This is consistent with the idea that the homogeneous model is more
adapted when the slip ratio between the two-phases decreases due to a lower den-
sity difference, i.e. when the saturation temperature increases. These results are in
agreement with those of [Tibiricá and Ribatski (2011b)]. They found that the homo-
geneous model using the two-phase viscosity of [Cicchitti et al. (1960)] predicted
77% (within ±30% error band) of their data obtained with R-245fa for saturation
temperatures ranging from 31 to 41◦C.

Table 7.1 summarizes the results of the statistical analysis of these comparisons.
These results confirm the reliability of these models to predict the frictional pres-
sure drop at high saturation temperature. At 120◦C, the percentage of data falling
within ±30% error band ranges from 76.0% to 92%. The homogeneous model with
the [Cicchitti et al. (1960)] definition and the [Awad and Muzychka (2008)] No 1
definition is robust to predict the experimental results with around 76% of the data
falling within ±30% error band for the whole database.

Figure 7.6 presents a comparison between the trends predicted by the homo-
geneous model (with the eight previously identified definitions of the two-phase
viscosity) and the experimental ones for a mass velocity of 500 kg/m2·s and two
different saturation temperatures: 60 and 120◦C. In Fig. 7.6(a), the homogeneous
model with the [Cicchitti et al. (1960)] definition and the [Awad and Muzychka
(2008)] No 1 definition is the only one to reproduce the experimental trends, how-
ever the discrepancies on the prediction of the frictional pressure drop are impor-
tant. At 120◦C, the deviations decreases and the predicted trends are relatively
similar to the experimental one.
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Figure 7.5: Comparison between experimental frictional pressure drop data and
those predicted by several correlations based on the homogeneous flow model with
different two-phase viscosity definitions.
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Figure 7.6: Comparison between the experimental trends and those predicted by
the correlations based on the homogeneous flow model with different two-phase
viscosity definitions at 60◦C and 120◦C ((a) Tsat = 60◦C and G = 500 kg/m2·s and
(b) Tsat = 120◦C and G = 500 kg/m2·s).
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Table 7.1: Summary of the statistical analysis of the comparisons between experimental frictional pressure drops and those predicted by the
correlations based on the homogeneous flow model with different two-phase viscosity definitions (MAE: Mean Absolute Error, MRE: Mean
Relative Error and ±30%: percentage of data predicted within 30% error bar).

60°C 120°C Whole database

Intermittent Annular All data Intermittent Annular Dryout Mist all data Intermittent Annular Dryout Mist All data

[McAdams et al. (1942)]

MAE 11.9 45.5 38.3 15.6 20.1 16.6 21.5 18.2 19.7 37.7 36.1 27.7 32.0
MRE 2.9 -45.5 -35.1 -4.0 -18.3 -16.6 -21.5 -12.7 5.9 -35.8 -36.1 -27.7 -23.5
±30% 100.0 5.9 26.2 81.0 100.0 100.0 100.0 92.0 76.1 26.0 25.0 66.7 42.2

[Cicchitti et al. (1960)]

MAE 27.4 21.4 22.7 27.5 11.2 18.5 13.0 18.9 37.1 21.0 23.6 19.0 25.7
MRE 16.3 -20.8 -12.8 16.1 9.2 13.8 -2.5 10.8 30.1 -11.1 -15.5 -12.9 0.3
±30% 42.9 92.2 81.5 52.4 94.5 75.0 100.0 76.0 46.5 90.0 75.0 91.7 76.7

[Dukler et al. (1964)]

MAE 14.9 49.3 41.9 18.0 16.5 12.2 19.6 17.2 19.4 39.1 34.7 26.6 32.6
MRE -11.0 -49.3 -41.1 -0.5 -13.9 -12.2 -19.6 -8.9 3.9 -37.2 -34.7 -26.6 -24.8
±30% 85.7 3.9 21.5 71.4 100.0 100.0 100.0 88.0 73.2 23.3 25.0 66.7 39.8

[Beattie and Whalley (1982)]

MAE 18.6 40.1 35.5 28.1 11.9 15.1 14.3 19.3 31.4 31.3 32.2 22.5 31.0
MRE 7.7 -40.1 -29.8 18.4 4.6 6.2 -10.0 8.5 25.5 -26.1 -26.9 -20.1 -11.1
±30% 78.6 11.8 26.2 52.4 100.0 100.0 100.0 80.0 52.1 38.7 31.3 66.7 43.4

[Lin et al. (1991) ]

MAE 18.5 40.9 36.1 19.2 16.1 12.2 20.0 17.6 24.6 34.1 33.8 26.7 31.0
MRE 5.1 -40.9 -30.9 2.6 -13.1 -12.2 -20.0 -7.4 14.8 -31.6 -33.8 -26.7 -18.3
±30% 78.6 11.8 26.2 80.9 100.0 100.0 100.0 92.0 64.8 31.3 25.0 66.7 42.2

[García et al. (2003)]

MAE 15.8 53.4 45.3 18.9 13.3 8.8 11.2 15.0 19.3 40.7 35.5 21.4 33.3
MRE -12.8 -53.4 -44.7 1.8 -9.0 -6.3 -11.2 -4.6 3.5 -38.9 -34.9 -21.4 -25.7
±30% 78.6 2.0 18.5 76.2 94.4 100.0 100.0 88.0 76.1 22.0 25.0 66.7 39.8

[Awad and Muzychka (2008)] No 1

MAE 18.7 24.2 23.0 20.9 7.6 14.4 10.0 14.1 32.8 22.7 21.9 15.8 25.2
MRE 1.5 -23.9 -18.4 11.0 5.1 10.5 -1.0 7.2 23.2 -14.0 -15.6 -10.6 -3.3
±30% 78.6 80.4 80.0 71.4 94.4 100.0 100.0 86.0 57.8 83.3 81.3 91.7 76.3

[Awad and Muzychka (2008)] No 2

MAE 19.8 39.8 35.5 16.9 14.1 6.5 4.8 13.3 23.2 33.4 22.6 11.0 28.8
MRE -11.9 -39.8 -33.8 -6.9 -9.1 -3.8 -3.8 -7.0 2.1 -27.6 -21.9 -10.5 -17.9
±30% 78.6 7.8 23.1 80.9 94.4 100.0 100.0 90.0 69.0 29.3 75.0 100.0 47.0
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7.2.2 Empirical models based on the separated flow model

7.2.2.1 The Φ2
L, Φ2

V based methods

The frictional pressure drop dataset is compared to four correlations based on the
separated flow model: the correlations of [Lockhart and Martinelli (1949)], [Mishima
and Hibiki (1996)], [Zhang et al. (2010)], and [Yamamoto et al. (2007)]. These cor-
relations assume that the liquid and the vapor phases flow separately in the entire
cross section of the tube. Table 7.2 presents the statistical results of the comparisons
for each flow regime and different saturation temperatures.

Figure 7.7 displays graphical results of the comparisons between the experi-
mental frictional pressure drops and those predicted by the correlations of [Lock-
hart and Martinelli (1949)], [Zhang et al. (2010)], and [Yamamoto et al. (2007)]
at two different saturation temperatures (60 and 120◦C). At 60◦C, the macroscale
correlation of [Lockhart and Martinelli (1949)] overpredicts the frictional pressure
drop whereas the microscale correlations of [Zhang et al. (2010)] and [Yamamoto
et al. (2007)] underpredict the experimental data. At 120◦C, all the correlations
overpredicts the frictional pressure drop as their MRE is ranging from 17 to 216%.

The first comparison shows that the correlation of [Lockhart and Martinelli
(1949)] fails to predict the frictional pressure drop at moderate and high satura-
tion temperature as its MAE is 61.4% and 216% at 60 and 120◦C, respectively. As
one can see on Fig. 7.7(b), the deviation increases when the saturation tempera-
ture increases. [Whalley (1980)] recommends to use the [Lockhart and Martinelli
(1949)] correlation when the liquid to vapor viscosity ratio (µL/µV) is greater than
1000 and when the mass velocity is lower than 100 kg/m2·s. In the present inves-
tigation, the liquid to vapor viscosity ratio ranges from 22 to 8 when the saturation
temperature passes from 60 to 120◦C and the mass velocity ranges from 100 to 1200
kg/m2·s. Moreover, this method is not suited to describe the behavior of synthetic
refrigerants. Thus, it is logical to find huge discrepancies.

As observed by [Tibiricá and Ribatski (2011b)] with R-245fa, the correlation
of [Mishima and Hibiki (1996)] developed for microchannels underpredicts the
frictional pressure drop for both temperatures and fails at predicting the frictional
pressure drop with only 21% of the data falling within ±30% error band for the
whole database. This correlation is a modification of the [Lockhart and Martinelli
(1949)] correlation to fit air/water pressure drop and it does not seem to be reli-
able to predict the frictional pressure drop of R-245fa in minichannel. The corre-
lation of [Zhang et al. (2010)] developed for minichannel works relatively well to
predict the frictional pressure drop at 60◦C with around 85% of the data falling
within ±30% error band. However, at 120◦C, this correlation overpredicts the fric-
tional pressure drop as its MRE is 138.2%. For the whole database, this correlation
presents a MAE of 65% and predicts 50% of the data within ±30% error band.

The last comparison deals with the correlation of [Yamamoto et al. (2007)] de-
veloped for carbon dioxide. As we saw previously, the heat transfer coefficient has
a behavior close to that of carbon dioxide at high saturation temperature, therefore
it is interesting to compare our dataset to a correlation developed for carbon diox-
ide. At 60◦C, this correlation underpredicts the frictional pressure drop as its MRE
is -40%.
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Table 7.2: Summary of the statistical analysis of the comparisons between experimental frictional pressure drops and those predicted by the
Φ2

L, Φ2
V correlations based on the separated flow model (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data

predicted within 30% error bar).

60°C 120°C Whole database

Intermittent Annular All data Intermittent Annular Dryout Mist all data Intermittent Annular Dryout Mist All data

[Lockhart and Martinelli (1949)]

MAE 106.7 49.0 61.4 228.4 237.0 256.0 108.0 216.9 202.7 95.8 89.3 71.5 124.7
MRE 103.9 34.4 49.4 228.4 237.0 256.0 101.5 215.9 202.2 87.5 66.5 50.7 117.1
±30% 28.6 41.2 38.5 9.5 5.6 25.0 42.9 14.0 11.3 32.0 62.5 58.3 29.3

[Mishima and Hibiki (1996)]

MAE 56.9 68.5 66.0 35.1 45.7 38.5 21.2 37.2 41.6 58.0 37.9 22.2 50.3
MRE -56.9 -68.5 -66.0 -34.5 -42.4 -38.5 -17.1 -35.2 -41.4 -55.6 -37.9 -17.7 -48.6
±30% 7.2 2.0 3.1 38.1 11.1 25.0 85.7 34.0 31.0 11.3 25.0 75.0 20.9

[Zhang et al. (2010)]

MAE 35.8 19.9 23.3 153.1 142.8 148.0 75.9 138.2 116.0 42.9 48.5 47.9 64.3
MRE 28.4 -18.8 -8.7 153.1 142.8 148.0 75.9 138.2 114.5 26.7 36.0 45.2 53.2
±30% 50.0 94.1 84.6 4.8 0.0 0.0 14.3 4.0 16.9 64.0 68.8 50.0 50.2

[Yamamoto et al. (2007)]

MAE 17.3 50.0 42.9 46.7 20.1 15.2 27.5 31.9 43.3 39.8 39.6 32.4 40.4
MRE -0.9 -50.0 -39.4 46.5 7.5 -15.2 -27.5 17.2 38.9 -31.5 -39.6 -32.4 -12.0
±30% 85.7 3.9 21.6 38.1 72.3 75.0 57.2 56.0 45.1 26.0 18.8 41.7 31.7
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These results can be explained by the untypical properties of the carbon diox-
ide due to its high reduced pressure resulting in a lower frictional pressure drop.
Namely, the carbon dioxide exhibits a low liquid to vapor density ratio which dif-
fers from that of conventional fluids. At 120◦C, the deviation decreases and the
correlation of [Yamamoto et al. (2007)] predicts 56 % of the data within ±30% error
band. This observation can be explained by the fact that when the saturation tem-
perature increases, the reduced pressure increases and the behavior of the fluid is
closer to that of carbon dioxide.

Figures 7.8(a) and 7.8(b) present the trends of the experimental frictional pres-
sure drop as well as those predicted by the models of [Lockhart and Martinelli
(1949)], [Mishima and Hibiki (1996)], [Zhang et al. (2010)], and [Yamamoto et al.
(2007)]. None of these correlations are able to reproduce the experimental trends of
R-245fa at 60 and 120°C.

7.2.2.2 The Φ2
LO, Φ2

VO based method

The experimental frictional pressure drops are compared to those predicted by the
correlations based on the separated flow model. The following correlations con-
sider the liquid and the vapor phases flowing alone in the channel with the to-
tal mass flow rate. The comparisons are performed against the correlations of
[Martinelli and Nelson (1948)], [Jung et al. (1989)], [Friedel (1979)], [Zhang and
Webb (2001)], [Grönnerud (1979)], [Müller-Steinhagen and Heck (1986)], [Chisholm
(1973)], and [Tran et al. (2000)]. Table 7.3 summarizes the results of the statistical
analysis of these comparisons.

Figure 7.9 displays the comparisons between the experimental data points and
those predicted by the correlations of [Friedel (1979)], [Müller-Steinhagen and Heck
(1986)], and [Zhang and Webb (2001)] at 60 and 120◦C. At 60◦C, these correlations
are able to predict the experimental results with accuracy. They predict 80%, 75%,
and 71% of the data within ±30% error band, respectively. These results are in
agreement with the recommendations made by [Whalley (1980)]. Indeed, he sug-
gested that the correlation of [Friedel (1979)] was the best one at predicting the
frictional pressure drop for liquid to vapor viscosity ratios lower than 1000 and
mass velocities less than 2000 kg/m2·s.

At 120◦C, the correlations of [Müller-Steinhagen and Heck (1986)] and [Zhang
and Webb (2001)] are still able to predict the frictional pressure at high saturation
temperature with accuracy. Indeed, these correlations predict 80% and 82% of the
data within ±30% error band. The correlation of [Zhang and Webb (2001)] is a mod-
ification of the [Friedel (1979)] correlation for minichannel taking into account the
reduced pressure. In these conditions, the modification is very efficient in that sense
that the [Friedel (1979)] correlation predicts only 16% of the data within ±30% er-
ror band whereas the [Zhang and Webb (2001)] correlation predicts 82% of the data
within ±30%. In conclusion, the correlation of [Zhang and Webb (2001)] takes into
account the effect of the reduced pressure on the frictional pressure drop success-
fully.
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(c) [Zhang et al. (2010)] - Tsat = 60◦C.
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(e) [Yamamoto et al. (2007)] - Tsat = 60◦C.
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Figure 7.7: Comparison between experimental frictional pressure drop data and
those predicted by correlations based on the separated flow model and the Φ2

L, Φ2
V

method.
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Figure 7.8: Comparison between the experimental trends and those predicted by
the Φ2

L, Φ2
V correlations based on the separated flow model at 60◦C and 120◦C ((a)

Tsat = 60◦C and G = 500 kg/m2·s and (b) Tsat = 120◦C and G = 500 kg/m2·s).
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According to Table 7.3, the correlation of [Müller-Steinhagen and Heck (1986)]
is ranked as the first to predict the whole database. The correlation of [Müller-
Steinhagen and Heck (1986)] was found to be the best in many published studies
as shown in section 3.3.1. [Ducoulombier et al. (2011)] found that this correlation
was the best one to predict the frictional pressure drop of carbon dioxide. This
result is consistent with our conclusion knowing that when the saturation temper-
ature increases, the behavior of the fluid get closer to that of carbon dioxide when
used as refrigerant in temperature range typical of refrigeration. Generally speak-
ing, the correlations assessed in this section (excepted the correlations of [Müller-
Steinhagen and Heck (1986)] and [Zhang and Webb (2001)]) provide more devia-
tions to predict the frictional pressure drop when the saturation temperature in-
creases from 60 to 120◦C (see Table 7.3).

Figures 7.10(a) and 7.10(b) depict comparisons between the experimental trends
and those predicted by the previous correlations for two different saturation tem-
peratures: 60◦C and 120◦C. At 60◦C, for a vapor quality lower than 0.4, the experi-
mental trend is close to those predicted by [Grönnerud (1979)], [Tran et al. (2000)],
and [Zhang and Webb (2001)]. For a vapor quality ranging from 0.4 to 0.6, the cor-
relation of [Zhang and Webb (2001)] is able to reproduce the experimental trend,
however, for higher vapor quality than 0.6, the experimental frictional pressure
drop levels off and none of the correlations follows this tendency. At 120◦C, the
correlations of [Müller-Steinhagen and Heck (1986)], [Friedel (1979)], and [Zhang
and Webb (2001)] reveal trends close to the experimental one. Nevertheless, for
high vapor quality, the experimental trend differs from those predicted by these
correlations.
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Figure 7.9: Comparison between experimental frictional pressure drop data and
those predicted by the Φ2

LO, Φ2
VO correlations based on the separated flow model

correlations based on the separated flow model.
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Figure 7.10: Comparison between the experimental trends and those predicted by
the Φ2

LO, Φ2
VO correlations based on the separated flow model at 60◦C and 120◦C

((a) Tsat = 60◦C and G = 500 kg/m2·s and (b) Tsat = 120◦C and G = 500 kg/m2·s).
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Table 7.3: Summary of the statistical analysis of the comparisons between experimental frictional pressure drops and those predicted the Φ2
LO,

Φ2
VO correlations based on the separated flow model (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data

predicted within 30% error bar).

60°C 120°C Whole database

Intermittent Annular All data Intermittent Annular Dryout Mist all data Intermittent Annular Dryout Mist All data

[Martinelli and Nelson (1948)]

MAE 114.3 47.3 61.7 230.3 244.3 262.2 120.2 222.5 204.9 96.9 88.9 66.7 126.1
MRE 111.6 41.4 56.5 230.0 244.3 262.2 116.8 221.9 204.2 93.5 76.3 74.7 122.6
±30% 28.6 41.2 38.5 9.5 0.0 0.0 42.9 10.0 11.3 29.3 56.3 64.4 27.7

[Jung et al. (1989)]

MAE 74.2 40.2 47.5 120.4 179.7 226.9 162.3 156.1 124.6 83.9 101.3 113.7 98.1
MRE 14.6 35.6 31.1 85.2 179.7 226.9 146.8 139.2 89.5 81.9 101.3 93.4 85.9
±30% 21.4 27.5 26.2 9.5 0.0 0.0 0.0 4.0 14.1 15.4 12.5 8.4 14.5

[Friedel (1979)]

MAE 78.9 15.6 29.2 62.8 49.9 48.1 36.8 53.4 88.6 25.6 18.9 23.9 43.0
MRE 76.7 -8.9 9.5 62.8 49.9 48.1 36.8 53.4 88.2 14.5 11.7 22.9 34.5
±30% 21.4 96.1 80.0 28.6 0.0 0.0 28.6 16.0 18.3 76.7 75.0 58.4 59.0

[Zhang and Webb (2001)]

MAE 84.8 15.8 30.6 24.1 12.4 20.4 25.5 19.8 51.9 16.3 8.2 16.5 25.9
MRE 83.6 15.6 30.3 9.6 11.3 20.4 25.5 13.3 46.8 7.8 3.9 14.7 19.0
±30% 14.3 86.3 70.8 71.4 94.5 100.0 71.4 82.0 39.5 88.0 100.0 83.4 74.7

[Grönnerud (1979)]

MAE 19.1 35.2 31.7 34.2 68.1 100.2 97.1 60.5 36.2 47.5 79.5 76.0 47.7
MRE -9.0 16.5 11.0 21.6 68.1 100.2 91.7 54.4 22.8 38.6 79.5 68.9 38.2
±30% 78.6 52.9 58.5 57.2 22.2 0.0 14.3 34.0 56.3 42.0 0.0 16.7 42.2

[Müller-Steinhagen and Heck (1986)]

MAE 25.4 22.5 23.1 24.6 13.8 20.7 19.7 19.7 36.7 21.9 9.8 14.1 24.9
MRE 10.9 -21.0 -14.1 15.7 13.8 20.7 18.0 15.7 28.2 -6.1 1.4 9.0 5.2
±30% 57.2 80.4 75.4 66.7 94.4 75.0 85.7 80.0 50.7 84.7 93.8 91.7 75.9

[Chisholm (1973)]

MAE 160.7 31.0 58.9 95.2 59.8 33.3 16.0 66.4 159.5 40.2 24.1 20.7 72.3
MRE 155.2 22.1 50.8 94.9 59.8 33.3 1.0 64.2 158.3 33.5 -7.5 -10.8 64.3
±30% 21.4 62.7 53.8 9.5 16.7 25.0 85.7 24.0 12.7 56.7 62.5 83.4 45.8

[Tran et al. (2000)]

MAE 42.9 43.5 43.4 57.0 106.2 136.1 186.1 99.5 75.2 77.9 126.1 177.8 85.0
MRE 33.1 38.4 37.2 54.1 106.2 136.1 186.1 98.3 71.0 75.8 126.1 177.8 82.6
±30% 42.9 51.0 49.3 47.6 11.2 0.0 0.0 24.0 39.4 34.0 0.0 0.0 31.8
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7.2.3 Phenomenological model

The last comparison deals with the phenomenological models developed by [Quibén
and Thome (2007b)] and [Cioncolini et al. (2009)]. Table 7.4 depicts the statistical
comparisons of these models to the present database. The comparison with the
model of [Cioncolini et al. (2009)] deals only with the annular flow data.

The model of [Quibén and Thome (2007b)] is based on data obtained with R-22,
R-134a, and R-410A in macrochannels at a saturation temperature of 5◦C. Figures
7.11(a) and 7.11(b) display the comparisons between the present experimental fric-
tional pressure drops and those predicted by this model at 60◦C and 120◦C. At
60◦C, 34% of the data fall within ±30% error band whereas at 120◦C, only 2% of the
data are predicted within ±30% error band. This model overpredicts the frictional
pressure drop. This model was developed from data obtained at a low saturation
temperature and for a reduced pressure ranging from 0.12 to 0.19. As shown pre-
viously, the flow patterns are strongly dependent on the saturation temperature
(see section 5.5). As a consequence, these modifications of configuration seem to
have an influence on the reliability of this model when it is extended up to high
saturation temperatures, since the model is based on considerations of geometrical
distribution of the phases.

Figures 7.12(a) and 7.12(b) display comparisons between the experimental an-
nular flow data and those predicted by the micro- and macroscale models of [Cioncol-
ini et al. (2009)]. At 60◦C, the method initially developed for microscale tubes is
found to be the best of the 23 predicting methods with 86% of the predicted val-
ues falling within ±30% error band (see Table 7.4). Such a result was previously
obtained by [Tibiricá and Ribatski (2010)] and [Tibiricá et al. (2011a)]. The method
for macroscale tubes predicts only 40% of the data within ±30% error band and
presents a larger dispersion than the microscale method. This result is quite sur-
prising when the experimental conditions suggest a macroscale type of flow. At
120◦C, the deviation and the percentage of data falling within ±30% error band de-
creases sharply for the microscale model. Whereas, for the macroscale model, the
percentage of data falling within ±30% error band is almost not affected (it passes
from 40% to 44% when increasing the saturation temperature from 60◦C to 120◦C).
These results are consistent with the fact that when the saturation temperature in-
creases, the phenomena typical of macroscale flow increasingly become stronger.

Figure 7.13 shows the evolution of the frictional pressure drop data with vapor
quality according to the experimental results and predictive models. This figure
shows that at 60◦C, the microscale model of [Cioncolini et al. (2009)] properly cap-
ture the trend in the frictional pressure drop data. At 120◦C, the microscale model
of [Cioncolini et al. (2009)] is not statistically accurate but it captures the experi-
mental trend. For both temperatures, the model of [Quibén and Thome (2007b)] is
not able to reproduce the experimental trend.

In conclusion, the microscale model of [Cioncolini et al. (2009)] is very accurate
to predict the frictional pressure drop at 60◦C whereas at 120◦C it is not able to pre-
dict the experimental data. This kind of model requires an indisputable knowledge
of the flow patterns at high saturation temperature and they cannot be extrapolated
up to 120◦C.
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Figure 7.11: Comparison between experimental frictional pressure drop data and
those predicted by the phenomenological model of [Quibén and Thome (2007b)].
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Figure 7.12: Comparison between experimental frictional pressure drop and those
predicted by (a) the microscale model and (b) the macroscale model of [Cioncolini
et al. (2009)].
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Figure 7.13: Comparison between the experimental trends and those predicted by
the phenomenological models of [Quibén and Thome (2007b)] and [Cioncolini et
al. (2009)] for two situations: (a) Tsat = 60◦C and G = 500 kg/m2·s and (b) Tsat =
120◦C and G = 500 kg/m2·s.
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Table 7.4: Summary of the statistical analysis of the comparisons between experimental frictional pressure drops and those predicted by the
phenomenological models (MAE: Mean Absolute Error, MRE: Mean Relative Error and ±30%: percentage of data predicted within 30% error
bar).

60°C 120°C Whole database

Intermittent Annular All data Intermittent Annular Dryout Mist all data Intermittent Annular Dryout Mist All data

[Quibén and Thome (2007b)]

MAE 36.6 62.0 56.5 193.9 187.0 229.0 164.5 190.1 148.7 11.3 149.0 130.3 120.6
MRE 28.7 58.5 52.1 193.9 187.0 229.0 158.6 189.3 147.2 103.5 149.0 122.7 119.1
±30% 57.2 27.5 33.8 0.0 0.0 0.0 14.3 2.0 14.1 102.2 0.0 16.7 11.7

[Cioncolini et al. (2009)] - microscale

MAE / 16.7 16.7 / 72.7 / / 72.7 / 44.5 / / 44.5
MRE / 11.2 11.2 / 60.1 / / 60.1 / 39.1 / / 39.1
±30% / 85.4 85.4 / 0.0 / / 0.0 / 56.7 / / 56.7

[Cioncolini et al. (2009)] - macroscale

MAE / 42.9 42.9 / 70.3 / / 70.3 / 71.0 / / 71.0
MRE / 0.0 0.0 / 66.2 / / 66.2 / 43.2 / / 43.2
±30% / 39.2 39.2 / 44.0 / / 44.0 / 43.4 / / 43.4
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7.3 Conclusions

Adiabatic frictional pressure drops have been experimentally determined during
flow boiling of R-245fa in a 3.00 mm inner tube diameter, for saturation temper-
atures ranging from 60 to 120◦C and mass velocities ranging from 100 to 1200
kg/m2·s. The flow patterns were determined from the flow pattern map devel-
oped during the present investigation. The influence of the mass velocity and the
saturation temperature on the frictional pressure drop was investigated. The re-
sults agreed with the expectations, i.e. the higher the saturation temperature, the
lower the frictional pressure drop and the higher the mass velocity, the higher the
frictional pressure drop. The 249 experimental data were compared against several
correlations found in the literature. The conclusions can be summarized as follows:

• the homogeneous model: the homogeneous model with the definitions of [Ci-
cchitti et al. (1960)] and [Awad and Muzychka (2008)] No 1 for the two-phase
viscosity provide the best accuracy with 76.7% and 76.3%, respectively, of the
data falling within ±30% error band for the whole database. Generally speak-
ing, the homogeneous model is more robust for the prediction of the frictional
pressure drop when the saturation temperature increases.

• methods based on the separated flow model: the best correlations to predict
the whole database are those of [Müller-Steinhagen and Heck (1986)], [Zhang
and Webb (2001)], and [Friedel (1979)], respectively. Except for these correla-
tions, the deviation increases when the saturation temperature increases.

• phenomenological model: None of the phenomenological model assessed in
this PhD work is reliable to predict the frictional pressure drop at high satu-
ration temperature. This kind of model requires an indisputable knowledge
of the flow patterns at high saturation temperature. At moderate saturation
temperature, the microscale model of [Cioncolini et al. (2009)] is found to be
the best predicting method for annular flow data.

With a view to obtain a better fit to the whole database and capture the influ-
ence of the saturation temperature, several ways could be investigated including:
- a new two-phase flow viscosity definition to be employed in the homogeneous
model
- a new C parameter in a correlation based on the [Lockhart and Martinelli (1949)]
correlation
- a new two-phase multiplier ΦLO to adapt the correlation of [Friedel (1979)] at high
saturation temperature
- a new phenomenological approach based on our conclusions on the influence of
the high saturation temperature on the flow patterns.
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Chapter 8

Conclusions and Perspectives

This chapter concludes the present PhD thesis by giving a brief synthesis of the
main results obtained in this experimental investigation on flow boiling of R-245fa
in a minichannel at high saturation temperature. Aspects deserving further inves-
tigation, as well as recommendations concerning the experimental system will be
detailed.

8.1 Synthesis

A state-of-the-art review related to the existing studies on flow visualization, flow
pattern map, pressure drop, and heat transfer during flow boiling of refrigerants
has been carried out. It was shown that the effect of the high saturation tempera-
ture had, so to say, never been studied so far for Tsat higher than 100◦C. However,
some works investigated the influence of saturation temperature on flow boiling.
With their limited range of saturation temperature, the authors concluded by not-
ing that the two-phase flow patterns and their transitions, the two-phase flow pres-
sure drop, and the two-phase flow boiling heat transfer coefficients were strongly
influenced by the saturation temperature.

In order to fill the gap observed in the literature and reach the main objectives of
this PhD work, a new multipurpose minichannel test facility was built at the Centre
Thermique de Lyon (CETHIL UMR5008) to investigate flow boiling of refrigerants
at high saturation temperatures. A test section was developed to perform flow vi-
sualizations, flow boiling heat transfer coefficient measurements, and two-phase
flow pressure drop measurements. In addition, a new image processing method
was developed to quantitatively identify flow patterns, determine bubble frequen-
cies and lengths and measure bubble velocities. This method was coupled with a
method of analysis of heat transfer coefficient to characterize dryout inception and
completion.

The present study deals with flow boiling of R-245fa in a wide range of condi-
tions for a horizontal minichannel. These experimental conditions were chosen to
obtain experimental values over a wide range of test parameters so that the effect
of each parameter could be easily identified. The range of experimental conditions
covered was: seven mass velocities, five heat fluxes, and four saturation tempera-
tures over a large range of vapor quality. The campaign led to acquire:

• 994 data points for flow pattern
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• 239 data points for bubble velocity, bubble frequency, and mean bubble length

• 5964 data points for flow boiling heat transfer coefficient

• 249 data points for two-phase pressure drop

The first part of this thesis dealt with flow patterns and bubble dynamics. Based
on an image processing method (including the determination of flow parameters
such as bubble velocity, bubble frequency or bubble size distribution) and on an
analysis of the inner wall temperatures and the resulting heat transfer coefficient,
four main flow regimes were identified: (i) intermittent flow, (ii) annular flow, (iii)
dryout and (iv) mist flow. Experimental transition lines were compared with a va-
riety of prediction tools. For intermittent-to-annular transition lines, the predictive
methods developed by [Barbieri et al. (2008)] and [Costa-Patry and Thome(2013)]
were the most accurate at predicting the data. [Wojtan et al. (2005a)] transition
lines were in the best agreements with experiments for both annular-to-dryout
and dryout-to-mist flow transitions. Whereas the flow regime would suggest a
macroscale type of flow, the flow patterns transitions are closer to those observed
at the microscale. For that reason, we retained the term minichannel to describe the
present experimental conditions.

The main conclusions on the influence of the saturation temperature on the flow
patterns are:

• The higher Tsat, the thicker the liquid film thickness at the bottom, which
increases the stratified character of the flow.

• The higher Tsat, the smaller and shorter the bubbles.

• The higher Tsat, the greater the bubble frequency.

• The higher Tsat, the lower the bubble velocity.

• The higher Tsat, the lower the value of the vapor quality for dryout inception.

• The higher Tsat, the narrower the range of vapor quality corresponding to
annular flow whereas the larger the range of vapor quality for intermittent
and mist flow regimes.

In the second part of the present manuscript, results were presented concerning
the flow boiling heat transfer coefficient. The evolution of the heat transfer coeffi-
cient with the vapor quality was discussed for various combinations of heat flux,
mass velocity and saturation temperature while the flow regime was also fixed
by these parameters. The contribution to the overall heat transfer of a variety of
mechanisms was identified and discussed for medium and high saturation tem-
peratures.

At 60◦C, the heat transfer coefficient is independent of vapor quality and mass
flux during intermittent flow whereas it is sensitive to heat flux. In annular flow,
the heat transfer coefficient increases with increasing vapor quality and/or mass
velocity. As a result, at 60◦C, nucleate and convective boiling are both present.
At 120◦C, the heat transfer coefficient exhibits completely different trends. The
heat transfer coefficient decreases for both intermittent and annular flow regimes.
The analysis of the results has highlighted the key role of nucleate boiling at high
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saturation temperature. Thus, similar mechanisms were found to govern the flow
boiling heat transfer at moderate saturation temperature in microchannels and at
high saturation temperature in minichannels.

The main conclusions on the influence of the saturation temperature on the heat
transfer are:

• The higher Tsat, the greater the flow boiling heat transfer coefficient.

• The higher Tsat, the greater the contribution of nucleate boiling to the overall
heat transfer coefficient.

• The higher Tsat, the lower the contribution of convective boiling to the overall
heat transfer coefficient.

• The higher Tsat, the closer the behavior of R-245fa to the one of carbon dioxide.

The experimental database of 5964 data points was compared to the theoretical
results of thirty one methods selected from the literature in order to verify their
ability to predict the heat transfer coefficient during flow boiling at high saturation
temperature. The best correlations or models to predict the whole database are
those of [Choi et al. (2007b)], [Kandlikar and Balasubramanian (2004)], and [Fang
(2013)]. Most of the well-known methods are relatively accurate to predict the flow
boiling heat transfer coefficient at moderate saturation temperature, whereas when
extrapolating up to high saturation temperature, these methods are not robust and
provide large deviations. The phenomenological models are the perfect examples
of this tendency.

According to the results, the best solution to predict the flow boiling heat trans-
fer coefficient is to divide the prediction by flow regime using the present flow
pattern maps. To date, the best combination of correlations or models to predict
the heat transfer in the conditions of ORC is the following:

• intermittent flow: the asymptotic model of [Ducoulombier et al. (2011)]

• annular flow: the asymptotic model of [Choi et al. (2007b)]

• dryout flow: the correlation of [Saitoh et al. (2007)]

• mist flow: the correlation of [Dougall and Roshenow (1963)]

In the last part of this PhD thesis, experimental results on two-phase frictional
pressure drop were presented. The influence of the mass velocity and the saturation
temperature on the frictional pressure drop was investigated. The results agreed
with the expectations, i.e. the higher the saturation temperature, the lower the
frictional pressure drop and the higher the mass velocity, the higher the frictional
pressure drop. The 249 experimental data have been compared against twenty
three correlations found in the literature. The best correlations to predict the whole
frictional pressure drop database are those of [Müller-Steinhagen and Heck (1986)],
[Zhang and Webb (2001)], and [Friedel (1979)], as well as the homogeneous models
with the two-phase viscosity definitions of [Cicchitti et al. (1960)] and [Awad and
Muzychka (2008)] No 1. From the statistical results, several conclusions can be
drawn:
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• The higher Tsat, the more accurate the homogeneous models.

• The higher Tsat, the less accurate the most of the correlations based on the
separated flow model.

• The higher Tsat, the less accurate the phenomenological models.

To date, the best solution to predict the two-phase frictional pressure drop in
the conditions of ORC is to use the correlation of [Zhang and Webb (2001)] for the
whole database.

In summary, important new databases were created for two-phase flow boiling
at high saturation temperature. Numerous prediction methods were assessed from
these databases.

8.2 Perspectives

As some of the aspects of this work are particularly complex and as for some of
them, no definite conclusions could be done, further research definitely needs to
be carried out. Specific areas that should be given priority for future works are
suggested below:

• Extend the database to another fluid, in particular for a fluid with a lower
Global Warming Potential.

• Extend the present database to smaller diameters in order to investigate in-
depth the macro-to-microscale transition zone. To reach this objective, the
image processing method must be adapted to perform film thickness mea-
surement. In addition the image processing method should be extended to
include possibilities to investigate the symmetric/asymmetric character of
the flow: this would help characterize the occurrence of stratification and
thus better discuss the concept of micro and macroscale tubes in the context
of flow boiling.

• Complete the present database with more data points for intermittent flow
regime in order to investigate the bubble characteristics, especially the bubble
velocity. The investigation of the bubble velocity will allow to investigate the
void fraction.

• Develop a new flow boiling heat transfer coefficient prediction method based
on a modification of the suppression factor S and the enhancement factor F to
better capture the influence of the saturation temperature on the heat transfer
mechanisms.

• Develop a new two-phase pressure drop prediction method based either on
a new two-phase flow viscosity definition, or a new C parameter in a cor-
relation based on the [Lockhart and Martinelli (1949)] correlation, or a new
two-phase multiplier ΦLO to adapt the correlation of [Friedel (1979)].

• Adapt the phenomenological model taking into account the modification of
the two-phase flow structure at the high saturation temperature.
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