Optimization and integration of structured catalysts into structured reactor for CO 2 conversion
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In this doctoral study, the three dimensional fibre deposition (3DFD) technique has been applied to develop and manufacture advanced multi-channelled catalytic support structures. By using this technique, the material, the porosity, the shape and size of the channels and the thickness of the fibres can be controlled. The aim of this research is to investigate the possible benefits of 3D-designed structured supports for CO 2 methanation in terms of activity, selectivity and stability and the impact of specific properties introduced in the structural design of the supports.

General introduction

The increase of CO 2 emissions into the atmosphere increases the effect of global warming. In the last decade, various strategies were proposed to reduce the carbon dioxide level in the atmosphere, e.g. the use of renewable energy sources, CO 2 storage and conversion. The increase use of intermittent renewable energy sources causes a power balance problem in the network. The Power-to-Gas (PtG) concept opens a route to the increasing use of renewable energy systems by linking the power and the gas network by converting the excess power into a gas or vice versa. Among catalytic reactions, catalytic CO 2 conversion to methane has become of crucial importance since it can offer a solution for Synthetic Natural Gas (SNG) production for storage or conversion to further valuable chemicals.

CO 2 conversion to methane, also called methanation reaction, is a highly exothermic reaction.

The reaction is thermodynamically favoured at low temperatures and high pressures. The reaction kinetics is favoured at high temperatures, however, it is necessary to control the catalyst temperature to prevent catalyst deactivation. In recent years, it was proved that the advanced temperature control could be achieved by using structured reactors and catalysts such as monoliths, foams, channelled plates etc. The aim of this thesis is the implementation of innovative additive manufactured catalytic supports into chemical reactors. 3D-structured catalysts were integrated into a tubular reactor, and CO 2 methanation reaction tests were performed at lab-and pilot scales.

The thesis consists of 5 chapters. Chapter 1 presents the motivation of this study and a review of methanation catalysts and processes. Chapter 2 is dedicated to the optimization of coating suspensions for the coating of structured supports and CO 2 methanation tests on 3D-structured catalysts made of different architectures. Chapter 3 is devoted to the study of 3D-supports and their heat transport and hydrodynamic properties. Chapters 4 is dedicated to the manufacture of copper supports and CO 2 methanation experiments with 3D-structured catalysts in a laboratory scale reactor.

Chapter 5 presents the CO 2 methanation experimental results with 3D-structured catalysts in a pilot-scale reactor. The lab-and pilot-scale experimental results are compared and discussed, some recommendations for further works are finally presented. The details of the chapters are as follows:

In Chapter 1, an overview of the recent developments of structured reactors with several processing routes and their limitations are given. Structured reactors and catalysts such as monoliths, foams, channelled plates etc. are reviewed. The reactors are classified according to the basic design of the support. Several other aspects are highlighted, i.e. CO 2 methanation reaction mechanisms, catalysts and their deactivation, industrial processes. A special attention is paid to additive manufacturing technologies and coating processes for the manufacture of the structured catalysts.

Chapter 2 is devoted to the study of CO 2 methanation reaction using 3D-manufactured stainless steel structures post-coated with Ni/Al 2 O 3 catalyst. The results were benchmarked with the conventional Ni/Al 2 O 3 powder catalyst which was prepared by impregnation and characterized by several physico-chemical techniques. Catalytic structures were tested in a lab-scale tubular reactor in CO 2 methanation reaction. This study showed the effect of the coating suspension composition on the properties of catalytic coatings, as well as how CO 2 conversion, methane selectivity and catalyst stability are affected by the architecture of the structured catalyst.

In Chapter 3, since the heat transfer and pressure drop are main limitations in the case of conventional packed bed reactors, heat transport and pressure drop properties of 3D-manufactured stainless steel structures are described based on experimental and modelling data. The effective thermal conductivity was determined by diffusimetry over the solid matrix. The pressure drop was measured by a manometer using air as a fluid gas. The effect of unit cell geometry (fibre stacking) and coating thickness on pressure drop was studied experimentally. The effect of geometry (architecture of the structure, fibre diameter and macro-porosity) on the effective thermal conductivity was experimentally determined and compared to modelling results.

In Chapter 4, copper 3D-structures were manufactured and tested in CO 2 methanation conditions. The influence of the sintering temperature, atmosphere and technique (pulsed electrical current sintering vs conventional furnace sintering) on the properties of copper structures was investigated. The microstructural evolution of the support was analysed by low-temperature N 2 adsorption, SEM, OM and XRD. Adhesion strength of the Ni/Al 2 O 3 catalytic coating on copper supports was benchmarked with stainless steel supports. Both coated structured supports and conventional packed-bed catalyst were examined in CO 2 conversion to methane.

Chapter 5 presents the study of structured catalysts in a pilot-scale tubular reactor for CO 2 methanation. 12 wt.%Ni/Al 2 O 3 catalysts were synthesized by conventional impregnation method using two different alumina powders. Catalysts were characterized by N 2 adsorption, XRD, XPS, TPR and TGA. Lab-and pilot scale experiments were performed, and the results were compared by means of methane productivity. Stability test was performed during 80 h time-on-stream with pure reactants under pressure of 15 bars on pilot scale.

Chapter 1

Catalytic porous structures and structured reactors for CO 2 methanation: a review

In the last decades, increasing CO 2 levels in the atmosphere have contributed to an increase of the greenhouse effect. The utilization of lower carbon intensive energy sources such as wind and solar energy is essential. Unfortunately, these energy sources are intermittent and therefore the PtG concept was proposed to store excess energy, as a balancing link between the power and the gas networks. PtG uses renewable energy sources to produce hydrogen via electrolysis or for the conversion of further valuable fuels and chemicals for storage in the gas grid. Among catalytic reactions, CO 2 conversion to methane has become important since it can offer a solution for SNG production for storage or conversion. Temperature control is the main issue of the methanation process. In recent years, it was proved that the advanced temperature control could be achieved by using structured reactors and catalysts such as monoliths, foams, channelled plates etc. Chapter 1 presents an overview of the industrial methanation reactors. The reactors are classified according to their design. Reaction mechanisms for methanation reaction, methanation catalysts and their deactivation are also described.

Special attention is paid to the structured catalysts. Innovative additive manufacturing technologies and coating processes for the manufacture of the supports and catalysts are presented.

Introduction

Carbon dioxide is the main contributor to the greenhouse effect. Before the industrial revolution in the 19th century, global average atmospheric CO 2 concentration was about 280 ppm, today it is determined to be above 400 ppm due to increasing human activities (transportation, industry, electricity etc.) [1]. Over the last decades, several ways have been investigated in order to decrease CO 2 levels in the atmosphere: (a) using low carbon intensive energy sources, (b) storage of CO 2 known as CCS (Carbon Capture and Storage), (c) conversion of CO 2 known as CCU (Carbon Capture and Usage).

In recent years, renewable energy sources for generating electricity, e.g. the wind and solar energy, have become more important. It was reported that the share of low carbon intensive energy sources producing electricity was estimated to increase to nearly 80 % in 2030 [2]. However, with the increasing use of intermittent renewable energy sources, fluctuation in the electricity grid is becoming a major issue. In this case, PtG technology provides a solution to long-term energy storage and longdistance energy transportation.

A power-to-gas plant consists of water electrolysis units and conversion installations. A general view of the PtG concept is shown in Figure 1-1. This concept was proposed to use renewable energy sources to produce hydrogen via electrolysis for storage into the gas grid or conversion to further chemicals. It is notewrothy that the potential storage capacity of hydrogen in the gas infrastructure is significantly lower than the total storage capacity of methane. Thus, only a limited amount of H 2 can be stored in the gas grid due to its lower density in comparison with other fuels. Due to this limitation, the methanation process is currently more promoted. Methane has 3.5 times higher volumetric energy than hydrogen and can be injected much easier into the gas grid. Therefore, it can be stored in a gas network without any limitations or used for heating, as a fuel for transportation and for the production of more valuable chemicals, e.g. MeOH, dimethyl ether (DME), Fischer-Tropsch products or electricity generation (Gas-to-Power).

Figure 1-1. Diagram of the power-to-gas approach.

The first idea of combining water electrolysis with gas-fired power plants for storing renewable electricity was proposed in 1991 by Dunbar et al. [3]. Hashimoto et al. had proposed a global CO 2 recycling using sea water and built a pilot plant in Japan in 2003 [4]. In 2004, the installation of the Utsira full-scale combined wind power and hydrogen plant in Norway was completed [5]. In recent years, several PtG pilot plants have been reported in the press, mass media and literature which are being planned or have already been built worldwide. In the case of methane production, several ongoing projects have been identified mainly in Europe: Germany (7), France (1),

Netherlands (1), Austria (1), Italy (1) [6,7] but also in the USA and Canada [8]. One of the planned PtG platform is the Jupiter 1000 project where the installations will be built at the Fos sur Mer harbour nearby Marseille in France in 2020 [9]. The R&D and reactor technology will be provided by CEA Liten, Grenoble. An intensified reactor will be used for the methanation process, in which CO 2 from industrial flue gas will be employed, and the produced methane will be injected into the natural gas grid.

The catalytic hydrogenation of carbon dioxide to methane is a well-known catalytic process (∆H 298K = -165 kJ/mol). This reaction is usually operated under high pressures and temperatures between 250 and 500°C. So far, catalytic methanation has been widely investigated in fixed-bed and fluidised-bed reactors with conventional catalytic materials [10]. For exothermic reactions, the heat removal in a fixed-bed reactor is difficult, so hot spots are often encountered. These hot-spots can lead to the catalyst deactivation due to the thermal sintering and carbon deposition. Moreover, fixed-bed reactors packed with conventional catalysts show high pressure drops related to both catalyst particle size/shape and packing of the catalytic bed [11]. To overcome the mentioned limitations mainly the temperature regulation due to the exothermicity of the reaction and pressure drop, improvements of the design and configuration of catalysts/reactors are crucial.

Above-mentioned limitations can be overcome by using structured reactors and catalysts. For example, intensified milli-and micro-channel reactors were successfully implemented for CO 2 methanation [12,13]. In recent years, the use of metal based structured catalysts such as metallic plates [14], foils [15,16], micro-fibrous materials [17], monoliths [18] and foams [19,20] attracted a lot of attention due to their higher heat transfer properties. However, these structured catalysts and micro-reactors have limitations such as low catalyst loading, high manufacturing price, scale-up challenges etc.

It has to be mentioned that a number of studies related to methanation reactions were reported in recent years. However, most of the studies are focused on CO methanation. This is because of the high accessibility of syngas (CO+H 2 ) in industry due to the historical development of coal to gas processes and more recently investigations on biomass and waste gasification processes. In this chapter, the fundamentals of CO 2 methanation reactions were explored. Industrial methanation reactors are reviewed and the current state of methanation technology is summarised by reviewing the CHAPTER 1 recent developments of heat transfer improved structured reactors. Catalysts and catalyst deactivation phenomena were presented. We also paid attention on the innovative structured reactors made by additive manufacturing techniques.

Fundamentals: Carbon Dioxide Methanation

This section presents the theoretical background of the methanation reaction and proposed mechanisms. Fundamental studies on thermodynamic equilibrium, kinetics, catalysts and catalysts deactivation are highlighted.

Thermodynamics

The methanation reaction, also called Sabatier reaction, was discovered by the French chemist Paul Sabatier in the 1910s [23]. The catalytic hydrogenation of carbon dioxide to methane and water is a thermodynamically favourable process at low temperature and high pressure. The methanation reaction is highly exothermic and the Gibbs free energy is negative depending on the temperature (ΔG 298K = -113.5 kJ•mol -1 , 1 atm). CO 2 methanation is a reversible reaction, and the reverse reaction is called 'methane steam reforming'.

𝐶𝑂 2 + 4𝐻 2 ↔ 𝐶𝐻 4 + 2𝐻 2 𝑂 ∆𝐻 298𝐾 = -165 𝑘𝑘 • 𝑚𝑚𝑚 -1 (1-1)
Besides the methanation reaction, the hydrogenation of carbon monoxide and reverse water-gas shift (rWGS) reactions can take place.

𝐶𝑂 + 3𝐻 2 ↔ 𝐶𝐻 4 + 𝐻 2 𝑂 ∆𝐻 298 𝐾 = -206 𝑘𝑘 • 𝑚𝑚𝑚 -1 (1-2)

𝐶𝑂 2 + 𝐻 2 ↔ 𝐶𝑂 + 𝐻 2 𝑂 ∆𝐻 298 𝐾 = 41 𝑘𝑘 • 𝑚𝑚𝑚 -1 (1-3)
Figure 1-2 shows the CO 2 conversion versus temperature at the thermodynamic equilibrium for the pure feed gas with the following composition: H 2 :CO 2 =4:1 (CO 2 , CO, H 2 , CH 4 and H 2 O at 1-10 bars). Conversion of CO 2 and CH 4 selectivity were calculated according to the equations 1-4 and 1-5. The methanation reaction temperature usually ranges between 250 and 500°C. According to Le Chatelier's principle, low temperatures and high pressures shift the equilibrium to the product side.

The highest yield and the highest methane selectivity are obtained at relatively low temperatures and high pressures. As it can be seen in Figure 1-2, obtaining CO 2 conversion higher than 95 % at atmospheric pressure requires reaction temperatures below 290°C. When the pressure increases from 1

to 10 bars at 290°C, the conversion increases from 95.5 % to 98.1 %. With increasing temperature, the Gibbs free energy increases rapidly, and at >500°C becomes positive and the reaction path changes to methane reforming. Therefore, the increase of the temperature reduces the conversion rate. Gao et al. reported that H 2 :CO 2 ratio has a remarkable effect on CO 2 conversion and CH 4 selectivity. High H 2 :CO 2 ratio leads to high CO 2 conversion and CH 4 selectivity at pressures of 1 to 30 bars [24]. catalyst [25]. Results showed that when CO 2 was fed with a small amount of CO, the methanation of CO was favoured. The presence of CO has an inhibitive effect on the CO 2 methanation. In the case of pure CO 2 methanation, CO formation becomes significant at temperatures above 500°C. From a thermodynamic point of view, in order to gain a better CH 4 yield, side reactions such as rWGS (equation 1-3) can be avoided by choosing the reaction conditions such as temperature, H 2 :CO 2 ratio and more selective catalysts.

𝑋

Kinetics

The proposed reaction mechanisms for CO 2 methanation fall into two main categories. The first one involves the conversion of CO 

𝑟 𝐶𝐶 4 = 𝑘𝑃 𝐻 2 1/2 𝑃 𝐶𝑂 2 1/3 (1 + 𝐾 𝐻 2 𝑃 𝐻 2 1/2 + 𝐾 𝐶𝑂 2 𝑃 𝑘𝑚 2 1/2 + 𝐾 𝐻 2 𝑂 𝑃 𝐻 2 𝑂 ) 2 72.5 [32]
Ni/MgAl 2 O 4 (15) 300-400 10

𝑟 1 = 𝑘 1 𝑃 𝐶2 2.5 𝑃 𝐶𝐶4 𝑃 𝐶2𝐶 - 𝑃 𝐶2 3 𝑃 𝐶𝐶 𝐾 1 𝐷𝐸𝐷 2 𝑟 2 = 𝑘 2 𝑃 𝐶2 𝑃 𝐶𝑐 𝑃 𝐶2𝐶 - 𝑃 𝐶2 𝑃 𝐶𝐶2 𝐾 2 𝐷𝐸𝐷 2 𝑟 3 = 𝑘 3 𝑃 𝐶2 3.5 𝑃 𝐶𝐶4 𝑃 𝐶2𝐶 2 - 𝑃 𝐶2 4 𝑃 𝐶𝐶2 𝐾 3 𝐷𝐸𝐷 2 𝐷𝐸𝐷 = 1 + 𝐾 𝐶𝐶 𝑃 𝐶𝐶 + 𝐾 𝐶2 𝑃 𝐶2 + 𝐾 𝐶𝐶4 𝑃 𝐶𝐶4 + 𝐾 𝐶2𝐶 𝑃 𝐶2𝐶 𝑃 𝐶2
240.1 67.13 243.9 [33] The main detailed kinetic investigations and models were developed by Weatherbee & Bartholomew and Xu & Froment [29,33]. A kinetic model of the rate determining step was proposed by Weatherbee and Bartholomew in 1982 [29] on Ni/SiO 2 catalysts at highly diluted gas mixture. The rate of CO 2 methanation was measured as a function of pressure (1.4 bars), temperature (227-327°C) and reactant concentration (space velocities between 9 000 and 30 000 h -1 ). Froment in 1989 [33]. Eleven probable reactions were proposed, however only three of them play a substantial role, i.e. CO methanation (I), rWGS (II) and CO 2 methanation (III). This model was proposed for temperatures between 300 and 400°C (Figure 1 

Catalysts

The catalysts for the methanation reaction are prepared by various methods such as impregnation (IMP) [35][36][37], co-precipitation (CP) [38,39], impregnation-precipitation (IP) [40], solgel [41][42][43] etc. However, the most commonly used preparation technique is the impregnation due to its simplicity. The 3 main steps of impregnation can be summarised as follows: the first step is the contact between the support (Al 2 O 3 , SiO 2 , CeO 2 etc.) and the impregnating solution (water or organic solvent based) of precursors (metal nitrate, sulphate, acetate etc.). The second step is separation of the impregnated catalyst from the solution and drying (freeze drying, evaporation etc.). The final step is the thermal treatment (calcination) followed by the catalyst reduction or other appropriate activating treatment. The general scheme of the impregnation procedure steps is given in Figure 123456. plays a crucial role in the metal-support interactions. For example, it was reported for CO 2 methanation that the addition of 2 wt.% CeO 2 to Al 2 O 3 support has a significant effect on the interactions between Ni and Al 2 O 3 , leading to an excellent catalytic performance and low carbon deposition [47]. It was shown that more intimate interactions between active metals and support materials resulted in higher catalytic activity [48][49][START_REF] Karelovic | CO 2 hydrogenation at low temperature over Rh/γ-Al 2 O 3 catalysts: Effect of the metal particle size on catalytic performances and reaction mechanism[END_REF]. Furthermore, active oxygen sites (oxygen vacancies) in support materials can interact with active metals to improve the performances of the catalysts as well [START_REF] Zhu | Catalytic methanation of carbon dioxide by active oxygen material Ce x Zr 1-x O 2 supported Ni-Co bimetallic nanocatalysts[END_REF]. It was reported that 10 %Ni/La 2 O 3 catalysts exhibited excellent performance for CO 2 methanation and gave a high yield of methane even at low temperatures (< 350°C) due to the strongly bonded NiO to La 2 O 3 support. Under the same reaction conditions, the 10 %Ni/γ-Al 2 O 3 catalyst gave lower activity [START_REF] Song | Methanation of carbon dioxide over a highly dispersed Ni/La 2 O 3 catalyst[END_REF]. The formation of active sites due to interactions between Ni and La 2 O 3 on the surface was proposed as a possible reason for the excellent catalytic performance of catalyst is beneficial for improving the catalytic activity and stability [START_REF] Cai | Methanation of carbon dioxide on Ni/ZrO 2 -Al 2 O 3 catalysts: Effects of ZrO 2 promoter and preparation method of novel ZrO 2 -Al 2 O 3 carrier[END_REF].

Besides the effect of active metal and metal oxides, it was observed that conversion of CO 2 and the yield of CH 4 are strongly dependent on catalyst calcination and reduction temperatures.

Calcination is needed for the formation and interaction of active species and decomposition/removal of additives, e.g. thermal decomposition of Ni(NO 3 ) and 1000°C) was reported [START_REF] Abu Bakar | Catalytic methanation reaction over supported nickelruthenium oxide base for purification of simulated natural gas[END_REF]. The highest CO 2 conversion of 43.6 % was obtained on the catalyst calcined at 400°C. Increasing calcination temperature can lead to a decrease of the surface area and consequently lower nickel dispersion, resulting in a negative effect on catalytic performance [46]. The reduction of NiO to Ni on methanation catalysts usually takes place in a hydrogen atmosphere at temperatures of 300 to 600°C. A TPR analysis provides information about hydrogen consumption at different temperatures and thus can indicate the suitable reduction temperature. Reduction temperature increases with increasing interaction (between active metal and metal oxide support and decreasing metal (Ni, Ru etc.) loading [START_REF] Choudhury | Characterization of multi-component methanation catalysts by temperature-programmed reduction method to develop novel type methanation catalyst[END_REF].

Catalyst deactivation

Catalyst deactivation is a loss of catalytic activity during the reaction. Deactivation is commonly divided into four categories: poisoning, coking/fouling, phase transformation and sintering [START_REF] Forzatti | Catalyst deactivation[END_REF]. The main reasons for catalyst deactivation during the methanation reaction are sintering and coking.

Poisoning is the activity loss due to the chemisorption of components from the feed stream on active sites of catalysts [START_REF] Mart | Carbon Dioxide Methanation for Intensified Reactors[END_REF]. Sulphur and sulphur containing components are known as poison for nickel catalysts used for methanation reactions. It was confirmed that there is a rapid adsorption of sulphur onto the nickel surface. In the presence of impurities (H 2 S, other sulphur containing components and NO 2 ), conversion of CO 2 to CH 4 is influenced negatively due to the poisoning and blocking the active sites of the catalyst. Therefore, high purity of CO 2 is needed for the efficient CO 2 methanation [START_REF] Mondal | Progress and trends in CO 2 capture/separation technologies: A review[END_REF]. Typical requirements for H 2 S contaminant concentration in syngas methanation is ca. 1ppm [START_REF] Mozaffarian | Feasibility Of Biomass / Waste-Related SNG Production Technologies Final report[END_REF]. Thus, the feed gas used for methanation process must be cleaned upstream of the methanation reactor(s). An effect of O 2 , NO 2 and SO 2 impurities on methanation on Ni-based catalyst was reported by Müller et al. [START_REF] Müller | Sabatier based CO 2 -methanation of flue gas emitted by conventional power plants[END_REF]. The CO 2 conversion decreased in the presence of oxygen, but selectivity to methane remains high. In the case of NO 2 , no significant effect on selectivity was observed. Coke and carbon formations decrease the activity of the catalysts by blocking active sites, encapsulating metal particles, plugging of micro-and meso-pores, and building-up carbon filaments that could destroy the catalytic support [START_REF] Bartholomew | Mechanism of catalyst deactivation[END_REF]. In the case of fixed-bed reactors, the presence of higher hydrocarbons is also an issue since they can decompose at temperatures above ca. 500°C forming coke on the catalyst surface [29]. It is important to mention that nickel promotes carbon deposition from CH 4 or CO via the reactions shown in equations 1-8 and 1-9, at temperatures between 345 and 370°C [START_REF] Bartholomew | Mechanism of catalyst deactivation[END_REF].

𝐶𝐻 4 ↔ 𝐶 + 2𝐻 2 𝛥𝐻°= -41 𝑘𝑘/𝑚𝑚𝑚 (1-8) 2𝐶𝑂 ↔ 𝐶 + 𝐶𝑂 2 𝛥𝐻°= -173 𝑘𝑘/𝑚𝑚𝑚 (1-9)
According to the equation 1-9, dissociation of CO or hydrocarbons on the metal surface leads to the formation of α-carbon which can then polymerize to undesirable carbon forms such as graphite The catalysts with carbon deposits can be regenerated by exposing to air at elevated temperatures to burn the carbon. The temperature control to avoid local high temperatures is important for regeneration processes. Another source of the deactivation is sintering which is mainly an irreversible process. Sintering can occur on the metal oxide support or on the active metal due to the atomic and crystallite migration Figure 123456789. (B) crystallite migration [START_REF] Bartholomew | Mechanism of catalyst deactivation[END_REF].

Experimental observations showed that sintering rate of supported metal catalyst is strongly affected by the temperature and water vapour. For example, at the temperature above 500°C nickel crystallites migration occurs due to the more stable metal-metal bonding and this formation is accelerated by the presence of water vapour [START_REF] Bartholomew | Mechanism of catalyst deactivation[END_REF]. Depending on the reaction conditions, several complex reactions can occur (e.g. re-dispersion). In order to minimize the rate of metal sintering, operation temperatures should be 0.3-0.5 times lower than the melting point of the active metal [START_REF] Argyle | Heterogeneous catalyst deactivation and regeneration: A review[END_REF].

The addition of noble metals with higher melting point (such as rhodium or ruthenium) to a nickel catalyst increases the thermal stability of the material [START_REF] Bartholomew | Catalyst deactivation 1994[END_REF]. Mechanisms of catalyst deactivation were summarized in detail by Bartholomew [64].

Several studies focused on the stability of the catalysts in methanation reaction have been published in recent years [37,43,47,[START_REF] Zhang | Effect of MoO 3 on the heat resistant performances of nickel based MCM-41 methanation catalysts[END_REF][START_REF] Razzaq | A highly active and stable Co 4 N/γ-Al 2 O 3 catalyst for CO and CO 2 methanation to produce synthetic natural gas (SNG)[END_REF]. It can be concluded that carbon deposition on different catalytic supports can be very different. Recently, a Ni-based catalyst was studied in CO methanation to address the sintering and the carbon deposition over time, which both hinder the stability and the efficiency of the catalyst [START_REF] Lucchini | Sintering and coking resistant core-shell microporous silica-nickel nanoparticles for CO methanation: Towards advanced catalysts production[END_REF]. The following process to produce an advanced catalyst with anti-coking and anti-sintering properties was reported: the Ni core of about 170 nm was protected by a 30-40 nm microporous SiO 2 layer from coking. This porous layer allows the gases to permeate, and completely inhibits particle-particle sintering.

In another study, 0. 

Industrial methanation reactors

Methanation reactors can be classified according to their reactor configuration or their development stage as follows: fixed-bed, fluidised-bed and intensified reactors or commercialised, demonstration [START_REF] Götz | Renewable Power-to-Gas: A technological and economic review[END_REF] and research and development (R&D) stage reactors, respectively.

Starting from 20th century, fixed bed methanation reactors are integrated as gas cleaning units in various processes, e.g. ammonia plants [7]. Methanation reaction has been used for elimination of CO from gas stream to avoid catalyst deactivation. In the case of methanation unit, operating pressures range between 10-77 bars. The industrial lifetime of conventional nickel-alumina catalyst is usually between 2 and 4 years [START_REF] Albright | Albright's Chemical Engineering Handbook[END_REF]. Generally, GHSV can be varied from 1.000 to 10.000 h -1 . GHSV can be calculated as follows: 𝐺𝐻𝑆𝐺 =

𝐹 𝑓𝑙𝑙𝑓 𝑔𝑔𝑔 𝑉 𝑟𝑙𝑔𝑟𝑡𝑜𝑟 . CHAPTER 1 
The reactor types with increasing heat transfer properties are given in Figure 1 Packed-bed reactors are usually tubular reactors filled with catalytic particles. These reactors are the most common for chemical industrial applications because of high catalyst loading and the ease of operation [START_REF] Eigenberger | Fixed-Bed Reactors[END_REF]. For large scale productions, the fixed bed reactors are usually made of stainless steel which is resistant to operations under high pressures. At laboratory scale, reactors are usually 

Improved heat transfer

Improved design flexibility made of less reactive materials such as glass [36,[START_REF] Traa | Kinetics of the methanation of carbon dioxide over ruthenium on titania[END_REF], quartz [START_REF] Zyryanova | Design, scale-out, and operation of a preferential CO methanation reactor with a nickel-ceria catalyst[END_REF] and rarely stainless steel [START_REF] Huang | Effect of promoter on performance of CuO-ZnO-Al 2 O 3 catalyst for CO 2 hydrogenation to methanol[END_REF]. Figure 1-11 shows the general scheme of a single-bed reactor. undesired heat gradients resulting in hot-spots formation, uneven flow distribution and high pressure drop. When reactor packing is uneven, the reacting fluid usually does not flow uniformly through the reactor due to channelling and by-pass phenomenon. Consequently, the molecules are following different pathways and do not spend equal time at the catalyst surface (Figure 1 -11). Therefore, this leads to a non-uniform residence time of reactant gases. Furthermore, fixed bed reactors suffer from high pressure drops that are related to both the particle size of the catalyst and its shape and packing [11]. Larger particles will produce less pressure drop, but more diffusion limitations. In the case of small particles, pressure drop problem is encountered, especially if higher gas flow rates are used.

The catalytic reactors can be also classified adiabatic and non-adiabatic or heat-exchanger (HEX) reactors; or considering the process stage such as single-stage and multi-stage reactors etc. The HEX reactors, multistage and multi-tubular reactors are preferred for exothermic reactions [START_REF] Eigenberger | Fixed-Bed Reactors[END_REF]. In a HEX reactor, heat removal is ensured by the presence of the cooling channels. Heat exchanger can be integrated around the reactive channels with the circulating cooling fluid nearby the reactive channels as an internal exchanger (intercooling) or implemented externally to maintain the temperature at certain level. Micro-channelled packed-bed reactors, plate HEX reactors, structured reactors can be implemented in HEX configuration.

Adiabatic fixed-bed reactor (without any cooling) is the oldest and basic fixed-bed reactor configuration which has been used starting from Lurgi process. These reactors were chosen due to their easy operation and design because of the absence of radial heat transfer. There are several ways to control the temperature reported in literature. For example, temperature control can be ensured by recycling an excess of any of products with the mixture of reactant gases or dilution of reactants with an inert/steam gas. In a single adiabatic reactor, the highest possible conversion is the equilibrium conversion.

CHAPTER 1

An example of an adiabatic fixed-bed reactor and its axial temperature profile is given in Figure 1-12 and 1-13. It is desirable to reduce the reaction rate at the position where the heat releases fast.

Considering the above mentioned limitation of the methanation reaction, a model with separated H 2 and CO 2 feed streams was developed by Schlereth et al. [START_REF] Schlereth | A fixed-bed reactor modeling study on the methanation of CO 2[END_REF]. The goal was to keep temperature below 510°C. Results indicated that the methanation reaction is fast without a product recycle or dilution by water or methane in the beginning section of the reaction channel, with diminishing rates in the downstream sections of the reaction channel. Modelled reactor with separate feeding of the components enables a high temperature control for CO 2 methanation. Besides the recycle of product gases with reactant gases, diluting the reacting CO and H 2 gaseous mixture with CO 2 would also help to control the temperature rise in the reactor. The effect of CO 2 addition was studied for CO methanation reaction by modelling in 2013 [START_REF] Parlikkad | Modeling of fixed bed methanation reactor for syngas production: Operating window and performance characteristics[END_REF]. Modelling results showed that dilution of inlet feed stream with CO 2 increased the yield of methane as well as decreased outlet gas temperature. Another approach was proposed by Eigenberger et al. [START_REF] Eigenberger | Fixed-Bed Reactors[END_REF] that catalysts with different activities can be placed along the length of the reactor to control the temperature. In another study, modelling of adiabatic and isothermal methanation processes with different gas compositions and inlet gas dilution with N 2 were investigated at Riga Technical University in 2011. The increase of nitrogen concentration impacts the methanation process efficiency due to the decrease of the temperature indirectly. It was reported that the composition of the products has more effect on methane yield in adiabatic methanation than in isothermal methanation [START_REF] Porubova | Modeling of the adiabatic and isothermal methanation process[END_REF]. It is noteworthy to mention that dilution with inert gases results in further issues such as separation problems on industrial scale.

Lurgi process

Lurgi process was developed for coal gasification and methanation reaction in Germany in the 1930s. Two semi-commercial methanation pilot plants have been operated for 1.5 years with two adiabatic fixed bed reactors with internal recycle [START_REF] Eisenlohr | Influence of certain reaction parameters on methanation of coal to SNG[END_REF][START_REF] Kopyscinski | Production of synthetic natural gas in a fluidized bed reactor[END_REF]. One plant, designed and erected by Lurgi and South African Coal, Oil and Gas Corporation (SASOL), was operated as a side stream plant of a commercial Fischer-Tropsch Synthesis (FTS) plant. The other plant, a joint effort of Lurgi and El Paso Natural Gas Corporation, was operated at the same time at Petrochemie in Austria. Two demonstration plants have been operated to find optimal design parameters. Process scheme is given in Figure 1234567891011121314. The first developed rectors were adiabatic in order to minimize operating and investment costs.

Catalyst G1-85 of BASF, inlet temperatures of 260-300°C and outlet temperature of 450-500°C was found to be acceptable. Lifetime of the process with optimized design was expected to be around 2 years. This technology is still commercially available from Air Liquide.

TREMP process (Haldor Topsøe)

Haldor Topsøe initiated research and development in methanation field in the 1970s [START_REF] Jensen | From coal to clean energy[END_REF].

Haldor Topsøe has developed a unit which can convert desulphurised H 2 and CO with the ratio 3:1 into methane. This SNG plant was designed with a production rate of 1.4 billion Nm 3 /year SNG [START_REF] Jensen | From coal to clean energy[END_REF][START_REF] Rasmussen | toposoe Technologies relevant for gasification and methanation in Denmark[END_REF]. Multiple stage methanation process was proposed, with the number of methanation reactors that depends on the operating conditions. Both Ni-based and a Ni-free catalysts were used. In TREMP multistage reactors, two type of catalysts are used: PK-7R and MCR-2X catalysts for low and high temperature methanation, respectively. Multi-stage process diagram is given in Figure 123456789101112131415. 

HICOM process

HICOM process was developed by British Gas Corporation. The temperature is controlled by recycling the cooled product gas. Excess steam is added to the first methanation reactor to avoid carbon deposition. However, the excess steam reduces the thermal efficiency and may cause catalyst sintering. A part of the product gas from the main methanation reactors is recycled and the other part is passed through one or more low temperature fixed bed methanation reactors. In the latter, the remaining CO and H 2 are converted to CH 4 and CO 2 . Process scheme is given in Figure 1 

Ralph M. Parsons technology

A high temperature methanation unit without gas recycle was proposed by the Ralph M.

Parsons Company (Figure 1234567891011121314151617). The methanation unit consisted of 4 to 6 adiabatic fixed bed methanation reactors in series with intermediate gas cooling [START_REF]The RMP process[END_REF]. Temperature control was done by steam addition. There was no gas recycle and therefore no recycle compressor was needed in the process. No data about the catalyst was published. 

Imperial Chemical Industries

This process consisted of three adiabatic fixed reactors in series with intermediate gas cooling.

No large scale plant has been built.

Foster Wheeler& Vesta technology

A SNG methanation plant was built in China by Clariant and Foster Wheeler and started-up in July 2014. The pilot plant was designed for a production capacity of 100 Nm 3 /h of SNG [START_REF] Romano | Methane from syngas -status of amec Foster Wheeler VESTA technology development[END_REF]. This process consists of three fixed-bed reactors in series with steam or CO 2 addition for the temperature control [START_REF] Luigi | A new, safe & cost-effective route to SNG Foster Wheeler VESTA technology[END_REF] (Figure 123456789101112131415161718). However, reacted gas recycling requires recycle compressors leading to increased operating costs. In the first reactor, high-temperature WGS reaction takes place on Clariant's ShiftMax® catalyst. The stream leaving the shift reactor is sent to the methanation reactors operated using Clariant's SNG catalyst beds. CHAPTER 1 Figure 1-18. Three stages methanation for SNG production -VESTA [START_REF] Romano | Methane from syngas -status of amec Foster Wheeler VESTA technology development[END_REF].

Linde process

In the 1970s, Linde AG (Germany) developed an isothermal fixed bed reactor with indirect heat exchange. The plant consisted of an isothermal and an adiabatic methanation reactors as shown in Figure 1-19. For the isothermal reactor, the cooling tube bundles are embedded in the catalyst bed as shown in Figure 1-20. The reactor itself was supposed to produce steam from the heat of the exothermic methanation reaction. There was also the possibility to feed a part of the resulting product gas of the isothermal reactor into the adiabatic reactor to increase the methane yield. The product gases of both reactors are finally mixed, cooled, and produced water is condensed. No information can be found about the temperature, pressure and catalyst. Today, the Linde isothermal reactors are in operation in methanol synthesis plants [START_REF] Kopyscinski | Production of synthetic natural gas (SNG) from coal and dry biomass -A technology review from 1950 to[END_REF].

Johnson Matthey (Davy Technologies)

Johnson Matthey has announced the contract with Qianan Hong Ao Industrial Trade Co. Ltd to operate a methanation plant in China. Davy technology uses the proprietary CRG methanation process technology from Johnson Matthey. The CRG family of methanation catalysts (CRG-S and CRG-SR) with high nickel content was used. The concept is the use of three adiabatic fixed-bed reactors with intermediate gas cooling and recycling [START_REF] Rönsch | Review on methanation -From fundamentals to current projects[END_REF]. Linde reactor [START_REF] Kopyscinski | Production of synthetic natural gas (SNG) from coal and dry biomass -A technology review from 1950 to[END_REF].

Etogas

The PtG power plant from ETOGAS for Audi AG in Werlte, Germany is operated for thermochemical methanation in a tube bundle reactor with molten salt [START_REF] Rönsch | Review on methanation -From fundamentals to current projects[END_REF][START_REF]SGC report: Power-to-Gas -A technical review[END_REF]. This plant has 6.3 MW capacity and production of around 1000 tons of synthetic methane per year [45]. Clariant has supplied the methanation catalyst. Process is fed by a biogas plant (scheme is given in Figure 1-21). To the best of our knowledge, the process used at Werlte now takes place in the new Viessmann facility for biological methanation process [START_REF]Audi e-gas project[END_REF]. In a fluidized bed reactor (see Figure 1-22), a flow of gas or liquid is directed through the catalyst. The fluidized bed reactor has to be designed considering the fluid flowrate to be sufficient to suspend the catalyst particles. The size of the particles is typically in the range between 10 and 500 μm [START_REF] Rönsch | Review on methanation -From fundamentals to current projects[END_REF][START_REF] Hill | An introduction to chemical engineering kinetics & reactor design[END_REF]. These reactors provide extensive homogeneous mixing resulting in excellent temperature stability and increased mass-transfers. Fluidized bed reactors typically have a porous plate located at the bottom of the reactor, known as a gas distributor. Basic contact between the catalyst and reactant gas occurs in fluid phase of the reactor. Fluidized bed reactors are suitable for handling large amounts of feed and catalyst. The advantages of the fluidized-bed reactors are eliminated hot spots via the heat distribution, continuous operation, more efficient reactants contact, and better mass transfer compared to fixed bed reactors. However, there are some disadvantages of fluidized-bed reactors such as erosion of the reactor walls and separation of fine particles due to the attrition of the catalysts. methanation reaction in a fluidized-bed reactor [10]. The high space velocity leads to higher heat transfer and less hotspot formation. However, gas bypassing through the reactor bed took place. At laboratory scale, the comparison of the syngas methanation in fluidized-bed and packed-bed reactors was described by Liu et al. [START_REF] Liu | Comparative study of fluidized-bed and fixed-bed reactor for syngas methanation over Ni-W/TiO 2 -SiO 2 catalyst[END_REF]. It was shown that the fluidized-bed reactor gave higher CH 4 yield and lower bed temperatures, thus lower coke formation than in the packed-bed reactor. Moreover, the syngas methanation in the fluidized bed reactor was studied in various reaction conditions, e.g. different space velocities of 40-120 L•g -1 •h -1 , gas compositions and temperatures (480 -550°C) [START_REF] Liu | Performance characteristics of fluidized bed syngas methanation over Ni-Mg/Al 2 O 3 catalyst[END_REF]. It was shown that composition of the feed gas (CO 2 content) affects the conversion and CH 4 selectivity.

As for industrial processes, one of the first fluidized-bed methanation processes was developed by the Bituminous Coal Research Inc. in 1963 (USA, Bi-Gas-Process) [START_REF] Streeter | Recent developments in fluidized-bed methanation research[END_REF]. Between 1975 and 1986, the Thyssengas GmbH (Germany) and University of Karlsruhe (Germany) designed a fluidised bed methanation reactor to produce SNG from coal gasification [START_REF] Rönsch | Review on methanation -From fundamentals to current projects[END_REF]. Starting from 1960s, processes for SNG production from coal and dry biomass were reviewed in detail by Kopyscinski et al. [START_REF] Kopyscinski | Production of synthetic natural gas (SNG) from coal and dry biomass -A technology review from 1950 to[END_REF].

1.4.

Intensified compact reactors

1.4.1. Milli-channel HEX reactors
The typical channel diameter of a milli-structured reactor is larger than 1000 µm. A HEX reactor combines a reactor and a heat exchanger in one unit. The heat transfer efficiency is up to 20 times higher than in conventional reactors [START_REF] Guo | Multi-channel heat exchanger-reactor using arborescent distributors: A characterization study of fluid distribution, heat exchange performance and exothermic reaction[END_REF]. The heat removal from the catalyst to the cooled walls is essential to ensure high conversion rates and limit the catalyst deactivation. Lowering the reaction temperature prevents thermal runaways but requires more catalyst resulting in a larger reactor size. Therefore, intensified reactors offer better thermal control of the reaction, high surface-to-volume ratio, narrow RTD of reactants, reduced reactor size, quick response time (start-up and shut-down), and easy scale-up. However, increased number of channels increases the manufacturing costs.

A milli-structured compact reactor was successfully designed at CEA Liten, Grenoble and studied for CO 2 methanation by Ducamp in 2015 [START_REF] Ducamp | Conception et optimisation d 'un réacteur-échangeur structuré pour l'hydrogénation du dioxyde de carbone en méthane de synthèse dédié à la filière de stockage d'énergie électrique renouvelable[END_REF]. A photograph of the milli-structured HEX reactor is given in Figure 1-23. This reactor consists of 20 reactive parallel channels with a length of 240 mm surrounded by cooling channels. The reactor was equipped with 15 thermocouples for the continuous temperature screening.

The CO 2 methanation was performed using commercial Ni/alumina (Evonik) catalyst packed in the milli-structured reactor at temperatures of between 270-300°C under pressures of 1-5 bars. Results

were compared with the annular packed-bed reactor. It was reported that ca. 90 % of CO 2 conversion was achieved with the milli-structured reactor at a lower pressure (<5 bars), a lower maximum bed temperature (<500°C) and ca. 4 times higher GHSV than annular packed-bed reactor.

Micro-channel reactors (MRs)

The typical channel diameter of a microchannel reactor, also known as a micro reactor, is in the range of 50 to 1000 µm. Due to their small channel diameters, microchannel reactors usually work under laminar flow conditions [START_REF] Kiwi-Minsker | Microstructured reactors for catalytic reactions[END_REF][START_REF] Commenge | Optimal design for flow uniformity in microchannel reactors[END_REF]. In micro reactors, the catalyst particles have diameters in the range between 50 and 75 µm [START_REF] Losey | A micro packed-bed reactor for chemical synthesis[END_REF]. Comprehensive reviews of micro reactor designs and applications were published by Kolb & Hessel and Kiwi-Minsker & Renken [START_REF] Kiwi-Minsker | Microstructured reactors for catalytic reactions[END_REF][START_REF] Kolb | Micro-structured reactors for gas phase reactions[END_REF][START_REF] Delparish | Intensified catalytic reactors for Fischer-Tropsch synthesis and for reforming of renewable fuels to hydrogen and synthesis gas[END_REF]. The advantages of using micro reactors are temperature control affecting conversion, selectivity, yield, the narrow RTD and high surface-to-volume ratio: in the range of 10.000-50.000 m 2 •m -3 .

A micro reactor design was studied for Sabatier and WGS reactions by TeGrotenhuis et al. [START_REF] Golladay | Optimizing microchannel reactors by trading-off equilibrium and reaction kinetics through temperature management[END_REF]. Methanation reactions in the micro reactor were performed at isothermal and adiabatic conditions. Figure 1-24 shows the conversion and selectivity versus contact time at 400°C.

Equilibrium conversion was obtained with a contact time of ca. 400 ms. The microchannel cooling enhances the equilibrium and the temperature control and therefore, conversion and selectivity of the catalyst/reactor. A study published by Lee et al. [START_REF] Lee | Combination of preferential CO oxidation and methanation in hybrid MCR (micro-channel reactor) for CO clean-up[END_REF] is devoted to a hybrid micro-channel reactor (HMCR) designed for CO methanation and oxidation reactions. The micro reactor was made of 316L stainless steel with a volume of 1.67 cm 3 . The reactor bed was separated from the micro-channel heat exchanger with a separator sheet, and contained two different catalysts that promote preferential oxidation and methanation of CO in series. In the case of methanation, results showed excellent efficiency and stability in a wide temperature range (214-277°C). Along with micro channel packed-bed systems, catalytically active walls were proposed as an alternative in order to improve the heat transfer and to avoid high pressure drops. The substrate was impregnated with nickel-containing solution. This microchannel reactor was tested for a long term CO conversion at temperatures between 350 and 550°C and pressures up to 30 atm, and at a high GHSV of 71.000 h -1 . It was reported that coated plates showed excellent catalytic performance in methanation reaction during long-term stability test. Even at 550°C conversion still remained high [14]. If we compare conventional methanation reactors with coated microchannel reactors, the latter allow better temperature control and lower pressure drop. However, wall-coated micro-reactors suffer from low catalyst loading, difficult catalyst loading-unloading, re-use and challenging scale-up.

Structured reactors

Structured reactors/catalysts consist of a metallic or ceramic support and an active catalytic layer on the support surface. In contrast to packed-bed catalysts, structured catalysts provide higher mass-and heat-transfers and lower pressure drops [START_REF] Eigenberger | Fixed-Bed Reactors[END_REF]. However, the manufacturing cost is high and the low catalyst loading limits the integration of structured catalysts in industrial applications due to higher gas velocity requirements. Nevertheless, structured catalysts and reactors are attractive for industrial reactor engineering with their potentially smaller reactor sizes, easy catalyst replacement, high surface-to-volume ratio, easy scale-up and flexible operation conditions. This section presents a review of existing metallic plates, monoliths, foams, foils, micro-fibrous materials (felts) and additive manufactured structured reactors/catalysts. The comparisons between structured reactors/catalysts and conventional systems are shown in Table 1-4 [11]. 

Monoliths

A large number of studies have already been performed on monolithic structures since the 1990s. Monolithic catalysts were originally developed as catalytic converters for the automotive industry [START_REF] Kandylas | Engine exhaust system design based on heat transfer computation[END_REF]. Later, these structures found a wide range of applications in industrial chemical processes [START_REF] Noda | Flexible heat exchanger network design for chemical processes with operation mode changes[END_REF] and catalytic reactors [START_REF] Tomašić | Analysis and modeling of a monolithic reactor[END_REF][START_REF] Cybulski | Monoliths in heterogeneous catalysis[END_REF].

Monolithic reactors can be manufactured from the various materials (metallic/ceramic) as shown in Figure 1-26 [START_REF] Cybulski | Monoliths in heterogeneous catalysis[END_REF]. Ceramic monoliths are mainly produced by extrusion technique. The shape of the channels can be circular, square, triangular, rectangular, hexagonal ("honeycomb" monoliths), sinusoidal etc. Cordierite was found to be the most appropriate ceramic material for combustion applications. In non-adiabatic applications, the use of cordierite is limited by its low thermal conductivity. Methanation reaction in a metallic honeycomb structured reactor was simulated in 2010 [START_REF] Sudiro | Simulation of a structured catalytic reactor for exothermic methanation reactions producing synthetic natural gas[END_REF].

The effect of gas space velocity on conversion and temperature profiles was discussed. High CO CHAPTER 1 conversion (83 %) was obtained in a presence of CO 2 . Higher gas flow rate results in the shift of the hot-spots towards the end of the catalyst bed. Temperature increase generated by the reaction heat was found to be lower, that slowed down the reaction. It was concluded that the thermal runaway during CO methanation can be overcome by using monoliths.

A remarkable modelling study on the comparison of metallic honeycombs with fixed bed reactors for CO 2 methanation was presented by Schlereth et al. [START_REF] Schlereth | Metallic honeycombs as catalyst supports for methanation of carbon dioxide[END_REF] in 2015. Heat transfer in fixed bed reactors is dominated by the convection which is a strong function of the particle Reynolds number. In honeycomb monolith reactors, this value depends on gap resistance -the resistance of heat transfer caused by the gap between the honeycomb and the tube, void fraction, and thermal conductivity of the solid material. It was concluded that honeycomb reactors are able to maintain isothermicity at higher temperatures than fixed bed reactors. The idea of the integration of two reactor types was proposed in this study. Honeycombs can be exploited in a first reactor, operated at a level of intermediate conversions with well-controlled temperatures. Then, a fixed bed reactor can be installed as the second reactor since it offers higher catalyst loadings. Heat removal is expected to be less critical because the gas is already diluted by product gases which slow down the reaction rates.

Recently, methanation tests were performed on honeycomb monoliths and on the commercial bulk catalyst of the same volume [START_REF] Lehner | Methanation process development utilizing ceramic honeycomb catalysts[END_REF]. Cordierite type monolith was wash-coated with commercial nickel-based catalyst. Methanation reaction was performed with a gas mixture of H 2 , CO 2 and CO (total flow 50 Nl•min -1 ) at 20 bars and 350°C. This study showed that at GHSV of 2000 h -1 commercial bulk catalyst gave ca. 90 % conversion, while honeycomb catalyst reached only ca. 70 % due to the limited catalyst loading at the same volume of the reactor. This 20 % difference in conversion decreased to 10 % at higher GHSVs (6000 h -1 ). Comparison of the structured and conventional catalyst can be challenging: either the same volume of the catalyst/reactor with different amount of catalyst is used, or the same amount of catalyst has to be taken, but then it has to be diluted with non-active material to achieve the same reactor volume. the polymer in a furnace to obtain only ceramic material. Ceramic foams are used as filters for molten metals [START_REF] Taslicukur | Production of ceramic foam filters for molten metal filtration using expanded polystyrene[END_REF][START_REF] Damoah | AlF 3 reactive Al 2 O 3 foam filter for the removal of dissolved impurities from molten aluminum: Preliminary results[END_REF], catalytic combustion devices [START_REF] Ismail | Effect of ceramic coating in combustion and cogeneration performance of Al 2 O 3 porous medium[END_REF] and catalytic supports [START_REF] Richardson | Properties of ceramic foam catalyst supports: Pressure drop[END_REF]. Metallic foams are made by mixing metal powders with a blowing agent, compacting the mixture, and then foaming it by melting. Closed-celled metal foams are commonly made by injecting a gas or mixing a foaming agent into molten metal. Metallic foams are used as high-temperature filters [START_REF] Poss | High temperature Nickel and Iron-based alloy metal foams for filtration applications[END_REF], heat exchangers [127,128] and catalytic supports [START_REF] Bianchi | An appraisal of the heat transfer properties of metallic open-cell foams for strongly exo-/endo-thermic catalytic processes in tubular reactors[END_REF]. The detailed description of various methods for foam manufacturing was discussed by Banhard [START_REF] Banhart | Manufacturing routes for metallic foams[END_REF]. Heat transfer on metallic FeCrAlY and aluminium open-cell foams for strongly exo-/ endothermic catalytic processes (e.g. methanation, selective oxidation, Fischer-Tropsch synthesis (FTS)) was experimentally and theoretically investigated by Bianchi et al. [START_REF] Bianchi | An appraisal of the heat transfer properties of metallic open-cell foams for strongly exo-/endo-thermic catalytic processes in tubular reactors[END_REF]. The heat transfer properties of the foams (porosity of 89-95 %) in tubular reactor were examined at gas (nitrogen) velocities of 15-35 Nl•min -1 at the temperatures from 127 to 527°C. Closer to the inlet of the tubular reactor, the tube outer temperature is higher than the temperature of the flowing gas, so the temperature decreases radially from the wall to the centre of the bed, while it increases axially towards the test tube exit. With increasing the flow rate, the inlet temperature decreases because of the reduced residence time in the preheater of the foam bed. Furthermore, radial effective thermal conductivity of the samples was investigated, depending on the operation conditions. The estimated radial effective thermal conductivity values of FeCrAlY (porosity of 95%) and aluminium samples (porosity of 89%)

were found to be 0.3-0.9 and 7.7 W.m -1 •K -1 , respectively. Radial effective thermal conductivity was found to be weakly dependent on the operation conditions. It was suggested that thermal conduction plays a determining role, especially for Al foams. It was shown that it is possible to improve the effective thermal conductivity coefficients of foams simply by increasing the volume fraction and/or the conductivity of the foam material.

CO 2 methanation reaction on ceria-zirconia-SiC foams and powder catalysts at temperatures between 250 and 400°C and atmospheric pressure was studied by Frey et al. [20]. Foam catalysts were impregnated with the same amount of active phase (nickel + ruthenium). A platelet milli-reactor was used to compare the foams and powder catalysts of the same volume. At the temperature of 250°C, the powder catalyst showed higher CO 2 conversion than foams, due to higher catalyst loading, i.e.

conversion was found to be 2.5 and 5.0 %, respectively. It was concluded that better comparison between foam and powder can be made by calculating productivity. The productivity of the ceriazirconia-based foam and the powder catalyst of the same composition at temperature 400°C was found to be 2.6 and 1.8 mol CH4 •g Ni+Ru -1

.h -1 , respectively. Later, methanation reaction on SiC, alumina and aluminium supported catalysts was studied using an infrared camera [START_REF] Frey | Open cell foam catalysts for CO 2 methanation: Presentation of coating procedures and in situ exothermicity reaction study by infrared thermography[END_REF]. The CO 2 conversion rates on SiC, Al 2 O 3 and Al were found to be 7.8, 3.7 and 2.3, respectively, for a flow rate of 2 L•h -1 . Lower specific surface area led to lower active phase dispersion and therefore to a smaller number of active sites and weaker catalytic activity. The direct effect of the exothermic methanation reaction on the foam's surface temperature was recorded in this study. The SiC based catalyst showed the highest catalytic activity and the highest amount of hotspots. Al 2 O 3 based catalyst exhibited lower catalytic activity than SiC but still showed some hotspots. As for aluminium based catalyst, hot spot formation couldn't be clearly observed due to low conversion rate which resulted in less heat production during the reaction. In their recent study, CO 2 methanation reactions were performed on ceria-zirconia (CZ) coated OFC catalysts in a pilot scale reactor [START_REF] Frey | Aluminium open cell foams as efficient support for CO 2 methanation catalyst: pilot scale reaction results[END_REF]. At 300°C, methane productivity of OFC and packed-bed catalyst were found to be 580 and 500 mmol CH4 •g Ni .h -1 , respectively. However, CZ-OFC structured catalysts exhibited much lower temperature increases during the reaction, and lower pressure drop. At operation temperatures between 270-318°C, the maximum temperature increase was recorded as 25°C which can be considered as negligible in comparison with conventional packed-bed reactor configuration.

Experimental and modelling study of the methanation reaction on metallic foams was published by Ducamp in 2015 [START_REF] Ducamp | Conception et optimisation d 'un réacteur-échangeur structuré pour l'hydrogénation du dioxyde de carbone en méthane de synthèse dédié à la filière de stockage d'énergie électrique renouvelable[END_REF]. A commercially available aluminium foam was loaded with 43 kg•m -3 of commercial Ni/alumina (Evonik) catalyst. Conversion of CO 2 was measured experimentally at temperatures between 280 and 325°C, pressures of 5 to 15 bars with GHSV of 2600 to 8800 h -1 . CO 2 conversion was found to be 42 % (330°C, 5 bars, 1 Nl•min -1 gas velocity). Selectivity was recorded as 95 %. Furthermore, it was found that increasing the pressure from 5 to 15 bars at 325°C increases the CO 2 conversion by 14 %.

Recently, the effects of the reaction temperature, pressure and GHSV on the performance of To summarize, the literature studies show that the radial heat transport is important for the design of chemical reactors with structured catalyst, especially on the industrial scale. Better heat transfer properties of metal foams are expected to limit the sintering of the catalyst and/or fast coking due to heat generated during the reaction.

Micro-fibrous materials

Micro-fibrous materials were patented by Auburn University in 2010 [START_REF] Tatarchuk | Microfibrous media for optimizing and controlling highly exothermic and highly endothermic reactions/processes[END_REF]. These materials are made of micron-sized highly conductive fibres where various reactive materials including catalysts can be immobilized. Micro fibrous felt materials enable the temperature control and provide uniform temperature profile for highly endo/exothermic chemical reactions. A unique felt structured catalyst was developed by Hu et al. for methanation and rWGS reactions in a micro-channelled reactor [17]. A porous FeCrAlY felt was used as a substrate, methanation catalysts were introduced by wash-coating technique. In the case of methanation reaction, structured catalysts achieved 78 % conversion at GHSV of 18.000 h -1 and temperature of 300°C which was giving the same performance as powder catalyst.

Commercial sintered metallic micro-fibres were used as catalyst supports in a model reaction (CO oxidation) by Groppi et al. [START_REF] Groppi | Experimental and theoretical study of gas/solid mass transfer in metallic filters as supports for micro-structured catalysts[END_REF]. The fibres had high porosity (86 %) and extremely high surface CHAPTER 1 area per unit volume (22400 m 2 •m -3 ). CO conversion reached 90 % at very high space velocities (>10 6 h -1 ) in the catalytic bed with only 1mm depth. However, it was shown that gas/solid mass transfer data for micro-fibres exhibit negative deviations, similar to those observed in packed beds of particles at very low Re numbers.

A potentially interesting system for the efficient thermal control in the microchannel reactor was designed and implemented for CO 2 methanation by Brooks et al. [12]. Rh or Ru/titania catalysts with metal loadings between 1 and 6 wt.% supported on FeCrAlY felts were used. Structured felt catalysts were placed within each channel of the micro reactor. Microchannel wall temperature was maintained by a counter-flow of oil (see Figure 1-29). Reactor was operated at the inlet temperature of 400°C, and the temperature decreased linearly to 300°C at the channel exit. The improved performance (10 % higher yield) of the felt microchannel reactor was reported due to its controlled temperature.

Figure 1-29. Cross section of the microchannel reactor with counter-flow oil [12].

A copper micro-fibrous structure coated with 15 wt.% Co/Al 2 O 3 catalyst was tested in a tubular reactor with an inner diameter of 41 mm for FTS, and results were compared with Co/Al 2 O 3 catalyst particles in packed bed configuration by Sheng et al. [START_REF] Sheng | High conductivity catalyst structures for applications in exothermic reactions[END_REF]. While the maximum temperature difference from the centreline to the reactor wall was only 6.4°C in the case of copper micro-fibrous entrapped catalyst (MFEC), for the packed bed it was measured to be 460°C. The uniform temperature profile of copper MFEC resulted in higher selectivity to longer chain hydrocarbons and less catalyst deactivation. The use of copper MFEC led to less hot spot formation during the start-up, prevented thermal runaway, provided a wider operational temperature range, and offered the possibility of using reactors with larger diameters. Furthermore, comparison in micro-scale heat transfer between packed bed and MFEC was reported by the same research group [START_REF] Sheng | Micro-scale heat transfer comparison between packed beds and micro-fibrous entrained calalysts[END_REF]. Copper MFEC demonstrated an excellent intra-bed heat transfer ability for FTS [START_REF] Cheng | Microfibrous entrapped hybrid iron-based catalysts for Fischer-Tropsch synthesis[END_REF]. Figure 1-30 shows the photographs and SEM images of copper microfiber media before and after loading with catalyst particles. Figure 1-30D shows catalyst particles immobilized by the sintered microfiber. MFEC approach enabled FTS to be carried out in a larger tubular reactor (34 mm inner diameter) without comprising the production rate and selectivity to the desired product. The maximum temperature difference along the radial direction was recorded to be less than 5°C for all MFEC structures, as for the packed bed, this temperature difference was around 54°C under the same conditions. Additionally, the enhanced heat transfer characteristics of copper MFEC were studied by experimental determination of thermal parameters. Copper MFEC demonstrated 56 times higher radial effective thermal conductivity (9.05 W•m -1 K -1 ), and more than 10 times higher wall heat transfer coefficient (235 W•m -2 K -1 ) than the traditional alumina-packed bed [START_REF] Sheng | Novel catalyst structures with enhanced heat transfer characteristics[END_REF]. The axial effective thermal conductivity (0.951 W•m -1 K -1 ) was found to be much lower than the radial effective thermal conductivity. The effect of sintering temperature and sintering time of Cu MFM on the effective thermal conductivity was also investigated [START_REF] Sheng | Effective thermal conductivity and junction factor for sintered microfibrous materials[END_REF]. It was shown that higher sintering temperature and longer sintering time improved the junction factor and effective thermal conductivity. Recently, a study related to the effective thermal conductivity of a porous stainless steel fibre felt (condensed/pressed metallic fibres) with different fibre diameter and porosity under different operating pressures has been published [START_REF] Li | Experimental study of effective thermal conductivity of stainless steel fiber felt[END_REF]. It was found that when the fibre diameter increases under fixed porosity, thermal radiation and solid conduction plays more dominant role than natural air convection. Fibre diameter was found to be the major factor that determines the thermal radiation and affects the total effective thermal conductivity.

A remarkable study of CO 2 methanation reaction was published by NASA [START_REF] Junaedi | Compact and lightweight sabatier reactor for carbon dioxide reduction[END_REF].

Conventional monolith reactor was compared with an improved Microlith™ reactor which was developed for long term space mission. that improved Microlith™ reactor has a significant impact on the performance due to its better heat and mass transfer, high surface area and lower pressure drop compared to the traditional packed-bed reactor. CH 4 selectivity of ca. 100 % was achieved at space velocities of 30.000 -60.000 h -1 . wide range of applications such as biological applications [START_REF] Mok | From the printer: Potential of three-dimensional printing for orthopaedic applications[END_REF][START_REF] Shao | 3D printing magnesium-doped wollastonite/β-TCP bioceramics scaffolds with high strength and adjustable degradation[END_REF], (aero) space [START_REF] Liu | Aerospace applications of laser additive manufacturing[END_REF], automotive [START_REF] Murr | Frontiers of 3D printing/additive manufacturing: From human organs to aircraft fabrication[END_REF] industries and for other commercial consumer products (food, customized jewellery, watches etc.). AM route is already used for many years for the shaping polymeric materials. However in recent years, technology has been amplified to shape also metallic and ceramics materials.

In 2010, the American Society for Testing and Materials (ASTM) group developed a set of standards to classify the AM processes into 7 categories. In this section, main focus is given to AM processes for metals and alloys. Following categories are reviewed: selective laser sintering/melting (SLS/SLM), electron beam melting (EBM) and 3-Dimensional fibre deposition (3DFD). 1 -post treatment refers to polishing, ultrasonic cleaning, painting, heat-treatment etc.

Table 1-5 presents the characteristics of a few main AM technologies for the fabrication of metal structures. Presented technologies are based on the concept of "layer-by-layer" manufacturing, however, the material processing makes these techniques different [START_REF] Silva | Additive manufacturing of metal parts by welding[END_REF]. The abovementioned techniques are based on powder laser melting/sintering and metal paste extrusion. The difference between the SLM and SLS processes is while in SLM process, metal powder melts entirely to create a homogenous structure, in SLS process, powder particles fuse together on molecular level but not fully melt. In the case of SLM/SLS techniques, the powder is spread uniformly by a wiper or roller. A high power-density laser melts the pre-deposited powder layer. The melted particles fuse and solidify to form a layer of the component. The main drawbacks of SLS/SLM techniques are poor surface quality, dimensional inaccuracy of the surface and pores caused by unmolten powder, limited cell (fibres/interfibre distances) dimensions, high costs of the equipment and materials (loss of powder) [START_REF] Olakanmi | A review on selective laser sintering/melting (SLS/SLM) of aluminium alloy powders: Processing, microstructure, and properties[END_REF]. Moreover, post-surface treatment and post-cleaning to remove the non-sintered powder particles is necessary. The main drawbacks of EBM technique are cleaning and utrasonic treatment of the final structure in order to remove powder particles from the surface, especially for sharply shaped structures. Detailed explanation of SLS and EBM techniques can be found elsewhere [START_REF] Loeber | Comparison of selective laser and electron beam melted titanium aluminides[END_REF][START_REF] Herderick | Additive manufacturing of metals: A review[END_REF][START_REF] Fredrick | Aluminum powder metallurgy processing[END_REF].

For the first time, catalytic application of structures made by AM (Inkjet printing, IJP)

technology was successfully demonstrated in 2007 [START_REF] Taylor | Inkjet printing of carbon supported platinum 3-D catalyst layers for use in fuel cells[END_REF]. In this study, the highly precise IJP technique allowed the control of the catalyst deposition (ultra-low platinum loading) on a polymer electrolyte. Recently, AM is started being used for the manufacture of the macro-structured catalytic supports for highly exothermic and highly endothermic reactions. The choice of the correct geometry CHAPTER 1 of the structure according to the application is as important as the material itself. The main benefit of the use of AM technologies is the manufacture of catalytic supports with the flexible design of possible complex geometries, material variability as well as adjustable porosity of the structures.

3DFD is one of the unique techniques to control the 3D-porosity in macro structured supports via controlled distances between the support struts, and stacking. This technique is based on the micro-extrusion: metallic or ceramic pastes are extruded through a thin nozzle, and the structure is built layer-by-layer. After being printed, 3DFD manufactured 'green' sample needs subsequent heat treatment (e.g. de-binding, calcination) by sintering at high temperature ovens, in air or under inert/reducing gas atmosphere, depending on the material. Furthermore, precise manufacturing is possible with 3DFD technique without any post-treatment. Structured catalysts can be manufactured by direct printing of catalytic material or in two steps: manufacture of the support structure and then deposition of the active catalytic layer. Figure 1-33 presents some metallic and ceramic samples manufactured by 3DFD technique. [START_REF] Thakkar | 3D-printed zeolite monoliths for CO 2 removal from enclosed environments[END_REF]. The adsorption capacities of 5A and 13X monoliths were found to be 1.59 and 1.60 mmol•g -1 , respectively, at 5000 ppm CO 2 in nitrogen at room temperature. In comparison with the packed bed, CO 2 breakthrough times on zeolite powders was found to be sharper indicating less mass transfer resistance in monolithic beds.

Catalytic coating on structured materials

Catalytic coating is used for the impregnation of catalysts onto structured support/reactor walls [START_REF] Kiwi-Minsker | Microstructured reactors for catalytic reactions[END_REF][START_REF] Stefanescu | Wall coating optimization for microchannel reactors[END_REF][START_REF] Almeida | Washcoating of metallic monoliths and microchannel reactors[END_REF]. The choice of the coating procedure is crucial importance to achieve adhesive coating onto structured supports/reactors walls due to different adhesion strength of coatings on different support materials (e.g. ceramics, metals). Several coating techniques can be used depending on the application, type of the material, catalyst properties etc.

Coating procedure depends on type and geometry of the supports as well as on the surface properties. Materials with rough surface (e.g. ceramics) are easier to coat than materials with smoother surfaces (e.g. metals). In general, before coating, surface pre-treatment (thermal or chemical) of the support should be done in order to increase the surface roughness and the adhesion strength of the coating. For example, during the surface pre-treatment -calcination in air under high temperature -of Al contain alloys, micrometer alumina whiskers are formed on the surfaces which greatly enhance the surface roughness, therefore, increases the adhesion of the coating [START_REF] Han | Preparation of alumina coatings on metallic nickel substrate using a room-temperature wet chemical pretreatment method[END_REF].

Quality of the coating is crucial for the life time of the structured catalyst. Different techniques can be applied to deposit the coating onto support materials, e.g. wash-coating, sol-gel coating, hydrothermal coating [START_REF] Meille | Review on methods to deposit catalysts on structured surfaces[END_REF]. For example, in the case of flat geometries (planar plates), spray coating, electrochemical coating are the most suitable. Due to its easy application procedure, dip-coating is the most popular coating technique on lab and pilot-scale. For structures with complex geometries, dipcoating is recommended. The coating suspension can consist of ready catalyst particles or support materials, that can be further impregnated with an active phase (e.g. metal salt solution).

Dip-coating technique

Dip-coating is widely used to deposit active materials since it provides a uniform coating on complex-structured substrates. Dip-coating procedure consists of two steps: The first step is the preparation of the coating suspension and the immersion of the support structure for a certain time into it. The second step is the elimination of the excess suspension from the structure with subsequent drying or centrifugation. The scheme of a dip coating process is shown in Figure 1-34. The main parameters affecting the coating properties are the coating suspension composition and its rheological properties. The standard ingredients of the coating slurry are powder (catalyst), binder, dispersant and water or organic solvent. Parameters such as particle size, viscosity, solid loading, pH and binder content are crucial to obtain the coating with desired thickness, good adhesion and uniformity [START_REF] Almeida | Washcoating of metallic monoliths and microchannel reactors[END_REF]. Alumina is one of the commonly used support materials for catalytic applications. Hydrated aluminas are often used as an alumina precursor for wash-coating, because of their good dispensability in water and high surface area [START_REF] Agrafiotis | The effect of powder characteristics on washcoat quality . Part I : Alumina washcoats[END_REF]. It was shown that the use of the powder particle size below 10 µm results in more homogenous coating [START_REF] Meille | Review on methods to deposit catalysts on structured surfaces[END_REF]. It was reported by different research groups that too thick coating can lead to diffusion limitations, and thus to low catalyst performance [START_REF] Walter | Mass transfer limitations in microchannel reactors[END_REF]. Almedia et al. studied the influence of the catalytic layer thickness on monoliths for FTS [START_REF] Almeida | Washcoating of metallic monoliths and microchannel reactors[END_REF]. Results showed that wash-coated layers thicker than 50 µm resulted in diffusion limitations. In a similar study, monoliths with a wash-coating thicker than 50 μm suffered from decreased CO conversion as a result of diffusion limitations [START_REF] Hayes | Mass and heat transfer effects in catalytic monolithic reactors[END_REF].

The rheological properties of the coating suspension are strongly affected by the pH (acid concentration) [START_REF] Valentini | The deposition of γ-Al 2 O 3 layers on ceramic and metallic supports for the preparation of structured catalysts[END_REF]. A low pH of the coating suspension is needed to reach the maximum surface charge to keep the catalyst powder in its dispersed form, to avoid agglomeration and sedimentation of the suspension [START_REF] Cristiani | Effect of ageing time on chemical and rheological evolution in γ-Al 2 O 3 slurries for dip-coating[END_REF]. A successful study devoted to the tests of alumina coated metallic slabs and ceramic tubes for the catalytic combustion of CH 4 and CO oxidation reactions was reported by

Valentini et al. [START_REF] Valentini | The deposition of γ-Al 2 O 3 layers on ceramic and metallic supports for the preparation of structured catalysts[END_REF]. In this study, structured catalysts were prepared by dip-coating of metallic and ceramic supports; catalyst layer thickness was around 30 µm on both substrates. This study proved that apparent viscosity is strongly affected by the HNO 3 concentration that plays an important role in the gelation/dispersion process.

Viscosity of the suspension is crucial for the quality of the coating: the higher the vicosity the lower the immersion time, thus more efficient coating procedure. However, depending on the support geometry, high viscosity might result in less homogenous coating and diffusion problems in the case of small or tortuous channelled structures, and as a consequence blockage of channels. Low viscosity of the coating slurry increases the immersion time (less loading per immersion), and gives cracks on the coating surface. Another important requirement is clean and rough surface to achieve the adhesive coating. Furthermore, some small particles of binders (such as colloidal SiO 2 ) can promote the adhesion between coating and the surface. Regarding the binder content, it was reported that increasing binder concentration in the coating suspension resulted in better adhesion [22].

In another study, the effect of the different solvents on the coating characteristics on honeycomb supports was reported [START_REF] Zamaro | The effect of different slurry compositions and solvents upon the properties of ZSM5-washcoated cordierite honeycombs for the SCR of NO x with methane[END_REF]. Results showed that the properties of the coating can be changed using different solvents in coating suspension, e.g. the corner effect can be avoided. Less accumulation of the coating suspension in the corners of the monolith's channels was observed using the suspension prepared with ethanol in comparison with the one with water.

Other coating techniques

Regarding sol-gel coating methods, the precursor material is dissolved in the solvent and not present as suspended particles. A catalytic sol-gel coating on stainless steel supports using thixotropic suspension was described by Truyen et al. [START_REF] Truyen | Catalytic coatings on stainless steel prepared by sol-gel route[END_REF]. It was reported that the coatings obtained by sol-gel method are homogeneous, but often too thin, thus multiple coating runs are needed to achieve the reasonable loading. Hydrothermal coating technique is based on the in-situ growth of the active layer on the support surface. The samples are immersed in the coating precursors mixture in a hydrothermal vessel, and excess coating is later removed. This technique is often used to grow zeolite layers on the structured substrates.

Summaries and outlook

This chapter presents an overview of existing methanation industrial processes, theoretical background and a detailed overview of CO 

Introduction

In recent years, CO 2 methanation reaction has drawn great interest in the production of methane and utilization of CO 2 [1][2][3]. The catalytic conversion (hydrogenation) of carbon dioxide to methane, also called a Sabatier reaction, is reversible and very exothermic reaction (2-1). This reaction is usually operated under moderate pressures (10-30 bars) and temperatures between 250 and 500°C.

𝐶𝑂 2(𝑔) + 4𝐻 2(𝑔) ↔ 𝐶𝐻 4(𝑔) + 2𝐻 2 𝑂 (𝑔) ∆ r H 298K °= -165 kJ • mol -1 (2-1)
Catalysts containing transition metals of the VIII, IX, X and XI groups have been investigated

for methanation [3][4][5]. In the last decade, bimetallic catalysts have also attracted a lot of attention due to their higher activity. Previous studies showed that catalysts containing ruthenium supported on Al 2 O 3 were highly selective for methane [6][7][8][9]. Some studies have shown that active oxygen sites (vacancies) can interact with active metals to improve the performances of catalysts. Therefore, active materials with mobile oxygen (e.g. Ce x Zr 1-x O 2 ) and bimetallic catalysts (Ni-Co, Ni-Mo, Ni-Fe) were investigated [10][11][12]. Recently, the effect of the addition of a second metal (Fe, Co, Cu) to Ni/ZrO 2 catalysts for methanation reaction have been reported. Iron was found to be a suitable second metal for the catalyst for low-temperature CO 2 methanation [13]. Nickel-based catalysts are the most widely studied for the methanation reaction due to their high activity and competitive cost. Among metal oxides, alumina is the most common catalytic support used in heterogeneous catalysis due to its low cost, good thermal stability, high specific surface area and high interaction with deposited metals leading to high catalytic activity [14].

So far, catalytic methanation has been mostly investigated in packed-bed and fluidized-bed reactors [15]. However, on the industrial scale, the Sabatier process is usually performed in packedbed reactors due to its economic efficiency [3]. Because of the high exothermicity of the Sabatier reaction, temperature control is a challenge. For fast chemical reactions, using a packed-bed reactor can lead to hot spots formation and catalyst deactivation due to the sintering of the catalyst [16].

Therefore it is necessary to remove the heat more efficiently. Furthermore, at high gas space velocities, existing packed-bed systems can lead to high pressure drops which is dependent on the particle size of the catalyst as well as its shape and packing [17]. Flow mal-distribution resulting in non-uniform contact time is an additional disadvantage of the packed-bed systems. Decreasing the particle size improves the activity of the catalyst and mass transfer but leads to even greater increase in pressure drop [18]. Thus, macro-structured supports with catalytically active coatings are seen as an important part of process intensification, as they allow for the controlled mass and heat transfer, low pressure drop and thus better control of the process.

In order to overcome the above mentioned limitations, several improved reactor and catalyst designs have been proposed. One of the possibilities of heat transfer improvement for CO 2 methanation is the use of a structured micro-channel reactor with a thin layer of catalyst on the reactor channel walls that leads to improved heat and mass transfer [19][20][21]. In the case of heat transfer improved reactors, metal based supports provide better temperature control in comparison with conventional catalysts. As for structured reactors, metallic plates [21], foils [22,23], felts [24],

monoliths [25] and foams [26,27] are used as structured supports.

In recent years, some data related to both CO and CO 2 methanation in structured reactors have been published. However, most of the published studies are focused on CO methanation due to high accessibility of the syngas (CO + H 2 ) in industry. One of the successful micro-channel reactor designs without heat transfer limitations was proposed for CO methanation in the presence of CO 2 and O 2 in 2005 [23]. Microstructured foils were coated with Ru/SiO 2 and Ru/Al 2 O 3 catalysts. It was found, that in the presence of CO 2 , the conversion of CO is higher only at temperatures between 200 and 250°C.

Methanation of CO 2 dominates at temperatures >250°C [23]. In the case of CO 2 methanation, a limited number of studies are available. The reactor operation at a uniform temperature is a challenge at temperatures >250°C. Therefore a potentially interesting microchannel reactor was proposed for the flexible thermal management [19]. A porous metal felt was used as a support material for Ru and Rh catalysts and tested for CO 2 methanation. Another remarkable study on CO 2 methanation reaction was published by NASA in 2011 [28]. Results showed that an improved Microlith™ reactor design with catalytic supports has a significant impact on the performance due to its better heat and mass transfer, lower pressure drop, high surface area and short contact time compared to the traditional packed-bed system.

Recently, AM technologies have started being used for the manufacture of macro-structured catalytic supports. 3D robocasted periodic porous structures can provide several advantages such as flexible design, significantly better heat and mass transfer as well as lower pressure drop and excellent mechanical stability [20,31,32]. In this chapter, we describe the manufacture of the efficient structured catalyst for the methanation reaction. For this purpose, various 3DFD catalytic substrates were produced and functionalized with the Ni/Al 2 O 3 catalytic coating using wash-coating technique.

Different geometries of the structured supports were compared in CO 2 methanation reaction. The results were benchmarked with the conventional powder Ni/Al 2 O 3 catalyst in a packed-bed reactor.

Experimental

Manufacture of macro-porous structured supports

The 316L stainless steel supports were prepared using the 3DFD technique [30]. With this technique, a highly viscous stainless steel paste was extruded through a thin nozzle. Stainless steel porous supports were built layer-by-layer by computer controlled movement in x, y and z-directions.

Nozzles with a diameter of 400 and 600 µm were used to manufacture 3D-structures with 1-1 and 1-3 stacking positions (Figure 2 b SSA: specific surface area; surface area (SA, mm 2 ) to volume (V, mm 3 ) ratio per unit cell. , where, G (g) is the weight of the structured support (+catalyst) and the V (cm 3 ) is the volume of the structured support. Then, the samples were dried at 100°C overnight and calcined at 550°C for 4 h. After all, structured catalysts 4A08, 4A1, 4B1 and 6B1 were obtained with the Ni/Al 2 O 3 loading of 0.18, 0.19, 0.17, 0.18 g•cm -3 , respectively. The preparation steps are given in Figure 2-2.

Catalyst preparation

Figure 2-2. Preparation steps of the structured catalysts.

Characterization

The specific surface area of the catalysts was measured by N 2 sorption analyser (Quantachromie ASIQM 0002-4) at -196 °C using the BET method, each sample was degassed at 200 °C.

X-ray diffraction, XRD (PANalytical X'Pert Pro) (λ = 1.5405Å) at 40kV was used to examine the phase and crystallinity of the powder catalysts.

Reduction temperature profile of powder Ni/Al 2 O 3 catalyst was performed using thermoanalyzer (TGA, NETZSCH STA-449) at 600°C, heating rate of 5°C•min -1 . Prior to TGA measurement, powder catalyst was reduced under 80 % H 2 flow at 450 °C for 2 h.

Particle size distribution (PSD) was detected by wet method using PSD analyser (Microtrac S3500).

Rheometer (Kinexus Rheometer) was used to determine the viscosity of the coating slurry at room temperature as a function of the shear rate.

Adhesion strength of the coating was evaluated by the weight loss after the ultrasonic treatment (Ultrasound frequency: 40kHz). The coating morphology and the thickness of the coating of the cross-section of structures were examined by scanning electron microscopy (SEM; FEG JSM6340F, JOEL) and optical microscopy (Zeiss, Stereo Discovery V12 with imager type M2m).

Energy Dispersive X-ray Fluorescence (EDXRF) spectrometer by HE XEPOS (Spectro Analytical Systems, Kleve, Germany) was used for the elemental analysis of Ni/alumina catalysts.

Catalytic activity and stability

The scheme of the methanation setup is presented in Figure 2 Gas chromatography (450-GC, Bruker, Germany) was used for the analysis of reagents and products. The catalytic activity and stability were determined by monitoring CO 2 conversion as a function of time-on-stream. GC with flame ionization detector (FID) and thermal conductivity detector (TCD) were used to measure CH 4 and CO 2 concentrations, respectively. Temperature of both detectors was maintained at 300°C. The calibration of peak areas was measured using a known reactant gas composition without a catalyst. Conversion (X CO2 ), selectivity (S CH4 ) and yield (Y CH4 ) were calculated based on peak areas from calibration using the following equations: 

𝑋 𝐶𝐶 2 = � 𝐹 𝐶𝐶 2 𝑖𝑖 -𝐹 𝐶𝐶

Results and discussion

Characterization of powder catalyst

As it was already mentioned above, Ni/Al 2 O 3 catalysts were prepared by impregnation of commercial boehmite with narrow particle size distribution [33]. Nickel content was kept constant (13 wt.% according to elemental analysis), and different calcination temperatures were tested (450-550°C). The results are given in Table 2-2. The surface area of the alumina significantly dropped when the calcination temperature increased from 450 to 550°C (334 and 271 m 2 •g -1 , respectively). After impregnation with nickel, surface area and pore volume decreased further due to the pore blockage which is found to be in agreement with literature [34]. However, negligible difference was recorded in pore volume and specific surface area in the case of Ni/Al 2 O 3 calcined at 450 and 550°C. In order to keep the surface area higher, final catalysts were calcined at 450°C. different reduction profile depending on the interactions between nickel and metal oxide support [35].

DTG results are given in Figure 234. The reduction process occurs at a temperature range of 350-520°C. A single reduction peak was observed at 478°C. This result is in agreement with the reported literature [36][37][38]. 

Characterization of the coating suspension

The coating quality depends on the coating slurry properties (solid content and viscosity). Coating suspension usually contains solid catalyst particles and binder, solvent (e.g. water), and dispersants. The binder is used to provide viscosity and sedimentally stable coating suspension [43]. The acid is added to avoid the agglomeration of the alumina particles in suspension and guarantee the suspension stability of over time [33]. Coating suspensions containing 1, 3 and 5 wt. % PVA were prepared. Rheometer was used to determine the single point viscosity at room temperature (25°C) as a function of shear rate (1, 10 and 100 s -1 ). Figure 2-7 gives viscosities of coating suspensions versus PVA concentrations. In order to achieve homogeneous coating, viscosities between 0.03 and 0.5 Pa•s are preferred at shear rate of 10 s -1 [44]. Viscosity of the suspension with 3 wt.% PVA was found to be 0.13 -0.26 Pa•s at shear rates between 10 and 100 s -1 . Suspensions with ≤3wt.% PVA showed pseudo-Newtonian behaviour, i.e. viscosity remained nearly constant with increasing shear rate, which is favourable in order to have a homogeneous coating. To study the effect of the PVA content in the suspension on the coating properties, Ni/Al 2 O 3 suspensions with various PVA concentrations were deposited on 3DFD stainless steel supports. The amount of deposited catalysts was determined by weight difference before and after coating and calcination. According to the weight measurements, after each immersion, catalyst loading increased with increasing PVA concentration. OM images show that the coating obtained using the suspension with 1 wt.% PVA results in cracks on the surface (Figure 2-8a). Additionally, the coating made from the suspension with 5 wt.% PVA (Figure 2-8c) is observed to be non-homogeneous because of the high loading after each immersion. Less immersions were needed using the suspension with the higher PVA concentration. The results of viscosity measurements and OM images showed that using the concentration of PVA of ca. 3 wt.% in coating suspension results in optimal behaviour of the slurry and homogeneous coating (Figure 2-8b).

Characterization of the coating on 3DFD structures

It is known from previous studies that adhesion strength of the catalytic coating strongly depends on the binder concentration in the coating suspension [31]. In this work, colloidal SiO 2 (Ludox) was used as a binder, and effect of its concentration on the coating adhesion strength was investigated. The adhesion strength was evaluated according to a method described in the literature [45], based on the measurement of the weight loss caused by the exposure of the sample to ultrasound.

The coating thickness was measured by SEM before and after treatment. It is reported that it is more difficult to achieve a good adhesion of inorganic coatings to a metal surface than to a ceramic one. The special chemical treatment of the metal surface by e.g. acids is necessary in order to increase the surface roughness [46][47][48]. Coated stainless steel 3DFD structures were treated in an ultrasonic bath filled with distilled water for 1, 15, 30 and 60 min and then dried. The weight loss values are given in the Table 23. Results show that PVA concentration has no significant effect on adhesion strength of the coatings (first, second and third columns, Table 2-3). After 1 h ultrasonic treatment (US), 17.3 % coating weight loss was detected in the case of the coating obtained from the suspension with 0.5wt.% SiO 2 (fourth column, Table 2-3). After addition of 2 wt.% SiO 2 into the coating slurry, the weight loss of the coating after 1h US treatment was found to be only 2.5 % (Table 2-3). This result was considered to be satisfying and no further increase of SiO 2 content was done in order to avoid the influence of SiO 2 on the catalytic properties of Ni/Al 2 O 3 . Based on above described results, the optimal composition of the suspension was found to be as follows: 3 % PVA, 2 % Ludox, 1 % acetic acid, 20 % catalyst powder, and water.

As it was mentioned above, the surface treatment of the stainless steel substrates could further improve the adhesion strength of catalytic coating. The stainless steel supports could be treated by various acids or mixtures, e.g. hydrofluoric and nitric acid [47]. However, due to the toxicity of HF and low corrosion resistance of 316L stainless steel, 3DFD supports were treated with 5 % nitric acid solution. Samples were placed in US bath for 10 min, then cleaned with iso-propanol. Acid treated supports were coated with the same amount of catalyst (ca. 0.15 g•cm -3 ), and the adhesion strength was tested. After US treatment for 10 min in water, the weight loss was found to be 1.4 and 2.5 wt.% for treated and untreated sample, respectively. This result confirms that acid treatment improves the adhesion strength due to the increased roughness of the surface. To study the effect of calcination temperature on the coating adhesion, coated 3DFD structures were calcined at 450 and 550°C. The adhesion strength was tested as described above. The results showed that calcination temperature has no influence on the adhesion strength of the coating.

Scanning electron microscopy (SEM) was used to investigate the coating morphology and the thickness. The cross-section images shows the coating on the surface of the stainless steel structures It is noteworthy, that the surface of the 3DFD stainless steel structures was very rough (because of sintering temperature and acid treatment), and to make the measurements and associated judgement was rather difficult; moreover, some loss of the coating could occur during the sample preparation (embedding) for SEM imaging. Thus, basically it could be concluded that there is no significant change in coating thickness before and after ultrasonic treatment.

Catalytic activity, selectivity and stability

The methanation reaction was carried out with powder packed-bed catalyst and coated 3DFD structures in a tubular reactor. The overall results are given in Table 2-4. The CO 2 conversion on powder catalyst at different space velocities and temperatures is plotted in Figure 2-10. At all tested temperatures, the conversion decreased slightly with the increase of the weight hourly space velocity (WHSV, h -1 ), which is explained by the shorter contact time of the gases and catalyst in the reactor.

The WHSV of the reactant gas is ranged between 750 and 2600 h -1 at a constant feed gas ratio (CO 2 :H 2 = 1:4). Total gas feed was kept constant at 100 ml•min -1 by dilution. Methanation reaction on powder catalyst was performed at temperatures from 250 to 450°C. Conversion increased by ca. 20 % when temperature is changed from 250 to 300°C, while during the further increase of the temperature to 350°C, the difference was found to be only 10 %. When the temperature is raised to 400°C, no change in CO 2 conversion is observed. It is known that the Gibbs free energy (∆G) is a negative number as long as the reaction is spontaneous. As for an exothermic reaction, after a certain temperature, reaction achieves the thermodynamic equilibrium. At reaction temperature >350°C, the thermodynamic equilibrium was reached and thus no further increase on CO 2 conversion was observed. At temperatures above 350°C, the ∆G increases rapidly and becomes positive [48], and reaction changes its way to methane reforming [49]. This explains the decreased conversion of the a b CO 2 at reaction temperature >350°C. The results showed that operating temperature at 350°C was the most suitable temperature for the powder catalyst to have an effective carbon dioxide methanation.

The selectivity to methane was high and stable at around 95-99 %, only small amount of by-products (CO, C 2 H 4 and C 2 H 6 ) was detected (Table 2-4).

Figure 2-11 shows the comparison of CO 2 conversion obtained with the powder packed-bed catalyst and the 3DFD structured catalysts. It can be seen that the temperature significantly affects the conversion of carbon dioxide. At temperatures above ca. 340°C, all 3DFD structured catalysts showed higher conversion (up to 90 % in the case of 6B1 sample) than that of the powdered catalyst (ca.

66 %), while at lower temperatures only the structures with 1-3 configuration showed improved CO 2 conversion. It is important to note, that in the case of the samples with the same stacking (1-1 or 1-3), macro-porosity difference does not result in significant changes of CO 2 conversion. In the case of samples with different stacking, the structured catalyst with 1-3 stacking showed a considerably higher conversion than the one with 1-1 stacking. Despite the same volume of the samples, the contact between catalysts and reactant gas in 1-3 'zig-zag' structures is better than the structures with 1-1 'linear' stacking. Therefore, this difference can be explained by an external mass transfer effect due to the increased effective contact surface area. This could lead to higher contact between the reactant gas and the structured channels of the structured catalyst with 1-3 stacking. The similar effect of the architecture on the mass-transfer was observed earlier for methanol-to-olefins reaction [32]. There is also an indication that the heat transfer properties of the structured catalyst with 1-3 stacking is different in comparison with structured catalyst with 1-1 stacking due to nonlinear positioning of fibres. Axial ETC of the 1-3 samples are expected to be lower than 1-1 stacking samples different due to the fibre positioning. Lower axial ETC of samples with 1-3 stacking could lead to higher increase of the actual temperature than samples with 1-1 stacking due to the heat released by the exothermic methanation reaction. Thus, at lower temperatures, this difference in both heat-and mass-transfer properties and different residence time distribution (RTD) in different architectures resulted in >40% difference in CO 2 conversion (see Figure 2-11). At temperatures above 370°C, 3DFD structured catalysts showed no geometry effect on CO 2 conversion. 350°C, H 2 /CO 2 =4 and WHSV 1500 h -1 .

Conclusions

Ni/Al 2 O 3 powder and 3DFD structured catalysts were prepared and characterized. The effect of dispersant and inorganic binder on the catalytic suspension properties was studied. It was found that dispersant concentration significantly affects the coating quality (homogeneity and thickness), whereas the inorganic binder has an influence on the coating adhesion strength. The optimal composition of the coating suspension was determined to be as follows: 3 % PVA, 2 % Ludox, 1 % acetic acid, 20 % catalyst powder, and water. This chapter was adapted from the paper: Danaci S., Protasova L., Try R., Bengaouer A., Marty P.,

Experimental and numerical investigation of heat transport and hydrodynamic properties of 3D-

structured catalytic supports, Appl. Therm. Eng. (2017), in press, http://dx.doi.org/ 10.1016/j.applthermaleng.2017.07.155

Introduction

Porous metallic materials offer a wide range of applications in industrial chemical processes [1], catalytic reactors [2] and automobile exhaust gas treatment [3]. So far, various metallic structures (monoliths, fibre felts etc.) and especially open-cell metallic foams have been investigated for the next generation mainly on heat transfer applications, but also as catalyst carriers in heat exchanger (HEX)

reactors [2,[4][5][6]. The optimal design of a metallic open cellular structure can offer multi-functional properties, such as high thermal conductivity, high porosity, large expanded surface area, strong flowmixing capability and high mechanical strength [6].

Catalytic reactions are usually performed in packed-bed reactors with conventional catalytic materials due to economic reasons. In the packed-bed reactors, catalysts/catalytic materials have poor thermal conductivities leading to the large temperature gradient in the case of larger diameter of reactors. In the case of exothermic reactions, the heat transport in the metal based structured catalysts was found to be 2-3 times better than in conventional packed-bed catalysts, that can significantly reduce the hot spot formation and ensure advanced temperature control [7]. Moreover, at high gas velocities, existing packed-bed systems suffer from high pressure drops which are dependent on the particle size of the catalyst, its shape and packing [8]. Therefore, low pressure drops and high thermal transport are desired for new generation structured reactors.

In recent years, metallic/ceramic monoliths and foams coated with catalytically active layers have drawn great interest in the design of the structured reactors. Since the 1990s, many studies of heat transfer and pressure drop properties of metallic monoliths and foam structures used as catalytic supports for highly exothermic reactions have been reported [1][2][3][4]. A theoretical study related to heat transfer through a ceramic honeycomb monolith catalyst with square channels was performed in order to estimate the operation conditions to avoid overheating during an exothermic reaction [9]. It was found that at high gas flow velocities, the gas temperature inside the channel of the monolith noticeably increased at a distance of 1-1.5 mm from the inlet of the reactor, and sharp heat gradients formed between the channel wall and the gas stream.

In porous media, heat inside the structure is transported by multiple heat transfer mechanisms, i.e. conduction, convection and radiation. Conduction is considered to be the main heat transfer mechanism in the solid domain. In the case of metals with high thermal conductivity, conductive heat transfer dominates radiation (at low temperatures) and convection. However, propagation of thermal radiation in the porous structure can be dependent on the geometry of the solid matrix. That is why the choice of the correct geometry of the structure is of the same importance as the material.

Recently, support structures made by additive manufacturing (AM) techniques started being used for highly exothermic and endothermic reactions [11][12][13][14]. The main benefits of using AM technologies to manufacture catalytic supports are flexible design of the structures with complex geometries, material variability and adjustable porosity. In chapter 2, the advantages of the structured catalysts were shown for highly exothermic CO 2 methanation reaction. The structured catalyst lowered the temperature increase (hot spots) and led to an enhanced catalyst stability. During stability tests (350°C, H 2 /CO 2 = 4, WHSV 1500 h -1 ), the initial CO 2 conversions were observed to be 80 % and 73 % for structured and powder catalysts, respectively. The powder catalyst showed an 8 % decrease of CO 2 conversion after only 45 h time-on-stream, while in the case of structured catalyst, CO 2 conversion stayed constant at ca. 80 % during 53 h time-on-stream. Therefore, it is crucial to understand the heat transport mechanisms of these newly developed support structures with different architectures. In another study, open porous structures were manufactured by using the selective electron beam melting technique to investigate the effect of porosity and cell orientation on the pressure drop [16]. The results confirmed that both porosity and cell orientation have a major effect on the pressure drop.

In this study, stainless steel structured materials with different geometries and macroporosity were manufactured by the 3DFD technique. The aim of this work was to investigate the effective thermal conductivity and the pressure drop throughout structures without taking into account any chemical reaction. The effect of fibre stacking, macroporosity and fibre diameter on effective thermal conductivity was studied experimentally and compared to modelling results. Pressure drop experiments were performed on samples with different geometries with and without coating. These pressure drop measurements were compared to the measurements on alumina beads (conventional packed-bed configuration).

Experimental

Samples preparation

The 316L stainless steel supports were made using additive manufacturing technology based on micro-extrusion, as previously described elsewhere [15]. A modified Computer Numerical Control (CNC) machine was used as a 3D-printer to build up the stainless steel support structures layer-bylayer by computer controlled movements in x, y and z-direction. Nozzles with diameter of 0. and inter-fibre distance (n). For example, the sample 4(1-1)6 is manufactured by using the nozzle of 0.4 mm, with straight fibre positioning (stacking 1-1) and inter-fibre distance of 0.6 mm. Final structures were dried at room temperature for 2 days. Then the samples were sintered at 1300°C for 4 h under argon atmosphere. For the thermal conductivity experiments, since the laser flash technique requires non-porous planar top and bottom surfaces, stainless steel discs were positioned on and under the sample to form a "sandwich" structure. The "sandwich" structures were prepared as follows (Figure 3-2): (i) the sintered stainless steel structures were cut into cylindrical shapes horizontally and vertically with a length of 4.5 mm and a diameter of 10 mm; (ii) structures were placed between two stainless steel discs of 0.5 mm thickness, and then sintered at 1300°C for 4 h under argon atmosphere. In order to avoid reflection and to obtain a good signal, both sides of structures were coated with a graphite layer.

For the pressure drop measurements, sintered stainless steel samples were cut into cylinders with 20.1 mm diameter and 20 mm length. In order to investigate the coating effect on the pressure drop, supports were dip-coated with Ni/alumina layer. Coating suspension composition was as follows: 3 wt.% PVA, 1 wt.% acetic acid, 20 wt.% Ni/Al 2 O 3 powder, and water according to the procedure described before [11]. The Ni/alumina loading on the supports was varied between 0.09 and 0.19 g Ni/alumina •cm -3 support . The loading was calculated as (G support+Ni/alumina -G support )/V support where, G (g) is the weight and V support (cm 3 ) is the volume of the structured support. 

Characterization

The cross-sectional images of the structured catalyst were obtained by scanning electron microscopy (SEM; FEG JSM6340F, JOEL) and optical microscopy (Zeiss, Stereo Discovery V12) with imager (type M2m). Effective thermal conductivity was measured by Laser Micro flash instrument (Netzsch, LFA 457). Pressure drop was measured by means of TT 570 Low Res Micro manometer (DPM Buckingham).

Effective thermal conductivity measurements

Experimental setup

Samples with a cylindrical shape were placed in between the sample carrier (5.5 mm thick and 12.5 mm in diameter), and then were put in the furnace. The thermal diffusivity of each sample was measured under argon atmosphere (50 ml•min -1 STP) at temperatures of 50, 100, 200, 300, 400 and 500°C with a heating rate of 0.5°C•min -1 at ambient pressure. Scheme of the experimental setup is given in Figure 3-3. The setup consists of four main parts: furnace, laser power supply, detector and data acquisition system. The laser was used as a heat source. 

𝑅(𝐿, 𝑘) = 𝑄 𝜌𝐶 𝑝 𝐿 [1 + 2 �(-1) 𝑖 𝑒𝑒𝑒 � -𝑘 2 𝜋 2 𝐿 2 𝛼𝑘� ∞ 𝑖=1 ] (3-1) 𝒱 (𝐿, 𝑘) = 𝑅(𝐿, 𝑘) 𝑅 𝑀 (3-2) 𝜔 = 𝜋 2 𝐿 2 𝛼𝑘 (3-3)
where α is thermal diffusivity (m 2 •s -1 ), ρ density (kg•m -3 ) and C p specific heat capacity (J•kg -1 .K -1 ) as a function of temperature, Q is the power on the front surface at t=0, T M is the maximum temperature at the rear face of the sample, 𝐿 is thickness of the sample in cm, V and ω are dimensionless parameters.

The rear surface temperature distribution is plotted with dimensionless parameters as shown in Thermal diffusivity is determined by the temperature versus time curve, where t 0.5 is the time required for the rear surface to reach half of the maximum temperature rise that is reached at 𝜔 = 𝜋 2 𝐿 2 𝛼𝑘 = 1.38. Therefore, the thermal diffusivity equation is given as follows: 𝛼 = 0.1388

𝐿 2 𝑜 0.5
. The thermal conductivity (λ) is calculated using the following equation: 𝜆 = 𝛼(𝑅). 𝜌(𝑅). 𝐶 𝑝 (𝑅) . Thermal properties of 316L bulk stainless steel are given in Table 3- [19,20]. The total combined uncertainty was found to be 7 %.

Thermal conductivity model

For the samples with the linear fibre stacking, the axial effective conductivity can be numerically calculated according to the Equation 3-5. A unit area of a sample for axial effective conductivity calculation is given in Figure 3-5. In the area of M 2 , the heat transport occurs at the region where the two fibres intersect. The maximal area of the intersection is assumed to be a 2 . The effective conductivity is related to the bulk conductivity by considering a heat transport area of a 2 for a unit cell area of M 2 , where a is fibre diameter (mm) and M is axial centre distance between two fibres (mm).

𝜆 𝑎𝑎𝑖𝑎𝑜 = 𝜆 𝑆𝑆 316𝐿
𝑎𝑠𝑟𝑓𝑓𝑘𝑒 𝑓𝑟𝑒𝑓 𝑚𝑓 𝑘ℎ𝑒 𝑓𝑘𝑓𝑟𝑒𝑎 𝑘𝑘𝑘𝑒𝑟𝑎𝑒𝑘𝑘𝑘𝑚𝑘 𝑠𝑘𝑘𝑘 𝑓𝑟𝑒𝑓
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The optical microscope image of the structure in the axial direction of the matrix is given in The radial ETC of samples with linear stacking is calculated according to the equation 3-6.

𝜆 𝑟𝑎𝑟𝑖𝑎𝑜 = 𝜆 𝑆𝑆 316𝐿 𝜋𝑓 2 8𝑀(𝑓 -𝑘) (3-6)
The optical microscope image of the radial direction in the 3D-structured matrix is given in Figure 3456, where a is fibre diameter (mm) and M is axial centre distance between two fibres (mm).

The stacking factor c refers to the stacking "depth" between two layers of fibres in z-direction, considering an anisotropic pore architecture. Stacking factor c is assumed to be a constant value for the whole sample. Due to the stacking effect (c), unit area equals to 2M•(a-c) instead of M 2 (Figure 3456). This difference leads to a higher λ radial than λ axial at the same a and M. The radial effective thermal conductivity (λ radial ) is calculated assuming that the heat is transmitted by conduction through the fibre cross section. The fibre density is defined as the number of fibres per square centimetre. In the case of 4(1-1)8 samples, while axial fibre density is 69 fibres per cm 2 , radial fibre density is 126 fibres per cm 2 . Due to the equivalent fibre diameter of the samples with 1-1 and 1-3 stackings, the radial ETC is expected to be equivalent. In this module, the axial effective thermal conductivity (λ eff ) of each sample in steady-state conditions was calculated based on Fourier's law, as expressed in the following equation [21]:

𝑄 𝑆 𝐸𝐶𝑇/𝑅𝐸𝐴𝑅 = 𝜆 𝑜𝑒𝑒 ∆𝑅 ∆𝐿 (3-7)
where Q (W) is an amount of heat power passing through a cross section causing a temperature difference over a distance L, Q/S TOP/REAR (W.m -2 ) is the heat flux which is related to the thermal CHAPTER 3 gradient ∆T/ ∆L, S TOP/REAR (m 2 ) is the surface area of the top (S TOP ) and rear (S REAR ) plates, ∆T (K) is the temperature difference between the top and the bottom plates, and L (m) is the height of the sample.

Pressure drop measurements

The pressure drop (∆p) was measured as a function of the superficial velocity using an electronic micro-manometer. The experimental setup is shown in Figure 3 Measurements were performed before and after coating of the samples. For the benchmarking, a 20 mm section of the tube was filled with 3 mm alumina beads for the pressure drop measurements to simulate the packed-bed reactor. The volume of alumina beads was the same (6.3 cm 3 ) as the volume of the structured samples. The interest was to compare alumina beads and 3DFD structures by means of pressure drop and permeability. Permeability (K) describes how easily a fluid is able to move through the porous material which is usually calculated using a formula known as Darcy's Law [22] by measuring the pressure drop across the structured samples (∆P). Darcy's law, which states that a fluid flow rate is directly proportional to the pressure gradient, is shown to be accurate only at low flow velocities. At higher flow rates, Darcy's law is usually replaced by the Darcy-Forchheimer equation, which includes quadratic flow rate. Thus, Forchheimer coefficient (β) and permeability (K)

were calculated as follows:

∆𝑇 𝐿 = 𝜇 𝐾 𝐺 + 𝛽𝜌𝐺 2 (3-9)
where ∆P is the pressure drop (Pa), L is the height of the sample (m), μ is the air dynamic viscosity

(Pa•s), K is permeability (m 2 ), V is superficial fluid velocity (m•s -1 ), β is Forchheimer coefficient (m -1 )
and ρ is fluid density (kg•m -3 ).

Results and discussion

Effective thermal conductivity measurements and modelling

Axial and radial ETC values based on experiments, numerical equations (Equation 3-5 and 3-6) and COMSOL model are listed in Tables 3-3 and 3-4. It can be seen that the numerical data based on the equations 3-5 and 3-6 agree with the experimental data. Axial and radial ETC of the samples increased with increasing temperatures due to increasing heat capacity of the bulk solid material (Table 3-3 and 3-4). It can be seen that the structure with 1-1 configuration showed higher axial ETC than the structure with 1-3 stacking under the same measurement conditions due to their different geometries.

The structure with 1-1 stacking has continuous fibre stackings and direct fibre connection in the axial direction, which this is not a case for 1-3 stacking samples. Therefore, the 1-3 geometry resulted in lower axial ETC. Experimental results were found to be in very good agreement with the COMSOL model. The 3D-model allows also for the investigation of the difference in heat transport patterns of the samples with the different architectures. The images of the heat flow is given in Figures 345678910.

Different sizes of the mesh (50.000 to 3.000.000 cells) were tested to check the sensitivity of the results to the mesh size. The mesh size of 1.000.000 cells was found to provide a sufficient accuracy (relative change in ETC < 10 -4 compared to 3.000.000 cells) and a short calculation time (1.5 min). A layer of the sample was chosen in order to observe the heat flux in axial direction through fibres. The Heat transport in the radial direction is a key parameter for the reactor design for exothermic reactions where heat is mainly conducted in radial direction between the reactive channel and the cooling media. Results confirmed that samples with 1-1 and 1-3 stackings show equivalent radial effective thermal conductivity due to the identical geometry in the radial direction.

Effect of macroporosity

In order to study the effect of macroporosities of samples on heat transport properties, macroporosities were varied [START_REF] Mozaffarian | Feasibility Of Biomass / Waste-Related SNG Production Technologies Final report[END_REF][START_REF] Lucchini | Sintering and coking resistant core-shell microporous silica-nickel nanoparticles for CO methanation: Towards advanced catalysts production[END_REF][START_REF] Iskov | Global screening of projects and technologies for Power-to-Gas and Bio-SNG[END_REF][START_REF]The RMP process[END_REF] The effect of macroporosity on ETC of the samples with 1-1 stacking is shown in Figure 3-12 (calculated using equations 3-5 and 3-6). It was observed that axial and radial ETC decreased with increasing macro-porosity. This is because the conduction cross section is reduced for the samples with higher macroporosity, leading to a reduced ETC (Figure 3 -12). The slope of λ axial was found to be higher than the λ radial . The reason of the higher slope of λ axial is while λ axial varies with M -2 (Equation 3-5), λ radial varies with M -1 (Equation 3-6). The similar effect of the porosity on ETC was observed on fibre felt and foams [10,23]. It was found that the total ETC decreased with an increase of porosity under the fixed fibre diameter. This was mainly attributed to a reduced solid matrix heat conduction and reduced thermal radiation. 

74% 78% 69%

To study the effect of the fibre thickness on the axial and radial ETC, samples at the same porosity (70 %) with different fibre diameters, i.e. 4(1-1)6.3, 5(1-1)8, 6(1-1)9.5, 7(1-1)1.1 and 8(1-1)1.32 were compared. Results are given in Figure 3-13. It was found that the fibre diameter effect on axial and radial ETC at constant porosity was negligible. Therefore, effect of macroporosity was found to be significant for axial and radial ETC. 

Pressure drop measurements

Tables 3-5a and 3-5b show experimental results of the pressure drop measurements (samples 4(1-1)8, 4(1-1)10, 6(1-1)10, 4(1-3)10, 6(1-3)10 and 3 mm alumina beads). The permeability and the Forchheimer coefficient were determined for each sample from the experimental results. The effect of stacking and fibre diameter on the pressure drop was studied. Samples were coated with catalyst to study the coating effect on the pressure drop. Alumina beads were used for a comparison.

Results of the pressure drop measurements on the structured samples and 3 mm alumina beads are presented in Figure 3-14. The pressure drop through the packed bed of beads was found to be 70 and 10 times higher than 1-1 and 1-3 stacking structures, respectively. The main reason was expected to be the low OFA of packed-bed of beads. In the case of beads, the tube/particle diameter ratio was calculated to be D tube /d p = 7:1. Studies regarding the wall effect on pressure drops in packed beds with D tube /d p below 10:1 was reported elsewhere [24,25]. That is why a contribution of the wall effect in the case of 3mm alumina beads was also expected. Previous studies showed that cell orientation, porosity, open frontal area and surface roughness affect pressure drop [16,[26][27][28]. The dominating effect of the macro-porosity on the pressure drop was observed for the samples 6(1-3)10, 4(1-3)10, 4(1-1)8 and 4(1-3)10. Figure 3-14

shows that a decrease of the macroporosity of the sample leads to an increase of the pressure drop. The lowest pressure drop was observed for the sample 4(1-1)10 which has the highest macro-porosity (78 %). A similar macro-porosity effect was observed for samples with 1-3 stacking: 4(1-3)10 and 6(1-3)10 (see Table 3-5a and 3-5b). 

Effect of fibre stacking

The results of pressure drop measurements using samples 6(1-3)10, 4(1-3)10, 4(1-1)8 and 4(1-3)10 are given in Figure 3-15. Re numbers ranged between 2 and 127 at superficial velocities between 0.12 and 4.95 m•s -1 .

In the laminar region (<15 Re), where the pressure drop increases linearly with superficial velocity, sample 4(1-1)8 shows 6 times lower pressure drop than the sample 4(1-3)8. Changing the cell orientation from 1-1 to 1-3 lead to a decrease of the OFA, that resulted in higher pressure drop.

Limiting Reynolds numbers of samples with 1-3 stacking (6(1-3)10 and 4(1-3)10) were found to be 15 and 30, respectively. 

Effect of the coating

In order to investigate the effect of the coating on the pressure drop, four samples (

and 4(1-3)10, two of each) were coated with a Ni/alumina slurry by a dip-coating technique to obtain two different loadings, i.e. 0.09 g•cm -3 (coating thickness ca. 8 µm, determined by SEM) and 0.19 g•cm -3 (coating thickness ca. 16 µm). Calculated macroporosity values before and after coating are given in Table 3-5. The illustration of the effect of the coating thickness on the pressure drop is given in Figure 3-16. The addition of the coating resulted in only a very small decrease in cell size and porosity. However, pressure drop was higher, due to the combination effect of increased surface roughness and decreased maco-porosity. The coating effect is more pronounced in the case of the structures with 1-3 stacking. For example, at 2.47 m•s -1 superficial velocity, the pressure drop of a sample with 16 μm coating was 5 times higher than the uncoated support. 

Conclusions

In this chapter, the effect of the cell geometry (stacking) of stainless steel structured supports and their macroporosity on the ETC and pressure drop was studied. It was observed that the stacking (parallel or zig-zag) affects the ETC due to the difference in the connection between the fibres.

Stacking factor, inter-fibre distance and fibre diameter were found to be the main parameters affecting macroporosity and therefore ETC and pressure drop. The stacking factor can be controlled by several parameters of the manufacturing technique, e.g. paste composition, printing speed, printing atmosphere, drying temperature and atmosphere. Axial ETC of samples with 1-1 stacking was found to be higher than samples with 1-3 stacking due to their linear fibre stacking in the axial direction.

However, samples with different stackings have no difference in the radial ETC. The ETC decreases with increased macroporosity due to a dominant conductive heat transfer over the convective and radiative heat transfer. A model has been developed to describe the conductive heat transfer in the samples under non-adiabatic conditions in the absence of a chemical reaction. This approach suggests that the radial thermal conduction can be controlled by inter-fibre distance, fibre diameter and stacking factor. This is important for the reactor design for exothermic reactions because improved radial heat transfer can prevent the risks of thermal runaway.

Pressure drop measurements showed that samples with 1-3 stacking have higher pressure drop than the ones with 1-1 stacking at the same macroporosity due to the reduced open frontal surface area. Increasing macroporosity decreases the pressure drop allowing for the operation of the reactor at higher gas velocities. The study of the effect of the coating showed that the pressure drop increases with the increase of the surface roughness and decrease of the porosity via increasing coating thickness. In general, structured samples showed much lower pressure drop than the conventional 3mm alumina beads (simulation of the packed-bed reactor design). This study proves that higher heat transport and lower pressure drop can be achieved using 3D-structured supports compared with conventional packed-bed reactors/catalysts. While samples with high macroporosity demonstrated low pressure drop, samples with low macroporosity showed high ETC.

The variation of structural parameters (cell orientation, stacking, fibre diameter and inter-fibre distance) allows for the modification of the geometry, cell sizes, and macroporosity therefore optimization of the heat transport and pressure drop values according to the process requirements. The heat transfer efficiency can be enhanced not only by changing the geometry of the structured catalyst but also by the use of materials with higher thermal conductivity coefficients.

3.5.

Introduction

In recent years, methanation reaction has drawn a great interest in the context of power-to-gas (PtG) processes. The methanation reaction is a well-known exothermic catalytic process, favourable at low temperatures and high pressures. So far, catalytic methanation has been widely investigated in fixed-bed and fluidized bed reactors with conventional catalytic materials [1]. In the case of exothermic chemical reactions with packed-bed reactors, produced reaction heat can lead to the formation of hot spots in the catalyst bed, so the heat management is essential. The hot spots lead to sintering and carbon deposition on catalysts resulting in a decrease of the amount of catalyst active sites [2].

Latterly, structured catalysts attracted a great interest for exothermic reactions due to their better heat-and mass-transfer properties. In recent years, AM started being used for the manufacture of the macro-structured catalytic supports for highly exothermic and endothermic reactions [3][4][5]. In chapter 2, we proposed to use 3DFD structured catalysts for CO 2 methanation. Above-mentioned limitations of the conventional systems, i.e. temperature regulation limitations, catalysts deactivation (active phase sintering, carbon deposition), high pressure drop and inefficient use of the catalyst due to channelling and bypass phenomena can be overcome by using structured catalysts and reactors. For example, a unique felt structured catalyst for methanation and rWGS reactions was proposed by Hu et al. Porous FeCrAlY felt was used as a substrate and wash-coated with methanation catalyst. This micro-structured reactor achieved 78 % conversion at GHSV of 18.000 h -1 and temperature of 300°C in methanation reaction [6].

Previously, 3DFD manufactured structured catalysts were investigated at VITO for DeNO x process and the conversion of methanol to light olefins [5,7]. The main benefits of AM technologies for the manufacture of catalytic supports are the flexible design of complex geometries, material variability and adjustable properties (e.g. porosity) of structures. 3DFD method is based on the continuous micro-extrusion which is described in detail elsewhere [8]. The method allows for the control of the porosity of macro-structured supports via precise distances between the extruded struts.

Metallic or ceramic pastes are extruded through a thin nozzle, so the structures are built layer-by-layer.

Depending on the material, "green" structures can be sintered using conventional sintering techniques in high temperature ovens, under air/inert/reducing atmosphere. Structured catalysts can be manufactured by direct printing (struts are made of catalyst material) or in two steps: manufacturing of a support structure and then coating the structure with the catalyst layer. Architecture, macro-porosity and material of the structured support play a great role in the catalytic process.

In chapter 2, methanation reaction was studied at temperatures between 250 and 450°C on 3DFD manufactured stainless steel supports coated with Ni/Al 2 O 3 catalyst in two different architectures (zig-zag and linear fibre stacking). At low temperatures, effect of the geometry of the structured support on heat-and mass-transfer and thus on CO 2 conversion was observed. Structured catalyst lowered the temperature increase and led to the enhanced catalyst stability. During stability tests (350°C, H 2 /CO 2 = 4, WHSV 1500 h -1 ), the initial CO 2 conversions were observed to be 80 % and 73 % for structured and powder catalysts, respectively. Powder catalyst showed 8 % decrease of CO 2 conversion already after 45 h time-on-stream, while in the case of structured catalyst, CO 2 conversion stayed constant at ca. 80 % during 53 h time-on-stream.

In this chapter, we report about the manufacture of copper structures as catalytic supports. The reason of using copper is to improve heat exchange between the catalyst and the reactor wall. The heat removal from the catalyst to the cooled wall affects conversion rate and lowers the catalyst deactivation.

Previously, AM copper materials have been fabricated starting from powder with LS, EBM and binder jetting techniques, however no data has been reported on the manufacture of such structures with the method similar to 3DFD technique due to the challenging post-treatment procedure. The structured copper supports were successfully manufactured by 3DFD technique and coated with Ni/alumina catalyst for the tests of CO 2 methanation at laboratory scale. Copper supports were chosen as a possible alternative to stainless steel supports due to high thermal conductivity of copper in comparison with 316L stainless steel (385 and 15 W•m -1 •K -1 , respectively). Adhesion strength of the catalytic coating on copper supports was benchmarked with stainless steel supports described in chapter 2. Density of the struts is also an important parameter for the efficient heat transfer. Therefore, in this work, additional attention was paid to the effect of sintering temperature and atmosphere on the properties of copper 3DFD structures.

Experimental

Manufacture of macro-porous copper structured supports and coating

Manufacture process of the 3D-structured catalysts consists of the following steps: (i) paste preparation and structure manufacturing, (ii) thermal treatment of the structure and (iii) catalytic coating and post-treatment.

Copper paste was prepared from a spherical copper powder (Sigma-Aldrich, 14-25 μm). The Manufactured samples were dried at room temperature for 2 days. Conventional furnace sintering (CS) and pulsed electric current sintering (PECS) were used to sinter the catalytic supports.

In the case of furnace sintering in a cylindrical oven, samples were calcined at 550°C for 2 h with a heating rate of 1°C•min -1 (de-binding process). Then, they were sintered at temperatures between 880 and 1000°C for 5 h with a heating rate of 5°C•min -1 under 80 L•min -1 N 2 or N 2 :H 2 (1:1) atmosphere. In order to avoid the surface oxidation, samples were kept in the furnace until the room temperature was reached. Detailed sintering profile is given in Figure 4-2. In the case of PECS, samples were sintered in the FAST furnace (HP D 25, FCT Systeme, Rauenstein, Germany) in maintained vacuum of ~100 Pa. PECs also known as Spark Plasma Sintering (SPS) employs a pulsed DC current to heat up an electrically conductive tool. High pulsed DC current generates heat internally. This technique provides very high heating and cooling rates. Detailed PEC sintering temperature profile is given in Figure 4-3. After thermal treatment, samples were cut into cylinders with 20.05 mm diameter and 15 mm length. In order to monitor the temperature changes, 2 mm cylindrical holes were made in the centre of the samples for the thermocouple positioning. Structured supports had 70 % macro-porosity and 2.7 mm -1 surface area. 316L type stainless steel supports were also prepared for comparison as described elsewhere [9].

Powder Ni/Al 2 O 3 catalyst was prepared according to the procedure described in [9] by impregnation of boehmite powder AlO(OH) (Sasol, Germany, particle size D 90 =50 μm) with an aqueous solution of nickel nitrate hexahydrate (PANREAC). Before coating, all supports were cleaned with iso-propanol for 10 minutes under ultrasonic treatment to remove dirt from the surface. Samples were dried overnight at 100°C. 

Catalytic activity and stability

A quartz tubular reactor (24 mm diameter and 100 mm length) was used. K-type thermocouples installed at inlet and outlet of the quartz tube for the continuous temperature measurements of the gas and the structured catalyst was used (see Figure 45). Catalysts were packed in the middle of the reactor and fixed with quartz wool. In order to have the fair comparison of the samples, powder catalyst (1.2 g) was diluted with 3 mm alumina beads to get the same volume as structured catalysts. Before the reaction test, catalysts were activated under a continuous flow of H 2 /N 2 (80/20 vol.%) at the total rate of 100 ml•min -1 (STP) and temperature of 450°C (heating rate 10°C•min -1 ) for 3h under atmospheric pressure. After reduction, temperature of the furnace was adjusted to the reaction temperature under continuous flow of nitrogen. Methanation reaction was performed at temperatures between 280 and 500°C under atmospheric pressure. Carbon dioxide and hydrogen were continuously fed into the reactor together with nitrogen carrier gas at the total rate of 100 ml•min -1 (STP) resulting in GHSV of 1300 h -1 with a feed composition of CO 2 :H 2 :N 2 = 1:4:5.

The catalytic stability was determined by monitoring CO 2 conversion as a function of time-on-stream.

Stability test was performed under 10 ppm hydrogen sulphide (H 2 S) containing feed gas at 450°C for 96 h. Gas chromatography (450-GC, Bruker, Germany) was used for the analysis of reagents and products. Flame ionization detector (FID) and thermal conductivity detector (TCD) were used to measure CH 4 and CO 2 concentrations, respectively. Temperature of the detectors was maintained at 300°C. The calibration was performed using a known gas mixture without a catalyst. Conversion (X CO2 ), selectivity (S CH4 ) and productivity (P CH4 ) were calculated using the following equations: significantly reduces the inner porosity (from 10.6 to 2.5 %). Strong bonding between the copper particles in the whole structure was achieved after sintering at a temperature >990°C, which is closer to the melting temperature of copper (ca. 1083°C) [10,11]. Furthermore, N 2 low-temperature sorption analysis proved the change of the micro-structure by reduction of the surface area (Table 4-2).

𝑋 𝐶𝐶 2 = � 𝐹 𝐶𝐶 2 𝑖𝑖 -𝐹 𝐶𝐶
Average surface roughness of the fibres was examined using an optical profilometer. Surface roughness images are given in Figure 4567. In contrast to the temperature effect on inner porosity, no significant effect on surface roughness was observed.

The effect of the sintering atmosphere on the properties of the structured copper supports was studied by changing inert (N 2 ) atmosphere to a reducing atmosphere (H 2 :N 2 ). In order to have dense fibres with a good quality, there should be minimum amount of binder (carbon source) in the paste, and oxidation should be avoided. Oxidation can occur by air, moisture or carbon dioxide during the paste preparation, 3D-manufacturing step and drying. Hydrogen as a reducing gas can prevent the oxidation and minimise the oxide content in the fibres of the structure. Figures 6d and6f present the samples sintered at 1000°C under nitrogen and reducing atmosphere (H 2 :N 2 = 1:1), respectively. It can be seen that denser copper fibres were achieved under reducing atmosphere. Inner porosity of the fibres decreased after sintering in H 2 :N 2 , from 2.5 to 0.1 %, and surface roughness slightly decreased from 6.9 to 5.9 μm. SEM results showed that PEC sintered sample (Figure 4-6e) is as dense as conventionally sintered sample (Figure 4-6d), however 'greenish' surface was observed (see Figure 4-3). It was reported before that the colour formed on copper surface is a function of copper oxide layer thickness [12]. Copper (I) oxide on the surface of the PEC sintered sample was detected by XRD analysis (Figure 45678). Surface oxidation could be prevented by sintering in reducing atmosphere. shows the rheological properties of the coating suspension. Rheometer was used to determine the single point viscosity at room temperature as a function of shear rate (0.001, 0.1, 10 and 1000 s -1 ).

From one side, coating suspension is expected to have high viscosity at low shear rates to avoid leaking through the macro-pores of the sample. On the other hand, coating suspension should have lower viscosity at higher shear rates so that the excess suspension can be easily removed from the sample. Therefore, rheology of the coating suspension should be set according to the geometry of the support and coating technique. It is known that the adhesion strength of the catalytic coating strongly depends not only on the coating suspension but also on the nature of the support.. It was reported that the weight loss of ca.6 % after 30 min of treatment with petroleum ether was considered as an adhesive alumina coating on FeCrAl metallic supports [13,14]. In order to test the adhesion strength of the coating, coated structures were treated in a high-intensity ultrasonic bath in distilled water for 1, 15, 30 and 60 minutes. The weight loss values are given in Table 4-3. In literature, to increase the adhesion strength, metallic supports are usually treated by chemicals (etching) [15] or calcined at high temperatures [16] to increase the surface roughness of the substrate. Furthermore, nanoparticles in the coating suspension can occupy the unevenness's of the substrate surface, therefore improve the adhesion strength. Copper structured catalyst coated with Ni/alumina suspension had a weight loss of 17 % after 1 minute of US treatment. After 60 min of US treatment, a weight loss of 43 % was measured. An increase of the colloidal silica content in the suspension from 0.5 to 2 % improved the adhesion strength significantly (14 % weight loss after 60 min US treatment). Despite a similar surface roughness, the stainless steel structures coated with Ni/alumina showed much higher adhesion strength than copper samples. The reason is the nature of the support material. According to our equilibrium calculations, selectivity reaches the corresponding equilibrium value at 400°C. The highest selectivity to methane was found to be 98 % at 400°C for all samples. Above 450°C, the formation of ethylene and carbon monoxide is favoured, therefore methane selectivity and carbon dioxide conversion decreased.

Figure 4-10 shows the methane productivity of powder and structured catalysts. Methane productivity reached a maximum at ca. 450°C. Results show that the temperature of 450°C is optimal for this reaction (highest CH 4 selectivity 98 % and highest CO 2 conversion of ca. 50 %). The 3D-SS catalyst showed slightly higher CO 2 conversion (ca. 3%) than 3D-Cu catalyst due to higher catalysts loading (Table 4-1) on 3D-SS sample than on 3D-Cu one. Catalytic results demonstrated that structured and powder catalysts showed very similar methane yield and carbon dioxide conversion.

Methane productivities of the catalysts were calculated and found to be 4.5, 4.1 and 3.8 mmol CH4 •g cat -1 h -1 for 3D-Cu, 3D-SS and powder catalyst, respectively. Methane productivity of structured catalysts was found to be slightly higher than powder catalysts. Ni/alumina coating was removed from the structured samples tested in the presence of 10 ppm H 2 S by intensive ultrasonic treatment in deionized water for 6h. The BET surface area of the fresh and spent catalysts was measured (Figure 4-12). The BET surface area of the spent catalysts was found to be lower than the one of the fresh samples. The biggest decrease of the surface area (by ca. 150 m2•g-1) was observed between fresh and spent catalysts. It is known from literature that reduction of the catalyst can affect the surface area [17]. The surface area can also decrease due to the carbon deposition on the catalyst surface leading to the pore blockage [18,19], crystalline phase transitions leading to sintering of catalytic supports and sintering of metallic species during the reaction run. It can be seen that the decrease of the specific surface area became more severe with increased time on stream. In the case of 3D-SS sample, increase of the reaction time from 24 to 80 h leads to a decrease of the surface area by ca. 50 m2•g-1. However, no significant effect on the conversion was observed . It is reported in literature, that carbon deposition starts from the formation of amorphous (C β , 250-500°C) and graphitic (C ɣ, 150-250°C) carbon islands [20], that further leads to either encapsulation of the metallic active phase causing the decrease of the catalytic activity or formation of filamentous carbon which does not encapsulate nickel active sites, causing only a slight decrease of the catalytic activity [21]. Therefore, it is possible to conclude that the second route took place. DTGA-MS and N 2 low-temperature sorption results were found to be in a good agreement with the stability of the catalytic activity of the structured catalysts.

Conclusions

In this chapter, innovative 3DFD copper supports were developed and manufactured.

Calcination and sintering at different temperatures were investigated. Both sintering temperature and atmosphere were found to affect the morphology of the struts of the structures. The optimal sintering conditions were found to be as follows: 1000°C, 5 h, under H 2 :N 2 (1:1) atmosphere in conventional high-temperature oven. PEC sintering technique provides quick heating and sintering (10 minutes instead of 5 h), however undesired surface oxidation was detected. The result demonstrates the feasibility of using 3DFD to manufacture copper supports/structures with complex geometries. In future, optimized PEC sintering technique can be integrated with 3D-printing technology, especially for the sintering of conductive materials. Adhesion strength of the coating was found to be better on stainless steel than on copper supports, however the latter can be improved by the addition of inorganic binder (e.g. colloidal silica, AlPO 4 , bentonite) or by increasing the surface roughness.

In CO 2 methanation, with diluted reactant gas and under atmospheric pressure, copper and stainless steel supported Ni/alumina catalysts showed slightly higher productivity than powder Ni/alumina catalysts. 80 h stability test showed that an addition of 10 ppm H 2 S to the stream did not significantly change the structured catalysts performance. Innovative porous structures were found to be promising as catalytic supports providing the improved temperature control with the efficient use of the catalyst. The further work highlighted in chapter 5 is devoted to testing structured catalysts in CO 2 methanation reaction in the pilot-scale reactor at CEA-Liten in Grenoble with reactant gases without dilution and under high pressure.

4.5.

Introduction

The conversion of CO 2 to methane is a promising process in Power-to-gas (PtG) applications [1,2]. Methanation reactors in PtG applications can be divided into different categories. Regarding their technological development, they can be classified as: commercialised, demonstration and R&D scale reactors. Considering methane production, several ongoing PtG projects have been identified

woldwide. One of the planned PtG platforms is the Jupiter 1000 to be built at the Fos sur Mer harbour nearby Marseille in France in 2020 [3]. An intensified methanation reactor will be used in the process and CO 2 from industrial flue gas will be employed. The methanation reactor technology will be provided by CEA Liten, Grenoble. The produced methane will be stored in the natural gas grid. More details about PtG plants can be found elsewhere [3][4][5][6][7][8][9]. Industrial scale methanation reactors usually have operating pressures ranging between 10-77 bars. The lifetime of their conventional Ni/alumina catalysts is generally between 2 and 4 years [10].

For exothermic chemical reactions, using a packed-bed reactor can lead to hot-spots and catalyst deactivation due to the sintering of the catalyst. It is essential to remove the produced heat from the reactor more efficiently. In recent years, great interest has been shown in structured catalysts/reactors, e.g. metal based structured catalysts such as metallic plates [11], foils [12,13],

microfibrous materials [14], monoliths [15], foams [16,17] and additive manufacturing (AM) materials [18,19] due to a number advantages over conventional reactors for exothermic reactions. It is interesting and useful to compare the performance of different reactor types.

In our previous chapters, methanation reactions were studied at temperatures between 250 and 450°C on AM manufactured supports with different architectures coated with Ni/Al 2 O 3 catalysts [18].

At low temperatures, the effect of the geometry of the structured support on heat and mass transfer and thus on CO 2 conversion was observed. Structured catalysts showed ca. 89 % CO 2 conversion without showing any geometry effect at high temperatures (above 370°C). The structured catalyst lowered the temperature increase (hot spots) and enhanced the stability of the catalyst. During stability tests (350°C, H 2 /CO 2 = 4, WHSV 1500 h -1 ), the initial CO 2 conversions were observed to be 80 % and 73 % for structured and powder catalysts, respectively. The powder catalyst showed an 8 % decrease of CO 2 conversion after only 45 h time-on-stream. In the case of the structured catalyst, CO 2 conversion stayed constant at ca. 80 % during 53 h time-on-stream. In a recent study with Ni/CeO 2 coated honeycomb, structured catalysts showed a similar high stability during 124 h time-on-stream for the methanation reaction [20].

In this chapter, we studied the additive manufactured stainless steel and copper supports coated with two different Ni/alumina catalysts. A single channelled reactor was designed for pilot-scale experiments at CEA, Liten. The effects of the reduction temperature and alumina precursor for CO 2 conversion were studied. Improved methane productivity and stability were achieved by 3D-structured catalysts in pilot-scale experiments.

Experimental

Support manufacturing, catalyst and coating preparation

The 316L type stainless steel (Carpenter Technology, US, <25 μm powder) and copper (Sigma-Aldrich, 14-25 μm powder) were used to manufacture structured supports using 3-Dimensional Fibre Deposition (3DFD) solid free forming technique as described elsewhere [21].

Nozzles with a diameter of 400 µm were used to manufacture 3D-structures with 1-1 and 1-3 stackings (Figure 5-1 and 5-2). Porous supports were built up layer-by-layer by computer controlled movements in x, y and z-directions. Structures were dried at room temperature for 2 days. Then, stainless steel and copper supports were sintered at 1030°C for 4 h under vacuum and at 1000°C for 5 h under H 2 :N 2 (1:1) atmosphere, respectively. After sintering, periodic porous structures were obtained. Supports were cut into cylinders with 20.1 mm diameter and 30 mm length. In order to monitor the temperature changes, 2 mm cylindrical holes were made in the centre of the samples for the multipoint thermocouple placement. Before coating, all supports were cleaned in iso-propanol for 10 minutes under ultrasonic treatment to remove the traces of fat and dirt on the surface coming from cutting process. Before coating, samples were dried overnight at 100°C. A micro-GC (SRA R2000) was used for the analysis of reagents and products. TCD was used to measure CH 4 , CO 2 and CO concentrations. The peaks from C 2 H 4 and C 2 H 6 were indistinguishable from each other. The calibration of peak areas was performed using a known reactant gas composition using calibration gas cylinders. Conversion, selectivity and productivity were calculated using the following equations: Though the spinel peak was not detected by XRD measurements due to overlapping, XPS results were found to be consistent with the results of XRD examination. The first peak is assigned to the reduction of bulk NiO which interacts weakly with alumina support.

𝑋 𝐶𝐶 2 = � 𝐹 𝐶𝐶 2 𝑖𝑖 -𝐹 𝐶𝐶
The second broad peak is attributed to the reduction of NiAl 2 O 4 . The catalyst reduced at 600°C

showed broad reduction peak at 250 to 500°C and the high temperature peak was shifted to the higher ). It also has been explained that active NiO reacts with Al 2 O 3 to transform into Nickel aluminate spinel structure during heat treatment at high temperature [26,27] and prolonged calcination time can alter the texture and promotes the NiAl 2 O 4 formation [28].

The high temperature reduction peak of Ni-γ-P catalysts reduced at 600°C was not affected by the prior calcination. Broader low temperature reduction peak corresponding to NiO weakly interacting with catalyst support was observed on reduced Ni-γ-P. Both Ni-γ-P and commercial Evonik Octolyst 1001 (14-17 wt.%Ni) catalysts showed broad reduction peak starting at 250°C therefore demonstrated the best reducibility at low temperatures. It has been explained that changing the nickel loading, nickel species interacts differently with Al 2 O 3 . Above 12 wt.%Ni on alumina, the alumina is saturated with Ni, and bulk NiO is formed on the alumina surface [29].

In summary, Ni-BOE-P showed high temperature reduction TPR peaks. The impregnation of boehmite with nickel followed by the calcination at 450°C resulted in NiAl 2 O 4 spinel formation that decreases the reducibility of the catalyst. High reducibility at low temperatures was achieved with the Ni-γ-P catalyst.

Figure 5 Lab-scale measurements also showed that Ni-γ-P gave a much higher CO 2 conversion than Ni-BOE-P catalyst and conversion started at a lower temperature. The selectivities of all catalysts were constant (ca. 98%) at the temperature <400°C. In the case of Ni-BOE-P catalyst reduced at 450°C, selectivity was found to be only 80 %. Main by-products were detected to be CO and C 2 H 4 . .h -1 , respectively. Increasing pressure increases the partial pressure of the reactant gases and therefore thermodynamic equilibrium conversion, as well as the reaction rate. Thus, with the increase of the pressure at constant flow rate, the CO 2 conversion and methane productivity were increased. By-product compounds were observed to be 5 % CO, negligible amount of C 2 H 4 /C 2 H 6 (<0.001 %). All the structured catalysts showed a similar trend of CO 2 conversion by an increase of a pressure. .h -1 at GHSV of 330 h -1 . An increase of GHSV from 330 to 2473 h -1 led to an increase of productivity from 102 to 256 mmol•g Ni -1

.h -1 and a decrease in CO 2 conversion from 45 to 15 %. For the continuous production in large-scale industrial plants, high activity at a higher GHSV is desired. Productivity is directly linked to the molar flow rate (mmol.h -1 ) of products. Thus, an increase of the molar flow rate of reactants increases the methane productivity. As expected, a similar effect of GHSV was observed of all the structured catalysts. Temperature all along the reactor was observed to be homogeneous. No hot-spots formation was observed at the highest CO 2 conversion of 50 %. It was reported that in the case of packed bed of Evonik Octolyst 1001 catalyst, the temperature at the centre of the catalytic bed went up to 520°C at the set temperature of 250°C, so the hot-spot temperature was found to be ca. 270°C [30]. Ni-BOE-3DSS catalysts were compared at the temperature of 400°C. Structured catalysts showed slightly higher methane productivity than the powders in packed-bed configuration at the same conditions. The productivity of the Ni-γ-P and Ni-γ-3DSS catalysts was found to be ca. 2 times higher than the Ni-BOE-P and Ni-BOE-3DSS catalysts. The reason could be the starting materials (AlO(OH) and γ-Al 2 O 3 ), that affects the metal-support interactions and reducibility of the catalysts. A clear increase of methane productivity with increase of pressures is observed on the pilot-scale.

The results of the productivity were compared with previously reported studies. Methanation reaction was performed with commercial Evonik Octolyst 1001 coated onto aluminium OCF [30]. CO 2 conversion of 22 % was achieved at 300°C, 5 bars and 5 Nl•min -1 flow. Selectivity was recorded to be 95 %. Frey et al. studied the methanation reaction with Ni/ceria-zirconia coated aluminium OCF structured catalyst [31]. In this study, the productivity of the OCF catalyst was found to be slightly higher than the packed-bed of the same catalyst. The productivity of the Evonik Octolyst 1001 Al OCF was found to be ca. 4 and 2 times higher than Ni-γ-3DSS and Ni/CZ/Al OCF catalysts, respectively. It has to be mentioned that no direct comparison can be made between 3D-SS, 3D-Cu and OCF structured catalysts due to the difference in support material, cell geometry, macro-porosity, coating thickness, type of active catalyst and oxide etc.

To conclude, the highest methane productivity was achieved with the Ni-γ-3DSS catalyst. The scale-up possibility of the structured catalysts was proved by the tests in the pilot single-channel reactor. Methane productivity of 256 mmol•g Ni -1

•h -1 was achieved at 328°C, 15 bars. This productivity value is ca. 3 times higher than the results obtained in the lab-scale reactor, and comparable with literature data. with previously reported data: e.g. a stability test on commercial powder Evonik Octolyst 1001 was performed for methanation reaction in a multichannel structured reactor [30]. The maximum temperature was recorded to be 500°C, and the initial CO 2 conversion was 86 %. After 80 h TOS, a 13.6 % decrease of CO 2 conversion was observed. It is reported that carbon deposition, sintering of the catalytic support and metallic phase can lead to a decrease of catalytic activity during the reaction run [12,[32][33][34]. 

Conclusions

This chapter describes the innovative 3DFD structured supports that were developed, manufactured and coated with Ni/alumina catalysts made of different alumina precursors. The type of alumina support affected the catalytic performance due to their different physical properties (pore size, specific surface area, reducibility, crystallinity). Characterization of the catalysts showed that nickel aluminate spinel formation occurred on Ni-BOE catalysts leading to an increase of the reduction temperature. The lab-scale experiments showed that in the presence of aluminates, reduction temperature and reducibility of the catalyst decreases. Nickel aluminate formation can be avoided by using Ni/alumina catalysts made of γ-alumina precursors which were calcined and reduced at 500°C. 3D-structured catalysts were scaled up in a pilot-scale reactor at CEA Liten, Grenoble.

Pilot-scale experimental results were found to be in agreement with lab-scale tests. The highest methane productivity was achieved with Ni-γ-3DSS catalysts. Methane productivity was calculated to be 256 mmol•g Ni -1

•h -1 which was ca. 3 times higher than results obtained in the lab-scale reactor. The Ni-γ-3DSS catalysts showed high stability for 80 h time-on-stream with non-diluted feed gas under pressure of 15 bars. No hot-spots formation was recorded during the reaction and a low amount of carbon deposits was detected.

[1] K. Altfeld, D. Pinchbeck, Admissible hydrogen concentrations in natural gas systems, (2013). www.gas-for-energy.com. However, the pressure drop through the structures even with 1-3 architecture was found to be 10 times lower than conventional packed-beds with 3mm alumina beads.

Structured copper supports were manufactured as an alternative to stainless steel structures because of their higher thermal conductivity. Copper paste with an alcohol based binder was prepared for the manufacturing of support structures. Sintering temperature and atmosphere affected the morphology of the copper fibres. To enhance the thermal conductivity of the structures, dense fibres with ca. 0.1 % inner fibre porosity were achieved by controlling the sintering temperature and atmosphere. The homogeneous coating on the structures was obtained by optimizing the coating suspension. However, the coating on stainless steel supports was found to be more adhesive than on copper ones due to the nature of the support.

It was proved that preparation techniques and materials play a crucial role in catalyst preparation and have a strong effect on the activity of catalysts. Nickel/alumina catalysts with two different alumina powders were prepared by impregnation. Catalysts prepared from boehmite exhibited nickel alumina spinel formation showing a higher reduction temperature. This can be overcome by using γ-alumina for the catalyst preparation. Structured catalysts were tested in lab and pilot reactors. In the pilot reactor, methane productivity increased by a factor of 2 compared to the lab scale tests. Furthermore, no hot-spots formation was observed during 80 h TOS using Ni/alumina structured catalyst. Stability test showed only 3.6 % deactivation under undiluted reactant gas with a pressure of 15 bars. The highest methane productivity of 256 mmol•g Ni -1

•h -1 was achieved by using Ni/alumina supported on stainless steel structured catalysts in the pilot-scale reactor.

The use of structured catalysts/reactors showed advantages over conventional catalysts/reactors such as relatively low pressure drops, high mass-and heat-transfer properties and design flexibility. Structured catalysts were successfully implemented in the pilot scale reactor for the production of methane. This study demonstrates the real potential of 3DFD structured supports over conventional reactor designs.

Outlook and recommendations

For better temperature control, support structures were manufactured from copper. In order to improve the adhesion strength of the copper structures, a study aiming to improve the adhesion strength of the coating by chemical or physical treatments on copper surfaces is highly recommended.

Furthermore, structured supports could be manufactured from other commercially attractive metals and alloys with high thermal conductivity (e.g. aluminium). We were able to successfully print pure aluminium 3DFD structures. However, sintering of them was found to be a challenge due to their ease of oxidation. The use of aluminium alloys could overcome the sintering issue. In the case of sintering of such conductive materials, PEC or plasma sintering can be used. Direct bulk printing of 3DFD Wash coating, 57, [START_REF] Jensen | From coal to clean energy[END_REF][START_REF] Visconti | Accurate prediction of the effective radial conductivity of highly conductive honeycomb monoliths with square channels[END_REF][START_REF] Groppi | Experimental and theoretical study of gas/solid mass transfer in metallic filters as supports for micro-structured catalysts[END_REF] 
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  Ni-Al 2 O 3 coated catalytic supports (Ni-foam, Cu-foam and Cu-Ni alloy foam) in syngas methanation were investigated by Li et al.[START_REF] Li | Metal-foam-structured Ni-Al 2 O 3 catalysts: Wet chemical etching preparation and syngas methanation performance[END_REF]. The experiments at 350°C and GHSV of 5000 h -1 showed that Ni-Al 2 O 3 /Ni-foam gave much higher activity and CH 4 selectivity than Ni-Al 2 O 3 /Cu-foam and Ni-Al 2 O 3 /CuNi-foam, that was expected to be due to the higher surface amount of nickel in the Ni-foam. Additionally, temperature difference between the reactor wall and the catalyst-bed was analysed on Ni-Al 2 O 3 /Ni-foam and Ni/Al 2 O 3 packed bed catalyst at 350°C by CFD simulation and monitored experimentally. It was observed that in the case of Ni-Al 2 O 3 /Ni-foam the temperature difference was always lower than in the case of Ni/Al 2 O 3 packed bed in the whole temperature range due to highly enhanced heat transfer.
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 1 Figure 1-30. Images of Cu MFEC structure: (A) photograph before catalyst loading; (B) SEM image of before catalyst loading; (C) photograph after catalyst loading; (D) SEM image after catalyst loading [140].
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 1 Figure 1-31. Photograph of Microlith™ (left) and catalytic coating on the fibres (right).
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 1 Figure 1-32 illustrates the difference in a boundary layer formation in a conventional monolith and Microlith™. It is noteworthy that the heat-and mass-transfer coefficients depend on the boundary layer thickness. In the case of a conventional long channel honeycomb monolith, a fully developed boundary layer is present over a considerable length of the catalytic surface, thus limiting the rate of reactant transport to the active sites. It was reported that this effect can be avoided when short channel length catalytic screens (e.g. Microlith™) are used.
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 1 Figure 1-32. CFD analysis of boundary layer formation for a conventional monolith (left) and three Microlith™ screens (right) [144].
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 1 Figure 1-33. 3DFD manufactured metallic and ceramic structures.
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 1 Figure 1-34. Dip-coating procedure.

  -1). The 1-1 stacking 3DFD structure has straight fibres in the direction of the flow, while the 1-3 structure consists of 'zigzag' fibres in the direction of the flow. Structures were dried at room temperature for 2 days. Then they were sintered at 1300°C for 4 h in inert atmosphere and cut into cylinders with 20.1 mm diameter and 20 mm length. Before coating, all supports were CHAPTER 2 cleaned in iso-propanol for 10 minutes under ultrasonic treatment to remove light oils and dirt from the surface. Samples were dried overnight at 100°C. The overview of the manufactured structures is given in Table2-1. Macro-porosity and specific surface area of the 3DFD supports were calculated according to listed equations in Appendix A. Where a is fibre thickness (mm), n is inter-fibre distance (mm) and M is axial centre difference between two fibres (mm). Stacking constant c refers to stacking length between two layers of fibers in z-direction considering an anisotropic pore architecture. In the case of these 3DFD supports, c constant of 0.00677 mm is obtained from SEM images.
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 21 Figure 2-1. Cross-sectional images of the structures with 1-1 (up) and 1-3 (down) stacking positions.

a

  Sample code: first character (4 or 6) refers to the nozzle diameter (0.4 or 0.6 mm, respectively), second character refers to the stacking positions (A: 1-1 and B: 1-3), third character points inter-fibre distance (0.8 or 1 mm).

  Powder catalyst was prepared by impregnation method starting from boehmite powder, AlO(OH) (Sasol, Germany, average particle size D 90 = 50 µm) and an aqueous solution of nickel nitrate hexahydrate (PANREAC). Boehmite (10 g) was added into the aqueous solution of nickel nitrate (5.10 -4 M, 50 mL) under stirring and kept at room temperature for 24 h. The Ni-loading was calculated to be 12 wt.%. The mixture was dried by freeze drying (HETO Powerdry LL3000) under high vacuum at 15°C. The dried powder was calcined at 450°C for 10 h under atmospheric pressure with a heating rate of 1°C•min -1 . At this temperature, transformation of boehmite into γ-alumina takes place. After calcination, dried powder catalyst was sieved to achieve the particle diameter of 25 µm.For the coating preparation, Ni/Al 2 O 3 powder was wet ball-milled (10 g of ZrO 2 spheres were used per gram of catalyst) at 300 rpm for 60 min (15 min milling, 45 min rest) by Planetary Micro Mill (Fritsch Pulverisette-5). Ball-milled samples were again freeze-dried and then sieved to get the particles of 3-7 µm.Coating slurry was prepared as follows: 1-5 g PVA (Polyvinyl alcohol, Fluka Chemica, 100.000), and 0.5-2 g colloidal silica (LUDOX HS-40, Sigma Aldrich) were added to 73 ml deionised water at 60°C and left without stirring overnight. Powder Ni/Al 2 O 3 catalyst (20 g, 3-7 µm) and 1 ml of acetic acid (0.2M, Merck) were added into the slurry. The solvent/catalyst ratio was 3.6-3.9 %. The mixture was stirred at room temperature for 24 h. The dip-coating of 3DFD supports was performed manually with a tank containing coating suspension and an air blow gun: the 3DFD supports were immersed into the suspension for 60 s, and the excess suspension was removed by blow gun. The coating was repeated until the loading of ca. 0.17 -0.19 g•cm-3 support was achieved. The catalyst loading was calculated as follows: 𝐿𝑚𝑓𝑑𝑘𝑘𝑑 = 𝐺 𝑔𝑜𝑠𝑠𝑜𝑟𝑡 + 𝑟𝑔𝑡 -𝐺 𝑔𝑜𝑠𝑠𝑜𝑟𝑡 𝑉 𝑔𝑜𝑠𝑠𝑜𝑟𝑡

- 3 .

 3 It is worth to mention that the setup is not optimal for this reaction and was built for the basic screening of the catalysts. A quartz 24 mm diameter and 100 mm length) was used. A K-type thermocouple inserted at inlet and outlet sides of the quartz tube for continuous temperature measurements. Catalysts were packed in the middle of the reactor and fixed with quartz wool. The reactor was placed in the middle of the furnace. In order to have a fair comparison of the samples with different geometry (stacking, macro-porosity), the same amount of catalyst was used for each experiment. Before the reaction test, catalysts were activated under a continuous flow of H 2 :He (80:20 %) at the total rate of 100 ml•min -1 (STP) and temperature of 450°C (heating rate 10°C•min -1 ) for 2 h under atmospheric pressure. After reduction, temperature of the furnace was adjusted to the reaction temperature under continuous flow of helium. Methanation reaction was performed at temperatures between 250 and 450°C under atmospheric pressure. Carbon dioxide and hydrogen were continuously fed into the reactor together with helium carrier gas at the total rate of 100 ml•min -1 (STP) with a feed composition of CO 2 :H 2 :He = 1:4:15.
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 23 Figure 2-3. Experimental setup for methanation reaction.

Figure 2 -

 2 Figure 2-5 shows the XRD pattern of the calcined and reduced Ni/Al 2 O 3 catalysts. Aluminaphase evolution was studied depending on the thermal treatment conditions, and was found to be in perfect agreement with previously reported data[39]. It can be seen that after calcination, NiO and γ-Al 2 O 3 phases are observed that confirms the transformation of boehmite to γ-Al 2 O 3 (could not be completely distinguished with NiAl 2 O 4 ). After reduction, NiO signals almost disappeared (43.1° and 62.9°), that indicates nearly full reduction of NiO. The formation of metallic Ni cannot be clearly seen due to the overlapping of the signals of alumina, NiAl 2 O 4 and Ni 0 (44-47° and 65-69° 2Theta). However, there is a clear indication of the formation of metallic Ni, i.e. no shift of the peak at 37.1° (alumina and NiAl 2 O 4 ) was detected, while there is a clear shift to "Ni-rich" direction of the signals where the signal of metallic Ni could be present: from 45.6 to 45.2° and from 66.6 to 65.9°.
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 24 Figure 2-4. DTA profile of the powder Ni/Al 2 O 3 catalyst.

Figure 2 - 5 .

 25 Figure 2-5. XRD patterns of calcined and reduced Ni/Al 2 O 3 catalysts.

Figure 2 - 6 .

 26 Figure 2-6. Cumulative particle size distribution of the wet-milled catalyst.

Figure 2 - 7 .Figure 2 - 8 .

 2728 Figure 2-7. Coating suspension viscosities versus PVA concentration at different shear rates.

before (Figure 2 -

 2 9a) and after 1 h ultrasonic treatment (Figure2-9b). The right light-grey part of the structure in Figure2-9 corresponds to the stainless steel fibre and the left dark-grey part refers to the catalytic coating. The thickness of the coating was measured to be 18 and 12 µm before and after ultrasonic treatment, respectively.

Figure 2 - 9 .

 29 Figure 2-9. SEM images of the coated 3DFD structure: before (a) and after (b) adhesion strength test.

Figure 2 -

 2 Figure 2-10. CO 2 conversion versus WHSV at different temperatures (powder Ni/Al 2 O 3 catalyst).

Figure 2 - 11 .

 211 Figure 2-11. Methanation reaction at different temperatures (WHSV 1500 h -1 ).

Figure 2 - 12 .

 212 Figure 2-12. Stability test on packed-bed and 4B1 structured catalyst. Reaction conditions:

  the experimental and modelling study related to the heat transport and pressure drop properties of 3D-manufactured stainless steel structured catalytic supports. The effective thermal conductivity was determined at temperatures between 50 and 500°C by diffusivity measurements. For the samples with 74 % macroporosity, at temperatures from 50 to 500°C, axial and radial effective thermal conductivities ranged between 1.78-2.5 and 1.83-2.87 W•m -1 •K -1 , respectively. The effect of geometry (fibre stacking, fibre diameter and macro-porosity) on the effective thermal conductivity was experimentally determined and compared to the modelling results. The effective thermal conductivity model studied proposed for stainless steel structures can be easily adapted to the structures made of other materials. The main parameter influencing the effective thermal conductivity was found to be the macroporosity. The effects of the geometry (fibre stacking) and the coating thickness on the pressure drop were studied experimentally. The pressure drop was measured by a manometer with air as a fluid gas. Pressure drop measurements showed that the samples with zig-zag fibre stacking (1-3 stacking) exhibit higher pressure drop values than the samples with straight fibre stacking (1-1 stacking) at the same macroporosity due to their lower open frontal area.

  4 and 0.6 mm were used to manufacture the supports with inter-fibre distances between 0.6 and 1.0 mm. The cross sectional drawings of the structures with 1-1 and 1-3 stackings are given in Figure 3-1. The cross section of the fibres showed ca.3 % closed porosity. The 1-1 structure has 'parallel' fibres in the direction of the flow, while 1-3 structure consists of 'zig-zag' fibres in the direction of the flow.
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 31331 Figure 3-1. Fibre stacking (1-1) and (1-3).

Figure 3 -

 3 Figure 3-2. "Sandwich" design of the 4(1-1)8 (left) and 4(1-3)8 (right) structures for thermal conductivity experiments.

Figure 3 - 3 .

 33 Figure 3-3. Schematic drawing of the experimental setup used for ETC measurements.

Figure 3

 3 Figure 3-4.
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 34 Figure 3-4. Dimensionless plot of rear surface temperature history diagram Parker et al. [17].

2 .

 2 Bulk density of sample is taken as 7800 kg•m -3 .

Figure 3 - 5 .

 35 Figure 3-5. In the case of 4(1-1)8 and 4(1-3)8, the structure with 1-1 stacking has 69 vertical fibres per cm 2 in the axial direction and the sample with 1-3 stacking has no direct connection between the fibres of two subsequent layers (Figure 3-1).
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 35 Figure 3-5. OM image of a 1-1 sample for axial ETC calculation.
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 36 Figure 3-6. OM image of a sample for radial ETC calculation.

Figure 3 - 7 .

 37 Figure 3-7. The schematic drawing of the 4(1-1)8 structure for axial thermal conductivity modelling.

- 8 .

 8 The setup was built for the basic screening of the pressure drop using different gas velocities. Air was used as a flow gas, experiments were performed at room temperature. At the inlet of the tube, a 30 mm thick glass wool layer was inserted in order to homogenize the flow. The samples of 20 mm length were centred in a 21 mm diameter tube. The samples were wrapped with a Teflon tape bandage in order to prevent the gas bypass. There were two holes with a diameter of 4 mm at top and bottom of the sample that were connected to the micro-manometer. The accuracy of the manometer was ± 0.05 Pa. The inlet flow rate was controlled by a mass flow controller. The air superficial velocity was ranged between 0.1 and 4.9 m•s -1 . The Reynolds number (Re) was calculated from the equation(3)(4)(5)(6)(7)(8):𝑅𝑒 = 𝜌𝑉𝑎 𝜇 (3-8)where a is the fibre diameter (m), V is the fluid superficial velocity (m•s -1 ), ρ is the fluid density (kg•m -3 ) and μ is the air dynamic viscosity (Pa•s).

Figure 3 - 8 .

 38 Figure 3-8. Setup for pressure drop measurements.

Figure 3 -

 3 Figure 3-9 shows experimental and COMSOL model results of the effect of stacking on the ETC of 4(1-1)8 and 4(1-3)8 samples. The samples were manufactured with the nozzle of 0.4 mm diameter and have a macro-porosity of 74 % and a specific surface area of 2.6 mm -1 . The fibre density in each structure was kept constant to investigate the stacking effect.

Figure 3 - 9 .

 39 Figure 3-9. Effect of the fibre staking on effective axial ETC of 4(1-1)8 and 4(1-3)8 samples.

  arrows show the directions of the heat flux at temperatures between 300 and 320°C. Non-linear fibre stacking (1-3) results in different temperatures along the fibre. Temperature distribution through one fibre is plotted in Figure 3-11. It is clear that fibres of the 1-1 stacking sample have more homogeneous temperature profile (ca. 305°C). At the same temperature, effective thermal conductivity of the sample with 1-3 stacking is lower than the sample with 1-1 stacking. Moreover, the temperature of the fibres show strong spatial variation in the case of 1-3 stacking.

Figure 3 - 10 .

 310 Figure 3-10. Heat flow (arrows) and temperature (colours) in linear stacking fibres in axial direction (left) and non-linear stacking fibres in axial direction (right).

Figure 3 -

 3 Figure 3-11. Temperature distribution model for samples 4(1-1)10 and 4(1-3)10.

  and 81 %) by modifying interfibre distances (0.4, 0.6, 0.8, 1 and 1.2 mm) while keeping the fibre diameter constant at 0.4 mm. The corresponding structures are coded as follows: 4(1-1)4, 4(1-1)6, 4(1-1)8, 4(1-1)10 and 4(1-1)12.

Figure 3 -

 3 Figure 3-12. ETC of 1-1 stacking structures with different macroporosities.

Figure 3 -

 3 Figure 3-13. ETC of 1-1 stacking structures at 70 % macroporosity with different fibre diameters.
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 314 Figure 3-14. Pressure drop versus superficial velocity.

10 Figure 3 - 15 .

 10315 Figure 3-15. Results of pressure drop measurements with the structured samples of different stackings.

Figure 3 - 16 .

 316 Figure 3-16. Effect of the coating thickness on the pressure drop.

  corresponding cumulative particle size distribution (PSD) of the copper powder was determined by PSD analyser (Microtrac S3500) to be as follows: D 10 = 8.15 µm, D 50 = 14.02 µm, D 90 = 22.56 µm and D 99 = 33.82 µm. Copper powder (88 wt.%) sieved to <25 μm to avoid nozzle blockage was mixed in a planetary intensive mixer (Thinky ARE-250, Japan) with organic binder (12 wt.%) at 1950 rpm for 8 min. 3DFD technique was used for the manufacture of the copper structures. Copper paste was extruded through a nozzle with a diameter of 400 μm, and inter-fibre distance was set at 800 μm (Figure4-1). Samples consist of 'zigzag' crossed fibres in the direction of the flow (1-3 fibre stacking). This geometry was chosen due to the results of CO 2 conversion on structured catalysts reported in chapter 2.

Figure 4 - 1 .

 41 Figure 4-1. 3DFD manufacture (left) and optical microscope images of 3D-copper supports (right).
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 44 Figure 4-4. Wash-coating set-up.
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 42 Figure 4-2. Conventional sintering (16 h).Figure 4-3. PEC sintering (65 min.).

Figure 4 - 3 .

 43 Figure 4-2. Conventional sintering (16 h).Figure 4-3. PEC sintering (65 min.).

Figure 4 - 5 .

 45 Figure 4-5. Experimental setup.

Figure 4 - 6 .

 46 Figure 4-6. The inner porosity of the structures was determined from SEM images using the open source software 'ImageJ'. Inner porosity and surface roughness data of the sintered samples are given in Table4-2. Figure4-6a shows the fibre cross section of the copper sample after calcination at 550°C for 2 h under N 2 atmosphere. Highly porous fibres can be seen in both Figures4-6a and 4-6b. These very fragile samples were formed at the temperature below 880°C by conventional sintering method. N 2 low-temperature sorption analysis of these two samples showed specific surface areas of 1 and 1.2 m 2 •g -1 , respectively.
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 4647 Figure 4-6. SEM images of the cross-sections of the fibres of copper 3DFD structures (a) calcined at 550°C, 2 h, under N 2 ; (b) sintered at 880°C, 5 h, under N 2 ; (c) sintered at 960°C, 5 h, under N 2 ; (d) sintered at 1000°C, 5 h, under N 2 ; (e) sintered by PECS at 1010°C, 10 min, under vacuum; (f) sintered at 1000°C, 5 h, under H 2 :N 2 (1:1).

Figure 4 - 8 .

 48 Figure 4-8. XRD patterns of the PEC sintered (Figure 4-6e) and furnace sintered under H 2 atmosphere (Figure 4-6f) samples.

2 .

 2 Characterization of catalytic coatingSintered structured copper supports were coated with Ni/alumina suspension. Figure4-9

Figure 4 - 9 .

 49 Figure 4-9. Viscosity of Ni/alumina coating suspension.

Figure 4 -

 4 Figure 4-11 shows the results of the stability tests on structured catalysts. The experiment was performed at 450°C with a feed gas composition of CO 2 :H 2 :N 2 =1:4:5 in the presence of 10 ppm H 2 S,

Figure 4 - 10 .

 410 Figure 4-10. Methane productivity versus temperature for Ni/Al 2 O 3 powder, 3D-SS and 3D-Cu structured catalysts (GHSV= 1300 h -1 , 1 bar).

Figure 4 -Figure 4 -

 44 Figure 4-11. Lab-scale stability test of the structured catalysts in the presence of 10 ppm H 2 S (450°C, 1 bar, GHSV= 1300 h -1 ).

Figure 4 -

 4 Figure 4-13 shows the DTGA-MS results of freshly calcined and spent catalysts. The DTGA-T plot of the spent catalyst gave a peak at ca. 275°C with 0.44 % weight loss. This negligible weight loss can be an indication of oxidation of the deposited amorphous carbon species on the catalyst surface. Total weight losses of the fresh and spent catalysts were recorded to be ca. 3 and 6 %, respectively.

Figure 4 -

 4 Figure 4-13. DTGA-MS of fresh and spent catalysts.
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 51 Figure 5-1. 3DFD manufactured and sintered 316L type stainless steel support (3D-SS) in 1-1 stacking.
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 5253 Figure 5-2. 3DFD manufactured and sintered copper support (3D-Cu) in 1-3 stacking.

Figure 5 - 4 .

 54 Figure 5-4. Experimental setup for the pilot tests.

Figure 5 -

 5 Figure 5-5 shows the XRD pattern of the fresh, calcined and reduced Ni-γ-P. The broad peaks at 45-54° indicated that nickel oxide was present in an amorphous state or highly dispersed on the support. NiO/Ni peak at 51.8° of calcined catalysts became sharper due to the change of NiO crystallite form after increasing calcination temperature from 500 to 700°C. Peak attributed to NiO/Ni at 69° became sharper after the reduction of the catalyst at 700°C for 3 h.
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 55 Figure 5-5. XRD patterns of the Ni-γ-P catalyst.

Figure 5 -

 5 Figure 5-6 presents the X-ray photoelectron spectroscopy (XPS) spectra of Ni-BOE-P, reduced at 450 and 600°C. The XPS was used to determine the chemical composition of the catalyst surface and to better understand the role of the metal interactions with catalyst support. It is reported in literature that three kinds of Ni could be inferred from the binding energies. The binding energy of Ni 2p 3/2 in NiAl 2 O 4 is 857.0 eV, in the case of NiO intimately interacting with support is 856.0 eV and for bulk NiO the binding energy is 854.0 eV [22,23]. Ni/alumina made of boehmite and reduced at 450°C showed the Ni 2p 3/2 binding energy at 856.48 eV, that can be attributed to NiO closely interacting with alumina support. The same catalyst reduced at 600°C showed Ni 2p 3/2 binding energy at 858.20 eV, closer to the binding energy of the species in NiAl 2 O 4 spinel. With the increase of the reduction temperature from 450 to 600°C, the Ni 2p 3/2 binding energy was shifted by 1.72 eV to higher binding energy which can be dedicated to very strong interaction between Ni species and the Al 2 O 3 support.
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 56 Figure 5-6. XPS spectra of Ni-BOE-P catalysts reduced at 450 and 600°C.

Figure 5 -

 5 Figure5-7 shows the temperature-programmed reduction (TPR) analysis of the Ni-BOE-P, Ni-γ-P and commercial Evonik Octolyst 1001 catalysts. The TPR was used to characterize the catalysts with respect to the interactions between nickel species and alumina support and to understand the effect of the alumina type on reducibility. The low temperature peaks are attributed to the reduction of bulk NiO and high temperature peaks are attributed to the reduction of NiO in intimate contact with the oxide supports[22][23][24][25]. Calcined Ni-BOE-P showed low temperature single sharp peak of H 2 consumption at ca. 510°C and high temperature broad peak at temperatures 600-800°C.

  the strong contact with support by increasing calcination temperature. Formation of NiAl 2 O 4 decreases the reducibility at low temperatures. The formation of NiAl 2 O 4 spinel species is expected to be due to the interactions between the impregnation solution and the boehmite followed by the heat treatment. During impregnation, formation of Ni and Al cations occupies the sites of the lattice, and lead to formation of spinel structures (Metal +2 Al 2
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 58 Figure 5-8. Conversion of CO 2 versus temperature for Ni-BOE-P, Ni-γ-P and commercial catalysts, (GHSV = 1300 h -1 , 1 bars) at lab-scale reactor.
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 59 Figure 5-9. CO 2 conversion, methane selectivity and productivity versus pressure for Ni-BOE-3DSS catalyst at 330°C, 0.25 Nl•min -1 .

Figure 5 -

 5 Figure 5-10. CO 2 conversion, methane selectivity and productivity versus GHSV for Ni-γ-3DSS catalyst at 328°C, 15 bars.

1 CHAPTER 5

 15 , %; productivity, mmol•gNi -1 .h -The effect of the temperature on CO 2 conversion and CH 4 selectivity for Ni-γ-3DSS catalyst is given in Figure5-11. The result shows that CO 2 conversion and CH 4 selectivity is a function of the reaction temperature. The conversion of CO 2 at 10 bars gradually increased with the temperature (from 280 to 330°C). In the case of lab-scale experiments, catalyst was found to be active at temperatures above 300°C as given in Figure5-8. Due to the limitation of the maximum temperature of the oil thermo-regulator, the set temperature could not exceed 330°C. Therefore, the highest CO 2 conversion was achieved to be 50 % at 328°C, 10 bars. During these measurements, the temperature along the reactor was monitored by multipoint thermocouple. Measured temperatures are given in Figure5-12.
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 5512 Figure 5-11. CO 2 conversion and CH 4 selectivity versus temperature for Ni-γ-3DSS catalyst at 10 bars.

  previous chapter that Ni-BOE-3DCu spent catalyst showed 0.44 wt.% weight loss at DTGA-MS measurements.
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 5 Figure 5-14. DTGA-MS of spent Ni-BOE-3DCu catalyst.

  weight loss on CO 2 release CHAPTER 5

  stabilityIn order to study the catalysts stability, methanation reaction was performed with the Ni-γ-3DSS structured catalyst at 320°C, 10 bars in H 2 :CO 2 = 4:1 mixture without dilution. The temperature was recorded every 30 seconds of the reaction run. Figure5-15 shows the CO 2 conversion and maximum temperature as a function of TOS. The initial CO 2 conversion was 25 %. After 80 h, CO 2 conversion decreased only by ca. 3.6 %. The maximum temperature was recorded as 309.5±0.3°C. Therefore, it can be seen that no hot-spot formation occurred during 80 h TOS. During the last 40 h only 1 % activity loss was recorded. It was found to be a promising result in comparison
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 515 Figure 5-15. Stability of Ni-γ-3DSS catalyst at 320°C, 10 bars in pure H 2 :CO 2 = 4:1 for 80 h TOS.
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 11121314 Figure 1-1.Diagram of the power-to-gas approach. Figure1-2. Thermodynamic equilibrium of CO 2 conversion. Figure1-3. Kinetic model proposed by Xu and Froment. Figure1-4. Reaction mechanism of CO 2 methanation proposed by Marwood et al. Figure1-5. Comparison of the kinetic predictions in literature. Figure1-6. General steps in catalyst synthesis via impregnation method. Figure1-7. Effect of nickel loading on CO 2 conversion and CH 4 yield for CO 2 hydrogenation over Ni/RHA-Al 2 O 3 catalysts. Figure1-8. CO 2 (with SO 2 impurity) methanation on Ni-based catalyst versus time. Figure1-9. A crystallite growth due to the sintering and atomic migration. crystallite migration. Figure1-10. Type of reactors with increasing heat transfer performances. Figure1-11. General scheme of a basic adiabatic packed-bed reactor and reactant flow in the catalyst bed. Figure1-12. Axial temperature profile of the fixed-bed membrane reactor. Figure1-13. Fixed-bed membrane reactor design. Figure 1-14. Process flow diagram of Lurgi methanation unit.Figure 1-15. Process flow diagram of the TREMP process.Figure 1-16. Diagram of the HICOM process.Figure 1-17. Process flow diagram of the RMP process.Figure 1-18. Three stages methanation for SNG production -VESTA.Figure 1-19. Flow diagram of Linde process.Figure 1-20. Scheme of the isothermal Linde reactor.Figure 1-21. ETOGAS process. Figure 1-22. General scheme of a fluidized bed reactor.Figure 1-23. A photograph of the milli-structured HEX reactor.Figure 1-24. Conversion and selectivity results of the Sabatier reaction performed in a N 2 cooled micro-reactor. Figure 1-25. Wall-coated micro channel reactor.Figure 1-26. Metallic and ceramic monoliths.Figure 1-27. Metallic and ceramic foams.Figure 1-28. Comparison of mass-and heat-transfer properties of different supports in partial oxidation of methane at various gas flow rates. Figure 1-29. Cross section of the microchannel reactor with counter-flow oil. Figure 1-30. Images of Cu MFEC structure: SEM image and photograph of before/after catalyst loading. Figure 1-31. Photograph of Microlith™ and catalytic coating on the fibres.Figure 1-32. CFD analysis of boundary layer formation for a conventional monolith and three Microlith™ screens. Figure 1-33. 3DFD manufactured metallic and ceramic structures.Figure 1-34. Dip-coating procedure.Figure 2-1. Cross-sectional images of the structures with 1-1 and 1-3 stacking positions.Figure 2-2. Preparation steps of the structured catalysts.Figure 2-3. Experimental setup for methanation reaction.Figure 2-4. DTA profile of the powder Ni/Al 2 O 3 catalyst.Figure 2-5. XRD patterns of calcined and reduced Ni/Al 2 O 3 catalysts.Figure 2-6. Cumulative particle size distribution of the wet-milled catalyst.Figure 2-7. Coating suspension viscosities vs PVA concentration at different shear rates.Figure 2-8. OM images of the coatings obtained with different PVA contents.Figure 2-9. SEM images of the coated 3DFD structure before/after adhesion strength test.Figure 2-10. CO 2 conversion versus WHSV at different temperatures.Figure 2-11. Methanation reaction at different temperatures.Figure 2-12. Stability test on packed-bed and 4B1 structured catalyst.Figure 3-1. Fibre stacking (1-1) and (1-3).
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 1 According to the Arrhenius law, rate constant k is directly linked with the temperature. Besides of the temperature, kinetics depend on many other parameters such as nature of the nature, dispersion and size of the active material of the catalyst, oxide support etc. Reaction rates (equation 1-7) are generally 1. Overview of kinetic models for methanation on nickel based catalysts[26]. 𝐾 𝐶 2 𝑃 𝐶 2 + 𝐾 𝐶𝐶 2 𝑃 𝐶𝐶 2 )5 
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to CO, and the subsequent reactions follow the same mechanism as for CO methanation. The other one involves direct hydrogenation of CO 2 to methane without the formation of CO as an intermediate. It is noteworthy that even for CO methanation, there is still no agreement on the kinetics and mechanism. Koschany et al. summarised proposed kinetic models since 1950s

[26]

. Due to the economic feasibility, methanation reaction is mainly studied using nickel based catalysts. An overview of kinetic models for CO 2 methanation over nickel based catalysts is given in Table

1

-1. In equation 1-6, k is the kinetic rate constant, E A is the activation energy, R is the gas constant, T is the temperature.

Ni/La 2 O 3 /Al 2 O 3 (17) 240

  𝐾 𝐶𝑂 2 𝑃 𝐶𝑂 2 + 𝐾 𝐻 2 𝑃 𝐻 2 + 𝐾 𝐻 2 𝑂 𝑃 𝐻 2 𝑂 )

	-	[31]

1 + -320 1

  inhibit the CO 2 methanation due to the slower adsorption rate of CO 2 on the catalyst surface. However, relatively low partial pressure of reactant gases which was considered in the model is away from the implementation of methanation process in SNG industry. Further kinetic model on steam reforming, CO 2 methanation and WGS on 15 % Ni/MgAl 2 O 4 catalyst was proposed byXu and 

Dilution gas (N 2 ) was used to minimize the heat and mass transfer limitations. It was proposed that both CO and CO 2 methanation reactions follow similar paths with different rate determining steps. It was found that even a ppm level of CO could

  exhibited ca. 20 % higher CO 2 conversion than Al 2 O 3 supported catalysts at 400°C. H 2 -TPR analysis showed that CNTs supported catalysts had more active sites than Al 2 O 3 supported ones.During the last decades, bimetallic catalysts were investigated for methanation reactions.Conversion of CO 2 on 0.5wt.% Rh and Ru loaded on Ni-Ce x Zr 1-x O 2 (Ni-CZ) was studied by Ocampo et al. Results showed that bimetallic Ni-Rh-CZ and Ni-Ru-CZ catalysts exhibited higher conversion than Ni-CZ at low temperatures (250-300°C)[42]. Mono-and bimetallic (Ni-Fe/Al 2 O 3 ) catalysts were tested for CO 2 methanation as well as for simultaneous CO and CO 2 methanation. It has been shown that the conversion of CO 2 to methane significantly increased on the bimetallic Ni-Fe alloy catalysts compared to the pure nickel catalyst[48].Few papers reported about CO 2 /H 2 methanation using trimetallic catalysts. It was found by Zamani et al. that the addition of Cu, Mn and Ru to Mn/Cu-Al 2 O 3 catalyst would assist the catalyst stability during the reaction[START_REF] Zamani | Optimization of CO 2 methanation reaction over M*/Mn/Cu-Al 2 O 3 (M*: Pd, Rh and Ru) catalysts[END_REF]. A similar study showed that presence of zirconia in Ni/ZrO 2 -Al 2 O 3

10 %Ni/La 2 O 3 catalysts. Another study showed that at the temperatures <350°C, Ru/SiO 2 gave higher CO conversion and higher selectivity than Ru/Al 2 O 3 catalyst

[16]

. Recently, nickel and cerium supported on multi-walled carbon nanotubes (CNTs) were investigated in CO 2 methanation and compared to the conventional Ni/Al 2 O 3 catalyst by Wang et al.

[START_REF] Wang | Mesoporous nickel catalyst supported on multi-walled carbon nanotubes for carbon dioxide methanation[END_REF]

. CNTs supported catalysts Figure 1-7. Effect of nickel loading on CO 2 conversion (a) and CH 4 yield (b) for CO 2 hydrogenation on Ni/RHA-Al 2 O 3 catalysts [35]. CHAPTER 1

  2 

Table 1 -

 1 CHAPTER 1 or carbon filaments. The latter coke formation occurs by a series of free radical carbocation reactions on acid sites including dehydrogenation, oligomerization, cyclization, aromatization, and formation of poly-nuclear aromatics. Furthermore, during methanation formation and hydrogenation of deposited carbons (e.g. alpha and beta carbons) on catalyst can take place. When gasification rate exceeds deposition rate, there will be no carbon deposition. While below 330°C there is only α-carbon accumulation, α-carbon is converted to beta-carbon polymeric chain or film which deactivates the nickel catalyst >330°C. The carbon species formed by decomposition of CO on nickel at different temperatures are given in Table1-2. 2. Decomposition of CO over Nickel catalyst at different temperatures[START_REF] Bartholomew | Mechanism of catalyst deactivation[END_REF].

	Deposited form of carbon	Formation temperature (°C)	H 2 -TPR peak (temperature, °C)
	Absorbed carbon (C α )	200-400	200
	Polymerized carbon (C β )	250-500	400
	Fibre carbon (C v )	300-1000	400-600
	Nickel carbide (C ɣ )	150-250	275
	Crystalline carbon (C c )	500-550	550-850

  Liu et al. studied the CO 2 methanation on Ni/Al 2 O 3 and Ni-CeO 2 /Al 2 O 3 catalysts at GHSV = 15000 mL•g cat -1 h -1 at 350°C for 120 h [47]. The CO 2 conversion on Ni/Al 2 O 3 catalyst decreased by 4.2 % after 120 h time-on-stream. Ni-CeO 2 /Al 2 O 3 catalyst exhibited high stability under the selected operating conditions due to the addition of CeO 2 .

Process Process stage Catalyst Temperature (°C) Pressure (bars) max Proposed lifetime Ref

  -10. In industrial processes, there are mainly two strategies to deal with the catalysts deactivation. The first one is using dilution with product gases (CH 4 , H 2 O) or multi-injection of the reactant gases. The second one is using diluted catalysts with inert materials (such as in TREMP process). The state-of-

	the-art of methanation reactors is reviewed in this section; the advantages and disadvantages of
	different reactor types for both CO and CO 2 methanation are discussed. An overview of existing CO
	methanation industrial processes is given in Table 1-3.				
		Table 1-3. An overview of CO methanation industry.		
	Lurgi Process	2	G1-85 (BASF) 20 wt.% Ni/Al 2 O 3	280-650 260-450	18	5 years 1.8 years	[73]
	TREMP	4	wt.%23 PK-7R	250-430	30	10 years	[74-76]
	(Haldor Toposøe)		MCR-2X & MCR4	430-700	70	11 years	
	HICOM process	4	n.a.	230-640	70	2 years	[77]
	Ralph M. Parsons	4-6	n.a.	315-780	77	n.a.	[78]
	Imperial Chemical Industries	3	NiO 60%	400-700	n.a.	n.a.	[76]
	Foster wheeler & VESTA	3	Clariant's ShiftMax®	260-670	30-60	4 years	[79]
	Linde	2	n.a.	n.a.	n.a.	n.a.	[76]
	Etogas	n.a.	Clariant's SNG cat.	n.a.	7-8 bar	20 years	[80,81]
			CRG-S2S				
	Johnson Matthey	3		250-700	n.a.	30 years	[80,82]
			CRG-S2C				
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 1 

		Packed-bed reactors	Fluidized bed reactors	Structured reactors
	Energy requirement	High	Medium	Low
	Pressure Drop	High-medium (depends on	Medium	Low
		particle size)		
	Heat transfer	Low	Medium	Medium-high (depends on support
				material)
	Catalyst separation	Easy	Costly	Easy
	Reactor size	Small-large scale	Small-large scale	Compact reactor
	Experience	High (Industrial)	High (Demonstration)	Developing (R&D), small pilot
	Catalyst loading	High	Medium	Medium-Low

4

. Comparison of the reactors

[11]

.
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 1 5. Additive manufacturing technologies for metallic/ceramic structures.

	Technique	Selective laser	Electron beam	3-Dimensional
		melting/sintering	melting	fibre deposition
		(SLM/SLS)	(EBM)	(3DFD)
	Formation process	powder bed fusion	powder bed fusion	paste extrusion
	Shaping source	laser	electron beam	conventional sintering
	Product	plastics, ceramics & metals	metals & alloys	ceramics, metals & alloys
	Vacuum	-	+	-
	Post-treatment 1	+	+	-
	Shrinkage	+	-	+
	Dense material	-	+	+
	Micro porosity	-	-	+
	Reference	[150,151]	[152]	[153]

  [START_REF] Tubio | 3D printing of a heterogeneous copper-based catalyst[END_REF]. Alumina based structured catalyst was manufactured by 3D-printing technique. Catalytic species (Cu) were immobilized in Al 2 O 3 matrix. The Cu/Al 2 O 3 3D-structured catalyst exhibited excellent catalytic performance in different Ullmann reactions without leaching. In a similar study, 13X and 5A zeolite monoliths fabricated by 3D-printing technique were tested for CO 2 removal from air

	350°C. At the lowest WHSV, the packed bed gave 85 % conversion while all structured catalysts
	showed ca. 90% conversion of methanol. At high WHSV, only 3DFD structured catalyst with 'zig-
	zag' channel geometry showed substantial conversion of methanol. This study proved the influence of
	the architecture on the catalytic performance. In another study, a ZSM-5 zeolite structure was
	manufactured by 3DFD technique and tested for CO 2 adsorption in 2017 by Couck et al. [160].

Results proved the excellent separation potential of porous materials. The structures showed a slight decreased in adsorption capacity compared to the pure powder, which is mainly due to the binder (35 wt.%) used for making monolithic structures. Recently, structured catalysts made by AM were tested in Ullmann reactions by

Tubio et al. 

  Chapter 2 presents CO 2 methanation on macro-porous metal structures coated with Ni/Al 2 O 3 catalyst.

	Chapter 2
	Methanation of CO 2 on macro-porous
	metal structured supports coated with
	Ni/alumina catalyst
	Additional attention was paid to the innovative structured catalysts manufactured by AM techniques.
	The benefits of the use of AM technologies for manufacturing catalytic supports are flexible design of
	complex geometries, material variability as well as adjustable porosity of the structures. Several

2 

and CO methanation reactions on conventional and structured reactors/catalysts. Fundamental studies on methanation reaction kinetics, catalysts and catalyst deactivation are highlighted. Advanced types of reactors with improved heat transfer characteristics are reviewed. Different research groups showed that limitations of packed-bed reactors such as undesired heat gradients, uneven flow distribution and high pressure drops can be overcome by using structured catalysts/reactors. Structured reactors with improved heat transfer properties including metallic plates, monoliths, foams, and felts are described and compared with conventional systems. The main limitations of the structured catalysts/reactors are limited catalysts loading and high manufacturing costs. coating techniques for the integration of the catalysts onto the structured support/reactor walls were described. The effect of parameters such as particle size, viscosity, solid loading, pH and binder content was reported. The results were benchmarked with conventional Ni/Al 2 O 3 powder catalyst prepared by impregnation and characterized by several physico-chemical techniques. Macro-porous catalytic supports were manufactured by 3DFD technique. Supports were coated with Ni/Al 2 O 3 suspension to achieve sufficient catalytic coating. After characterization, catalytic structures were tested in a tubular reactor for CO 2 methanation reactions at temperatures between 250 and 450°C. This study shows the effect of the coating suspension composition on the properties of catalytic coatings, as well as how CO 2 conversion, methane selectivity and catalyst stability are affected by the architecture of the structured catalyst. This chapter was adapted from the following paper: Danaci S., Protasova L., Lefevere J., Bedel L., Guilet R., Marty P., Efficient CO 2 methanation over Ni/Al 2 O 3 coated structured catalysts, Catal. Today. 273 (2016) 234-243.
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 2 1. Overview and images of 3DFD structures.

Table 2 -

 2 2. Characteristics of the powder support and catalyst.

	Powder	Calcination temperature	BET surface area	Pore volume	Pore
	sample	(°C)	(m 2 •g -1 )	(cm 3 •g -1 )	radius (nm)
	ɣ-Al 2 O 3	450	334	0.43	2.3
	ɣ-Al 2 O 3	550	271	0.44	2.5
	Ni/Al 2 O 3	450	164	0.30	2.5
	Ni/Al 2 O 3	550	143	0.32	3.1
	Calcined Ni/Al 2 O			

3 catalyst was analysed by derivative thermo-gravimetric (DTG) method under H 2 /Ar (5/95 %) atmosphere in order to determine NiO to Ni reduction profile. Temperature was increased from 25 to 600°C with a heating rate of 20°C•min -1 . It is known that nickel catalyst shows

Table 2 -

 2 3. Effect of the suspension composition on the coating adhesion.

	US treatment time		Coating weight loss (wt. %)
	(min)	1% PVA	3% PVA	5% PVA	3% PVA
		2% SiO 2	2% SiO 2	2% SiO 2	0.5% SiO 2
	1	0.6	0.1	0.4	1.3
	15	2.1	0.9	1.2	4.9
	30	2.5	1.1	2.5	12.5
	60	2.9	2.5	3.4	17.3

Table 2 -

 2 4. Conversion, selectivity and yield for various Ni/Al 2 O 3 catalysts. min of the reaction run. Figure2-12 shows the CO 2 conversion as a function of time-on-stream (TOS). The initial CO 2 conversions were 80 % and 73 % for 3DFD structured catalyst (4B1 sample) and powder, respectively. Powder catalyst showed an ca.8 % decrease of CO 2 conversion already after 45 h of the experiment, while in the case of 3DFD structured catalyst, carbon dioxide conversion stayed constant at ca. 80 % during 53 h time-on-stream. Decrease of CO 2 conversion of the powder catalyst was observed probably due to the formation of carbon deposits or sintering leading to catalyst deactivation. It is suggested, that improved heat transfer of the 3DFD structured catalyst prevents temperature increases which may allow enhanced catalyst stability.A similar effect was described in for a Microlith TM based structured noble metal catalyst for Sabatier reaction[28]. The structured catalyst was found to be stable for more than 100 h TOS. It was proposed that the lack of catalyst degradation is due to the high heat transfer rate of the Microlith TM

	Catalyst	WHSV (h -1 )	Temp. inlet (°C)	Temp. outlet (°C)	CO 2 Conversion (%)	CH Selectivity (%)	CH 4 Yield
							(%)
	Powder	750	250	236	39		38
		1500		236	34		33
		2600		237	33		32
		750	300	284	61		58
		1500		283	60		58
		2600		278	59		58
		750	350	333	74		72
		1500		334	73		71
		2600		332	71		70
		750	400	382	76		74
		1500		381	74		73
		2600		381	71		70
		1500	450	450	66		65
	4A08	1500	250	230	5		5
			300	277	17		17
			350	326	74		73
			400	376	87		84
			450	436	88		85
	4A1	1500	250	248	5		5
			300	298	15		14
			350	349	73		72
			400	403	86		85
			450	449	88		87
	4B1	1500	266	270	59		56
			294	298	66		64
			347	355	85		83
			399	413	90		88
			443	449	89		87
	6B1	1500	266	264	52		50
			297	296	60		59
			349	351	85		82
			400	408	91		89
			450	450	90		88

In order to study the catalysts stability, methanation reaction was performed on 3DFD structured and powder catalysts at 350°C for prolonged time. Gas samples were automatically catalytic substrates that permits uniform temperature distribution and avoids local hot spots that can cause metal sintering and catalyst deactivation.

Table 3 -

 3 1. Samples specifications.

	Sample	Macro-porosity	SSA a ,	OFA b
	codes	(%)	(mm -1 )	(%)
	4(1-1)6	69	3.0	36
	4(1-1)8	74	2.6	44
	4(1-1)10	78	2.2	51
	4(1-3)8	74	2.6	11
	4(1-3)10	78	2.2	18
	6(1-3)10	71	1.9	6

a: Surface area per unit of bulk volume (mm 2 •mm -3 ) b: Open frontal area

Table 3 -

 3 2. Thermal properties of 316L stainless steel at different temperatures[18].

	Temperature, °C	50	100	200	300	400	500
	C p , J•g -1 •K -1	485	501	512	538	556	578
	λ						

solid , W•m -1 •K -1

  

	14.73	15.48	16.98	18.49	19.99	21.49
	Since the experiments contained multiple shots, temperature changes were recorded between
	two measurements. Multiple measurements were taken, and uncertainty of each parameter is
	determined to be as follows: effective thermal conductivity (s ETC ) ±4 %, temperature (s T ) ±1.2 % and
	geometry (s G ) ± 6%. Experimental results, temperature variations and sample size were taken into
	account. Combined standard uncertainty (s) was calculated as follows: 𝑎 = �(𝑎) 𝐸𝐸𝐶 2	+ (𝑎) 𝐸 2 + (𝑎) 𝐺 2
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 3 3. Axial effective thermal conductivity.

	λ eff experimental
	(W•

m -1 •K -1 ) λ eff Eq. 3-5 (W•m -1 •K -1 ) λ eff Comsol (W•m -1 •k -1 ) Samples Temp. (°C) 4(1-1)6 4(1-1)8 4(1-1)6 4(1-1)8 4(1-1)8

  

			CHAPTER 3			
	50	2.44	1.78	2.36	1.64	1.79
	100	2.49	1.79	2.48	1.72	1.88
	200	2.76	2.04	2.72	1.89	2.06
	300	3.07	2.17	2.96	2.05	2.25
	400	3.45	2.37	3.20	2.22	2.43
	500	3.94	2.50	3.44	2.39	2.61
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 3 4. Radial effective thermal conductivity.

		λ eff experimental (W•m -1 •K -1 )	λ eff Eq. 3-6 (W•m -1 •K -1 )	λ eff Comsol (W•m -1 •k -1 )
	Samples	4(1-1)6	4(1-1)8	4(1-1)6	4(1-1)8	4(1-1)8
	Temp. (°C)					
	50	2.22	1.83	2.35	1.96	2.19
	100	2.48	2.06	2.47	2.06	2.30
	200	2.57	2.12	2.71	2.26	2.54
	300	2.94	2.19	2.95	2.46	2.77
	400	3.22	2.77	3.19	2.66	3.01
	500	3.62	2.87	3.43	2.86	3.24
	3.3.1.1. Effect of fibre stacking					
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 3 5a. Experimental results of pressure drop measurements on samples with 1-1 stacking.

	Sample		4(1-1)8			4(1-1)10	
	Macroporosity (%)	74.30	73.76	73.22	77.87	77.40	76.94
	Ni/alumina loading (g•cm -3 )	No	0.09	0.19	no	0.1	0.2
	Coating thickness (μm) Permeability (m 2 )	-1.06E-06	~8 6.74E-07	~16 6.09E-07	-1.58E-06	~8 1.02E-06	~16 9.60E-07
	Forchheimer coefficient (m -1 )	6.04	6.31	9.59	4.20	4.33	7.76
	Velocity (m•s -1 )			Pressure drop (∆P), Pa		
	0.12	2.1	4	3.3	1.3	2.7	2.1
	0.25	4.7	7.3	7.4	2.8	5.1	4.6
	0.37	8	11.5	12.5	4.8	7.7	8.1
	0.49	11.2	15.5	17.5	7	10.4	11.7
	0.62	14.9	20.1	23	9.5	13.5	15.7
	0.74	18.9	24.8	29.2	12	16.5	19.8
	0.87	22.6	30.3	36	14.8	19.9	24.2
	0.99	26.6	35.3	42.7	17.6	23.2	29.3
	1.11	31	40.8	49.7	20.6	27	34.3
	1.24	35.3	46.6	56.7	23.6	31.1	39.4
	2.47	86	112	143	59	75.4	103
	3.71	153	202	265	107	136	194
	4.95	267	320	430	182	216	322
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 3 5b. Experimental results of pressure drop measurements on samples with 1-3 stacking and 3 mm alumina beads.

	Sample		4(1-3)10			6(1-3)10		3mm beads
	Macroporosity (%)	77.87	77.40	76.94	70.58	70.18	69.78	-
	Ni/alumina loading (g•cm -3 )	no	0.09	0.17	no	0.09	0.19	No
	Coating thickness (μm)	-	~8	~16	-	~8	~16	-
	Permeability (m 2 )	4.73E-07	1.69E-07	1.63E-07	3.41E-07	1.54E-07	9.00E-08	1.71E-08
	Forchheimer coefficient (m -1 )	54.82	133.79	294.82	117.70	240.59	551.55	208.39
	Velocity							

(m•s -1 ) Pressure drop (∆P), Pa 0.12

  

		7.6	12.8	10.9	11	14.6	36.6	56
	0.25	18	32.5	45.5	26.5	41.3	83	204
	0.37	31	58.2	90.3	46.3	80.3	158	374
	0.49	44.1	84	146	70.7	128	254	552
	0.62	58.7	116	210	97.3	181	372	733
	0.74	75.1	153	283	126	243	500	915
	0.87	92	197	367	162	317	657	1110
	0.99	111	243	470	203	398	847	1330
	1.11	131	294	576	256	494	1050	1560
	1.24	153	350	696	298	593	1270	1770
	2.47	479	1410	2400	965	2030	4500	4150
	3.71	1010	2460	5230	2070	4370	-	7390
	4.95	1800	4450	-	3710	-	-	-

  the molar flow rate and m is the mass of Ni/alumina catalyst. GHSV was calculated from the total inlet volumetric flow rate divided by the inserted sample volume V sample (volume of the copper or stainless steel supports).Two important parameters of the copper supports were investigated in this study. A low inner porosity in the fibres is desired in order to have a high thermal conductivity and thus better temperature control. Another crucial parameter is the surface roughness which is important to achieve an adhesive coating layer on the surface of the support.Scanning electron microscopy (SEM) images of the cross sections of the fibres are given in

	𝑃 𝐶𝐶 4 = � 𝐹 𝐶𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜 𝑚 𝑐𝑎𝑜𝑎𝑜𝑐𝑐𝑜	� � 𝑚𝑚𝑚𝑚 𝑑. ℎ	�	(4-3)
	where F is 𝐺𝐻𝑆𝐺 = � 𝐺 𝑐𝑎𝑠𝑝𝑜𝑜 * 𝑘 𝑖𝑜𝑠𝑛𝑜𝑟 𝑐𝑒 𝑐𝑎𝑠𝑝𝑜𝑜𝑐 𝑄 𝑟𝑜𝑎𝑐𝑜𝑎𝑖𝑜	� (ℎ -1 )	(4-4)
	4.3.	Results and discussion
	4.3.1. Characterization of copper support structures
			𝐹 𝐶𝐶 2 𝑖𝑖	2 𝑐𝑜𝑜𝑜𝑜𝑜	� * 100 (%)	(4-1)
	𝑆 𝐶𝐶 4 = �	𝐹 𝐶𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜	+ 𝐹 𝐶𝐶 𝑐𝑜𝑜𝑜𝑜𝑜 + 2𝐹 𝐶 2 𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜 𝐹 𝐶𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜	+ 2𝐹 𝐶 2 𝐶 6 𝑐𝑜𝑜𝑜𝑜𝑜	� * 100 (%)	(4-2)

Table 4 -

 4 2. Inner porosity and surface roughness of copper and stainless steel structures sintered at different conditions.

	Sample	Sintering Temperature	Atmosphere	BET	Inner	Surface
			(°C), duration					surface	porosity	roughness
			(h)					area (m 2 /g)	(%)	(Ra, μm)
	Copper (b)	Furnace	880, 5	N	2		1.2	10.6	7.0
	Copper (c)	Furnace	960, 5	N	2		n.a.	7.1	n.a
	Copper (d)	Furnace	1000, 5	N	2		0.3	2.5	6.9
	Copper (e)	PEC	1000, 0.167	Vacuum	n.a.	3.8	n.a.
	Copper (f)	Furnace	1000, 5	N	2 :H	2	n.a.	0.1	5.9
	316L stainless steel	Furnace	1300, 4	N	2		n.a.	2.6	6.3

Table 4 -

 4 3. Effect of the support on the coating adhesion.Cu structures in a tubular reactor at temperatures between 280 and 500°C. An overview of the results is given in Table4-4. The productivity of the catalysts was plotted taking into account the in-situ temperatures (Figure4-10). It can be seen in Table4-4 that the selectivity of the structured catalysts to methane slightly increased with increasing temperature from 280 to 450°C. Main by-products were recorded to be CO and C 2 H 4 . This means that the improvement of CO methanation activity at temperatures between 280 and 450°C can lead to high CH 4 selectivity in CO 2 methanation. In the case of structured catalysts, selectivity decreased by ca. 15 % at the reaction temperatures above 450°C.

	Catalyst:	Ni/alumina-3D-Cu Ni/alumina-3D-Cu Ni/alumina-3D-SS
	Sintering temperature	1000, N 2 + H 2	1000, N 2 + H 2	1300, N 2
	Inner porosity, %	0.1	0.1	2.6
	Roughness, Ra	5.85	5.85	6.3
	SiO 2 , %	0.5	2	2
	U.S. time, min:		Coating weight loss, wt.%	
	1	17.2	0.8	2
	15	33.8	3.9	2.4
	30	40.8	11.3	2.5
	60	43.6	14.2	2.9
	4.3.3. Catalytic activity and characterization of spent catalyst	
	Methanation reactions were carried out with powder Ni/Al 2 O 3 catalyst, coated 3D-SS and 3D-

Table 4 -

 4 4. CO 2 conversion, methane selectivity and methane productivity for packed-bed and structured catalysts at GHSV= 1300 h -1 , 1 bar.

	Sample	T gas inlet (°C)	T in situ (°C)	Conversion (%)	Selectivity (%)	Productivity (mmol•g -1 h -1 )
		280	269	3	56	0.40
		300	291	4	76	0.45
	Ni/Al 2 O 3 powder	330 350	334 356	5 9	87 91	0.58 0.95
		400	401	29	97	2.72
		450	445	43	97	3.69
		500	503	45	84	3.79
		280	287	6	91	0.69
		300	307	10	94	1.06
	3D-SS	350	355	26	97	2.54
		400	405	40	98	3.59
		450	440	49	98	4.11
		500	497	47	84	3.71
		280	282	3	89	0.44
		300	301	7	93	0.87
	3D-Cu	350	350	22	97	2.55
		400	400	38	98	4.10
		450	450	44	97	4.44
		500	499	45	83	4.22

  is the molar flow rate and m Ni is the mass of nickel. GHSV was calculated from Q reactant total inlet volumetric flow rate divided by the inserted sample volume 𝐺 𝑐𝑎𝑠𝑝𝑜𝑜 (volume of copper or stainless steel supports).

	𝑋 𝐶𝐶 2 = �	𝐹 𝐶𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜 𝐹 𝐶𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜 + 𝐹 𝐶𝐶 2 𝑖𝑖𝑜𝑜𝑜 + 𝐹 𝐶𝐶 𝑐𝑜𝑜𝑜𝑜𝑜 + 2𝐹 𝐶2𝐶4 𝑐𝑜𝑜𝑜𝑜𝑜 + 2𝐹 𝐶2𝐶6 𝑐𝑜𝑜𝑜𝑜𝑜 + 𝐹 𝐶𝐶 𝑐𝑜𝑜𝑜𝑜𝑜 + 2𝐹 𝐶2𝐶4 𝑐𝑜𝑜𝑜𝑜𝑜 + 2𝐹 𝐶2𝐶6 𝑐𝑜𝑜𝑜𝑜𝑜	� * 100 (%)	(5-5)
	5.3.	Results and discussion
	5.3.1. Characterization of fresh catalysts
				𝐹 𝐶𝐶 2 𝑖𝑖	2 𝑐𝑜𝑜𝑜𝑜𝑜	� * 100 (%)	(5-1)
	𝑆 𝐶𝐶 4 = �	𝐹 𝐶𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜	𝐹 𝐶𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜 + 𝐹 𝐶𝐶 𝑐𝑜𝑜𝑜𝑜𝑜 + 2𝐹 𝐶 2 𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜	+ 2𝐹 𝐶 2 𝐶 6 𝑐𝑜𝑜𝑜𝑜𝑜	� * 100 (%)	(5-2)
	𝑃 𝐶𝐶 4 = � 𝐹 𝐶𝐶 4 𝑐𝑜𝑜𝑜𝑜𝑜 𝑚 𝑁𝑖	� � 𝑚𝑚𝑚𝑚 𝑑. ℎ	�	(5-3)
	where F 𝐺𝐻𝑆𝐺 = � 𝐺 𝑐𝑎𝑠𝑝𝑜𝑜 * 𝑘 𝑖𝑜𝑠𝑛𝑜𝑟 𝑐𝑒 𝑐𝑎𝑠𝑝𝑜𝑜𝑐 𝑄 𝑟𝑜𝑎𝑐𝑜𝑎𝑖𝑜	� (ℎ -1 )	(5-4)
	Alternatively, calculations of conversion rate from micro-GC data can be calculated from carbon
	balance (mass balance) using the following equations:

Table 5 -

 5 2 shows the surface atomic ratios and the binding energies of Ni 2p 3/2 core-level obtained from XPS spectra. The C/Al atomic ratio of the samples after different reduction treatments remains unchanged corresponding to the carbon contamination. The O/Al atomic ratio was calculated to be ca. 1.56 which is very close to the theoretical stoichiometric atomic ratio of alumina (Al 2 O 3 ). The Ni/Al atomic ratio indicates the dispersity of nickel that the catalyst reduced at 600°C was found to be less than reduced at 450°C. The reason could be the nickel sintering at reduction temperature of 600°C or inhomogeneity of the catalysts due to limitations of XPS technique, these hypotheses can take into account only considering the small measured area of the catalysts surface.

Table 5 -

 5 2. XPS analysis of Ni-BOE-P catalyst after reduction at 450°C and 600°C.

	Sample	C/Al	Ni/Al	O/

Al Ni 2p 3/2 (BE, eV) After reduction at 450°C

  

		0.81	0.07	1.57	856.48
	After reduction at 600°C	0.73	0.04	1.55	858.20

  -7. TPR results of the catalysts.

	5.3.2. Catalytic activity						
	5.3.2.1. Lab-scale experiments					
	Lab-scale experiments were performed in a quartz tubular reactor. Figure 5-8 illustrates the
	CO 2 conversion of powder Ni/Al 2 O 3 catalysts reduced at the different temperatures as a function of the
	reaction temperature. Reaction conditions are given in Table 5-1. It can be seen that catalytic CO 2
	conversion at 450°C improved by ca. 18 % when the reduction temperature is increased from 450 to
	600°C. This is because of the increased amount of metallic Ni in the catalyst reduced at higher
	temperature.						
	At the same conditions, commercial Evonik Octolyst 1001 (14-17 wt.%Ni, SSA 246 m 2 •g -1 ) and
	Ni-γ-P (12 wt.%Ni, SSA 72 m 2 •g -1 ) catalysts reduced at 600°C were compared. Commercial catalyst
	showed high catalytic activity already at 250°C. At 350°C, both catalysts showed similar catalytic
	activity.						
	Ni-BOE-P, calcined				
	Ni-BOE-P, reduced at 600°C			
	Ni-γ-P, reduced at 600°C			
	Ni-γ-P, reduced at 600°C without calcination			
	Evonik Octolyst 1001				
	TCD Signal (a.u.)						
	200	300	400	500 Temperature, °C	600	700	800

Table 5 -

 5 3 presents the pilot-scale experimental conditions and results of the structured catalysts (CO 2 conversion, selectivity, yield and CH 4 productivity). Catalysts were reduced at the conditions listed in Table 5-1. In the case of Ni-BOE-3DSS, Ni-BOE-3DCu and Ni-γ-3DSS catalysts, a contribution effect on CO 2 conversion was expected due to the increased residence time of the reactant gases by increasing the reactor lengths

	(120, 220 and 290 mm, respectively). In the case of Ni-BOE-3DSS and Ni-BOE-3DCu catalysts
	overall activity was found to be very similar as described in chapter 4. By-product compounds were
	observed to be 2-5 % CO, negligible amount of C 2 H 4 /C 2 H 6 (<0.001 %). However, at the CO 2
	conversion lower than ca.10 %, methane selectivity was measured to be below 80 % for both
	Ni-BOE-3DSS and Ni-BOE-3DCu catalysts.
	The illustration of the effect of the pressure on CO 2 conversion and CH 4 selectivity and
	productivity for the Ni-BOE-3DSS catalyst is given in Figure 5-9. Increasing pressure (from 1.5 to 6.5
	bars) resulted in 13 % increase of CO 2 conversion and 60 mmol•g Ni -1 .h -1 increase of productivity. At
	330°C and 6.5 bars, CO 2 conversion and methane productivity were calculated to be 35 % and
	153.3 mmol•g Ni -1

Table 5 -

 5 3. Experimental results of the Ni-BOE-3DSS, Ni-BOE-3DCu and Ni-γ-3DSS catalysts.

	Catalyst	Tset	Tin-situ, max	P	Flow	GHSV	XCO2	SCH4	YCH4	Productivity
		(°C)	(°C)	(bars)	(Nl/min)	(h -1 )	(%)	(%)	(%)	(mmol•gNi -1 .h -1 )
			315	2.5		1622	9		3	56
			315	5	1	1622	11		7	130
		325								
			316	6		1622	13		10	186
			320	5	0.5	811	20		18	167
	Ni-BOE-3DSS		320	1.5		405	22		20	93
			320	2.5		405	25		24	107
		330	320	5	0.25	405	29		28	130
			320	6		405	32		30	139
			320	6.5		405	35		33	153
			317	1.5		870	7		4	77
			317	2.5		870	8		5	88
		325	317	5		870	9		7	98
					1					
			318	10		870	11		9	118
	Ni-BOE-3DCu									
			318	15		870	13		11	142
		330	321	15		870	15		13	168
		325	318	5	0,5	435	11		9	59
		325	318	15	0.25	217	26		25	74
		325	306.1	5	1	659	18		15	83
			320.3		3.75	2473	15		13	256
		328	318.2	15	1	659	31		30	141
			317.9		0.5	330	45		44	102
		328	317.5	5	3.75	1102	10		8	154
		325	318.6	1.5	3.75	2473	7		4	127
		328	317.2			165	50		50	56
	Ni-γ-3DSS									
		325	314.3			165	49		50	57
					0.25					
		320	309.5			165	47		47	53
		300	290.1			165	38		38	46
				10						
		280	271.1			659	6		5	27
		290	280.6			659	8		7	34
					1					
		300	290.6			659	10		9.1	46
		320	310.1			659	19		18	86

Table 5 -

 5 5. Comparison of 3D structured catalysts in CO 2 methanation.
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CHAPTER 2

Structured 3DFD supported catalysts showed improved CO 2 conversion especially at higher temperatures and stability in CO 2 methanation reaction. The best results were obtained using the structured catalyst with 'zig-zag' architecture that can be explained by the combination of improved mass and heat transfer. This observation will be confirmed in chapter 3 by corresponding additional measurements and modelling. Additionally, the prolonged stability test and the characterization of the catalyst afterwards will be presented in chapter 5.

2.5.

Chapter 4

Manufacture of structured copper supports post-coated with Ni/alumina for CO 2 

methanation

Chapter 4 describes the manufacture and optimization of the innovative copper 3D-structured supports for CO 2 methanation. The influence of the sintering temperature, atmosphere and technique (pulsed electrical current sintering versus conventional furnace sintering) was investigated. The microstructural evolution of the support was analysed by low-temperature N 2 adsorption, SEM, OM and XRD. It was found that reducing gas atmosphere during the sintering decreases the inner porosity of the fibres of the structures until ca. 0.1 %. Fibres of the sample sintered by pulsed electrical current sintering (PEC) were found to be as dense as the ones processed with conventional sintering, however PEC sintering leads in the unwanted surface oxidation. Adhesion strength of the catalytic coating on copper supports was benchmarked with previously studied stainless steel supports. Both Ni/alumina coated structured supports and conventional packed-bed catalyst were examined in CO 2 conversion to methane. No deactivation was observed after 80 h time-on-stream in the presence of 10 ppm H 2 S for the coated steel and copper samples. The addition of 10 ppm H 2 S to the stream did not significantly change the structured catalyst performance, although negligible carbon deposition on the catalyst surface was observed. This chapter was adapted from the paper: Danaci S., Protasova L., Snijkers F., Bouwen W., Bengaouer A., Marty P., Innovative 3D-manufacture of copper supports post-coated with catalytic material for CO 2 methanation, Chem. Eng. Process. (2017), submitted. CHAPTER 4 was stirred at room temperature for 24 h. Sintered copper samples were coated with resulting suspension of Ni/Al 2 O 3 (BET 236 m 2 •g -1 , average particle size 3 μm, Ni content 12 wt.%) by washcoating technique. Wash-coating set-up is shown in Figure 4-4. A support was placed in the sample holder; calculated amount of coating suspension was added on the holder, excess suspension was removed by releasing the valve under the vacuum. Samples were dried overnight and calcined at 500°C for 2 h. Stainless steel supports were coated in the same way. Catalyst loadings for stainless steel and copper supports are given in Table 4- 

Characterization

The cross-sections of the samples were examined by scanning electron microscopy (SEM; FEG JSM6340F, JOEL) and Optical Microscopy (Zeiss, Stereo Discovery V12) with imager (type M2m). X-ray diffraction was used to examine the phase and crystallinity of the copper structures after sintering, using the XRD (PANalytical X'Pert Pro, λ = 1.5405Å) at 40kV.

Viscosity of the coating suspension as a function of the shear rate was determined by rheometer (kinexus rheometer, Malvern Instruments, Worcestershire, UK). Shear rates were varied between 0.01 and 1000 s -1 at a temperature of 25°C.

Adhesion strength of the coating was determined by measuring weight loss before and after ultrasonic treatment (US) (40kHz ultrasonic frequency).

The apparent specific surface area of the different sintered supports was measured by N 2 sorption at -196°C using the BET method (Autosorb-1, Quantachrome, Germany).

Profilometer was used to examine the average surface roughness of the fibres by Veeco -Bruker (3D microscope, a confocal microscope/white light interferometer).

Thermogravimetric analysis (TGA) was recorded using a STA 449C Jupiter (Netzsch, Germany) and performed in dry air (70 ml•min -1 ). The spent catalysts were heated from ambient temperature to 600°C with a heating rate of 5°C•min -1 . The TGA equipment was coupled online to a mass spectrometer Omnistar GSD 301 O2 (Pfeiffer Vacuum, Germany). •h -1 which was found to be 3 times higher than the lab-scale reactor. The catalyst showed high stability for Certain amount of coating suspension was added onto the holder. Excess suspension was removed by releasing the valve under vacuum. Coating was repeated few times in order to achieve 0.18 -0.2 g•cm -3 catalyst loading. Samples were dried overnight and calcined at 500°C for 4 h for de-binding. The sample specifications of the powder and structured catalysts are summarised in 

Characterization

The apparent specific surface area was measured by N 2 sorption at -196 • C using the BET method (Autosorb-1, Quantachrome, Germany).

Nickel content in the catalysts was determined by ICP-AES elemental analysis (Perkin-Elmer Optima 3000 dv).

X-ray diffraction (XRD) was used to examine the phase and crystallinity of the catalysts (PANalytical X'Pert Pro, λ = 1.5405Å at 40kV).

Chemical surface analysis of the reduced catalyst was performed by a X-ray Photoelectron Spectrometer (XPS), K-Alpha-Thermo Scientific.

The catalysts were examined by scanning electron microscopy (SEM; FEG JSM6340F, JOEL)

and support structures by Optical Microscopy (Zeiss, Stereo Discovery V12 with imager type M2m).

CHAPTER 5

Temperature programmed reduction (TPR) of the catalysts were done to investigate the reducibility of the catalysts; on a Quantachrome iQ. Prior to the measurement, about 20 mg of the sample was outgassed at 200°C for 16 h. After cooling, the sample was first pretreated at 250 °C under a He flow for 1 h. Subsequently, the sample was reduced with 5 % H2/Ar at a flow rate of 25 mL•min -1 and then the temperature was raised from 100°C to 800°C with a heating rate of 10°C•min -1 . The hydrogen consumption was continuously monitored using a thermal conductivity detector (TCD). The final TCD signal was normalized by the catalyst weight used during the measurement.

Thermogravimetric analysis (TGA) was performed on a STA 449C Jupiter (Netzsch, Germany) and performed in dry air (70 ml•min -1 ). The catalysts were heated to 600°C with a heating rate of 5°C•min -1 . The TGA equipment was coupled online to a mass spectrometer Omnistar GSD 301 O2 (Pfeiffer Vacuum, Germany).

Catalytic activity and stability

Lab-scale experiments were performed in a quartz tubular reactor (24 mm diameter and 100 catalyst. The peak with a weight loss of 0.81 wt.% was observed at temperatures between 250 and 450°C which corresponds to CO 2 release due to the oxidation of carbon deposits. Similar effect was

Conclusions and outlook

In the present study we investigated the potential of 3D-printing technology for the manufacture of structured supports for CO 2 conversion into CH 4 . The motivation of the thesis is to study the possibility of overcoming the industrial issues and limitations of CO 2 methanation such as temperature control, catalyst deactivation and high pressure drops. Therefore, 3DFD structured supports were proposed as an alternative to conventional packed-beds and open porous structures such as monoliths and foams.

3DFD technique was used to manufacture metallic support structures. This manufacturing technique enables the production of ceramic and metallic macro-porous structures with high specific surface areas where fibre thickness, geometry, inter-fibre distance (pore size), surface roughness and layer stacking (architecture) can be varied. Furthermore, the variation of the structural parameters allows for the optimization of the heat transfer and pressure drop values according to the process requirements. It is also noteworthy that a wide range of materials can be shaped into porous structures using the 3DFD technique e.g. metals and alloys, oxide supports, carbon-based materials and novel advanced materials such as graphene oxide composites.

Nickel/alumina coated stainless steel structured supports were manufactured and tested in the lab-scale reactor for CO 2 methanation reactions. It was found that the properties of the Ni/aluminacontaining coating suspension (binder, viscosity, pH) affected the properties of the catalytic coating.

The effect of the fibre positioning (1-1 and 1-3 stacking) on CO 2 conversion was compared. The high conversion at low temperatures was achieved by using structures with 1-3 stacking due to the higher mass transfer properties in these samples. Lower axial heat-transport of the structures with 1-3 stacking could also lead to an increase of the temperature in the structured catalyst and therefore increase of CO 2 conversion. At temperatures above 350°C, all structured catalysts showed similar CO 2 conversion.

The heat transport and pressure drop properties of AM structured catalytic supports were described based on experimental and numerical data. The structures with 1-1 configuration showed higher axial ETC than structures with 1-3 stacking due to the linear fibre stacking in the direction of the heat flux. In general, the macro-porosity was found to be the main parameter affecting ETC and pressure drop. Improved radial ETC can prevent the risks of thermal runaway due to the improved heat transfer between the reaction and cooling channels. Radial ETC is an important parameter for the reactor design which can be controlled by inter-fibre distance, fibre diameter and stacking factor. The cell orientation, porosity, open frontal area and surface roughness affect the pressure drop. The measurements showed that the samples with 1-3 fibre stacking have higher pressure drop values than the samples with 1-1 fibre stacking at the same macro-porosity due to their lower open frontal areas.

(one-step). Moreover, this eliminates the coating adhesion issues. The disadvantage of such bulk structured catalysts is low mechanical strength (depending on the material and post-treatment) and lower heat transfer efficiency when compared with metal-based coated structured catalysts. Therefore, the process requirements determines what type of structured catalyst is suitable.

Furthermore, catalyst deactivation is one of the major issues in industrial catalytic processes.

Further investigations on the catalyst deactivation to understand the fundamentals and mechanisms of the deactivation process for designing stable catalysts are highly recommended. The prevention of the deactivation by optimizing catalysts (using bimetallic catalysts etc.) or by optimizing processes (minimizing the formation of carbon precursors etc.) for CO 2 methanation also needs to be studied.

Attention also needs to be paid to the regeneration of catalysts (e.g. removal of carbon deposits).

Further experiments could also be performed on the different architecture of structured supports for the improved temperature control in the different regions of structured catalysts.

Structures with graded porosity were proposed for CO 2 methanation. The graded structures have a macro-porosity increasing from the edge to the centre of the structures. These structures are proposed in order to reduce hot-spots formation. The higher porosity in the middle of the structure (core of the reactor) provides lower catalyst loading, thus lower conversion of CO 2 , and consequently lower temperature rise. Graded, multi-channel graded and spiral structures (Figure 6-1) were designed, manufactured and proposed to be used as alternative supports for CO 2 methanation. Preliminary experiments proved that graded structures could be a promising alternative: the measurements showed that at the average macro porosity of 66 %, graded structures exhibited a slightly higher pressure drop, however, higher CO 2 conversion compared to structures with 'even' porosity. Further investigations on graded structures by modelling studies are to be done for CO 2 methanation. Therefore, high attention should be paid to a modelling study which will allow the exploration of the limitations of structured catalysts/reactors. The modelling of structured catalysts needs to take into account the reaction kinetics and the properties of the catalysts/reactors. Therefore, structured catalysts can be designed and optimized considering the results of the modelling study. Designed structures can be manufactured by the 3DFD technique and integrated into reactors (milli-and micro-reactors, multi-channelled or plasma reactors) taking into account the requirements of the chemical processes. It is noteworthy that 3DFD structured catalysts can be used not only for gas phase reactions, but also for liquid-liquid and liquid-gas reactions for the production of valuable (fine) chemicals. The first promising results on hydrogenation and carbonylation of liquid substrates were obtained at VITO, and will be published soon.

Regarding the potential implementation of 3DFD structured catalysts in industry, it can be mentioned that a lot of work is currently being carried out on the scale-up of the 3DFD technology (e.g. using multi-nozzle or array-nozzle printers with higher printing speed and advanced process control). These developments along with longer catalyst life-time and higher efficiency will make 3DFD structured catalysts more commercially attractive and therefore a real alternative to existing conventional reactors. Specific surface area (SSA, mm 2 •mm -3 ) and macro-porosity (ε, %) of the 3DFD support were calculated using Equations A.8 and A.9, respectively. S c is the loss of the surface area of two connected fibres (mm 2 ), S f is the surface area of two fibres (mm 2 ), V cell is the unit cell volume (mm 3 ), 

Appendix A. Calculation of specific surface area, porosity and open frontal area
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