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Résumé

Les réacteurs miniaturisés (microréacteur: gaz-solide) consistent à mettre en suspension (ou dispersion) des réactifs de tailles nanométriques (système réactionnel: phase active sans support) à une très grande vitesse de gaz (phase continue) dans des microtubes/microréacteurs. Cette technologie innovante et originale va nous permettre la maîtrise et l'optimisation des réacteurs de valorisation de gaz de synthèse pour la production de carburants alternatifs propres via la synthèse Fischer-Tropsch.

Les réacteurs à lits fluidisés sont préférables aux lits fixes dans le cas de réactions exothermiques. En fait, la mise en suspension des solides par un gaz (phénomène de fluidisation) induit un très bon mélange gaz-solide et une meilleure homogénéisation de la température dans un domaine vaste de pression. Ainsi, le réacteur fonctionne dans des conditions proches de l'isothermicité et favorise les échanges de  Risques liés à la manipulation des produits nanométriques ou nocifs, ainsi que les fuites sont minimisés compte tenu de la faible quantité des produits à manipuler;  Procédés moins onéreux par rapport aux procédés conventionnels à lits fluidisé;  Diminution de la production de déchets (les procédés miniaturisés sont réutilisables comparés aux réacteurs microstructurés).

A l'échelle industrielle l'intérêt de cette application est de faire fonctionner plusieurs réacteurs en même temps pour atteindre une production à grand débit.

Le travail de la thèse aborde une étude fondamentale liée à la maitrise des phénomènes de transferts et d'écoulements dans des microréacteurs ainsi que la compréhension des mécanismes des interactions aux interfaces des poudres. Les interactions entre ces phénomènes sont fondamentales. Ce travail avait pour objectif de proposer une étude structurée en découpant les différents mécanismes pour répondre aux spécificités des procédés miniaturisés aux enjeux technologiques et économiques considérables et la conception des réacteurs miniaturisés avec des outils technologiques innovants.

Cette Nouvelle technologie ouvre de nouveaux champs d'études et d'applications, tels que:

Réacteurs miniaturisés embarqués (mobiles), moteur miniaturisé (production d'hydrogène..etc), réacteurs nucléaires miniaturisés, applications aux produits onéreux et rares (très faible quantité de poudres)….etc.

Ce travail sur la miniaturisation des lits fluidisés gaz-solide a été conduit expérimentalement et numériquement. Les travaux expérimentaux ont été menés à bien dans quatre lits fluidisés miniaturisés de 20, 12,4, 8,5 et 4 mm comparés à deux lits relativement grands de 100 et 50 mm utilisant deux types de particules de verre (Geldart groupe A et B) et billes d'acier inoxydables (groupe B de Geldart). Les régimes d'écoulement ont été examinés du lit fixe au régime turbulent. Les propriétés hydrodynamiques ont été analysés. Une méthode de diagnostique basée sur la mesure des fluctuations de pression avec une sonde de pression installée au-dessus du distributeur de gaz a été développée pour les lits fluidisés miniaturisés.

Les fluctuations de pression mesurées ont été analysées en fonction du temps (écart type, fonction d'autocorrélation et fonction de densité de probabilité). Les simulations numériques des lits fluidisés gaz-solide ont été effectuées en deux-dimensions (2D) utilisant le modèledes 2 phases. La validation a été faite en comparant la simulation et les résultats expérimentaux de la chute de pression, l'expansion de lit et des fluctuations moyennes de pression.

Abstract

Miniaturized fluidized bed exhibits great advantages such as a large specific contact surface, a fast dissipation of heat (ideal for the exothermic reactions) and better mass and heat transfers. Micro-fluidized bed reactor (MFBR) is characterized by small amounts of bed materials, densification of reactors, mobile processes and low operation costs. But MFB suffers from difficulties in precise control and shows new complex phenomena due to strong frictional wall effect. Present study was conducted to understand fundamental hydrodynamics in MFBs using methods of experiments and numerical simulations. Experimental work was carried out in four MFBs of 20, 12.4, 8.5 and 4 mm compared to two relatively large beds of 100 and 50 mm. The ratio of static bed height ( ) to bed diameter ( ), was examined between 1 and 4. Three types of particles with different sizes and densities were used (B 347 : 347 μm, 2475 kg/m 3 ; B 105 : 105 μm, 8102 kg/m 3 ; A 63 : 63.8 μm, 2437 kg/m 3 ). An assisted method of mechanical vibration in horizontal direction was applied to the 4 mm bed.

A new methodology for flow regimes diagnosis in MFBs was developed based on pressure fluctuation measurement and analysis using statistic tools and Fast Fourier Transform (FFT). The analysis mainly includes calculating the standard deviation, autocorrelation function, probability density function, power spectral density function and time-frequency analysis. Numerical simulations were performed under Eulerian-Eulerian framework in two dimensions.

Experimental results show the identification of six flow regimes: fixed bed, bubbling, bubbling/slugging, slugging, slugging/turbulent and bubbling/turbulent. Partial fluidization is encountered at low / =(1-2) while slugging regime prevails quickly after minimum fluidization at high / =(3-4). In the 4 mm bed, fluidization with B 347 particles show better fluidization quality than the other two particle (B 105 and A 63 ). The obtained minimum fluidization velocity ( ) for B 347 particles is very close to the predictions by empirical correlations proposed from conventional large beds, while the for B 105 and A 63 particles are larger than the predictions, and the deviation increases with decreasing particle size.

The application of mechanical vibration can help reduce partial fluidization phenomenon, thus resulting in larger ∆ and smaller . A larger minimum bubbling velocity ( ) and a delayed onset of turbulent fluidization ( ) were obtained as well, which may be due to the more uniform gas passage through the bed and the decreased frictional wall effect.

Results by simulations agree reasonably well with the experimental datum.

General introduction

The development and application of gas-solid fluidized beds can be dated back to the 1920s. To date, gas-solid fluidized beds have been widely used in various industries, concerning either chemical (fluid catalytic cracking, combustion, gasification, etc.) or physical processes (drying, mixing, granulation, etc.). This is due to their excellent gas-solid mixing properties and high rates of heat and mass transfer between gases and particles. Nowadays, the research on gas-solid fluidized beds covers numerous aspects, such as the design, scale-up, miniaturization, optimization performance, and new applications of fluidized bed reactors. And broadly speaking, the research methods include experimental methods, numerical methods or a combination of the two.

Conventional large fluidized beds for industrial applications are generally large in scale from 1 to 10 m. The lab scaled fluidized beds are commonly between 5 and 20 cm. Many studies on fluidized beds have been performed, and focused on different aspects: design of reactor, particle properties, gas properties and operation conditions (temperature and pressure). By increasing gas velocity and modifying properties of gas and solid can obtain different flow regimes: fixed bed, bubbling, slugging, turbulent, fast fluidization etc. In different flow regimes, the gas-solid interactions are different, leading to different target applications.

Miniaturization of gas-solid fluidized beds has been a subject for many studies in recent years. Miniaturized fluidized bed exhibits great advantages such as a large specific contact surface, a fast dissipation of heat (ideal for the exothermic reactions, e.g. methanation, Fischer-Tropsch synthesis, etc.) and better mass and heat transfers.

Micro-fluidized bed reactor (MFBR) is characterized by small amounts of bed materials, densification of reactors, mobile processes and low operation costs. The application of MFBR in chemical reaction processes can give a high rate of mass transport, thus a high reaction efficiency. For industrial scale-up, large surface for energy exchange can be fulfilled by disposing multiple MFBRs in parallel.

But MFBR suffers from difficulties in precise operation and measurement. And furthermore, MFBR exhibits new complex phenomena which are different from those experienced in conventional large beds, which are due to the strong frictional wall effect. Present study was conducted to understand the fundamental hydrodynamics, and develop a new methodology for diagnosis of flow regimes in the designed MFBs.

In this manuscript, research on miniaturization of gas-solid fluidized beds was -At the end, general conclusions and perspectives are given.

Chapter 1: Literature review and objectives

Introduction

The development and application of gas-solid fluidized beds can be dated back to the 1920s. To date, gas-solid fluidized beds have been widely used in various industries, concerning either chemical (fluid catalytic cracking, combustion, gasification, etc.) or physical processes (drying, mixing, granulation, etc.). This is due to their excellent gas-solid mixing properties and high rates of heat and mass transfer between gases and particles. Nowadays, the research on gas-solid fluidized beds covers numerous aspects, such as the design, scale-up, optimization performance, and new applications of fluidized bed reactors. Broadly speaking, the research methods include the experimental methods, numerical methods or a combination of the two.

In this chapter, a general introduction to gas-solid fluidized beds including the Geldart's classification of powders and characteristic behaviors of different flow regimes will be given in Section 1.2. As the miniaturization of fluidized beds has been a subject for many studies in recent years and which is also the main content of this dissertation, the development of micro-fluidized beds (MFBs) will be summarized in Section 1.3. The development and application of gas-solid fluidized beds rely greatly on the characterization techniques. Pressure fluctuations in gas-solid fluidized beds have been proved to be important indicators of fluidization hydrodynamics, and have been widely adopted for the development of diagnostic techniques due to their ease in measurement and the already developed analysis tools. The research on the pressure fluctuations in gas-solid fluidized beds including the measurement methods and interpretation of the pressure fluctuation sources will be introduced in Section 1.4.

Along with the rapid development of high-speed computers and numerical algorithms, multiphase modeling of gas-solid fluidized beds based on computational fluid dynamics (CFD) has made great progress, and has been proved to be a long-term useful tool to supplement the experimental investigations. Commonly accepted models for the numerical simulations of gas-solid fluidized beds will be given in Section 1.5. The objectives and main content of this dissertation will be detailed in Section 1.6.

Gas-solid fluidized beds

A gas-solid fluidized bed consists of four basic elements, i.e. a gas supply system, a gas distributor, a vertical container and solid particles, as shown in Fig. 1.1.

According to different specific applications, the fluidized beds may incorporate other elements, for example, the cyclone and screw conveyor. The hydrodynamics of gas-solid fluidized beds is generally dominated by the gas and particle properties, bed geometry, gas flow rate and flow regimes. The latter have been identified in gas-solid fluidized beds under different conditions, which may cover the particulate (or homogenous) fluidization, bubbling, slugging, Channeling, turbulent, fast fluidization and dilute transportation. More details can be found in Fig. 1.2 which shows together some typical conditions as well. The states from particulate fluidization to turbulent fluidization are referred to as 'dense-phase' fluidization, while the fast fluidization and dilute transport are termed as 'lean-phase'

fluidization [START_REF] Fan | Principles of gas-solid flows[END_REF]. The latter needs to be maintained by means of external recirculation of solid particles.

Gas supply

Gas distributor Vertical container

Solid particle

Fig. 1.2. Interrelationship of various regimes including fixed bed, dense-phase fluidization and lean-phase fluidization (Note: is bed diameter, the static bed height, the minimum fluidization velocity, the minimum bubbling velocity) [START_REF] Fan | Principles of gas-solid flows[END_REF].

The behaviors of solid particles in fluidized beds depend largely on the combination of their mean particle size and density [START_REF] Geldart | Types of gas fluidization[END_REF]. According to Geldart's classification (Fig. 1.3), the solid particles used in the fluidized beds can be divided into four groups, i.e., the groups A, B, C and D. Particles which are in any way cohesive belong to group C particles, and are generally in small size (< 20 m). The group C particles are extremely difficult to be fluidized, if there are no any assisted methods used. This is because the cohesive forces (van der Waals forces) between particles are so strong that the drag force exerted by the fluid cannot counter balance them. The particles are lifted as a plug or channel badly (see Fig. According to Geldart [START_REF] Geldart | Gas fluidization technology[END_REF], the distinguish can be based on the bubble properties, 

Minimum fluidization

The determination of is of great practical interest for the application of fluidized beds. There are two non-visual methods widely accepted in the literature for the determination of . One is based on the dynamic pressure drop (∆ ) curve against superficial gas velocity ( ). The is classically determined at the point where the sloping line in the fixed bed intersects with the horizontal line in the fluidized bed.

The other method is based on a curve of standard deviation ( ) of pressure fluctuations against (Fig. 1.5), which is also known as Puncochar's method [START_REF] Punčochář | EVALUATION OF MINIMUM FLUIDIZING VELOCITY IN GAS FLUIDIZED BED FROM PRESSURE FLUCTUATIONS[END_REF].

This method has been applied by several authors [START_REF] Hong | Determination of minimum fluidization velocity by the statistical analysis of pressure fluctuations in a gas-solid fluidized bed[END_REF][START_REF] Wilkinson | Determination of minimum fluidization velocity by pressure fluctuation measurement[END_REF][START_REF] Rocha | Prediction of minimum fluidization velocity of gassolid fluidized beds by pressure fluctuation measurements-analysis of the standard deviation methodology[END_REF], most of which are for group B particles. Only Felipe et al. [START_REF] Rocha | Prediction of minimum fluidization velocity of gassolid fluidized beds by pressure fluctuation measurements-analysis of the standard deviation methodology[END_REF] extended this method to group A particles. In this method, a linear fitting is made for the values in the bubbling regime where the increases linearly with , giving an equation of = + with and being experimental constants. The is then obtained at the intersection of the extrapolated line with =0 in fixed bed. Many efforts have been made to establish correlations for the prediction of in the literature, which correlate the with gas and particle properties, as listed in 

Bubbling fluidization

Bubbling fluidization can be encountered in almost all the gas-solid fluidized beds. In a bubbling fluidized bed, the behavior of bubbles influences significantly the flow phenomena in the bed, including the solid mixing, entrainment, and heat and mass transfers. In analyzing the behavior of bubbling fluidized beds, it is essential to distinguish between bubble phase and dense phase. The bubble phase is referred to the gas voids containing virtually no bed particles while the dense phase consists of particles fluidized by interstitial gas.

When the bubble size ( ) is less than 0.125 times the bed diameter , the shape and the rise velocity of a bubble are unaffected by the walls, with which the bed is referred to as a freely bubbling bed. With the ratio of / between 0.125 and 0.6, wall effects reduce the bubble rise velocity and cause the bubble to be more rounded.

In a bubbling fluidized bed, the particles movement is dominated by the bubble flow patterns. The bubbles form and detach continuously from the gas distributor and then rise through the bed, during which coalescence, splitting and re-coalescence may occur between bubbles. The flow patterns of bubbles and particles have a correlation to the ratio of static bed height ( ) to bed diameter, / . In shallow beds ( / <1), detaching bubbles move towards the walls resulting in a central solids down-flow. In deep beds ( / >1) the flow patterns in the region near the distributor resemble that in the shallow beds while in the upper section of the bed, bubbles move towards the center and grow by coalescence, causing solid particles moving upwards in the center and downwards near the walls. It is the bubbling phenomenon that causes particles circulation patterns to be established, which is essential when bed homogeneity is required.

For coarse particles (Geldart group B/D and D), minimum bubbling occurs at or just slightly above minimum fluidization, while for fine particles (Geldart group A) minimum bubbling occurs after a span of particulate fluidization. Except the visual observation (the first bubble appears at the bed surface), there are generally two methods to determine in the literature. The first is based on the measurement of bed heights at various conditions [START_REF] Geldart | Gas fluidization technology[END_REF]. This method is applied more frequently for Geldart group A particles, and can be applied easily only for transparent beds. In this method, the is determined at the point of maximum bed height after a monotonic increase. The second is based on the measurement of pressure fluctuations using a pressure transducer. In this method, standard deviations of pressure fluctuation are calculated to be plotted against , and the is determined at a point where the standard deviation starts to increase from zero quickly and continuously [START_REF] Liu | Micro fluidized beds: wall effect and operability[END_REF].

Many efforts have been made to establish correlations for prediction of in the literature, as listed in Table 1.2. 

Slugging fluidization

Generally, in a bubbling bed, the bubble size increases with . When the bubbles grow to a size comparable to bed diameter ( >0.6 ), the bed is said to be in the slugging fluidization. Slugging fluidization is likely to be encountered in laboratory and pilot-scale unites, especially when is small and/or the ratio of / is high (>1).

The slug may appear in different forms at different conditions, as shown in Fig. 1.6. The round-nosed slug (also axisymmetric slug) occurs in systems of fine particles. The wall slug (also asymmetric slug or half slug) takes place in beds with rough walls, large ratios of / and relatively high gas velocities [START_REF] Fan | Principles of gas-solid flows[END_REF]. The wall slug rises faster than the round-nosed slug with a velocity approximately √2 times greater [START_REF] Geldart | Gas fluidization technology[END_REF]. The square-nosed slug, also known as 'plug', appears in very small beds or beds of coarse, vey angular, or cohesive particles. In this case, the particles rain through the void rather than moving around it. bed surface [START_REF] Stewart | Slug flow in fluidised beds[END_REF]. Non-visual method by measuring pressure fluctuations is also applied, based on a phenomenon that the slug rise frequency is independent of excess gas flow rate after minimum fluidization [START_REF] Baeyens | An investigation into slugging fluidized beds[END_REF]. Several efforts have been made for the prediction of in the literature, as detailed in Table 1.3. with a unit of cm, is a critical bed height after which the static bed height has no impact on the .

Turbulent fluidization

Many studies have proved the existence of turbulent fluidization regime in gas-solid fluidized beds [START_REF] Bi | Existence of turbulent regime in gas-solid fluidization[END_REF][START_REF] Bi | A state-of-the-art review of gas-solid turbulent fluidization[END_REF]. Not limited Bi and Grace (1995) [START_REF] Bi | Flow regime diagrams for gas-solid fluidization and upward transport[END_REF] = 0.565 . The hydrodynamics of the transition flow between and to some extent resembles that in the bubbling fluidization, where the flow structure is dominated by two processes of bubble coalescence and splitting. But in this transition to turbulent fluidization, the net effect is a progressive change towards a structure of greater homogeneity, which is opposite to that in the bubbling fluidization when is increased. During the transition to turbulent fluidization, relatively large bubbles or slugs form occasionally, leading to some apparent periodic character in the traced pressure fluctuations. In a fully turbulent state, large discrete bubbles are absent.
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Micro-fluidized beds (MFBs)

The conventional fluidized beds for industrial applications are normally large in scale with bed diameters ranging from 1 to 10 m [START_REF] Wang | Gas-Solid Fluidization in Mini-and Micro-channels[END_REF]. In recent years, research on micro-fluidized beds (MFBs), which are generally referred to the beds with inner diameters of a few millimeters, is receiving increasing interest. New applications of MFBs are being sparked as well, such as the in-situ reaction analyzer for multistage char combustion [START_REF] Guo | Development of a Multistage In-situ Reaction Analyzer Based on a Micro Fluidized Bed and Its Suitability for Rapid Gas-Solid Reactions[END_REF], reactors for kinetic studies of thermal decomposition of biomass materials (herb residue [START_REF] Guo | Kinetic behavior of biomass under oxidative atmosphere using a micro-fluidized bed reactor[END_REF], beer lees [START_REF] Yu | Biomass pyrolysis in a micro-fluidized bed reactor: Characterization and kinetics[END_REF]), and the reaction analyzer for non-isothermal coal char gasification with CO 2 [START_REF] Wang | Non-isothermal coal char gasification with CO2 in a micro fluidized bed reaction analyzer and a thermogravimetric analyzer[END_REF]. Compared to the conventional large beds, MFBs exhibit great advantages: a large specific contact surface between the fluidization system and the walls, a fast dissipation of heat (ideal for the exothermic reactions), small amounts of bed materials (attractive for the applications of producing expensive and rare powders), a high gas velocity with low flow rate, densification of reactors and low operation costs. But as the bed diameter is reduced to millimeter or micrometer scale, the beds exhibit new hydrodynamic phenomena and suffer from difficulties in precise controls and measurements. Besides, some existing techniques, such as optical fiber and capacitance probes, are difficult to be applied to the characterization of MFBs because of their severe interfering effects.

Furthermore, for most practical applications, MFB reactors are much likely to be made of metal materials, excluding the characterization by visual observation or high-speed camera that is frequently used during the fundamental study stage. Thus, not only fundamental study in hydrodynamics but also the development of non-visual and non-invasive techniques for the characterization of MFBs are essential for the design of MFB devices.

The hydrodynamic studies [START_REF] Liu | Micro fluidized beds: wall effect and operability[END_REF][START_REF] Wang | Gas-Solid Fluidization in Mini-and Micro-channels[END_REF][START_REF] Loezos | The role of contact stresses and wall friction on fluidization[END_REF][START_REF] Xu | Fluidization Characteristics in Micro-Fluidized Beds of Various Inner Diameters[END_REF][START_REF] Rao | The effect of column diameter and bed height on minimum fluidization velocity[END_REF][START_REF] Vanni | Effects of reducing the reactor diameter on the fluidization of a very dense powder[END_REF] in miniaturized gas-solid fluidized beds have revealed that when is reduced to a critical value the hydrodynamic behaviors, mainly including the pressure drop, bed expansion, and the flow regime transitions, start to deviate significantly from those experienced in conventional large beds due to the relatively much stronger wall effects. Empirical correlations for prediction of flow regime transitions proposed from conventional large beds without the consideration of wall effects fail to work in MFBs. This critical may range from 5.5 to 20 mm depending on the experimental conditions.

Loezos et al. [START_REF] Loezos | The role of contact stresses and wall friction on fluidization[END_REF] studied the role of wall friction in fluidized beds of (12.7-50.8) mm in inner diameter (i.d.) using glass bead particles (63-210 μm), and found that the wall friction causes an extra pressure drop that exceeds the theoretical ∆P. Liu et al. [START_REF] Liu | Micro fluidized beds: wall effect and operability[END_REF] examined the wall effect and operability in MFBs of [START_REF] Wang | Gas-Solid Fluidization in Mini-and Micro-channels[END_REF] investigated the wall effects using FCC particles (53 μm) in six mini-and micro-channels with sizes from 700 μm to 5 mm, and also revealed that there is a significant increase in both and when is decreased. Their results still show that the correlations developed for large beds on minimum slugging velocity cannot be used to predict those in mini-and micro-channels. Besides, they observed that there is regime transition instability in the 700 μm and 1 mm channels that the particulate fluidization is observed through the bubbling/slugging transition as the gas velocity is increased beyond that for the fixed bed. They proposed a new flow regime map (see Fig. 1.8) based on their experimental measurements, wherein the bubbling fluidization regime is much narrowed or even disappears, the onsets of turbulent and fast fluidizations are much advanced when is reduced into the scale of MFBs.

Vanni et al. [START_REF] Vanni | Effects of reducing the reactor diameter on the fluidization of a very dense powder[END_REF] investigated the impact of on the fluidization of a very dense tungsten powder in columns of 2-5 cm, and observed that the wall effects are evidenced in the 2 cm column including an increase in and a decrease in bed expansion. properties and morphology, bed geometry, static bed height, position of pressure probe, gas velocity, etc. There are three arrangements commonly used in the literature for the pressure fluctuation measurement, i.e., single-point absolute pressure, differential pressure between the bed and the freeboard, and double-point differential pressure. The first two methods measure local pressure fluctuations, while the third method measures a pressure difference between two points reflecting mostly the gas-solid behaviors between the two ports. It is reported that the measured pressure fluctuations can be distorted by the pressure probe-transducer system. Special caution is needed for the selection of the dimension for the pressure probe. Experimental study by Van Ommen [START_REF] Van Ommen | Response characteristics of probe-transducer systems for pressure measurements in gas-solid fluidized beds: how to prevent pitfalls in dynamic pressure measurements[END_REF] shows that the pressure probe up to 2.5 m length with an internal diameter ranging from 2 to 5 mm do not severely affect the analysis results of the measured pressure fluctuations. But in general, it is preferable to keep the probe length as short as possible.

Bi [START_REF] Bi | A critical review of the complex pressure fluctuation phenomenon in gassolids fluidized beds[END_REF] has summarized that there are at least six types of possible pressure fluctuation sources in gas-solid fluidized beds: 1) self-excited oscillation of fluidized particles; 2) self-excited oscillation of gas in plenum chamber; 3) oscillation due to bubble/jet formation; 4) oscillation due to bubble eruption at bed surface and generation of surface waves; 5) oscillation due to bubble/slug passage; and 6) oscillation due to bubble coalescence and splitting. Different models have been proposed to estimate the natural frequency of different source pressure fluctuations, as listed in Table 1.6. The induced pressure waves can propagate through the gas-solid fluidized bed with only moderate attenuation. The pressure waves originating from other locations within more than 0.5 m of the pressure probe tip can still be registered by the pressure probe [START_REF] Van Ommen | Optimal placement of probes for dynamic pressure measurements in large-scale fluidized beds[END_REF]. Thus, the pressure fluctuation signals measured at one specific location consist of not only the local oscillations but also the pressure waves generated from other locations. It is the interaction and coupling among these different sources of pressure fluctuations make the measured pressure fluctuations complex. Though measured pressure fluctuations are composed of multiple sources, there is always one dominant fluctuation at one specific condition in fluidized bed.

Many experimental studies [START_REF] Baskakov | A study of pressure fluctuations in a bubbling fluidized bed[END_REF] have suggested that bubble eruption at the bed surface may be one source of measured pressure fluctuations in gas-solid fluidized beds. These studies were based on the analysis of synchronized video images and visual observations, and found that local pressure drops almost simultaneously in the upper and lower sections of the bed as bubbles break through the bed surface. The amplitude and frequency of pressure fluctuations generated from bubble eruption at the bed surface is associated with the size and the frequency of bubbles reaching the bed surface, respectively. decrease with increasing gas velocity, the flow regime turns into the transition to turbulent fluidization. Thus, at least the transition from fixed bed/particulate fluidization to bubbling fluidization, and the transition from bubbling/slugging to the transition to turbulent fluidization can be identified from the standard deviation curve.

The frequency-domain analysis of a time-series signal is generally fulfilled by the Fast Fourier Transform (FFT). The most commonly used method in frequency-domain for gas-solid fluidized beds is the power spectral density function, in which characteristic frequencies for different sources of pressure fluctuations may be identified. Transient power spectral density (or time-frequency analysis) is a method to characterize a signal in time and frequency domains in the same time, and is capable to capture transient phenomena in gas-solid fluidized beds. The application of this method to gas-solid fluidized beds is relatively few reported. Van Ommen et al. [START_REF] Van Ommen | Time-series analysis of pressure fluctuations in gassolid fluidized beds-A review[END_REF] mentioned this method in their review article about the analysis of pressure fluctuations in gas-solid fluidized beds, but not very in details. They said that the characterization by this method is somewhat qualitative, and is mainly useful for larger beds.

In wavelet analysis, the raw pressure fluctuation signal is decoupled into three scales: micro-scale (particle size), meso-scale (cluster size) and macro-scale (unit size). The application of wavelet analysis can distinguish pressure fluctuation signals from different scales but not from different sources.

Stat-space analysis (or chaos analysis) is typical for non-linear analysis. The application of this technique to the pressure fluctuation data of gas-solid fluidized beds is based on an assumption that a fluidized bed is a chaotic system or that it

shows certain chaotic features. The study by van Ommen et al. [START_REF] Van Ommen | Time-series analysis of pressure fluctuations in gassolid fluidized beds-A review[END_REF] shows that this method is more sensitive to small changes in fluidized bed dynamics (e.g., the onset of agglomeration).

In fact, up to now, it is still different to obtain all information for the hydrodynamics of a gas-solid fluidized bed using only one technique to analyze the pressure fluctuations. It is more practical to choose a combination of different techniques depending on the requirements.

Though the application of measuring and analyzing pressure fluctuations in gas-solid fluidized beds has been widely investigated, it should be noted that most of these investigations were performed in relatively large beds ( >5 cm) where the bed dimension is much larger than the internal diameter of the pressure probe (2-5 mm), which has allowed diverse possibilities for the installation of pressure probe without severe interfering effects. It may be noticed that some of the hydrodynamic studies [START_REF] Liu | Micro fluidized beds: wall effect and operability[END_REF][START_REF] Xu | Fluidization Characteristics in Micro-Fluidized Beds of Various Inner Diameters[END_REF][START_REF] Vanni | Effects of reducing the reactor diameter on the fluidization of a very dense powder[END_REF] in MFBs also measured the pressure fluctuations, but as their pressure probes were all installed beneath the gas distributor, the analysis was limited only to the calculations of mean and standard deviation. With a pressure probe installed below the gas distributor, it is difficult for a pressure transducer to capture the very small pressure fluctuations from the MFB. This is because, on the one hand, the pressure drop through the gas distributor could be much larger than that through the solid bed, on the other hand, the small pressure fluctuations from the MFB may attenuate greatly when they propagate through the gas distributor. Efforts for the application of diagnostic techniques based on the pressure fluctuation measurement and analysis to MFBs are still needed.

Numerical simulation of gas-solid fluidized beds

Despite the widespread applications and the great progress has been made, some aspects of fluidized bed dynamics are still far from being fully understood, and the design and performance optimization of fluidized beds continue to be challenging.

This can be attributed to the complex flow phenomena in fluidized beds incorporating the nonlinear particle-particle and gas-particle interactions, which are sometimes difficult to be measured in the harsh and opaque conditions (high temperature and Generally speaking, CFD models for gas-solid fluidized beds can be divided into two groups: Lagrangian models and Eulerian models. The Lagrangian models, also discrete particle models, calculate the path and motion of each individual particle by solving their own Newtonian equations of motion. The huge number of involved equations makes this model very time-consuming and requires large computer memory for the simulations of fluidized beds with high particle concentrations. The Eulerian models, however, treat all phases to be continuous and fully interpenetrating.

The model for gas-solid fluidized beds under the Eulerian framework is also called the two-fluid model (TFM), which incorporates two sets of governing equations, including the conservation equations of mass, momentum and energy, for gas and solid phases, respectively. To close the governing equations, constitutive equations to describe the rheology of solid phase and the interactions between gas and solid phases are needed.

In the past three decays, many efforts have been made for the development of constitutive correlations for the simulation of gas-solid fluidized beds, including the drag models which describe the interactions between gas and solid phases, and the models for solid stress (i.e., solid pressure and solid shear viscosity). So far, the governing equations for solid phase are mostly closed by a kinetic theory of granular flow (KTGF), which assumes that the random motion of particles suspended in a gas flow is analogous to the motion of molecules in a dense gas. In the KFGF, a granular temperature proportional to the mean square of the random particle velocity is defined to characterize the fluctuating energy of the solid phase, which is analogous to the thermodynamic temperature in the kinetic theory of gases. The solid phase properties like the solid stress and viscosity are a function of this granular temperature, which itself is a function of time and space.

Numerical simulation of gas-solid fluidized beds is a very complicate process, the completion of which relies not only on appropriate governing and constitutive equations but also on suitable boundary conditions, initial conditions and numerical solvers. The matching of them is case dependent, making the simulations more challenging. Up to now, there is still not yet a unified model for the simulation of gas-solid fluidized beds.

In this section, the governing equations of the two-fluid model (TFM) and the constitutive equations by the Kinetic Theory of Granular flow (KTGF) are introduced.

Besides, commonly adopted models for the momentum transfer coefficient and the solid frictional stress from the literature are also summarized.

Model equations (I) Governing equations

The governing equations of TFM are listed in 

( ) + • ⃗ = 0 (1.1) ( ) + • ( ⃗ )=0 (1.2)
Momentum equations for gas and solid phases:

Enwald et al. (1996) [37] ( ⃗ ) + • ⃗ ⃗ = - + • + ⃗ - ⃗ -⃗ (1.3) ( ⃗ ) + • ( ⃗ ⃗ ) = - + • + ⃗ + ⃗ -⃗ (1.4) with + = 1 (1.5)
Gas phase stress: = 2 (1.6) with

= ⃗ + ⃗ - • ⃗ (1.7)
Solid phase stress:

= [-+ ξ (∇ • ⃗ )] -2 (1.8) with = [ ⃗ + ( ⃗ ) ] -( • ⃗ )
(1.9)

(II) Solid bulk viscosity

The solid bulk viscosity given by the KTGF is as follow:

= (1 + ) (1.10)
with being the restitution coefficient for particle-particle collisions and the granular temperature. The bulk viscosity is a measure of the viscous forces which depend on the rate of the compression and dilatation of the fluid. It becomes important only for such effects where fluid compressibility is essential. In the two-fluid model of gas-solid fluidized beds, the gas phase is assumed to be incompressible while the solid phase is compressible. Thus, this bulk viscosity can be neglected for the gas phase, and a model should be given to describe the solid phase bulk viscosity. The above solid bulk viscosity given by the KTGF describes the resistance of the particle suspension against compression, and has been commonly accepted in the literature [START_REF] Syamlal | MFIX documentation: Theory guide[END_REF][START_REF] Gidaspow | Multiphase flow and fluidization: continuum and kinetic theory descriptions[END_REF][START_REF] Louge | Computer simulations of rapid granular flows of spheres interacting with a flat, frictional boundary[END_REF].

(III) Solid pressure

The solid pressure (detailed in Table 1.8) represents the normal solid phase forces due to particle-particle interactions. Generally, in fluidization conditions with relatively low solid volume fractions where the particle-particle collisions can be assumed to be instantaneous, the solid phase pressure is contributed to two only parts:

the collisional part , and the kinetic part , . But at high solid volume fraction conditions, sustained contacts between particles occur, resulting in frictional stresses between particles. At this point, the frictional solid pressure , should be taken into account. For the collisional and kinetic contributions to solid pressure, there is a general agreement on the forms given by Lun et al. [START_REF] Lun | Kinetic theories for granular flow: inelastic particles in Couette flow and slightly inelastic particles in a general flowfield[END_REF]. For the frictional contribution, there are two models widely used in the literature developed by Johnson and Jackson [START_REF] Johnson | Frictional-collisional constitutive relations for granular materials, with application to plane shearing[END_REF] and Schaeffer [START_REF] Schaeffer | Instability in the evolution equations describing incompressible granular flow[END_REF], respectively 

Note: , is the maximum solid volume fraction, , the critical solid volume fraction that the frictional solid pressure model come into effect.

(IV) Solid shear viscosity

Correspondingly, there are three contributions to the solid shear viscosity : collisional part , , kinetic part , and frictional part , , as detailed in Table 1.9. As for the collisional solid shear viscosity , , there is a general agreement on the form, as in Table 1.9. As for the kinetic contribution , there are several models in the literature, among which the models by Syamlal-O'Brien [START_REF] Syamlal | MFIX documentation: Theory guide[END_REF] and Gidaspow [START_REF] Gidaspow | Multiphase flow and fluidization: continuum and kinetic theory descriptions[END_REF] are most commonly used. As for the frictional solid shear viscosity, the models by Johnson and Jackson [START_REF] Johnson | Frictional-collisional constitutive relations for granular materials, with application to plane shearing[END_REF] and Schaeffer [START_REF] Schaeffer | Instability in the evolution equations describing incompressible granular flow[END_REF] are widely used, correspondingly. Note: is the angle of internal friction of the particle, is the second invariant of the deviator of the strain rate tensor.

(V) Radial distribution function

As can be seen in the previous equations for , , and , the solid stress is affected by a radial distribution function . This radial distribution function is interpreted as the increase of collision probability when the particle suspension becomes denser, and is a function of solid volume fraction . The models for it from the literature are summarized Table 1.10. 

Sinclair and Jackson (1989

) [45] = 1 - , ⁄ (1.25) 
Ding and Gidaspow, 1990 [START_REF] Ding | A bubbling fluidization model using kinetic theory of granular flow[END_REF]

] = 1 - , ⁄ (1.26) 

(VI) Granular temperature

The granular temperature influences the simulation results via the solid stress models, all , and are a function of . The granular temperature is solved by a granular energy equation, as detailed in Table 1.11. In this equation, the first term on the right side represents the creation of granular energy due to shear in the solid phase; the second term represents the diffusion of granular energy along the gradients in , with being thediffusion coefficient; the third term represents the dissipation of granular energy due to inelastic particle-particle collisions; and the last term represents the dissipation or creation of granular energy resulting from the working of the fluctuating force exerted by the gas through the fluctuating velocity of the particles. Some frequently used models for the diffusion coefficient , collisional dissipation energy and the momentum dissipation energy in the literature are summarized in Table 1.11 as well. Rather than solving the complete granular energy equation, some investigators [START_REF] Syamlal | MFIX documentation: Theory guide[END_REF][START_REF] Boemer | Eulerian computation of fluidized bed hydrodynamics--a comparison of physical models[END_REF] assume that the granular energy is in a steady state and dissipated locally, and neglect the convection and diffusion of granular energy. A simplified algebraic equation for can be obtained based on this assumption, as shown in Table 1.11. Algebraic model for :

( ) + • ( ⃗ ) = : ⃗ + ∇ • ( ) -- (1.27) Diffusion coefficient : Syamlal-O'Brien (1993) [38] = √ ( ) 1 + (4 -3) + (41 -33 ) (1.28) with = (1 + ) (1.29) Gidaspow (1994) [39] = √ ( ) 1 + (1 + ) + 2 (1 + ) (1.
= ( ) ( ) ( ) (1.35) 
where ( ̿ ) is the stress tensor and 's are defined as:

= 2(1 + ) (1.36) = √ (1 + ) - (1.37) = √ ( ) 1 + (1 + )(3 -1) + ( ) √ (1.38) = ( ) √ (1.39)

(VII) Momentum transfer coefficient

Many studies have shown that the momentum transfer coefficient (or drag coefficient) has a significant impact on the simulation results. Some commonly used drag models in the literature are listed in Table 1.12. 

Boundary conditions

For the simulations of gas-solid fluidized beds, there are generally three boundary conditions to be set, i.e., inlet, outlet and side-walls conditions. Uniform gas velocity inlet condition and pressure outlet condition are commonly used. The wall boundary condition for gas phase is generally specified by no-slip condition. The wall boundary condition for solid phase plays an important role in the overall hydrodynamics of simulated fluidized beds, especially in the small size beds where the specific surface area is relatively large. A partial-slip model developed by Johnson and Jackson [START_REF] Johnson | Frictional-collisional constitutive relations for granular materials, with application to plane shearing[END_REF] for solid phase (as detailed in Table 1.13) is widely used in the literature. Generally, investigators apply this model to their specific cases by modifying two parameters, i.e., the normal restitution coefficient representing the kinetic energy lost during collision, and the specularity coefficient ∅ characterizing the tangential momentum transfer due to collisions.

Li and Benyahia [START_REF] Li | Revisiting Johnson and Jackson boundary conditions for granular flows[END_REF] revisited Johnson and Jackson boundary condition, and gave an expression for the specularity coefficient (as detailed in Table 1.13) which incorporates the effects of the normal particle-wall restitution coefficient and the wall frictional coefficient ( ). In the equation, ∅ is the value of ∅when the slip velocity at the wall tends to zero. 

⃗ •( )• ⃗ | ⃗ | + ∅ | ⃗ | , = 0 (1.47) ∇ • ⃗ + ( ) , - ∅ | ⃗ | , = 0 (1.48) 
Li and Benyahia (2012

) [50] ∅ = - √ (∅ ) + ∅ , ≤ √ ∅ √ , ℎ (1.49) 
with

= | ⃗ | (1.50) = (1 + ) (1.51) 
∅ = -0.0012596 + 0.1064551 -0.04281476 + 0.0097594 -0.0012508258 + 0.0000836983 -0.00000226955 (1.52)

Numerical solver

There are several CFD codes used in the literature for the simulations of gas-solid fluidized beds, including the MFiX [START_REF] Bakshi | Gas-Flow Distribution in Bubbling Fluidized Beds: CFD-Based Analysis and Impact of Operating Conditions[END_REF][START_REF] Zhao | A Specularity Coefficient Model and Its Application to Dense Particulate Flow Simulations[END_REF][START_REF] Bakshi | Study of the effect of reactor scale on fluidization hydrodynamics using fine-grid CFD simulations based on the two-fluid model[END_REF], NEPTUNE_CFD [START_REF] Ansart | Effects of reducing the reactor diameter on the dense gas-solid fluidization of very heavy particles: 3D numerical simulations[END_REF],

FLUENT [START_REF] Cloete | Evaluation of wall friction models for riser flow[END_REF][START_REF] Zhang | A numerical study of the bubble induced pressure fluctuation in gas-fluidized beds[END_REF], Star-CCM+ etc.. More details can be found in Table 1.14. In general, a CFD code contains three main elements: i) a pre-processor, ii) a solver and iii) a post processor.

i) Pre-processor

With the pre-processor, the job that needs be done includes:

 Definition of the geometry: the computational domain;

 Generation of the mesh (or grid): sub-division of the domain into a number of smaller, non-overlapping sub-domains (or cells or control volumes or elements);

 Selection of physical phenomena;

 Definition of fluid properties;

 Specifications of boundary and initial conditions.

ii) Solver

Finite volume method is a well-known numerical solution technique for CFD modeling, and is applied by most of the CFD codes for the simulations of gas-solid fluidized beds. The algorithm based on the finite volume method includes the following steps:

 Integration of the governing equations of fluid flow over all the (finite)control volumes of the domain;

 Discretization: conversion of the resulting integral equations into a system of algebraic equations;

 Solution of the algebraic equations by an iterative method.

Phase-coupled SIMPLE (Semi-Implicit Method for Pressure Linked Equation)

algorithm is famous for the simulations of gas-solid fluidized beds. The SIMPLE algorithm uses a predictor-corrector approach, i.e., the velocity is first predicted using the pressure field from the previous iteration and subsequently corrected using the continuity (gas-phase) and solid correction equations.

iii) Post-processor

In the post-processing stage, investigators can extract and display the results in forms of data, graphics and animation.

Numerical simulations of micro-fluidized beds

Though there are numerous papers on simulations of gas-solid fluidized bed published per year since the two decades, most of them simulate beds in a scale of centimeters. Numerical simulations of gas-solid micro-fluidized beds using the two-fluid model are still very rare. This may be because of the possibility of breakdown of the assumption for TFM, wherein the derivatives of local mean variables are obtained by averaging the point variables over a region which contains many particles but is still small compared with the macroscopic unit. But Liu et al.

[57] simulated a MFB of 3 mm with Geldart group A particles using a very fine mesh (of approximately one particle diameter) under the Eulerian-Eulerian framework. In their work, a finer mesh (of approximately half particle diameter) was also used during the grid independence study stage, which implies that a mesh with cell size smaller than the particle diameter can also be applied for the simulations based on TFM. Experimental study on gas-solid MFBs has shown that it is the evident wall effect that leads to the deviation of hydrodynamics in MFBs from the conventional large beds. The results by Liu et al. [START_REF] Liu | Two-fluid modeling of Geldart A particles in gassolid micro-fluidized beds[END_REF] also show that special caution is needed for the selection of wall boundary conditions.

Numerical simulations of gas-solid MBFs is of great importance for the development of MFB devices, especially because of the deficiency of experimental characterization technique in MFBs. Further efforts are still needed for the numerical simulations of gas-solid MFBs.

Objectives and main content

In this dissertation, research on miniaturization of gas-solid fluidized beds was 

= ∑ ∑ (2.1)
where is the number of particles in the th class and the mean diameter of the particles in this class. The range of size distribution is quantified by a uniformity coefficient obtained from the cumulative percentage undersize distribution in volume.The is defined as:

= , % , % (2.2) 
< 2: particle size distribution is uniform; > 2: particle size distribution is wide;

with , % and , % being the diameters corresponding respectively to 60% and 10% of the cumulative percentage undersize distribution in volume. The obtained for all three particles are detailed in Table 2.1. It can be seen that all three particles have a narrow uniform size distribution.

Details of the particle properties are listed in Table 2.1. 

Fig.2.1. Distribution of particle size

Experimental set-up

A schematic diagram of the experimental set-up is illustrated in Fig. 2.2. All experiments were conducted under the conditions of room temperature and pressure.

Four micro-fluidized beds (MFBs) of 20, 12.4, 8.5 and 4 mm in inner diameter (i.d.)

were designed. The hydrodynamics of these MFBs were compared to two relatively large beds of 100 and 50 mm. All beds use porous sintered plates as gas distributors.

More information on the bed dimensions and gas distributors can be found in Tables 2.2 and 2.3, respectively. Details on pressure probe installation are given in Fig. 2.3.

For the installation of gas distributor in the 4 mm bed, a connection piece for holding the gas distributor, glass column of fluidization (a), glass gas chamber (b), and the pressure probe above gas distributor was designed (Fig. 2.2). The small sizes of the connection piece and the required gas distributor set very high requirements for the fabrications, which needs the micromechanical techniques.

Compressed dried air was used as fluidizing gas. The gas came from a compressor first and then was filtered and dried. A pressure regulator was installed before a set of rotameters, by which the fluctuations of gas source can be removed. An assisted method of mechanical vibration was applied to the MFB of 4 mm.

The mechanical vibration in horizontal direction was supplied by an electromagnetic vibrator (EMS 755, TOPAS-GMBH, Germany), vibration frequency ( ) of which was fixed at 100 Hz. A special metal structure was designed to connect the vibrator and the glass column. Vibration strength ( ) is defined as the ratio of vibration acceleration to gravitational acceleration, = (2 ) / with being the vibration amplitude and the gravitational acceleration [START_REF] Mawatari | Comparison of three vibrational modes (twist, vertical and horizontal) for fluidization of fine particles[END_REF]. The was measured by a piezoelectric accelerometer fixed on the designed metal structure. The applied was measured to be 2.3 in present study. Note: is bed diameter, the static bed height, ℎ the distance between gas distributor and center line of pressure probe, Λ the mechanical vibration strength. Glass sintered plate with a thickness of 2 mm and an equivalent pore size of (40-90) μm 4

Glass sintered plate with a thickness of 1.3 mm and an equivalent pore size of (40-90) μm

The system for measuring pressure fluctuations consists of a differential pressure Detailed results of the optimization will be presented and discussed in Chapter 4. The of 100 Hz is also used frequently in the literature [START_REF] Wilkinson | Determination of minimum fluidization velocity by pressure fluctuation measurement[END_REF][START_REF] Lee | Pressure fluctuations in turbulent fluidized beds[END_REF][START_REF] Fan | Pressure fluctuations in a fluidized bed[END_REF][START_REF] Chen | Direct resolution of differential pressure fluctuations to characterize multi-scale dynamics in a gas fluidized bed[END_REF][START_REF] Bi | Effect of measurement method on the velocities used to demarcate the onset of turbulent fluidization[END_REF]. And with this , 20 to 100 s were seen to used.

Chapter 3: Methods for analysis of pressure fluctuations

Introduction

In this dissertation, the analysis of pressure fluctuations were performed in time and frequency domains using the statistical method and Fast Fourier Transform (FFT), respectively. Characteristics of the pressure fluctuations, including the mean, standard deviation ( ), skewness ( ), kurtosis ( ), probability density function (PDF (t) ), autocorrelation function (ACF (t) ), power spectral density function(PSDF (f) ), and time-frequency analysis (T-F (t,f) ) fulfilled by short-time FFT, were calculated. The subscript 't' and 'f' indicate the parameter is analyzed in time or frequency domain.

Time domain analysis

All analysis were performed based on a time-series of pressure fluctuation signal, ( ) with = 0, 1, 2, ⋯ , -1, which was measured with a sampling frequency of and a sampling duration of , yielding a sampling interval ∆ =1/ , and a total number of samples = .

(I) Mean value

At a given superficial gas velocity ( ), the averaged ∆P of the bed can be estimated by the meanx of the time-series pressure fluctuation signal, which represents a measure of the central tendency of the data and is defined as [START_REF] Saxena | Diagnostic procedures for establishing the quality of fluidization of gas-solid systems[END_REF]:

̅ = ∑ ( ) (3.1) 

(II) Standard deviation

The amplitude of the pressure fluctuation signal is expressed by the standard deviation which is the positive square root of second-order statistic moment of the data [START_REF] Saxena | Diagnostic procedures for establishing the quality of fluidization of gas-solid systems[END_REF].

= ∑ ( ( ) -̅ ) (3.2)

(III) Probability density function

The calculation of probability density function is fulfilled by the Matlab function 'ksdensity'.

(IV) Skewness

The dimensionless third central moment, skewness (see Eq.(3.3) [START_REF] Johnsson | Characterization of fluidization regimes by time-series analysis of pressure fluctuations[END_REF]), is a measure of the lack of symmetry in probability density function about the mean value.

For a normal distribution, =0. If the distribution is skewed to the left, <0; and if the distribution is skewed to the right, >0, as shown in Fig. 3.1.

= ∑ ( ( ) -̅ ) (3.3) (V) Kurtosis
The dimensionless fourth central moment, kurtosis (see Eq. (3.4) [START_REF] Johnsson | Characterization of fluidization regimes by time-series analysis of pressure fluctuations[END_REF]), is a measure of the extent of the sharpness in probability density function about the mean value.

= ∑ ( ( ) -̅ ) (3.4)
For a normal distribution, =3, the curve is called mesokutic, having intermediate peakedness. >3 is for leptokurtic distribution, while <3 is for platykurtic distribution, as shown in Fig. 3.1. 

(VI) Autocorrelationfunction (ACF (t) )

ACF (t) is a function that relates the influence of values at any time over values at a future time. The correlation between two points separated by a time lag , = ∆ , is expressed as [START_REF] Johnsson | Characterization of fluidization regimes by time-series analysis of pressure fluctuations[END_REF]:

( ) = ∑ ( ( ) -̅ ) ( ( + ) -̅ ) (3.5)
Here is referred to as the lag number and has a length of . The Eq.(3.5) is normalized by the value at zero lag, (0), and becomes:

( ) = ( ) ( ) (3.6) 
i.e.,-1 ≤ ≤ 1.

The ACF (t) is a mathematic tool for finding periodic component that might be masked in a random background. The frequency of the periodic component is determined from the first major peak in the plot of versus after =0. The reciprocal of this value of gives the frequency for the periodic component in the signal.

Frequency domain analysis

The analysis of a signal in frequency domain is to examine how much of the signal lies within each given frequency ( ) band over a range of frequencies. Pressure fluctuation sources in a fluidized bed have their own characteristic frequency. Fast Fourier Transform (FFT) is a basic tool to transform the signal from time domain to frequency domain ( ) [START_REF] Jaiboon | Effect of flow pattern on power spectral density of pressure fluctuation in various fluidization regimes[END_REF].

( ) = ∑ ( ) (-2 ) (3.

7) (I) Power spectral density function (PSDF (f) )

The PSDF (f) describes how the power of a signal is distributed over frequency.

Here, the power is identified with the squared value of the signal but not the actual physical power. For calculating the PSDF (f) , the time-series is divided into segments of individuallength , which are represented as ( ) = ( + ) with = 0, 1, ⋯ , -1 and = 1, 2, ⋯ , . The division of the time-series is fulfilled by multiplying a window function ( ) with the specified length of .

The power-spectrum estimation [START_REF] Johnsson | Characterization of fluidization regimes by time-series analysis of pressure fluctuations[END_REF][START_REF] Jaiboon | Effect of flow pattern on power spectral density of pressure fluctuation in various fluidization regimes[END_REF] of each segment is:

( ) = ∑ ( ) ∑ ( ( ) -̅ ) ( ) (-2 ) (3.8)
The averaged PSDF (f) is given by :

( ) = ∑ ( ) (3.9) 
The estimation of PSDF (f) comprises the Welch method [START_REF] Welch | The Use of Fast Fourier Transform for the Estimation of Power Spectra: A Method Based on Time Averaging Over Short, modified Periodograms[END_REF], and is fulfilled by the Matlab function of 'pwelch'. In present study, the time-series was divided into 4 segments with each segment having a length of 1024 (2 10 ). A rectangular window function for ( ) in Eq. (3.8) was used without overlap between data segments. The length of the FFT, , was specified at 2048 (2 11 ), giving a frequency resolution ∆ (∆ = / ) of 0.048 Hz for the PSDF (f) estimation.

(II) Time-Frequency analysis (T-F (t,f) )

T-F (t,f) is to represent the power of a signal versus time and frequency in the same time, basic idea behind which is to break up the signal into small time segments and then calculate the PSDF (f) for each segment as described in Eqs.(3.8-3.9). The outcome of such a calculation using Matlab software is a surface plot with different color intensities to indicate the power density in 3D, or a map with contours in 2D.

For details of the T-F (t,f) , readers are referred to the book by Cohen [66].

In this study, the time-series of 4096 points was divided into 32 segments, with each segment having a length of 128. The number of sub-segments, , for the PSDF (f) estimation at each segment was set to 1. The output of T-F( t,f ) is presented as a map with contours in 2D.

Chapter 4: Hydrodynamic study and effect of the wall

Introduction and objectives

With the bed diameter ( ) being miniaturized, the specific contact surface between the fluidization system and the walls is increased, which raises the benefit for fast heat dissipation in practical applications (e.g., methanation, Fischer-Tropsch synthesis, etc.). But with the increased specific surface, the frictional wall effect becomes evident and cannot be ignored, which has been the main reason for the were applied. As partial fluidization is observed in the miniaturized fluidized beds, an assisted method of mechanical vibration is applied in the 4 mm bed.

Details of the experimental conditions in this study are summarized in Table 4.1. It can be seen (Fig. 4.1 (a)) that in each column the background ∆ increases with , and generally, this increasing rate increases with decreasing . The application of mechanical vibration has slight impact on the background ∆ , which is contributed to the interaction between gas phase and column walls. As the pressure drop of a fluidized bed that counterbalances the weight of solid particles correlates directly to the mass of particles that were used, the magnitude of the pressure drop in the 4 mm bed is much smaller than that in the 100 mm bed (around 25 times at the same ratio of / ). Thus, the effect of the background ∆ increases dramatically as the decreases (effect of wall friction). In the 100 mm bed, the proportion of the background ∆ to the measured overall pressure drop under fluidization is less than 1% while can be reached around 40% in the 4 mm bed. Hence, the background ∆ must be removed for the MFB of 4 mm. In present study, the background ∆ were subtracted at all gas velocities for all sizes beds.

As for the amplitude (or ) of background pressure fluctuations, from Fig. 4. 1 (b) it can be seen that the values of even at high gas velocities are very small, which are comparable to the of the noise (around 0.12 Pa at =0). All presented in the following sections have been subtracted by a value of 0.12 Pa.

Optimization of pressure fluctuation measurement

In present study, a diagnostic method was developed based on the measurement and analysis of pressure fluctuations. The analyses are performed in both time and frequency domains, the results of which are mainly affected by the sampling frequency ( ) and measurement duration ( ). Before experimental measurements, the and were firstly optimized.

The optimization process was performed in the 4 mm bed with B 347 glass bead particles under / =2 at three different conditions which are within the range of [START_REF] Geldart | Gas fluidization technology[END_REF][START_REF] Punčochář | EVALUATION OF MINIMUM FLUIDIZING VELOCITY IN GAS FLUIDIZED BED FROM PRESSURE FLUCTUATIONS[END_REF][START_REF] Hong | Determination of minimum fluidization velocity by the statistical analysis of pressure fluctuations in a gas-solid fluidized bed[END_REF][START_REF] Wilkinson | Determination of minimum fluidization velocity by pressure fluctuation measurement[END_REF][START_REF] Rocha | Prediction of minimum fluidization velocity of gassolid fluidized beds by pressure fluctuation measurements-analysis of the standard deviation methodology[END_REF][START_REF] Leva | Fluidization[END_REF][START_REF] Wen | A generalized method for predicting the minimum fluidization velocity[END_REF][START_REF] Grace | Handbook of multiphase systems[END_REF][START_REF] Thonglimp | Vitesse minimale de fluidisation et expansion des couches de mélanges de particules solides fluidisées par un gaz[END_REF][START_REF] Liu | Micro fluidized beds: wall effect and operability[END_REF][START_REF] Abrahamsen | Behaviour of gas-fluidized beds of fine powders part I. Homogeneous expansion[END_REF][START_REF] Stewart | Slug flow in fluidised beds[END_REF] . The tested ranges from 50 to 500 Hz with the up to 100 s. Three parameters, i.e., the mean (i. In order to lay more confidence on the measurements for the following studies, an optimized is determined at 100 Hz. The is optimized at 40 s, giving a total sample number ( ) of 4096 (2 12 ). As the pressure fluctuations in miniaturized fluidized beds are very small, the pressure probe is needed to be installed above the gas distributor, orientating directly to the solid bed. For the beds of 100-8.5 mm, the pressure probe (4 mm in outer diameter) can be tapped directly on the walls. For the 4 mm bed, however, an extra connection piece that integrates together the pressure probe, glass column and the gas distributor is needed and has been designed in present study.

With the installation of pressure probe above gas distributor, the diagnostic method based on pressure fluctuation measurement and analysis can be applied ). The curve of against can be used as a rough identification of flow regimes: fixed bed, bubbling and/or slugging, and transition to turbulent. An example is given in Fig. 4.6, the stays at zero at low gas velocities, which can be recognized to be in fixed bed. With being increased to a critical value, the starts to be increased from zero, indicating that the regime transits from fixed bed to a regime of bubbling and/or slugging. In the regime of bubbling and/or slugging, the increases with before reaching a maximum due to the increase of bubble/slug size. After the maximum, the decreases with due to the breakdown of large bubbles/slugs. The regime is then said to be on the way to turbulent fluidization (transition to turbulent). Based only on the curve, however, it is not sufficient to make a distinction between bubbling and slugging. Furthermore, it is even difficult to distinguish between the regimes of bubbling and/or slugging and transition to turbulent when the tested points are spare. This is because the average amplitudes of these two regimes can be the same at some specific conditions, as presented in the curve. -In bubbling/slugging fluidization (Fig. 4.7 (c)), the periodic components are increased and tend to have uniform amplitude and period. A range of multiple characteristic frequencies is still the case in the PSDF (f) , but the range is much narrowed when compared to the case of bubbling fluidization. An is recognized easily in the PSDF (f) , indicated by an evident pronounced peak (with maximum PSD).

In T-F (t,f) , the pressure fluctuates continuously over time with multiple characteristic frequencies but concentrating on the . The PDF (t) skews to the left ( >0) and follows a platykurtic distribution ( <3).

-In slugging regime (Fig. 4.7 (d)), the periodic components in the pressure fluctuation signals have almost the same amplitude and period. This regime is easily identified and there is only one pronounced peak in the PSDF (f) . In T-F (t,f) , the pressure fluctuates mainly with the unique frequency continuously over time, implying that the slugs form (continuous wave) and pass through the bed successively and with unique frequency. The development of slugging leads to a more platy distribution of the PDF (t) .

3-At high gas velocities, the bubbling and/or slugging transit to turbulent fluidization. This transition is very difficult to be identified and spans over a relatively large range of gas velocities. A transition of slugging/turbulent or bubbling/turbulent is identified using the developed diagnostic method.

-In slugging/turbulent fluidization (Fig. In the following sections, the fluidizations of B 347 particles in the six columns at low gas velocities ( ≤ 3 ) will be firstly discussed (Section 4.5.1). Then the fluidizations at high gas velocities in the (20-4) mm beds will be discussed in Section 4.5.2.

Fluidization behaviors at low gas velocities

The pressure drop (∆ ) at each specific was given by the mean of the pressure fluctuation signal that was recorded by the of 100 Hz with being 4096

(2 12 ). The measured ∆ was normalized by (W/A) where = g( -h)/ is the weight of solid particleswhich are located above the center level of the pressure probe (see Fig. 4.8), is the total mass of particles, and A is cross-sectional area of the column. -When is reduced to 8.5 mm (Fig. 4.9 (e)), an evident new phenomenon is observed that the transition zone between fixed bed and fully fluidized bed is very large. In fixed bed regime, the ∆ /(W/A) at / =(3-4) almost coincide, but then decrease with decreasing at the lower conditions. The ∆ /(W/A) in fluidized bed region vary with as well, where larger ∆ /(W/A) are obtained at higher conditions, which is similar as in the (20-12.4) mm beds. In the 4 mm bed (Fig. 4.9 (f)), similar phenomena as in the 8.5 mm bed are observed.

In order to examine in more details the effect of reducing on the ∆ /(W/A) curve, the obtained ∆ /(W/A) in different sized beds at / =2 are compared in Fig. 4.10. It can be seen that as the is reduced from 100 to 4 mm, the ∆ /(W/A) deviate evidently in both fixed bed and fluidized bed regions. The deviations can be reflected in three aspects:

i) in fixed bed, the slope for the ∆ /(W/A) curve decreases with decreasing ;

ii) the transition between fixed bed and fluidized bed is widened evidently when is reduced to 8.5 mm;

iii) in fully fluidized bed, the ∆ /(W/A) decrease with decreasing . It can be seen that (in Fig. 4 

= (4.4)

A constant of 0.87 is obtained for in Fig. 4.16. This may be because of the increased frictional force on restricting the upward movement of bubbles/slugs. 

Fluidization behaviors at high gas velocities

In this section, the hydrodynamic study will be limited only to high gas velocities (0.3-2.0 m/s) in small beds of 20, 12.4, 8.5 and 4 mm for / =(1-4). The fluidization behaviors at low gas velocities have been discussed in the Section 4.5.1.

The ∆ /(W/A) and curves against (0-2.0 m/s) for the 8.5 and 4 mm beds are presented and discussed firstly, as shown in Fig. 4.17. It can be seen that (in Fig. 4.17), in general, the ∆ /(W/A) after 0. the corresponding is recognized as the onset of transition to turbulent fluidization ( ). After the , the decrease with further increasing , which is said to be contributed to the breakdown of large bubbles/slugs into smaller ones. The at low / =1 are always small, and much smaller than the others at higher / conditions. With / =(2-4), the increase and decrease with larger rates against at higher / conditions. The peak at with larger values under higher / conditions, but all decrease to a very small value less than 10 Pa at 2.0 m/s.

The variances on are mainly the same in both 8.5 and 4 mm beds, except that in the 4 mm bed, the curve at / =4 after is lower than the case for / =3.

This may have a correlation to the low ∆ /(W/A) at corresponding conditions.

For better understanding the variances on ∆ /(W/A) and curves at high gas velocities, which may be correlated to the flow regime transitions, four pressure The results also show that in the 8.5 mm bed at / =1 (Fig. 4.18 (a)), the bed expansion is not large, incorporating particle clusters and gas. The bubble passage is not periodic, and there are no characteristic frequencies in the PSDF (f) and T-F (t,f) . This corresponds to the bubbling/turbulent regime, which can also be indicated by the small amplitudes in P (t) . In the 4 mm bed at / =2, the flow regimes transit from slugging to slugging/turbulent with from 0.53 to 1.55 m/s. At high / =4 in both beds, the flow regimes transit from slugging to slugging/turbulent and then to bubbling/turbulent with from (0.51-0.5) to (1.55-1.67) m/s. As shown in Fig. 4.23 (c), it can be seen that, in general, the is decreased with increasing in a specific , implying that slugging fluidization is easier to be encountered in a deeper bed. In all beds of (20-4) mm, slugging fluidization is started the dominant frequency band width in the PSDF (f) at / =2 is relatively wide while at / =4 is relatively narrowed when compared to their counterparts. This is because at / =4 the frictional wall effect on restricting the slug rising movement is reduced by the mechanical vibration. At =1.32 m/s, the periodic characters are more apparent at both conditions when the mechanical vibration is applied, implying that slugging/turbulent is more frequently encountered. 

Corresponding

curves are displayed in Fig. 4.28. It can be seen that the stay at zero at low gas velocities (fixed bed), and then increase with after a critical gas velocity. In the 8.5 mm bed, the curves start to increase from zero at the same under different / conditions, and then increase gradually with before 0.12 m/s. After 0.12 m/s, the curves increase dramatically. In the 4 mm bed, the curves also start to increase from zero at the same under different conditions, but then increase with at smaller rates than those in the 8.5 mm bed. show that the obtained from the curve is the same as which is obtained by video records, while the deviates to some extent. Thus, the method then decreases with rapidly as well with (5.5-18) . For B 105 particles, the stay at a relatively low level between (1-2.5) , then increases gradually with within (2.5-7) , decreases very gently between [START_REF] Rocha | Prediction of minimum fluidization velocity of gassolid fluidized beds by pressure fluctuation measurements-analysis of the standard deviation methodology[END_REF][START_REF] Leva | Fluidization[END_REF][START_REF] Wen | A generalized method for predicting the minimum fluidization velocity[END_REF][START_REF] Grace | Handbook of multiphase systems[END_REF][START_REF] Thonglimp | Vitesse minimale de fluidisation et expansion des couches de mélanges de particules solides fluidisées par un gaz[END_REF][START_REF] Liu | Micro fluidized beds: wall effect and operability[END_REF][START_REF] Abrahamsen | Behaviour of gas-fluidized beds of fine powders part I. Homogeneous expansion[END_REF][START_REF] Stewart | Slug flow in fluidised beds[END_REF][START_REF] Baeyens | An investigation into slugging fluidized beds[END_REF][START_REF] Bi | Existence of turbulent regime in gas-solid fluidization[END_REF][START_REF] Bi | A state-of-the-art review of gas-solid turbulent fluidization[END_REF][START_REF] Yerushalmi | Further studies of the regimes of fluidization[END_REF][START_REF] Lee | Pressure fluctuations in turbulent fluidized beds[END_REF][START_REF] Bi | Flow regime diagrams for gas-solid fluidization and upward transport[END_REF] , and finally stays at a relatively low level again between (20-32.5) . For A 63 particles, however, the curve stays at a very low level all the time over . 

Conclusions

In this chapter, efforts on hydrodynamic study by experiments have been made.

-Firstly, micro-fluidized beds (MFBs) with a minimum diameter of 4 mm were designed. For the design of the 4 mm MFB, a complex extra connection piece is needed to integrate the gas distributor, pressure probe, gas chamber and column for fluidized bed, the fabrication of which needs the micromechanical techniques.

-A new methodology for flow regimes diagnosis in MFBs was developed based on pressure fluctuation measurement and analysis using B 347 , B 105 and A 63 particles.

With the developed method, six flow regimes were identified: fixed bed, bubbling, bubbling/slugging, slugging, slugging/turbulent and bubbling/turbulent.

-The fluidization behaviors of B 347 particles were examined in the beds of 100, 50, 20, 12.4, 8.5 and 4 mm with / within [START_REF] Fan | Principles of gas-solid flows[END_REF][START_REF] Geldart | Types of gas fluidization[END_REF][START_REF] Geldart | Gas fluidization technology[END_REF][START_REF] Punčochář | EVALUATION OF MINIMUM FLUIDIZING VELOCITY IN GAS FLUIDIZED BED FROM PRESSURE FLUCTUATIONS[END_REF]. Results show that when is reduced to 20 mm, partial fluidization phenomenon starts to be observed, leading to a reduction on ∆ , and an increment on both and . The effect of partial fluidization increases with decreasing and , and can be reduced or eliminated by increasing . Thus, low conditions in MFBs: 1 in the (20-8.5) mm beds and (1-2) in the 4 mm bed, at low gas velocities may not be appropriate for applications, but at high gas velocities may show great potential. The obtained and increase with decreasing and .

-In the MFBs of (20-4) mm, slugging regime occurs very quickly after minimum fluidization, / =(1.4-2.0), which has limited the bubbling regime for applications. But at around (5.5-7.5) , the onset of transition to turbulent wide range of gas velocities between (5.5-20) may be applicable for reactions.

For in this transition regime, large bubbles/slugs are split into smaller ones, giving better gas-solid mixing properties.

-The fluidization behaviors of B 105 particles were examined in MFBs of 8.5 and 4 mm with / =(2-4). The obtained increases with decreasing as well, but is affected slightly by . In each bed, the decreases with increasing .

The / is with (1.2-2.9). When compared to B 347 particles, the / is delayed for B 105 particles. In the 8.5 mm bed, the / increases with , and is between (13.6-18.6). In the 4 mm bed, the / is not affected by , and is around 9.2.

-The fluidization behaviors of A 63 particles were examined in beds of 100, 20, 8.5 and 4 mm. The measured pressure drop for A 63 particles is relatively low. The obtained increases with decreasing as well, but is affected slightly by .

-An assisted method of mechanical vibration was applied to the 4 mm bed for B 347 particles at / =2 and 4 and for A 63 particles at / =4.The application of mechanical vibration can help reduce partial fluidization phenomenon, thus resulting in larger ∆ andsmaller . A larger and a delayed were obtained as well, which may be due to the more uniform gas passage through the bed and the decreased frictional wall effect.

iteration and subsequently corrected using the continuity (gas phase) and solid fraction correction equations. Implicit first-order temporal scheme is used for the transient terms in the governing equations, with which the unsteady term is discretized using the solution at the current time level as well as the one from the previous time level. Second-order upwind scheme is used for the discretization of convection terms in the governing equations.

Geometry and mesh

All simulations were calculated in two-dimensional (2D) geometries, as shown in Fig. 5.1 (left). The bed width corresponds to the experimental bed diameter (4-100 mm). The bed length ranges from 2.5 to 20 times the bed width according to different static bed height and gas velocity conditions. The particle properties ( and )

were specified with the experimental values (for types of A 63 , B 347 and B 105 particles).

A wide range of superficial gas velocities was applied, especially in the micro-fluidized bed of 4 mm, the regimes cover from fixed bed to turbulent fluidization regime. More details of the simulation conditions can be found in Table 5.2. Structured mesh with square cells was applied for all simulations, as shown in 1.810×10 -5 Particle-particle restitution coefficient, 0.9 Wall-particle restitution coefficient, 0.9 Superficial gas velocity, (0-9) Physical time (s) 5-20 Time-averaging performance after (1-2) s

Boundary conditions

The inlet condition was specified with a uniform gas velocity, while the outlet condition was specified with a constant atmospheric pressure. The wall boundary condition is specified by no-slip for the gas phase and partial-slip for the solid phase which is computed by the Johnson and Jackson model [START_REF] Johnson | Frictional-collisional constitutive relations for granular materials, with application to plane shearing[END_REF]. The effect of wall boundary condition in various size beds was studied by modifying the specularity coefficient from 0 to 1.

Initial conditions

For solving the equations, initial guessed values for all variables through the whole domain are needed. Initially ( =0 s), the bottom of the bed is filled with particles with a uniform distribution of solid volume fraction ( , ). The gas and solid phases velocities ( , and , ) are calculated as a function of , , as demonstrated in Fig. 5.1. The granular temperature (Φ T,0 ) is specified with a constant value of 1.0×10 -6 m 2 /s 2 . The pressure ( , ) in both phase momentum equations is given by the atmospheric pressure (101325.0 Pa).

Optimization of a reference model

One reference model was established using the B 347 particles in the 100 mm bed. 

Grid independence study

Grid independence study was conducted at a gas velocity of 0. show that the grid independence for all three particles in the 4 mm bed can be mainly achieved at =20.

In order to simulate with more confidence, the isdetermined at 40 for almost all the following simulations, except that the simulation for B 347 particles in the 4 mm bed at a high =9 , which needs a much higher bed length. For this case, in order to have feasible total cell number the was fixed at 20.

Optimizations of maximum inner iteration and time-step

The maximum inner iteration ( ) and time-step (∆ ) are a pair of parameters controlling the computational accuracy and efficiency. In general, a larger and/or a smaller ∆ lead to more accurate results, but a longer CPU time. Thus, optimizations of these two parameters are important for practical applications. The optimizations of and ∆ were conducted at a of 0.3 m/s.

For the simulations of gas-solid fluidization in the literature, the applied ∆ ranges between 1 × 10 and 1 × 10 s. For the fluidization of B 347 particles in the 100 mm bed with =40, a ∆ of1 × 10 s was tested first. With this ∆ , various were examined. It was found that if the is not large enough, the simulated pressure drop of the fluidized bed cannot be maintained (decreasing with time), as demonstrated in Fig. 6.2. For the pair of (∆ , ), both (1.0 × 10 s, 60) and (1.0 × 10 s, 40) can maintain the average ∆ for a physical time of 20 s, but the former uses less CPU time. Thus, the (∆ , ) of (1.0 × 10 s, 60) is preferable for this case. Further simulations (under different conditions) revealed that, however, feasible ∆ still correlates in the same time to many factors, mainly including the cell size (∆ ), gas velocity and even the solid frictional pressure model.

While solving certain partial differential equations numerically by the method of finite differences with explicit time integration schemes, there is a necessary condition, named 'Courant-Friedrichs-Lewy' (CFL) condition, for convergence. For one-dimensional case, the CFL should satisfy:

= ∆ ∆ < (6.1)
where the dimensionless number is called the Courant number. The value of varies with the method used to solve the discrete equations. For an explicit solver, the is typically set to 1. As implicit solvers are less sensitive to numerical stability, larger may be tolerated. In present study, implicit solvers are used. The CFL condition can be used as a rough criterion for the selection of primary ∆ . But appropriate ∆ still needs case testing. With being 60, different ∆ have been applied for different cases. Details of the applied ∆ are summarized in Table D1 in Appendix D.

Effect of granular temperature model ( )

There are two granular temperature models commonly used in the literature, i.e., a transport model (see Eq. The transport model will be used for all following simulations. 

Effect of drag model

The drag model describes the interactions between phases, thus, playing an important role in the gas-solid fluidization simulations. Three commonly used drag models (i.e. Arastoopour ,Gidaspow and Syamlal-O'Brien models, see Eqs.(5.32-5.39))

were examined during the model optimization process. The tested covers from 0 to 0.3 m/s (from fixed bed to bubbling bed) in the 100 mm bed under / =1 for B 347 particles.

The effect of drag models on the ∆ and curves are displayed in Fig. 6. 

Effect of frictional solid pressure model ( , ) (1) Comparison between Johnson-Jackson and Schaeffer models

Many studies have revealed that, except the collisional and kinetic solid pressures proposed by the KTGF (see Eqs.(5.11-5.12)), an additional solid pressure to account the frictional stress between particles is needed. There are two solid frictional pressure models commonly used in the literature, i.e., Johnson The axial (at / =0) and lateral (at / =0.8) distributions of time-averaged solid volume fraction at =0.3 m/s are displayed in Fig. 6.12 (a) and (b). The results

show that the both axial and lateral distributions by different , almost coincide, implying that the , within 0.612-0.65 has slight impact on the flow patterns. In the 100 and 50 mm beds, bubbles form in the low section in two sides of the center line (around / =-0.5and / =0.5). Bubbles move towards the center line along with the upward movement. Bubbles coalesce and then rise upwards along the center line. The ratio of bubble size to bed diameter in the 50 mm bed is larger than that in the 100 mm bed. In the 20 mm bed, bubbles/slugs are observed to form and move in the center and at walls in the same time, though the slugging in the center zone is dominated. In the 8.5 and 4 mm beds, however, bubbles form and rise mainly near the walls, which is not the case as observed in the experiments. The reference The effects of boundary conditions on the ∆ /( , ) and /( , ) curves are presented in Fig. 6.19 (a) and (b), respectively. The results show that the ∅ has slight impact on the simulated ∆ /( , ) and /( , ) curves. The snapshots and time-averaged distribution of solid volume fraction show that, however, the simulated solid particles circulation pattern varies with ∅. As shown in Fig. 6.20, it can be seen that with ∅ being zero, the slug forms and passes near the walls while with ∅ being one, the slug forms and passes in the center. (

3) Effect of boundary condition (∅) for A 63 particles

The effect of boundary condition for the fluidization of A 105 particles in the 4 mm bed was examined at 0.024m/s (~6 ). The two extreme boundary conditions (i.e. ∅=0.0 for 'free-slip' and ∅=1.0 for 'no-slip') in the Johnon-Jacknon model were applied as well. The results in Fig. 6.24 show that similar solid particles circulation patterns were simulated by these two extreme boundary conditions, where the solid particles move upwards in the center and downwards near the walls. But to examine in more details (Fig. 6.24 (b)), it can be seen that under 'no-slip' condition, bubbles form and pass mainly in the center while under ' free-slip' condition bubbles form in the low section around / =-0.5 and / =0.5 and then move towards the center The effect of on the ∆ /( , ) and σ/( , ) curves are presented in Fig. 6.26 (a) and (b), respectively. It can be seen that in the 4 mm bed with B 347 particles, the has slight impact on the simulated ∆ /( , ) and σ/( , ) curves, thus the minimum fluidization and bubbling velocities. -In the MFB of 4 mm, the boundary condition ∅ has great impact on the numerical simulations, and this effect decrease with . Both ∅=0.0 (for 'free slip') and ∅=1.0 (for 'no-slip') were examined, and results show that ∅=1.0 is more applicable for the simulations in the 4 mm bed (miniaturized bed).

-The effect of on hydrodynamics in the MFB of 4 mm was simulated for B 347 with / =2 and 4. The has slight impact on simulated . The simulated decreases with increasing , showing the same trend as in experiments.

But the simulated at both / conditions are all relatively larger than the experimental values. This may be because the numerical simulation does not take into account the frictional wall effect on restricting the slugging rising movement which can be encountered in experiments.

-Fluidizations for B 347 particles in the 4 mm bed under / =2 at =3 , 6 and 9 were simulated, respectively. The simulated decreases with increasing , showing the same trend as in the experiments.

-Fluidization for A 63 particles in the 4 mm bed under / =4 at =3 and 6 were simulated, respectively. Bubbling fluidization is simulated at 3 while slugging is simulated at 6 .

In summary, there is a good agreement between numerical simulations and experimental results, just with few deviations which may be due to the fact that the numerical models do not take into account the effects of gas distributor, partial fluidization, particles agglomeration, bubble coalescence and split etc. which can be incorporated in the experiments.

General conclusions

In -With reduced to 20 mm, partial fluidization phenomenon starts to be observed, leading to a reduction on ∆ , and an increment on both and .

The effect of partial fluidization increases with decreasing and , and can be reduced or eliminated by increasing . Thus, low conditionsin MFBs: 1 in the (20-8.5) mm beds and (1-2) in the 4 mm bed, at low gas velocities are not applicable for applications, but at high gas velocities may show potential.

-In MFBs, phenomenon of particles sticking onto the walls was observed, leading to less particles participating in fluidization process. The effect of this sticking phenomenon increases with decreasing and increasing .

-In MFBs, slugging regime occurs very quickly after minimum fluidization, / =(1.4-2.0), which has limited the bubbling regime for applications.

-In MFBs, the onset of transition to turbulent fluidization can be obtained at around (5.5-7.5) . As particles start to be carried over at around 20 , a wide range of gas velocities between (5.5-20) may be applicable for applications. For in this transition regime, large bubbles/slugs are split into smaller ones, giving better gas-solid mixing properties.

- 

  masse et de chaleur. Cette technologie est également très souple à manoeuvrer en donnant la possibilité d'enlever, charger ou recycler le réactif pendant le fonctionnement du réacteur. L'intérêt des réacteurs miniaturisés est de pouvoir faire réagir un gaz et un produit actif sans support dans des microréacteurs fluidisés. Ce système représente une rupture technologique et une avancée indéniable dans le domaine technologique par rapport aux réacteurs conventionnels à lits fixes.  Avantages des microréacteurs à lit fluidisé:  Absence de phénomène d'attrition (dégradation) des poudres nanométriques;  Surface d'échange des microréacteurs élevée (absence de point chaud);  Très bon mélange gaz-solide en lit fluidisé: milieu biphasique isotherme-stabilité thermique des réacteurs;  Intensification des réacteurs «minimum d'encombrement et de poids possibles»;  Utilisation «moins de produits»;  Vitesse de gaz très élevée;  Application de la phase active seule sans support (coût réduit de la matière première);  Nanopoudres/surface spécifique importante;  sécurité améliorée;

  conducted experimentally and numerically. The experimental work was carried out in four miniaturized fluidized beds of 20, 12.4, 8.5 and 4 mm compared to two relatively large beds of 100 and 50 mm using two types of glass bead particles (Geldart groups A and B, labeled as A 63 and B 347 ) and one type of stainless steel balls (Geldart group B, labeled as B 105 ). The ratios of static bed height to bed diameter, / , between 1-2 in the (50-100) mm beds and 1-4 in the (4-20) mm beds were tested. The main content of present study is to investigate the effects of , ratio of / , and particle properties (density and diameter ) on flow regimes and hydrodynamics in the miniaturized fluidized beds. The flow regimes were examined from fixed bed to turbulent fluidization. The examined hydrodynamic properties include the pressure drop (∆P), minimum fluidization, bubbling, slugging velocities ( , , ), and the onset of turbulent fluidization ( ). A diagnostic method based on the measurement of pressure fluctuations with a pressure probe installed above gas distributor was developed for the miniaturized fluidized beds. The measured pressure fluctuations were analyzed in time (e.g., standard deviation, autocorrelation function, probability density function) and frequency (e.g., power spectral density function, time-frequency analysis) domains. As low fluidization quality is observed in the miniaturized fluidized beds, an assisted method of mechanical vibration in horizontal direction was applied to the 4 mm bed at / =2 and 4. The numerical simulations of gas-solid fluidized beds were performed in two-dimensions (2D) using the two-fluid model (TFM). A reference model was established by optimizing the grid resolution, time-step, granular temperature model, drag model and solid frictional stress model in the 100 mm bed with B 347 particles. Validation was made by comparing the simulation and experimental results of average pressure drop, bed expansion, and pressure fluctuations. With optimized model parameters, the effects of , / , particle properties ( and ), and gas velocity were investigated. The Johnson-Jackson boundary model was used for all simulations. The effect of wall boundary conditions for different types of particles in the MFB of 4 mm were studied as well by modifying the specularity coefficient (∅) from 0 (free slip) to 1 (no-slip) in the Johnson-Jackson model. Based on the study content, this manuscript is organized as follows: -In Chapter 1, literature review is given on: general introduction to gas-solid fluidization, recent research on miniaturization of gas-solid fluidized beds, development of diagnostic techniques based on pressure fluctuations measurement in fluidized beds, and numerical simulations of gas-solid fluidization; -In Chapter 2, information on the materials and experimental set-up is detailed, including the methods for measuring particle density, particle size and size distribution; design of a connection piece for the 4 mm bed for integrating gas distributor, pressure probe and glass columns; mechanical vibration system and pressure fluctuation measurement system; -In Chapter 3, theory for the development of new methodology for flow regimes diagnosis in miniaturized fluidized beds is detailed. The developed method is based on pressure fluctuation measurement and analysis. The pressure fluctuation signal is analyzed in time and frequency domains, including calculating the mean, standard deviation, probability density function, power spectral density function and time-frequency analysis. -In Chapter 4, results on hydrodynamic study by experiments are presented and discussed. An example for the flow regimes diagnosis in the MFBs by the developed method is detailed firstly. Then the effects of and on flow regimes and hydrodynamics for B 347 particles at low (≤3 ) and high (up to 20 ) gas velocities are discussed, respectively. The effects of particles size and density on the fluidization behaviors in the MFB of 4 mm are discussed lastly. -In Chapter 5, information on numerical simulation set-up is given. Equations for all applied models are summarized, including the governing equations by two-fluid model, constitutive equations by kinetic theory of granular flow, equations for drag models, solid frictional pressure model and boundary model. -In Chapter 6, results on numerical simulations are presented and discussed. A reference model is established firstly by optimizing by the grid resolution, solver (maximum inner iteration and time-step), granular temperature model, drag model and solid frictional pressure model. The effect of reducing from 100 to 4 mm on the fluidization behaviors for B 347 particles is then discussed. The effects of boundary conditions, / , and on the fluidization behaviors in the 4 mm bed is discussed at last.
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 11 Fig.1.1. Schematic of a basic gas-solid fluidized bed

  1.4 (e)) when gas is introduced into a bed with group C particles. As for group A particles, the inter-particle forces are relatively small, but still exert effects on the fluidization hydrodynamics. The bed with group A particles expands considerably between minimum fluidization and minimum bubbling, forming a particulate (or homogeneous) fluidization (see Fig.1.4 (a)). This particulate fluidization distinguishes group A particles from the others. In contrast with group A particles, the inter-particle forces in group B particles can be neglected when compared to the weight of particles. Bubbles start to form at or just slightly above minimum fluidization in a bed with group B particle. The very coarse and/or dense particles belong to group D particles. The criteria to determine the B/D boundary are relatively indirect and empirical.

  particles (U mf =U mb ) Slugging Small D t and/or large H s /D t wherein the bubbles travel faster than the interstitial gas with group B particles while the contrary is with group D particles.
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 13 Fig.1.3. Diagram of Geldart's classification (Note:is the particle size, the particle density, the fluid density)[START_REF] Geldart | Types of gas fluidization[END_REF].
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 14 Fig.1.4. Types of flow regimes.

  Particulate (b) Bubbling (c) Slugging (d) Turbulent (e) Channeling (f) Spouting
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 15 Fig.1.5. Determination of from standard deviation curve of pressure fluctuations by Puncochar's method.
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 16 Fig.1.6. Different types of slug: (a) round-nosed slug, (b) wall slug, (c) square-nosed slug.

  Fig.1.7. The labels the onset of the transition from bubbling/slugging to turbulent fluidization, while the marks the end of the transition and the onset to fully
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 17 Fig.1.7. Definitions of transition velocities, and , based on standard deviation of pressure fluctuations.

  number at the onset of transition to turbulent fluidization, Ar the Archimedes number.
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 18 Fig.1.8. Effect of the column size on the flow regime map of gas-solid fluidization for FCC particles [21].

1. 4

 4 Pressure fluctuations in gas-solid fluidized beds Pressure fluctuation has been proved to be an important indicator of fluidization hydrodynamics in gas-solid fluidized beds, and has been widely used in diagnostic techniques for fluidized bed reactors. Pressure fluctuations in gas-solid fluidized beds are very complicated, and can be influenced by various factors, such as the particle

  pressure) or limited to diagnostic techniques (in micro-fluidized beds). In order to complement the experimental investigations, computation fluid dynamics (CFD) has been applied to simulate the inherent complicate hydrodynamics in gas-solid fluidized beds, and has been proved to be a useful tool to predict accurately local and global fluidization properties. Considerable progress in multiphase modeling based on CFD has been made since the three decades, especially along with the rapid development of high-speed computers and numerical algorithms. CFD plays an import role in design, scale-up and even scale-down of fluidized bed reactors.

Chapter 2 :. 1 Materials

 21 conducted experimentally and numerically. The experimental work was carried out in four micro-fluidized beds (MFBs) of 4, 8.5, 12.4, 20 mm compared to two relatively large beds of 50 and 100 mm using two glass bead particles (Geldart groups A and B) and stainless steel (316L) beads (Geldart group B). The ratios of static bed height to bed diameter, / , between 1-2 in the beds of (50-100) mm and 1-4 in the beds of (4-20) mm were tested. The main content of present study is to investigate the effects of , ratio of / , and particle properties ( and ) on flow regimes and hydrodynamics in MFBs. The regimes were examined from fixed bed to turbulent bed, and the hydrodynamic properties include the pressure drop ( ∆ P), minimum fluidization, bubbling, slugging velocities ( , , ), and the onset of turbulent fluidization ( ). A diagnostic method based on the measurement of pressure fluctuations with a pressure probe installed above gas distributor was developed for the MFBs. The measured pressure fluctuations were analyzed in time (e.g., standard deviation, autocorrelation function, probability density function) and frequency (e.g., power spectral density function, time-frequency analysis) domains. The effect of gas distributors (metal grid and sintered porous plate) was examined for the MFB of 4 mm. An assisted method of mechanical vibration in horizontal direction was applied to the 4 mm bed as well at / =2 and 4. The numerical simulations of gas-solid fluidized beds were performed in two-dimensions (2D) using the two-fluid model (TFM). A reference model was established by optimizing the grid resolution, time-step, granular temperature models (algebraic and transport), drag models (Gidaspow, Syamlal-O'Brien, and Arastoopour ) and the solid frictional stress models (Modified Johnson and Schaeffer) in the 100 mm bed at / =1 with Geldart group B glass bead particles. Validation was made by comparing the simulation and experimental results of average pressure drop, bed expansion, and pressure fluctuations. With optimized model parameters, the effects of (4-100 mm), / (1-4 in the 4 mm bed and 1-2 in the 8.5-100 mm beds), particle properties ( =63.8-347 μm, =2437-8102 kg/m 3 ), and gas velocity ((0-9) in the 4 mm bed and (0-3) in the 8.5-100 mm beds) were investigated. The Johnson-Jackson boundary model was used for all simulations. The effects of solid wall boundary conditions in various size beds were studied as well by modifying the specularity coefficient (∅) from 0 (free slip) to 1 (no-slip) in the Johnson-Jackson model. Materials and experimental set-up 2Three types of spherical particles were used in this work, i.e., Geldart group B glass beads (B 347 ), Geldart group B stainless steel beads (B 105 ) and Geldart group A glass beads (A 63 ). The particle density ( ) was measured by a helium pycnometer (Micromeritics, AccuPyc.1330), and the particle size distribution (Fig.2.1) was measured by a light scattering laser instrument (Malvern, Mastersizer 3000). The average diameter ( ) of the particles is calculated following the definition of 'volume-surface' or Sauter diameter:

Particle

  Pressure fluctuations of the background (column without particles) over the tested range of gas velocities for each column were measured. The maximum amplitude of pressure fluctuations at high gas velocities is less than 0.15 Pa. All the pressure drops and the standard deviations presented in the following sections have been subtracted the background values.

Fig. 2 . 2 .Fig. 2 . 3 .

 2223 Fig.2.2. Schematic of experimental set-up

  transducer (KELLER, PD-41X) with an accuracy of ±0.2% full scale, and a data acquisition unit (NI USB-6221, A/D converter with 16-bit resolution). The voltage h h the transducer ranges from 0 to 10 V, corresponding to a pressure range of 0-3000 Pa. The differential pressure transducer has two channels, one of which was connected to a probe tapped on the column wall located above the gas distributor and one was open to the atmosphere. The pressure probe consists of two concentric stainless steel tubes. The inner diameter of the internal tube is 3 mm. The extremity of the internal tube oriented into the bed was protected by a metal grid of 40 μmin pore size. The distance (ℎ) between the gas distributor and the center of the pressure probe was detailed in Table 2.2. The pressure fluctuation signals were collected firstly by the data acquisition unit and then transmitted to a PC workstation and processed with LabVIEW (2013) and Matlab (2015b) softwares. The effects of sampling frequency ( ) and sampling duration ( ) were examined firstly before experimental measurements. The tested includes 50, 100, 200 and 500 Hz, and the goes up to 100 s. The optimized and t were fixed at 100 Hz and 40.96 s, giving a sampling number (N) of 4096 (2 12 ).

Fig. 3 . 1 .

 31 Fig.3.1. Variations of skewness and kurtosis from normal distribution with the same value of standard deviation in random signals. Pressure Probability density function s<0 s>0

  complicated phenomena in the miniaturized fluidized beds. In order to understand the effect of reducing on the fluidization hydrodynamics and to exploit appropriate fluidization conditions for practical applications of miniaturized fluidized beds, experiments of gas-solid fluidization were conducted in six glass columns with being miniaturized from 100 to 4 mm. As many studies in conventional large beds have revealed that the fluidization behaviors in a specific bed correlate directly to the ratio of static bed height to bed diameter, / , different ratios of / between 1 and 4 have been examined in different sized beds in present study. Compared to conventional large beds, there are much more factors influencing the hydrodynamics in miniaturized fluidized beds. In present study, the effects of particle size ( ) and density ( ) were examined, keeping the other parameters constant. In order to avoid the influencing factors as more as possible in miniaturized fluidized beds, a complete study has been conducted using spherical Geldart group B glass bead particles ( =2475 kg/m 3 , =347 m, labeled as B 347 ) with a narrow size distribution. With these B 347 particles, a new diagnostic method for different flow regimes based on the measurement and analysis of pressure fluctuations was developed. Then another Geldart group B particle with a much larger density and smaller diameter (stainless steel, =8102 kg/m 3 , =105 m, labeled as B 105 ) and a Geldart group A particle (glass bead, =2437 kg/m 3 , =63.8 m, labeled as A 63 )
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 662 Background pressure drop Before fluidization measurement, it is necessary to evaluate the background pressure drop and pressure fluctuations. The background pressure fluctuation signals (in empty column) at various conditions were measured for all columns, respectively. As mechanical vibration was applied in the 4 mm bed in some cases, the corresponding background pressure fluctuations under vibration was measured as well. The tested cover the whole range of applied gas velocities in experimental measurements. The obtained means (pressure drop, ∆ ) and standard deviations ( ) of the pressure fluctuations are presented in Fig.4.1.

Fig. 4 . 1 .

 41 Fig.4.1. (a) Background pressure drop and (b) amplitude of pressure fluctuations in different sized columns with and without mechanical vibration.

  e. ∆ ), standard deviation and the dominant frequency of PSDF (f) , were used as criteria for the optimization. The ∆ and by different are plotted against in Fig.4.2 and Fig.4.3, respectively. It can be seen that at all conditions, both ∆ and by various reach to relatively constant values when approaches to 40 s. The ∆ and with larger than 40 s are considered to be reliable. The results also show that the within (50-100) Hz has slight impact on the obtained ∆ and . The against after 40 s are plotted in Fig.4.4. It can be seen that at each specific , the varies hardly with and . This implies that the of 50 Hz is already sufficient to capture the dominant pressure fluctuations in a fluidized bed, and that the of 40 s is already long enough to give reliable by the PSDF (f) . The PSDF (f) for the pressure fluctuation signals by various for 40 s are presented in Fig.4.5. Similar performances of the PSDF (f) are observed, which further improves that the of 50 Hzis already sufficient for the measurement of pressure fluctuations in present study.

Fig. 4 . 2 .

 42 Fig.4.2. ∆ of pressure fluctuations measured by different against at three conditions for B 347 particles in the 4 mm bed under / =2.
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 4344 Fig.4.3.of pressure fluctuations measured by different against at three conditions for B 347 particles in the 4 mm bed under / =2.

Fig. 4 . 5 .

 45 Fig.4.5. PSDF (f) of pressure fluctuations measured by different for 40.96 s at three conditions for B 347 particles in the 4 mm bed under / =2.
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 4 .440 m/s, U g /U mf =4.0 U g =0.704 m/s , U g /U mf =6.4 U g =1.321 m/s , U g /U mf =12.0 Development of a new diagnostic method in miniaturized fluidized beds As most of the practical applications require the fluidized bed reactors to be made of metal material (non-transparent), developing a non-visual diagnostic method for different flow regimes is very important for the design of miniaturized fluidized beds. For conventional large fluidized bed reactors, diagnostic techniques based on measurement and analysis of pressure fluctuations have been widely applied. But for the investigations on miniaturized fluidized beds, non-visual diagnostic techniques are still deficient. The application of pressure-fluctuation-based diagnostic techniques to miniaturized fluidized beds suffers from difficulties because of, on one hand, the space for installing the pressure probe is too limited, and on the other hand, the magnitudes of the pressure drop and the pressure fluctuations are very small.

  successfully to the miniaturized fluidized beds. Different flow regimes have been identified by analyzing their pressure fluctuation signals in time and frequency domains. In order to manage the manuscript in a clearer way and for better understanding the results presented in following sections, a complete description on the developed diagnostic method was given by an example as follows: 1-The developed method for flow regimes diagnosis is based on the analyses of pressure fluctuation signals, including calculating the standard deviation ( ), autocorrelation function (ACF (t) ), probability density function (PDF (t) ), power spectral density function (PSDF (f) ) and time-frequency analysis (T-F (t,f)

Fig. 4 . 6 .

 46 Fig.4.6. Example of flow regimes diagnosis based on curve in 8.5 mm bed at / =2 and 3.

2 -

 2 In order to monitor the flow regimes more precisely, deeper analyses of the pressure fluctuation signals are needed. By calculating the ACF (t) , PDF (t) , PSDF (f) and T-F (t,f) , six different flow regimes are identified: fixed bed, bubbling, bubbling/slugging, slugging, slugging/turbulent and bubbling/turbulent, as displayed in Fig.4.7 (a-f) which is correlated (see notations : a, b, c, d, e and f) to Fig4.6. -In fixed bed (Fig.4.7 (a)), the pressure fluctuation amplitude is near zero because of the absence of bubble phase. There are no characteristic frequencies in the PSDF (f) and T-F (t,f) .-In bubbling fluidization (Fig.4.7 (b)), the pressure fluctuations show small amplitudes varying with time. The PSDF (f) does not show unique pronounced peak that corresponds to the dominant frequency ( ), but a wide range of characteristic frequencies locating in (0-15) Hz. In T-F (t,f) , the pressure fluctuates with these characteristic frequencies continuously over the whole measurement duration, implying that multiple sized bubbles form and pass through the bed continuously. The PDF (t) shows that the pressure fluctuations follow a symmetric (skewness ~0) and leptokurtic (kurtosis >3) distribution.

  4.7 (e)), two kinds of fluctuations are mainly observed, one of which (with large amplitude) corresponds to the occurrence of slugging and the other (with intermediate amplitude) represents the random oscillations in turbulent fluidization. A wide range of characteristic frequencies with a still easily distinguished is obtained in the PSDF (f) . Discrete distribution of power intensity over time is the case in the T-F (t,f) . The scattered large power intensities at correspond to the occasional occurrences of slugs. Leptokurtic distribution is observed again in the PDF (t) , but with a much larger positive skewness. A much longer tail on the right is observed. -In bubbling/turbulent fluidization (Fig.4.7 (f)), intermediate amplitudes for random fluctuations in turbulent fluidization are mainly observed. The reduction on amplitude characterizes the diminishing of large or small bubbles. A wide range of characteristic frequencies in the PSDF (f) is shown again, resembling as that for the bubbling fluidization. Continuous distribution of power intensity at corresponding characteristic frequencies over time is observed in the T-F (t,f) . Leptokurtic distribution for PDF (t) is also the case, but the positive skewness is relatively smaller when compared to the slugging/turbulent fluidization.

Fig. 4 . 7 .

 47 Fig.4.7. Example for flow regimes diagnosis based on analysis of pressure fluctuation signals in time and frequency domains: (a) fixed bed, (b) bubbling, (c) bubbling/slugging, (d) slugging, (e) bubbling/turbulent, and (f) slugging/turbulent (for viewing convenience, the aspect ratio of the photos has been modified).

  For a better organization and easy reading, only the analysis for B 347 particles will be presented completely in the manuscript. The analyses for B 105 and A 63 particles will be given in a summarized way, and compared for the effects of particle size ( ) and density ( ).Before experimental measurements, the solid bed was pre-fluidized firstly at a within[START_REF] Fan | Principles of gas-solid flows[END_REF][START_REF] Geldart | Types of gas fluidization[END_REF] for a period of time (around 1 min), and then the gas supply was cut off. The bed height dropped immediately to a constant position and did change apparently as the time progressed. After around 5 min, the experimental measurements started.The experiments were firstly conducted in two relatively large beds of 100 and 50 mm with / =(1-2) using increasing and decreasing . The increasing path is termed as fluidization, while the decreasing path is de-fluidization. The applied maximum is around 3 , within which the fluidized bed locates mainly in bubbling regime for these two beds. Then the fluidization of B 347 particles was performed in four smaller beds of 20, 12.4, 8.5 and 4 mm, respectively, with / =(1-4). It is found that the range of gas velocities for bubbling regime is quite narrow in these small beds, where slugging fluidization can prevail quickly after the minimum fluidization, especially in the micro-fluidized bed (MFB) of 4 mm. Thus, in order to extend possible appropriate fluidization conditions for practical application of the designed MFBs, the applied for (20-4) mm beds was increased from zero up to a quite large value (around 20 ) where the solid particles start to be carried over evidently. With this tested range of , the flow regimes cover from fixed bed to turbulent bed.
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 4849 Fig.4.8. Schematic for the calculation of / .
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 410 Fig.4.10. Effect of reducing on ∆ /(W/A) under / =2 at < 0.35m/s.

Fig. 4 . 11 .Fig. 4 .

 4114 Fig.4.11. (a) Slope of the linear fitting line in fixed bed and (b) averaged ∆ /(W/A) within (0.18-0.35) m/s for different sized beds. The deviations in S and ∆ /(W/A) curves may be attributed to the following factors: i) Partial fluidization has been observed in the low section of the bed when in small with low / . The non-uniform gas passage may be induced by the strong frictional wall effect. With increasing the bed transits from fixed to fluidized bed, which is a dilation process (fluidization). The force balance for this process is illustrated in Fig.4.12 (a). The extent of frictional wall effect can be characterized by the ratio of frictional force ( ) to weight of particles ( ), as calculated in Eqs. (4.1-4.3) with being the frictional force exerting on a single particle near the walls. It can be seen that the frictional wall effect increases with decreasing . And the existence of the additional downward frictional

  For better understanding the fluidization behaviors in miniaturized fluidized beds, The pressure fluctuation amplitudes were analyzed, which can be characterized directly by the standard deviation (see Eq. (3.2)). The in different sized beds at <0.35 m/s are displayed in Fig.4.13.It can be seen that, in general, the stay at zero at low gas velocities (fixed bed regime), and then increase from zero at a critical which is recognized to be at the incipient fluidization. With further increase in , the increase rapidly.
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 4134 Fig.4.13.curves for different sized beds under various conditions at < 0.35 m/s.
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 414414414414414 Fig.4.14. Analysis of pressure fluctuation signals at =(0.21-0.23) m/s for B 347 particles in (a) 100 mm, (b) 50 mm beds under different conditions.
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 415416 Fig.4.15. Effect of on curves at / =2.

Fig. 4 .

 4 Fig.4.17. ∆ /(W/A) and σ curves under different / conditions for 8.5 and 4 mm beds.

2 )

 2 in the 4 mm bed, the ∆ /(W/A) keep increasing with until particles are being carried over evidently. At high / =4, however, especially in the 4 mm bed, the ∆ /(W/A) decrease with quite evidently after a critical which locates in (0.5-0.7) m/s. At the intermediate / =(2-3), the ∆ /(W/A) maintain in a relatively flat level for a wide range of in (0.3-1.6) m/s. As for the curves, the continue to increase with after 0.3 m/s until reaching a maximum, where

  fluctuation signals within =(0.5-1.7) m/s under / =1 and 4 in the 8.5 mm bed and 2 and 4 in the 4 mm bed were analyzed. The corresponding P (t) , PSDF (f) and T-F (t,f) , are displayed in Fig.4.18 and Fig.4.19, together with the photos of the beds at corresponding conditions. It can be seen that, obviously, there are particles sticking on the walls at / =4 in both beds (Fig.4.18 (b) and Fig.4.19 (b)), and this sticking layer grows with .But at low / =1 in the 8.5 mm bed and 2 in the 4 mm bed, there are no or very few particles sticking to the walls even with up to (1.55-1.67) m/s. Thus, this sticking phenomenon may be the main reason for the low ∆ /(W/A) at high gas velocities for high / =4.

Fig. 4 . 18 .Fig. 4 . 19 .

 418419 Fig.4.18. Photos of fluidized bed and analysis of pressure fluctuation signals at various (high) conditions in the 8.5 mm bed under (a) / =1 and (b) / =4.

Fig. 4 .

 4 Fig.4.20. ∆ /(W/A) and curves for 20 and 12.4 mm beds under / =(1-4) conditions.

Fig. 4

 4 Fig.4.21. in (20-4) mm beds under different / conditions at =(0.53-0.61) m/s.

Fig. 4 . 22 .

 422 Fig.4.22. Comparison between experimental and predicted

4 Fig. 4 .

 44 Fig.4.24 (b) imply that the pressure fluctuates with a smaller amplitude when the vibration is applied.

Fig. 4 . 24 .Fig. 4 .

 4244 Fig.4.24. Effect of mechanical vibration on (a) ∆ /(W/A) and (b) curves in the 4 mm bed at / =2 and 4 at <0.3 m/s. The effect of mechanical vibration on the ∆ /(W/A) and σ curves at high gas velocities are displayed in Fig.4.25. It can be seen that at / =2, the ∆ /(W/A) under vibration almost coincides with its counterpart after >0.35 m/s. At / =4, the ∆ /(W/A) curve has similar shape as its counterpart, but starts to decrease evidently at a larger condition. As already mentioned in Section 4.5.2, the critical whereat the ∆ /(W/A) starts to decrease evidently in the 4 mm bed at / =4 is very close to , similar phenomenon is observed under vibration, as indicated in

Fig. 4 . 25 .

 425 Fig.4.25. Effect of mechanical vibration on (a) ∆ /(W/A) and (b) curves in the 4 mm bed at / =2 and 4 at =(0-2.0) m/s. The experimental and under mechanical vibration are detailed in Table 4.2 as well. It can be seen that the application of mechanical vibration has delayed the occurrence of slugging at the relatively low / =2, while exerts no effect on at / =4. The transition velocity at both conditions are larger than their counterparts. The pressure fluctuation signals at three conditions (i.e. 0.22 m/s, 0.53 m/s and 1.32 m/s) under vibration were analyzed and compared with their counterparts in Fig.A6 in Appendix A. It can be seen that though the application of mechanical vibration exerts obvious effects on the flow regime transitions, but has a slight impact on the overall flow patterns. At =0.22 m/s under both conditions, the distributions of power intensity in the PSDF (f) and the T-F (t,f) under vibration are relatively scattered than their counterparts. This consists with the fact that the application of mechanical vibration decays the minimum bubbling fluidization. At =0.53 m/s, evident slugging occurs in the 4 mm bed. With mechanical vibration,

Fig. 4 . 26 .

 426 Fig.4.26. It can be seen that the ∆ /(W/A) curve varies with and in both fixed bed and fluidized bed regions. The transition zone between fixed bed and fully fluidized bed is very narrow in the 8.5 mm bed while is widened evidently in the 4 mm bed.

Fig. 4 .

 4 Fig.4.26. ∆ /(W/A) curves for B 105 particles in (a) 8.5 mm and (b) 4 mm beds under / =(2-4) at <0.13 m/s. The slope (S) of fitting line in fixed bed and the average ∆ /(W/A) within (1.5-3) in different beds under different / conditions are compared in Fig.4.27 (a) and (b), respectively. It can be observed that both the slope (S) and the average ∆ /(W/A) increase with or .

Fig. 4 . 27 .

 427 Fig.4.27. Effects of and on (a) the slope (S) of linear fitting line in fixed bed and (b) average ∆ /(W/A) within (1.5-3) for B 105 particles in the 8.5 and 4 mm beds.
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 4284430 Fig.4.28. curves for B 105 particles in (a) 8.5 mm and (b) 4 mm beds under / =(2-4) at <0.13 m/s. The pressure fluctuation signals at =(0.127-0.132) m/s in both beds under different / conditions are analyzed in Fig.A7 in Appendix A. Multiple bubbling fluidization is observed, indicated by the wide range of characteristic frequencies (0-10 Hz) in the PSDF (f) and the continuous distribution of power intensity over time in the T-F (t,f) .At high gas velocities, the ∆ /(W/A) curves (up to 1.7 m/s) are displayed in Fig.4.29. It can be seen that, in general, higher ∆ /(W/A) values are observed at higher conditions. In the 8.5 mm bed, the ∆ /(W/A) curves decrease gradually firstly with between (0.15-0.90) m/s, and then evidently. While in the 4 mm bed, the ∆ /(W/A) curves stay relatively constant within (0.15-0.90) m/s before decreasing.

  estimation of seems also more applicable for B 105 particles in miniaturized fluidized beds. The comparison between experimental and the predictions by empirical equations are demonstrated in Fig.4.31 (a). It can be seen that all in the (8.5-4) mm beds are larger than the predicted range. In both beds the has slight impact on the , and all in the 4 mm bed are larger than those in the 8.5 mm bed. The ratios of / in the 8.5 and 4 mm beds are compared in Fig.4.31 (b). The results show that the / has slight impact on the / in both beds. The / in the 8.5 mm bed are relatively larger. The results of in Fig.4.31 (c) shows that the decreases with in both beds. The in 8.5 mm bed increases with , but is affected slightly by the in the 4 mm bed, as shown in Fig.4.31 (d). The onset of transition to turbulent fluidization is advanced in the 4 mm bed.

Fig. 4 . 31

 431 Fig.4.31. Effects of and on (a) , (b) / , (c) and (d)for B 105 particles (predictions were calculated by equations in Table1.1 in Chapter 1).

  in micro-fluidized beds In this section, a comparison between three particles (B 347 , B 105 and A 63 ) of different size and density on the fluidization behaviors in the micro-fluidized bed of 4 mm will be discussed. The ∆ /(W/A) curves for these three particles at / =2 were plotted against the ratio of / in Fig.4.35 (a). It can be seen that the ∆ /(W/A) for B 347 particles in the fluidized bed region is much higher than those for the other two particles. For B 105 and A 63 particles, the ∆ /(W/A) curves stay in a similar and relatively flat level after the incipient fluidization until particles are being carried over evidently. The corresponding curves is displayed in Fig.4.35 (b). It can be seen that the curve for B 347 particles increases with rapidly within (1-5.5) , and
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 435 Fig.4.35. Effects of and on (a) ∆ /(W/A) and (b) curves in the 4 mm bed at / =2.

Fig. 4 . 36 .

 436 Fig.4.36. Comparison between experimental data and predictions on for B 347 , B 105 and A 63 particles in the 4mm bed.

  fluidization can be obtained. As particles start to be carried over at around 20 , a

Fig. 5 .

 5 Fig.5.1 (right). Grid independence study was conducted for the beds of 4 and 100 mm with particles of A 64 , B 347 and B 105 , respectively.

Fig. 5 . 1 .

 51 Fig.5.1. (Left) Geometry and (right) mesh for simulations (the '0' in subscripts refer to be in initial condition).

2 P

 2 (0<ε s,0 <1, specified)U s,0 =U g ×ε s,0 U g,0 =U g /(1-ε s,0 ) Mesh Initial conditions: Φ T,0 =1.0×0 -6 m 2 /s

The Johnson -

 Johnson Jackson boundary model was applied. The specularity coefficient (∅) was set to zero, referring to a 'free-slip' boundary condition. The reference model was built by optimizing the grid (lateral cell number ), solver (maximum inner iteration and time-step ∆ ), granular temperature model, drag model and the solid frictional pressure model. The optimized model was validated by the experimental

  3 m/s. Structured square cells are used for all the meshes. The lateral cell numbers ( ) of 10, 20, 30, 40 and 50 are tested. The axial profiles of time-averaged solid volume fraction ( ) at center line ( / =0) by different cell numbers for B 347 particles in the 100 mm bed are presented in Fig.6.1 (a), and the corresponding snapshots of solid volume fraction are displayed in Fig.6.1 (b). It can be seen that the grid independence was achieved at =20. Further increase in the grid density leads to slightly better grid independence and a better resolution of the flow structure, but causes heavier computational loads, thus the longer CPU time.

Fig. 6 . 1 .

 61 Fig.6.1. (a) Axial profiles of time-averaged solid volume fraction at / =0 and (b) snapshots of solid volume fraction distribution simulated by different cell numbers for B 347 particles in the 100 mm bed at / =2.

Fig. 6 . 2 .

 62 Fig.6.2. Pressure drop decreasing phenomenon under insufficient condition (the pressure fluctuation signal was monitored at y=0 in the 100 mm bed for B 347 particles at / =1).

Fig. 6 . 3 .

 63 Fig.6.3. Effects of (a) maximum inner iteration and (b) time-step∆ on average ∆ against physical time ( =100 mm, / =1, ∅=0.0, B 347 particles).

  (5.22)) originated from the kinetic theory of granular flow (KTGF) and an algebraic model (Eq.(5.26)) simplified from the transport model. The effect of granular temperature models on the pressure fluctuation signals (see Fig.C3 in Appendix C) was examined. The corresponding average ∆ and are displayed in Fig.6.4 (a) and (b), respectively. It can be seen that larger ∆ are obtained with the transport model, while similar pressure fluctuation amplitudes are observed for both cases.

Fig. 6 . 4 .

 64 Fig.6.4. Effect of granular temperature models on (a) average ∆ and (b) average ( =100 mm, / =1, ∅=0.0, B 347 particles). The axial and lateral profiles of time-averaged solid volume fraction at / =0 and / =0.8 are presented in Fig.6.5 (a) and (b), respectively. It can be seen that the axial profiles for two models almost coincide. The lateral distributions for both cases show similar variances, implying that the granular temperature exerts slight impact on the solid particles circulation pattern. But a larger distribution of the time-averaged solid volume fraction near the wall is observed for the algebraic model. Correspondingly, the solid particles are observed to move faster upwards in the middle zone and downwards near the wall by the algebraic model, as demonstrated in Fig.6.6, where the and are axial components for solid velocity and gas velocity, respectively. It seems that the algebraic model has overestimated the interactions between phases.

Fig. 6 . 5 .

 65 Fig.6.5. Profiles of (a) axial time-averaged at / =0 and (b) lateral time-averaged at / =0.8 ( =100 mm, / =1, ∅=0.0, B 347 particles).

Fig. 6 . 6 .

 66 Fig.6.6. Lateral distributions of (a) axial solid velocity and (b) axial gas velocity at / =0.8 ( =100 mm, / =1, ∅=0.0, B 347 particles).

  7 (a) and (b), respectively. It can be seen that the ∆ curves by Arastoopour and Gidaspow models almost coincide, implying that these two models lead to almost the same minimum fluidization velocities. The ∆ curve by Syamlal-O'Brien model is always lower than the others before 0.3 m/s, resulting in a much larger . Though the Arastoopour and Gidaspow models give similar ∆ curves, their curves behave in the transition from fixed bed to fluidized bed. When the Gidaspow model is applied, an advanced minimum bubbling fluidization is obtained, which is closer to the experimental observation (experimental =0.114 m/s).

Fig. 6 . 7 .

 67 Fig.6.7. Effect of drag model on (a) ∆ and (b) curves ( =100 mm, / =1, ∅=0.0, B 347 particles). The effect of drag models on the lateral distribution of time-averaged solid volume fraction at the position of / =0.8 under the of 0.3 m/s is demonstrated in Fig.6.8 (a). The corresponding snapshots (instantaneous distribution) of solid volume fraction distribution are displayed in Fig.6.8 (b). It can be seen that at =0.3 m/s, all three drag models simulate the bubbling fluidization and the solid particles circulate in similar patterns, except that the bubbling fluidization by the Syamlal-O'Brien model is relatively underdeveloped.

Fig. 6 . 8 .

 68 Fig.6.8. (a) Lateral distributions of time-averaged solid volume fraction at / =0.8 and (b) snapshots of solid volume fraction by different drag models at =0.3 m/s ( =100 mm, / =1, ∅=0.0, B 347 particles).Thus, in conclusion, the drag model of Gidaspow was selected for all following simulations.

  -Jackson (see Eq.(5.13)) and Schaeffer (see Eq.(5.14)) models. The effect of these two models on the ∆ and curves against were examined and compared with the experimental measurement, as demonstrated in Fig.6.9 (a) and (b). It can be seen that both smaller minimum fluidization and minimum bubbling are obtained when the Schaeffer model is used. Larger ∆ are obtained even in the fluidized bed region when the Schaeffer model is used. When compared the experimental data, the minimum fluidization by Schaeffer model is closer to the experimental observation, but the corresponding simulated amplitudes of the pressure fluctuations in bubbling regime are much larger.

Fig. 6 . 9 .

 69 Fig.6.9. Effect of solid frictional pressure , model on (a) ∆ and (b) curves ( =100 mm, / =1, ∅=0.0, B 347 particles). The lateral distributions of time-averaged solid volume fraction at the position of / =0.8 and snapshots of solid volume fraction distribution at =0.3 m/s simulated by these two solid frictional pressure models are displayed in Fig.6.10 (a) and (b), respectively. It can be seen that similar lateral distributions of time-averaged solid volume fraction have been simulated by the two models, indicating similar particle circulation patterns. But obviously, the simulated bubbles by Schaeffer model are much larger than those by Johnson-Jackson model, which has agreed with the pressure fluctuation amplitude ( ) behaviors in the Fig.6.9 (b).
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 62611 Fig.6.10. (a) Lateral distributions of time-averaged solid volume fraction at / =0.8 and (b) snapshots of solid volume fraction by different solid frictional pressure models at =0.3 m/s ( =100 mm, / =1, ∅=0.0, B 347 particles). In conclusion, both simulation results by Johnson-Jackson and Schaeffer models deviate from the experimental measurements. But it should be mentioned that for the cases with Schaeffer model, a ∆ of 1.0 × 10 s is needed for convergencewhile 1.0 × 10 s is sufficient for the cases with Johnson-Jackson model, which implies that an almost ten times longer CPU time is needed for the Schaeffer model. Thus, further effort to modify the Johnson-Jackson model to match the experimental measurement is preferable.
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 612 Fig.6.12. Effect of , on (a) axial distribution of time-averaged at / =0 and (b) lateral distribution of time-averaged at / =0.8 at =0.3 m/s ( =100 mm, / =1, ∅=0.0, B 347 particles).

( 3 )s

 3 Modified Johnson-Jackson model In the Johnson-Jackson model (see Eq.(5.13)), ( , , ) are empirical constants and can be modified to adjust the effect of solid frictional pressure. Trial simulations have revealed that the minimum fluidization can be advanced efficiently by decreasing the exponent ( ) of the denominator term in the model. Modifications have been made to the Johnson-Jackson model to match the experimentally measurements (∆ and curves). Details of the modifications are summarized in Table 6.2. Comparisons on ∆ and curves between the results obtained by experiments, default Johnson-Jackson model and modified Johnson-Jackson model are presented in Fig.6.13 (a) and (b). It can be seen that both the ∆ and curves Lateral position, r/R (-) simulated by the modified Johnson-Jackson model agree well with the experimental data.

Fig. 6 . 13 .

 613 Fig.6.13. Comparisons on (a) ∆ and (b) curves between the results obtained by experiments, default Johnson-Jackson model and modified Johnson-Jackson model ( =100 mm, / =1, ∅=0.0, B 347 particles). A comparison between the analyses of experimental and simulated pressure fluctuation signals on autocorrelation function, power spectral density function and time-frequency analysis is demonstrated in Fig.6.14. It can be seen that the simulated pressure fluctuation signal has a similar dominant frequency as the experimental measurement.

Fig. 6 . 14 .

 614 Fig.6.14. Comparison between the analyses of (a) experimental and (b) simulated pressure fluctuation signals on autocorrelation function (ACF (t) ), power spectral density function (PSDF (f) ) and time-frequency analysis (T-F (t,f) ) ( =100 mm, / =1, ∅=0.0, B 347 particles).

Fig. 6 . 16 .

 616 It can be seen that in the 100 and 50 mm beds, bubbling fluidization is simulated. The solid particles move upwards in the center and downwards near the wall. The solid particles circulation pattern can be indicated by the distribution of time-averaged solid velocity, as shown in Fig.6.17. When is reduced to 20 mm, slugging fluidization is simulated. In the 8.5 and 4 mm beds, wall-slugging is simulated. The solid particles move upwards near the wall and rain downwards in the center in the upper section of the bed.

Fig. 6 . 16 .

 616 Fig.6.16. Snapshots of solid volume fraction distribution in different sized beds ( / =2, ∅=0.0, B 347 particles).

Fig. 6 . 17 .

 617 Fig.6.17. Distributions of time-averaged solid volume fraction and streamlines of time-averaged solid velocity ( / =2, ∅=0.0, B 347 particles). The axial and lateral distributions of time-averaged solid volume fraction at / =0 and / =0.8, respectively, in different sized beds are presented in Fig.6.18 (a) and (b). The corresponding lateral distributions of axial solid and gas velocities in the same bed height are given in Fig.C5 Appendix C.

Fig. 6 . 18 .

 618 Fig.6.18. Effect of reducing on (a) axial distribution of time-averaged at / =0 and (b) lateral distribution of time-averaged at / =0.8 ( / =2, ∅=0.0, B 347 particles).

6 . 4 ( 1 )

 641 the 100 mm bed may be not applicable to the miniaturized fluidized beds. Effect of boundary conditions in 4 mm micro-fluidized bed Most of the hydrodynamic behaviors in miniaturized fluidized beds deviating from those in conventional large beds are induced by the evident frictional wall effects. The 'free-slip' (∅=0.0) boundary condition may be not applicable to the miniaturized fluidized beds. A 'no-slip' (∅=1.0) boundary condition was investigated for B 347 particles in the 4 mm. As many experimental studies have revealed that the frictional wall effect in miniaturized fluidized beds correlates to the ratio of bed diameter to particle diameter, / , the effect of boundary conditions in the 4 mm bed may vary with different particles. The effect of boundary conditions in the 4 mm bed for B 347 , B 105 and A 63 particles were examined, respectively. Effect of boundary condition (∅) for B 347 particles Two extreme settings for the specularity (∅) in the Johnson-Jackson boundary model (i.e. ∅=0.0 for free-slip and ∅=1.0 for no-slip) were investigated for B 347 particles in the 4 mm bed with between 0-0.3 m/s.

Fig. 6 . 19 .Fig. 6 . 20 .

 619620 Fig.6.19. Effects of boundary conditions on (a) ∆ /( , ) and (b) /( , ) under =2 in the 4 mm bed for B 347 particles.

Fig. 6 . 21 .

 621 Fig.6.21. Effect of boundary condition∅on (a) axial distribution of time-averaged at / =0 and (b) lateral distribution of time-averaged at / =0.8 at =0.3 m/s in the 4 mm bed under / =2 for B 347 particles.. Under the no-slip (∅=1.0) boundary condition, voids form and rise along the center line. The bed surface oscillation simulated by the no-slip (∅=1.0) condition resembles well the experimental observation. No-slip boundary condition is more applicable for the simulations in micro-fluidized beds.

( 2 )

 2 The comparison between the simulated fluidization behaviors in the 100 mm bed with ∅=0.0 and in the 4 mm bed with ∅=1.0 shows that under the same and / conditions, bubbling fluidization occurs in the 100 mm bed while slugging fluidization is the case in the 4 mm bed. The bed expansion in the 4 mm bed is larger than that in the 100 mm bed. The results of the transient and time-averaged distributions of the solid volume fraction show that the distribution of solid volume fraction in the 4 mm bed is much more uniform than that in the 100 mm bed, where the varies between 0-0.48 in the 4 mm bed while between 0-0.6 in the 100 mm bed. This is due to the full development of void in the 100 mm bed. Effect of boundary condition (∅) for B 105 particles The effect of boundary condition for the fluidization of B 105 particles in the 4 mm bed was investigated at a of 0.09 m/s (~3 ). Two extreme settings for the specularitycoeffiecient (∅=0.0 for free-slip and ∅=1.0 for no-slip) in Johnson-Jackson boundary model were examined. The distributions of transient and time-averaged solid volume fractions and the corresponding distribution of time-averaged solid velocity simulated by two different boundary conditions are presented in Fig.6.22. It can be seen that similar effect of the ∅ on the flow patterns is observed for the B 105 particles as that for B 347 particles, where the slugs form and pass mainly in the center with ∅=1.0 while form and pass at the walls with ∅=0.0. But it may be noted that for B 105 particles under ∅=1.0, there are small bubbles form and pass at the walls in the same time. This can be conformed as well by the lateral distribution of the time-averaged solid volume fraction at / =0.8 (Fig.6.23 (b)), and the corresponding distributions of time-averaged axial solid velocity and axial gas velocity (see Fig.C7 in Appendix C). The axial distribution of time-averaged solid volume fraction at / =0 (Fig.6.23 (a)) shows that higher bed expansion is simulated when the 'no-slip' boundary condition is applied.

Fig. 6 . 22 .

 622 Fig.6.22. Effect of boundary condition ∅ on (a) snapshots of distribution, (b) distributions of time-averaged and (c) distributions of time-averaged solid velocity ( =4 mm, / =2, / =3, B 105 particles).

Fig. 6 . 23 .

 623 Fig.6.23. Effect of boundary condition ∅ on (a)axial distribution of time-averaged at / =0and (b) lateral distribution of time-averaged at / =0.8 ( =4 mm, / =2, / =3, B 105 particles).

  Fig.6.25. The corresponding distributions of time-averaged and can be found in Fig.C8 in Appendix C.

Fig. 6 . 24 .

 624 Fig.6.24. Effect of boundary condition ∅ on (a) snapshots of distribution, (b) distributions of time-averaged and (c) distributions of time-averaged solid velocity ( =4 mm, / =2, / =6, A 63 particles).

Fig. 6 . 25 .

 625 Fig.6.25. Effect of boundary condition ∅ on (a) axial distribution of time-averaged at / =0 and (b) lateral distribution of time-averaged at / =0.8 ( =4 mm, / =2, / =6, A 63 particles)

Fig. 6 . 26 .

 626 Fig.6.26. Effects of on (a) ∆ /( , ) and (b) /( , ) curves for B 347 particles in the 4 mm bed with ∅=1.0.

Fig. 6 . 27 .

 627 Fig.6.27. Effect of H on (a) snapshotsof distribution, (b) distribution of time-averaged and (c) distribution of time-averaged solid velocity for B 347 particles in the 4 mm bed (∅=1.0, =0.3 m/s).

Fig. 6 . 29 .

 629 Fig.6.29. Effect of particle properties on (a) ∆ /( , ) and (b) σ/( , ) curves in the 4 mm bed at / =2 (∅=1.0). Details of the comparisons between experimental and simulated results on ∆ and curves for each specific particle are give in Fig.C10 in Appendix C. It can be seen that at / =2 the simulated ∆ curve is higher than the experimental curve for all three particles, and the deviation increases with decreasing . The simulated in fluidized bed region are larger than the experimental values, which is due to partial fluidization in experiments.

Fig. 6 . 30 .

 630 Fig.6.30. Comparisons between experimental and simulated pressure fluctuation signals and corresponding probability density function and power spectral density function ( =4 mm, / =2, ∅=1.0, B 347 particles).

  The axial distribution of time-averaged at / =0 and lateral distribution at / =0.8 are displayed in Fig.6.32 (a) and (b). It can be seen that the bed expansion increases with increasing , and thus the average solid volume fraction decreases with increasing .

Fig. 6 .

 6 Fig.6.32. Effect of on (a) axial distribution of time-averaged at / =0 and (b) lateral distribution of time-averaged at / =0.8 ( =4 mm, / =2, ∅=1.0, B 347 particles).

Fig. 6 .Fig. 6 .

 66 Fig.6.33. Effect of on (a) snapshots and distribution, (b) distribution of time-averaged and (c) distribution of time-averaged solid velocity for A 63 particles in the 4 mm bed under =4 (∅=1.0).

  In this chapter, efforts on numerical simulations of gas-solid fluidization in different sized beds with different particles have been made.-Firstly, a reference model was established in the 100 mm bed with B 347 particles: lateral cell number =40, maximum inner iteration =60, time-step ∆ =1.0×10 -3 s, transport granular temperature model, Gidaspow drag model, modified Johnson-Jackson model for solid frictional pressure and Johnson-Jackson boundary model with specularity coefficient ∅ being zero for 'free-slip' condition. -With the optimized parameters and models as in the reference model, the effect of reducing was investigated by simulating fluidized beds of 100, 50, 20, 8.5 and 4 mm with / =2 for B 347 particles. The simulated are affected slightly by , and agree reasonably well with the experimental . At / =3, bubbling fluidization is simulated in the (100-50) mm beds, round-nosed slugging is for the 20 mm bed while wall slugging is for the (8.5-4) mm beds.

  Fig.A1. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(0.53-0.61) m/s for B347 particles in (a) 20 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(1-4) conditions.

Fig. A1 .Fig. A1 .

 A1A1 Fig.A1. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(0.53-0.61) m/s for B347 particles in (b) 12.4 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(1-4) conditions.

Fig. A2 .

 A2 Fig.A2. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(1.32-1.36) m/s for B347 particles in (b) 12.4 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(1-4) conditions.

Fig. A2 .Fig. A2 .

 A2A2 Fig.A2. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(1.32-1.36) m/s for B347 particles in (c) 8.5 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(1-4) conditions.

Fig. A3 .

 A3 Fig.A3. 𝐹 𝑑 in (20-4) mm beds under different 𝐻 𝑠 /𝐷 𝑡 conditions against 𝑈 𝑔 .

Fig. A6 .

 A6 Fig.A6. Effect of mechanical vibration on pressure fluctuations at (b) 𝑈 𝑔 =0.53 m/s for B347 particles in the 4 mm bed at 𝐻 𝑠 /𝐷 𝑡 =2 and 4.

Fig. A6 .

 A6 Fig.A6. Effect of mechanical vibration on pressure fluctuations at (c) 𝑈 𝑔 =1.32 m/s for B347 particles in the 4 mm bed at 𝐻 𝑠 /𝐷 𝑡 =2 and 4.

Fig. A7 .

 A7 Fig.A7. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(0.127-0.132) m/s for B105 particles in the (a) 8.5 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(2-4) conditions.

Fig. A7 .

 A7 Fig.A7. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(0.127-0.132) m/s for B105 particles in the (b) 4 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(2-4) conditions.

Fig. A8 .

 A8 Fig.A8. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(0.44-0.50) m/s for B105 particles in the (a) 8.5 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(2-4) conditions.

Fig. A8 .

 A8 Fig.A8. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(0.44-0.50) m/s for B105 particles in the (b) 4 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(2-4) conditions.

Fig. A9 .

 A9 Fig.A9. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(0.92-1.05) m/s for B105 particles in the (a) 8.5 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(2-4) conditions.

Fig. A9 .

 A9 Fig.A9. Analysis of pressure fluctuation signals at 𝑈 𝑔 =(0.92-1.05) m/s for B105 particles in the (b) 4 mm bed under 𝐻 𝑠 /𝐷 𝑡 =(2-4) conditions.

Fig. C2 .

 C2 Fig.C2. Snapshots of solid volume fraction distribution simulated by different cell numbers for (a) B347, (b) B105 and (c) A63 particles in the 4 mm bed at 𝐻 𝑠 /𝐷 𝑡 =2.

Fig. C3 .

 C3 Fig.C3. Pressure fluctuation signals at y=0 simulated by two granular temperature models (𝐷 𝑡 =100 mm, 𝐻 𝑠 /𝐷 𝑡 =1, ∅=0.0, B347 particles).

  Fig.C4. Comparisons between experimental and simulated results of ∆𝑃 and 𝜎 curves in different sized beds (𝐻 𝑠 /𝐷 𝑡 =2, ∅=0.0, B347 particles).

Fig. C5 .Fig. C6 .

 C5C6 Fig.C5. Effect of reducing 𝐷 𝑡 on (a) lateral distribution of time-averaged axial solid velocity and (b) lateral distribution of time-averaged axial gas velocity at 𝑦/𝐻 𝑠 =0.8 (𝐻 𝑠 /𝐷 𝑡 =2, ∅=0.0, B347 particles)

Fig. C10 .

 C10 Fig.C9. Comparisons on ∆𝑃 and 𝜎 curves between experimental and simulation results under different 𝐻 𝑠 conditions for B347 particles in the 4 mm bed (∅=1.0).
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	σ	
	σ=a+bU g	
	U mf =-a/b	
	0	
	U mf	U g
	1.	
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	2					
	Empirical correlations for prediction of	from the literature
	Reference	Correlation				Applicability
	Geldart (1973) [2]	= 100				≈0.1
	Abrahamsen and Geldart (1980) [13]	= 2.07	(0.716 )	.	.	≤100 m
	Note:	is the mass fraction of powders less than 45 m.
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 1 

	.3			
	Empirical correlations for prediction of	from the literature
	Reference		Correlation		Applicability
	Steward and Davidson	=	+ 0.07	>
	(1967) [14]		
	Baeyens and Geldart (1974)	=	+ 1.6 × 10 60 . -	≤
	[15]		+ 0.07
	Note:	= 60 .		

Table 1 . 4

 14 Empirical correlations for prediction of from the literature

	Reference	Correlation		Applicability
	Yerushalmi and Cankurt	= 3.0(	) . -0.77	Not limited
	(1979) [18]			
	Lee and Kim (1988) [19]	= 0.700	.	
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 1 

	.5				
	Empirical correlations for prediction of		in MFBs from the literature
	Reference	Correlations		Applicability
	Guo et al. (2009) [27]		=	.	.	/( ⁄ ) + 1 ×
		.	×	.	.
			.	.	

  Based on the previous studies, it can be seen that the wall effects in MFBs have influences on the pressure drop, bed expansion, bed voidage and the flow regime

	most cases in practical applications. Thus, the development of non-visual and
	non-invasive diagnostic techniques for MFBs is still subject for the development of
	transitions. A consensus seems to be reached that both the MFB devices.	and	increase
	obviously with decreasing	in MFBs, because extra energy is needed to
	counterbalance the strong wall frictional forces. But the impact of	on	and
	varies with experimental conditions. Besides, the effects of	and	on the
	pressure drop, bed expansion, bed voidage and the flow regime transitions have not
	been consistent yet. The investigations into high gas velocity flow regimes (turbulent
	and fast fluidizations) in MFBs are still rare. The fundamental mechanisms of wall
				and
	sometimes the	. The measurement of bed height can be used to estimate the bed
	1000 expansion, to calculate the global voidage, and hence, to estimated the	and
	. But this visual measurement can be applied only to relatively low gas velocity
	100 conditions where the bed surface oscillation is still moderate, and is only applicable to
	transparent fluidized beds. Wang et al. [21] used a high-speed camera (500 frames/s)
	10 to record the performances of the bed at various D t (mm)	conditions, and then obtained the
	fluidization properties (bed expansion, global voidage, bubble size, bubble breakup,
	1 types of slug, transitions between flow regimes including particulate fluidization,
	bubbling, slugging, turbulent and fast fluidization) by analyzing the pixels of the
	1 U 0.1 10 100 taken images. This method can be regarded as an updated version of visual 1000 10000
	measurement, thus, is still somewhat subjective. More importantly, this method
	cannot be used for non-transparent fluidized bed reactors which are unfortunately the

g (mm/s) effects on hydrodynamics are still far from being understood. Quantitative characterization of wall effects in MFBs is still under the development. Thus, further efforts to investigate the wall effects in MFBs are still needed. Except the deficiency of fully understanding the fundamental hydrodynamics in MFBs, the limitation of characterization techniques for MFBs is also a challenge for the development of MFBs. Most of the previous studies in MFBs were conducted based on the measurement of pressure drop via a pressure probe installed under the gas distributor and/or the measurement of bed height visually. This measurement of pressure drop can only be used to estimate the overall fluidization quality,

Table 1

 1 

	.6				
	Equations for oscillation frequency ( ) of gas-solid fluidized beds from the literature
	Reference	Correlations		Basis for theory
	Kehoe and Davidson				Slugging beds;
	(1973) [34]	=	.		Based on change in hydrostatic
					head with passing slug.
	Baeyens and Geldart (1974) [15]	=	.		Slugging beds
	Verloop and Heertjes (1974) [35]	=	(	) for laminar flow	Homogenous fluidization; Entire bed moves in phase
		=	(	) for turbulent flow	
	Baskakov et al. (1986) [33]	=			Deep beds, only one bubble erupts at one time
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	.7. In the equations, the
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 1 

	.8
	Models for solid pressure
	Solid pressure :
	= , + , + ,

Table 1

 1 

	.9
	Models for solid shear viscosity
	Solid shear viscosity :
	= , + , + ,

Table 1

 1 

	.10
	Models for radial distribution
	Lun and Savage (1986) [44]
	= 1 -

, . ,

Table 1 .11 Models

 1 

for granular temperature Fluctuation energy equation:
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 1 

	12			
	Models for momentum transfer coefficient
	Syamlal et al. (1993) [38]
	=	(	)	⃗ -⃗
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for boundary conditions

[START_REF] Johnson | Frictional-collisional constitutive relations for granular materials, with application to plane shearing[END_REF] 

[START_REF] Johnson | Frictional-collisional constitutive relations for granular materials, with application to plane shearing[END_REF] 

Table 1 .

 1 [START_REF] Stewart | Slug flow in fluidised beds[END_REF] Commonly used CFD codes for gas-solid fluidized beds

	Name	Description
	MFiX	Multiphase Flow with Interface eXchanges
		Open-source code developed at the National Energy Technology Laboratory,
		USA.
	NEPTUNE_CFD an Eulerian n-fluid unstructured parallelized multiphase flow software
		developed in the framework of the NEPTUNE project, financially supported
		by CEA (Commissariat à l'énergieatomique et aux énergies alternatives), EDF
		(Electricite de France), IRSN (Institut de Radioprotection et de
		SécuriteNucleaire) and AREVA-NP)
	FLUENT	Commercial code
	Star-CCM+	Commercial code

Table 2
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	.1					
	Properties of particles					
	Material	Label	(kg/m 3 )	(μm)		Geldart group
	Glass beads	B 347	2475	347	1.23	B
	Stainless steel beads B 105	8102	105	1.61	B
	Glass beads	A 63	2437	63.8	1.33	A

Table 2 .

 2 

	2						
	Column dimensions and experimental conditions			
		Length of					
	(mm)	column of fluidization	ℎ (mm)	/			Particles
		(mm)					
	100	1000	7.0	1-2	-		B 347 , A 63
	50	700	7.0	1-2	-		B 347
	20	550	9.0	1-4	-		B 347 , A 63
	12.4	550	9.6	1-4	-		B 347
	8.5	550	7.0	1-4	-		B 347 , B 105 , A 63
	4	450	1.35	1-4	2.3 at	/ =2 and 4	B 347 , B 105 , A 63

Table 2 .3

 2 

	Parameters of gas distributors
	(mm)	Gas distributor
	50-1000	Porous stainless steel sintered plate, thickness of 2 mm, filtering capacity of
		98% and 99.9% stopping particles of 1.2 μm and 3.6 μm in size respectively
	8.5-20	

Table 4 .

 4 

	1						
	Summary of experimental conditions				
	Parameter	Particle	100 mm	50 mm	Column Diameter ( ) 20 mm 12.4 mm 8.5 mm	4 mm
	/		1, 2	1, 2	1, 2, 3, 4 1, 2, 3, 4 1, 2, 3, 4 1, 2, 3, 4
			-	-	-	-	2, 3, 4	2, 3, 4
			1, 2	-	1, 2, 3, 4 -	2, 3, 4	2, 4
	/		288	144	58	36	25	12
			952	476	191	118	81	38
			1567	784	313	194	133	63
	/		288-576	144-288 58-230	36-143	25-98	12-46
			-	-	-	-	162-324 76-152
			1567-3134 -	313-1253 -	266-533

Table 4 .

 4 

	2						
	Experimental results of	,	,	,	,	and	
	/						
	(mm)	(m/s)		(m/s)		(m/s)	(m/s)	(m/s)	(m/s)
	100	0.089		0.091		0.095	0.114	-	-
		0.088		0.085		0.088	0.115	-	-
	50	0.102		0.102		0.102	0.117	-	-
		0.102		0.107		0.102	0.122	-	-
	20	0.115		0.118		0.115	0.12	-	0.654
		0.115		0.115		0.115	0.122	0.226	0.747
		0.115		0.12		0.115	0.122	0.18	0.67
		0.115		0.124		0.115	0.12	0.162	0.850
	12.4	0.138		0.259		0.138	0.185	-	0.900
		0.106		0.103		0.106	0.138	0.23	0.625
		0.106		0.107		0.106	0.138	0.183	0.582
		0.106		0.112		0.106	0.138	0.183	0.685
	8.5	0.129		0.153		0.150	0.467	-	1.10
		0.129		0.127		0.129	0.159	0.2	0.611
		0.129		0.119		0.129	0.131	0.179	0.560
		0.118		0.115		0.118	0.131	0.178	0.713
	4	0.176		0.134		0.176	0.355	-	1.19
		0.11		0.125		0.110	0.228	0.263	0.621
		0.11		0.11		0.110	0.146	0.22	0.704
		0.11		0.113		0.110	0.11	0.176	0.527
	2, Λ=2.3	0.065		0.067		0.067	0.235	0.307	0.720
	4, Λ=2.3	0.064		0.075		0.064	0.131	0.176	0.698

Table 5 .

 5 

	2		
	Simulation conditions	
	Parameter		Specification
	Bed width,	(mm)	4-100
	Bed length,		(2.5-20)
	Initial bed height,	(1-4)
	Particle types Gas density,	(kg/m 3 )	B 347 , B 105 , A 63 1.222
	Gas viscosity,	(Pa•s)	

Table 6 . 2

 62 Modifications of the ( , , ) in Johnson-Jackson model

	Parameter	Default	0-0.1	0.15	Gas velocity (m/s) 0.2	0.3
		0.05	0.05	0.05	0.05	0.05
		2.0	2.0	2.0	2.0	2.0
		5.0	2.5	3.25	3.5	3.8

Table 6 . 3

 63 Results of minimum fluidization velocities by experiments (

	,	), simulations (	,	) and

Table 6
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	.6.

Table 6

 6 

	.6							
	Comparisons between the experimental and simulated results of ∆ ,	and
	(m/s)	∆	(Pa)	∆	(Pa)	(Pa)	(Pa)		(Hz)
	0.3	95.3		101.9	7.0	12.7		7.4	10.6
	0.6	104.8		106.1	28.2	25.8		5.5	8.4
	0.9	113.5		105.7	25.2	25.9		5.1	6.5

, (Hz)

,

  present study, experimental work and numerical simulations were conducted to understand fundamental hydrodynamics in MFBs. The main aim is to design and build up an experimental set-up dedicated for miniaturized reactors, and to better understand and model the fluidization behaviors.

		Experiments were carried out in four MFBs of 20, 12.4, 8.5 and 4 mm with
	/ =(1-4) compared to two relatively large beds of 100 and 50 mm with
	/ =(1-2). Three types of particles with different	and	were used, labeled as
	B 347 , B 105 and A 63 , respectively. The effects of	,	,	and	on flow regimes
	and hydrodynamics in MFBs were investigated. The examined flow regimes cover
	from fixed bed to turbulent bed. The hydrodynamic properties mainly include the ∆
	and flow regime transition velocities (	,	,	and	). A new methodology
	for flow regimes diagnosis in MFBs was developed based on pressure fluctuation
	measurement and analysis. The analysis includes calculating the mean, standard
	deviation, autocorrelation function, probability density function, power spectral
	density function and time-frequency analysis. An assisted method of mechanical
	vibration was applied in the 4 mm bed at	/ =2 and 4.
		The results by experiments are as follows:		
		-With the developed method, six flow regimes were identified in MFBs: fixed
	bed,	bubbling,	bubbling/slugging,	slugging,	slugging/turbulent	and
	bubbling/turbulent.				

  In the 4 mm bed, fluidization with B 347 particles show better fluidization quality than the other two particles (B 105 and A 63 ). The results listed above are not exhaustive, but indicate that this is about a difficult field. This work allows the acquisition of the original data concerning the design, hydrodynamics and numerical simulations of the miniaturized fluidized bed.From a fundamental point, this study enabled us to become aware of the gaps between the experimental level and modeling, in particular the design of the miniaturized columns and devices of measurements.

	20 mm bed while wall slugging is in the (8.5-4) mm beds.
		-/	between 2 and 4 in the 4 mm bed, has slight impact on simulated	.
		-The dominant frequency	in the 4 mm bed, of simulated pressure fluctuations
	decrease with increasing	, showing similar trend as experiments.
		-In the 4 mm bed, the specularity coefficient ∅ has great impact on the
	numerical simulations, and this effect decreases with	.
		-At	/	=3in the 4 mm bed, slugging regime is simulated for B 347 particles,
	The obtained while bubbling/slugging is for B 105 particles. At /	for B 347 particles is =6, bubbling regime is
	very close to the predictions by empirical correlations proposed from conventional simulated for A 63 particles.
	large beds, while the	for B 105 and A 63 are larger than the predictions, and the
	deviation increases with decreasing .
		-The application of mechanical vibration in the 4 mm bed can help reduce partial
	fluidization phenomenon, thus resulting in larger ∆ and	. A larger	and a
	delayed were obtained as well, which may be due to the more uniform gas passage
	through the bed and the decreased frictional wall effect.
		Numerical simulations were performed in the beds of 100, 50, 20, 8.5 and 4 mm.
	A reference model was established by optimizing the grid resolution, solver
	(maximum inner iteration and time-step), granular temperature model, drag model and
	solid frictional pressure model in the 100 mm bed with B 347 particles. With the
	optimized model parameters, the effects of	, , particle properties ( and ),
	and gas velocity were investigated. The Johnson-Jackson boundary model was applied
	for all simulations. The effect of wall boundary conditions for different types of
	particles in the MFB of 4 mm were studied by modifying the specularity coefficient
	(∅) from 0 (free slip) to 1 (no-slip) in the Johnson-Jackson model.
		The results by numerical simulations are as follows:
		-A reference mode was established in the 100 mm bed with B 347 particles: lateral
	cell number	=40, maximum inner iteration	=60, time-step ∆ =1.0×10 -3 s,
	transport granular temperature model, Gidaspow drag model, modified
	Johnson-Jackson model for solid frictional pressure and Johnson-Jackson boundary
	model with specularity coefficient ∅ being zero for 'free-slip' condition.
		-With		reduced from 100 to 4 mm, the simulated	are affected slightly
	by	, and agree reasonably well with the experimental	. At	/	=3,
	bubbling regime is simulated in the (100-50) mm beds, round-nosed slugging is in the
						155

56 m/s H s =1D t H s =2D t H s =3D t H s =4D t Power s=0.035 k=2.4 s=0.21 k=2.4 s=0.46 k=2.2 s=0.51 k=2.6

  

4 mm, U g =1.44m/s H s =1D t H s =2D t H s =3D t H s =4D t Power s=0.21 k=3.3 s=1.21 k=6.6 s=0.89 k=4.8 s=3.7 k=30.9

  

D t =4 mm, U g =0.92 m/s H s =2D t H s =3D t H s =4D t

  

								Power
						s=0.30		
				𝑈 𝑚𝑓 2	𝑈 𝑚𝑓 3	k=4.5 𝑈 𝑚𝑏	𝑈 𝑚𝑠	𝑈 𝑐
				(m/s)	(m/s)	(m/s)	(m/s)	(m/s)
		2	0.044	0.040	0.044	0.081	0.127	0.60
	8.5	3	0.044	0.038	0.044	0.075	0.098	0.62
		4	0.044	0.037	0.044	0.078	0.054	0.82
	4	2 3 4	0.048 0.048 0.048	0.046 0.040 0.042	0.048 0.048 0.048	0.069 s=0.55 0.062 k=4.5 0.058	0.109 0.088 0.065	0.44 0.44 0.44
						s=0.46		
						k=4.5		

Table B2

 B2 Experimental results of 𝑈 𝑚𝑓1 , 𝑈 𝑚𝑓2 , 𝑈 𝑚𝑓3 , 𝑈 𝑚𝑏 , 𝑈 𝑚𝑠 and 𝑈 𝑐 for A63 particles

	𝐷 𝑡 (mm)	𝐻 𝑠 /𝐷 𝑡	𝑈 𝑚𝑓 1 (m/s)	𝑈 𝑚𝑓 2 (m/s)	𝑈 𝑚𝑓 3 (m/s)	𝑈 𝑚𝑏 (m/s)	𝑈 𝑚𝑠 (m/s)	𝑈 𝑐 (m/s)
	100	1 2	0.0045 0.0044	0.0050 0.0048	--	--	--	--
		1	0.0053	0.0050	0.0053	0.067	-	>0.3
	20	2 3	0.0044 0.0044	0.0045 0.0047	0.0044 0.0044	0.064 0.060	0.107 0.089	>0.3 >0.3
		4	0.0044	0.0049	0.0044	0.064	0.071	>0.3
		2	0.0063	0.0045		-	-	-
	8.5	3	0.0098	0.0046	0.0098	0.069	0.029	>0.3
		4	0.0079	0.0065	0.0079	0.018	0.024	>0.3
		2	0.018	0.0080	0.018	0.023	0.111	0.155
	4	4	0.018	0.0100	0.018	0.031	0.047	0.132
		4 with Λ=2.3 0.093	0.0092	0.093	0.043	0.055	0.133

Acknowledgement

, I would like to thank the Chinese Scholarship Council (CSC) who has supported

Effect of and on flow regime transition velocities

In this section, the effects of and on hydrodynamic properties, mainly including the flow regime transition velocities: minimum fluidization velocity ( ), minimum bubbling velocity ( ), minimum slugging velocity ( ) and onset of turbulent fluidization ( ), will be discussed.

(1) Determination of minimum fluidization velocity ( )

Three methods were used in present study to estimate the . In method I, the minimum fluidization velocity ( ) was determined by video record, at a gas velocity where the particles are fluidized incipiently. In method II, the minimum fluidization velocity ( ) was classically determined from the ∆ /(W/A) curve, at the point where the horizontal line in fluidized bed intersects with the sloping line in fixed bed. As the measured ∆ /(W/A) is not constant in fluidized bed region in the small beds of (20-4) mm, as presented in Fig. 4.9 in Section 4.5.1, the ∆ /(W/A) used to estimated the will be given by the average ∆ /(W/A) in =(0.18-0.35) m/s, as presented in Fig. 4.11 (b). In method III, the minimum fluidization velocity ( ) was determined from the curve, at a point where the starts to be larger than zero evidently. The obtained values for are listed in Table 4.2

(2) Determination of minimum bubbling velocity ( )

The minimum bubbling velocity is estimated from the curve using the Puncochar method, as illustrated in Fig. 1.5 in Chapter One. The obtained are listed in Table 4.2.

(

3) Determination of minimum slugging velocity ( )

Visual observation is frequently used to determine in the literature.

Non-visual methods by measuring pressure fluctuation signals are also applied, which are generally based on a phenomenon that the slug frequency becomes independent of once the bed is slugging. But slug frequency varying with , and was observed in present study. By analyzing the measured pressure fluctuation signals, it is found that once a unique pronounced peak is observed in the PSDF (f) and a concentrated continuous distribution of power intensity in the T-F (t,f) , slugs start to be observed visually in the upper section of the bed. Thus, in present study, the is determined at a where the PSDF (f) starts to show a unique pronounced peak, and correspondingly, the T-F (t,f) starts to exhibit a continuous and concentrated frequency band over time. The obtained is detailed in Table 4.2.

(4) Onset of transition to turbulent fluidization ( )

The transition from bubbling/slugging to turbulent fluidization has been widely investigated in conventional large beds. The transition is said to be gradual and spans over a relatively large range of gas velocities, which has a relationship to the properties of gas and solids and the bed scale. Relevant studies based on the analysis of pressure fluctuations reveal that the transition occurs between two velocities: and . The method to determine the and based on the curve has been described in Fig. than the predictions which were calculated from the empirical equations (see Table 1.1 in Chapter 1) proposed in conventional large beds. The application of mechanical vibration in the 4 mm bed at / =4 leads to a slightly smaller . Johnson model [START_REF] Johnson | Frictional-collisional constitutive relations for granular materials, with application to plane shearing[END_REF] and Schaeffer model [START_REF] Schaeffer | Instability in the evolution equations describing incompressible granular flow[END_REF]) were examined. The granular energy equation was solved completely (transport model) or assumed to be locally steady (algebraic model). The interaction between phases is modeled by a drag coefficient in the momentum equations. Three models for the drag coefficient, including the Arastoopour model [START_REF] Arastoopour | Hydrodynamic analysis of dilute gas-solids flow in a vertical pipe[END_REF], Gidaspow model [START_REF] Gidaspow | Multiphase flow and fluidization: continuum and kinetic theory descriptions[END_REF] and Syamlal-O'Brien model [START_REF] Syamlal | MFIX documentation: Theory guide[END_REF], were studied. All equations for the models are summarized in Table 5.1. 

Gas phase stress: = 2 (5.5)

Solid phase stress: (5.39)

(IX) Wall-boundary model:

(5.40)

(5.41)

Solvers

All simulation work was performed using a commercial code of CD-adapco Star-CCM+. The governing equations were solved based on the well-known finite volume method. A multiphase segregated flow model is selected, wherein the term 'segregated' refers to the fact that the solution algorithm uses a SIMPLE (Semi-Implicit Method for Pressure Linked Equations [START_REF] Patankar | Numerical heat transfer and fluid flow[END_REF])-type approach, which separates the pressure and velocity solvers. The linkage between the momentum and continuity equations is achieved with a predictor-corrector approach. In this approach, the velocity field is firstly predicted using the pressure field from the previous Details of the simulation conditions are summarized in Table 6.1. 

Effect of reducing on numerical simulations for B 347 particles

The The results presented in Fig. 6.27 show that at =2 , the slug forms and rises along the center line. After the eruption of the slug, solid particles drop back near the walls. At =4 , the slug forms and rises along the center line in the low section of the bed, but then develops into wall-slug. After the eruption of wall-slug, the particles rain through the bed in the center zone. Similar phenomena have been observed in the experiments, as shown in Fig. 6.28. The ∆ /( , ) and σ/( , ) curves for three particles in the 4 mm bed at =2 are plotted against / in Fig. 6 

Perspectives of the study

As already mentioned in the manuscript, MFBs exhibit great advantages and show great potential for practical applications (e.g. methanation, Fischer-Tropsch synthesis, etc). The results obtained during this thesis show the possibility for several prospects for studies.

-In particular, the design of MFBs calls for the technique of 3D printing for manufacturing. This technique will make it possible to design a complex reactor in only one element and can be free from the complexity of micromechanics. The latter is time consuming and very expensive.

-To supplement this study, a work on experimental and numerical modeling of MFBs at high temperature must be carried out.

-In addition, an experimental and theoretical study (modeling)on the wall effect will bring for better comprehension of the hydrodynamics. It would allow more adapted and precise modeling.

-Finally, the experimental results have shown that partial fluidization is easy to be encountered at low / =(1-2) while slugging regime prevails quickly after minimum fluidization at high / =(3-4). Thus, in order to extend appropriate flow conditions for practical applications for the MFBs, further efforts to eliminate the partial fluidization, and to breakdown or narrow the slugging regime in MFBs are still needed and will be of great interest. 

Appendix A Appendix B: Supporting Tables for Experiments

Design of micro-fluidized beds by experiments and numerical simulations: flow regimes diagnosis and hydrodynamic study

Micro-fluidized bed (MFB) exhibits great advantages such as a large specific contact surface, a fast dissipation of heat (ideal for exothermic reactions) and better mass and heat transfers, but suffers from difficulties in precise control and shows strong frictional wall effect. Present study was conducted experimentally and numerically to understand fundamental hydrodynamics in MFBs. Experimental work was carried out in four MFBs of 20-4 mm compared to two relatively large beds of 100-50 mm using three types of particles (B 347 : 347 μm, 2475 kg/m 3 ; B 105 : 105 μm, 8102 kg/m 3 ; A 63 : 63.8μm, 2437 kg/m 3 ). The ratio of static bed height ( ) to bed diameter ( ) was set between 1-4. Mechanical vibration was applied to the 4 mm bed. A new method for flow regimes diagnosis was developed based on pressure fluctuation analyses, which mainly include calculating the standard deviation, autocorrelation function, probability density function, power spectral density function and time-frequency analysis. Numerical simulations were performed under Eulerian-Eulerian framework in 2D. Six flow regimes were identified: fixed bed, bubbling, bubbling/slugging, slugging, slugging/turbulent and bubbling/turbulent. Partial fluidization is encountered at / =1-2 while slugging prevails quickly after minimum fluidization at / =3-4. In