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Abstract	

The aim of the present thesis is to develop a novel experimental technique for determining the 
residence time distribution (RTD) of solid particles in solid unit operations as well as model 
development. Initially, a novel optical method was developed to measure the particle RTD. 
Experiments are carried out with Silicon Carbide (SiC) and the pigment phosphorescent (Lumilux® 
Green SN-F50 WS) as tracer particle. A preliminary experimental study was conducted in a simple 
bubbling fluidized bed in order to validate the proposed RTD measurement methodology. In the 
second step, the developed technique of the concentration measurement was applied to measure the 
RTD of a deep fluidized bed. The particle RTD curves are determined experimentally in different 
operating conditions. Finally, a model consisting of the combination of the ideal reactors is proposed 
to predict the particle residence time distribution in the studied fluidized bed. The predicted output 
values are then compared with the experimental data to establish a good model fitting data. 

 

Keywords: Residence time distribution; fluidized bed; optical method; phosphorescent tracer 

 

	

Résumé	

L'objectif de cette thèse est le développement d’une nouvelle technique expérimentale de 
détermination de la distribution des temps de séjour (DTS) des particules solides dans les enceintes de 
manutention et de transformation de solides particulaires ainsi que le développement d’un modèle. 
Dans un premier temps, une nouvelle méthode optique a été développée pour mesurer la DTS des 
particules. Les expériences sont réalisées avec le carbure de silicium (SiC) et le pigment 
phosphorescent (Lumilux® Green SN-F50 WS) a été utilisé en tant que traceur. Une étude 
expérimentale préliminaire a été réalisée dans un lit fluidisé bouillonnant simple afin de valider la 
méthodologie proposée de mesure de la DTS. Dans un deuxième temps, la technique développée de 
la mesure de concentration a été appliquée à la détermination de la DTS dans un lit fluidisé profond. 
Les courbes de la DTS des particules sont déterminées expérimentalement dans différentes conditions 
opératoires. Dans un troisième temps, un modèle basé sur une combinaison de réacteurs idéaux est 
proposé pour prédire la DTS des particules du lit fluidisé étudié. Les valeurs de sortie prédites sont 
ensuite comparées aux données expérimentales pour l’ajustement du modèle. 

 

Mots-clés : Distribution des temps de séjour; lit fluidisé; méthode optique; traceur phosphorescent 
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Nomenclature	
 

 

 

Greek Letters Unit 

 

𝜓" sphericity of the solid particles  
 variance  

e porosity of particle  
ε$% minimum fluidization porosity  
µ viscosity of gas Pa s 
r density kg m-3 
ρ' density of solid kg m-3 
ρ( density of gas kg m-3 
ρ) density of flow kg m-3 
ν volumetric flow rate m3/s 
τ" mean residence time in the CSTR s 
τ' mean residence time in the PFR s 
τ, average residence time in each stage s 
Θ dimensionless time  
∞ infinity  
   

 

Latin letters  

A cross-sectional area m2 
Ar Archimedes number  
C/,0$123 concentration of the tracer particle  
C4                                    combinations of moments  
CSTR continuous stirred-tank reactor  
CFB circulating fluidized bed  
D dispersion coefficient m2 s-1 
d column diameter m 
D6 bubble diameter at the bed surface m 
d' particle diameter m 
𝑑9∗  dimensionless particle diameter  
E(t) residence time distribution function  
E,< elutriation rate constant  
E(Θ) normalized RTD function  
E? residence time distribution of the block-injection  
E@ residence time distribution of the bed  
E$ residence time distribution of model  
F(t)                                 cumulative distribution  
F mean cumulative distribution value  

s



Nomenclature 
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FB entrainment rate of particles at the bed surface m3s-1 

F< total amount of particles elutriated g 
F,< amount of particles elutriated g 
F,B amount of fine particles in the freeboard g 
FC fluid drag N 
g standard gravity m s-2 
H bed height m 
I integral of the detected signal  
L reactor height   m 
L$% minimum bed height m 
m masse of tracer  g 
N number of ideal tank in series  
n sample size  
NB amount of injected tracer mole 
Pe Peclet number  
PMT photomultiplicator  
PFR plug flow reactor  
∆P pressure drop  
R radius of the tube m 
RTD residence time distribution  
RMS root mean square  
Re Reynolds number  
Re$% Reynolds number in minimum fluidization  
R radial distance from the center of the tube m 
S skewness  
SD standard deviation  
t time s 
t∗ dimensionless time  
t? half of the injection time s 
tm mean residence time s 
TDH transport disengaging height m 
Δt time step interval s 
U fluid velocity                                                                     m. s-1 
Umf minimum fluidization velocity m. s-1 
Umb minimum bubbling velocity m. s-1 
U* dimensionless fluidization velocity  
V reactor volume m3 
x longitudinal abscissa of the flow  
Xi weight fraction of fine particles present in the bed  
z longitudinal abscissa of the flow  
ZL

@M
 confidence coefficient  
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The present thesis is conducted at “Laboratoire des Transformations Intégrées de la Matière 
Renouvelable-TIMR“ University of Technology of Compiègne (UTC) under the supervision of Professor 
SALEH, co-directed by Professor OULD-DRIS. 

A novel technique for particle Residence Time Distribution (RTD) measurement in solid unit operations 
is developed in this work. 

An introduction to the research background, objectives and thesis structure are presented in this 
section while leaving detailed introductions on specific topics to later chapters. 

Context 

In the study and design of a solid unit operation, characterization of overall flow behavior by means of 
particle RTD and the solid flow pattern and mixing are major issues. The solid flow patterns in these 
units are very complex. The solids in a continuous solid-flow system leave the system after a period of 
time approximating mean residence time. 
Consequently, in solid unit operations there is a wide range of particle residence time distribution, 
which can be a serious disadvantage if, as in many commercial applications, good control of solid 
mixing, fast reaction rate, quick catalyst activation and uniform treatment of solids is desired. 
Knowledge of the RTD enables the exact prediction of yield for first order reactions and allows close 
estimation for reactions of order other than first. 
Even though the RTD does not carry complete information about the flow and structure of a particular 
bed, it is possible to affirm that the RTD is a characteristic of the mixing which occurs in the solid unit 
operations and is vital for solid unit design and scale-up, plant operation and optimization. 
Fluidized bed reactors, a type of solid unit operation, are present in many applications and gas-solid 
processes. These reactors are widely used in numerous industries such as biomass gasification, 
reforming and chemical looping combustion. 
The process efficiency depends on the efficiency of contact and the contact time between gas and solid 
phases. Therefore, knowledge of solid mixing and particle residence time distribution is essential in 
order to describe, design and model the fluidized bed reactors. Several tracer methods have been used 
for particle residence time distribution measurement or for mixing investigation purpose. These 
methods are summarized in Table1. 

 
Table 1: Summery of solid residence time distribution methods. 

Method Author  System Details of method 

Radioactive 
tracer 

Abellon et al. [1] Four 
interconnected 

fluidized bed 

Bed material: Glass beads 

Tracer: 24Na and 192Ir 

Ambler et al.[2] CFB Pulse tracer technique with Gallium-68 
tracer 

Bhusarapu et 
al.[3] 

Riser of CFB Single radioactive particle (46Sc) 

Lin et al. [4] CFB boiler 56Mn as tracer 

Mahmoudi et 
al.[5] 

CFB riser Positron emission particle tracking using 
18F as tracer 
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Pant et al. [6] Pilot scale 
fluidized bed 

reactor 

Gold-198 as tracer 

Chan et al. [7] Riser of fluidized 
bed 

Positron emission particle tracking using 
18F as tracer 

Magnetic tracer Avidan and 
Yerushalmi[8] 

Expanded top 
fluidized bed 

Ferromagnetic particle tracer 

Guío-Pérez et al. 
[9], [10] 

Dual circulating 
fluidized bed 

Steel particles as tracer 

Legile et al.[11] Thin channel 
type gas-solid 
fluidized bed 

Ferromagnetic particle tracer 

Chemical 
particle tracer 

Andreux et al. 
[12] 

Riser of cold 
fluidized bed 

NaCl crystals injected in the connecting 
point between L-valve and the riser 

Cui et al. [13] Stripper of 
fluidized bed 

FCC particles were impregnated with a 
saturated solution of table salt and then 
dried to remove all moisture 

Rhodes et al. [14] Riser of CFB NaCl as tracer; Tracer sampling was 
performed in three locations in the riser 

Smolders and 
Baeyens[15] 

Riser of CFB NaCl tracer 

Phosphor 
particle tracer 

Wei and Du [16] Riser of CFB The tracer particles are made by coating of 
fin phosphor particles on the surface of 
different property particles with nitryl-
varnish as the bond. 

Harris et al. [17]–
[21] 

Riser of CFB All particle have phosphorescent 
properties 

Huang et al.[22] Down-flow CFB A pneumatic injection phosphor tracer 
technique (PIPTT) was used to determine 
the axial and lateral solids dispersion by 
measuring the solids RTD at same axial but 
different lateral positions. 

Wei et al.[23] CFB downer A unique phosphor tracer technique 
measures the solids tracer concentration 
with time at different radial and axial 
positions within the co-current down flow 
circulating fluidized bed. 

Yan et al.[24] Riser of CFB The solids mixing in a riser with a height of 
10 m and 0.186 m inner diameter was 
investigated by using the pneumatic 
phosphor tracer technique. 

Chen et al. [25] Extruder A He-Ne laser as a light source with carbon 
black as the tracer 
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From the review of the reported experimental methods, several research groups [16], [19]–[25] prefer 
to employ phosphorescent tracer particles thanks to its simplicity and high accuracy. In these works, 
the properties of phosphorescent tracer particles were similar to the average properties of the bulk 
particles. 
The principal of the impulse injection phosphorescent tracer technique is shown in Figure 1. It consists 
of two main parts: tracer activation and tracer detection. When the light source is turned on, the 
phosphorescent particles surrounding the light are excited. The excited phosphorescent particles emit 
light and the afterglow is captured by a detector and collected by a computer data acquisition system 
as a function of time. 
 

	

	
	

Figure 1: Schematic diagram of impulse injection phosphorescent tracer technique. 
 

 
This optical method has been perfected by Harris et al. [19]–[21]. In these phosphorescent tracer 
experiments, phosphorescent particles were used as both bulk and tracer particles. In fact, just a small 
amount of phosphorescent particles were illuminated and became tracers. The detection is then 
carried out without disturbance of hydrodynamic behavior by means of a light detector. In these works, 
the phosphorescent tracer particle consumption was quite high due to the large amount of the bulk 
particles. It is also possible to coat the outside of the bulk particles using the pigment and a binder or 
glue. In this way, any particles that can be coated may be used for RTD experiments. Wei et al. [23],Yan 
et al. [24]and Du et al. [16]used a phosphorescent material, typically alumina powder coated with a 
phosphorescent compound as a tracer particle. Kulah et al. [26] investigated the solid mixing and 
motion in a riser of circulating fluidized bed utilizing phosphorescent-coated FCC particles as a tracer. 
The key advantage of this method according to the authors was its cost effectiveness. The major 
disadvantage was the need for a perfect coating which could reduce the detection efficiency. 
In order to limit the amount of tracer particles used, a pneumatic injection phosphorescent tracer 
technique (PIPTT) was proposed by Du et al. [16]. The similar technique was undertaken by Huang et 
al. [22]. A small amount of phosphorescent tracer particles with similar properties to the bulk particles 
were injected into the fluidized bed so that wasteful amount of phosphorescent particles was reduced 
significantly. 
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Since the intensity of the light emitted by the activated tracer decays with time, there is an upper 
residence time limit for phosphorescent tracer techniques (for example 3 minutes for the tracer 
particle used by Harris et al. [20]). Therefore, the particle RTD measurement using this technique has 
been extensively studied in short solid residence time units (like previous PhD thesis done by Dr. Ahmed 
BELLIL, GPI department member at UTC). Due to the significance of total particle RTD of the unit 
operations, as an example of long residence time, on their optimization and design; finding an accurate 
technique able to detect very low intensity is a non-trivial matter. It was necessary to consider that 
with using this technique, which detects very low concentration, the tracer consumption will be 
reduced, and the hydrodynamic patterns of the unit operation will be changed as little as possible. 
It should be mentioned that the particle RTD measurement in dispersed phases of solid unit operations 
is difficult to measure since the particle velocities vary. The particle size distribution leads to different 
velocities in activation part. Thus, the particles which pass through the activation part do not 
necessarily get detected at the detection part. Consequently, this inhomogeneity in size distribution 
and particle velocities makes it difficult to measure the particle RTD. 
 
 

Research objectives 

The objectives of the present study are: 
 
 

• To develop a novel system for particle RTD measurement able to detect very low tracer 
concentration which allows the RTD experimental studies to be carried out in solid unit 
operations with long residence time and also with very low tracer consumption. The low 
consumption of the tracer enables the experiment to be conducted without separating the 
tracer particles and bulk particles. 

• To create a calibration curve that provides the experimental relationship between the tracer 
concentration and the integral of the detected signal with high accuracy in systems with very 
low concentrations. 

• To fully characterize and evaluate this novel particle RTD measurement technique by RTD 
studies of a simple bubbling fluidized bed reactor in order to validate the measurement 
methodology. 

• To apply this novel technique to the particle RTD measurement of a deep fluidized bed in order 
to present an application of the developed technique. 

• To model the particle RTD in the deep fluidized bed that provides predictions of the particle 
RTD with a reasonable accuracy. The model consists of a combination of ideal reactor models 
for which the E-functions are known. The simulated results are then compared with the 
experimental results. 

 

Thesis structure 

The thesis report consists of 4 chapters. The following chapter includes the literature review related 
to RTD theory and different ways to conduct RTD measurements in solid unit operations as well as RTD 
modeling in fluidized bed reactors. 
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Chapter 2 provides the details about the experimental apparatus of a new technique developed for 
tracer concentration measurement, the measurement technique and the experimental procedure. In 
this technique, a calibration curve is developed which provided the empirical relationship between the 
integral of the detected signal and the concentration of pigment. This chapter also describes a series 
of experiments which were performed in a bubbling fluidized bed. The results were compared with the 
theoretical results in order to validate this RTD measurement technique. 

Chapter 3 presents a novel approach to a mixing process in a deep fluidized bed based on the 
developed RTD measurement technique. The main aim of the work presented in this chapter is to apply 
this novel technique for particle RTD measurement in a deep fluidized bed as an example.  

Chapter 4 presents a model combining the ideal plug flow and stirred tank reactors for the fluidized 
bed described in Chapter 3. The interest is on predicting the RTD of a fluidized bed in order to formulate 
the modifications to obtain more information about the flow pattern inside the bed and also to serve 
in further investigations of this topic. 

The general conclusion of this study and the list of recommendations for future work on particle RTD 
measurement are given at the end of this thesis. 
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1.1 Introduction	

In chemical engineering and related fields, the residence time distribution (RTD) is described as the 
probability distribution of time that solid or fluid materials stay inside one or more unit operations in 
a continuous flow system [27]. Residence time distribution is a key parameter to understand the profile 
of flow in the solid unit operations and is used in different industrial processes like the continuous 
manufacturing of chemicals, plastics, polymers, food, catalysts, and pharmaceutical products.  To have 
the desired output from a specific unit operation, raw materials are designed to stay inside the unit 
operation under a specified period of time and specific operation conditions. Then, the residence time 
distribution is a necessary factor to complete the reaction or process in the unit operations.  

Therefore, the RTD characterization is the first stage in optimization, design and scale up of process in 
different unit operations [27]. Fluidized bed as a type of solid unit operation is used as a solid-gas 
contacting system in a wide range of industries.  Fluidized beds are used in chemical and mineral 
processing, gasification and combustion for power generation, environmental technologies, in the 
petrochemical industry as fluidized catalytic crackers, pharmaceuticals, biotechnology and other solid 
handling industries [28]. Compared to other solid-fluid contacting systems, fluidized beds have many 
advantages such as ease in solids handling and high heat and mass transfer. The disadvantages of 
fluidized bed is that it approaches a continuous stirred tank reactor rather than a plug flow reactor, 
resulting in the large amount of attrition caused by the strong mixing and high velocities of the solids. 
To study the hydrodynamic behavior in fluidized bed reactors, risers and downers, experimental and 
measurement methods have been developed. There are two study models in the experimental work 
in fluidized bed reactors: cold-model and hot-model. In the cold-model, the study of the experimental 
work has been devoted to hydrodynamic studies without reactions. In contrast, in the hot-model study 
the hydrodynamic studies have been done with reactions in order to obtain the reactor performance. 
Hydrodynamics are usually described by studies of solid holdup and gas and solid velocities. Studies on 
solid residence time distribution in fluidized bed reactors are crucial as interactions are often 
influenced by hydrodynamics [29]. 

The goal of the present chapter is to extend our basic understanding of the motion of solid phase 
(particles) in solid unit operations through the study of the particle residence time distribution and to 
make the state of the art on the methods used for the particle residence time determination. Unlike 
the residence time in a gas or a liquid, residence time determination in solids poses special problems 
related to the existence of the concentration and velocity profiles and a sliding velocity between gas 
and solid phases. 

This chapter consists of a review of topics necessary to understand the concepts applied in the 
research. The first section is about the RTD theory in solid unit operations and RTD measurement 
techniques (RTD definition, RTD function, RTD of ideal and real reactors, RTD models, reported 
experimental RTD techniques). The second part will present a general description of fluidized bed 
reactors as a widely used solid unit operation. 
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1.2 Residence	Time	Distribution	(RTD)	theory	

1.2.1 RTD	definition	
When the material flow passes the inlet of the reactor in steady state, the various fractions of the 
stream do not pass through the outlet section of the reactor at the same time, reflecting the fact that 
there is a distribution of the residence times in the reactor. This phenomenon can be represented by 
a residence time distribution, abbreviated to RTD [30]. The residence time distribution of a unit 
operation is one of the characteristics of the mixing process. 

In lot of processes, the fast reaction rate, quick deactivation of catalyst and high heat and mass 
transfer, there is a need of a good control of solid mixing and residence time. Therefore, residence 
time distribution data help in the understanding of fluid dynamics. These data are essential for reactor 
design, scale-up, plant operation and optimization [19]. 

As mentioned earlier, the residence time distribution measurement in solids poses specific problems. 
The residence time distribution in solids related to the concentration and velocity profiles and sliding 
velocity between particles and gas phase. Besides, finding the best tracer materials and detection 
methods is very difficult.  

Regarding to the measurement system, some of the most important RTD measurement requirements 
are [31]: 

• Sensitivity of the measurement must be as high as possible; use of a small amount of tracer is 
beneficial. 

• The measurement should be repeatable and reproducible within reasonable time. 
• In ideal condition, the tracer concentration should be calculated without need of intricate 

assumptions or corrections. 
• Any disruption of the internal flow pattern should not be affected by the detection device or 

method. Exclusively, pressure and solid inventory should not be affected. 
• RTD measurement should be possible under steady state operation conditions. 
• The detection method should be fast enough. In this way the features of RTD in fast beds with 

very short residence time can be captured. 

 

The experimental determination of RTD, also called the tracing method, is a general method and can 
be implemented on a wide variety of industrial systems [5],[32] or on a laboratory scale in 
microstructure reactors [33]. 

 

1.2.2 Residence	time	distribution	function	E(t)	
The RTD is commonly measured experimentally by tracer injection into the feed stream at time t=0 
and then the tracer concentration C is measured in the exit stream as a function of time (stimulus-
response injection technique) [34]. The tracer should be an inert chemical, molecule or atom and 
should have physical properties similar to those of the bulk particles and be completely soluble in the 
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bulk. The tracer also should not to be adsorbed on the surfaces of the reactor like walls. The pulse 
input and step input are the most common and simplest tracer injection techniques [35]. In a pulse 
input, an amount of tracer is suddenly injected into the unit operation in a short time interval. The 
outlet concentration is then measured as a function of time. Typical concentration curves for a step 
input and pulse input are given in Figure 1.1. 

 

 

 

 

Pulse injection Pulse response 

 

 

Step injection Step response 

Figure 1.1: RTD measurements for a step input (bottom) and pulse input (top) [34]. 

 

The pulse input is usually more difficult to carry out experimentally than the step input. In step input 
tracer injection technique, the total amount of tracer must be known in the input stream over the 
experimental time contrary to the pulse test. On the other side, in step input injection technique is 
sometimes complicate to maintain a constant tracer concentration in the input stream [34].  

Another drawback in step input tracer injection technique is that the obtained RTD involves 
differentiation of the data which leads to large errors. It should be noted that in step input technique 

Feed 

Injection   

Unit operation 

Detection 

Effluent  
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the large amount of tracer is required. Therefore, for the expensive tracer a pulse test is always used 
to minimize the cost [34].  

The amount of tracer material, ΔN, leaving the reactor between time t and t+Δt is: 

∆𝑁 = 𝐶(𝑡)𝑣	∆𝑡 (1. 1) 

where 𝑣 is the volumetric flow rate, C(t) is the concentration of the tracer particles in the exit at time 
t and ∆𝑁 is the amount of material passing the reactor which has spent an amount of time between t 
and t+Δt in the reactor. It should be noted that the equation (1. 1) is valid for a tracer miscible in all 
proportions with the fluid and when there is no relative velocity between the tracer and the fluid. 
Therefore, the amount of tracer material in two-phase systems, particularly for a solid phase, is difficult 
to measure experimentally. 

The residence time distribution function for pulse injection is defined by [34]: 

𝐸(𝑡) =
𝑣	𝐶(𝑡)
𝑁B

 (1. 2) 

or, 

𝐸(𝑡) =
𝐶(𝑡)

∫ 𝐶(𝑡)𝑑𝑡<
B

    (1. 3) 

when C(t) is the concentration of the exit tracer particles at time t and 𝑁B is the amount of tracer 
injected into the reactor. It must be mentioned that the equation (1. 2) is valid for a piston flow and 
when there is no slip of the solid and gaseous phases. 

The fraction of all the material that has stayed for a time t between 𝑡 = 0 and 𝑡 = ∞ in the reactor is 
1: 

X 𝐸(𝑡)𝑑𝑡
<

B
= 1 (1. 4) 

The cumulative distribution 𝐹(𝑡) can be determined directly from a step input since the RTD function 
𝐸(𝑡) can be determined directly from a pulse input. 

[
𝐶\]^
𝐶B

_
`^a9

= X 𝐸(𝑡b)𝑑𝑡b = 𝐹(𝑡)
^

B
 (1. 5) 

Equation (1. 6) was defined by Danckwerts [30] as a cumulative distribution function F(t). The 
relationship between F(t) and E(t) is: 

𝐹(𝑡) = X 𝐸(𝑡)𝑑𝑡
^

B
 (1. 6) 

The F curve has been defined as the normalized response to a particular input. Therefore, the F curve 
can be used in the same way as the RTD in the chemical reactors modeling [34]. 



Chapter 1: Literature survey 

 

	 6 	
	 	

Mean residence time (tm), which corresponds to the average of the residence times, is given by the 
first moment of the distribution: 

𝑡c = X 𝑡𝐸(𝑡)𝑑𝑡
<

B
 (1. 7) 

The precise reactor volume is determined from the equation (1. 1): 

𝑉 = 𝑣𝑡c (1. 8) 

 

When there is no relative velocity of gas and solid phase. 

To compare RTDs, their moments are usually compared instead of their entire distribution. Three 
moments are normally used in order to compare RTDs: mean residence time, variance and Skewness 
[34].  

The variance or square of the standard deviation is defined by:  

𝜎@ = X (𝑡 − 𝑡c)@𝐸(𝑡)𝑑𝑡
<

B
 (1. 9) 

The skewness is defined by:  

𝑆h =
1

𝜎h/@
X (𝑡 − 𝑡c)h𝐸(𝑡)𝑑𝑡
<

B
 (1. 10) 

 

The magnitude of variance is a sign of the “spread” of the distribution. Therefore, the greater the value 
of variance is the greater the spread of distribution. In the same manner, the magnitude of skewness 
shows the limit that a distribution is skewed in one direction or another compared to the mean. For a 
complete description of a distribution, all three moments should be determined: 

Normalized RTD function, 𝐸(𝛩): 

A dimensionless function 𝐸(Θ) can be defined as:  

𝐸(Θ) = 𝜏𝐸(𝑡) (1. 11) 

 

when the parameter Θ is defined as: 

Θ =
𝑡
𝜏

 (1. 12) 

The quantity Θ shows the number of reactor volumes that have passed through the reactor in time t 
based on entrance conditions. With defining this normalized distribution function the performance of 
flow inside reactors of different sizes could be directly compared [34]. In this way, as an instance, all 
perfectly mixed CSTRs have numerically the same RTD.  
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In order to determine the residence time distribution, a tracer is introduced into the system according 
to a known function and the concentration as a function of time. The tracer must not modify the 
physical properties of the medium (same density, same viscosity) and the tracer introduction must not 
modify the hydrodynamic conditions. 

Different experimental techniques have been used to measure the solid residence time distribution in 
unit operations. Following subsection reviews several techniques used for measuring particle RTD in 
solid unit operations, especially in fluidized beds. 

 

1.3 Reported	experimental	RTD	techniques	

The experimental determination of RTD has been used to correct the knowledge of the solid particle 
behavior and also different phases present in pilot studies or industrial reactors. Depending on the 
operating conditions different methods can be used. The general principle of RTD determination 
consists of tracer injection into a system and measurement of concentration as a function of time [46]. 
The particles trajectories in any solid unit operations are different because of the various particle 
properties, gas velocity field, inter-particle shocks and reactor geometry which influences on the fluid 
flow. The different particle trajectories give rise to a distribution of residence times for the particles 
flowing through the reactor [35]. 

In fluidized beds research, many different tracer methods have been used for particle RTD purpose 
such as radioactive tracers, thermal particle tracers, chemically different tracers, ferromagnetic 
tracers, different sized particle tracers and phosphorescent particle tracers. All RTD techniques have 
limitations such as disruption to the internal flow pattern, long time of sampling, health risks, 
difference between tracer and bed material and injection and detection systems. 

Harris et al. [20] complied a detailed review of the most suitable techniques used until now in the 
measurement of RTD of particles and mixing behavior in fluidized beds. They proposed a classification 
of techniques based on disruptive and non-disruptive effects on the hydrodynamic flow. In disruptive 
techniques, the internal flow pattern and RTD were disrupted with injection devices and sampling 
probes. But non-disruptive methods are techniques that do not add disruptive device to the flow in 
the vessel. Generally, the non-disruptive methods are preferred for the experimental determination 
of residence time distribution. 

According to Levenspiel [47], any material can be used as a tracer if it can be detected without 
disturbing the flow pattern in the vessel. In addition to this, the tracer has to meet the following 
general characteristics: 

• It should have physical properties identical to all bulk particles. If more than one phase is 
involved in the experiment, the tracer must stay in the phase of interest. 

• It has to be non-reactive and also detectable in small concentrations. 
• The tracer and the detection device must not be too expensive. 
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The goal of this section is the explanation of the tracing techniques used until now to choose the best 
techniques for particle residence time distribution measurement in our experimental work. 

 

1.3.1 Radioactive	tracers	
A number of researchers have utilized radioactive tracers in fluidized bed reactors [1]–[7], [48], [49]. 
The principle of this method consists of a radioactive tracer’s injection into a system at the inlet of a 
studied zone and the measurement of its radiation intensity as a function of time, using the sensors 
placed at one or more selected points. Radioactive tracers are characterized by their activity and their 
half-lives. Their activity must be strong enough for an accurate and rapid detection through the walls; 
but not too much to avoid the risk of contamination and irradiation. 

For radiation intensity’s measurement, a series of detectors are placed around and along the examined 
area. These are generally scintillation sensors which count the number of photons emitted in a very 
short period of time. These signals are continuously monitored and displayed in the form of curves, 
which give an immediate representation of the response, while simultaneously being recorded and 
processed for further analysis. The appearance of radioactivity was monitored in all of these studies 
and in different locations. With this way, RTD of fluidized beds can be measured.  

Ambler et al.[2], Bhusarapu et al. [3] and Mostoufi et al. [48] carried out a series of solid RTD 
experimental studies using a radioactive pulse tracer technique. Bhusarapu et al.[3] used 46Sc as tracer 
for measuring overall solid mass flux and solid RTD for the entire riser. The Scandium particles were 
coated with a layer of polymer (Parylene N) to have the same density as the solids used (Glass beads). 
Three detectors in different sections (at the base of the riser, above the solid entry zone into the riser 
and at the start of the down comer) used for tracking the particles were placed in the loop. The results 
showed that 59% of the solids traveled from the inlet to exit in a single pass without re-exiting at the 
inlet. 

Mahmoudi et al.[5] investigated the overall solid residence time in the riser of a CFB. They used a PEPT 
(Positron Emission Particle Tracking) technique with 18F as a tracer. The PEPT technique involves a 
labeled tracer particle, a positron camera and a location algorithm used for calculating the tracer 
location and speed [50]. The results showed that according to the operating mode of riser, the particle 
motion and mixing mode differs. Lin et al.[4] also conducted series of solid RTD experiments using a 
radioactive tracer (56Mn) to investigate the hydrodynamic of a commercial-scale CFB boiler. The tracer 
is resistant to heat and attrition, also its density is close to the density of the bed material in the boiler. 
The radioactive tracer particles were conveyed to the test location before the experiments started, 
and then were dispensed in a portion of sand and injected into the apparatus with a probe. They used 
12 detectors which were placed in different positions (Figure 1.3). 

They also used combinations of cascade tanks to model the particle flow pattern in the standpipe and 
in the furnace of the CFB boiler. This study showed that there was a significant reduction to the particle 
recirculating rate when the load of the boiler is decreased. 
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Figure 1.2: Schematic diagram of CFB setup used by Bhusarapu et al.[3]. 

 

 

 

Figure 1.3: Detector locations used in the experimental set-up for particle RTD measurement [4]. 
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Pant et al.[6] studied the influence of operating conditions on the residence time distribution of coal 
particles in a pilot-scale, gas-solid fluidized bed. Gold-198 radioisotope was selected for labeling the 
coal particles and used as a radiotracer. The tracer was instantly introduced into the reactor after it 
achieved steady state condition. They used three detectors in different sections (inlet, bottom and top 
outlet) of the reactor to record tracer concentration. The results of this study indicated poor radial 
mixing and non-uniformity in the fluidized bed, but good axial mixing of the solid phase was observed. 

Generally, the advantages and disadvantages of the radioactive tracer technique are listed below: 

Advantages: 

• This technique is a one of the non-intrusive techniques and it does not disturb the flow. 
• It can often be applied by irradiating some of the solids already present in the medium. In 

addition, it generally requires only a small amount of tracer. 
• Since the radiation is not even stopped by thick metal walls, the method can be used in 

industrial context, even under high temperatures and pressures.  
• The measurement gives immediate information and, if necessary, simultaneously at different 

points. 
• Several tests can be carried out consecutively, even in a looped system, by a simple correlation 

on the background noise, if the tracer is diluted quite rapidly. 

Disadvantages: 

• One of the most important constraints is the supply and handling of radioactive solids, which 
are subject to very strict regulations. Testing can only be done by companies and authorized 
persons. By observing these rules and putting in place the corresponding precautions, the risks 
of irradiation or contamination are low. 

• Due to these constraints, the flexibility of use is reduced, since the tests must generally be 
programmed sufficiently in advance in a concise and concentrated manner over time. 

• The signals are sensitive to certain external disturbances (echoes, distortions, parasitic 
absorptions due to the presence of various metallic masses) due to interference with other 
beam emitters, as is often found in certain industrial sites (Level measurements, welding 
controls, etc.). The measurements are therefore preferably evaluated in a relative scale. 

In conclusion, this method is particularly well adapted to evaluate the stability or the evolution of a 
system by repeating measurements periodically on a well-identified system, but it has some negative 
points such as health risk. 

 

1.3.2 Chemically	different	tracers	
The present technique consists of injecting the tracer particle and sampling the particles as a function 
of time. The tracer must be distinguished by its chemical composition while keeping all its physical 
characteristics identical into the system. Under the experimental conditions the tracer must neither 
change phase nor react with the other elements or fluids present in the system. The sampling 
techniques have a direct influence on the response accuracy. Therefore, they must be chosen and 
applied with great care. 



Chapter 1: Literature survey 

 

	 11 	
	 	

The chemically different tracers technique have been used extensively for fluidized bed and CFB 
studies [12]–[15], [51]. Bader et al. [52] obtained the solid residence time distribution in a fluidized 
bed cracking catalyst (FCC) riser from pulse injection of sodium chloride (NaCl) tracer. Later,  Rhodes 
et al.[14] studied the effect of superficial gas velocity, mean solid flux and riser diameter on the 
longitudinal solid mixing in the CFB riser.  A sodium chloride was used as a tracer along with the 
experimental techniques based on that of Bader and coworkers [52]. Tracer sampling was performed 
simultaneously at three locations in the riser. The samples were collected in containers and each 
sample was weighted before being washed with 100mL of deionized water. They observed that the 
degree of longitudinal mixing of solids in the riser of a circulating fluidized bed decreases with 
increasing riser diameter. 

Smolders and Baeyens [15] also investigated the influence of operating conditions on RTD of solids in 
CFB reactors with NaCl tracer. After sampling, the salt concentration is then derived from the electrical 
conductivity of the solution (sample and 100ml water) by using a calibration curve. Figure 1.4 shows 
the sampling probe. 

 

Figure 1.4: Sampling probe for determination of the solids RTD [15]. 

 

Andreux et al. [12] investigated solid motion and particle RTD inside the riser of a CFB. NaCl was 
injected as a tracer in the connecting point between the L-valve and the riser and then sampled at the 
top of the riser. For prediction of the solid phase mixing in the riser, 3D transient CFB simulations were 
performed to conclude on the usability of the Eulerion-Eulerion approach. The axial dispersion of the 
solid phase (Geldart B particles) is found to decrease when increasing the solid flux rate. 

Finally, the advantages and disadvantages of this technique are as follows: 

Advantages: 

• This method can be used in pilot or industrial installations and especially when operating 
conditions are difficult (high temperature or toxic atmosphere), at least until the tracer reacts. 
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• Since analyzes can often be fine, this method may be of a great interest when particularly when 
high sensitivity is required. 

Disadvantages: 

• This method disrupts the internal flow pattern because of the sampling probes and injection 
devices and then will have some effect on the RTD measurement. 

• Analysis of data and determination of a relationship between the concentrations of tracer 
particles takes too much time and the measurement is rarely possible on-line. 

• This method is limited to systems that evolve relatively slowly flow. 

 

 

Figure 1.5: RTD modeling with plug flow model with axial dispersion for various mass fluxes [12]. 

 

 

1.3.3 Magnetic	tracers	
Particle RTD can also be determined with ferromagnetic tracers. The principle of this method is 
measuring the changes of magnetic permeability in different parts of reactor. Euzen and Fortin [53] 
studied solid mixing using a layer of magnetic tracer particles placed on top of the bed, and detecting 
the tracer concentrations at three bed locations. To know the concentration of ferromagnetic particles, 
coils were wound directly around the tubes on the sensing points (Figure 1.6).  

An independent signal acquisition system is connected to each coil. The correlation between 
concentration of the ferromagnetic particles and the signals strength from the coil is needed for 
residence time distribution measurements [9]. 
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Figure 1.6 : Magnetic tracer technique [54]. 

 

The earliest article about the application of magnetic tracers in fluidized beds was published by 
Heertjes et al.[55]. The tracer was obtained by impregnation of the porous material used in colloidal 
Fe2O3. Then, a strong magnetic field was used for the tracer separation. They claimed that their tracer 
is an excellent tracer and the separation technique gives fast and accurate results. 

Avidanand Yerushalmi.[8] investigated the solid mixing of group A powders with a ferromagnetic tracer 
in an expanded top fluidized bed. Results showed that the axial dispersion coefficients increased with 
gas velocity. Guio-Pérez et al.[9], [10] also studied the influence of global circulation rate, reactor 
inventory and reactor fluidization velocity on the solid residence time distribution. They used steel 
particles as tracers in a dual circulating fluidized bed (DCFB) system shown in Figure 1.7.  

In another study, a simple coil was used as a measurement system for quantitative detection of 
ferromagnetic particles [31]. They observed that the mean residence time in the global loop is inversely 
proportional to the global circulation rate while the mean residence time in the internal loop appeared 
inversely proportional to the reactor fluidization velocity. 

Sette et al. [56] used a magnetic tracer particle (NdFeB-based) in a bubbling fluidized bed in order to 
evaluate the influences of different parameters on the lateral dispersion coefficients of the bed 
material. This work showed that the lateral dispersion coefficient increases with bed height and gas 
velocity. However, the low-pressure drop distributor was found to be less sensitive to change in the 
bed height and gas velocity. 

Some advantages of magnetic tracer technique for measuring the mixing behavior of solids are: 

• This technique does not require special handling and the tracers are not toxic. 
• The density and size can be modified to fit fluid dynamic requirements by forming a composite 

with a polymer. 
• The magnetic properties of the material do not deteriorate with time or use. 
• Temperature has only a slight influence on the magnetic tracers until it is kept below certain 

limits. 
• The particles can be easily separated from bulk particles by means of magnets so the tracer 

can be re-used. 
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• A simple coil inductor can be used for the detection of tracer particles. 

Ferromagnetic tracers exhibit also a number of disadvantages:  

• The size of the coils is geometrically limited; the maximum diameter is currently about 15 cm. 
Nevertheless, the construction of larger/thinner coils may be possible.  

• Finding a suitable tracer can be quite difficult especially if the tracer must be manufactured.  

 

 

Figure 1.7: Dual circulating fluidized bed used by Guio-Pérez [10]. 

 

 

1.3.4 Thermal	particle	tracers	
Thermal particle tracer is another technique developed by Thiel and Potter [57] and used in fluidized 
beds for particle RTD measurement. This technique uses bed temperature for RTD measurement. The 
bed was simultaneously heated and cooled at different locations until steady state conditions were 
reached. Afterward, the bed temperature was recorded at different sections. Valenzuela [58] also used 
heated particles as a tracer and a thermocouple as a recording device. He found that vertical particle 
transport in bubbling beds is asymmetrical. A thermal technique for lateral solid mixing in CFB was 
developed by Westphalen and Glicksman [59]. They demonstrated that the particle radial diffusion 
coefficient was in the order of magnitude of 10 cm2/s.  
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The main problem with thermal methods is in linking temperature to RTD, because it requires 
complicated assumptions. This technique imposes a complete thermal insulation of systems in order 
to be able to detect the temperature gradient between the heated particles (tracer) and the system. 

Advantage: 

• The technique can be carried out without contamination risk.  
• The technique can employ high-tech sensors (thermal/infrared camera).  
• This technique has the advantage of being easy to implement which facilitates the 

repeatability of the measurement with the same tracer. 
 

1.3.5 Phosphorescent	particle	tracers	
One of the non-disruptive techniques to determine the particle residence time distribution is the 
optical/phosphorescent particle tracer method. This technique utilizes the characteristics of the 
phosphorescent material which becomes fluorescent for a short period of time after being exited [24]. 
The phosphorescent particle tracer technique was developed by Wei et al.[23]. Phosphorescent 
material has a unique characteristic: sometimes it is excited by a light source, it emits light instantly 
and the light emission can be produced during a last few minutes depending on the phosphorescent 
properties; the strength of the emission decays with time [23]. It is an ideal material for a solid tracer. 
The phosphorescent particle tracers have a number of advantages such as [60]: 

• Tracer injection is easy and immediate by using a light impulse. 
• Detection of the tracer is easy and can be done on-line by using a light detector. 
• The tracer particle is identical to the rest of the bed particles. 
• There is no tracer accumulation in the bed within a few minutes after injection. 

The principle of the phosphorescent tracer technique is demonstrated in Figure 1.8. 

 

Figure 1.8: Schematic of phosphorescent tracer technique [23]. 
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The phosphorescent tracer system consists of three parts: tracer injection, tracer detection and 
computer system acquisition. During experiments, the phosphorescent particles are injected into the 
system and excited by a strong light source. Only the portion of the phosphorescent particles 
surrounding the light source become excited and starts to emit light. Therefore, the excited 
phosphorescent particles take the role of tracer particles.  

When the tracer particles pass by the detector, their emission light is captured by a photomultiplier 
detector and collected by a computer data acquisition subsystem as a function of time. Hence, the 
tracer concentration can be quantified. The higher the light intensity, the greater its concentration is.  

Since the emission light from the phosphorescent particles decays with time, the light decay must be 
considered in the calculation of tracer concentration [16], [23]. Therefore, the light decay 
characteristics of the phosphorescent particles with time must first be calibrated.  

Wei et al. [23], [61] and Ran et al. [62] developed a phosphorescent tracer technique to measure lateral 
and axial solid dispersion and solid mixing in different CFB units. They used alumina powder coated 
with a phosphorescent compound as a tracer particle. Chen et al.[25] also chose the method of light 
transmission, using fluorescence to study the RTD in extruders. A He/Ne laser was used as a light source 
and a photomultiplier was used to detect the particle concentration. From the experimental results 
they concluded that the method of transmission of light works well and gives good RTD curves with an 
uncertainty of 6% on average residence time.   

The phosphorescent particle tracer technique was perfected by Harris et al. [17]–[21]. They measured 
the particle RTD in a circulating fluidized bed riser under experimental closed boundary conditions. In 
their experiments, both the bed material and the tracer particle are the same phosphorescent 
particles. Consequently, large amounts of the expensive phosphorescent particles would be necessary 
in experiments especially in large-scale apparatus. Then, a small quantity of phosphorescent particles 
was illuminated at the injection location of the fluidized bed and used as tracer particles. Consequently, 
the usage efficiency of the phosphorescent tracer particle is quite low.  

In order to improve the phosphorescent tracer method, Huang et al. [22] proposed a pneumatic 
injection phosphor tracer technique (PIPTT) based on the phosphorescent tracer technique developed 
by  Wei et al. [23], [60], Harris et al. [17]–[21] and Ran et al. [62]. In this approach, small amount of 
phosphorescent tracer particles with similar property to the bed material were injected into the 
fluidized bed resulting in the reduction of the amounts of used phosphorescent tracer particles.  

A major disadvantage of the pneumatic injection phosphorescent tracer technique (PIPTT) method is 
that the light emitted from the tracer is shielded by the bulk particles and cannot be properly detected. 
For example, close to the wall region in fluidized bed riser the concentration of bulk particles is higher 
than that in the core region, so the shielding effect is also intense. 

Figure 1.9 shows the typical experimental RTD curves obtained by Huang et al. [22] at the same axial 
but different lateral positions. 
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Figure 1.9 :Typical RTD curves at different lateral positions in fluidized bed downer reported by Huang et al. 
[22]. 

 

The advantages and disadvantages of this technique for measuring the mixing behavior of solids are: 

Advantage:  

• The measurements can be carried out without disturbance. 
• The implementation of the technique is not costly. 
• The technique can be used for systems where the average residence time is very short. 

Disadvantage: 

• The upper limit residence time of the method is short (about 3 minutes) due to the decay of 
the emission of the activated particles. 

• The method requires the prior characterization of the decay of phosphorescence. 
• It is generally difficult to deduce a flow of solid at the exit. 

 

In order to provide a better comparison between different experimental particle trace methods a 
summary of their advantages and disadvantages is given in Table 1.1. 

 

Table 1.1: Summary of particle trace methods for fluidization mixing studies. 

Method Advantages Disadvantages 

Radioactive tracers 

non-intrusive 

requires only a small amount 
of tracer 

Constraint of the supply and 
handling of radioactive solids 

Not flexible in use 
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Can be used in industrial 
context, even under high 

temperatures and pressures. 

immediate information 

Sensitive to certain external 
disturbances (echoes, 
distortions, parasitic 

absorptions due to the 
presence of various metallic 

masses) 

Chemically different tracers 

can be used in pilot or 
industrial installations and 
high temperature or toxic 

atmosphere 

high sensitivity 

Very practical in some systems 

Ability of sampling in 
particular areas 

Possibility of determination an 
extremely precise map of the 

areas 

disrupts the internal flow 
pattern 

Long analysis time 

Off-line measurement 

Limited to systems that evolve 
relatively slowly 

 

Magnetic tracers 

Not requiring the special 
handling 

Non-toxic 

Not deteriorate of the 
magnetic properties of the 
material with time or use 

Ability of modification of 
density and size of tracer 

particles to fit fluid dynamic 
requirements by forming a 
composite with a polymer 

Separating the particles easily 
from bed material by means 
of magnets so the tracer can 

be re-used. 

Using a simple coil inductor 
for the detection of tracer 

particles. 

Limited geometrically of the 
coils 

Finding a suitable tracer can 
be quite tedious especially if 

the tracer must be 
manufactured. 
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Thermal particle tracers 

The technique can be carried 
out without contamination 

risk. 

Employing high-tech sensors 
(infrared camera) 

easy to implement and 
promotes the repeatability of 

the measurement with the 
same tracer 

 

Difficulty of linking 
temperature to RTD because it 

requires complicated 
assumptions. 

Imposing a complete thermal 
insulation of the system 

 

Phosphorescent particle 
tracers 

Measuring without 
disturbance of system 

Low costly implementation 

Useful for systems with the 
very short average residence 

time 

requiring the prior 
characterization of the decay 

of phosphorescence 

Finding a suitable tracer 

 

 

 

1.3.6 RTD	measurement	using	coated	particles	as	a	tracer	
As mentioned before, the tracer particles should have similar physical properties as the bulk particles, 
other than being identifiable as a tracer. The conformability of the tracer particles with the bulk 
particles is the key ensuring the RTD experiments accuracy. However, it is actually very difficult to find 
a tracer agent having exactly the same physical properties as bulk particles. Therefore, bulk particles 
are often marked with a distinct color or coated with a radioactive material or any other material with 
properties that can easily be detected.  

A number of researchers have attempted to coat the bed particles with the tracer compound in order 
to ensure that the tracer particles present the same flow behaviors as the bed material in the vessels 
and also to reduce the consumption of the tracer particles. Kang et al. [63] used potassium chloride 
(KCL) coated particles to measure the solids residence time in a cyclone and used titration method 
(Volumetric analysis) to measure tracer concentration. In their set-up they replaced the solids 
collection hopper at the dust outlet with a sampling tube of 10mm ID. The column of sampled solids 
was then sectioned into small slices. The tracer particles in each slice were then dissolved in water for 
an hour and the tracer concentration determined by measuring the electrical conductivity of the 
solution. 
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Figure 1.10: Schematic diagram of experimental apparatus used by Kang et al. [63]. 

 

The compound of alumina powder coated with pure phosphorescent material is also used as a tracer 
agent in order to find the particle RTD measurement in a fluidized bed riser [24]. A summary of the 
different coated particles used as a tracer for the particle residence time distribution studies is given 
in Table 1.2. 

 

Table 1.2: Summary of coated particles used as a tracer. 

Method Author System Details of method 

Phosphorescent tracer Kulah et al. [26] Riser of CFB 
Phosphorescent-coated FCC particles 

used as a tracer 

Phosphorescent tracer Wei et al. [60] 

Gas-solid 
concurrent 
upflow and 

downflow system 

The phosphorescent material was 
blended with alumina powders to form 

tracer particles of similar size and 
density as typical FCC particles 

Phosphorescent tracer Yan et al.[24] 

Riser of a 
fluidized bed 

petroleum coke 
combustor 

The compound of alumina powder 
coated with pure phosphorescent 

material is used as the tracer agent in 

Phosphorescent tracer Du et Wei. [16] Riser 

The tracer particles are made by coating 
of fine phosphor particles on the 

surface of different property particles 
(Glass beads, silicone gel, paper chip, 
plastic chip) with nitryl varnish as the 

band. 
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Chemically different 
tracer 

Kang et al. [63] Cyclone reactor 

Solid residence time in a cyclone was 
carried out using KCI coated tracer 

particles. The tracer particles in each 
slice were dissolved in water for an hour 

and the tracer concentration 
determined by measuring the electrical 

conductivity of the solution. 

Radioactive tracer Bhusarapu et al. [3] Riser of CFB 

A single radioactive particle (46Sc) was 
used as a tracer. It was tailored by 

coating a layer of polymer (Parylene N) 
on the Scandium particle to achieve the 

same density as the solids used (glass 
beads) and the same diameter (150µm) 
as the mean particle size of glass beads. 

Phosphorescent tracer Ran et al. [62] Riser of CFB 
Alumina particles containing small 

amount of very fine phosphor particles 
(less than 10µm) were used as a tracer. 

Radioactive tracer Weinell et al. [64] CFB combustor 

The porous SiO2 particles were coated 
with gold-198 and the trajectory of a 

single radioactive particle is monitored 
along the unit using scintillation 

detectors. 

 

 

Fluidized bed coating: 

Fluidized bed coating is a process that takes place inside a fluidized bed by which a layer is introduced 
to cover the desired object in order to protect it or modify its behavior [65]. In the fluidized bed coating 
process, a layer is deposited onto the surface of fluidized bulk particles by spraying a coating solution. 
The fluidizing gas is also used to dry the deposited solution to form a layer on the surface of the particle. 
The gas normally preheated before it is pumped to the bed to dry the coating solution. During the 
fluidized bed coating, number of processes can also take place inside the fluidized bed such as 
agglomeration or dry defluidization. These processes depend on the fluidized bed conditions, particle 
characteristics and the coating materials. Figure 1.11 summarizes the possible mechanisms that occur 
during the fluidized bed coating process suggested by Nienow [66]. 

The important point in a successful coating process is that the coating solution must be coated on the 
surface of bulk particles without excessive wetting. Furthermore, the liquid bridges formed by the 
collision of wet particles must break during drying, thus allowing the coating material to remain on the 
surface of particles. 

In order to study the long RTD in solid unit operations using the phosphorescent tracer method, an 
experimental technique is required that should have a fast response and can measure very low tracer 
concentration. 
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It should be noted that the developed technique until now do not allow to detect the true tracer flow 
as a function of time due to the fact that the velocity of solid in not generally known. In the present 
thesis, a novel technique with fast response for RTD measurement has been developed based on the 
optical method which detects only the tracer concentration in the exit zone and not the concentration 
of flow at the outlet. It was necessary to consider while using this technique, which detects very low 
concentration, that the tracer consumption will be reduced, and the hydrodynamic patterns of the unit 
operation will be changed as little as possible. 

 

 

Figure 1.11: Possible phenomena that occur during fluidized bed coating process [66]. 

 

 

1.4 Residence	time	distribution	models	

Modeling a flow from experimental RTD data means to show the experimental RTD curve by a known 
theoretical function. In a flow model, the hydrodynamic characteristics of the transport material are 
quantitatively described. The model helps to understand a process and also to predict it for other 
conditions.  
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In order to have a proper model with a response close to the tracer experimental data, the 
arrangement of basic flow elements is used. This approach is mostly called as system (or systematic) 
analysis [49]. Then, it needs: 

• A collection of elementary flow models describing the basic phenomena of fluid flow, 
• A collection of rules combining these elementary models, 
• An optimization method that makes model response fit with experimental data [49]. 

It must be noted that, some experiments are also required besides the purely mathematical or 
numerical tools. 

 

1.4.1 Ideal	reactors	(Perfect	mixer	and	plug	flow)	
The RTD of the ideal piston (plug flow reactor-PFR) and CSTR reactors can be easily determined using 
the passage time parameter τ. Mathematical expression of these reactors are illustrated in Table 1.3. 

Plug flow and perfect mixing flow can be considered as two extreme cases, where mixing is either non-
existent or completed instantaneously. 

 

Table 1.3: Mathematical expression of the ideal reactors [67]. 

 PFR CSTR 

 
 

 

 

RTD E(t) 
	
𝛿(𝑡 − 𝜏) 

	
1
𝜏
𝑒
no
p  

  

1.4.2 Models	for	non-ideal	flows	
Modern RTD theory was originally developed from continuous fluid systems [30]. First models of fluid 
reactors supposed to be plug flow reactor (PFR) with tubular shape or continuous stirred-tank reactor 
(CSTR). These concepts demonstrate two extreme RTD profiles in the reactor. In continuous flow 
systems, experimental RTD profiles are usually between the two extremes. 

Figure 1.12 illustrates the results of typical RTDs from different non-ideal reactors. Figure 1.12(a) and 
(b) correspond to almost ideal plug flow and mixed flow, respectively. Figure 1.12(d) shows the RTD 
for non-ideal CSTR shown in Figure 1.12(c), which has two flow effects (dead zones and bypassing). 
The dead zone reduces the effective reactor volume. Therefore, the active reactor volume is smaller 
than the reactor volume and consequently the average residence time is lower than expected. 
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(a) (b) 

 

 

(c) (d) 

Figure 1.12 : (a) RTD for almost plug flow reactor; (b) RTD for perfectly mixed CSTR; (c) tank reactor with 
dead zones and channeling; (d) RTD for tank reactor with bypassing (Channeling or short circuiting) and a 

dead zone [34]. 

 
To predict conversions and product distributions for non-ideal systems, different approaches are 
possible:  
 

• Axial dispersion model or axial plug flow model,  
• Reactor network model or modeling reactors with combinations of ideal reactors (CSTR and 

PFR series). 

 

1.4.2.1 Axial	dispersion	model	
The axial dispersion (or axially dispersed plug flow) model is an efficient and simplest way to generalize 
the concepts of the RTD in most non-ideal reactors.  

The flow in solid unit operations is normally a combination of convection (bulk movement of the fluid) 
and some amount of dispersion. Therefore, tracer concentration C is given by the equation (1. 13) in 
one dimension and providing that dispersion can be expressed by a Fickian law [68]. 

𝜕𝐶
𝜕𝑡
+ 𝑈

𝜕𝐶
𝜕𝑥

= 𝐷
𝜕@𝐶
𝜕𝑥@

 (1. 13) 

where U and D are fluid velocity and axial dispersion coefficient respectively. 

By expressing equation (1. 13) in non-dimensional form, two parameters appeared [49]: 

• τ = L/U, where L is the length of the system and U is the fluid velocity. 
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• Péclet number Pe = (U.L)/D, that shows the ratio of the convective to dispersive effects. 
Therefore, when Pe is low, dispersion is predominant and when Pe is large, dispersion is 
negligible. 

Based on previous literature [47], [69], Fickian equation (eq.(1. 13)) can be solved for different initial 
and boundary conditions (Table 1.4). The initial condition, before tracer injection, the tracer 
concentration is evidently zero (C=0). 

Depending on whether dispersion is allowed or not at the boundaries of the system, there are lots of 
boundary conditions possibilities. Table 1.4 gives the different boundary conditions for each case, 
considering that the variables t and z represent time and axial distance from the tracer injection point. 
The tracer is injected at x= 0 and its output concentration considered at x = L. 

 

Table 1.4: Possible boundary conditions at the inlet and outlet of a reactor subjected to a piston flow with axial 
dispersion [67]. 

Open input of the diffusion 

 

Tracer input 

𝑈𝐶 = 𝐷 v
𝜕𝐶
𝜕𝑥wx→Bn

− 𝐷 v
𝜕𝐶
𝜕𝑥wx→Bz

 

Close input of the diffusion 

 

Tracer input 

𝑈𝐶 = 𝑈𝐶x→Bz − 𝐷 v
𝜕𝐶
𝜕𝑥wx→Bz

 

Open output of the diffusion 

 

Tracer measurement 

𝐶 = 𝐶x{| 

Close output of the diffusion 

 

Tracer measurement 

v
𝜕𝐶
𝜕𝑥wx{|

= 0 

 

Taylor [70] developed The most widely used solution of the RTD with open–open boundaries. In open–
open boundaries, N0 moles of tracer are injected as a Dirac pulse at (t=0, x=0) and dispersion is allowed 
at both ends of the domain [49]. 

 

𝐶	(𝑡, 𝑥) =
𝑁

√4𝜋𝐷𝑡
𝑒𝑥𝑝 �−

(𝑥 − 𝑈𝑡)@

4𝐷𝑡
� (1. 14) 

 

 

 



Chapter 1: Literature survey 

 

	 26 	
	 	

The RTD at the outlet of mentioned system (at x=L) is easily deduced from equation (1. 15): 

 

𝐸(𝑡) =
1
2 v
−
𝑃𝑒
𝜋𝜏𝑡w

?/@
𝑒𝑥𝑝 �−

𝑃𝑒(𝜏 − 𝑡)@

4𝜏𝑡
� (1. 15) 

 

 

Table 1.5: Axially dispersed plug flow model, depending on boundary conditions [67]. 

Type of reactor Transfer function (F) 
Mean residence 

time (tm) 
Variance (σ2) 
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The advantage of the axial dispersion model is the clear physical meaning of its parameters [27]. Many 
researchers have used axial dispersion model in their studies [12], [15], [33], [71]–[73]. Ran et al.[62] 
investigated the lateral mixing of solids in a high density riser by measuring the solids RTD at different 
radii and comparing with results of dispersion model. A sensitivity analysis of the model demonstrates 
that the Pe is sensitive to the shape of RTD curves at different radii. 

 

1.4.2.2 Modeling	reactors	with	combinations	of	ideal	reactors	(CSTR	and	PFR	series)	
To describe the non-ideal behavior of the RTD profile using this model, different combinations of CSTR 
and PFR were introduced. Tanks in a series model (T-I-S) is one generally used model [4], [74]–[79]. As 
illustrated by its name, the tank in series model is composed of perfect mixing cells connected in series 
(Figure 1.13). 
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Figure 1.13: Tank in series model 

For N multistage CSTR reactors in series, the equation for single CSTR reactor ( ) is generalized to: 

 

𝐸(𝑡) =
1

(𝑁 − 1)! 𝜏�
(
𝑡
𝜏�
)��?. 𝑒�^ ��M  (1. 16) 

 

where, 𝜏� = 𝜏/𝑁 is the average residence time per reactor and 𝜏 is the total residence time. A large 
number of tanks (N approaches infinity) indicates a PFR-like reactor, and a small number of tank leads 
to a CSTR-like reactor (N=1). Equation (1. 16) is plotted in Figure 1.14 as a function of 𝑡/𝜏 for different 
values of N [27]. 

 

 

Figure 1.14: The residence time distribution of equation (1. 16), plotted for a set of different N. When N 
approaches infinity, the residence time distribution approaches that of plug flow [27]. 

 

Experience has shown that the easiest model to handle is the tank in series, it is therefore 
recommended to use this model initially for the simulation of experimental data. 
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Two modifications to this model were reported:  

• The tanks in series were followed by a PFR when axial dispersion is significantly limited in case 
of the partial delay of RTD [80], 

• Backward flux was presented in the CSTR tanks to capture the long tail in the RTD profiles [48], 
[49].  

 

According to the second modification, large backward flux shows fast material exchange between 
adjacent tanks. The RTD profiles with the long tail can also be modeled by a dead zone volume cross-
flowing with the CSTR element [79], [82]. It should be noted that the degree of non-idealness of the 
continuous flow system can be presented by the fraction of the dead zone element.  

This type of modeling with simple ideal reactors has been used by several researchers [9], [81], [83] 
due to its flexibility and good results. Guio et al. [9] proposed a model in a dual circulating fluidized 
bed system which consists of a combination of ideal plug flow and stirred tank reactors. Results showed 
an excellent fitting between the simulated output and the experimental output with errors of about 
5%. 

 

1.4.2.3 Stochastic	model	and	Markov	chain	
Stochastic model is a one widely used RTD model that considers the particle movement as a stochastic 
process. The axial motion of the any particle within a continuous system is considered as a two-
dimensional probabilistic process. Therefore, the RTD of system can be calculated by the accumulation 
of the random axial motions of particles. This type of model is suitable for a process where there is no 
RTD prediction model for example in case of complicate system geometry [27]. Stochastic model 
defines the flux exchange ratio between supposed elements connected in a network and the next state 
of the system. In a Markov chain model, the flux exchange among different elements is well modeled 
while the mixing inside each element is not considered. As a result, Markov chain model is very useful 
in the flow regions within a the system which can be easily separated into different elements [17]. 

 

1.4.2.4 RTD	constructed	by	velocity	profile	
Different CFD software and velocity sensors were used to give velocity profiles and to construct RTD 
profiles in the fluid systems [59], [60]. The equivalent tools in solid systems are the Discrete Element 
Method (DEM) and positron emission particle tracking (PEPT) [85]. Since the velocity profile has varied 
in lots of solid unit operations, the RTD is not commonly measured on the basis of practical velocity 
profile.  

At present, the particle RTD determination using these models leads to reliable results only in very 
simple geometries using a limited number of particles. Therefore, the experimental determination of 
particle RTD seems to be much more accessible. 
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1.5 General	description	of	fluidized	bed	reactors	

The fluidized bed reactor, as a widely used solid unit operation, has been described in this section. The 
fluidized bed will be the subject of the application of the developed technique for determining the 
residence time distribution. 

1.5.1 Fluidization	basics	
Fluidization is a process in which solid-fluid suspension behave like a fluid. The gas blows upward 
through the reactor filled with solids until the solid particle are suspended. Fluidization is widely used 
in two groups of physical and chemical operations. Physical operations such as transportation, mixing 
of powders, heating, adsorption and chemical operations such as solid catalysts reactions with gases 
or coal combustion. 

The advantage of this type of contacting method is that particles are subject of very intense mixing 
that gives a rise to very low temperature gradients. Therefore, fluidized beds are suitable for both 
small- and large-scale operations.  There are many well founded operations that employ this 
technology, such as cracking and reforming of hydrocarbons, coal carbonization and gasification, ore 
roasting, Fisher-Tropsch synthesis, coking, aluminum production, melamine production, and coating 
preparations [86]. Another application of fluidization is in nuclear engineering for example in uranium 
extraction, reprocessing of fuel and waste disposal [86]. 

 

1.5.2 Fluidization	regimes	

1.5.2.1 Fluidization	phenomena	
As shown in Figure 1.15, different fluidization regimes from homogenous fluidization or bubbling 
fluidization to pneumatic conveying can be observed according to the gas velocity and solid particles. 

 

 

Figure 1.15: Different regimes of fluidized beds (Based on study of Kunii and Levenspiel [86]). 
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The fixed bed (Figure 1.15A) occurs when the flow of the gas passes through a bed of particles at a low 
velocity. With increasing the gas velocity, the drag force becomes equal to the apparent weight of the 
particles that are then suspended. This point is called minimum fluidization which is the beginning of 
fluidization (Figure 1.15B). It must be noted that with increasing the gas velocity the voidage of the 
bed increases slightly. By increasing the gas flow, fluidization bubbles were formed, and a bubbling 
fluidization occurs. On the other side, for solids of class B, homogeneous fluidization is not observed 
before bubbling fluidization. By increasing the gas flow, the size of bubbles becomes about the same 
as the bed diameter (in the bed with high enough height to diameter ratio) and the slugging fluidization 
occurs (Figure 1.15D).  

Turbulent fluidization as shown in Figure 1.15E occurs when the velocity exceeds the terminal velocity 
of the particles. In this condition, the upper surface of the bed disappears and a turbulent motion of 
the solid clusters and voids of gas of various shapes and sizes is observed. By further increasing the gas 
velocity, the fluidization switches to pneumatic transport of solids. 

 

1.5.3 Effect	of	physicochemical	properties	of	particles	on	fluidization	regimes	
The size of the fluidized particles may vary from 15 to 6000 µm. It is clear that the fluidization velocity 
required for the fluidization of fine particles is much lower than that used for the fluidization of large 
particles. Moreover, the fluidization regime strongly depends on the nature of the particles. In order 
to classify particles of diverse nature according to their fluidization behavior, Geldart [87] propose an 
empirical diagram in which the solids are divided into four groups (A, B, C and D).  

Figure 1.16 shows different particle classes, where ρ* represents the difference between solid and fluid 
density. 

 

 

Figure 1.16: Powder classification according to Geldart classification [87]. 
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According to Geldart, particles of group A are aeratable. These particles expand in homogenous 
fluidized bed until bubbles are created. For group B particles, when the superficial gas velocity is small 
above the minimum fluidization velocity, the formation of bubble occurs which causes a good mixing 
of the bed. This phenomenon can even occur at a low superficial gas velocity with a bed expansion less 
significant than that of group A particles. 

Group C particles have cohesive characteristics which makes it difficult to establish “normal” 
fluidization of the bed. The particles are difficult to individualize by the gas flow which gives rise to 
channeling flow or short circuits. This class of particle is difficult to fluidize as it is difficult to convey by 
pneumatic transport. Particle of group D are spoutable. The mixing is not well enough, and the bubbles 
have the tendency to rise more slowly for this group even if the superficial gas velocities are high. 

It has been given that Geldart’s classification is efficient, clear and practical for fluidization at ambient 
conditions and for U less than about 10Umf [88]. Geldart’s classification could also be used to predict 
other properties of the fluidized bed like bubble size and velocity, the existence of slugs, etc. 

 

1.5.4 Classification	 of	 fluidization	 regimes	 according	 to	 size	 particles	 and	
fluidization	velocity	

Reh [89] proposed a diagram with two dimensionless parameters. Thus, this diagram was divided into 
several zones, each correspond a specific fluidization regime (Figure 1. 17). 

The bubbling fluidization zone is represented under form of board band that cuts the diagonal diagram 
on low velocities / fine particles, high velocities/ large particles. This zone is delimited by two curves. 
The first corresponds to the terminal velocity of particles and the second corresponds to the minimum 
fluidization velocity of particles. The fast fluidization regime corresponds to the fluidization of relatively 
fine particles at velocity greater than Ut where the solid leaves the fluidized bed and therefore must 
be recovered and reintroduced into the bed (Circulating fluidized beds). This operation can be carried 
out by means of cyclones or standpipes. 

There is another area above the fast fluidization regime which corresponds to higher velocities. This 
regime is that of transported bed/ Pneumatic transport, and it can occur in a petroleum riser of the 
FCC process. There are also some regimes in the diagram of Reh such as spouted bed regime. This 
regime is used for large particles with relatively difficult fluidization [90]. 
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                          Figure 1. 17: Diagram of Reh [89]. 

 

1.5.5 Bubbling	fluidized	bed		
Bubbling fluidization regime is the most common fluidization regime in the chemical industries. In this 
regime since the pressure drop across the bed equals the bed weight, the fluid drag is: 

𝐹¡ = ∆𝑃𝐴 = 𝐴𝐿(1 − 𝜀)¤𝜌9 − 𝜌(¥𝑔 (1. 17) 

where A is the cross section, ∆𝑃 is the pressure drop and L is the height of the bed. 

For group B and D particles, a further increase in gas flow can cause the bubbles formation. The 
superficial gas velocity in this condition is called as bubbling velocity, Umb. For group A particles, the 
bubbles are formed until the superficial gas velocity reaches to the minimum bubbling velocity.  
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The minimum bubbling velocity for group A particles given by [97]: 

 

𝑈c¦
𝑈c)

=
2300𝜇B.§@h𝜌(B.?@¨𝑒B.©?¨ª

𝑑9B.«𝑔B.¬h­¤𝜌9 − 𝜌(¥
B.¬h­ (1. 18) 

 

where F is the mass fraction of particles less than 45 µm, 𝑑9, is the mean diameter of particles (m), µ 
is the viscosity of gas (Pa.s) and 𝜌( is the density of gas (kg/m3). The dimensional constant (2300) in 
equation (1. 18) has unit of Kg0.285m-0.167s-1.345. The bubble size increases along the bed and also 
increases with particle diameter and excess gas velocity [91]. 

A bubble also carries some solids and erupts at the surface of the bed. Therefore, the carried particles 
entrained into the space above the bubbling bed, called freeboard area. The entrained particles travel 
upward depending on their momentum and local gas-particle drag. Due to gravitational force, some 
particles may disengage from the gas and return to the dense bed. Along the height in the freeboard, 
the flux of the disengaged particles is reduced. In certain height, the flux of disengaged particles is 
negligible. This height is known as transported disengaging height (TDH). 

 

Identifying the Minimum Fluidization Velocity 

Minimum fluidization velocity (Umf), is an important design parameter for fluidized beds. It is generally 
defined as the minimum superficial velocity at which the pressure drop through the bed is equal to the 
bed weight apparent per unit cross sectional area. Usually, the minimum fluidization velocity is 
obtained experimentally and there are several techniques reported in the literature to find the 
minimum fluidization velocity in a multiphase flow system. Gupta and Sathiyamoorthy [92] described 
three different methods to measure Umf; (i) the pressure drop method, (ii) the voidage method and (iii) 
the heat transfer method. The first method measures the pressure drop across the bed as a function 
of the superficial gas velocity. The point of transition between a fixed bed regime and a bubbling 
regime is denoted by a constant pressure drop line in a plot of pressure versus superficial gas velocity. 
This point marked the minimum fluidization velocity. In the voidage method, the minimum fluidization 
velocity is determined when the voidage inside the bed starts to increase due to bed expansion as the 
superficial gas velocity is increased. However, this method is not commonly used because it is much 
more complicated to locate the point where bed expansion starts. Finally, in the heat transfer method, 
the variation of the wall heat transfer coefficient is measured as the gas velocity increases. The point 
where the heat transfer coefficient increases suddenly is the start of fluidization or the minimum 
fluidization velocity point. This method is too expensive and requires a good experimental setup to 
measure the heat transfer data under steady-state conditions. 

The basic theory for the prediction of the minimum fluidization velocity is that the resultant pressure 
forces acting on either side of the bed should compensate the actual weight of particles.  
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This can be expressed mathematically by: 

∆𝑃 = ¤𝜌9 − 𝜌(¥¤1 − 𝜀c)¥𝑔𝐿c) (1. 19) 

 

∆𝑃 is the pressure drop, 𝜌9 and 𝜌( are the densities of the particle and fluid respectively. 𝜀c) is the 
minimum fluidization porosity, and 𝐿c) is the minimum bed height at the beginning of fluidization. 
Ergun [93] developed, for fixed beds, a pressure drop correlation at incipient fluidization based on drag 
force consideration as follows: 

∆𝑃
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@
µ(𝑈c)

𝜀c)h ¤𝜓`𝑑9¥
@ + 1.75

¤1 − 𝜀c)¥𝜌(𝑈c)@

𝜀c)h ¤𝜓`𝑑9¥
 (1. 20) 

 

The relationship between the pressure drop and 𝑈c) is shown in Figure 1.18. 

 

(a)  (b)  

Figure 1.18: Pressure drop versus fluidization velocity; a) idealized curve, b) real curve. 

The determination of Umf from Ergun’s equation for pressure drop requires detailed knowledge of 
sphericity of the solid particles, 𝝍𝒔, and bed voidage, 𝜺𝒎𝒇, which cannot be perfectly determined in a 
given real system [94]. 

Wen and Yu. [95] developed an expression for the minimum fluidization velocity for a range of particle 
sizes and types by assuming the following approximations to hold based on experimental data: 

1 − 𝜀c)
𝜓`@𝜀c)h

≅ 11	𝑎𝑛𝑑	
1

𝜓`𝜀c)h
≅ 14 (1. 21) 

They combined these with Ergun equation and obtained the following relation: 
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𝑅𝑒c) is the Reynolds number in minimum fluidization and 𝐴𝑟 is the Archimede number: 

 

𝐴𝑟 =
𝑑9h. 𝜌(. ¤𝜌9 − 𝜌(¥. 𝑔

𝜇(@
 (1. 23) 

 

Leva [96] empirically obtained another widely used expression: 

 

𝑈c) = 7.90 × 10�h𝑑9?.«@¤𝜌` − 𝜌(¥
B.¬­. 𝜇(�B.«« (1. 24) 

 

This equation (1. 24) is valid for 𝑅𝑒c) ≤ 10, whereas for higher values of 𝑅𝑒c) a correlation factor 
must be applied. The dimensional constant in equation (1. 24) has unit of m0.12kg-0.06s-0.88. 

Baeyens [97] evaluated the properties of a bed high-boiling dense fine powder (Group A) and 
proposed: 

 

𝑈c) = 9 × 10�­𝑑9?.«½¤𝜌` − 𝜌(¥. 𝑔¾
B.¬h­. 𝜌(�B.B¨¨. 𝜇(�B.«© (1. 25) 

 

Thonglimp’s equation [98] also estimates the minimum particle fluidization velocity as follows: 

 

𝑅𝑒c) =
𝑈c). 𝜌(. 𝑑9

𝜇(
= (31.6@ + 0.0425. 𝐴𝑟)?/@ − 31.6 (1. 26) 

 

Youjun et al.[99] correlated the minimum fluidization velocity in a fluidized bed with supercritical 
water: 

𝑈c) =
𝜇(

𝜌(. 𝑑9
��27.3@ + 0.0434𝐴𝑟 − 27.3� 

 

(1. 27) 

 

A wide variety of empirical correlations can be found which allow the estimation of the minimum 
fluidization velocity, but these correlations have a strong dependence on the physical properties of the 
particles and fluid and 𝜀c). This dependence impose that the empirical equations are applicable only 
in specific cases and cannot be generalized. 
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The various correlations that have been developed by the different authors to predict minimum 
fluidization velocity are listed in Table 1. 6. 

 

Table 1. 6: List of some of the available correlations to predict minimum fluidization velocity. 

NO. Researchers Correlation 

1 Wen and Yu. [95] 𝑈c) =
𝜇(

𝜌(. 𝑑9
(·33.7@ + 0.0408

𝑑9h. 𝜌(. ¤𝜌` − 𝜌(¥. 𝑔
𝜇@ − 33.7) 

2 Leva [96] 𝑈c) = 7.90 × 10�h𝑑9?.«@¤𝜌` − 𝜌(¥
B.¬­. 𝜇(�B.««   

(The dimensional constant has unit of m0.12kg-0.06s-0.88) 

3 Baeyens [97] 𝑈c) = 9 × 10�­𝑑9?.«½¤𝜌` − 𝜌(¥. 𝑔¾
B.¬h­. 𝜌(�B.B¨¨. 𝜇(�B.«© 

4 Thonglimp et al. [98] 𝑈c) =
𝜇(. ((31.6@ + 0.0425. 𝐴𝑟)?/@ − 31.6)

𝜌(. 𝑑9
 

5 Youjun et al. [99] 𝑈c) =
𝜇(

𝜌(. 𝑑9
��27.3@ + 0.0434	𝐴𝑟 − 27.3� 

 

 

1.5.6 Entrainment	and	elutriation	of	solids	from	fluidized	beds	
The entrainment is defined as the flux of solids that is being carried out the fluidized bed by the gas in 
Kg per unit cross sectional area and second. It means that per unit time how much solids per unit cross 
sectional area carried out by the gas. The origin of the ejected particles is due to the following sources 
[100]:  

- Bubble bursts at the bed surface and some of solids which have been lifted by the bubble wake 
are moved upwards 

- Bubble breaks at the bed surface and some solids contained in the leading bulge of the bubble 
are detached.  

It is essential for predicting the bed behavior in order to optimize the fluidized bed process. A fluidized 
bed can be divided into three different zones as shown in Figure 1.19 [100]. 

- Distributor zone or grid region 
- Bubbling zone 
- Freeboard zone. 

 

The distributor zone is close to the bottom of the bed. Above the distributor zone is the bubbling zone 
in which bubbles grow by coalescence and rise to the surface of the bed. Then, bubbles break at the 
surface of the bed and particles are thrown up above the bed surface. The zone above the bed surface 
where particles are entrained by the upward flowing gas stream is the freeboard zone. The transport 
disengaging height (TDH) is defined as the height at which the entrainment rate becomes almost 
constant (See Figure 1.20) [100]. 
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Figure 1.19: Particle entrainment from fluidized bed [100]. 

 

 

 

Figure 1.20: Different region above a bubbling bed. The solid concentration reduces along the bed height but 
remains unchanged beyond the TDH. 
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The disengagement height (TDH) is an important design parameter for a fluidized bed.  TDH directly 
affects the height of column and is required for determination of the appropriate placement of the 
cyclone and the recovery of the elutriated materials. 

The entrainment rate can be obtained experimentally by extrapolation of the entrainment data the 
freeboard to the bed surface. The correlation equation is given by [100]: 

𝐹B
𝐴𝐷À

= 3.07 × 10�¬
𝜌(h.§𝑔B.§

𝜇@.§
¤𝑈 − 𝑈c)¥

@.§
 (1. 28) 

where 𝐹B is the entrainment rate of particles at the bed surface, A is the cross-sectional area of the 
column, 𝐷À is the bubble diameter at the bed surface and 𝑈B − 𝑈c) is the excess gas velocity. 

The amount of fine particles projected into the freeboard at the bed surface can be approximated by 
the equation below. 

 

𝐹�B = 𝐹B. 𝑋�  (1. 29) 

where, 𝐹�B is the amount of fine particles in the freeboard and 𝑋�  is the weight fraction of fine particles 
present in the bed [100]. 

It was shown that only a small particle which has the terminal velocity less than the gas velocity will be 
carried out of the freeboard if the freeboard is tall enough. In fluidized bed, elutriation is defined as a 
loss of fines particles from the fluidized bed which is due to bursting of bubbles on the surface of 
fluidized bed. The flux of particles carried away beyond the TDH is known as the elutriation rate. The 
amount of the particles elutriated can be determined by following equation: 

𝐹�< = 𝐸�< × 𝑋�  (1. 30) 

where, 𝐸�< is the elutriation rate constant and 𝑋�  is the weight fraction of the fine particle present in 
the bed. The elutriation rate constant has been determined experimentally by different investigators 
in which it is limited to the employed experimental conditions. The total amount of particles elutriated 
is: 

𝐹< =Â𝐹�<
�

 (1. 31) 

 

1.5.7 Hydrodynamics	in	fluidized	beds	
Numerous authors have shown that the fluidization pattern change progressively from one to the 
other by changes in fluid density or operating velocity. It is possible to observe different hydrodynamic 
flow regimes in a fluidized bed from bubbling to pneumatic conveying. The presence of these different 
regimes depends on the superficial gas velocity and particle size. Studying these different flow regimes 
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in a fluidized bed becomes more important when different flow regimes can provide widely different 
gas-solid mixing, and thus different chemical reaction rates as indicated by Yang [101]. Therefore, an 
efficient design, scaling, conception and even a good operation of a fluidized bed system depends on 
the flow regime and consequently the correct gas velocity to better transport the solids. Different 
attempts have been made to determine a criterion to discern between bubbling (aggregative, 
heterogeneous) and non-bubbling (particulate, homogeneous) fluidization. Some concepts are based 
on the inter-particle forces in the vicinity of bubbles and lead to dimensionless groups such as Froude 
number or combinations of Fr with Re and other groups [87]. 

Two different stages of fluidization are recognized depending on the ratio fluidization density to bed 
material density. For slightly different density, the bed is smoothly fluidized and raw flow instabilities 
are damped which is known as homogeneous fluidization. In contrast, for a large difference in density, 
the bed is more turbulent, bubbles and channels are formed and the bed is not stable which is known 
as heterogeneous fluidization [103]. 

It has been shown by Monazam et al. [104] that a classic fluidized bed regime is formed immediately 
above the gas distributor when the gas velocity exceeds minimum fluidization velocity in conventional 
gas-solid fluidization of Geldart’s group B particles. When the gas velocity approaches the terminal 
velocity of a single particle, Ut, turbulent fluidization occurs which is accompanied by the high particle 
elutriation rates. Figure 1. 21 shows the interrelationship of regimes in dense phase fluidization and 
lean-phase fluidization, which converse fast fluidization and dilute transport. 

 

 

              Figure 1. 21: Interrelationship of different regimes including fixed bed, dense phase fluidization and lean-phase 
fluidization [105]. 
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Dense-fluidization regimes include particulate fluidization, bubbling fluidization and turbulent 
fluidization [106]. In a broad sense, dense-phase fluidization also consists of the slugging, spouting and 
channeling regimes which depend on the operating conditions. Lean-phase fluidization consists of two 
flow regimes; the fast fluidization regime and the dilute transport regime. 

For the gas flow in the riser, energy in the gas phase is partially transferred into the solids phase 
through gas-particle interactions and is partially dissipated as a result of friction [105]. Numerous 
studies on circulating fluidized bed riser regimes are available in the literature e.g., [107]–[110]. 

The other important aspect to understand in fluidized beds is the effect of bubbling and local and 
global holdup or concentration. The bed mixing and the reaction efficiency are influenced by the 
bubble size and the rise velocity. Bubbles form in the heterogeneous bed for superficial velocities 
greater than the bubbling fluidization velocity. When the superficial velocity increases bubbles form 
more frequently and rise more rapidly. Many researchers concluded that bubble size and rise velocity 
are mainly influenced by the size of bed particle, the superficial velocity and the type of distributor [5], 
[6]. Nienow et al. [113] found that bubbles have the main influence for the mixing in fluidized beds. 
They also found that the mixing occurs when particles move upward by being caught in the wake of 
bubbles and later move downward by being released by the bubbles that explode at the fluidized bed 
surface. Bubbles can also coalesce and form larger bubbles as they move upward depending on the 
superficial velocity. This phenomenon influences the local holdup because neighboring regions are not 
fluidized enough. In order to have a fluidized bed with high efficiency with the best mixing, big bubbles 
should be avoided [103]. 

As suggested in the literature about the various flow regimes in fluidized beds, a uniform void fraction 
along the riser belongs to the dilute transport regime [114]. A core-annular flow is produced when the 
solids tend to fall in denser cluster along the wall. By increasing solids flux at the same velocity, the 
solids rise in more dilute concentration towards the center and a core-annular flow occurs [114]. The 
fast fluidization starts when the solids flux is increased to the saturation capacity point. At this time, in 
the upper part of the riser and below a dilute phase transport region, a dense phase transport region 
is formed. In the following, the fully developed fast fluidized bed regime shows a progressive transition 
between the lower dense bed and the upper dilute bed.  

Bi and Grace [108] defined two regimes (fast fluidization and dense phase conveying) for the circulating 
fluidized beds. They founded the transition velocities by plotting pressure gradient against the 
superficial gas velocity in dense and dilute phases. They also suggested flow regime maps including 
homogeneous dilute-phase flow, core-annular dilute-phase flow and fast fluidization. 

The fast fluidization regime is divided into the two sub-regions; fast transition and the fully developed 
fast fluidization region [115].  

The average voidage is obtained using the pressure difference across the bed through the following 
expression assuming negligible acceleration effect, shear stress at the wall and the weight of the gas 
[116], [5], [114]: 

∆𝑃
∆𝑧

= 𝜌9. (1 − 𝜀). 𝑔 (1. 32) 
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where, ∆z is the distance between the pressure sensors along the riser, z is the longitudinal abscissa of 
the flow oriented from top to bottom, 𝜌9 is the density of solid particles and 𝑃 is the pressure along 
the riser. Louge and Chang [116] declared that this calculation is erroneous when momentum losses 
due to the wall fraction or solid acceleration cannot be neglected. 

Many operating variables such as the rate of solids circulation, superficial gas velocity, bed diameter, 
riser exit structure, total solids inventory and particle properties (density, size distribution) affect the 
axial voidage or holdup profile [117]. With increasing the solids flux, the transition region between the 
dense bed and dilute phase move higher in the riser and a denser bed could be observed. Similarly, 
with decreasing solids flux the solids holdup decreases. The axial voidage and holdup profile can also 
be affected by the superficial gas velocity. With increasing the superficial gas velocity, the solids holdup 
decreases or the axial voidage increases. An increase in bed diameter could result in a high and more 
uniformly voidage in the bed. 

When the system is in a fast fluidization, there are several acceleration zones (the initial acceleration 
zone and the second acceleration zone). The initial acceleration zone is in the bottom of the dense 
phase before the particles move somewhat constant. The second acceleration zone displays when the 
particles arrive in the dilute regime.  Bai et al. [117] have shown that this second acceleration region is 
not very short but can extend into the riser, while some particles can still be accelerating at the top of 
the riser when forced out. 

According to Yin and Wei. [118] solid particles in fast fluidized beds are still accelerating through most 
of the bed height, especially at high solid circulation rate and low gas flow rate. Since in the dense 
phase particle velocity is very low versus the dilute region, this acceleration region becomes the 
guideline to determine the transition between dense and dilute phases. Bai et al. [119], [120] indicated 
that this acceleration zone may occupy from 1/3 to 2/3 of the riser height. 

 

1.6 Conclusion	

The present chapter gave an overview of the research currently being carried out on the various 
aspects relating to the characterization of gas/solid flows in solid unit operations using the RTD 
approach. In the first section the RTD theory in solid unit operations (RTD definition, RTD function as 
well as RTD models) was described. Then, numerous residence time distribution measurement 
techniques, which have been studied until now, were reported. 

Our own contribution is the development of an experimental technique for particle residence time 
determination using a phosphorescent tracer. The phosphorescent tracer technique has many 
advantages and in particular that of being a non-intrusive method. Its disadvantage is due to the decay 
of pigment luminosity which limits the possibilities of application in lots of solid unit operations. For 
measuring particle RTD in solid unit operations with long residence time a more effective and accurate 
technique is needed to be developed.  For this purpose, it would be necessary to realize a system which 
can determine very low pigment concentration. Due to the low consumption of the tracer, RTD 
experiments can be conducted without separating the tracer particles and bulk particles. Besides, to 
go further in the understanding, a model will be developed and compared with the experimental 
results. The combination of RTD results using the developed technique with a theoretical model will 
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allow formulating the modifications and obtaining more information about the flow pattern inside a 
solid unit operation. 
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2.1 Introduction	

The main objective of this chapter is to present a novel technique to measure the phosphorescent 
tracer concentrations for experimental RTD studies. The role of the tracer concentration measurement 
system is to measure the concentration of tracers in samples taken from solid unit operations for 
instance, fluidized bed reactors. Using this system, the RTD study can be performed on any solid unit 
operations where samples can be taken with an adequate concentration. This technique can accurately 
detect very low tracer concentrations as well as high tracer concentrations.  

This chapter is divided into three major sections. The first section describes the experimental setup, 
technique employed in the tracer concentration measurement system as a novel measurement 
technique. The second section presents particle RTD measurement of a simple bubbling fluidized bed 
in order to validate our measurement methodology. And, section 3 provides a full discussion of the 
significance of the results. 

The tracer concentration measurement system is based on the optical method that was developed by 
Harris et al. [20]. Experiments were carried out with two powders, Silicon Carbide (SiC) and the 
phosphorescent pigment (Lumilux® Green SN-F50 WS). The SiC/pigment mixtures in different 
proportions were injected continuously at the top of a vertical tube where the tracer (phosphorescent 
pigment) was activated by a UV light and detected at the bottom of the tube. The calibration procedure 
was performed to provide the empirical relationship between the integral of the detected signals and 
the pigment concentration.  

Subsequently, a simple fluidized bed reactor was employed as a solid unit operation in this study in 
order to validate this measurement methodology. Harris et al. [18]–[21], used the phosphorescent 
tracer to measure the particle RTD in a circulating fluidized bed riser. In these phosphorescent tracer 
experiments, both the bed material and the tracer particles were the same phosphorescent particles. 
Thus, large amount of the expensive phosphorescent particles was needed in these experiments 
especially for large-scale solid unit operations. In comparison, during our phosphorescent tracer 
experiment, just a small quantity of phosphorescent particle was illuminated and used as tracer 
particle. Therefore, the consumption efficiency of the phosphorescent tracer particle is quite low and 
RTD measurements can be performed with different bulk solids in different solid unit operations. 
Furthermore, its ability to detect very low tracer concentrations allowing experimental RTD studies 
with extended residence times can be carried out without perturbing the hydrodynamics of the studied 
system.  

 

2.2 Materials	and	method	

2.2.1 Materials	
In the present study, two different particles were used: 

• SiC (Silicon Carbide) as a bulk particle; SiC was selected due to its mechanical resistance to 
attrition and volumetric heat capacity that is essential in wide range applications. For instance, 
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a PhD thesis was performed at “Institut National Polytechnique (INP)” Toulouse which used 
SiC particles in a fluidized bed reactor as a solar receiver [121]. 

• Pigment particle (Lumilux® Green SN-F50 WS) as a tracer particle; composed mainly of Zinc 
sulfide enriched with copper (chemical formula: ZnS; Cu+): ZnS is the oldest known 
phosphorescent material, it is a solid of very low toxicity, low flammability but soluble in acid. 
This pigment absorbs and emits photons in the visible range. The spectrum of absorption and 
emission light are shown in 

• Figure 2.1. 

 

 

 

Figure 2.1: Absorption and emission wavelength of Lumilux® Green SN-F50 WS 

 

The emission spectrum has an increased wavelength size compared to the excitation spectrum due to 
the loss of vibrational energy of the electrons. Therefore, there is usually an overlap between the 
excitation and the emission spectrum, known as the Stokes law or Stokes shift [122]. In order to ease 
the excitation light separation from emission light, this overlap must be eliminated by using an 
appropriate filter. To achieve the best detection and excitation efficiency, the pigment particles are 
usually excited by the wavelength at the peak of the excitation curve and the emission detection is 
selected at the peak wavelength of the emission curve. 

 

Pigment	selection:	
The tracer particle (Lumilux® Green SN-F50 WS) was chosen in this study to have similar fluidization 
properties to the SiC particles which were needed for the methodology validation in the second part 
of this chapter. The densities and particle size distribution were studied using a laser granulometer 
Mastersizer 2000 (Malvern Instruments) and a helium pycnometer Accupyc 1330 (Micrometrices) 
respectively. The properties of the SiC and pigment particles are summarized in Table 2.1. 

 

 

 

Wavelength (nm) 
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Table 2.1: Physical properties of SiC and phosphorescent tracer powders. 

Particle D10 
(µm) 

D50 
(µm) 

D90 
(µm) 

Sauter 
mean 

diameter 
D[3,2] 
(µm) 

Density 
[g/cm3] 

Geldart 
Classification 

Silicon Carbide (SiC) 41.4 72.7 122.2 58.3 3.22 B 

 
Phosphorescent Tracer 
(Lumilux® Green SN-F50 

WS) 
40.9 70.4 120.3 64.5 3.63 B 

 
 

In order to choose the correct phosphorescent tracer it was necessary to find a material with a 
notable difference between the excitation and emission wavelength peaks (great Stokes shift), as 
mentioned in section 2.2.1. This difference allows the photomultiplier to detect the intensity of the 
excited tracers without being influenced by the intensity of the light source which emits the same 
wavelength of the pigment excitation. Based on this argument, slight difference in the density and 
particle sizes of the bulk particles and tracer particles were considered negligible. Therefore, the 
Lumilux® Green SN-F50 WS was chosen as a tracer. It had practically similar hydrodynamic proprieties 
and a great Stokes shift. The peak of the excitation spectrum is in the UV zone (360-380nm), whereas 
the emission peak is in the visible light (520nm), having a yellowish-green light (see  
Figure 2.1). 

 
 

  
(a) (b) 

Figure 2.2: PigmentLumilux® Green SN-F50; a) in ambient light, b) in dark room. 

 

2.2.2 Phosphorescent	particle	tracer	technique	
The phosphorescent particle tracer technique is one of the non-disruptive techniques that can be used 
to determine the particle residence time distribution in solid unit operations. This technique is based 
on the characteristics of the phosphorescence of certain compounds or solid particles. The 
phosphorescent material can emit light immediately and continuously, for a short period with 
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decreasing intensity, after being excited by a strong light source (Figure 2.3). Therefore, it is an ideal 
material for use as a solid’s tracer. 

 

 

Figure 2.3 : Typical decay curve of pigment phosphorescent Lumilux® Green SN-F50 WS from pigment technical 
sheet. 

 

A disadvantage of this technique appears in concentrated flows when detection is not accurate due to 
the superposition of particles [67]. In this study, a high-speed camera of i-SPEED3 with maximum speed 
of 50 000 photos/sec and a resolution of 528x396 pixel was used in our experimental setup to 
illuminate the particles at the detection part. The solid dispersion shown in Figure 2.4 indicates that 
the particle concentration in front of the light source is fairly low. Therefore, we assumed that there 
was no particle superposition in our system with considered operating conditions and mass flow rate 
(6+/-1g/min). 

 

Figure 2.4: Flow concentration of SiC-Pigment particles in activation part. 
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2.3 General	description	of	the	system	of	tracer	concentration	

measurement	

The system of tracer concentration measurement used in the experiments is originally designed, 
constructed and operated at the University of Technology of Compiègne. This system meets the 
following requirements: 

• Have a minimum length to allow minimum intensity reduction and maximum sensibility. 
• Be flexible in order to couple with different solid unit operations. 
• Be opaque to limit the detection just from excited tracer particles in front of the detector. 

The tracer concentration measurement system is composed of a vertical tube (PVC; ID=38mm, 
h=300mm) with two transparent sections for activation of the tracer particles and detection of their 
intensities. The lower section of the tube is equipped with a storage bin to collect the particles. This 
system is used under ambient temperature and in a darkroom. The tracer concentration measurement 
system can be divided into three principal parts: 

• The activation zone 
• The vertical PVC tube 
• The detection zone 

A schematic diagram of the setup is presented in Figure 2.5 where the feeding system, activation zone, 
vertical tube and detection zone are identified. A photograph of the setup was also provided for more 
details. 

 

Figure 2.5: Schematic diagram of the concentration measurement system 
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(a) (b) 

Figure 2.6: (a) Photograph of the concentration measurement system; (b) Photograph of UV light 
position. 

 

 

2.4 Detailed	description	of	setup	

2.4.1 Activation	part	
In the activation zone, the sample goes through a funnel with an exit orifice of 1.5mm, using a vibrating 
motor attached to the funnel to ensure a steady and low particle mass flow rate (≈6+/-1g/min). A 25W 
UV-LED spot light source with an LED controller from Hamamatsu L11921-415, is directed right at the 
exit of the funnel. As shown in Figure 2.7, the emission spectrum of the UV light (365nm +/- 5nm) fits 
around the maximum of the excitation spectrum of the tracer. It is so important that the light source 
chosen for the pigment excitation has sufficient brightness especially for very low pigment 
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concentration. Therefore, the relatively weak emission light can be maximized, and detection efficiency 
can be increased.  
A ventilator was used under the UV-LED light in order to prevent overheating of the lamp during the 
experiment. The interior portion of the tube in the activation zone was covered by a reflective 
aluminum film in order to reflect the UV light toward the pigment particles and increase the activation 
efficiency of the system. As a consequence, all the particles had a proper excitation after leaving the 
activation zone. 
 
 

 
Figure 2.7: Absorption wavelength of Lumilux® Green SN-F50 WS with the wavelength of the UV LED used in 

the device 

 
 

 
 

(a) (b) 

Figure 2.8: The activation system in this study: a) UV-LED spot light source and LED controller 
(Hamamatsu) and b) Transparent section in activation zone 

 

2.4.2 Vertical	tube	part	
A vertical tube with 300mm height and 38mm of interior diameter was modified such that two portions 
of the pipe were transparent (at the bottom and at the top of the tube). The solid particles fall down 
in the tube due to gravitational force. The tube length was determined by a) determining the minimum 
detectable tracer concentration (sensibility of detection) and b) the signal/noise values. The following 
subsection illustrates the results obtained with two different tube lengths. 

Wavelength (nm) 
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Effect	of	the	tube	length	on	the	pigment	detection:	
The tube length which corresponds to the distance between the activation part (UV light) and 
detection part plays an important role in the detection efficiency and overall system performance. The 
effect of the tube length was evaluated using two different tube lengths (300 and 600mm). The emitted 
light of pigment particles was measured at the tube outlet and the effect of the tube length was 
determined by comparing the signal to noise values and minimum detectable tracer concentration. 
The noise of the measured signals corresponds to the signals measured at the tube outlet while there 
is no tracer in the mixture. The experiments were performed with different concentrations of 
SiC/pigment mixtures, with sample size of 4g. Figure 2.9 shows the raw signals detected by the 
apparatus with a SiC/pigment mixture of 1wt.%.  

 

 

Figure 2.9: Effect of tube length on the detection performance using 6gr of SiC/pigment mixture of 1%wt. 
(without optical filter). 

 

By varying the tube length, the noise signal and the raw signals were changed due to the increased 
length of the tube and decay time of the pigment particles (Figure 2.3), respectively. It can also be 
mentioned that the dilution of particles as a result of particle acceleration can change the noise signals 
and the raw signals. For a better understanding of the tube length effect, the signals to noise ratios 
were also compared. 

Figure 2.10 shows the signal to noise ratio for different pigment concentrations and the tube lengths 
of 300 and 600mm. Signal to noise ratios are the average signal intensities of each sample divided by 
the noise intensity. As shown in Figure 2.10 the maximum signal to noise ratio corresponds to the tube 
length of 600mm. These ratios also increase with the increase of pigment concentration for both tube 
lengths. 
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Figure 2.10: Signal to noise ratio for tube of 300mm and 600mm in different pigment concentration 

 

The main problem in tube length of 600mm relates to the detection of the very low pigment 
concentration. In tube length of 600mm the pigment concentration below 1wt.% cannot be detected 
despite the high signal to noise ratio. Consequently, in order to have a maximum signal to noise ratio 
the tube length of 600mm must be used but to have a maximum sensibility the tube length of 300mm 
must be used. Because the emphasis on high results sensibility for residence time distribution 
measurements and minimum pigment consumption, the tube with 300mm length was chosen for all 
experiments. Tube lengths shorter than 300mm present a high risk of disturbance of the results by UV 
light due to a high noise to signal value, therefore they were not considered for use. 

 

2.4.3 Detection	part	
The detection part is composed of four elements, a photomultiplier, a supply system, an acquisition 
system and a UV filter. The photomultiplier (or PMT), Lynx Silicon Photomultiplier Module LynX-A-33-
W50-T1-X, utilizes a 3×3mm2 active area Silicon Photomultiplier (SiPM) (Technical data sheet in annex. 
II). 

The choice of this type of PMT is justified by the compatibility with the selected pigment because of its 
precision in the wavelength range from 350-950nm, and peak of detection at 510nm, which allows it 
to be the most efficient in measuring the pigment emission light (Technical data sheet in annex. I). The 
PMT was installed at the tube outlet at a distance of about 50mm from the tube wall. This distance is 
close enough for detection of the pigment intensities and at the same time far enough from the wall 
such that it is not overwhelmed by the particles closest to the PMT, therefore detecting all particles in 
flow. The detection efficiency according to the wavelength is presented in Figure 2.11. 
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Figure 2.11: Lumilux® Green SN-F50 WS, PMT, UV filter and UV LED efficiency variation in the spectra. The 

efficiency of the UV filter is defined as the quantity of the luminance it is going to let pass. 

 
The supply system shown in Figure 2.12 developed by electronic service at UTC is used as a PMT supply 
system in order to change the sensibility of detection. 

 

 

Figure 2.12: Supply system and PMT. 

 
The acquisition system shown in Figure 2.13 was used in our experiments to collect the signals detected 
by the PMT. The data is retrieved by the computer using a USB connector and processed using software 
developed by UTC, which allows communication with the PMT via the acquisition system. The software 
sampling period is adjustable between 10 and 40ms. 
The UV filter, HOYA UV(0) L39, was used in front of the PMT to reduce the signal of the UV-LED detected 
by the PMT. This UV filter only eliminates the wavelength of the UV light so it increases the sensitivity 
of the detection system and allowing lower tracer concentrations to be measured, without being 
masked by the UV light [20]. 
The separation of excitation and emission wavelengths is achieved by proper selection of filters to block 
or pass specific wavelengths of the light spectrum, as presented in Figure 2.1. The detection efficiency 
is based on control of excitation light and emission light by readily changeable filter insertions into the 
light path. 
 
 
 
 

Wavelength (nm) 
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(a) (b) 

Figure 2.13: a) Acquisition system; and b) Software of detection 

 

2.5 Protocol	of	experiments	

The following experimental protocol was used for all our experiments: 

• At the beginning, the laboratory light was turned off and the perfect insulation was made in 
the detection part. The darkroom allowed us to measure only the emission light of the excited 
tracers without disturbance from the ambient light. 

• The UV light (the UV-LED light) was turned on. The activation of pigment particles was carried 
out by the UV-LED light which excited them as they passed under the transparent slit at the 
entrance. 

• The photomultiplier was turned on which detects the emitted light of the pigment particles as 
they pass in front of the PMT and towards the outlet of the vertical tube.  

• Detection software was launched. The sampling period was fixed at 40ms. 

• Then, the feeding system (vibrator of funnel) was started. 

• Twenty grams of each sample were poured (injected) into the funnel vibrating at a low mass 
flow rate (≈6±1g/min). This low mass flow rate and the flow dilution ensure that the particle 
superposition in front of photomultiplier can be neglected. 

• Data was recorded. Each sample took approximately 200 seconds to pass through the system. 
In order to measure the intensities of tracer particles for very low concentrations, all the 
experiments were carried out using the maximum sensitivity of the PMT. 

• After each measurement the equipment was cleaned with the vacuum cleaner in order to 
remove any remaining particles, so they do not influence the subsequent measurements. 
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2.6 Calibration	procedure	

A calibration of the concentration measurement system was carried out which provided the empirical 
relationship between the integral of the detected signals and the pigment concentration. To make the 
calibration curve, SiC/pigment mixtures with different compositions (ranging from 0.25%wt. to 
6.25%wt.) were prepared. The upper limit of sample concentration was set to 6.25%wt. In order to 
have a low consumption of the tracer particles in the experiments, the measurements were carried 
out with high sensibility of the PMT and very low pigment concentration. In the calibration curve 
method, twenty grams of different samples (SiC/Pigment mixtures) with known composition were 
injected into the concentration measurement system according to the experimental protocol 
described in section 2.5. It must be highlighted that this calibration curve focuses mainly on very low 
pigment concentration since this method is devoted to particle RTD measurement in solid unit 
operations with long residence time. The measurement was repeated seven times for each tracer 
concentration in order to ensure that there was no drifting in the measurement and that it was reliable 
overtime. The integral of the emitted light from each sample was related to the pigment concentration 
after eliminating the background noise from the integral results of the sample data. 

The operating parameters of the calibration procedure are reported in Table 2.2. 

Table 2.2: Operating conditions used for the calibration procedure. 

Operating parameters Values 

Mass of sample (g) 20 

Pigment concentration (wt.%) 0-6.25 

Mass flow rate (g/min) 6±1 

Tube inner diameter (mm) 38 

Tube length (mm) 300 

 

 

2.7 Calibration	results	

The present section describes the influence of the pigment concentrations in the SiC/pigment mixtures 
on the integral of the detected signals. 
As mentioned in section 2.6, more than 40 experiments were conducted with the concentration 
measurement system using different SiC/pigment mixtures in order to establish a relationship between 
the integral of the detected signal from the PMT and the pigment concentration.  
The calibration curve was determined on the following criteria: 

• The increasing of pigment concentration in samples leads to an increased intensity of the 
measured signals. 
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• Since the relationship between the signals measured by PMT and pigment concentration is not 
accurate, the integration method was used to generate the measured signals of each sample. 
Consequently, a graphical integration for the intensity-time diagram is applied to calculate the 
pigment concentration. 

• It was assumed that the sample without pigment (Pure SiC) has the measured value (an integral 
value) of zero. 

• Note that it is necessary to calculate the error bars for the integral values. 
 
Figure 2.14 represents the measured raw signals of SiC/pigment mixtures as a function of time. The 
operating conditions are reported in Table 2.2. 
 
 

 
Figure 2.14 : Measured raw signal curves of the twenty grams of SiC/pigment mixtures. 

 
Calculating the area under the measured signal intensity curves in terms of time and plotting it as a 
function of pigment concentration gives a linear relationship, as seen in Figure 2.15. 
Figure 2.15 plots the integral values of samples as a function of the pigment concentration. The errors 
introduced by sample dividing process were estimated in a separate series of tests. The linear fitting of 
the integral with the concentration of tracer in the mixture gives the correlation (2. 1). 
 

𝐼 = 38.62 × 𝐶��(caÅ^ (2. 1) 

 
where I is the integral of the detected signal and 𝐶��(caÅ^ is pigment concentration (wt.%) in a 
SiC/pigment mixture.  It is clear that by increasing the pigment concentration, the detected signal 
integral will be increased. It should be noted that the mentioned equation is only obtained for very low 
concentrations and is not suitable for very high concentrations. 
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Figure 2.15 : Calibration curve (Tracer concentration (%) vs Integral of the PMT measure), the measurement 

was repeated seven times for each tracer concentration. 

 
 

Table 2.3 provides a summary of the numerical values presented in Figure 2.15. 

 

Table 2.3: Integrals of detected signals as a function of pigment concentrations. 

Number Concentration 
(wt.%) 

Mean Integrals of 
detected signals (v.s) 

Standard 
Deviation (v.s) 

1 0.25 11.50 2.4 

2 1.25 52.60 6.1 

3 2.25 93.20 6.2 

4 3.25 125.45 7.3 

5 4.25 166.26 10.8 

6 5.25 198.91 12.9 

7 6.25 240.03 7.6 

 

2.8 Methodology	validation	using	a	simple	fluidized	bed	

In the present section, a simple bubbling fluidized bed was used to study its particle RTD experimentally 
and compare it with theoretical results in order to validate our RTD measurement methodology. To 
determine the RTD of particles within the fluidized bed reactor, SiC particles were used as a bulk 
particle and phosphorescent tracer particles (Lumilux® Green SN-F50 WS) were used as a tracer 
particle. The tracer particles were premixed with bulk particles in the fluidized bed reactor, using the 
gas fluidization flow before starting the experiment. Therefore, the behavior of SiC/pigment mixture 
inside the reactor would be similar to a simple continuous stirred tank reactor. Validation of this 
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particle RTD measurement technique will be investigated comparing the theoretical and experimental 
RTD curves. Sampling was performed with a sample tube of 4mm ID located at the exit of the fluidized 
bed. Particle RTD curves were obtained at the same operating conditions but different height to 
diameter (H/D) values. Three RTD curves were determined by varying H/D (1, 1.5 and 2) with the same 
operating conditions. These measurements serve as a validation process for the concentration 
measurement system. It should be noted that the trajectories of the particles during their 
displacement in the reactor depend on the inter-particle collisions, the particle-wall collisions and the 
nature of the laminar or turbulent flow. Similarly, the residence time distribution is a direct 
consequence of the trajectories which differ for all particles, the velocity field of the fluid volume and 
the laminar or turbulent character of the flow [123]. 

 

2.8.1 Fluidized	bed	reactor	
The fluidized bed reactor used in the present study is shown in Figure 2.16. This fluidized bed consists 
of six main parts: fluidization column, air distributor, air flow meter, feeder, acquisition system and exit 
of the fluidized bed. The fluidization column is a Pyrex cylinder of 100mm inner diameter and 480mm 
height. A transparent column was used in experimental setup to allow the solid flow visualization at 
global scale. 
 
 

 
Figure 2.16: Schematic diagram of bubbling fluidized bed reactor. 
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The solid feed control system (feeding system), which consists of a funnel with a vibrating motor and a 
soft tube with a valve, serves two primary objectives: 

• To provide the stable mass flow rate of particles to the fluidized bed. 
• To provide varying mass flow rates that allow to have a precise entrance flow control 

 
At the bottom of the fluidized bed, a solid exit channel was created with a 4mm tube connected to the 
lower exit port of the fluidized bed, by a quick coupling connector. The air distributor is made of a 
perforated plate (2mm* 176 holes, 7% open area). The fluidization gas (air at ambient temperature) is 
supplied from the high-pressure air system available in the laboratory. Before entering into the 
spouting vessel, the compressed air passes through a filter, pressure regulator and a calibrated mass 
flow meter. 
A photograph of the experimental setup (Figure 2.17) is also provided for more details.  
 

 

 

(a) (b) 

Figure 2.17: Photograph of: a) Fluidized bed, b) Feeder. 
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2.8.2 Experimental	procedures	
In the present study, the pressure drop method was used for the minimum fluidization velocity 
measurement of the SiC particles. Figure 2.18 shows the pressure drop diagram as a function of 
superficial gas velocity. The minimum fluidization velocity was determined experimentally using the 
standard method proposed by Richardson [124]. This author defines the minimum fluidization velocity 
as the abscissa of the intersection point between the tangents of the pressure drop portion of the 
curve and the steady pressure portion of the curve obtained during the decreasing velocity analysis. 
The minimum fluidization velocity of the SiC particles measured is 6.3 mm/s.  

 

Figure 2.18: Pressure drop versus superficial velocity (H/D=1; SiC mass=1422gr). 

 

Table 2.4 compares the calculated minimum fluidization velocity using different experimental 
correlations with the experimental data. 

Table 2.4 : Calculated minimum fluidization velocity using different correlations. 

Number Researchers Umf (mm/s) Relative error (%) 

1 Wen and Yu. [95] 5.6 11.08 

2 Leva [96] 6.8 9.00 

3 Baeyens [97] 6.7 6.45 

4 Thonglimp et al. [98] 6.2 1.22 

5 Youjun et al. [99] 7.3 16.72 
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It can be seen from Table 2.4 that the average error of the minimum fluidization velocity predicted by 
Thonglimp et al. [98] is about 1%. Therefore, the experimental value is comparable to that predicted 
from the Thonglimp correlation [98]. 

 

Running	the	RTD	experiments:	
In order to measure the particle RTD in the fluidized bed, some amount of SiC particles was introduced 
to the system such that the column had a height to diameter ratio (H/D) between 1 and 2 depending 
on the experiment; where H represents the height of the particles in the fluidized bed (SiC and tracer 
particles) and D the diameter of the fluidized bed column.  
The tracer was premixed with the bulk powder (SiC) for 5 minutes to ensure a homogenous mixture, 
with a total concentration of 6.25wt.%. The initial concentration was selected to be as low as possible 
in order to have the lowest consumption of the tracer without the loss of detection sensibility using 
the concentration measurement system. It should be noted that the low concentration of the tracer 
was necessary, since high concentrations would generate alterations in the fluidization and the high 
price of it would be a constraint for the implementation of the technique in larger equipment. 

The pressure sensor placed at the wind-box measures the variation of the mass inside the fluidized 
bed through the experiment. After the premixing, both the exit and entrance tubes were opened such 
that the system maintained at steady state regime. The entrance flow was composed only by SiC, and 
samples at the exit flow were recovered during varying periods of time, such that the concentration 
between each measure could be considered constant in each sample. The experiment lasted for four 
times the theoretical residence time, based on the mass and flow rate of the bed material. When this 
time was achieved, the entrance flow was stopped, and the remaining powder was recovered from 
the equipment to determine the remaining tracer quantity. All the samples were analyzed in the 
developed system to measure the tracer concentration, in order to find the experimental RTD. 

The study of the particle RTD was performed under the same operating conditions but in different 
height to diameter ratios (1≤H/D ≤2). 

 

2.9 Results	and	discussions	

The reproducibility of the developed pigment concentration measurement technique was evaluated 
by varying the operating conditions of the fluidized bed during the RTD experiments.  
The present section describes and discusses the results obtained from the particle RTD measurement 
of the fluidized bed reactor presented in section 2.8.1. The RTD curves were determined experimentally 
by adding the tracer particles and measuring the variation in time of the pigment concentration in the 
outflow. 
The operating conditions of three different experiments with different residence times are shown in 
Table 2.5. For each experiment, the measured RTD curve was compared with the theoretical RTD curve 
of a perfect mixed reactor. 
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Table 2.5: Experimental conditions used for particle RTD measurement in the fluidized bed.  

Number H/D 
Solid mass 
flow rate 

(gr/s) 
SiC total (gr) 

Initial pigment 
concentration 

(wt.%) 

1 1 2.5±0.2 948 6.25 

2 1.5 2.5±0.2 1422 6.25 

3 2 2.5±0.2 1896 6.25 

 
 
 
 
Figure 2.19 shows the C-curves and F-curves as a function of time for various values of the parameter 
H/D. 
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(c) 
 

Figure 2.19: C (t) and F (t) of the fluidized bed as a function of time comparing with theoretical results for three 
different H/D: a) 1 b) 1.5 and c) 2. 

 
 
 
Usually the first two RTD moments are used to compare RTDs, instead of trying to compare the entire 
distribution [46]. For this purpose, the mean residence time (𝑡c) and the variance (𝜎@) were determined 
as follows: 
 

𝑡c = X 𝑡𝐸(𝑡)𝑑𝑡
<

B
 (2. 2) 

 
 

𝜎@ = X (𝑡 − 𝑡c)@𝐸(𝑡)𝑑𝑡
<

B
 (2. 3) 

 
where, 𝐸(𝑡), is: 
 

𝐸(𝑡) =
	𝐶(𝑡)

∫ 𝐶(𝑡)𝑑𝑡<
B

 (2. 4) 

 
The outcome of RTD analysis in terms of mean residence time and the variance is given in Table 2.6. As 
shown in Table 2.6, the experimental values of the mean residence time are close enough to the 
theoretical mean residence time values with negligible relative errors (less than 7%). The results 
confirmed the robustness of the methodology as a novel method for measurement of particle 
residence time distribution in solid unit operations especially with long residence time. 
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Table 2.6: Effect of height to diameter (H/D) of fluidized bed on the mean residence time.  

Height to 
diameter (H/D) 

Mean residence time (tm) (min) 
Relative error 

(%) 
Variance (σ2) 

Experimental Theoretical 

1 5.07 ± 0.4 5.4 6.07 17.12 

1.5 10.13 ± 0.4 10.15 0.18 58.24 

2 12.44 ± 0.4 12.26 1.44 92.18 

 

Figure 2.20 provides a summary of the mean residence time values presented in Table 2.6. 

 

 
Figure 2.20: Theoretical and experimental mean residence time measured in different operating conditions 

(H/D=1, 1.5 and 2). 

 
It should be noted that the mentioned mean residence time value for H/D=1 in Table 2.6 was obtained 
by repeating the RTD experiment for three times and the lowest relative error was obtained. 
Figure 2.21 gives the F-curves as a function of time for three experiments which were carried out under 
identical condition (H/D=1.5). 
 

 
Figure 2.21 : F(t) curves for identical conditions (H/D=1.5). 
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The error bars refer to the 95% confidence intervals based on repeated determinations. 

𝐶𝑜𝑛𝑓𝑖𝑑𝑒𝑛𝑐𝑒	𝑖𝑛𝑡𝑒𝑟𝑣𝑎𝑙	(95%) = 𝐹Ë ± 𝑍Î
@M
Ï¡
√Å
= 10.13 ± 0.42 min 

where, 𝐹Ë is the mean values of F, 𝑍Î
@M

 is the confidence coefficient, 𝑆𝐷 is the standard deviation and 

n is the sample size.  

The results of comparison between introduced pigment and measured pigment (detected by PMT) for 
different operating conditions can be seen in Figure 2.22.To illustrate it better, Table 2.7 provides the 
introduced and measured pigment values presented in Figure 2.22. 
 

 
Figure 2.22: Masse of measured and introduced pigment for different operating conditions (H/D=1, 1.5 and 

2).  

 
 
 

Table 2.7: Introduced and measured pigment values presented in Figure 2.22. 

H/D Introduced 
pigment (g) 

Measured 
pigment (g) 

Relative error 
(%) 

1 63.3 56.47 10.82 

1.5 95 83.63 11.96 

2 126.4 112.08 11.32 

 
 
It must be added that in this study: 

• The pigment concentrations were obtained by measuring only twenty grams of samples 
(According to the calibration curve method described in section 2.6). 

• The mass flow rate in the fluidized bed outlet was changed overtime (2.3g/s to 2.7 g/s). 
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The results discussed above indicate that the novel technique developed in the present study is capable 
to obtaining reliable measurements of the tracer concentration in SiC/pigment mixture with very high 
accuracy and residence time of different solid unit operations with long residence time. These results 
prove the validation of pigment concentration measurement technique. 
 

2.10 Conclusion	

A new concentration measurement technique is developed in this study for the determination of the 
particle residence time distribution in different solid unit operations. The pigment particles (Lumilux® 
Green SN-F50 WS) and SiC particles (Silicon Carbide) were used as a tracer and bulk particles 
respectively. Twenty grams of SiC/pigment mixtures with different concentrations were fed into the 
concentration measurement system using a vibrating funnel in order to establish a relationship 
between the integral of the detected signal from the PMT and the pigment concentration. A simple 
bubbling fluidized bed was used to study its particle RTD experimentally and compare it with 
theoretical results to validate the concentration measurement technique. 
The following conclusions can be drawn based on the results obtained in this study: 

• According to the obtained results, this system of tracer concentration measurement has the 
ability of the tracer detection with very low pigment concentration (even less than 0.5%wt.). 
It is necessary to measure the RTD of solid unit operation with long residence time with 
minimum consumption of tracer particles which allows the RTD experiments to be conducted 
without separating the tracer particles and bulk particles. 

• The linear relationship between the integral of the detected intensities and pigment 
concentration was found and was proven to be reliable. 

• The experimental C-curves and F-curves of the fluidized bed reactor measured by the 
concentration measurement system fit well with the theoretical results.  

• The experimental values of the mean residence time were close enough to the theoretical 
mean residence time values with negligible relative errors (less than 7%). 

• The fundamental advantage of the presented measurement technique compared to the on-
line measurement techniques is that this technique eliminates the knowledge of the particle 
concentration and velocity profiles in the outlet of solid unit operations. 

• This technique can be used in solid unit operations with the residence time greater than 3 
minutes corresponding to the decay of the light signal after the excitation of the particles.  

• Sampling at the outlet can be very difficult for high velocity flows such as pneumatic conveying. 
• It is possible to coat the outside of the bulk particles using the pigment. In this way, any 

particles that can be coated may be used for the RTD experiments. 
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3.1 Introduction	

In the following chapter, the developed technique of the concentration measurement (Described in 
Chapter 2) was applied to measure the residence time distribution of a deep fluidized bed in order to 
present an application of the developed technique. 

The experiments were carried out using SiC particles as a bulk solid and the pigment phosphorescent 
(Lumilux® Green SN-F50 WS) as tracer particles in a Plexiglas fluidized bed with an inner diameter of 
63mm and height of 2m. Eight pressure gauges were used to measure differential pressure along the 
deep fluidized bed from a point immediately above the air distributor to the freeboard of the bed. In 
the present study, pulse injection of a tracer was performed using solid feeding system with a constant 
mass flow rate at the inlet of a continuous system where steady state of bulk flow was reached. Then, 
the response of the tracer profile at the outlet was measured using the developed system of the 
concentration measurement. 

Fluidized beds promote highly efficient contact between gas and particles (e.g., a catalyst), resulting in 
high heat transfer, chemical reaction rates and product yields. The objective of the present work is to 
apply the technique of tracer concentration measurement in a real fluidized bed as an extensively used 
solid unit operation in order to present an application of the developed technique of tracer 
concentration measurement. 

The following subsection describes the general description of the experimental setup used in the 
present study including the deep fluidized bed, the solid flow systems and the instrumentation used 
to measure pressure. 

 

3.2 General	description	of	the	experimental	setup	

The fluidized bed setup used in the experiments is designed, constructed and operated in our 
laboratory. A schematic diagram and photograph of the experimental setup used in the present study 
are shown in Figure 3.1. 

The system major components include a deep fluidized bed with an inner diameter of 63mm and 2m 
in height, solid feeding system, acquisition system, and pressure sensors for pressure profiles 
measurements. 

The particulate materials used for this study were SiC (Silicon Carbide) particles as a bulk and Pigment 
particle (Lumilux® Green SN-F50 WS) as a tracer particle (See Table 2.1). 

By following the solid path, the components of the setup are: 

• The solid feeding system which consists of a funnel with a vibrating motor to provide the stable 
mass flow rate of particles and a soft tube with a valve to provide varying mass flow rates 

• The deep fluidized bed column (63mm of inner diameter and 2m of height) made of Plexiglas 
for visual observation 

• The air distributor which is made of a perforated plate (2mm* 176 holes, 7% open area) 
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• Air flow meter 
• Acquisition system 
• The fluidized bed exit was located at the bottom of the fluidized bed with the inner diameter 

of 3mm 
• The bag filter. 

 

 

 

Figure 3.1 : Schematic diagram and photograph of the experimental setup used in the present study. 

 

Solid particles are first injected from top of the fluidized bed column using solid feeding system. Then, 
the particles in the fluidized bed column obtain momentum from the air passing through the gas 
distributor made of perforated plate and are fluidizing along the column. At the top of the fluidized 
bed, particles and gas are separated by bag filter. Eight pressure sensors are installed along the 
fluidized bed column to measure the pressure fluctuations during the experiments. In order to adjust 
the operating conditions, an acquisition system is also used. By regulating the solid exit diameter, the 
solids holdup can be maintained at the desired level during each experiment. 
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3.3 Detailed	description	of	the	experimental	setup	

3.3.1 Solid	feeding	system	
The solid feeding system used in the present study is the same as that used in section 2.8 (Methodology 
validation). It is composed of a funnel, a vibrating motor, a valve and a soft tube. The feeding system 
is located at the top of the fluidized bed where the SiC and pigment particles are fed. The solid feeding 
system is pictured in Figure 3.2. By adjusting the valve installed in the vibrating solids feeder, various 
solids mass flow rates can be achieved to provide different solids holdups in the fluidized bed. 

 

 

Figure 3.2 : Schematic of the solid feeding system. 

 

3.3.2 Pressure	sensors	
To obtain pressure profile along the fluidized bed column, 8 differential pressure sensors from AMSYS 
(AMSYS AMS 4711-0050-D) are installed. Excitation voltage required for these sensors is 8-36V, giving 
a voltage output of 0-5V over their respective pressure ranges.  

One end of the sensor is connected to the fluidized bed column at high pressure and the other end is 
open to surrounding air. Differential pressure data are acquired with an on-line computer.  

 

 

 

 

Table 3.1 represents a summary of the pressure sensors and their characteristics. 
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Table 3.1 : Summary of pressure sensors and their characteristics. 

PRESSURE SENSOR PARAMETERS MEASURING RANGE 

AMSYS AMS 
4711-0050-D 

Pressure type Differential/relative 

Pressure range 0-50 mbar 

Operating and storage temperature -25/+85 °C 

Supply voltage range 8-36 V 

Output voltage 0-5 V 

 

 

3.3.3 Recording	device	
The acquisition system developed by electronic service at UTC is used in the present study in order to 
collect the signals and allow the monitoring of the pressure evaluation in the time. For all experiments, 
signals delivered by pressure sensors are displayed by the computer using a USB connector and 
processed using fluidization software developed by UTC. The software sampling period is adjustable 
between 100ms and 10s. The acquisition frequency of pressure fluctuation was selected at 1s and 900 
samples were collected for each experimental condition. 

  

3.4 Protocol	of	experiments	

The first tests demonstrated the ability to perform a steady solid flow rate in the system from the 
hopper to the fluidized bed exit. From a general point of view, the solids flow rates in the fluidized bed 
have well responded to the tests. Then, experiments were conducted under three different operating 
conditions in ambient temperature. Experimental protocol consists of the following steps: 

• At the beginning, a particle mass was introduced to the system such that the bed height had a 
height to diameter ratio (H/D) between 5 and 7 depending on the experiment. 

• The pressure profile was measured using the pressure sensors placed along the fluidized bed 
column through the experiment. The distance between the pressure sensors is fixed at 10cm. 

• The entrance and exit tubes were opened simultaneously such that the system is maintained 
in steady state condition. The entrance flow composed of only SiC particles with the mass flow 
rates between 7.3±0.2 and 8.8±0.2gr/s depending on the operating conditions.  
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• The instantaneous injection of tracer was applied at the entrance flow. Once the tracer 
particles are finished, a solid feeding flow rate composed of only SiC particles is applied by the 
solid feeding system. The tracer was injected as quickly as possible to obtain as closely as 
practical a δ-pulse of tracer at the inlet. The injection time of the tracer particles has been 
measured for each experiment.  

• The samples at the exit flow were recovered every 15s during the first four minutes to record 
fast processes, and then measuring interval was kept 30 seconds. It took 10-12minutes from 
the injection to collect the whole tracer particles. 

• All the samples were analyzed in the developed system of concentration measurement in 
order to obtain experimental RTD. In the concentration measurement system, the pigment 
particles are activated by the UV-LED light and the light intensity of the pigment particles is 
detected and converted into voltage signals and the voltage signals are further amplified and 
fed into a PC (as described in details in Chapter 2). The voltage signal obtained by the probe is 
then converted into solids concentration using a calibration equation. During the tracer 
concentration measurement, the whole experimental apparatus is in dark to avoid the 
interference of the ambient light with the afterglow emitted by the phosphorescent tracer 
particles. 

 

3.5 Results	and	discussion	

The present section reports experimental data obtained in a 63mm ID fluidized bed, using SiC particles 
as bed material and the pigment phosphorescent (Lumilux® Green SN-F50 WS) as tracer particles. The 
particle RTD curves were determined experimentally in different operating conditions. In order to not 
perturb the flow by the injection, the amounts of tracer particles are minimized as low as possible (the 
system of tracer concentration measurement is however able to detect 0,25 wt.% of the tracer 
concentration with good precision). 
 
The operating conditions of the experiments are shown in Table 3.2. 

 
Table 3.2: Experimental conditions used in the present study. 

Experiment 
Number 

H/D 
Solid mass 
flow rate 

(gr/s) 
U/Umf SiC total (gr) Mass of 

pigment (gr) 

1 5 7.3±0.2 5 1423 95 

2 7 8.8±0.2 5 1993 132.8 

3 5 7.3±0.2 3 1423 95 

 
 

A reference case (H/D=5; U/Umf=5) is compared with cases in which one of the operational parameters 
is changed: increased height to diameter (H/D=7) and decrease superficial gas velocity (U/Umf=3). 
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3.5.1 Identification	of	fluidized	bed	regions	
Experiments were conducted for static pressure profile in the velocity ranging from 2.01 to 3.35cm/s 
and height to diameter ratio of 5 to 7. A classical bubbling fluidized bed regime is then formed 
immediately above the gas distribution. The positioning of the sensors makes it possible to determine 
the vertical profile of the pressure of the present setup. Figure 3.3 represents the pressure profile 
along the bed for the reference case. 

 

 
 

Figure 3.3: Pressure profile of bed for the reference case. 

 

Based on the vertical pressure gradient, a distinct bed surface separating two regions: 

• The dense region in the lower part of the bed (Bubbling bed), characterized by a big variation 
of the pressure gradient. 

• The dilute zone in the upper part of the bed (freeboard), characterized by a pressure gradient 
practically independent from the height. 
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3.5.2 Particle	residence	times	
The particle residence time distribution was determined by means of the tracer response technique. 
An approximated Dirac pulse of tracer particles was injected into the fluidized bed at a certain time 
(t=0) and the output signal was detected by the concentration measurement technique described in 
Chapter 2. The tracer was injected at 90cm above the distributor plate as fast as possible to obtain as 
close as a δ-pulse of tracer at the inlet. When the tracer particles are introduced by δ-Dirac pulse into 
the system at time t=0, the recorded concentration C(t) describes also the residence time distribution. 
Before starting the RTD measurement, the pressure drop profile was measured. The injection time of 
the tracer particles has been also measured for each experiment.  

Figure 3.4 shows the concentration curve and F-curve of the phosphor tracer particles changing with 
time, for the reference case.  

The F-curve can be calculated from the experimentally tracer concentration as: 

𝐹(𝑡) = X 𝐸(𝑡)𝑑𝑡
^

B
 (3. 1) 

 

 

Figure 3.4 : C(t) curve and F(t) curve of the reference case. 

 

The experimental RTD curve obtained (C-curve) indicates a sharp peak and long tail. It can be seen 
from this curve that 80% (F(t)) of the particles spend 4 minutes or less in the bed, and 20% of the 
particles spend more longer than 4 minutes in the bed. 

Figure 3.5 also compares the F(t) curves for ideal CSTR reactor with the reference case. The results 
show that the F curve increases faster than that for perfect operation which could indicate the 
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presence of dead volume in the deep fluidized bed. Consequently, the particles pass through the 
fluidized bed column with the dead volume more quickly than that of perfect operation because there 
is smaller effective volume. 

 

Figure 3.5: Comparison of F(t) curves for CSTR under perfect operation and experimental data. 

 

Smolders and Baeyens [15] measured the residence time distribution in CFB reactor at different 
working conditions. They proposed that the injection time cannot be neglected and considered a block-
function for the tracer injection. The injection was modeled as a block-function in the data treatment. 
Figure 3.6 shows the convolution principle of block-formed injection and system.  

 

 

Figure 3.6: Principle of block-formed injection and riser system [15]. 

 

In addition, the global residence time of the bed is equal to the sum of the average residence time of 
the injection and the bed [46]: 
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𝐸(𝑡) = X 𝐸?(𝑡∗)𝐸@(𝑡 − 𝑡∗)
^

B
𝑑𝑡∗ (3. 2) 

 

where, 𝐸? is the RTD of the block-injection (dimensionless), 𝐸@ is the RTD of the bed (dimensionless) 
and 𝑡∗ is the dimensionless time. The residence time distribution of the block-function is [15]: 

 

𝐸?(𝑡) = Ð
1
2𝑡?

,				𝑡 < 2𝑡?
0,					𝑡 ≫ 2𝑡?

 (3. 3) 

 

with 𝑡?equal to half the injection time.  

Consequently, the average residence time for the bed is: 

 

𝑡c,¦aÓ = 𝑡c −
𝑡�Å�
2

 (3. 4) 

In this equation, 𝑡�Å� is the injection time and 𝑡c is the average residence time of the injection and the bed.  
 

3.5.2.1 Effect	of	superficial	gas	velocity	and	solids	inventory	on	RTD	
The study of the fluidization flow rate effects on the particle residence time distribution is performed 
under the reference test case operating conditions and by varying the fluidization flow rate between 
4 and 7.5lit/min. 

It is clear that Ug has an important effect on the maximum peak height, spread and general shape of 
the RTD depending on the increase of Ug. Increasing the superficial gas velocity decreases both the 
mean residence time (𝑡c) and the variance (𝜎@) of the distribution (See Table 3.3). At the very high 
value of Ug, the RTD curve will be narrow and without a significant tail. 

The solids axial mixing can be characterized by the profile of the RTD curve.  Figure 3.4 shows that the 
RTD curves are composed of a single wave and a long tail. The width of the curves has a direct relation 
with the axial mixing of solids.  The narrow peak of the RTD curve indicates that the mixing of the 
dispersed particles does not agglomerate. 

The mean residence time (𝑡c) and the variance (𝜎@) of data were calculated as follow:  
 

𝑡c = X 𝑡𝐸(𝑡)𝑑𝑡
<

B
 (3. 5) 

 (3. 6) 
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𝜎@ = X (𝑡 − 𝑡c)@𝐸(𝑡)𝑑𝑡
<

B
 

 

 

Table 3.3: Effect of superficial gas velocity on the mean residence time and variance. 

Experiment 
number 

U/Umf 
Mean residence time 

(tm) (min) 
Variance (𝛔𝟐) 

(min2) 

3 3 2.76 2.15 

1 5 2.64 2.07 

 

 

The effect of the superficial gas velocity, Ug, and solids inventory are illustrated in Figure 3.7. 

  

 

Figure 3.7 : Effect of solid inventory and superficial gas velocity on the RTD. 
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Figure 3.7 also shows the influence of the solids inventory on the global RTD. Two main variables are 
increased during the experiment: mass flow rate and the solids inventory which is proportional to the 
pressure difference in the bed. These two variables are directly related to the residence time 
distribution according to the equation below:  

 

𝐶(𝑡) = X 𝐶B(𝑡∗)𝐸(𝑡 − 𝑡∗)
^

B
𝑑𝑡∗		𝑜𝑟			𝐶(𝑡) = 𝐸 × 𝐶B (3. 7) 

It was expected that with increasing of the solids inventory, both the mean residence time and the 
variance of the distribution increase therefore a more homogeneous distribution is reached. In 
contrast, increasing the mass flow rate decreases the mean residence time and the variance. In this 
case, the RTD data could not provide the correct comparison between two solids inventories while 
changing two factors having opposite effects on RTD. 

 

3.5.2.2 Characteristics	of	the	residence	time	distribution	
As mentioned in Chapter2, the best manner of comparing RTDs is by using their moments (Equation (3. 
5) and (3. 6)), instead of trying to compare the entire distribution. There are also combinations of 
moments (𝐶Ö) that are generally used to show the probability distributions. The coefficient of variation 
defined as [19]: 
 
 

𝐶Ö =
𝜎
𝑡c

 (3. 8) 

 
 
represents the ratio of the standard deviation to the mean residence time and provides a measure of 
the relative variation or diffusion of a distribution [21]. 
 
The results from the experiments are summarized in Table 3.4. Figure 3.8 also provides the parity plot 
comparing the mean residence time from RTD moments, tm, and theoretical mean residence time, 𝜏, 
presented in Table 3.4. 
 
 

Table 3.4: influence of the operating conditions on the mean residence time and variance. 

Experiment 
number 

Height 
to 

diameter 
(H/D) 

U/Umf 

Mean residence time 
(min) Variance 

(𝜎@) 𝐶Ö  
Experimental Time of 

passage 

1 5 5 2.64± 0.1 3.2 ± 0.1 4.29 0.78 

2 7 5 3.17± 0.1 3.8 ± 0.1 6.91 0.82 

3 5 3 2.76± 0.1 3.2 ± 0.1 4.66 0.78 
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Figure 3.8: Parity plot comparing the mean residence time, tm, calculated from the moments of the RTD, with 

the theoretical mean residence time, 𝜏. 
 
 
As shown in Table 3.4, the mean residence times calculated from RTD data were found lower than from 
the theoretical mean residence times. This could be related to the formation of dead regions at some 
locations inside the bed which was also be observed in Figure 3.5. 
The “dead-volume tail” is a phenomenon caused by the angles and corners in the reactor, where 
fluidization can locally be deficient [74]. This effect slightly reduces the effective volume of the bed. 
The long tails observed in RTD curves also indicate the presence of dead zone inside the reactor. 
 
The measured pigment detected by PMT was also compared with the introduced pigment for different 
operating conditions (See Table 3.5). 
 
 

Table 3.5: Introduced pigment and measured pigment. 

Number 
Height to 

diameter 
(H/D) 

U/Umf 
Introduced 

pigment (gr) 
Measured 

pigment (gr) 

1 5 5 95 87.4 

2 7 5 132.8 127.6  

3 5 3 95 79.4 

 
 
The difference between detected pigment and injected pigment can be caused by: 

• Pigment particles exiting from top of the bed, 
• Changing the mass flow rate in the bed outlet overtime, 
• Measuring only twenty grams of samples according to the calibration method. 
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3.6 Conclusion	

In the present study, the novel concentration measurement technique described in Chapter 2 has been 
shown to be suitable for measuring the particle residence time distribution in a real and deep fluidized 
bed. The principle of this technique is measuring the intensities of tracer particles which excited by the 
UV-LED light. The pigment particles (Lumilux® Green SN-F50 WS) and SiC particles (Silicon Carbide) 
were used as a tracer and bulk particles respectively. The influence of the fluidization velocity and 
solids inventory on residence time distribution was analyzed based on a number of diagrams. 

The following conclusions can be drawn based on the results obtained in this study: 

• Experiments were conducted to determine the influence of the superficial gas velocity and 
height to diameter ratio (H/D) upon the particle RTD. The RTD curves demonstrated that the 
tracer particles are already detected shortly after its injection (t=0) even at low superficial gas 
velocity. 

• An increase in the superficial gas velocity leads to a reduction in the mean residence time. This 
result is expected; the superficial gas velocity in the bed is closely related to the average 
particle velocity. An increase in average particle velocity corresponds to a decrease in the 
mean residence time. 

• The RTD data obtained from the solids inventory effect cannot provide the correct comparison 
between two solids inventories while changing the mass flow rate and superficial gas velocity 
during the experiment. 

• The mean residence time calculated from RTD data was found lower than from the theoretical 
mean residence time which could be related to the formation of dead regions in the bed. 
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4.1 Introduction	

The present chapter is focused on modeling of particle residence time distribution in the experimental 
setup used in Chapter 3. Two different methods are actually available: the powerful but complex 
computational fluid dynamics (CFD) simulation and the simple phenomenological structural models. In 
order to carry out CFD simulation in gas-solid contactors, some complex phenomena such as particular 
bubbles break up or coalescence is required. Considering this point, new approach was proposed as 
follow for particle residence time modeling: the reactor is modeled as a reactor assembling a 
combination of region with ideal reactor such as plug flow reactor (PFR) and perfect mixed reactor 
(CSTR). This method has some advantages, such as handy and giving fast answers. 

The following features are listed to have a simple and reliable RTD model: 

• The model should be able to reflect real feature of the flow characteristics which is observed 
in the studied system. 

• The model should be as simple as possible. 
• The model should contain as few parameters as possible. 
• The intricacy of the mathematical unit involved in determination of model parameters should 

be rationally as simple as possible. 

It is very important to avoid model with unnecessary complexity. By using the complex models, 
additional parameters are inevitably introduced in the model that one is forced to have high resolution 
data. The objective of the present chapter is to propose a methodology based on the combination of 
ideal reactors. The parameters in the model are chosen so as to obtain the closest possible agreement 
between the model predictions and experimental data presented in Chapter 3. 

 

4.2 Theoretical	aspects	

4.2.1 Choice	of	model	
To describe the flow pattern in solids unit operations two types of models are usually employed. These 
models are based on the experimental results obtained by an impulse injection of tracer. In the first 
time, the primary analysis of velocity profile may be giving us the RTD values. In the second approach, 
the main features of the physical flow pattern are used to build a conceptual flow model.  

In this approach the combination of plug flow reactor (PFR), continuous stirred tank reactor (CSTR), 
Tanks-in-series (TIS), CSTRs with a dead volume, laminar pipe flow are usually used [82].  

A fluidized bed is generally modeled as tank in series model or combination of ideal plug flow and 
stirred tank reactors because the good mixing of solids [125]. Tank in series model (TIS) or combination 
of ideal plug flow and stirred tank reactors model consist of a combination of ideal reactor models 
which the residence time distribution functions are known. Another advantage of this model is that 
ability takes into account of the chemical reactions more easily.  
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From these considerations, this type of modeling with simple ideal reactors has been chosen in the 
present study due to their flexibility and good results reported in the literatures [6], [31], [126]. In 
order to establish a good model fitting, input the measurement of residence time distribution is 
required. Therefore, the simulated output is then compared with the experimental output obtained in 
Chapter 3. 

 

4.2.2 Modeling	real	reactors	with	combinations	of	ideal	reactors	
In some fluidized bed reactors, there is highly agitated zone that can be modeled as a perfectly mixed 
CSTR. Particles may follow some labyrinthine path after or before the perfectly mixed zone. These 
labyrinthine paths can be modeled as a plug flow reactor. Therefore, it can be considered that this type 
of tank reactor could be modeled as a CSTR in series with a plug flow reactor [34].  

From Kunii and Levenspiel [86], a model describing the residence time distribution in a single 
continuous stirred tank reactor and single plug flow reactor are provided as: 

 

𝐸(𝑡) =
1
𝜏 𝑒

�^/�							𝑓𝑜𝑟	𝐶𝑆𝑇𝑅 (4. 1) 

𝐸(𝑡) = 𝛿(𝑡 − 𝜏)				𝑓𝑜𝑟	𝑃𝐹𝑅 (4. 2) 

 

For the CSTR followed by the PFR (Figure 4.1), the mean residence time in the CSTR is noted by 𝜏` and 
the mean residence time in the PFR by 𝜏9. The concentration of the CSTR output as a function of time 
for a pulse of tracer injected into the entrance of the CSTR can be calculated as follow: 

 

𝐶 = 𝐶B𝑒�^/�Ø  (4. 3) 

 

 

Figure 4.1: Real reactor modeled using a CSTR and PFR in series. 
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The output concentration decays by a time 𝜏9 at the exit of the plug-flow section of the system (CSTR 
and PFR in series). Therefore, the mean residence time distribution of the system can be obtained by 
the following equation [34]: 

 

𝐸(𝑡) = Ù

0																		𝑡 < 𝜏9

𝑒�(
onpÚ
pØ

)

𝜏`
,					𝑡 ≥ 𝜏9

 (4. 4) 

 

Fogler [125] and Levenspiel [46] show that the sum of the mean residence time for the PFR and CSTR 
in series reactors is independent of the reactor arrangement. The RTD results for the CSTR in series 
with PFR or PFR in series with CSTR are the same.  

 

4.3 Modeling	

Figure 4.2 shows the concentration curve of the phosphorescent tracer particles obtained for the 
reference case (H/D=5, U/Umf=5). C-curve displays a single peak with a long tail, which indicates that 
there might be backward flux or dead zones at some locations inside the bed. 

 

 

Figure 4.2: C(t) curve of the reference case (H/D=5, U/Umf=5). 

 

As shown in Figure 4.2, the shape of this curve suggests that the assumption of a “perfect solid mixing 
behavior (ideal CSTR)” is not quite correct for this case. There are various alternatives to explain what 
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is really happening in this situation. A real fluidized bed might be modeled by different combination of 
ideal reactors. Two types of ideal reactors are usually used: the PFR or the CSTR reactors. By comparing 
the E(t) experimental curves for the actual fluidized bed with the theoretical curves for the different 
combinations of ideal reactors, the best model can be found. 

The first data point in Figure 4.2 is a zero-concentration value which can be modeled as a PFR reactor 
or maybe a large number of tanks in series. After this initial point, there is intensive mixing zone in the 
fluidized bed, which can be modeled as a CSTR reactor.  

The intensive mixing zone followed by a tail indicating the part that has been back-mixed in the bed 
and it is detected with some delay. The long tail profile can also be modeled by a dead zone volume. It 
must be noted that the dead zone fraction represents the degree of non-idealness of the continuous 
flow system [79],[82].  

According to Levenspiel [46], this dead volume can be attributed to the plug flow reactor or the CSTR 
reactor. Figure 4.3 shows the diagram of the experimental apparatus and the observed flow regions. 
In order to reduce the number of parameters in the model, the mixing occurs in the plug flow region 
is cumulated with mixed region (CSTR).  

In a similar way, all plug flow regions can be cumulated in a single bigger plug flow reactor [46]. 
Consequently, the studied fluidized bed may be modeled as a PFR with dead volume in series with a 
CSTR. Figure 4.4 illustrates the schematic of the conceptual flow pattern. 

The mean residence time can be written as: 

𝜏 =
𝑉
𝑣
=
𝑉9
𝑣
+
𝑉
𝑣
+
𝑉Ó
𝑣
= 𝜏9 + 𝜏` + 𝜏Ó  (4. 5) 

where, 𝑣 is the volumetric flow rate and V is the volume of the bed.  

Since dead volume does not participate in the residence time distribution, one can write from a 
material balance of active volume of the bed: 

 

𝑣. 𝐶\]^(𝑡) = 𝑣. 𝐶�Å(𝑡). 𝐸?(𝑡). 𝐸@(𝑡) (4. 6) 

 

The Laplace transform of equation (4. 6) is: 

 

𝐶\]^(𝑠) = 𝐶�Å(𝑠). 𝐸?(𝑠). 𝐸@(𝑠) (4. 7) 

or 

𝐶\]^(𝑠)
𝐶�Å(𝑠)

= 𝐸?(𝑠). 𝐸@(𝑠) (4. 8) 
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Figure 4.3 : Observed flow regions. 

 

 

 

Figure 4.4: Flow diagram of CSTR cross-flowing with a dead volume in series with a plug flow reactor. 

 

Injection point  

Solide outlet 



Chapter 4: Model development 

 

	 87 	
	 	

It can be shown that: 

 

𝐸?(𝑠) = −𝑒`�Ú  (4. 9) 

In a similar way: 

𝐸@(𝑠) =
?
�Ø

𝑠 + ?
�Ø

 (4. 10) 

 

The equation (4. 6) can be rewritten as: 

 

𝐶\]^(𝑠)
𝐶�Å(𝑠)

=
1
𝜏`
(
−𝑒`�Ú

𝑠 + ?
�Ø

) (4. 11) 

 

The model equation is obtained after taking the inverse of the Laplace: 

𝐸(𝑡) =
𝐶\]^(𝑡)
𝐶�Å(𝑡)

=
𝑒�(

onpÚ
pØ

)

𝜏`
 (4. 12) 

 

When there are not dead zones in the system Equation (4. 5) reduces to: 

𝜏 = 𝜏9 + 𝜏` (4. 13) 

  

This is often the case when a powerful mix is provided [127]. This relation is based on the assumption 
that there is no influence of the dead zone on the mean residence time. 

For this condition, it can be shown that: 

 

𝐸(𝑡) = Ù

0																		𝑡 < 𝜏9

𝑒�(
onpÚ
pØ

)

𝜏`
,					𝑡 ≥ 𝜏9

 (4. 14) 

 

where, 𝜏9 and 𝜏` represent the mean residence time of the plug flow and the ideal CSTR respectively.  
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The model parameters and the mean residence time in each reactor are determined by fitting the 
model with the experimental results. If the accordance is close enough, then the model is acceptable. 
To adapt the above discussed model to the experimentally measured RTD curves, the least squares 
curve-fitting technique is used. The fitting quality was studied by choosing the model parameters to 
minimize the sum of the squares of the differences between the data and model. This is known as root 
mean square (RMS) value. The model parameters values corresponding to the minimum RMS value 
are selected as the optimal set of parameters [128]. Thus: 

 

𝑅𝑀𝑆 = X [𝐸(𝑡) − 𝐸c(𝑡, 𝑝𝑎𝑟𝑎𝑚𝑒𝑡𝑒𝑟𝑠)]@
<

B
𝑑𝑡

= 𝑀𝑖𝑛𝑖𝑚𝑢𝑚 
(4. 15) 

In this equation 𝐸c is the residence time distribution of model.  

 

4.4 Results	and	discussion	

In section 4.3, a model presented which describes the experimental situations depicted in Chapter 3. 
Visual observation of the apparatus obviously shows that the total volume of the bed contains of three 
different regions: 

• Mixing region where particles are mixed together in the bed, 
• Moving region where particles flow in the form of moving bed with negligible mixing, 
• Dead zone where there is apparent no flow. 

The E(t) equations for plug flow and mixed flow compartment give the E(t) equation (equation (4. 14)) 
that is used to represent the experimental data. The dead volume is an inactive volume of the bed. 
Therefore, it is not present in the overall residence time except for the shift in the observed mean 
residence time. The same analysis is also done in the work of Arriola [127]. 

The results of RTD simulation are given in Table 4.1. Apart from the proposed model, two model 
parameters 𝜏` and 𝜏9 were obtained. 

Table 4.1: Results of RTD analysis. 

Run 
No. 

Bed 
height 
(cm) 

U/Umf 

Mass 
flow 
rate 

(gr/s) 

Time of 
passage 

(min) 

Experimental 
mean 

residence 
time (min) 

Model 
predicted 

mean 
residence 

time 
(min) 

𝝉𝒑 
(min) 

𝝉𝒔 
(min) 

𝝉𝒔
𝝉𝒑

 Relative 
error% 

1 31.5 5 7.3±0.2 3.2 ± 0.1 2.64±0.1 2.77 0.27 2.5 9.2 4.57 

2 44 5 8.8±0.2 3.8 ± 0.1 3.17±0.1 3.43 0.26 3.17 12.2 7.55 

3 31.5 3 7.3±0.2 3.2 ± 0.1 2.76±0.1 2.81 0.6 2.21 3.6 1.6 
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The representative comparison of experimental and model simulated RTD curves are shown in Figure 
4.5. 

 

(a) 

 

(b) 
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(c) 

Figure 4.5: Experimental and model predicted RTD curves: a) reference case (H/D=5, U/Umf=5); b) H/D=7, 
U/Umf=5, c) H/D=5, U/Umf=3. 

 

Table 4.2 and the plotted data in Figure 4.5 illustrate that for constant time of passage (3.2±0.1 min), 
with increasing the superficial gas velocity the mixing behavior (𝜏`/𝜏) was increased. From Kunii and 
Levenspiel [86], the mixing behavior and the plug flow behavior have the opposite direction. 
Consequently, for constant time of passage (3.2±0.1 min) an increase in superficial gas velocity 
decreases the plug flow behavior of the bed (𝜏9/𝜏). 

Table 4.2 : predicted mixing behavior and plug flow behavior from the proposed model.   

Run No. 
𝝉𝒑
𝝉  

𝝉𝒔
𝝉  

𝝉𝒔
𝝉𝒑

 

1 0.08 0.76 9.2 

2 0.06 0.85 12.2 

3 0.18 0.67 3.6 

 

From the analysis of Table 4.2, the value of 𝜏`/𝜏9 is increased with increasing the solids inventory. 
Consequently, it is possible to conclude that the solids mixing in the bed increases with increasing the 
solids inventory even with increasing the mass flow rate. 

Figure 4.6 also provides the parity plot comparing the predicted mean residence time from the 
proposed model and the experimental mean residence time for the deep fluidized bed. It could be 
concluded from this figure that the data points obtained based on the model are distributed uniformly 
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around and close to the parity line. This shows that there is a good agreement between the proposed 
model prediction and experimental data. 

 

 

Figure 4.6: Parity plot comparing the experimental mean residence time and predicted mean residence time 
for the deep fluidized bed. 

 

Tank-in-series	(TIS)	model:	

In the present study, the tank in series (TIS) model as a one commonly used model was also considered 
for the comparison. To model the reactor as a series of identically sized CSTRs (tank-in-series), a single 
parameter model was assumed and the number of the identical CSTR in series, N, was evaluated. In 
the present study, the number of ideal tanks in series (N) obtained from tracer response curves: 

 

𝑁 =
𝑡c@

𝜎@
 

(4. 16) 

 
 

where, 𝑡c is the experimental mean residence time and 𝜎@ is the variance.  

If the number of reactors, N, turns out to be small, the reactor characteristics turn out to be a single 
CSTR or two CSTRs in series. At the other side, when N turn out to be large, the reactor characteristics 
approach a plug flow reactor. 
 
The assumptions made with this model include: 

• There is no backflow of material in the apparatus 
• The N stirred tanks are considered of same size.  

 
Table 4.3 shows the values of N obtained for various operating conditions. 
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Table 4.3: The number of CSTR obtained from the experimental data. 

Run No. U/Umf 
Bed height 

(cm) 
Mass flow 

rate (gr/s) 

Experimental 
mean 

residence 
time (min) 

Variance  
𝝈𝟐 (min2) 𝑵 

1 5 31.5 7.3±0.2 2.64±0.1 4.29 1.62 

2 5 44 8.8±0.2 3.17±0.1 6.91 1.46 

3 3 31.5 7.3±0.2 2.76±0.1 4.66 1.64 

 
 
E-function can be calculated by the following equation [86]: 
  

𝐸(𝑡) =
1

(𝑁 − 1)! 𝜏�
(
𝑡
𝜏�
)��?. 𝑒�^ ��M  (4. 17) 

 

where, 𝜏�, is the mean residence time in each stage given by: 

 

𝜏� =
𝑡c
𝑁

 (4. 18) 

 

The representative comparison of experimental and two models simulated RTD curves are shown in 
Figure 4.7. 
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(b) 

 

(c) 

Figure 4.7: The comparison between two different model predictions (the Tank-in-series model and CSTR in 
series with PFR) and the experimental of the RTD curves: a) reference case (H/D=5, U/Umf=5); b) H/D=7, 

U/Umf=5, c) H/D=5, U/Umf=3. 

 

Figure 4.7 presents the comparison of the residence time distribution function, E(t), between two 
different model predictions and experimental results. It has been observed that the “CSTR in series 
with PFR” model prediction generally give good agreement with the experimental results. The deep 
fluidized bed behavior is strongly close to the “CSTR in series with PFR” model [9]. It should be noted 
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that there is a recirculation of the solids in the bed which can be at the origin of the observed 
differences between the “Tank in series” model and the experimental results. 

Table 4.4 provides the predicted mean residence time values for the “Tank-in-series” model and “CSTR 
in series with PFR” model comparing with the experimental mean residence time. The errors in the 
“CSTR in series with PFR” model is small (4.5% in average) whereas in the “Tank-in-series” model are 
highly larger (13% in average). 

 

Table 4.4: Predicted mean residence time for two models (TIS model and CSTR in series with PFR model). 

Run No. 
Experimental 

mean residence 
time (min) 

Predicted mean residence 
time (min) 

Tank-in-series 
model 

CSTR in 
series with 
PFR model 

1 2.64 2.34 2.77 

2 3.17 2.76 3.43 

3 2.76 2.49 2.81 

 

 

4.5 Conclusion	

A technique for determination of solids residence time distribution has been successfully developed 
and described in Chapter 2. Two models using ideal reactors (plug flow reactor and CSTR reactor) have 
been presented (Tank-in-series model and CSTR in series with PFR model) that describe the residence 
time distribution of particles in a deep fluidized bed. 

The following conclusions can be drawn based on results obtained in this study: 

• A model consisting of a continuous stirred tank reactor in series with a plug flow reactor cross-
following with a dead volume fitted well with the experimental data. 

• The experimental mean residence times are in good agreement with the mean residence times 
predicted by the “CSTR in series with PFR” model. The average errors were calculated 4.5% 
and 13% for “CSTR in series with PFR” and “Tank-in-series” model respectively.  

• The analysis showed that for constant mass flow rate, an increase of the superficial gas velocity 
causes an increase in mixing behavior (𝜏`/𝜏). 

• The CSTR fraction in the bed predicted by the “CSTR in series” model varied from 67% to 85% 
depending on the operating conditions. The maximum and minimum CSTR fractions were 
found for run no.2 (H/D=7; U/Umf=5) and run no.3 (H/D=5; U/Umf=3) respectively. 

• In the present study, based on the experimental data, it has been also observed that the 
predicted value of 𝜏`/𝜏9 is increased with increasing the solids inventory. This study 
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emphasized the importance of the solids inventory as a critical parameter for the experimental 
RTD studies in the evaluation of the mixing in a flow system. 
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Overall	conclusions	

In the present study, a comprehensive investigation was conducted on hydrodynamics and particle 
residence time distribution determination in solid unit operations as well as model development. 

This thesis can be divided into three major parts: 

• Development of the novel concentration measurement technique 
• Particle residence time distribution measurement in a deep fluidized bed 
• Model development. 

In the first part, the novel concentration measurement technique was developed based on the optical 
method. This technique enables RTD studies to be carried out with high accuracy in solid unit 
operations especially with long residence time. 

Experiments were carried out with two powders, Silicon Carbide (SiC) as a bulk solid and the pigment 
phosphorescent (Lumilux® Green SN-F50 WS; median diameter of 70.4 µm) as tracer particles. SiC was 
selected due to its mechanical resistance to attrition and volumetric heat capacity that is essential in 
wide range applications where it is used as a heat carrier. The tracer particle (Lumilux® Green SN-F50 
WS) was also chosen to have similar physical properties to the SiC particles. 

The calibration procedure was conducted in an especially designed system with two transparent 
sections for activation of the tracer particles and detection of their intensities. With the addition of the 
LED-UV spot light source which fits around the maximum of the excitation spectrum of the 
phosphorescent tracer, the optical filter for eliminating the wavelength of the UV light detection, and 
using the high sensibility of the photomultiplier, the measurement sensibility was improved. The high 
sensibility of measurement allows the high precision detection of the pigment emission light. From the 
calibration results, a linear relationship between the integral of the detected intensities and pigment 
concentration was found and was proven to be reliable. 

Since, the low consumption of the tracer particles in the experiments is desired; the measurements 
were carried out with high sensibility of the photomultiplier and very low pigment concentration 
(ranging from 0.25%wt. to 6.25%wt.). Due to the low consumption of the tracer, our RTD experiments 
can be conducted without separating the tracer particles and bulk particles. 

In order to validate our RTD measurement methodology, a simple bubbling fluidized bed was used to 
study its particle RTD experimentally and compare it with theoretical results. Therefore, three RTD 
curves were determined by varying H/D (1, 1.5 and 2) with the same operating conditions. The 
experimental C-curves and F-curves of the fluidized bed reactor measured by the concentration 
measurement system fit well with the theoretical results. The experimental values of the mean 
residence time were also obtained close enough to the theoretical mean residence time values with a 
maximum relative error of less than 7%.  

The results confirmed the robustness of the methodology as a novel method for measurement of 
particle residence time distribution in solid unit operations. 
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In the second part, presented in Chapter 3, the developed technique of the concentration 
measurement was applied to measure the residence time distribution of a deep fluidized bed to 
present an application of the developed technique. 

The particle RTD curves were determined experimentally in different operating conditions using Silicon 
Carbide (SiC) as a bulk solid and the pigment phosphorescent (Lumilux® Green SN-F50 WS) as tracer 
particles. In order to not perturb the flow by the injection, the amounts of tracer particles are 
minimized as low as possible in all experiments. A reference case (H/D=5; U/Umf=5) is compared with 
cases in which one of the operational parameters is changed: increase height to diameter (H/D=7) and 
decrease superficial gas velocity (U/Umf=3). 

The comparison of F-curve between the reference case and ideal CSTR reactor showed that the F-curve 
increase more rapidly than that for perfect operation which could indicate the presence of dead 
volume in the bed. Consequently, the particles pass through the bed with the dead volume more 
quickly than that of perfect operation because there is smaller system volume.  

Increasing the superficial gas velocity decreases both the mean residence time (𝑡c) and the variance 
(𝜎@) of the distribution. This result is expected; the superficial gas velocity in a bed is closely related to 
the average particle velocity. An increase in average particle velocity corresponds to a decrease in the 
mean residence time. 

The values of the calculated mean residence time based on the experiments were also found smaller 
than the theoretical mean residence time. This indicates the formation of dead regions at some 
locations inside the bed.  

In the last part, presented in Chapter 4, a model was proposed to predict the particle residence time 
distribution in the deep fluidized bed described in Chapter 3. The model consists of a combination of 
ideal reactor models for which the E-functions are known. The measurement of RTD is required to 
establish a good model fitting data. Therefore, the simulated output is then compared with the 
experimental data. 

Because of the good solids mixing in fluidization, a fluidized bed is usually modeled as tanks-in-series 
(TIS) model or combination of ideal plug flow and stirred tank reactors. Visual observation of the setup 
and the experimental data (C-curves and F-curves) indicated that the total volume of the bed consists 
of: a region where particles are mixed, a region where particles flow in the form of moving bed with 
insignificant mixing and a region where there is apparent absence of flow. Thus, the studied fluidized 
bed may be modeled as a PFR with dead volume in series with a CSTR. 

Two model parameters were obtained from the model development, 𝜏9(mean residence time of the 
plug flow) and 𝜏` (mean residence time in the CSTR). Based on the experimental data, an increase of 
the superficial gas velocity cause an increase in mixing behavior (𝜏`/𝜏). Similarly, for constant mass 
flow rate an increase in superficial gas velocity decreases the plug flow behavior of the bed (𝜏9/𝜏) as 
expected. Furthermore, the value of 𝜏`/𝜏9 which represents the mixing behavior to plug behavior ratio 
is increased with increasing the solids inventory. So, it is possible to conclude that the solids mixing in 
the bed increases with increasing the solids inventory even with increasing the mass flow rate. 



Conclusions and Recommendations  
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Following the modeling of the deep fluidized bed, the predicted mean residence time were obtained 
close enough to the measured mean residence time which indicates the existence of the good 
agreement between the proposed model and experimental data. It was also shown that the Tank-in-
series model, as a one commonly used model, cannot describe the behavior of the studied system. The 
errors in the “CSTR in series with PFR” model were found small (4.5% in average) whereas in the “Tank-
in-series” model were found highly larger (13% in average). 

 

Recommendations	

This thesis provides comprehensive experimental results and systematic understanding on 
hydrodynamics and particle residence time distribution in solid unit operations. However, there are 
areas which require further work: 

In this study, only one type of bulk particle employed throughout the experiments, however, residence 
time distribution of the solid unit operations is greatly influenced by the physical properties of solid 
particles. Therefore, experiments using different solid particles can provide more insight into their 
impacts in hydrodynamics of solid unit operations and their particle residence time distributions. By 
using another bulk particle, another tracer particle will be needed that has identical physical 
properties. It is possible to coat the outside of the bulk particles using the pigment. In this way, any 
particles that can be coated may be used for the RTD experiments. 

The RTD results in this study were obtained by sampling and subsequent measurement in laboratory 
using concentration measurement system. The experimental RTD curves can be obtained either by 
online measurement and can be monitored continuously. It will be useful to integrate the 
concentration measurement system with solid unit operation allowing the RTD measurement with 
simple online detection of the tracer. 

The developed measurement technique in the present study was applied in a deep fluidized bed. 
Applying this developed measurement technique in other solid unit operations (Downer, extruder, 
cyclone, dual circulating fluidized bed…) is quite challenging and therefore further experimental works 
may need to be carried out. 
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6 Annexes	
 

Annex I: Pigment phosphorescent: 
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Annex II: Characteristics of UV-LED light source  

 

Characteristics of UV-LED light source 

PARAMETERS UV-LED SPOT LIGHT SOURCE UNIT 

Maximum UV irradiation 14000 mW/cm2 

Peak wavelength 365 ± 5 nm 

LED design life 20000 h 

Input voltage 9 ± 0.5 V 

Power consumption (Max) 25 W 

Operating temperature range +5 to +35 °C 

Operating humidity range 20% to 80% - 

Control method Front panel control/ external control/ 
communication control 

- 
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