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Abstract

Post-combustion CO capture in a hollow fiber membrane contactor (HFMC), using
imidazolium-based room temperature ionic liquids (RTILs) and amino acid ionic liquids
(AAILs) as absorbents, was studied through an experimental and modeling approach.
Equilibrium solubility of CO> in RTILs was measured by isochoric pressure drop. Pore
wetting was analyzed by measuring surface tension of the RTILs, contact angle and liquid
entry pressure (LEP). The experimental work of CO» capture from a gas mixture was carried
out with a laboratory scale unit using a single HFMC for absorption or two coupled HFMCs
one for absorption and a second for desorption working simultaneously. Furthermore, robust
and rigorous dynamic modeling approaches were developed for isothermal (with RTILs) and
non-isothermal (with AAILs) absorption. Both isothermal and non-isothermal models were
validated with experimental data and were used to simulate a large range of operating
conditions. Initial high values of CO» absorption rate and experimental mass transfer
coefficients decreased with operation time and reached a nearly constant value at pseudo-
steady-state. Before reaching pseudo-steady-state, the separation efficiency of coupled
process was higher when compared with the absorption with a single module.

Keywords: Post-Combustion CO; Capture, Membrane Contactor, Ionic Liquid, CO:
Solubility, Modeling and Simulation.

Résumé

Des contacteurs membranaires a fibres creuses (HFMC) ont été utilisés pour la capture du
CO; des courants gazeux. Pour ce faire, des liquides ioniques a température ambiante (RTIL)
et des liquides ioniques d'acides aminés (AAIL) a base d'imidazolium ont été utilisés comme
absorbants, avec une double approche expérimentale et de modélisation. La solubilité¢ du CO»
a I'équilibre dans les RTIL a été mesurée par la chute de pression isochronique. Le mouillage
des pores a été analysé avec la mesure de la tension superficielle des RTIL, I'angle de contact
et la pression d'intrusion (LEP). Le travail expérimental de capture du CO; a partir d'un
mélange gazeux a été réalisé avec une unité a 1'échelle de laboratoire en utilisant soit un
HFMC pour l'absorption simple soit deux HFMC couplés, travaillant simultanément un en
absorption et le second en désorption. En outre, une approche de modélisation en régime
dynamique robuste et rigoureuse a ¢été développée pour l'absorption isotherme (avec des
RTIL) et non isotherme (avec des AAIL), les modeles développés ont étés validés avec les
résultats expérimentaux et utilisés pour simuler un large éventail des conditions opératoires.
Le flux d'absorption du CO: et les coefficients de transfert de masse expérimentaux,
initialement tres élevés, décroisent avec le temps atteignant une valeur presque constante
arrivant a un état pseudo-stationnaire. Avant d'atteindre 1’état pseudo-stationnaire, le
rendement de séparation du procédé couplé s’est montré plus efficace que 1’absorption avec
un module unique.

Mots-clés: Capture de CO> Post-combustion, Contacteur a Membrane, Liquide Ionique,
Solubilité au CO,, Modélisation et Simulation.



Nomenclature

Latin symbols
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Area (m?)

Concentration (mol m~3)

Gas dependent constant (Jem™3) 71

Gas dependent constant (Jem™3) 71
Specific heat (J mol™* K™1)

Diameter (m)

Diffusivity (cm? s™1)

Enhancement factor (-)

Fugacity (Pa)

Solubility of CO; (mol m~3 Pa™1)

Ion specific constant (m3 Kmol™1)

Gas specific constant (m3 Kmol™1)
Henry’s law constant (Bar)
Dimensionless Henry’s law constant (-)
Hatta number (-)

Enthalpy (J mol™1)

Molar flux (mol. m™2.s71)

2™ order rate constant (L mol~! s™1)
Overall mass transfer coefficient (m s™1)
Local mass transfer coefficient (m s™1)
Kinetic constant (s™1)

Length of membrane(m)

Molar weight (kg mol™1)

Number of fibers (-)

Number of moles (mol)

Pressure (Pa)

Volumetric flowrate (m3 s™1)

Module inner radius (m)



R Perfect gas constant (J mol™* K™1)

R Mass transfer resistance (s m™1)

r Radius (m)

f; Reaction rate (mol m™3 s71)

Re Reynolds number (-)

S¢ Schmidt number (-)

Sh Sherwood number (-)

t Time(s)

T Temperature (K)

U Interstitial velocity (m s™1)

% Molar volume (cm® mol~1)

\Y Volume (m?)

X" Mole fraction of CO; in IL (-)

y* Mole fraction of CO; in gas (-)
Subscripts

A Membrane absorber

C Contactor

CO, Carbon dioxide

exp Experimental

g Gas

h Hydraulic

I Inner

in Inlet

IL [onic Liquid

Kn Knudsen

1 Liquid

Im Log mean

m membrane

out Outlet

0 Outer

ov Overall

p Pore



r Radial coordinate
) Reservoir
S Membrane stripper
S Steady-state
Z Axial coordinate
Greek symbols

a CO; loading (mol mol™1)
B Contact angle (deg)
p Density (g cm™3)
€ Membrane porosity (-)
T Membrane tortuosity (-)
T Residence time (s)
d Membrane thickness (m)
IT Surface pressure (Pa)
1) Packing fraction of contactor (-)
) Fugacity coefficient (-)
©y CO; concentration in the gas (Vol %)
Y Surface tension (mN m™1)
1l Viscosity (cP)
A Thermal conductivity (W m~1 K1)

Abbreviations and Acronyms
[apmim][BF4] 1-(3-aminopropyl)-3-methyl-imidazolium tetrafluoroborate
[bmim][BF4] 1-butyl-3-methyl-imidazolium tetrafluoroborate
[Bmim][DCA] 1-Butyl-3-methylimidazolium dicyanamide
[bmim][Gly] 1-butyl-3-methylimidazolium glycinate
[Bmim][TCM] 1-Butyl-3-methlyimidazolium tricyanomethanide
[emim][Ac] 1-ethyl-3-methylimidazolium acetate
[emim][DCA] 1-ethyl-3-methylimidazolium dicyanamide
[emim][EtSO4] 1-ethyl-3-methylimidazolium ethyl sulfate
[emim][Gly] 1-ethyl-3-methylimidazolium glycinate
[emim][MeSO4] 1-ethyl-3-methylimidazolium methyl sulfate
[hmim][Gly] 1-hexyl-3-methylimidazolium glycinate

Vi



[MEA][Gly]
[N1111][Gly]
AAILs
AMP

CcC

CCS

CCUS
HFMCs

ILs

LEP
MDEA
MEA

PCC

PE

PP

PTFE
PVDF
RTILs
TSILs

Monoethanolamine glycinate

Tetramethylammonium glycinate

Amino acid ILs
2-amino-2-methyl-1-propanol
COz capture

Carbon capture and storage

Carbon capture, utilization and storage

Hollow fiber membrane contactors

Ionic liquids

Liquid entry pressure
Methyl-diethanolamine
Mono-ethanolamine
Post-combustion capture
Polyethylene

Polypropylene
Polytetrafluoroethylene
Polyvinylidene fluoride

Room temperature ionic liquids

Task Specific ionic liquids
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Synthése des travaux en francais

Syntheése des travaux en francais

Contexte

Au niveau mondial, une grande partie de la recherche actuelle s’est focalisée sur 1’étude des
causes et des solutions a 1’augmentation anthropique des émissions de dioxyde de carbone
(CO2) qui contribuent de maniére importante au réchauffement de la planéte et au
changement climatique. Les activités humaines ont provoqué une augmentation de 100 ppm
(+36 %) de la concentration atmosphérique de CO; au cours des 250 dernieéres années
(Barker, 2007 ; Jie et al., 2013). Cependant, ces derniéres décennies, les émissions de CO2 se
sont précipitées augmentant de 6 % chaque année (Chabanon et al., 2013 ; Dai et al., 2016b,
2016¢) en raison de la dépendance du monde vis-a-vis des combustibles fossiles et de
I’accélération de la croissance économique mondiale. La capture du CO; (CC) est 1'une des
options les plus prometteuses pour minimiser l'influence de l'utilisation des combustibles
fossiles sur le changement climatique (Yang et al., 2008). En général, trois stratégies
différentes de CC sont ¢tudiées pour atténuer les émissions de ce gaz : 1'oxy-combustion, la
précombustion et les procédés de séparation postcombustion. La capture du CO, de gaz de
postcombustion (PCC) est le moyen le plus efficace et le plus réalisable d'atténuer les
émissions de CO> car ce procédé de séparation peut étre appliqué a tous les procédés de
combustion et peut étre adapté aux centrales électriques et aux installations industrielles

existantes (Chabanon et al., 2013 ; Zhao et al., 2016).

Il existe diverses technologies utilisées pour le piégeage du CO2, notamment des méthodes
industrielles d’absorption classiques comme les tours a garnissage, les tours de pulvérisation
etc. (Fazaeli et al., 2015). Concernant les procédés membranaires, la séparation membranaire
en phase gaz a été tres étudiée, mais c’est surtout les contacteurs membranaires gaz-liquide a
fibres creuses (HFMC) qui semblent étre la technologie la plus prometteuse de par son
caractere hybride combinant a la fois une trés grande surface de contact et l'absorption,
permettant ainsi d’obtenir des transferts de masse gaz/liquide optimisés. En outre, les HFMCs
offrent une surface inter-faciale 30 fois plus importante que les autres absorbeurs
conventionnels a colonne, évitant en méme temps la formation des mousses et permettant un
controle indépendant des débits de fluides. Par ailleurs, leur modularité permet aussi une
certaine facilité lors du changement d'échelle. Un inconvénient majeur des HFMCs est la

résistance supplémentaire au transfert de masse due a la membrane, en particulier lorsque le



Synthése des travaux en francais

mouillage est présent, c’est-a-dire lorsque les pores des fibres sont partiellement ou
totalement remplis de liquide (Azari et al., 2016 ; Gabelman et Hwang, 1999 ; Muhammad et
al., 2017 ; Zhao et al., 2016). En effet, si le phénomeéne de mouillage est présent, le transfert
est fait par diffusion dans la phase liquide stagnante a ’intérieur des pores, en conséquence la
résistance au transfert de masse augmente ce qui peut entrainer une forte diminution des
performances d'absorption (Mosadegh-Sedghi et al., 2014 ; Rangwala, 1996). Le mouillage
des pores de la membrane peut étre évité en maintenant la pression en dessous de la pression
d'entrée du liquide (LEP), également appelée pression de percée. Selon 1'équation de Laplace-
Young, la LEP peut étre augmentée en améliorant le cosinus de l'angle de contact, en utilisant
des absorbants a haute tension de surface et/ou en utilisant des fibres avec des pores de trés
petite taille. Li et Chen, (2005) et Mosadegh-Sedghi et autres (2014) ont suggéré les
parametres mentionnés ci-dessus pour controler le mouillage des pores en utilisant des
membranes hydrophobes, en employant des absorbants non corrosifs et compatibles avec les
membranes et en maintenant la pression transmembranaire a un niveau inférieur a celui de la
LEP. Les membranes poreuses utilisées dans les contacteurs membranaires sont généralement
constituées de matériaux hydrophobes tels que le polypropyléne (PP), le polyéthyléne (PE), le
polytétrafluoroéthyléne (PTFE) et le polyfluorure de vinylidéne (PVDF). Ces membranes
seraient surtout utilisées pour le piégeage du CO> avec des solutions hydrophiles, en raison de
leur grande hydrophobie et de leur bonne stabilité (Chabanon et al., 2015 ; Dai et al., 2016a).
Le choix des absorbants pour la CC dans les contacteurs a membrane est trés critique en
raison des divers problémes causés par les absorbants classiques (Constantinou et al., 2014 ;
Dindore et al., 2004). Les solvants a base d’amines ont été principalement utilisés jusqu'a
présent, en raison de leur grande capacité de régénération. Cependant, l'utilisation de ces
solvants est menacée par leur grande volatilité, leur perte importante de solvant, leur
dégradation a haute température et leur taux de corrosion €levé, qui peuvent étre critiques
pour la stabilit¢ des membranes (Iliuta et al., 2015 ; Wang et al., 2013a). Pour surmonter ces
inconvénients, de nombreux autres types de solvants ont été proposés pour l'absorption du
CO; dans les contacteurs a membrane, tels que les solutions d'ammoniac et de carbonate, les

liquides ioniques (IL), etc.

Les ILs sont des sels organiques avec une pression de vapeur négligeable et une grande
stabilité¢ thermique, par ailleurs, certains permettent une solubilit¢ du CO> élevée, (Li et al.,
2016). Selon Ramdin (2012) ces propriétés conduisent a une perte de solvant presque nulle et

a une consommation d'énergie relativement faible pendant 1I’étape de régénération du solvant
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(Ramdin et al., 2012). Un autre avantage des ILs est leur faible toxicité et leur corrosivité
relativement faible, qui sont presque deux fois inférieures a celles des amines couramment
utilisées (Papatryfon et al., 2014). Les ILs sont classés en deux catégories, les ILs a
température ambiante (RTILs) et les liquides ioniques spécifiques (TSILs). Les RTILs sont
considérés comme se comportant comme des solvants physiques typiques du CO; et d'autres
gaz. La solubilité des gaz dans les RTILs est largement représentée par la constante de Henry
(Dai et al., 2016b ; Lei et al., 2014). Les ILs a base d'imidazolium ont été¢ largement utilisés
pour la capture du CO». Des études ont rapporté un effet moindre des cations de chaine alkyle
sur la solubilité¢ du CO; par rapport aux anions qui ont une forte influence sur la solubilité de
ce gaz (Chen et al., 2006 ; Zhang et al., 2012). La solubilité et la constante de Henry du CO>
dans divers RTILs ont été largement étudiées et rapportées dans la littérature (Blath et al.,
2012, 2011 ; Mejia et al., 2013 ; Ramdin et al., 2012 ; Soriano et al., 2009 ; Yim et al., 2018 ;
Yokozeki et al., 2008). Au cours des derniéres années, de nombreux chercheurs ont appliqué
les ILs en combinaison avec des contacteurs membranaires pour la séparation des gaz. Par
exemple, Dai et Deng, (2016) ont utilis¢ I1L 1-Butyl-3-méthlyimidazolium
tricyanométhanide ([Bmim] [TCM]) pour l'absorption du CO; en utilisant une membrane de
microfiltration en verre. Dans une autre étude, I'auteur a utilisé le méme IL pour étudier et
comparer la compatibilité de six membranes polymeres différentes pour I'absorption du CO»
(Dai et al., 2016a). Lu et al. (2013), (2014), (2015) et (2017) ont mis au point une unité
d'absorption membranaire et de régénération sous vide pour 1'absorption et la régénération du
CO> avec du tétrafluoroborate de 1-butyl-3-méthyl-imidazolium ([bmim] [BF4]),
tétrafluoroborate de 1-(3-aminopropyl)-3-méthyl-imidazolium ([apmim] [BF4]), glycinate de
monoé¢thanolamine ((MEA] [GLY]) et un mélange de 2-amino-2-méthyl-1-propanol (AMP)
avec [bmim] [BF4] et ([apmim] [BF4]). Gomez-Coma et al. (2014) et Albo et al. (2010) ont
utilisé¢ le sulfate de 1-éthyl-3-méthylimidazolium ([emim] [EtSO4]) dans leurs études sur
'absorption du CO> dans un contacteur & membrane. Chau et al. (2016) et (2014) ont utilisé
le 1-Butyl-3-méthylimidazolium dicyanamide ([Bmim] [DCA]) pour le procédé d'absorption
par membrane a pression alternée pour absorber le CO2 du gaz de synthése a basse

température.

Ce travail vise a développer une approche expérimentale et de modélisation pour I'absorption
du CO; dans un contacteur a membrane a fibres creuses avec quatre ILs différents a base
d'imidazolium a température ambiante, et quatre ILs d'acides aminés spécifiques (AAIL). Les

ILs a base d'imidazolium considérés pour ce travail sont le sulfate de méthyle 1-éthyl-3-
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méthylimidazolium ([emim] [MeSO4]), le dicyanamide 1-éthyl-3-méthylimidazolium
([emim] [DCA]), le sulfate de 1-éthyl-3-méthylimidazolium éthylique ([emim] [EtSOa4]) et
l'acétate de 1-éthyl-3-méthylimidazolium ([emim] [Ac]) alors que les AAIL considérés
étaient le glycinate de tétraméthylammonium ([N1111] [Gly]), Glycinate de 1-éthyl-3-
méthylimidazolium ([emim] [Gly]), le glycinate de 1-butyl-3-méthylimidazolium ([bmim]
[Gly]) et le glycinate de 1-hexyl-3-méthylimidazolium ([hmim] [Gly]). Les structures
moléculaires des cations et des anions des ILs susmentionnés sont présentées dans la figure

1.1 ci-dessous.

CHs LOHs +,c:Ha
HiC—/—CH ﬁ;g { N% [f_N \
HaC —/N\—CH3 kCHS ek, CHa(CHz)«CHs
[Ny ™ [emim]* [bmim]* [hmim]*
(a)
‘O"(:S?_OCH3 o sy B ”“3/\[0_
0 CN ¢ O~ “CHj
[MeSO,] [DCAT [EtSO,] [ACT [Gly]

(b)

Figure 1 Structures moléculaires des (a) cations et (b) anions des liquides ioniques
sélectionnés.

Deux séries différentes des procédés de capture du CO; ont été réalisées expérimentalement :
une absorption simple avec un seul HFMC et une absorption/désorption couplée réalisée avec
deux modules membranaires. Le dispositif d'absorption a un seul module n'absorbe le CO>
qu'en boucle fermée jusqu'a ce qu'il atteigne un état pseudo-stationnaire, suivi d'une étape
d'extraction et de régénération séparée. Le dispositif d'absorption/désorption couplée permet
d'absorber le CO, d’une mélange gazeux dans un premier HFMC, puis de le désorber par
balayage d’azote dans un deuxieme HFMC en un seul cycle de recirculation du IL. Cette
configuration permet des étapes simultanées d'absorption et de désorption dans un seul cycle.
Le mélange de gaz d'alimentation et le gaz de balayage ont été alimentés a I’intérieur des

fibres de chaque HFMC et a contre-courant par rapport au IL qui était alimenté a I’extérieur

4
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des fibres. Des contacteurs a membrane contenant des fibres mésoporeuses en polypropylene
ont été sélectionnés pour 1'absorption. La solubilité du CO», 1'équilibre du transfert de masse
et les constantes de la loi d'Henry ont ét¢ mesurés en utilisant le principe de la chute de
pression iso-chorique. Les fibres et ILs ont été caractérisés par diverses techniques,
notamment la mesure de l'angle de contact, la tension superficielle, la microscopie
¢lectronique a balayage (MEB) avant et aprés 'absorption et I'analyse thermogravimétrique

(TGA).

La modélisation et la simulation sont des outils indispensables pour minimiser le nombre
d’expériences afin d’étudier un large spectre des conditions opératoires, faciliter la mise a
I'échelle et réduire le cotit d'optimisation lors de la conception d’un procédé. La modélisation
2-D des transferts dans les fibres permet de calculer les transferts de masse axiaux et radiaux.
En outre, si la modélisation est correctement réalisée et validée par des résultats
expérimentaux, un large spectre de situations d'absorption réelles ou simulées peuvent étre
¢tudiées, permettant d'évaluer le role de 1'absorbant, de la membrane et de I'hydrodynamique
séparément, comme cela a ¢été suggéré dans la revue de Zhao et al. (2016). De nombreux
chercheurs se sont concentrés sur la modélisation et la simulation de I’absorption du CO>
dans les HFMC avec des absorbants classiques. Cependant, il existe peu de littérature
disponible sur la modélisation et la simulation de l'absorption du CO2 dans les HFMC avec
des ILs (Azari et al., 2016 ; Dai et al., 2016c¢). Cette thése comporte une forte composante de
modélisation avec des approches de modélisation dynamique en régime permanent et pseudo-
stationnaire. Ces modeles ont ¢€té mis en ceuvre pour ¢étudier le procédé
d’absorption/désorption du CO; des courants gazeux a travers la simulation et pour effectuer
des analyses paramétriques et de sensibilité ainsi qu'une optimisation. Une approche de
mod¢lisation isotherme a été¢ développée pour les RTILs a base d'imidazolium tandis que

pour les AAILs, un modele non-isotherme a été construit.

Problématique
Cette these a été réalisée en tenant compte des problémes suivants :

o Le développement des technologies de capture du CO> est nécessaire pour contrdler la

croissance rapide du niveau de ce gaz dans l'atmosphére.
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o Des améliorations dans la conception et I’intensification des procédés avec des
HFMCs sont essentielles dans les opérations de capture du CO> de gaz de
postcombustion.

o Jusqu'a présent, la plupart des absorbants utilisés pour la capture du CO> sont
corrosifs, volatils et sensibles a la dégradation. D'autres absorbants respectueux de
I'environnement, tels que les ILs, qui peuvent minimiser les problémes mentionnés ci-
dessus, doivent étre explorés.

o La connaissance actuelle des cinétiques de réaction et d'absorption du CO; dans les
ILs est trés incompléte mais nécessaire pour développer 1'absorption du CO> dans les
HFMCs.

o La plupart des études précédentes sur la capture du CO> de gaz de postcombustion
dans les contacteurs a membrane sont basées sur des études au niveau de laboratoire
et a petite échelle.

o Dans la littérature il existe un nombre treés limité d'études développant une approche
de mod¢lisation détaillée qui peut faciliter le changement d’échelle des procédés.

o Il y a un manque d'analyses paramétriques et de sensibilité complétes ainsi que
d'é¢tudes d'optimisation des procédés de capture du CO; avec des ILs et HFMCs.

o L'approche de modélisation non isotherme a été trés rarement signalée car la plupart
des ¢études de modélisation publiées sont basées sur une modélisation isotherme, alors

que le procédé est non isotherme dans le cas des absorbants réactifs.

Objectifs de la recherche

Ces travaux ont porté sur I’étude de la faisabilité de la capture du CO: contenu dans un gaz de
postcombustion en couplant I’absorption avec des ILs et la technologie d’extraction
membranaire avec des HFMCs. Pour ce faire, une étude expérimentale a ¢été réalisée et
différents modeles mathématiques permettant la simulation des procédés en question ont été
développés. Afin d'atteindre les objectifs globaux mentionnés ci-dessus, les études suivantes

ont été accomplies au cours de ces travaux :

o FEtude de la solubilité, de I'équilibre gaz/liquide, de la cinétique de réaction et

d'absorption du CO; dans des RTILs et des AAILs sélectionnés.
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o FEtude de la faisabilité du couplage des ILs avec les HFMCs pour la capture du CO,
des courants gazeux avec absorption avec un seul HFMC ou 'absorption/désorption
couplées avec deux HFMCs.

o Identification et caractérisation des ILs, absorbants plus respectueux de
I'environnement, plus rentables et plus efficaces sur le plan énergétique pour la
capture du COa.

o Développement d'approches de modélisation dynamique robustes et rigoureuses pour
les I’absorption isotherme et non isotherme du CO; dans les HFMC avec ILs.

o Utilisation de modeles développés pour des recherches qui ne sont pas possibles et/ou
faisables par des expérimentations telles que l'optimisation du procédé, l'analyse
paramétrique, l'analyse de sensibilit¢ et I'analyse du niveau de mouillage de la
membrane.

o Reproduction des données expérimentales de capture du CO; apres combustion par le
biais de modéles et de simulations développées en vue d'une intensification,

d'amélioration et d'une éventuelle mise a I'échelle.

Schéma de la thése

La thése présentée ici est basée sur la faisabilit¢ de la capture du CO; de gaz de
postcombustion en couplant les RTILs et les AAILs avec les HFMC, par I'expérimentation, la

modélisation et la simulation. Elle est structurée en 7 chapitres, comme suit ;

Le chapitre 1 présente le contexte général, les problémes et les objectifs du travail.

Le chapitre 2 présente le contexte général des travaux. Les émissions de CO: et leurs
impacts globaux et environnementaux sont décrits. Des détails sur les méthodes, les
technologies et le stockage du dioxyde carbone sont également présentés. Les HFMCs, leurs
avantages et inconvénients pour la séparation gaz/liquide et leur mise en ceuvre pour la
capture du CO2 de gaz de postcombustion sont présentés en détail. La sélection d'absorbants
liquides appropriés pour la capture du CO> est décrite. Une attention particuli¢re est accordée

aux ILs et a leur capacité a capturer le CO».
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Le chapitre 3 présente des détails sur les matériels et les méthodes. Les ILs et HFMCs, leurs
propriétés et les techniques de caractérisation sont présentés. L'approche expérimentale mise
en ceuvre pour les mesures de solubilit¢ du CO; a 1'équilibre et l'absorption/désorption du

CO: dans les HFMCs couplés aux ILs est décrite en détail.

Le chapitre 4 présente 1'approche théorique et le développement de modéles pour la capture
du COz d’un courant gazeux dans les HFMC. Toutes les équations utilisées pour décrire les
différents phénomenes sont présentées en détail ici : équations et corrélations empiriques
pour la cinétique de transfert de masse, équations pour le transport de masse et de quantité de
mouvement du modele isotherme et pour le transport de masse, de quantité de mouvement et
d'énergie du modele non isotherme, équations pour la prédiction et le calcul de la solubilité,
des équilibres de phase et des coefficients de diffusion. Les conditions aux limites et la

résolution numérique des modeles sont également abordées.

Le chapitre 5 présente 1’étude expérimentale d’absorption du CO; d’un courant gazeux
simulant des gaz de postcombustion avec un systeme d'absorption a un seul module et un
systéme d'absorption/désorption couplé a deux modules. Les propriétés et la caractérisation
des ILs et des membranes sont d'abord décrites. La performance de la capture du CO; avec un
systéme d'absorption a un seul module est discutée en détail, sur la base des résultats des
efficacités d'élimination du CO», et de la cinétique de transfert de masse mesurée. Les
efficacités d'élimination du CO», les charges de CO» des ILs, les coefficients de transfert de
masse et les facteurs d'amélioration sont comparés pour le systeme d'absorption a un seul

module et le systéme d'absorption/désorption couplé.

Le chapitre 6 présente des simulations du modele développé dans des conditions isothermes.
Une comparaison entre les simulations et les données expérimentales est présentée pour la
validation du modele. Les simulations de la distribution axiale et radiale de la concentration
de COo, l'effet des conditions opératoires et 'analyse paramétrique sont présentés en détail.
Les résultats sont décrits pour les modes pseudo-stationnaire et stationnaire. Une analyse

détaillée du mouillage partiel et complet des pores de la membrane est également présentée.
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Le chapitre 7 présente des simulations du modele développé dans des conditions non
isothermes. Une comparaison entre les simulations et les données expérimentales est
présentée pour la validation du modele. Les profils de la concentration en CO,, de la
concentration du IL dans des mélanges eau-IL, de la température et de la constante de vitesse
de réaction, le long du contacteur, sont discutés en détail. Les performances des différents ILs
utilisés dans les HFMC pour la capture du CO; sont présentées et comparées. Les variations
du flux limite et de la vitesse de réaction sur la longueur du contacteur sont également

présentees.

Enfin, la thése se termine par la conclusion générale des investigations et les perspectives de

travaux futurs.

Principaux résultats

Les résultats concernant la solubilit¢ du CO; dans les ILs montrent que celle-ci est affectée
négativement par la température. En effet, une augmentation de la constante de la loi de
Henry a été observée avec l'augmentation de la température. Par exemple, la constante de la
loi de Henry pour I'IL [emim] [DCA] passe de 74,3 a 86,6 bar, lorsque la température
augmente de 298 a 313 K. La solubilit¢ du CO2 mesurée expérimentalement pour les quatre
RTIL peut étre classée comme suit : [emim] [Ac] > [emim] [EtSO4] > [emim] [MeSO4] >
[emim] [DCA]. A 298 K. Les diffusivités du CO, dans les RTIL calculées a I’aide des
corrélations est de 1,15 107 cm?s™!, 3,9 10° cm? 5!, 3,38 10% cm? s et 2,64 10 cm? s”! pour
[emim] [DCA], [emim] [MeSO4], [emim] [EtSO4] et [emim] [Ac] respectivement. Cet ordre
qui correspond exactement a la variation de la viscosité des RTILs montre que ce parametre

est fondamental dans la diffusivité du CO dans ces liquides.

La solubilité et la diffusivité sont les paramétres les plus importants pour I'absorption du CO>
dans le procédé étudié. Cependant, ces deux parameétres agissent de fagon antagoniste et
l'effet global de ces deux paramétres ne peut étre observé qu'a partir de la performance

globale d'absorption.

Lors de l'analyse de stabilité thermique des ILs par la TGA, il est observé que le [emim]
[MeSO4] ne présente que 4 % de perte pour des expériences réalisées entre la température
ambiante et jusqu'a 200 °C, [emim] [DCA] présente 4 % de perte de poids jusqu'a 270 °C,
[emim] [EtSO4] ne présente que 4 % de perte de poids jusqu'a 300 °C et [emim] [Ac] ne perd
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que 2 % de poids jusqu'a 200 °C. En conclusion, tous les RTILs peuvent étre considérés
comme thermiquement stables pour les expériences actuelles dans la plage de température de

288-323 K.

Les expériences de vieillissement des fibres en PP en présence de IL n’ont montré aucune
influence des ILs sur les membranes. En effet, aucun effet notable sur la surface et la
structure poreuse des membranes en PP n'a été observé, apres 20 jours d'immersion des fibres
dans les RTILs. Par ailleurs, les angles de contact mesurés entre des RTILs et les fibres qui
¢taient de l'ordre de 72°-85° pour des fibres neuves n’ont guére été affectés. En effet ils n’ont

montré qu’une légere chute de 1° a 2° aprés 40 jours d'immersion des fibres dans les RTILs.

Concernant le procédé d’absorption du COz avec un seul module, il a été observé que le CO>
est absorbé initialement a un taux trés élevé, ralentissant progressivement en raison de
I'accumulation graduelle de CO> due a la diminution du gradient. Par exemple, pendant les
dix premieres minutes, [emim] [MeSO4] absorbe 56 % de la capacité totale d'absorption du
COy, pendant que le reste du CO; est absorbé les 70 derniéres minutes du procédé.
Cependant, pour les plus faibles débits de gaz utilisés l'efficacité initiale reste proche de 100
%. Par exemple, I’[emim] [EtSO4] montre une efficacité¢ de 98% méme apreés 20 minutes de
recirculation & un débit de gaz de 50 ml min™!. Comme il a été décrit ci-dessus, le taux
d'absorption du CO; et donc la performance de séparation diminue avec le temps jusqu'a
atteindre un état pseudo-stationnaire. A 1'état pseudo-stationnaire, le taux d'absorption devient
trés lent et est presque constant. L'absorption avec les RTILs a été plus affectée par le débit
du gaz d'alimentation que par la température du procédé. Pour les ILs [emim] [MeSO4] et
[emim] [DCA], il a été observé une diminution de l'efficacité¢ d'élimination du CO> du
mélange d’alimentation de 43 % et 58 %, respectivement, lorsque le débit de gaz
d’alimentation est augmenté de 20 ml min' a 50 ml min'. Des effets similaires ont été
observés pour deux autres ILs. Néanmoins, une augmentation du débit de gaz (bien qu'elle
diminue l'efficacité coté gaz) et une diminution de la température du procédé pourraient
augmenter les performances globales car elles améliorent le coefficient de transfert de masse
global et le flux de CO,. L'amélioration du transfert de masse diminue avec 1'augmentation de
la charge en CO» dans les ILs. Dans le cas de [emim] [EtSOy4], le facteur d'amélioration initial
(2 10004 = 0 mol mol™!) étant initialement de 18.7 décroit jusqu’a 0.47 lorsque 1’état pseudo-

stationnaire est atteint (2 1000 = 2.11 mol mol™).

10



Synthése des travaux en francais

Le procédé couplé d’absorption/désorption avec deux HFMCs permet de maintenir un taux
d'absorption de CO; tres €levé et a long terme par rapport a I'absorption avec un seul module.
En effet, 1'absorption et la désorption dans un seul cycle permet & I'absorbant de maintenir
une tres faible charge de COz et un trés fort gradient qui se traduit par une grande
performance a long terme. Les ILs [emim] [MeSQO4] et [emim] [DCA] ont pu maintenir 82 %
et 66 % d'efficacité en conditions pseudo-stationnaires a un débit de gaz d'alimentation de 10
ml min™'. Si nous comparons les deux procédés de capture étudiés, 1'absorption/désorption
couplée permet de maintenir une efficacité allant jusqu’a 90 % ; pendant que 1’absorption
avec un seul module résulte dans une diminution de I’efficacité et pouvant descendre jusqu'a
10 % a I'état pseudo-stationnaire. En effet, I'absorption/désorption couplée a permis de
maintenir une charge maximale de CO inférieure de 2 a 6 fois et une amélioration du
transfert de masse supérieure de 4 a 5 fois a I'¢tat pseudo-stationnaire, par rapport a
l'absorption avec un seul module. Le désorbeur a membrane a pu atteindre une efficacité de
pres de 90 % en un seul passage apres absorption dans l'absorbeur a membrane, ce qui
confirme la nature méme de I'absorption physique, la facilit¢ de régénération, la nature des

¢conomies d'énergie et la faisabilité des RTILs dans la configuration actuelle a deux modules.

Les simulations obtenues avec le modéle isotherme, qui a été¢ développé pour l'absorption du
COz en régime permanent et pseudo-stationnaire dans les RTILs, sont en accord avec les
résultats expérimentaux obtenus a la fois avec le procédé d'absorption a module unique et de
d'absorption/désorption couplée. Le modele a ainsi pu prédire les résultats expérimentaux

dans une fourchette de 2 a 5 % d'écart type, tout en tenant compte des erreurs expérimentales.

Les modeles ainsi validés ont permis d’étudier I'influence des parameétres structuraux et
opératoires sur 1’efficacité du procédé de capture du CO,. Une analyse détaillée du mouillage
partiel et complet de la membrane a confirmé I'importance de ce paramétre dans le transfert
de masse a travers la membrane. Le flux de CO; est diminué de moitié¢ avec une membrane
partiellement mouillée seulement a 5 %, pendant qu’une membrane complétement mouillée
fait chuter le flux de CO> a presque zéro. Les autres parametres qui pourraient influencer la
séparation du CO», y compris la porosité de la membrane, la tortuosit¢ de la membrane, le
diametre et la longueur des fibres ont été analysés. Une augmentation de la porosité de 0,1 a
0,5 a permis d'augmenter I'efficacité de la séparation de 53 %. Tout en maintenant une valeur
constante de la porosité (0,5), une diminution d'environ 20 % de I'efficacité¢ de séparation a

¢été observée en faisant passer la valeur de la tortuosité de 1 a 7.

11
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Lorsque le diametre intérieur des fibres est augmenté de 0,1 mm a 1 mm, l'efficacité¢ de la
séparation est réduite de 33 %. Les simulations ont prévu une augmentation de 35 % de la
concentration de CO> a la sortie coté gaz, tout en faisant varier le débit de gaz de 10 ml min™!

1
, la

a 130 ml min!. Quand le débit du IL est augmenté de 5 ml min' a 65 ml min
concentration de CO> a la sortie coté gaz diminue de 12 %. Cependant, bien que
l'augmentation du débit de gaz réduise l'efficacité de la séparation du CO> coté gaz, le
transfert de masse et le flux de CO» augmentent avec I'augmentation des débits de gaz et de
liquide. Une analyse de sensibilité en régime pseudo-stationnaire a confirmé que le procédé
est trés sensible aux variations du débit de gaz plutét que du débit de liquide. Pour
l'absorption/désorption couplée, le débit de gaz de balayage, le débit d'IL et la porosité de la
membrane ont été optimisés afin obtenir une concentration nulle de CO> a la sortie du
désorbeur de la membrane. La concentration cible de CO; pourrait étre atteinte pour une
membrane avec une porosité de 60 %, en maintenant un débit de liquide de 48 ml min™! et un
débit de gaz de balayage de 200 ml min™!. Pour la méme membrane poreuse, si le débit de gaz
de balayage tombe a 50 ml min’!, le débit de liquide doit étre maintenu a 18 ml min™! pour

atteindre 1'objectif. La sensibilité des parameétres optimisés pourrait étre classée comme suit :

débit d'IL > débit de gaz de balayage > porosité de la membrane.

Le modéle non isotherme, qui a été développé pour l'absorption en régime permanent du CO>
dans les AAILs qui sont réactifs, a permis de faire des simulations des données
expérimentales de la littérature, ce qui a donné suffisamment de précision pour valider le
modele et réaliser des simulations. Les simulations réalisées avec les AAILs ont fait état de
variations de température importantes sur la longueur du contacteur en raison de la réaction
entre le soluté et l'absorbant, car la chaleur d'absorption s'accumule sur la longueur du
contacteur. L'augmentation de la température se situe entre 10 et 25 K, selon la réactivité de
I’AAIL. Le gradient de température est trés élevé dans la section apres la moitié de la
longueur de la fibre (z/L=0,5-z/L=1). D'autres parametres dépendant de la température ont été
influencés par cette variation, notamment la diffusivité et la solubilité¢ du CO», et la vitesse de
réaction. En comparant les performances de séparation des AAILs, [hmim] [Gly] pourrait étre
considéré comme le meilleur parmi tous ceux testés ici, avec la plus haute efficacité de
séparation arrivant jusqu’a 85 %. En analysant l'effet de la concentration des solutions
aqueuses d’AAIL, une augmentation de l'efficacité de 23 % a été observée en faisant passer

la concentration de [N1111][Gly] de 0,3 4 2,0 mol L.

12



Synthése des travaux en francais

Des résultats similaires ont été observés pour d'autres AAILs. Pour le [Ni111][Gly], une
augmentation de la température de 298 K a 323 K n'augmente l'efficacité que de 5 %. Bien
que l'effet de la température du procédé sur la performance de séparation du CO», le flux
limite et la vitesse de réaction aient été suffisamment significatifs, la plus forte influence a
cependant été enregistrée avec la variation de la concentration des AAILs. La prépondérance
de la chimisorption a pu étre observée avec un transfert de masse trés efficace pres de
l'interface gaz/liquide. Cependant, méme si la diffusion des produits de la réaction pourrait
affecter le procédé global, elle a été négligée, car la réaction ne se produit qu'au-dessus et/ou

a proximité de l'interface gaz/liquide.

Conclusions et perspectives

La capture du CO> de gaz de postcombustion en couplant I’absorption avec des ILs et des
HFMCs a déja bien été bien étudiée auparavant, cependant cette étude a permis d’améliorer
d’une part la compréhension du procédé¢ et d’autre part d’établir des modéles de connaissance
qui permettent d’optimiser la capture de ce gaz avec ces systémes en simulant une série des
parameétres opératoires ainsi que les caractéristiques des ILs et des fibres. Toutefois, certains
aspects doivent étre abordés pour rendre ce procédé plus attractif et surtout applicable au

niveau pilote industriel.

Le choix des absorbants appropriés a utiliser avec les HFMCs est trés critique en raison des
divers problémes rencontrés avec les absorbants conventionnels. Bien que la faisabilité¢ de la
capture du CO; avec les ILs ait été prouvée et que ces composés se soient montrés parmi les
meilleurs absorbants du COo, il reste cependant quelques problémes importants a résoudre,
notamment les viscosités élevées des ILs ainsi que leur colit de fabrication. Ces deux
problémes peuvent étre résolus en les mélangeant avec un certain pourcentage d'eau et/ou en
adaptant les structures des anions et/ou des cations des ILs, tout en gardant a l'esprit la
solubilité du CO, qui est par ailleurs le parametre le plus important. De nombreux chercheurs
travaillent déja a I'exploration et a la résolution de ces questions afin de rendre les ILs plus
adaptés industriellement pour la capture du CO> des gaz de postcombustion avec les HFMCs.
Les deux types d'ILs étudiés dans ce travail, a savoir les RTILs et les AAILs, ont un impact
différent sur le procédé d'absorption. Les RTILs peuvent fournir une capacité modérée
d'absorption du CO> mais peuvent étre régénérés treés facilement. Ainsi, les RTILs peuvent

étre tres efficaces sur le plan énergétique et trés rentable (sous réserve de diminution du prix
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\

de fabrication a échelle industrielle), ce qui les rend trés attractifs pour les opérations
d'absorption de CO> continue a long terme. Les AAILs peuvent fournir une capacité
d'absorption tres ¢élevée, mais la régénération n'est pas tres facile en raison de leur nature
réactive pouvant étre coliteuse. Pour les contacteurs a membrane hydrophobe, les ILs a haute
tension superficielle doivent étre sélectionnés pour éviter le mouillage des pores. De plus,
certains ILs peuvent interagir avec les polymeéres composant les fibres et donc ne sont pas
utilisables pour des opérations a long terme. Par conséquent, une sélection expérimentale

minutieuse du couple IL-membrane est fondamentale.

Bien que l'absorption a HFMC unique ait été largement étudiée et utilisée pour 1’absorption
du CO: de courants gazeux, l'absorption/désorption couplée est bien plus efficace et
intéressante du point de vue de I’application. L'absorption/désorption couplée avec les RTILs
(avec l'avantage d'une régénération trés facile) pourrait étre trés appropriée pour le captage
continu du CO; de gaz de postcombustion a I'échelle commerciale. Néanmoins, il faudrait
¢tudier plus en profondeur le changement d’échelle et optimiser le procédé afin de
s’approcher de 100% d’efficacité. L'étude d'optimisation a été réalisée dans le cadre de ces
travaux pour trois parametres, ils pourront certainement étre étendus a d'autres parameétres.
D'autres modifications et améliorations du procédé sont essentielles pour le rendre plus
attractif, en particulier des modifications des moyens de désorption dans le désorbeur a
membrane. Des techniques de désorption plus efficaces pourraient étre mises en ceuvre, telles
que la désorption sous vide, éventuellement avec une légeére augmentation de la température.
Un procédé couplé pourrait également étre mis en ceuvre pour les AAILs ou TSILs, mais
avec une ¢tape de désorption simultanée plus efficace. Aucune analyse économique
spécifique n'a été effectuée dans le cadre de ce travail. Il est en outre recommandé pour les
travaux futurs d'aborder 1'économie du procédé couplé, tout en considérant le cadre du

procédé optimisé.

Les modeles 2-D isothermes et non isothermes développés dans ce travail peuvent étre
utilisés pour différents absorbants. Cependant, bien que les modeles prédisent correctement
les données expérimentales, pour améliorer la capacité prédictive du modele, une estimation
trés précise des différents parametres et des propriétés physico-chimiques est nécessaire. Par
exemple, lors de I'analyse du mouillage, les ratios de mouillage considérés étaient basés sur
des modeles relativement simples et non réels, la quantité¢ réelle et I'emplacement du
mouillage peuvent étre beaucoup plus complexes compte tenu de l'origine industrielle des

fibres. De méme, la diffusion des gaz a travers différents domaines a été calculée a l'aide de
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corrélations empiriques. Bien que les corrélations empiriques utilisées ici aient été vérifiées et
comparées aux données expérimentales dans diverses études de la littérature, il pourrait
toutefois y avoir une différence entre les valeurs réelles et les valeurs calculées, en particulier
pour les ILs qui n'ont pas été étudiés auparavant. L'absorption/désorption couplée pourrait
étre une option trés réalisable a 1'échelle industrielle. 1l est donc recommandé d'utiliser les
prédictions du modele en utilisant des parameétres et des conditions de fonctionnement a
grande échelle provenant de l'environnement industriel. Cela pourrait étre réalisé en méme
temps que l'optimisation du procédé et l'analyse des colits pour la boucle continue
d'absorption/désorption couplée. Ces études peuvent étre réalisées en améliorant le modele

existant ou a l'aide d'un simulateur de procédés.
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Introduction

Chapter 1. Introduction

1.1 Background

Anthropogenic increase in emission of carbon dioxide (CO2), which is a major contributor to
global warming and climate change, has driven world’s attention towards CO» capture and
storage. Due to the world’s dependency on fossil fuels, CO> emission is increasing by 6 %
every year (Chabanon et al., 2013; Dai et al., 2016b, 2016¢). Human activities have caused an
increase of 100 ppm (36%) in atmospheric CO2 concentration over the past 250 years
(Barker, 2007; Jie et al., 2013). CO; capture (CC) is one of the most promising options to
minimize the influence of fossil fuel utilization on climate change (Yang et al., 2008).
Generally, three different CC strategies are being studied to mitigate CO> emissions: oxyfuel-
combustion, pre-combustion and post-combustion separation processes. Post-combustion
capture (PCC) is the most effective and feasible way for CO: mitigation because this
separation process can be applied to all combustion processes and can be retrofitted to

existing power and industrial plants (Chabanon et al., 2013; Zhao et al., 2016).

There are various technologies used for CO» capture including membranes, packed towers,
spray towers, absorption columns and other conventional industrial methods (Fazaeli et al.,
2015). HFMC:s are a hybrid technology that combines both membrane and absorption and can
achieve dispersion free gas/liquid and liquid/liquid mass transfers. HFMCs are more
advantageous than other conventional columns due to their larger and constant interfacial
area per volume unit, absence of flooding, foaming and entrainment, independent control of
flowrates, easy scale up and modularity. A HFMC provides 30 times more interfacial area
compared to other conventional absorbers. A major drawback in HFMC is the additional
mass transfer resistance due to the membrane especially in wetting mode (Azari et al., 2016;
Gabelman and Hwang, 1999; Muhammad et al., 2017; Zhao et al., 2016). Indeed, in the
wetting zone of membrane contactors the mass transfer resistance enhances due to the
membrane itself or membrane pore wetting which can significantly result on a sharp drop in
absorption performance (Mosadegh-Sedghi et al., 2014; Rangwala, 1996). Membrane pore
wetting can be prevented by maintaining the pressure below liquid entry pressure (LEP) also

called breakthrough pressure. According to Laplace-Young equation, LEP can be increased
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by enhancing cosine of the contact angle, using absorbents of high surface tension and small
membrane pores. Li and Chen, (2005) and Mosadegh-Sedghi et al. (2014) suggested the
above mentioned parameters to control pore wetting by using hydrophobic membranes,
employing non-corrosive and membrane compatible absorbents and maintaining
transmembrane pressure lower than LEP. The porous membranes used in membrane
contactors are usually made of hydrophobic material such as polypropylene (PP),
polyethylene (PE), polytetrafluoroethylene (PTFE) and polyvinylidenefluoride (PVDF).
These membranes are mostly reported to be used for CO> capture due to their high
hydrophobicity and good stability (Chabanon et al., 2015; Dai et al., 2016a). Selection of
absorbents for CC in membrane contactors is very critical because of the various problems
caused by conventional absorbents (Constantinou et al., 2014; Dindore et al., 2004). Amine
based solvents have been mostly used so far, because of their large regeneration capacities.
However, use of these solvents is threatened by their high volatility, large amount of solvent
loss, degradation at high temperature and high corrosion rate which can be critical for the
membranes stability (Iliuta et al., 2015; Wang et al., 2013a). To overcome these drawbacks
many other types of solvents have been suggested for CO> absorption in membrane

contactors such as ammonia and carbonate solutions, ionic liquids (ILs) etc.

ILs are organic salts having extraordinarily high CO: solubility, negligible vapor pressure and
high thermal stability (Li et al., 2016). These properties lead to almost zero solvent loss and
lower energy consumption during regeneration (Ramdin et al., 2012). Another advantage of
ILs is their low toxicity and relatively low corrosiveness, which are almost two magnitudes
lower than those of commonly used amines (Papatryfon et al., 2014). ILs are classified in two
categories, room temperature ILs (RTILs) and task specific ionic liquids (TSILs). RTILs are
considered to behave as typical physical solvents for CO> and other gases. Gas solubility in
RTILS is widely represented by Henry’s law constant (Dai et al., 2016b; Lei et al., 2014).
Imidazolium based ILs are widely reported to be used for CO capture. Studies have reported
less effect of alkyl chain cations on CO2 solubility compared to anions which has strong
influence on the solubility of CO2 (Chen et al., 2006; Zhang et al., 2012). Solubility and
Henry’s Law constant of CO2 in various RTILs have been extensively studied and reported in
the literature (Blath et al., 2012, 2011; Mejia et al., 2013; Ramdin et al., 2012; Soriano et al.,
2009; Yim et al., 2018; Yokozeki et al., 2008). In the past few years, many researchers have
applied ILs in combination with membrane contactors for gas separation. For example Dai

and Deng, (2016) used IL 1-Butyl-3-methlyimidazolium tricyanomethanide ([Bmim][TCM])
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for CO» absorption using a microfiltration glass membrane. In another study the author used
the same IL [Bmim][TCM] to study and compare the compatibility of six different polymeric
membranes for CO> absorption (Dai et al., 2016a). Lu et al. (2013), (2014), (2015) and
(2017), developed membrane absorption and vacuum regeneration unit for absorption and
regeneration/stripping of CO: with ILs I-butyl-3-methyl-imidazolium tetrafluoroborate
([bmim][BF4]), 1-(3-aminopropyl)-3-methyl-imidazolium tetrafluoroborate ([apmim][BF4]),
monoethanolamine glycinate ([MEA][Gly]) and mixture of 2-amino-2-methyl-1-propanol
(AMP) with [bmim][BF4] and ([apmim][BFs]. Gomez-Coma et al. (2014) and Albo et al.
(2010) used 1-ethyl-3-methylimidazolium ethyl sulfate ([emim][EtSO4]) in their studies for
CO; absorption in a membrane contactor. Chau et al. (2016) and (2014) used 1-Butyl-3-
methylimidazolium dicyanamide ([Bmim][DCA]) for pressure swing membrane absorption

process to absorb CO; from low temperature shifted syngas.

This work aims to develop an experimental and modeling approach for CO; absorption in a
hollow fiber membrane contactor with four different room temperature imidazolium based
ILs, and four task specific amino acid ILs. The imidazolium based ILs considered for this
work were 1-ethyl-3-methylimidazolium methyl sulfate ([emim][MeSO4]), 1-ethyl-3-
methylimidazolium dicyanamide ([emim][DCA]), 1-ethyl-3-methylimidazolium ethyl sulfate
([emim][EtSO4]) and 1-ethyl-3-methylimidazolium acetate ([emim][Ac]) while the AAILs
considered  were  tetramethylammonium  glycinate  ([Ni111][Gly]), 1-ethyl-3-
methylimidazolium glycinate ([emim][Gly]), 1-butyl-3-methylimidazolium glycinate
([bmim][Gly]) and 1-hexyl-3-methylimidazolium glycinate ([hmim][Gly]). Molecular
structures of the cations and anions of the above mentioned ILs are presented in the Figure

1.1 below.
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Figure 1.1 Molecular structures of the (a) cations and (b) anions of the selected ionic liquids.

Two different sets of CO; absorption experiments were carried out experimentally: a single
module absorption and a coupled absorption/desorption. The single module absorption setup
only absorbs COz in a closed loop until reaching pseudo-steady-state followed by a separate
stripping and regeneration step. The coupled absorption/desorption setup allows to absorb
CO; in a HFMC absorber followed by the desorption in a HFMC stripper within a single
cycle of IL recirculation. This setup allows simultaneous absorption and desorption steps in a
single cycle. Feed gas mixture and pure N> (sweep gas) were allowed to flow in an open loop
counter-currently through the lumen side of the membrane absorber and membrane stripper,
respectively.  Mesoporous polypropylene membrane contactors were selected for the
absorption. CO; solubility, mass transfer equilibrium and Henry’s law constants were
measured using the isochoric pressure drop principle. ILs and HFMC fibers were
characterized through various techniques including contact angle measurement, surface
tension measurement, scanning electron microscopy (SEM) before and after absorption and

thermo gravimetric analysis (TGA).

Modeling and simulation are potential tools for easy scale up and reduction of optimization
cost of an available design. 2-D model is an approach allowing calculating both axial and
radial mass transfers. Moreover, if the model is correctly built and validated with
experimental results it can be applicable to real or simulated absorption situations. The
modeling also allows to evaluate the role of absorbent, membrane and hydrodynamics
separately as it has been suggested in the review of Zhao et al., (2016). Many researchers
have focused on modeling and simulation of CO; capture in HFMCs with conventional
absorbents. However, there is a limited literature available on modeling and simulation of
CO; absorption in HFMCs with ILs (Azari et al., 2016; Dai et al., 2016c). In the modeling
part of this thesis, steady-state and pseudo-steady-state dynamic modeling approaches were
implemented to replicate the experimental findings by simulations and to perform parametric
and sensitivity analysis as well as process optimization. Isothermal modeling approach was
considered for imidazolium based RTILs while for amino acid based TSILs non-isothermal

modeling approach was implemented.
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1.2 Problem statement

The thesis addresses the following problems.

o Development of carbon capture technologies is required to control the rapid growth of
carbon level in the atmosphere

o Design and process improvements are needed in membrane contactor based post-
combustion CO» capture operations for process intensification

o Until now, most of used absorbents for carbon capture are corrosive, volatile and
degradation sensitive. Other environmentally friendly absorbents, such as ionic
liquids, which can minimize the above-mentioned problems must be explored.

o There is a lack of reaction and absorption kinetics of CO» dissolution in ionic liquids
for developing CO; absorption in membrane contactors.

o Most of the previous studies for post-combustion CO; capture in membrane
contactors are based on lab scale.

o A very limited number of investigations are available in the existing literature
developing a detailed modeling approach which can facilitate the scale-up process.

o There is a lack of complete parametric and sensitivity analysis as well as optimization
studies.

o Non-isothermal modeling approach has been very rarely reported as most of the
reported modeling studies are based on isothermal modeling, while the process is non-

isothermal in case of reactive absorbents.

1.3 Research objectives

This work addressed the feasibility of post-combustion CO> capture by coupling RTILs and
TSILs with HFMCs, through experimentation, modeling and simulation. In a broader
perspective, for design and absorption process improvement and intensification of the
coupled (HFMC and IL) membrane gas absorption setup was experimentally studied and
replicated by developing a dynamic mathematical model and simulations. In order to achieve

the above-mentioned targets, the following objectives were accomplished during this work:

o Investigation of solubility, gas/liquid equilibrium, reaction and absorption kinetics of

COs in selected RTILs and TSILs.
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o Study of the feasibility of coupling ILs with HFMCs for post-combustion CO» capture

o Development of single module and dual module coupled absorption/desorption
membrane gas separation units.

o Comparative analysis and identification of more environmentally friendly, cost
effective and energy efficient absorbents for CO> capture

o Development of robust and rigorous dynamic modeling approaches for isothermal and
non-isothermal CO; absorptions in HFMCs with ILs.

o Utilization of developed models for investigations which are not possible and/or not
feasible through experimentations such as optimization of the process, parametric
analysis, sensitivity analysis and analysis of the level of membrane wetting.

o Replication of the experimental post-combustion CO; capture data through developed

models and simulations for further intensification, improvements and possible scale-

up

1.4 Thesis outline

The thesis presented here is based on the feasibility of post-combustion CO; capture by
coupling RTILs and TSILs with HFMCs, through experimentation, modeling and simulation.

It is structured in 7 chapters, as follows;

Chapter 1 presents the overall background, problems and objectives of the work.

Chapter 2 presents the general context of the work. Carbon dioxide emissions and its global
and environmental impacts are described. Details about carbon capture methods, technologies
and storages are also presented. HFMCs, their advantages and disadvantages for gas/liquid
separation and implementation for post-combustion carbon capture are presented in detail.
Selection of proper liquid absorbents for carbon dioxide capture is described. Particular

emphasis is given to ILs and their ability to capture carbon dioxide.

Chapter 3 presents details about materials and methods. ILs and HFMC selection, properties

and characterization techniques are presented. Experimental approach implemented for
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equilibrium, carbon  dioxide solubility = measurements and carbon  dioxide

absorption/desorption in HFMCs coupled with ILs are described in detail.

Chapter 4 presents the theoretical approach and development of models for the HFMC based
post-combustion carbon dioxide capture. All equations used to describe the different
phenomena are presented in detail here: equations and empirical correlations for mass
transfer kinetics, equations for mass and momentum transport of isothermal model and for
mass, momentum and energy transport of the non-isothermal model, equations for the
prediction and calculation of solubility, phase equilibria and diffusion coefficients. Boundary

conditions and numerical resolution of the models are also discussed.

Chapter 5 presents the experimental post-combustion carbon dioxide capture with single
module absorption system and coupled absorption/desorption system. ILs and membrane
properties and characterization are described first. Carbon dioxide capture performance of the
single module absorption system is discussed in detail, based on results of carbon dioxide
removal efficiencies, and measured mass transfer kinetics. Carbon dioxide removal
efficiencies, carbon dioxide loadings of the ILs, mass transfer coefficients and enhancement
factors are compared for the single module absorption system and coupled

absorption/desorption system.

Chapter 6 presents simulations of the model developed under isothermal conditions. A
comparison between simulations and experimental data is presented for the validation of the
model. Simulations of the axial and radial concentration distribution of carbon dioxide, effect
of operational conditions and parametric analysis are presented in detail. Results are
described for both pseudo-steady-state and steady-state modes. A detailed analysis of partial

and full wetting of the membrane pores is also presented.

Chapter 7 presents simulations of the model developed under non-isothermal conditions. A
comparison between simulations and experimental data is presented for the validation of the
model. Profiles of carbon dioxide concentration, IL concentration, temperature and reaction

rate constant, along contactor length, are discussed in detail. Carbon dioxide capture
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performance of different AAILs used in HFMCs are presented and compared. Variations in

the boundary flux and reaction rate along contactor length are also presented.

Finally, the dissertation ends with the general conclusion of investigations and outlook for

future work.
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Chapter 2. Context; State of the Art

2.1 Carbon dioxide emissions, capture and storage

2.1.1 Carbon dioxide emissions; global and environmental concerns

Global warming and climate change are serious challenges for the world. United Nations
Framework Convention on Climate Change (UNFCCC) has determined the objective for the
stabilization of atmospheric concentration of greenhouse gases to be at a level where the
climate system will be safe from the dangerous anthropogenic interventions (Sands, 1992).
Figure 2.1 below shows the contribution of different gases to the total global greenhouse gas
emissions. CO; is the major contributor of greenhouse gas emissions which accounts for
nearly three quarter of the total. The global mean annual atmospheric CO2 concentration is

shown in Figure 2.2.

Greenhouse gas emissions by gas, World

Global greenhouse gas emissions by gas source, measured in tonnes of carbon dioxide equivalents (tCO:e).
Gases are converted to their CO:e values based on their global warming potential factors. HFC, PFC and SF« are
collectively known as 'F-gases'.
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Figure 2.1 Contribution of gases to global greenhouse gas emissions, (Adapted from Ritchie
and Roser, 2020).
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Global CO2 atmospheric concentration

Global mean annual concentration of carbon dioxide (CO:) measured in parts per million (ppm).
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Figure 2.2 Global mean annual atmospheric CO2 concentration (Adapted from Ritchie and
Roser, 2020)

Since pre-industrial times, anthropogenic emissions of greenhouse gases have increased
global temperature by 1°C (Ma, 1998). Potential impacts of climate change include
ecological changes, physical impacts and health impacts. Global climate change can cause
extreme weather conditions such as flooding, storms, heat and cold waves, rise in the sea
level, alteration in crop growth and disruption in water system (Intergovernmental Panel on
Climate Change, 2014). To control this climate change, UN members in the Paris agreement
have set an average limiting target of 2 °C above pre-industrial temperatures (Ritchie and

Roser, 2020).

Power and energy sectors are major contributors of the CO, emissions as presented in Figure
2.3. Energy sector emissions include emissions from manufacturing and energy industries,
construction, electricity and heat generation, oil and gas, power plants and public heat. Other

sectors that contribute to the CO> emissions include transport, agriculture, land use and waste.
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Carbon dioxide emissions by sector, World

Carbon dioxide (CO-) emissions by sector, measured in tonnes per year.
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Figure 2.3 Various sectors contributing to global CO; emissions (Adapted from Ritchie and
Roser, 2020)

According to the world energy outlook 2019, United Nations Sustainable Development Goals
(SDGs) related to energy, can be achieved by following the Sustainable Development
Scenario (SDS), including reduction in the impact of air pollution (SDG 3.9), universal
energy access achievement (SDG 7) and control of climate change (SDG 13). The scenario is
designed to meet the above-mentioned goals and the Paris agreement in a more realistic and
cost-effective way. Fundamental changes are needed in the ways of energy production and
consumption to achieve the Sustainable Development Scenario. Uptake of low-carbon
technologies, namely energy efficiency, renewables, carbon capture, utilization and storage
(CCUS) and nuclear must be significantly accelerated in all sectors of economy as presented
in Figure 2.4. CCUS must be widely implemented in order to put the world on track and
achieve the objectives of Paris agreement. For this purpose, an annual average of 1.5 Gt CO»
must be captured between 2019 and 2050. By 2050, SDS divides the CCUS equally between
power sector and industry. Major industries include cement, steel, oil and gas and refineries

(International Energy Agency (IEA), 2019).
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Stated Policies Scenario
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Sustainable Development Scenario
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Figure 2.4 Reductions in the emissions of CO> by measure in the SDS relative to the Stated
Policies Scenario (Adapted from International Energy Agency (IEA), 2020).

2.1.2 Carbon dioxide capture and storage

Carbon capture and storage (CCS) is considered as one of the viable options for mitigation of
climate change and achieving the above-mentioned targets of Paris agreement and to initiate
the decrease of global temperature of 2 °C in order to reach the level of pre-industrial era
(International Energy Agency (IEA), 2013). In this process, CO; is captured and separated
from concentrated industrial and power gaseous sources. The captured CO; is compressed
and then transported to a final storage. In 2014, Canada introduced the first commercial scale
CCS unit which was incorporated to a power plant. It has the capacity of 40 Mt/year CC and
120 MW. However, large scale implementation of CCS is still under development due to
technical and economic barriers. A major economical barrier is the large capital investment
for an unprofitable activity. Technical barriers include uncertain CO; leakage rates and
limited geological storage capacity in some countries leading to increased transportation and

injection costs (Khoo et al., 2011; Styring et al., 2011).

The CC technologies are generally classified as oxy-fuel conversion, pre-conversion and
post-conversion (Dai et al., 2016b; Singh et al., 2011; UNIDO; IEA, 2011). These
technologies are also named as oxy-fuel combustion, pre-combustion and post-combustion.
All three technologies are explained in the preceding sections and presented in Figure 2.5

below.
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Figure 2.5 Carbon capture technologies (Adapted from Cuéllar-Franca and Azapagic, 2015)

2.1.2.1 Oxy-fuel conversion

Oxy-fuel conversion or oxy-fuel combustion is only applicable to processes involving
combustion. These processes include fossil fuel plants power generation, iron/steel industries
and cement industries. In oxy-fuel conversion fuel is burned in the presence of pure oxygen
to produce high CO; concentrated flue gas which is free from nitrogen and nitrogen oxides
like NO and NO». Major disadvantages of this technology include use of expensive oxygen

and environmental impacts (Cuéllar-Franca and Azapagic, 2015).

2-28



Context; State of the Art

2.1.2.2 Pre-conversion capture

In pre-conversion or pre-combustion capture CO; is captured after its generation as an
undesired co-product during reaction of a conversion process. For example CO: is co-
produced in the steam reforming step of ammonia production and must be removed (Farla et
al., 1995; IPCC, 2005). Similarly, CO> must be separated from H> during an integrated
gasification combined cycle (IGCC) of power plant. Usually physical solvents such as
Rectisol® and Selexol® are used for such process (Odeh and Cockerill, 2008; Pehnt and
Henkel, 2009; Singh et al., 2011). This technology is more energy efficient with physical
solvents rather than chemical solvents for which the cost of regeneration is usually very high

which makes the process unfeasible.

2.1.2.3 Post-conversion capture

In Post-conversion capture (PCC), CO; is captured from waste gas streams after the
conversion of carbon source to CO». For example CO: capture after the combustion of fossil
fuels or after the digestion of sludge from wastewater (Aresta, 2003; IPCC, 2005). Table 2.1
presented below shows different techniques of post-conversion capture including chemical
and physical absorption by solvents, adsorption by solid sorbents, membrane separations,

cryogenic separations and pressure/vacuum swing adsorption.

Table 2.1 Post-conversion capture and applications (Cuéllar-Franca and Azapagic, 2015;
Krishnamurthy et al., 2014; Kuramochi et al., 2012; Maring and Webley, 2013; Markewitz et
al., 2012; Sung and Suh, 2014)

Technology Method Applications

Absorption; chemical ~Amine-based absorbents, e.g. monoethanolamine Power plants, iron and
absorbents (MEA), diethanolamine (DEA), and hindered steel industry, cement
amine (KS-1), Alkaline absorbents, e.g. NaOH and industry, oil refineries
Ca (OH),, lonic Liquids
Adsorption; solid Amine-based solid sorbents, Alkali earth metal No application reported
sorbents based solid sorbents, e.g. CaCOs;, Alkali metal
carbonate solid sorbents, e.g. Na,CO; and K>COs3
Membrane separation Porous organic frameworks — polymers, Polymeric Power plants, natural
membranes, e.g. polymeric gas permeation gas sweetening
membranes, Inorganic membranes, e.g. zeolites,
Hybrid membranes
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Cryogenic separation  Cryogenic separation Power plants
Pressure/vacuum Activated carbon, Zeolites Power plants, iron and
swing adsorption steel industry

Among all of these techniques, liquid absorbents based PCC is known as the most applied
technology for CO; reduction due to its high efficiency of CO; separation from flue gas,
which is usually higher than 80 % (Feron, 2010; Figueroa et al., 2008). In a typical PCC
based on liquid absorbents (Figure 2.6), power plant flue gas is pretreated before entering into
the absorption unit usually to remove undesirable particles, SOx and NOy (Neftel et al., 1985).
CO> from the flue gas is absorbed in the absorption unit which forms a CO; rich absorbent.
The COz rich absorbent is preheated in a heat exchanger and then sent to desorption unit. CO2
is thermally desorbed in the stripping unit (desorber) where the thermal energy is provided by

the reboiler.

Major challenges to PCC include low pressure of flue gas, low concentration of CO: in the
treated flue gas and size difference of the gas molecules in the gas mixture (D’Alessandro et

al., 2010).
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Figure 2.6 Typical process of liquid absorbent based PCC (Adapted from Zhao et al., 2016)
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Currently used industrial gas/liquid contactors for CO; absorption can be divided in two

categories (Perry, 2007):

o Stage-wise gas—liquid contactors: In this type of contactor gas/liquid equilibrium is
almost achieved with each stage of the contactor for example in plate columns and
rotating disc contactors.

o Differential gas—liquid contactors: In this type of contactor, mass transfer happens
with in the entire contactor without reaching gas/liquid equilibrium at any point of the

contactor for example in spray towers, bubble columns and packed columns.

Gas/liquid interfacial area and liquid hold up are the most important parameters for a
contactor. Usually high interfacial area and low liquid holdup are optimal for gas/liquid mass
transfer in contactors. The above-mentioned absorbers face some crucial problems including
high energy consumption, flooding, foaming, solvent loss due to degradation and
entrainments, equipment corrosion and large footprint. During the last decade, HFMC
technology is being studied as an alternative to overcome these problems (Dindore et al.,

2005; Gabelman and Hwang, 1999).

2.2 Hollow fiber membrane contactors

At industrial level, tower columns and mixed settlers are currently used for liquid/liquid and
gas /liquid mass transfer contacting processes. For optimal operations of such extraction
processes an improved interfacial area is mandatory in order to boost the mass transfer. To
achieve this in packed columns selection of proper packing material and uniform distribution
of fluids are necessary. Although these traditional liquid/liquid and gas/liquid extractors have
been used for decades, a major disadvantage is the dispersion of the two contacting fluids.
This dispersion can cause problems such as flooding, foaming, unloading and emulsions.
HFMCs are non-dispersive contacting systems in which the membrane does not provide
selectivity by itself and rather works as a barrier between the fluids and increases the mass
transfer area. HFMCs can alternatively be used to overcome the disadvantages of traditional
extractors described above with the advantage of providing better controlled and higher
interfacial area. Just like other traditional contacting systems, diffusional mass transfer in

HFMCs occurs at the fluids interface (Gabelman and Hwang, 1999). Usually the membrane

2-31



Context; State of the Art

in HFMCs works as a porous barrier and does not provide selectivity, unlike in other
membrane separations. For most of the membrane operations the driving force is a pressure
gradient however the driving force for separation in HFMCs is a concentration gradient

(Kiani et al., 1984; Qi and Cussler, 1985a; Seibert et al., 1993).

2.2.1 Membrane module characteristics

A HFMC consists of two main parts, fibers and shell. A bundle containing a known number
of fibers is geometrically arranged inside the shell. A typical HFMC from Liqui-Cel™ is
presented in Figure 2.7 below. A sealing ring is used to support these bundles. One of the two
contacting fluids passes through the lumen side (inside the fibers) while the other one flows
through the shell side around the fibers. The shape of a HFMC is analogous to the shell and
tube heat exchanger. The flow configurations can be oriented in different directions for
example co-current and counter-current in parallel flow HFMCs and cross flow in cross flow
HFMCs. A laboratory scale HFMCs contains a small number of fibers (10s to 100s) which
can stand by itself, however an industrial scale HFMC consists of thousands of fibers for

which a grid is installed during sealing to support the structure (Chabanon et al., 2015).

Fluid #2 out Fluid #2 in

Distribution tube

Hollow fiber membrane .
Cartridge Collection tube Housing
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Figure 2.7 Hollow fiber membrane contactor module (Adapted from Gabelman and Hwang,
1999).
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2.2.2 Advantages and disadvantages

Main advantages of the HFMCs over other traditional extractors are presented below

(Gabelman and Hwang, 1999; Zhao et al., 2016):

(@)

Very high, known and constant interfacial area which makes the performance
prediction very easy. Also, the intensification potential is very high due to high per
unit volume interfacial area.

Independent flowrates of the contacting fluids. This property is very useful in
providing contact surface area in high and low flowrates.

Absence of flooding, foaming and entrainment.

Due to non-dispersive nature there is no emulsion formation.

Modularity which provides very high predictability and straightforward scale up. A

predictable increase in capacity can be easily achieved by linear scaling.

However, HFMCs present also some drawbacks (Gabelman and Hwang, 1999; Zhao et
al., 2016):

(@)

The mass transfer through the membrane porosity produces an extra mass transfer
resistance.

Membrane fouling and then a dramatic decrease of mass transfer can occur in some
cases involving solids in suspension.

Finite life of the membranes

2.2.3 Post-combustion carbon capture with hollow fiber membrane contactors

HFMCs have been extensively studied for CO; absorption in the past. Qi and Cussler,
(1985a) and (1985b) were the first to use HFMCs for CO; capture. HFMCs can capture CO-
as well as other gases including H>S, SO, and volatile organic compounds. Some of the
published works on experimental and modeling of post-combustion CO; capture are

presented in the Table 2.2 below.

Table 2.2 Experimental and modeling post-combustion capture investigations in HFMCs

Membrane
material

CO; Absorbent Mode of Main remarks

concentration  [Molarity] study

Ref
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PP, PTFE 15 % MEA Experimental A drop of 18 % in the mass transfer rate for PTFE ~ (Chabanon
CO/N, [5M] membrane after exposure of 25 days to MEA. ;)?113

Although PTFE fibers are expensive, they

showed a high resistance toward wetting.

PP, PVDF 1-15 % PZ, MDEA, Experimental Gas flowrate and absorbents concentration (Lin et al.,
CO»/N, AMP positively affected the absorption flux. Wetting 2009)
[1 M] ratio of the PP membranes decreased with plasma
treatment

PVDF [NA] PZ, AMP Modeling An increase in gas flowrate, liquid flowrate and  (Razavi et
CO»/N, [1 M] absorbent concentration favored the CO; al., 2013)
absorption process. The model well replicated the

experimental data.

PP 15% NH3 Modeling Corresponding NH3 slip was reduced to 4.3 %. (Villeneuve
CO,/N, [NA] Although dense layer over membranes reduced ;;[)311183

the NH; slip, however it also reduces the CO;

absorption capacity.
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2.3 Liquid absorbents for CO:2 capture

Many of the absorbents suitable for conventional absorption process can in principle be also
appropriate for membrane contactor operations. However, considering the physical and
chemical properties of absorbents, the suitability can vary accordingly. An ideal absorbent for
CO; absorption should have the following properties (Dindore et al., 2004; Kohl and Nielsen,
1997; Zhao et al., 2016).

o High absorption capacity/CO- loading of the absorbent
o Fast absorption and reaction rate

o Low heat of dissolution or heat of reaction

o Long term compatibility with the membrane material
o High surface tension and low viscosity

o Chemical, oxidative and thermal stability

o Low vapor pressure or volatility

o Easy and cost-effective regeneration

o Commercial availability at low cost

Absorbents with high CO» absorption capacity can effectively reduce the operational cost by
reducing the volume of absorbent and required surface area. High reactivity and high
absorption rate of absorbent can result in the reduction of the mass transfer resistance of the
membrane. Thermal stability is fundamental for operations at high temperature to avoid
thermal degradation of the absorbent. Absorbents with low vapor pressure or volatility can
minimize the solvent loss and are very effective for heat and vacuum regeneration operations.
Liquid absorbents should be long term compatible with the membrane material to avoid
physical and chemical damage to the membrane material. On one hand, an interaction can
result on the modification of membrane wetting and then a dramatic decrease of mass
transfer. On the other hand, in case of swelling of the membrane or chemical structural
damages the membrane morphology can be modified and then will affect the absorption
process. High surface tension is a very important property of an absorbent, especially for
porous membranes. This will provide a high liquid entry pressure and will avoid membrane
pores wetting. Low viscous absorbents can induce a thin boundary layer resulting in a low
mass transfer resistance and in a low pressure drop across the membrane length. None of the
absorbents can completely satisfy the above-mentioned requirements, yet they have been

used and studied based on their properties and applications.
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Various absorbents have been studied and proposed for post-combustion CO; absorption
process. Amines are the most widely used absorbents until now, due to their high reactivity
and absorption capacity for CO,. Commonly used amines for post-combustion CO; capture in
HFMCs include mono-ethanolamine (MEA), methyl-diethanolamine (MDEA) and 2-amino-
2-methyl-1-propanol (AMP) (Kothandaraman, 2010; Riemer and Ormerod, 1995). However,
amine-based operations are facing several drawbacks including high corrosion rate of
equipments, high volatility, large amount of solvent loss, degradation of amines due to the
presence of other unwanted gases in the flue gas mixture and very high energy consumption
during absorbent regeneration (Yu et al., 2012). Moreover, during long-term runs amines
interact with membrane materials resulting on wetting and/or swelling (Ahmad et al., 2019;
Lv et al., 2010; Mosadegh-Sedghi et al., 2014, 2012). Extensive studies have been performed
previously to find an alternative replacement for amines having low volatility and low vapor
pressure, better thermal stability, low regeneration cost and low corrosion rate. A new class
of absorbents namely ionic liquids(ILs) have been proposed as a potential replacement to
overcome the above-mentioned drawbacks (Anthony et al., 2002a; Kothandaraman, 2010;

Riemer and Ormerod, 1995; Rochelle, 2009).

2.3.1 Ionic liquids for CO: capture

An IL is a salt, which consists exclusively of organic cations and inorganic or organic anions,
with a melting point lower than 100 °C (Ramdin et al., 2012). Low volatility, negligible vapor
pressure, thermal stability, high CO> solubility, less toxicity and low corrosion rates are the
main features of ILs (Dai and Deng, 2016; Ghandi, 2014; Papatryfon et al., 2014; Yan et al.,
2019). Generalized properties of ILs are presented in Table 2.3 below.

Table 2.3 Properties of ionic liquids (Adapted from Aghaie et al., 2018; Johnson, 2007).

Property Value

Salt ions Large cations and anions
Melting point <100 °C

Boiling point >200 °C

Thermal stability High

Viscosity <100 cP, workable
Dielectric constant <30

Polarity Moderate
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Specific conductivity <10 mS/cm, good

Vapor pressure Negligible

Solvency Strong

Catalytical character Excellent (for organic reactions)

ILs have been divided into two categories, room temperature ILs and task specific ILs or
functionalized ILs. RTILs are conventional ILs that provide typical physical solvent behavior
for the gas solubility following Henry’s Law. Most of the RTILs have very high CO;
solubility compared to other gases such as N2, Oz, H> and CH4 (Dai et al., 2016b; Lei et al.,
2014). TSILs provide very high CO solubility which can reach up to three times of the
corresponding alkyl chain RTILs. These ILs can absorb CO; by both chemical and physical
sorption, for which the CO> loading increases with an increase in pressure. However, TSILs
can absorb CO; at low partial pressures due to chemical reaction (Shiflett and Yokozeki,
2009). Some of the TSILs developed for CO; capture include protic ILs (Wang et al., 2010),
amino acid-based ILs (Ohno and Fukumoto, 2007) and amine-based ILs (Ren et al., 2012;
Wang et al., 2012). Some commonly used anions and cations of ILs are presented in Figure

2.8 below.
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Figure 2.8 Different cations and anions commonly used in ionic liquids (Adapted from
Ramdin et al., 2012).

Recently many researchers have considered the combination of ILs with membrane
contactors for CO, Capture. Luis et al. (2009) and Albo et al. (2010) used IL 1-ethyl-3-
methylimidazolium ethylsulfate in a cross-flow membrane contactor to develop a zero
solvent emission process concept. Gdmez-Coma et al. (2014) and Albo and Irabien, (2012)
used the same IL for non-dispersive absorption of CO; in parallel and cross flow membrane
contactors. In their studies, the effect of different process parameters, overall mass transfer
coefficients and first order rate constant were systematically evaluated. Gémez-Coma et al.
(2017) also studied the effect of addition of water to IL 1-ethyl-3-methylimidazolium acetate
on CO; capture efficiency in polyvinylidene fluoride (PVDF) membrane contactor. An

optimum IL-water mixture of 70-30 % was recommended for 5 times higher overall mass
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transfer coefficient than that of pure IL. Lu et al. (2014) developed a membrane absorption
and desorption unit based on the ILs I-butyl-3-methyl-imidazolium tetrafluoroborate
([bmim][BF4]) (as physical absorbent) and 1-(3-aminopropyl)-3-methyl-imidazolium
tetrafluoroborate ([apmim][BF4]) (as chemical absorbent). Aqueous [apmim][BF4] was able
to give high CO» loading capacity even at atmospheric pressure. Aqueous [bmim][BF4] was
very easily regenerated at low cost compared to aqueous ([apmim][BF4]. The author also
investigated the membrane contactor absorption/desorption system for aqueous mixtures of
ILs [bmim][BF4] and [apmim][BF4] with alkanolamine of 2-amino-2-methyl-1-propanol
(AMP) (Lu et al., 2015). Results showed an enhanced transmembrane flux and loading
capacity for ILs and AMP mixtures.

2.3.2 CO:z2 solubility in ionic liquids

Both anion and cation have effects on the CO> solubility, however anion is believed to have
higher impact on the solubility than cation. This phenomenon has been verified by various
experimental findings and simulations (Aki et al., 2004; Anthony et al., 2005; Cadena et al.,
2004). The solubility can not only be explained by CO:-anion interactions. Other works have
claimed a considerable role of free volume mechanism on the CO> solubility. In a free
volume mechanism, the liquid absorbent captures the CO> molecule in the available free
spaces, while the volume of liquid does not change even after absorbing large amount of CO»
(Aki et al., 2004; Blanchard et al., 2001; Cadena et al., 2004; Kazarian et al., 2000). An
experimental study (Figure 2.9 a) was conducted to investigate the effect of anion on the CO>
solubility considering [bmim] cation at 333 K temperature. CO> solubilities were increased in
the order of [NO3] < [SCN] < [MeSO4] < [BF4] < [DCA] < [PF¢] < [Tf2N] < [Methide] <
[C7F15COz]. ILs which contain fluor groups have been reported to have higher solubilities
than the one without fluor groups. Studies were conducted (Figure 2.9b) to observe the
effects of anion fluorination with [bmim] cation at 333 K temperature. The solubilities were
increased in the order of [BF4] <[TfO] < [TfA] < [PF¢] < [TfaN] < [methide] < [C7F15CO»] <
[eFAP] < [bFAP]. Although the cation is believed to have a small effect on the solubility, yet
it might be considered as it is known to have a secondary role in solubility. To observe the
effect of cation different cations including imidazolium, pyridinium, pyrrolidinium,
cholinium, ammonium, and phosphonium were considered with [Tf2N] anion (Figure 2.9 c).

Fluorination of the cation showed considerable effect on the solubility; however, it has been
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observed to have less significant effect compared to anion. An increase in the alkyl chain

length of the cation can also increase the solubility. For this purpose, different alkyl chain

lengths of imidazolium cations were paired with [Tf2N] anion (Figure 2.9 d). The results

clearly verified the phenomena as the order of increase in solubility was [omim] > [hmim] >

[pmim] > [bmim] > [emim].
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Figure 2.9 (a) Effect of IL anion on the solubility of CO», (b) Effect of fluorination of IL
anion on the solubility of CO», (c) Effect of IL cation on the solubility of CO», (d) Effect of
cation alkyl chain length on the solubility of CO»; (Adapted from Ramdin et al., 2012)
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Chapter 3. Experimental

The experimental part of this work was carried out in collaboration between the Institut
Européen des Membranes (IEM), in Montpellier, France and the Department of Chemical and
Biomolecular Engineering Universidad de Cantabria (UC), in Santander, Spain. ILs and
membranes characterization and CO: solubility experiments were carried out at IEM,
whereas CO» absorption and desorption experiments in a HFMC in a pilot unit were carried

out at UC.

3.1 Ionic liquids and other materials selection

Four different imidazolium based RTILs, 1-ethyl-3-methylimidazolium methyl sulfate
([emim][MeSOs]), I1-ethyl-3-methylimidazolium dicyanamide ([emim][DCA]), 1-ethyl-3-
methylimidazolium ethyl sulfate ([emim][EtSO4]) and 1-ethyl-3-methylimidazolium acetate
([emim][Ac]) were selected for CO> absorption and desorption experiments. To our
knowledge it is the first time that ILs [emim][MeSO4] and [emim][DCA] have been tested for
CO; absorption in a membrane contactor. ILs [emim][MeSO4] (Mejia et al., 2013; Santos and
Baldelli, 2009; Yim et al., 2018), [emim][DCA] (Almeida et al., 2012; Huang and Peng,
2017; Quijada-Maldonado et al., 2012), [emim][EtSO4] (Carvalho et al., 2014; Froba et al.,
2008; Jalili et al., 2010; Quijada-Maldonado et al., 2012; Soriano et al., 2009) and
[emim][Ac] (Almeida et al., 2012; Quijada-Maldonado et al., 2012; Yim et al., 2018;
Yokozeki et al., 2008) have been reported as excellent absorbents with high solubility for
CO> and moderate surface tensions which makes them very feasible to be used for CO»

absorption operation with hydrophobic membranes.

Table 3.1 Ionic Liquids basic information.

S.No IL Molecular Formula M.W. (g.mol") Purity® Supplier

1 [emim][MeSO4] C7H14N>O4S 222.26 >95% Sigma Aldrich
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2 [emlm] [DCA] CsHi1Ns 177.21

3 [emim][EtSOs] CsHieN,O4S 236.29

4 [emim][Ac] CsHisN>O2 170.21

>95%

>95%

>95%

Sigma Aldrich

Sigma Aldrich

Sigma Aldrich

*As received from supplier

To make CO2/N> mixture for absorption experiments, carbon dioxide of 99.7 % +0.01 vol%

purity and nitrogen of 99.9 % +0.001 vol% purity were purchased from Air Liquide, Spain.

3.2 Material characterization

3.2.1 Surface tension

Surface tension was measured with a Langmuir device (KSV NIMA Langmuir-Blodgett)

using a Wilhelmy plate made of platinum partially immersed in the IL. The apparatus

determines the surface pressure using the Wilhelmy plate method. Usually in this method the

force (gravity, surface tension and buoyancy) on the suspended plate due to surface tension is

measured while the plate is partially immersed in the subphase (Figure 3.1). Surface tension

is measured from this force using plate dimensions. The relationship is given below.

[IT=Y—-7Y.

(3.1)

Where /7 is surface pressure, while 1” and ) are surface tensions in the absence and

presence of monolayer.
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Figure 3.1 Partial immersion of Wilhelmy Plate (Adapted from Biolin Scientific, 2020).

3.2.2 Contact angle

The contact angle of the ILs on membrane surface was measured by a contact angle meter
(DIGIDROP-Modular contact angle technology, GBX). The instrument can measure contact
angle with £0.1° of accuracy with maximum frame recording speed of 50/60 images/s. The
associated software automatically controls the droplet volumes and its deposition on the
surface. The software provides various polynomial and manual techniques to measure the

average contact angle.

Figure 3.2 DIGIDROP Contact angle measuring instrument
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3.2.3 Membrane Morphology

The possible morphological changes of hollow fibers surface and porous structure due to long
term contact with ILs were investigated with scanning electron microscope (Hitachi S-4800
FE-SEM). Prior to SEM analysis, samples were sputter coated with platinum for 5 minutes to

ensure better conductivity. Samples were observed at an acceleration voltage of 2kv.

3.2.4 Thermal stability

Thermal stability of the ILs used in the present study was analyzed by a thermogravimetric
and differential thermal analyzer (Shimadzu, DTG-60). Samples of IL. were analyzed with a

heating rate of 5 °C.min"" in the presence of N> flowing at 50 ml.min™'.

3.3 Equilibrium CO: solubility measurements

Equilibrium solubility of CO: in the four different imidazolium based ILs, [emim][MeSQO4],
[emim][DCA], [emim][EtSO4] and [emim][Ac] was measured with the help of isochoric
pressure drop principle using an IEM-built apparatus presented in Figure 3.3. Equilibrium

solubility values of CO, were measured at different temperatures and pressures.

To maintain a controlled and constant temperature the apparatus was kept inside a
temperature controlling chamber (Sartorius Certomat HK). The apparatus can record two
readings at the same time. Top of each equilibrium cell is sealed with a copper gasket. Both
equilibrium cells are connected to a secondary reservoir used for the gas injection. The
primary reservoir is made of stainless steel and provides gas to each secondary reservoir.
Pressure values of the equilibrium cells and primary reservoir are monitored by highly
precise (0.01%) pressure sensors (PA33X). These pressure sensors are connected to a

computer for automatic data collection.
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Figure 3.3 Schematic representation of the IEM-built gas solubility apparatus.

Prior to the experiments, the system was checked for the possible leakage by filling it with
helium gas (He) and using Alcatel ASM series Leak detectors. Volume of each part of the
system was measured using He gas while implementing ideal gas law. For equilibrium
solubility measurement IL of known volume (5 ml) was added to the equilibrium cell and
sealed using copper gasket. The system was then put on the degassing and/or desorption
mode by applying a vacuum pressure of 5 x 10 mbar for 10 hrs. After degassing, the gas
was filed in the primary reservoir from where it was transferred to the secondary reservoir.
Experiments were stated after allowing the gas to extend in the system for 30 minutes. Once
the experiment is started, the gradual pressure drop can be observed from the computer. The

amount of gas absorbed is calculated by the ideal gas law:

~ APV
fiy =2V (3.2)
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Where i is the amount (molar) of gas absorbed at equilibrium, AP (Bar) represents the

pressure difference of the beginning and equilibrium states of equilibrium cell, V (L)
represents volume of the gas which is found by subtracting IL volume from volume of the
empty cell, 7 (K) is the equilibrium temperature, and R (L Bar mol’ K') is the ideal gas

constant. The molar amount of absorbed gas can be found as under.

_ g

g9~ ‘ﬁ.g‘l“ﬁ.IL

(3.3)

Where 71;; represents the number of moles of IL used.
Henry’s Law constant H (Bar) can be calculated from the recorded equilibrium pressure P,

and the corresponding molar fraction of the gas x.

H =" (3.4)

Xg

3.4 Hollow fiber membrane contactor selection

A Polypropylene HFMC (1 x 5.5 MiniModule™) potted with polyurethane was selected for
experiments as presented in Figure 3.4. The HFMC was in parallel flow and hydrophobic by
nature. It was supplied by Liqui-Cel ™, USA. The module consists of mesoporous
polypropylene hollow fibers with 40 % porosity and mean pore diameter of 0.04 um. The

detailed specifications of the membrane contactor are presented in Table 3.2.

Lumen Side flow

Shell Side flow

Figure 3.4 Polypropylene hollow fiber membrane contactor module (1 x 5.5 MiniModule™)

(Adapted from “3M™ Liqui-Cel™ EXF 1X5.5 Series Membrane Contactor,” 2020).
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Table 3.2 Specifications of the membrane module

Parameter Value unit
Membrane material Polypropylene -
Inner diameter of the tube (d;) 2210 m
Outer diameter of the tube (d,) 3.010* m
Membrane thickness () 0.4 10* m
Length of the contactor (L) 0.115 m
Number of fibers (N) 2300 -
Membrane pore diameter(d,) 0.04 um
Effective inner membrane area (A) 0.18 m’
Lumen side volume (V) 1.6 103 m?
Shell side volume (V7) 2.510° m?
Porosity (g) 40 %
Packing factor (@) 0.39 -
Tortuosity (1) 6.4 -

a (2-9)°

T= (Iversen et al., 1997)

3.5 Experimental approach of CO: absorption/desorption in HFMCs

A HFMC setup suitable for post-combustion CO; capture with ILs was developed here. As
illustrated in Figure 3.5, the setup can operate in two modes; single module absorption and
coupled absorption/desorption. In the single module absorption system ILs were recirculated
(in a closed loop) from the reservoir to the shell side of the membrane absorber (membrane
stripper disconnected). In the coupled absorption/desorption system, ILs were recirculated (in
a closed loop) at the same time through the shell side of both membrane absorber and

membrane stripper.

A digital gear pump (Cole-Parmer Gear Pump System, Benchtop Digital Drive, 0.017
mL/rev, 220 VAC, Spain) was used to maintain a constant flowrate and avoid fluctuations.
The feed gas mixture containing CO2 (15 % Vol.) and N> (rest to balance) was introduced
through the lumen side of the membrane absorber. The gas mixture was kept in open loop
conditions with constant CO» concentration 15 % by Vol. Pure N> could pass from the lumen
side of membrane stripper used as sweep gas. Gas mass flowmeters (Alicat scientific, MC—

gas mass flow controller, Spain) were used to measure and control the inflow and outflow of
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gases for both membrane absorber and membrane stripper. CO» concentration at the inlet and
outlet of the membrane absorber and at the outlet of membrane stripper was analyzed by a
CO; analyzer (Geotech, G110 0-100%, UK). Liquid side pressure was always kept higher
than the pressure of the gas side to avoid penetration of the gas into the liquid side. Although
liquid side pressure was kept higher, however the transmembrane pressure was always
controlled and kept below LEP to avoid wetting of the membrane. Wetting of the mesopores
of membrane was not considered as fresh hydrophobic membranes were used with high
surface tension ILs and experiments were carried out under controlled transmembrane
pressure (< LEP). Operating conditions are presented in Table 3.3. Experimental setup was
kept inside an oven to maintain isothermal conditions throughout the experiments. Gas
flowmeters and gear measuring pumps were calibrated before experiments. ILs and gas

streams were kept in countercurrent arrangements in both membrane absorber and stripper.

In single module absorption IL recirculates through the shell side of the membrane absorber,
absorbing CO> from the gas mixture. The CO2 accumulates on the liquid side until reaching
pseudo-steady-state. The evolution of CO; concentration at the gas side outlet was
continuously monitored with a CO; analyzer. After reaching pseudo-steady-state, the CO>
desorption/stripping was initiated in the same module which was used as a stripper using N>
as sweep gas. IL was kept recirculating in the closed loop and the CO; desorbing from IL on
the interface diffused inside the pores of the membrane filled with N>, whose concentration

was continuously analyzed at the gas side outlet.

In coupled absorption/desorption, simultaneous absorption and desorption were carried out in
a single step. IL liquid during recirculation first passes into the membrane absorber absorbing
CO> and then enters the membrane stripper having N> as sweep gas to desorb CO; in the
same step. CO> concentration at the gas side outlet of membrane absorber and stripper was
continuously monitored with a CO analyzer. During recirculation CO2 was absorbed in the
absorption module a part of which desorbs after entering the stripper module. The experiment
was carried out until a constant COz concentration was achieved at the gas side outlet
(reaching pseudo-steady-state). All the experiments were reproduced three times. The data

presented in the manuscript represents the average values for the set of three experiments.
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FC: Flow Controller FM: Flow Meter PI: Pressure Indicator
Tl: Temperature Indicator  CV: Flow control valve

Figure 3.5 Schematic representation of the experimental setup; Gas flow (dashed lines),
Liquid flow (solid lines)

Table 3.3 Operating conditions

Parameter/Property Description Value Unit
CO; concentration in the gas (¢,) 15 Vol %
Initial CO; loading of Absorbent (o) 0 mol mol™!
Temperature, T 288-323 K
Sweeping gas flowrate, Qy, 100-200 ml min!
Feed gas flowrate, Qg 10-200 ml min’!
Liquid flowrate, Qy, 60 ml min’!
Gas inlet pressure, Py i 1.03 Bar
Liquid inlet pressure, P ;, 2.40 Bar
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Chapter 4. Theoretical Approach and Modeling

The theoretical approach and modeling are implemented based on the measurements of mass
transfer kinetics and two-dimensional axial radial mass, momentum and energy transport.
Mass transfer kinetics are measured based on the basic resistance in series model which
considers boundary layers at the different interfaces in the HFMC and resistance in the
membrane. The two-dimensional model is implemented under isothermal and non-isothermal
conditions. Isothermal conditions were adopted for room temperature ILs which behave as
physical absorbents. The experimental arrangements for isothermal modeling are adopted
from Chapter 3, section 3.5 where the IL is recirculated continuously in a closed loop and gas
mixture flows counter currently in open loop. This kind of arrangement leads to pseudo-
steady-state conditions, which is explained in detail in the mentioned section. Both pseudo-
steady-state and steady-state analysis are performed. For AAILs, which are known as highly
reactive ILs, a non-isothermal modeling approach is adopted. The experimental arrangements
for non-isothermal modeling are adopted from the work of Lu et al. (2017) for validation.
Both ILs and gas mixtures were considered in open loop conditions, which develop steady-

state. Here below the model development is described in detail.

4.1 Mass transfer Kinetics

The overall gas mass transfer in membrane contactor is composed of three main resistances
i.e. resistance in the gas phase, membrane and liquid phase. Resistance in series approach

combines these individual resistances:
Roy =Rpp =Ry, + Ry + R 4.1)

A hollow fiber membrane contactor is used with gas on the lumen side and liquid on the shell
side. The gas liquid interface is located on the outer boundary of the tubes assuming no
wetting conditions. Considering an enhancement factor (E) for chemical reaction on the shell

side, the equation can be written as below(Ortiz et al., 2010) :

1 _ do do 1
Koy kgdi kmdim kiH4E

(4.2)
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In the above equation, k,(m s™1), ky,(m s™") and k;(m s™') are individual mass transfer
coefficients of gas, membrane and liquid phase while d,,, d; and d;,, are the outer, inner and
log mean diameters of the membrane fiber. H; in the above equation represents

dimensionless Henry’s law constant. This parameter is very important as it represents CO>

solubility in ILs and is mostly used for RTILs (Lei et al., 2014; Wang et al., 2011).

As reported previously, contributions of the gas and membrane phase can be neglected, by
considering non-wetting conditions and gas filled membrane pores (Ortiz et al., 2010).

Equation 2 can then be rewritten as below:

LI (4.3)

Koy  kjH4E

Several empirical correlations have been proposed by different authors for shell side liquid
mass transfer coefficient in parallel flow membrane contactors, depending upon the operating
conditions of the liquid flowing and characteristics of the membrane contactor. The
correlation developed by Li et al. has been used in this study as it closely meets the

conditions of current absorption process (Shen et al., 2010):

Shy = (“££) = (0.52 — 0.640)R, ©**°39)5,03%, 0 < R, < 100; 030 < § < 0.70  (4.4)
l

While dj,, D;, @, R, and S, are hydraulic diameter, CO, diffusivity in liquid phase, packing

fraction of membrane contactor, Reynolds number and Schmidt number, respectively. These

parameters are calculated as under:

dc—i2 _Ndo2
dq—i+Nd,

dp = 4.5)

While d._;, d, and N represent contactor inner diameter, fiber outer diameter and number of

fibers, respectively.

CO. diffusivity in liquid phase was predicted by the correlation developed by Morgan et al.
(2005):

- 1
Dy =2.66.107 —ore s (4.6)

IL COy

Where ;;,(cP) and v¢p,(cm®.mol™") are viscosity of IL and molar volume of CO2. The
correlation developed by Morgan et al. is very well known for CO. diffusivities in
imidazolium cation based ILs with different anions and has been confirmed experimentally

by many authors (Moganty and Baltus, 2010; Zubeir et al., 2015).
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Reynolds number is calculated as follows:

_ 4prLQ
Re = mpyL(de—i+Ndo) “.7)

The CO; mass transfer flux can be calculated from the following equation:

, _ 1 /an\ _ Qg-inCg-in—Qg-outCg—out __
Jco,-g = n (E) - A - Kexp ACg—lm (4-8)

Where fi represents moles of CO2, Q4 and @4,y are gas side inlet and outlet flowrates
(m3.s71), respectively, Cy_i; and Cy_oye are gas side inlet and outlet concentrations
(mol.m™3) of COy, respectively, while K., denotes the experimental overall mass transfer
coefficient (m s™1). Kexp can be calculated from mass transfer flux and concentration
gradient. ACy_;,, in the above equation represents logarithmic mean of the driving force

which can be calculated using the equation below:

(Cg—in_C;—in)_(cg—out_cg—out)
1n< Cg—in=Cy—in )
Cg—out_cg—out

Where Cj_;; and Cg_,,; represents equilibrium concentration of the gas phase with

ACg—lm = (49)

corresponding CO> concentration in the liquid phase C;'. Equilibrium concentration of gas
phase Cg can be found using equation (Cg = Hgy C;') based on Henry’s Law constant. The
enhancement factor E determines the absorption rate of CO> in absorbents and quantifies how
and up to what extent the absorption is enhanced by the chemical reaction (Dindore and
Versteeg, 2005; Lu et al., 2005). Experimental overall mass transfer coefficient, Ky,
calculated from equation 4.8 can be used instead of K,, in equation 4.3 to predict the
enhancement factor for CO2 absorption in ILs. Equation 4.3 after rearranging can be written

as:

= Xew (4.10)

 kiHg
Considering first order interfacial chemical reaction, mass transfer rate for gas absorption in

membrane contactor can be described as:

_f, = (_ dc;:z)g _ é(_ g) = Ky ACy_im (4.11)

V; in the above equation represents gas side volume. The equation represents the mechanism

of first order chemical reaction of CO; with IL. Combining equation 4.8 and 4.11 can give us

the following new equation:
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Jeo,-g A =1V (4.12)

By combining equation 4.11 and 4.12 we can get the following equation:

jeoy-g = t1 (£) = Ky (2) ACyoim (4.13)

The final equation for the surface reaction rate (K,.) of CO> with IL is expressed as:

A
K, = Konp <g) (4.14)

The kinetic constant K, (s™1) represents first order gas liquid reaction, which will be used to
quantify the chemical absorption potential of ILs and its variation with increase of CO>
concentration in ILs as it is directly proportional to experimental overall mass transfer

coefficient.

4.2 Modeling

4.2.1 Isothermal modeling approach

Isothermal modeling approach was implemented for ILs [emim][MeSO4], [emim][DCA],
[emim][EtSO4] and [emim][Ac] which are known to involve physical absorption for COo.
Thus, the absorption process is assumed to be isothermal. A comprehensive 2-D model is
presented here for CO2 mass transport in a hollow fiber membrane contactor for both steady-
state and pseudo-steady-state modes. The process is explained in Figure 4.1. The dotted lines
show steady-state mode in which both gas and IL are passed from the membrane contactor in
a non-closed loop. In the pseudo steady-state mode IL is recirculated from a reservoir which
is represented by solid lines while gas flows in a non-closed loop. Fresh CO»/N> gaseous
mixture is introduced into the inner side of hollow fibers. While IL flows in the shell side
either in a closed loop or non-closed loop. For pseudo-steady-state mode, a dynamic model is

linked with the mass transport model for the recirculated IL in the tank.
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Figure 4.1 Schematic representation of the setup assumed to be modeled.

A polypropylene membrane contactor module with the same properties as Liquicel™
membrane contactors (USA) with mesoporous, thin walled, opaque, polypropylene hollow-
fibers was considered for the separation of CO; from CO2/N» mixture using ILs.
Characteristics of the module and operating conditions are presented in Table 3.2 and 3.3,
respectively. In order to reach reasonable computing times, we considered for the model
establishment a single hollow fiber with arbitrary shell predicted by Happel’s model (Happel,
1959). A portion of the fiber along with the arbitrary shell (Figure 4.2) was modeled.
Continuity equations were solved for the three domains of the flow cell namely, tube,

membrane and shell.

4-54



Theoretical Approach and Modeling

Ionic Liquid Ionic Liquid
z =L
Tube : : Shell

Cy Ciii: C
.
=
e
Ifgi; i

s =

L)

T

z =0 —

r

Gas Mixture

(a) (b)

Gas Mixture

Figure 4.2 Schematic diagram of single hollow fiber and section used for model
development.

The mass transport model of the flow cell (Figure 4.2) is based on the following assumptions:
a) Pseudo-steady-state (unless mentioned for steady-state).
b) Countercurrent mode for gas and IL flow in membrane contactor.
c) Laminar flow with fully developed velocity profile in the shell and tube.
d) Ideal gas behavior.

e) Application of Henry’s law on gas-liquid interface for CO2 with neglected solubility
of Na.

f) The membrane is not selective and not wetted by the IL (unless otherwise specified,

non-wetting conditions).

g) Membrane mass transfer using Fick’s diffusion through porous media and neglecting

convective contributions.
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h) Contributions of advection and diffusion to mass balance solved by considering local

concentrations.
1) The reservoir where the IL is recycled is considered as a perfectly stirred tank.

j) There is no heat transfer during absorption and desorption processes, making the

global process isothermal.

4.2.1.1 Mass transport equations

The continuity equation for each section is expressed as:

L= 7.GU -V + 1y (4.15)

Where the concentration of the species is C;(mol.m™3), U (ms™1) is the velocity,

2 3

ji (mol.m™2.s71) is the molar flux, f; (mol.m=3.s71) is the reaction rate and t (s) is the

time. The steady-state form of the equation is presented below:
0=-V.CGU—-"V.j; +1; (4.16)
Terms on the right-hand side of the equation represent convection, diffusion and reaction.

Fick’s law of diffusion is applicable for the diffusion in membrane contactor (Bird et al.,

2002).

4.2.1.1.1 Transport in gas

Based on the above assumptions, CO> transport in the gas can be expressed as below

(Subscripts A and S represent equations for membrane absorber and membrane stripper):

For pseudo-steady-state:

0Cq-2 0Cg-n a%¢c —A 10Cgy-4 a%c —A dCq-s 0Cq-s
Upgon—ch=Zozhyp [ g 19Cg-4 | 97Cy ]; Uy s =S = Zozs 4
, 9z at or2 r or 0z2 ’ 0z at
a%c S 10Cq4-s 9%C -s
D [ g 10Cy g ] 41
9=S| or2 r or 0z2 ( 7)
For steady-state:
U 0Cg-n _ [azcg_A 10Cg_a azcg_A]. U Cg-s _ [azcg_s 10Cg_s N
29-A 57 T T97A| g2 r or az2 I 29-S 9z ~ 79S| or2 r or
9%Cy-
Z -9-S 4.1
0z2 ] (4.18)
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Where Dy_4/Dy_s (m*.571), Cy_n/Cys (mol.m™3) and U,y s/U,4-s (m.s71) denote

the gas side CO; diffusivity, CO> concentration and gas velocity, respectively.

4.2.1.1.2 Transport in liquid
Based on the above assumptions CO» transport in the liquid phase can be expressed as below:

For pseudo-steady-state:

0Ci_x _ 9Ci—4 6ZCl_A 10Ci—4 62Cl_A dCi_s _ 0Ci—g BZCI_S

Var-a =5 = o +DZ‘A[ e T ]’UZJ‘S oz ot +D"5[ oz T
10C-4 BZCZ_A]

r or 0z2 (4.19)
For steady-state:

9Ci_4 _ [aZCI_A 19Ci_4 aZCl_A]. 0Ci—s _ [6261_5 10Ci_4

UZ'l_A 0z =Di-4 ar2 r or + 0z2 I’ Uz,l—S 0z =Dis or2 r or +
9%Ci-n

67] (4.20)

Where D;_,/D;_g (m?.s™Y), C,_4/Ci_s (mol.m™3) and U,;_,/U,;_s (m.s™ ) denote the

liquid side CO» diffusivity, CO> concentration and gas velocity, respectively.

4.2.1.1.3 Transport in membrane

Although the model considers non-wetting conditions for the prediction of the experimental
data, however, a detailed analysis of the non-wetting, partial wetting and full wetting
conditions was performed. Wetting can be avoided during short term operations and using
fresh hydrophobic membranes, however, it is more likely to occur during long term
operations and due to reuse of membranes and liquid absorbents. Therefore, a wetting
analysis was performed for which the schematic diagram of membrane thickness is shown in
Figure 4.3. Boundary conditions for all three modes are listed in Table 4.1. Whatever wetting
mode considered equilibrium between CO: concentrations in the gas and liquid phase has
been assumed, following Henry’s law. The difference between all three modes is the location
of the gas-liquid interface. For no wetting conditions, the gas-liquid interface is at the pore’s

exit, on the shell side (r = r2). For fully wetted conditions, the interface is at the pores

4-57



Theoretical Approach and Modeling

entrance, on the tube side (r = r1). For partially wetted conditions, the interface is inside the

membrane’s pores (r = ry) between r; and 1.

(a) (b) (©)

Figure 4.3 Schematic diagram of membrane thickness under (a) Non-wetted (b) Partially
wetted and (c) Fully wetted conditions.

For gas filled membrane pores, corresponding to no-wetting conditions the equations can be

written as:

For pseudo-steady-state:

0%2Cmg-a 10Cmg—-a 0%Cmg—-a 0Cmg-s a%c _s
mg 19Cmg mg ]; 0=2Lmo=s p o [ mg-S |
or? r or d0z2 g

_ 9Cmg-4
0= + Dmg-a [ at arz

at

10Cmg-s azcmg_s]
r  ar 0z2 (4.21)
For steady-state:
62Cmg—A 10Cmg-a azcmg—A] [62Cmg_5 10Cmg-s
0= Dmg—A [ ar? T r  or T 0z2 ? 0= Dmg—S ar? T r or T
62Cmg_5]
922 (4.22)

Where Dipg_a/Dmg-s (m*.s™1) and Cpy_n/Cpmg—s (mol.m™3) denotes the gas filled

membrane CO; diffusivity and CO; concentration.
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For gas filled portion of the partially wetted membrane equations can be rearranged as:

For pseudo-steady-state:

Equation 4.21 can be used.

For steady-state:

Equation 4.22 can be used.
For liquid filled portion of the partially wetted membrane equations can be rearranged as;

For pseudo-steady-state:

_ 0Cmi-a [azcml—A 19Cmi-a aZle—A], _ 0Cmy-s [azcmz—s
O=—r TD0m-a|=Ze"*7 % Tz [0=% TD0mu-s|75at

10Cmi-s aZsz—s]
S + 272 (4.23)

For steady-state:

azcml—A 10Cmi-a 62le—A] [62le_5 19Cmi-s azle—S]
= = ;0 = = 4.24
0= Dm—s [ or? + r or + 9z2 I 0= Dmy—s or? + r or + 0z2 ( )

Where Dy 4/Dmi—s (m?.57™ 1) and Cppy—p/Cu—s (mol.m™3) denotes the liquid filled

membrane CO» diffusivity and CO, concentration.
For fully wetted membrane equations can be rearranged as:

For pseudo-steady-state:

Equation 4.23 can be used.

For steady-state:

Equation 4.24 can be used.

4.2.1.2 Momentum equations

A fully developed velocity profile of the gas on lumen side was predicted by Hagen-

Poiseuille equation with no slip conditions presented below:

r

Uy gos = 2Ug_y [1 - (:—1)2] Uygos = 2Ug_s [1 = (r—)z] (4.25)

1

Where ug_4/ug_s (m. s~ 1) in the equations represents gas average velocity in the tube.
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Velocity profile inside the shell is expressed by Happel’s free surface model (Happel, 1959):

(r/r3)?=(ry/r3)*+21n(ry /1)
3+(rz/13)4—4(rz /13)2+41n(ry /13)’

Upios = 2u4 |1 = (2?] Upims = 25 [1 -

722 (r/r3)*=(r;/13)?+2In(r, /1)
G ] 3+ (ra/15) —4(ry /T3 2 +4In(15/T3) (4.26)

Where u;_,/u;_g (m.s™1) | r, and r3 are average velocity of absorbent in the shell, outer

radius of fiber and radius of free surface. The relationship between r, and 75 is expressed as:

1y = (L)l/ 1, (4.27)

1-0
Where 6 is the volume fraction of the void space, which can be calculated from the

following equation:

1-0=22 (4.28)

Where N is the number of fibers and R is the module inner radius.

4.2.1.3 Differential mass balance in the reservoir

The model adopts a setup in which the absorbent is recirculated into a tank, until a pseudo-
steady-state is achieved for the absorbent in the tank. A differential transient equation has
been developed across the tank to measure the continuous evolution of CO; in the absorbent.
The absorbent passing from the contactor leaves the contactor at time t entering the reservoir

and exits the tank at t + At with different concentration.

dCf«(t)
dt

Vi 9 = Quy (Crin(®) = Crone(®)) (4.29)

Where C; in equation 4.29 represents the concentration of CO; in the IL reservoir,
while V;;, (m?) and Q;,(m3.s™1) are total volume and volumetric flowrate of ionic liquid,

respectively. Final form of the equation can be as:
At At

Crour (¢ + M) = 2 G (6) + Ce(6) [1 + 25 (4.30)
IL IL

The term Cj oy, (t + At) in the above equation represents the outlet concentration of the
reservoir at time t + At. Concentration Cj ;, (t) was found using the following boundary

integral equation:
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ff:::3 C(r)rdrdo
Cf“,in(t) = ff3=r3 rdrd@ (43 1)
r=r3

TJ71, 1s the residence time of ionic liquid in the tank which is found from the following

equation:
Ty =g (4.32)
IL

4.2.1.4 Solubility, phase equilibria and diffusion coefficients

CO; solubility in ILs is mostly represented by Henry’s law constant. Moreover, generally the
models consider Henry’s law for the gas liquid interface. Indeed, the calculations of this
constant are of high importance for the modeling of CO» absorption on ILs. The magnitude of
the Henry’s constant indicates whether the absorption is chemical or physical. A small value
of Henry’s constant (usually less than 30 Bar) denotes chemical absorption of CO; in ILs
(Wang et al., 2011; Yokozeki et al., 2008) and high gas solubility (Anthony et al., 2002b; Lei
et al., 2014). Henry’s Law constants were calculated from these experimental PTx data using
the following equation (Blath et al., 2012; Sander, 2015; Yokozeki et al., 2008; Zubeir et al.,
2015) :

H(T, P) = lim Z02%002) _ jy TeaPeq) Peq (4.33)

x—0 Xco, x—0 Xco,

Where H(Bar) is the Henry’s constant, f is the fugacity of CO2, x, is the mole fraction of
CO; dissolved in IL, ¢ is the fugacity coefficient, T, is the equilibrium temperature and P,is

the equilibrium pressure. As the solubility varies with temperature, Equation 4.33 allowed
calculating Henry’s constant at various temperatures. The constant found from Equation 4.33
was used in the following equation to calculate dimensionless Henry’s constant (Sander,

2015):

_ piLRgT
Hy; = M H (4.34)

Where pj (kg.m™3) is the density of IL, R, (J.K~'.mol™') is the gas constant,
M;; (kg.mol™1) is the molar weight of IL, T (K) is the temperature and H(Bar) Henry’s law

constant for CO; in the four ILs.
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Densities had strong dependency on temperature which in turn affected the Henry’s Law
constant and solubility of CO>. Temperature dependency of the density for the four ILs
[emim][MeSOys], [emim][DCA], [emim][EtSO4] and [emim][Ac], are presented in equations
4.39, 4.40, 4.41 and 4.42, respectively (Costa et al., 2011; Gémez et al., 2006; Jalili et al.,
2010; Nazet et al., 2015; Schmidt et al., 2012). Equations below correspond to density in

kg.m™3 and temperature in K:

In p(T)ypeso,- = 7.33100 — 617220 10~* T + 1.3862 10~* T? (4.35)
p(Dipear = Toen (4.36)
p(T)seso,- = 1451.5928 — 0757562 T + 0.00013391 T2 (4.37)
p(T) (s~ = 1280.8 + 0.608 T (4.38)

The diffusion coefficient in the gas phase can be estimated by the following equation (Fuller

et al., 1966):

0.01013.7175(-——4—1)05
Dy = . (4.39)
P[(Z 1-)(502)3-"(2 GNZ)B]Z

In the above equation T'(K), P (Pa), M (g.mol™1) and ¥ are temperature, pressure, molar
weight and atomic diffusion volumes, respectively. Equation 4.39 has been used in different
studies to predict gas side diffusivity in membrane contactor operations (Albo et al., 2011;

Dai et al., 2016¢; Saidi, 2017).

Diffusivity of CO; and N inside the membrane (D,,,) which is mesoporous but near the limit
of macropores (4.0 10® m) was considered as combined effects of gas diffusivity, D, and

Knudsen diffusivity Dg,:

1_ 1, 1 (4.40)

Dm Dy Dkn

If the membrane pore diameter is larger than 1 10 m bulk diffusion, Dy (Equation 4.39) is
dominant; if it is less than 1 10" m, Knudsen diffusion is dominant. In case of pore diameter
between above two values, both types of diffusion can exist. Knudsen diffusion coefficient

can be found as below:
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1 8RT
DKn = Edp W (441)

If the membrane is considered completely gas filled, the only mass transfer resistance inside
the membrane is given by the gas diffusion through the membrane structure, then effective

diffusion coefficient can be applied:

& Dy

Gas diffusion coefficient in the ionic liquids can be described by the Equation 4.6 which was
developed by Morgan et al. (2005). An increase in temperature effectively reduces viscosity
of IL which causes an increase in diffusivity of CO> in IL at relatively high temperatures.
Equation 4.6 had been verified in various studies by comparing the diffusivities from
correlation with experimental diffusivities (Moganty and Baltus, 2010; Zubeir et al., 2015).
Temperature dependency of the viscosity for the four ILs are presented below (Costa et al.,
2011; Gomez et al., 2006; Jalili et al., 2010; Nazet et al., 2015; Quijada-Maldonado et al.,
2012; Schmidt et al., 2012) :

In p(Tueso,)- = In pM — 18.25 + (=) (4.43)
Inp(Mpcar = 1719 + (4.44)
In p(T(geso,)- = —1.6558 + () (4.45)
In p(Tac- = —1.657 + (2o) (4.46)

4.2.1.5 Meshing, boundary conditions and numerical resolution

Selecting an appropriate mesh for the finite element analysis is very critical. A rigorous
absorption model with enough discretization (particularly in radial direction) of the liquid
(due to high resistance for mass transfer) and membrane phase (due to high resistance for
mass transfer and existence of interface) is required. A refined mapped mesh was applied
across the three domains of the current symmetrical geometry. More refined mesh was

selected inside the mesoporous membrane. The meshed geometry is presented in Figure 4.4.
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The rectangular meshing elements are in accordance with the two directional (r, z) mass
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Figure 4.4 Schematic representation of the meshed domains

Boundary Conditions for the set of equations (mass and momentum transport in membrane

absorber and membrane stripper) presented in preceding section are listed in Table 4.1 below.

4-64



Theoretical Approach and Modeling

Table 4.1 Boundary Conditions for the model

Boundary Tube Side Porous Membrane Shell Side
Absorption/Stripping Absorption/Stripping Absorption/Stripping
_ _ , — ac,_
z=0 Cg—A = Cg—A,m/ Cg—S —Dmg_A acmg—A _ 0/—Dmg_s aCmg—S —0 _Dl—A alZA =0/
Cy-s,in 0z 0z D 9C)_s
-S aZ -
— 0C,— 0Cmg-— 0Cmag-— = (v
z=1L —Dg—A ;ZA =0/ —Dmg—A 65 4= 0/—Dmg—5 rgj 5= 0 Cl_lz‘ ;Og't(t + At)/
an—S B 1-S l—-A,out
S99z
r=20 9Cg-a _ 0/ - -
oC,
g—S — 0
ar
r=r1;3 - - a(;zr—A _ O/aCz =S _
No Wetting
r=m Cg—A Cmg—A/ Cmg—A = Cg—A/Cmg—S = Cg—S -
Cg-s = Cing-s
r=r, - Cmgon = “E4/Cpngs = Hy Ci_s Cia = Ha Cm-a/
Ha Cm =S
Cg=—2
Full Wetting
— Cm Crni— -
r=r7; Cog-n = H’d 2/C,- Cog-n = H’ 4/C,_s = Hy Coi—s
Hy Crny—s
r=nmr - Cmi—a = C1—p/Cip—s = Ci—s Cioa = Cu-a/C-s =
le—S
Partial Wetting
Gas filled portion Liquid filled portion
z=0 Cg-a = Cg—A,in/ Cyg-s = ~Dpng-a aCmQ—A —Dyys Cmi-a —D;_, a(;lZ—A =0/
Cg_srin aZ 0z aCl—S
_ aCmg_S _ —0/—D ale S =0 _Dl—S =
- 0/_Dmg—5 0z =0 - / ml-S— 5 0z 0z
z=1 9Cg-a _ 9Cmg-4 _ _ 9Cmi-a _ Ci—a = Cioue(t + AL)/
—Dg—A agz = _Dmg—A ng —_ Dml—A acaz — l iél S EOZ;(A t )
6C -S 6C -S _ ml-S - - —A,0Uu
0/=Dg-s—3==10 0/=Dpg-s—52=>=0 0/=Dpys—5 — =0
r=0 6Cg_A_O/6Cg -S =0 - - -
or
r=r Cg-a = Cmg-alCg-s = Cng-a = Cg-a/Cmg-s = - -
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_ o _
r= rW - Cm —A - -mizA A/Cm -S == le—A - -
’ Ha =T Hy Cpo /Gy g = 9=
Hd le—S d *mg-A'"*mil-S — Hg
r=r; - - Cmi—a = Ci—a/ Ci-a = Ci-a/
Cmi-s = Ci—s Ci—s = Cpy—s
_ ac;_ aC)—
r=r; - - - -4 _ I-s _
or 0/ or 0
®

Equations presented in the preceding sections were solved using COMSOL Multiphysics
(version 5.3a, 2018) and MATLAB R2017a using LiveLink™ for MATLAB®. Finite element
method was implemented here. This method considers piecewise polynomial interpolation
over the domains and numerically resolves equations at each of the nodes. Fully coupled
solver settings were applied for BDF time stepping and strict steps were implemented for the
solver. To avoid a high number of elements in the axial direction and reduce the large
difference between r and z directions, the 2D equation system was scaled down axially. An
axial scale factor was applied on the axial coordinate, fiber length, diffusion coefficients and

interstitial velocities.

4.2.2 Non-isothermal modeling approach

Non-isothermal modeling approach was implemented for absorption of CO2 in aqueous
solutions of four amino-based TSILs namely, tetramethylammonium glycinate [N1111][Gly],
1-ethyl-3-methylimidazolium glycinate [emim][Gly], 1-butyl-3-methylimidazolium glycinate
[bmim][Gly] and 1-hexyl-3-methylimidazolium glycinate [hmim][Gly] using HFMCs. The
IL concentration of the solutions was varied from 0.3 to 2 mol L', In fact, for very reactive
absorbents as considered for the current study, the process of absorption of CO> is non-
isothermal as the energy of dissolution reaction is released and accumulated along the
membrane contactor length. The current model considers a new approach for the non-
isothermal behavior of the chemisorption of CO; in the amino acid based reactive ILs used as
absorbents in the membrane contactor. A membrane contactor gas absorption setup suitable
for post-combustion CO; capture is adopted to be modeled here. The simplified form of the
setup is presented in Figure 4.5. A mesoporous hydrophobic membrane contactor (poly-
propylene fibers) of parallel configuration was selected for the study whose characteristics,

process parameters and operating conditions are presented in Table 4.2. Dry gas mixture
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(CO2+Nz) and absorbents were considered flowing counter currently on the shell side and
lumen side of the membrane contactor, respectively. For industrial operations, the reported
CO: concentration is about 8-15 % (Jing et al., 2012). Thus 15 % CO: concentration is
considered throughout the model. The absorption species (CO>) transfer from the shell side
(by convection and diffusion) to the pores of the membrane (only diffusion in the pores) and
then absorbs (chemisorption followed by physisorption) in the absorbent on the lumen side of

the membrane contactor.

Partially Converted
r Amino Acid lonic
T Liquids (ﬁqueous)
I
I
T3

L Post-Combustion

gas Mixture

Gas Liquid  H, ,f'i'; s
Interface (Phase —>; -
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I
I
I
|
I

| e

r

Figure 4.5 Schematic representation of the membrane contactor PCCC setup and the section

used for model development.

Table 4.2 Characteristics of HFMC and operating conditions considered for simulations.

Parameter Value Unit

HFMC (Hydrophobic, Parallel flow)
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Fiber inner radius (r1)

Fiber outer radius (r2)

Fiber thickness ()

Fiber length (L)

Number of fibers (N)

Porosity (g)

Packing factor (@)

Shell side (gas)

CO: molar fraction

Flowrate (Q,)

Inlet temperature (T)

Shell side Pressure (P)
Lumen side (liquid)
Absorbent Concentration (Cr)
Inlet CO; loading of Absorbent (o)
Flowrate (Qrr)

Inlet temperature (T)

Lumen side Pressure (P)

2.0x 10
2.5x 10
0.5x 10+
0.150
140

60

0.30

15

60
298-323
2.20

0.3-2

0

20
298-323
3.10

%

%

ml min’!

Bar

mol L'

mol mol™!

ml min’!

Bar

A two dimensional (2D) convective and diffusive mass and heat transport model was

developed for the ILs based membrane contactor CO» capture process. The model was based

on the non-isothermal absorption process across the membrane contactor. CO> is the only

specie that can cross the gas liquid interface. The following assumptions were made to solve

the model:

Hydrodynamics:

k) Steady-state conditions.

1) Countercurrent arrangements for gas and IL flow in membrane contactor.

m) Gas and liquid flows under laminar conditions with fully developed velocity profile

with no radial components.
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Thermodynamics:
a) Application of Henry’s law for gas liquid equilibrium on interface.
b) Membrane works as a non-selective barrier.
c) Neglected solubility of N».
d) Ideal gas behavior.
Kinetics, mass transfer and heat transfer
a) Reversible reaction kinetics.

b) Application of Fick’s diffusion through porous media for membrane mass transfer,

neglecting convective contributions.

c) Contributions of advection and diffusion to mass balance solved by considering local
concentrations and contributions of convection, conduction and heat of reaction to

energy balance solved by local temperatures.
d) Gas mixture is dry (no water vapor).

e) Neglecting the presence of water evaporation and condensation.

4.2.2.1 Mass transport equations

The mass and energy transport equations for the three domains are presented in the following
sections.

4.2.2.1.1 Transport in gas

Based on the above assumption mass and energy transport equations for gas can be written

as:
92Cg , 19Cg | 3%C4 acy
D [6r2 r or dz2 ] ~ Y29 5, (4.47)
0°T, 10T, 92T, oT,
941% g g
/1 [6r2 r or + ] gpgg (4'48)
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Where 1, (W m™' K™1), T, (K) and Cp, 4, (J mol~" K~1) represents thermal conductivity of

the gas, temperature of the gas and specific heat.

4.2.2.1.2 Transport in liquid

Based on the above assumption mass and energy transport equations for liquid can be written

as:
a Cl 1 6Cl 92 C; _ %

D, [arz r ar ] ti = zl 3z (4.49)
2°T 10T 92T aT

L[S+ 22 2 4 fiAH s = Uy Cpupr 32 (4.50)

Where 4; (W m~* K~1), T, (K), Cp; (J mol™t K™1), f; (mol m™3 s™%) and AHgs (J mol™h)
represents thermal conductivity of the liquid, temperature of the liquid, specific heat, reaction

rate and enthalpy of absorption reaction.

4.2.2.1.3 Transport in membrane

Mass and energy transport equations for membrane (gas filled pores) can be written as:

92 cm 1acm %Cm] _
m [ or? r ar azz | 0 (4.51)
0%°Ty, . 10Ty, . 0%Thy
Ime |52+ 152+ TR =05 Ane =22+ A=) (452)

Where A, (W m™tK™1) and T, (K) represents effective thermal conductivity of the

membrane and temperature of the gas filled inside membrane.

4.2.2.2 Momentum equations

A fully developed velocity profile of the gas on lumen side was predicted by Hagen-

Poiseuille equation with no slip conditions presented below:
\2
U,y = 2u, [1 - (Z) ] (4.53)

Where u, (m. s~ 1) in the equation represents gas average velocity in the tube.
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Velocity profile inside the shell is expressed by Happel’s free surface model (Happel, 1959).

(r/r3)2=(rz/r3)2+21n(r, /1)
3+(ry/13)*—4(ry /13)% +41n(ry /13)

Upr = 2w 1 - (2] (4.54)

Where u;(m s™1) , r, and 13 are average velocity of absorbent in the shell, outer radius of
fiber and radius of free surface. The term r3 can be calculated using Equations 4.31 and 4.32

presented in preceding section.

4.2.2.3 Reaction and absorption Kinetics

The four ILs selected for the current study, [Ni111][Gly], [emim][Gly], [bmim][Gly] and
[hmim][Gly] have the same glycine ([Gly]) anion and different cations. The mechanism is
similar for the above-mentioned amino acid-based ILs. Glycine based aqueous alkaline salts
show similar reactivity for CO> as of primary alkanolamines (Jing et al., 2012; Kumar et al.,
2003; Wu et al., 2015). The zwitterion mechanism proposed by Caplow, (1968) for primary
alkanol amines is considered as a reaction mechanism for amino acid-based ILs here. CO»
reacts with the amino acid-based ILs via the formation of zwitterion due to the deprotonation

by a base present in the aqueous solution (Jing et al., 2012) :
H,N — CH, — COO™R* + CO, #1,2 “00C*H,N — CH, — COO™R* (4.55)
"0O0C*H,N — CH, — COO"R* + B; "B~ OOCHN — CH, — COO"R* + B;H* (4.56)

B; is the base present in the solution to deprotonate zwitterions. Liquid phase equilibrium

reactions considered are the following:

"OOCHN — CH, — COO™R* + H,0 = H,N — CH, — COO"R* + HCO3 (4.57)
HsN — CH, — COO™R* = H,N — CH, — COO"R* + H* (4.58)
CO, + H,0 = H* + HCO; (4.59)
HCO; = H* + CO; (4.60)
H,0 = H* + OH™ (4.61)

The criterion to determine whether the reaction completely occurs in the bulk or in the liquid

film is based on the Hatta number. Hatta number can be defined as under:

H, =Yoo (4.62)

ki
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Where K, and k; represent the overall reaction rate constant (s') and liquid film mass
transfer coefficient (m s!). To confirm the fast pseudo-first-order regime, the Hatta number
must follow the criterion of 2 < H, <K E,, (Danckwerts, 1970; Jing et al., 2012). E,
represents infinite enhancement factor. When this criterion is fulfilled, the reaction of CO2
and amino acid based ILs can be considered as in the fast pseudo first order regime which
means that change in the concentration of the absorbent is negligible and reaction is of the
first order for CO» (Kierzkowska-Pawlak, 2012). ILs [Nii11][Gly] (Jing et al., 2012),
[emim][Gly] (Wu et al., 2015), [bmim][Gly] (Wu et al., 2016) and [hmim][Gly] (Guo et al.,
2013) fulfill the criteria of fast pseudo-first-order reaction regime for a range of
concentrations. Enhancement factors, Hatta numbers, and second-order rate constants are
presented in Table 4.3. The second-order reaction rate was temperature-dependent and

increased with an increase in temperature. The kinetic data for all four ILs (at 1M

Concentration) were calculated from the Arrhenius plot and are presented in Table 4.3.

Table 4.3 Enhancement factor (E), Hatta number (Ha) and rate constant (K) for the ILs

IL concentration E H, K; (L mol!' s K (L mol! s) Ref.

(mole L) 303K 303K 303 K

[Nun][Gly]

0.3 14.56 14.56 242.16 - (Jing et al., 2012)
0.7 34.39 34.39 719.34 - (Jing et al., 2012)
1.0 4133 4133 736.93 4.6930 105exp (-1856/T)  (Jing et al., 2012)
2.0 62.68  62.68 1297.13 - (Jing et al., 2012)
[C.mim][Gly]

0.5 23.67  23.67 296.29 - (Wu et al., 2015)
1.0 5158 51.58 662.95 6.041 10° exp (-2801/T) (Wu et al., 2015)
1.5 87.57  87.57 1213.52 - (Wu et al., 2015)
2.0 107.15 107.15 1280.78 - (Wu et al., 2015)
[Csmim][Gly]

0.5 28.31 28.31 417.52 - (Wu et al., 2016)
1.0 52.65  52.65 675.51 1.3460 10" exp (-5038/T) (Wuet al., 2016)
1.5 102.27 102.27 1539.38 - (Wu et al., 2016)
2.0 139.49 139.49 1955.60 - (Wu et al., 2016)
[Csmim][Gly]

0.5 36.02 36.02 759.22 - (Guo et al., 2013)
0.8 48.86  48.86 1091.81 - (Guo et al., 2013)
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1.0
1.2

57.50  57.50 1402.38 3.04 107 exp (-3050/T) (Guo et al., 2013)
66.75  66.75 1855.99 - (Guo et al., 2013)

4.2.2.4 Solubility, phase equilibria, and diffusion coefficients

The interfacial phase equilibrium for the absorption species can be defined as follows:
C,=HyCy (4.63)

Where H,; is the dimensionless distribution coefficient for the absorption species which can

be calculated as below:
H, = RTS (4.64)

where S(mol m™3Pa™?1) represents the solubility of the absorption species. The solubility of
COz in IL [Ni111][Gly] was estimated by Jing et al. (2012) using the Schumpe model
(Schumpe, 1993; Weisenberger and Schumpe, 1996) presented below:

log (i—W) = Y (h; + hy)Cy (4.65)

Where h; and h, represent ion and gas specific constants, respectively and C; is ion

concentration. The solubility of CO> in water was calculated as under (Versteeg and van

Swaaij, 1988):

S, = 3.54 107 exp (@) (4.66)
The solubility of [emim][Gly], [bmim][Gly] and [hmim][Gly] was calculated according to the

regular solution theory. For ILs the Henry law constant H(Pa) decreases with an increase in

solubility. The regular solution theory is presented below:

b(8,-682)?

InH=a+ (4.67)

1
Where § (Jem™3)z represents the solubility parameter, while a (Jem™3)71 and b(Jem™3)7!

are constants depending on the gas (Barton, 1991; Camper et al., 2005).

The solubility of CO,, S(mol m~3Pa™1) in aqueous solutions of [emim][Gly], [bmim][Gly]
and [hmim][Gly] was found from the Henry law using the parameter H (Sander, 2015).:
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S=— (4.68)

Diffusivity of CO2 and N2 in the gas phase can be found using the correlation (Equation 4.39)
developed by Fuller et al. (1966). While Diffusivity of CO2 and N> in the membrane can be

calculated using Equations 4.39-4.42 presented in the preceding sections.

The aqueous solutions of [Ni111][Gly], [emim][Gly], [bmim][Gly] and [hmim][Gly] are
electrolyte solutions. Equations developed by Barret (Barrett, 1966) and Danckwerts

(Danckwerts, 1970) were used to calculate the diffusivities of CO» in these solutions:

(Dl MIO'S)T = (Dw #WO'S)T (469)

5
logD,, = —8.1764 + 7= — 222

(4.70)

4.2.2.5 Meshing, boundary conditions and numerical resolution

Meshing and proper discretization of the geometry are very important for the finite element
analysis. The current absorption process is mostly controlled by the liquid side resistance.
Therefore, a rigorous absorption model with enough discretization is needed. Moreover,
interfacial chemical reactions were considered in the current absorption process, as it can also
be confirmed from the analysis in Section 4.2.2.3 and the high values of Hatta number
presented in Table 4.3. Refined mapped (rectangular shaped) meshing was implemented
across the symmetrical geometry with more refining along with the interface and inside the
membrane. The meshed surface along with the labeled boundary conditions (BCs) is
presented in Figure 4.4. Boundary conditions for both mass and energy transport equations

are presented in Table 4.4.

Table 4.4 Boundary conditions for non-isothermal model.

Boundary Tube Side Porous Membrane Shell Side
Mass Energy Mass Energy Mass Energy
z=0 G=Com  Ti=Tiw _p O _o Om_o %G, 9,
0z 0z 0z 0z
z=1L BCl aTl aCm aTm C,=C,_; T, =T,_;
-D—t=0 A —=0 -—-D.—M_po M_p g g—in g — fg-in
Yoz Yoz ™ 9z 0z
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r=0 OC” aTl - - - -
— =0 — =0
or or
r=rTr Cl:Hde Tl:Tm C :ﬂ Tm:Tl - -
r=r, . . Cn=C,  Tw=T, C,=Cn  T,=Ty
r = r3 - - - - aCL,g _ 0 aTg _

or or

The set of 2D model equations presented in the preceding sections are boundary value
problems of the partial differential equation system. The model was developed and solved
using COMSOL Multiphysics® which uses the finite element method. The solved model was
post-processed in MATLAB® and Microsoft Excel.
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Chapter 5. Post-combustion CO: Capture

This chapter presents the characterization of ILs, membranes and the experimental outcomes
of the post-combustion carbon dioxide capture with ILs in HFMC. The materials,
characterization techniques and methodology of the experiments are described in Chapter 3.
The following publications from the authors correspond to this Chapter.
o Sohaib, Q., Vadillo, J.M., Gémez-Coma, L., Albo, J., Druon-Bocquet, S., Irabien, A.,
Sanchez-Marcano, J., 2020. Post-Combustion CO> Capture by Coupling [emim]
Cation Based Ionic Liquids with a Membrane Contactor; Pseudo-Steady-State
Approach. Int J Greenh Gas Control
o Sohaib, Q., Vadillo, J.M., Gémez-Coma, L., Albo, J., Druon-Bocquet, S., Irabien, A.,
Sanchez-Marcano, J., 2020. CO; Capture with Room Temperature lonic Liquids;
Coupled Absorption/Desorption and Single Module Absorption in Membrane
Contactor. Chem. Eng. Sci.

ILs and membrane properties and characterization

5.1.1 1L properties and characterization

There are various fundamental properties that need to be considered for an absorbent to be
used in membrane contactors; they include viscosity, surface tension, CO» diffusivity, CO>
solubility and thermal stability of the absorbent. Some of these properties have been
experimentally measured in this work, others have been calculated or obtained from
literature. Table 5.1 below reports the values of these properties for [emim][Ac],

[emim][MeSOys], [emim][EtSO4] and [emim] [DCA].

CO; solubility and Henry’s law constant (H (Bar)), are important parameters to characterize
the capacity of ILs for CO absorption. A low value of the Henry’s law constant indicates
very high gas solubility (Anthony et al., 2002a; Lei et al., 2014). The magnitude of this
constant also indicates the physical and chemical nature of the absorption. Smaller values of
Henry’s law constant (H <30 Bar) denote the chemical absorption nature of the absorbent for
CO2 (Wang et al., 2011; Yokozeki et al., 2008). Table 5.1 shows equilibrium concentration of

COz in IL at specified pressure and temperature and Henry’s law constants. As can be seen
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from the Table, the solubility is negatively affected with increase in temperature which is also
confirmed by Lei et al. (2014) and Okoturo and VanderNoot, (2004). According to the values
reported in the table, in terms of CO; solubility the four ILs are ranked as: [emim][Ac] >

[emim][EtSO4] > [emim][MeSO4] > [emim] [DCA].

Viscosity is another important parameter, which affects the flow of absorbent in membrane
contactors and affects the diffusivity of CO; in the absorbent. A higher viscosity not only
reduces the overall mass transfer coefficient but also increases the liquid side pressure drop in
membrane contactors, especially when operating at room temperature (Zhao et al., 2016).
Among the ILs considered for this study, [emim][DCA] has the lowest values of viscosity (4-
6 times lower than other three ILs), as shown in table 5.1. Viscosities of ILs [emim] [DCA],
[emim] [MeSOs], [emim][EtSO4] and [emim][Ac] at 298 K are reported to be 15.1 mPa s,
78.1 mPa s, 97 mPa s and 141.1 mPa s, respectively. An increase in temperature decreases
viscosity which is a favorable feature for enhanced diffusivity. Temperature dependency of
viscosity for the four ILs [emim][Ac], [emim][EtSO4], [emim][MeSO4] and [emim][DCA]
have been studied by Nazet et al. (2015), Schmidt et al. (2012), Costa et al. (2011), Quijada-
Maldonado et al. (2012), and Vatas¢in and Dohnal, (2017) respectively. It can be observed
from Table 5.1 that increase in temperature has effectively decreased the viscosity of ILs and
increased the diffusivity of CO; in ILs. CO: diffusivities in ILs were calculated using the
correlation (Equation 4.6) developed by Morgan et al. (2005). This correlation confirms the
inverse effect of the viscosity on CO; diffusivity. Other correlations developed for CO-
diffusivity in ILs also confirm the strong dependency of CO» diffusivity on viscosity and their
inverse relation (Moganty and Baltus, 2010; Moya et al., 2014; Ying and Baltus, 2007;
Zubeir et al., 2015). Diffusivities of the ILs [emim] [DCA], [emim] [MeSO4], [emim][EtSO4]
and [emim][Ac] at 298 K are reported to be 1.15 10° cm?s™, 3.9 10%cm?s!, 3.38 10°cm?s!
and 2.64 108 cm? s™!, respectively. Diffusivity of [emim][DCA] is one magnitude higher than
diffusivities of other three ILs due to far lower viscosity compared to other ILs. In terms of
viscosity and diffusivity these ILs can be ranked as [emim][DCA] > [emim][MeSO4] >
[emim][EtSO4] > [emim][Ac].

Surface tension is a fundamental parameter for absorbents to be used with porous membrane
contactors as it can describe the pore wetting resistance of membrane for absorbents and
affects the LEP which is a critical parameter to prevent pore wetting of membrane (Zhao et
al., 2016). Values of surface tension for all four ILs were measured by the method described

in section 2.2 and reported in Table 5.1. The contact angle for water was also measured and
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reported as reference. Values of surface tension show a gradual decrease with increase in
temperature. IL [emim][MeSO4] shows the highest surface tension of 52.6 mN m™ at 288 K,

among other ILs studied here.

The above described findings confirmed that temperature has two opposite effects on the
absorption of CO2 in room temperature ILs. Increase in temperature significantly reduces the
viscosity of ILs, thus enhancing CO, diffusivity while CO; solubility in ILs decreases as
Henry’s law constant increases. Thus, thermal stability of liquid absorbents is an important
parameter which can be fundamental when treating hot flue gases or during stripping process
at relatively high temperature. Thermal stability of ILs was tested using TGA analysis.
Samples were heated from 18 °C to 450 °C. The results in Figure 5.1 confirm the higher
thermal stability of the ILs. IL [emim][MeSQO4] presents only 4% of loss until 200 °C and
reaches to 90 % until 450 °C. IL [emim][DCA] shows 4 % weight loss until 270 °C and
undergoes only 60 % loss when reaching 450 °C. IL [emim][EtSO4] shows only 4 % weight
loss until 300 °C, after this temperature it starts degrading and losses 80 % until 400 °C. IL
[emim][Ac] loses only 2 % weight until 200 °C, after this temperature it starts degrading and
reaches almost 100 % loss near 280 °C. All the initial minor losses from 2-4 % can be
attributed as losses of water from the samples. In conclusion, all four studied ILs can be

applied at temperatures below 200°C.
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%40 | e—emim][EtSO.] \ \ \\.__
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Figure 5.1 TGA analysis of ILs
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Table 5.1 Properties of ILs and parameters for CO, absorption

IL T(K) x*/P Ref. Hpx Ref. p Ref. n Ref. Dco. Ref. Y Ref.
(Bar) (Bar) (g cm™) (mPa s) (em?s7) 10° (mN m™)
[emim] 288 - - - - 1.289 (Costa et 128.6 (Costa et 2.81 This Work 52.6 This Work
[MeSOs] al., 2011) al., 2011)
298  0.033/2.7 This Work  81.8  This Work  1.286 (Costa et 78.1 (Costa et 3.90 This Work 51.2 This Work
al., 2011) al., 2011)
313 0.031/2.7 This Work  87.1  This Work  1.275 (Costa et 429 (Costa et 5.80 This Work 50.5 This Work
al., 2011) al., 2011)
[emim] 288 - - - - 1.114 (Klomfar 19.5 (Larriba et 9.76 This Work 46.4 This Work
[DCA] etal., al., 2013)
298  0.035/2.6 This Work 743  This Work  1.108 (Klomfar 15.1 (Larriba et 11.56 This Work 45.4 This Work
etal., al., 2013)
313 0.032/2.6 ThisWork 86.6 ThisWork 1.098  (Klomfar ~ 10.2  (Larriba et 14.97 This Work ~ 45.0  This Work
etal., al., 2013)
[emim] 288 - - - - 1241  (Gémezet 1520  (Gomez et 2.51 This Work ~ 46.8  This Work
[EtSO4] al., 2006) al., 2006)
298  0.059/2.7 This Work 457  This Work  1.237  (Gdémez et 97.0 (Gomez et 3.38 This Work 46.3 This Work
al., 2006) al., 2006)
313 0.049/2.7 This Work  55.1  This Work  1.227  (Gdémez et 50.9 (Gomez et 5.18 This Work 452 This Work
al., 2006) al., 2006)
[emim] 288 - - - - 1.105 (Nazet et 288.0 (Nazet et 1.65 This Work 473 This Work
[Ac] al., 2015) al., 2015)
298 0.26/2.6  This Work  10.0  This Work ~ 1.099 (Nazet et 141.1 (Nazet et 2.64 This Work 46.8 This Work
al., 2015) al., 2015)
313 0.23/2.6  This Work  11.3  This Work  1.087 (Nazet et 78.2 (Nazet et 3.90 This Work 45.9 This Work
al., 2015) al., 2015)
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5.1.2 Membrane properties and characterization

Selection of membrane is also very important for membrane contactor gas liquid absorption
process. In this study, a mesoporous hydrophobic polypropylene membrane is used. PP
material is resistant to dissolution in solvents and is suitable for low temperature applications

(Mansourizadeh and Ismail, 2009).

Surface morphology of membrane was characterized by SEM analysis to investigate effect of
long-term contact between ILs and the membrane. The surface of the porous membrane was
analyzed before and after immersion for 20 days in ILs. Wang et al. (2005) has reported
significant changes in surface morphologies and degradation due to various solvents. In the
present work however, no evident changes can be observed for all ILs. Figure 5.2 shows
SEM of the surface (at x 1.00 k magnification) and porous structure (at x 50.0 k
magnification) of membrane before and after immersion in [emim][MeSO4]. Similar effects
were confirmed for the other three ILs. These SEM confirm that there are no noticeable

effects of ILs on surface and porous structure of PP membrane.

Contact angle measurements were carried out to confirm the absence of pore wetting and of
degradation due to solvent as suggested by SEM observations above. The contact angle
represents the polarity difference between the membrane surface and the fluid (Gabelman and
Hwang, 1999). It is important to notice that contact angle measurements are precise for flat
and dense materials. However, in this case we have fibers which are cylindrical and porous.
Indeed, contact angle measurements are given only as an indication of possible modifications
of the hydrophobicity before and after 40 days of immersion of fiber in ILs and water and not
as quantitative results. Table 5.2 shows contact angles of four ILs before and after immersion
experiments. Visuals of the measurements are presented in Figure 5.3 below. PP fibers were
cleaned properly before measurements, and each angle was measured 15 times. PP fiber
showed higher contact angle of 101.9° with water. Contact angles measured for IL
[emim][MeSOs4] and [emim][DCA] were higher than that of [emim][EtSO4] and [emim][Ac].
Before immersion the angles measure for [emim][MeSO4], [emim], [emim][EtSO4] and
[emim][Ac] were 84.2°, 82.9°, 71.1° and 72.9°, respectively. There is only 1°-2° drop in
contact angles measured after 40 days of immersion of fiber in ILs. Finally, it can be
concluded from negligible variations in the contact angles that there was no physical or

chemical interaction between ILs and membrane material.
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Figure 5.2 Scanning electron micrographs for (A) non-immersed PP fibers surface; surface
of PP fibers immersed for 20 days in (B) [emim] [MeSQOys], (C) [emim] [DCA], (D) [emim]
[EtSO4] and (E)[emim][Ac]; (F) non-immersed PP fiber pores; pores of PP fibers immersed
for 20 days in (G) [emim] [MeSO4], (H) [emim] [DCA], (I) [emim] [EtSO4] and
(H[emim][Ac].
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(a) (b)
(c) (d)

(e)
Figure 5.3 Contact angle of absorbents with PP membrane fiber (a) [emim] [MeSOs], (b),
[emim][DCA] (c) [emim] [EtSO4], (d) [emim][Ac] and (e) Water.

LEP is another key parameter which is used to evaluate the wettability of porous membrane
for liquid absorbents (Zhao et al., 2015a, 2015b). LEP defines the minimum pressure applied
on the liquid to enter the membrane pores, which is estimated by Laplace-Young equation

(Gabelman and Hwang, 1999; Kumar et al., 2002) given here below:
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4Bycosf

LEP = AP = (5.1)

Amax
Where B represents pore geometry coefficient (B=1 for cylindrical pores; 0 < B < 1 for non-
cylindrical pores), 8 is the contact angle between liquid absorbent and membrane and dmax is
the maximum pore diameter of the membrane. According to Laplace-Young equation LEP is
favored by small pore size and high surface tension. LEP of all ILs and water for membrane
contactor used in this current study are presented in Table 5.2. In order to avoid wetting of
the pores, transmembrane pressure for the current absorption process in membrane contactor

was kept lower than the measured LEP.

Table 5.2 Contact angle and LEP of ILs and PP membrane contactor

Absorbent Contact Angle (deg) LEP (Bar)

Before immersion After immersion

[emim][MeSO4] 84.2 82.2 1.95
[emim][DCA] 82.9 81.0 2.19
[emim][EtSO4] 71.1 71.0 5.70
[emim][Ac] 72.9 69.6 5.21
Water 101.9 - 5.65

5.2 COz capture; single module absorption operation

5.2.1 CO: absorption in membrane contactor

CO; absorption experiments were carried out with four ILs coupled with PP membrane

contactor according to the methodology described in chapter 3. Efficiency of the absorption

process was evaluated at different gas flowrates and process temperatures using Equation 5.2

presented below.

Ef ficiency (%) = (1 - %) 100 (5.2)
g-in

Figure 5.4 shows CO, removal efficiency based on the output gas phase, at different gas

flowrates.
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Figure 5.4 CO; removal efficiency against operation time for IL (a) [emim] [MeSO4], (b),
[emim][DCA] (c) [emim][EtSO4] and (d) [emim][Ac] at T=288 K.

CO; removal efficiency is generally favored by lower gas flowrates. Initially the COz
concentration at the output gas phase increases very fast and slows down with time until
reaching pseudo-steady-state. At pseudo-steady-state, the increase in CO: concentration
becomes very slow and concentration can be considered constant with time. At lower gas
flowrates the efficiency remains almost 100%, initially, as the IL can absorb more CO2. An
increase in gas flowrate reduces the CO2 removal efficiency due to minimal residence time of
gas inside the contactor (Yan et al., 2007; Yeon et al., 2005). Despite the reduction in
efficiency with increase in gas flowrate, there is enhancement in the mass transfer due to
greater average concentration of CO> on the gas side due to which the amount of CO; on the

liquid side increases (Li and Chen, 2005; Zhang et al., 2006). Absorption with IL
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[emim][EtSO4] shows 98% efficiency even after 20 minutes and 15 minutes of recirculation
at gas flowrate of 50 ml.min"! and 70 ml.min™!, respectively. Generally, ILs dissolve a certain
amount of CO,, which is mostly considered to be physisorption for RTILs (Gurau et al.,
2011; Maginn, 2005). However, the initial faster absorption can be explained by the complex
formation at gas liquid interface, which is more chemical in nature, as the IL has very lower
CO: concentration during initial recirculation. The absorption becomes slower with time due
to physical absorption in the bulk of the liquid and due to lower diffusivities of the ILs, until
it reaches pseudo-steady-state. Gas flowrate has evident effect on the outlet concentration and
removal efficiency of CO». For ILs [emim][MeSO4] and [emim][DCA] after 10 minutes, a
decrease in removal efficiency of 43 % and 58 %, respectively, was observed by using 50
ml.min™! instead of 20 ml.min' of gas flowrate. For [emim][EtSO4] after 10 minutes an
efficiency drop of 28 % was recorded by increasing the gas flowrate from 50 ml.min™! to 100
ml.min"!. After 60 minutes of recirculation, the efficiency drop for [emim][Ac] was 20 % by
applying 200 ml.min! instead of 100 ml.min! of gas flowrate. Apart from few exceptions,
the pseudo-steady-state efficiency was not much affected by the gas flowrate. IL [emim][Ac]
was observed to be far more efficient than other ILs, as even at the highest gas flowrate (200
ml.min’!) it took 280 minutes to reach pseudo-steady-state. This phenomenon can also be
confirmed from its very lower value of Henry constant. Despite being a RTIL, CO>
absorption in IL [emim][Ac] is considered to be a chemisorption process (Gurau et al., 2011;
Yokozeki et al., 2008). Gas flowrates were selected for ILs according to their performance.
ILs operated at low gas flowrates were not able to withstand absorption for enough time at
high flowrates, while those operated at high gas flowrates were too slow to reach pseudo-

steady-state at low gas flowrates.

ILs used are thermally stable and there is no effect on the vapor pressure in the investigated
range of current study. Temperature has two opposite effects on the absorption of CO»> in ILs.
It decreases viscosity of the IL thus enhances CO; diffusivity in ILs. But CO; solubility in
RTILs is negatively affected by temperature. An increase in temperature reduces the CO»
solubility and increases the Henry’s law constant (Lei et al., 2014; Okoturo and VanderNoot,
2004). When temperature rises from 298 K to 313 K the values of Henry’s law constant for
IL [emim][DCA] and [emim][EtSO4] increases from 74.3 Bar to 81.3 Bar and 45.7 Bar to
55.1 Bar, respectively. Figure 5.5 shows the evolution of efficiency and therefore of gas side
outlet concentration of CO; at different temperatures. It is clear from the figure that increase

in temperature has reduced the removal efficiency. However, the efficiency at pseudo-steady-
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state remains nearly unaffected. When the temperature is enhanced from 288 K to 313 K and
at 20 minutes of recirculation time, an efficiency drop of 12 %, 8 % and 31 % was observed
for ILs [emim] [MeSOys], [emim][DCA] and [emim] [EtSO4], respectively. For [emim][Ac]
when temperature was increased from 288 K to 323 K and after 80 minutes, a drop of 17 % in

removal efficiency can be observed.
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Figure 5.5 CO; removal efficiency against operation time for IL (a) [emim][MeSO4] (Q=20
ml min™), (b) [emim][DCA] (Qg=20 ml min!), (c) [emim][EtSO4] (Q¢=50 ml min™") and (d)
[emim] [Ac](Qg=100 ml min™).

5.2.2 Mass transfer Kkinetics
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5.2.2.1 Mass transfer coefficient and CO: flux: Effect of gas flowrate,
temperature and CO: loading

As discussed in previous section, increase in gas flowrate enhances mass transfer of CO; and
its concentration on the liquid side. Both, mass transfer flux (mol m? s™!) and experimental
overall mass transfer coefficient (m s™') increase with gas flowrate enhancement. The results
which are reported in Figure 5.6 show that for [emim][MeSO4] and [emim] [DCA], the
increase of gas flowrate from 20 ml min' to 50 ml min!, enhances the CO, flux and
experimental mass transfer coefficient from 1.2 10° mol m? s to 3.1 10° mol m? s and 9.3
10°m s to 2.3 10° m s™!, respectively. In the case of IL [emim][EtSO4] when gas flowrate is
increased from 50 ml min™' to 100 ml min’!, it is observed an enhancement from 3.1 10~ mol
m?s't06.210° mol m?s'and 2.3 10°m s'to 4.6 10° m s™!, respectively. For [emim][Ac]
increasing gas flowrate from 100 ml min! to 200 ml min™' results in an increase of CO; flux
and experimental mass transfer coefficient from 6.2 10> mol m? s to 1.2 10* mol m? s and
4.6 10°m s to 9.3 10° m s}, respectively. Liquid phase mass transfer coefficient remains

unaffected by variations in gas flowrate.
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Figure 5.6 Effect of gas flowrate on CO: flux ( j¢o,) and experimental mass transfer
coefficient (K,yyp) for IL (a) [emim][MeSO4], (b), [emim][DCA] (c) [emim][EtSO4] and (d)
[emim][Ac] at T=288 K.

As discussed previously, temperature affects both diffusion coefficient and Henry’s law
constant, both have opposite effects on mass transfer performance. To see the effect of
temperature on mass transfer flux and experimental mass transfer coefficient; values were
taken after few minutes of recirculation. The effects can be observed in Figure 5.7. Both mass
transfer flux and experimental mass transfer coefficient decrease with temperature
enhancement. However, the effect is much smaller compared to gas flowrate. Liquid side
mass transfer coefficient is a function of diffusivity, Reynolds number and Schmidt number.
Liquid side mass transfer coefficients show considerable amount of increase with increase in
temperature as all the above-mentioned parameters are temperature dependent. For ILs
[emim][MeSO4], [emim] [DCA], [emim][EtSO4] and [emim][Ac] if temperature is increased
from 288 K to 313 K, liquid mass transfer coefficient increases from 2.3 10°m s to 4.5 10°¢
ms', 1.710°ms't010.310°ms!,2.110°ms' t04.0 10°ms' and 1.4 10°m s to 3.1

10° m s™!, respectively.
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Figure 5.7 Effect of operation temperature on CO> flux ( j¢o,), €xperimental mass transfer
coefficient (K,,p) and liquid mass transfer coefficient (K;) for ILs (a) [emim][MeSO4]
(Q¢=20 ml min™"), (b) [emim][DCA] (Q¢=20 ml min™"), (c) [emim][EtSO4] (Qz=50 ml min™")
and (d) [emim][Ac] (Q,=100 ml min™!).

CO; mass transfer flux and experimental mass transfer coefficients are continuously evolving
with operation time as shown in Figure 5.8. These values decrease continuously but tend to
reach a pseudo-steady-state where it becomes almost constant. It nearly takes 50-70 minutes
for these values to be stable in case of [emim][MeSO4], [emim][DCA] and [emim][EtSO4]
while for [emim][Ac] the pseudo-steady-state is not really reached at 280 minutes of
experiment. The driving force for the mass transfer here is concentration gradient which
continuously evolves with operation time due to accumulation of CO> on the liquid side. Both
mass transfer flux and experimental mass transfer coefficient depend upon the logarithmic
mean of the driving force. Logarithmic mean of the driving force continuously evolves due to
the evolution of CO: concentration in the gas phase (Cy) in equilibrium with the
corresponding CO> concentration in the liquid phase (C;). The equilibrium at gas liquid

interface was defined by Henry’s law constant.
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Figure 5.8 Variation of CO> flux ( j¢e,) and experimental mass transfer coefficient (Key;)
with operation time for four ILs (a) [emim][MeSOa4] (Qg=20 ml min™), (b) [emim][DCA]
(Q¢=20 ml min™"), (c) [emim][EtSO4] (Qz=50 ml min™') and (d) [emim][Ac] (Q¢=100 ml min"
') at T=288 K.

5.2.2.2 Enhancement factor and first order rate constant: Effect of CO: loading

During recirculation, ILs continuously absorbs CO>, which accumulates on the IL which is
recirculated in between shell side of the contactor and the tank. This accumulation slows
down the gradient and then the mass transfer process and absorption kinetics. This
phenomenon is explained here in terms of enhancement factor and first order rate constant.
Enhancement factors and first order rate constants were calculated as explained in Section
4.1. In Figure 5.9 we can notice that absorption rate changes with time. Initially CO> loading
(on) increases very rapidly but slows down with time as far as the number of recirculation
loops increases. During the first ten minutes, [emim][MeSOs], [emim][DCA] and
[emim][EtSO4] absorb respectively 56 %, 48 % and 48 % of the total absorption capacity
COgo, the rest of the CO; is absorbed during the last 70 minutes of the process. In case of
[emim][Ac], 34 % of the total absorption capacity of CO; is done in the first 10 minutes,
whereas the total absorption time was 280 minutes. The slow absorption rate of the ILs might
be due to two reasons. Physical absorption in the bulk, which hinders the mass transfer due to
high viscosity of ILs and low diffusivities and low driving force (concentration difference)
due to high CO; loading in initial minutes. The enhancement factor is used to quantify the
improvement of mass transfer due to the presence of chemical reaction. The results show
strong dependency of the enhancement factor on CO> concentration in IL. In Figure 5.9 we
can observe that the enhancement factor drops very rapidly in the first minutes of absorption
and then slows down (almost reaches a negligible value) as absorption reaches pseudo-
steady-state. The decrease in enhancement factor shows that increase in CO: loading is
reducing the mass transfer enhancement due to chemical reaction. The enhancement factor
for IL [emim] [Ac] is much higher than other ILs. Based on the enhancement factor the mass
transfer enhancement of CO; in these ILs can be ranked as [emim] [Ac] >> [emim][EtSO4] >
[emim][MeSO4] > [emim] [DCA]. First order rate constant is another parameter considered
to predict the changes in the absorption behavior with increase in CO> concentration in ILs.

The first order rate constant shows strong dependency on CO> concentration in ILs as it

5-90



Post-combustion CO, Capture

decreases very rapidly in the first minutes of absorption. Based on the first order rate constant

the initial fast absorption can be considered as interfacial chemical absorption in which the

mass transfer happens only at the interface. After enough recirculation of the IL, CO>

absorption at the interface becomes negligibly small and CO; diffuses through the bulk of the
ILs.
[emim][EtSO4] > [emim][MeSO4] > [emim] [DCA].
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Figure 5.9 Evolution of enhancement factor (E), first order rate constant (K;) and CO>
loading (o) with operation time for IL (a) [emim] [MeSO4], (b), [emim][DCA] (¢)
[emim][EtSO4] and (d) [emim][Ac] at T=313 K.

Table 5.3 shows values of experimental mass transfer coefficient, CO2 loading of the ILs and

enhancement factors at initial time (t;) and when the absorption reaches pseudo-steady-state

(ts). A smaller increment in temperature has considerably affected the CO> loadings. At initial

times the experimental mass transfer coefficient seems to be unaffected with increase in

temperature. However, after some recirculation this coefficient was reported to be lower at
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high temperatures. There was a significant decrease in enhancement factor with increase in

temperature.

Table 5.3 CO: loading, experimental mass transfer coefficient and enhancement factor

IL Q. (ml min™) Time 100 o¢ (mol mol") Ky, (ms™) 10°  E (-)
T=298 K
[emim][MeSOy] 20 t - 9.28 5.57
ts 0.55 0.22 0.13
[emim][DCA] 20 t - 9.27 1.64
ts 0.72 0.32 0.057
[emim][EtSO4] 50 t - 2331 18.71
ts 2.11 0.59 0.47
[emim][Ac] 100 ti - 46.40 122.50
ts 16.70 0.44 1.99
T=313 K
[emim][MeSOy] 20 t - 9.28 2.96
ts 0.51 0.22 0.07
[emim][DCA] 20 t - 9.27 0.94
ts 0.62 0.24 0.02
[emim][EtSOs] 50 f - 23.20 7.93
ts 1.80 0.48 0.17
[emim][Ac] 100 ti - 46.37 93.32
ts 14.50 0.37 0.76

5.3 COz: capture; coupled absorption/desorption vs single module absorption

5.3.1 CO: absorption/desorption in membrane contactor

The absorption performance of CO> in two different 1-ethyl-3-methyl imidazolium based ILs
in single module absorption setup and coupled absorption/desorption setup are presented here
in terms of efficiency and CO> loadings. The ILs studied for comparative analysis between

single module absorption and coupled absorption/desorption were [emim][MeSOs] and
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[emim][DCA]. The CO; removal efficiency in the membrane absorber was found using
Equation 5.2. Figure 5.10 below represents the CO> removal efficiencies of ILs
[emim][MeSOs4] and [emim][DCA] in the membrane absorber against operation time. The
efficiencies for both single module absorption and coupled absorption/desorption at various
feed gas flowrates (of membrane absorber) are reported here. ILs were able to achieve nearly
100 % efficiency in the beginning of the operation. During recirculation of the single module
absorption, IL absorbs CO» inside membrane absorber which leads to the accumulation of
CO> in the liquid side and hence the efficiency decreases with the operation time. After
enough recirculation the absorption process reaches pseudo-steady-state where the absorption
rate becomes nearly constant (constant CO> removal efficiency). When coupled
absorption/desorption is considered, the IL during a single cycle absorbs (passing from
membrane absorber) and desorbs (passing from membrane stripper) CO»2. As can be seen
from Figure 5.10 the coupled process retained a very high efficiency, even after 70 minutes
of operation. For the [emim][MeSO4] at 20 ml min™' of feed gas flowrate retained pseudo-
steady-state efficiencies were of 65 % for coupled absorption/desorption and 11 % for single
module absorption. In the case of [emim][DCA] at 20 ml min' of feed gas flowrate pseudo-
steady-state efficiencies were of 59 % and 17 % for coupled absorption/desorption and single

module absorption, respectively.

Considering feed gas flowrate of 10 ml min™! for coupled absorption/desorption process ILs
[emim][MeSOs4] and [emim][DCA] shows 82 % and 66 % efficiency. The rest of 18 % and
34 % CO remains absorbed and cannot be desorbed in a single cycle having the same
operating conditions. The above-mentioned results explain the physical absorption nature of
the RTILs [emim][MeSO4] and [emim][DCA]. Retaining very high absorption efficiencies
for coupled process with RT sweep desorption shows the easy capacity of CO> desorption
with RTILs compared to that of conventional absorbents which require a huge amount of heat

and energy to desorb CO».

Feed gas flowrate has shown significant effect on the CO; removal efficiencies. Increase in
gas flowrate decreases the CO» removal efficiency, particularly for coupled process. Increase
in gas flowrate has two significant effects; a decrease in the residence time of gas inside the
membrane absorber and increase in mass transfer flux across the interface. This increase in
mass transfer flux also causes high CO:> loading, which again negatively affects the

absorption performance of absorbents.
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Figure 5.10 CO; removal efficiency of the membrane absorber for coupled
absorption/desorption (ABS/DES) and single module absorption (ABS) at different gas
flowrate against operation time for IL (a) [emim][MeSO4] and (b) [emim] [DCA].

The increase in CO» loading with the operation time is presented in Figure 5.11. A huge
difference can be observed between the loadings of single module absorption and coupled
absorption/desorption. At feed gas flowrate of 20 ml min™' after 70 minutes of recirculation,

CO: loading reaches 1 103 mol mol™! for coupled absorption/desorption and 5.6 10~ mol mol"
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! for single module absorption, while using IL [emim][MeSOa4] as an absorbent. For IL
[emim][DCA], at feed gas flowrate of 20 ml min"' after 70 minutes of recirculation CO,
loading reached 2.7 10~ mol mol™! for coupled absorption/desorption and 7.5 10 mol mol™!
for single module absorption. We can notice an initial faster increase in the CO; loading
which later slows down with time. The initial faster loading can be attributed as result of
interfacial absorption which later slows down when the absorption is transferred toward the
bulk of the IL (low diffusion coefficients causes high mass transfer resistance). Initially, the
CO> loading rate drops with time due to the accumulation of CO; on the liquid side until it
reaches the pseudo-steady-state. At pseudo-steady-state the absorption rate and thus the CO>
loading rate becomes nearly constant. After this stage, a constant amount of CO; is

accumulated with further recirculation.

Maximal CO> loading (omax) at pseudo-steady-state is presented in Figure 5.12. Effect of feed
gas flowrate on the CO> can be observed from the figure. A higher feed gas flowrate
increases the CO» loading. For [emim][MeSO4], in case of single module absorption, increase
in feed gas flowrate from 20 ml min™ to 50 ml min™! increases CO> loading from 5.8 107 mol
mol ™ to 9 10~ mol mol ™. For coupled absorption/desorption an increase from 1 107> mol mol-
'to 1.8 10 mol mol™ is observed by increasing feed gas flowrate from 20 ml min™! to 50 ml
min!. A very low CO; loading is retained during absorption desorption operation of RTILs.
For [emim][MeSOs] at pseudo-steady-state, 50 ml min"' feed gas flowrate and coupled
absorption/desorption operation keeps nearly a constant CO> loading of 1.8 10~ mol mol!
which for single module absorption is 9 10~ mol mol!. For [emim][DCA] under the same
operating conditions CO; loading of 4.8 10~ mol mol! for coupled absorption/desorption and
9.4 10 mol mol™! for single module absorption are observed. A huge difference between the
CO2 loadings of coupled absorption/desorption and single module absorption confirms the
physical absorption nature and ease of CO; desorption of these RTILs. Moreover, the RT
sweep desorption was much more efficient for [emim][MeSO4] compared to [emim][DCA]

as the later IL retained nearly double CO; loading at pseudo-steady-state.
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Figure 5.11 CO; loading o of the IL (a) [emim][MeSO4] and (b) [emim][DCA] during
coupled absorption/desorption (ABS/DES) and single module absorption (ABS) at different

gas flowrates against operation time.
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Figure 5.12 Maximal CO; loading, 0max, of the ILs [emim][MeSO4] ([MS]) and
[emim][DCA] ([DCA]) during coupled absorption/desorption (ABS/DES) and single module
absorption (ABS) after 70 minutes of operation

As explained in the experimental section in the coupled process the IL in a single

recirculation step absorbs CO: in the membrane absorber and desorbs it in the membrane

stripper. The stripping efficiency of the RTILs in the membrane stripper is presented here.

The CO:z stripping efficiency can be calculated by the following equation:

Stripping ef ficiency (%) = (1 — %) 100 (5.3)
Lin

Where C;;, and Cj 4y represents CO2 concentrations of the IL at inlet and outlet of the

membrane stripper.

Stripping efficiency of the CO2 in the membrane stripper during coupled
absorption/desorption operation against operation time is presented in Figure 5.13. The
stripping gas flowrate was always kept constant at 100 ml min™'. Feed gas flowrate in

membrane absorber was varied from 20 ml min™! to 50 ml min™'. A considerable effect of feed
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gas flowrate on the striping efficiency can be observed. A higher stripping efficiency is
achieved at lower feed gas flowrate. This effect might be due to the lower CO loading at
lower feed gas flowrates which increases the stripping efficiency due to the presence of less
amount of CO; to be desorbed. Another important phenomenon which can be observed from
the Figure 5.13 below is the very low initial efficiency which increases with time and nearly
reaches a constant value at pseudo-steady-state. Initially, [emim][MeSQO4] achieves a
stripping efficiency of 18 % at 20 ml min™' feed gas flowrate which increases up to 86 % at
pseudo-steady-state. IL [emim][DCA] is able to achieve only 4 % initial efficiency at the
same operating conditions and reaches 65 % at pseudo-steady-state. Initially the absorption
behaves more like interfacial chemical in nature and the sweep gas stripping is not very
efficient. The interfacial faster absorption is not effective at higher concentrations of CO» in
the IL. Thus, the absorption later adopts the physical absorption nature and shifts to the bulk
of the IL. Sweep gas stripping becomes much efficient for the physically absorbed CO> in the
RTILs and nearly reaches 86 % for [emim][MeSQy4]. It can also be observed that stripping is
much more efficient for IL [emim][MeSO4] than for [emim][DCA]. IL [emim][MeSO4] is
also able to achieve very high stripping efficiency (from 18%-86%) compared to
[emim][DCA] (from 4%-65 %).
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Figure 5.13 Stripping efficiency of the membrane stripper during coupled
absorption/desorption against operation time for IL (a) [emim][MeSO4] and (b) [emim]

[DCA]J; stripping gas flowrate, Qy, = 100 ml min™*

5.3.2 Mass transfer coefficient and enhancement factor

Experimental mass transfer coefficient at pseudo-steady-state was calculated for two different
feed gas flowrates and presented in Figure 5.14. An increase in mass transfer coefficient was
observed with increase in feed gas flowrate inside membrane absorber, in most cases except
for [emim][MeSO4] during coupled absorption/desorption operation where a minor decrease
was observed with feed gas flowrate enhancement. The increase in mass transfer coefficient
is primarily due to the increase in membrane flux with increase in feed gas flowrate. The
exception for [emim][MeSO4] might be due to the lower pseudo-steady-state efficiency of
this IL at higher feed gas flowrates. Coupled absorption/desorption process retained a very
high mass transfer coefficient compared to the single module absorption. At the feed gas
flowrate of 20 ml min™!, IL [emim][MeSOa4] showed an increase in mass transfer coefficient
from 02 10 m s' to 1.9 10° m s for single module absorption and coupled
absorption/desorption, respectively. For [emim][DCA] at the same conditions, the increase
was from 0.3 10 m s! to 1.6 10° m s! for single module absorption and coupled
absorption/desorption, respectively. The enhanced mass transfer for coupled

absorption/desorption process is due to the lower CO> concentration of the ILs. The lower
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mass transfer coefficients of single module absorption explain the increased mass transfer

resistance due to the higher CO; concentration of the ILs.
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Figure 5.14 Experimental mass transfer coefficient, Kexp, for CO2 absorption in ILs
[emim][MeSO4] ([MS]) and [emim][DCA] ([DCA]) during coupled absorption/desorption
(ABS/DES) and single module absorption (ABS) at pseudo-steady-state

The enhancement factor represents the enhancement in mass transfer due to the presence of
chemical reaction. Figure 5.15 presents a comparison of enhancement factor between coupled
absorption/desorption and single module absorption at pseudo-steady-state. The enhancement
factor nearly remained constant after achieving pseudo-steady-state. An increase in feed gas
flowrate has positively affected the enhancement factor except for [emim][MeSO4] during
coupled absorption/desorption where the increase in gas flowrate has decreased the

enhancement factor. At feed gas flowrate of 50 ml min’!

, enhancement factor of IL
[emim][MeSO4] for single module absorption was noted to be of 0.7 magnitude, nearly 4
time less than for coupled absorption/desorption which was noted to be 2.6. For IL
[emim][DCA] under the same conditions, the single module absorption enhancement factor

was noted to be 0.75, nearly 4.5 times less than for coupled absorption/desorption. The high
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magnitude enhancement factor for coupled absorption/desorption and nearly four-time lower
values at single module absorption, verifies the dependency of this factor on the CO
concentration in the IL. The coupled process retains the high magnitude of enhancement due

to the continuous desorption of CO> in the membrane stripper.
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Figure 5.15 Enhancement factor, E, for CO2 absorption in ILs [emim][MeSO4] ([MS]) and
[emim][DCA] ([DCA]) during coupled absorption/desorption (ABS/DES) and single module
absorption (ABS) at pseudo-steady-state

5.4 Conclusion

This chapter presented the characterization of ILs, membranes and the experimental
outcomes of the post-combustion carbon dioxide capture with RTILs in HFMC. All the
RTILs showed very good feasibility for use as absorbent for CO; from CO2/N; mixture, in a
membrane contactor. Very good CO» absorption performance was observed for both single
module setup and coupled absorption/desorption setup. Coupled absorption/desorption setup
was very efficient compared to single module absorption setup and can be recommended for
commercial scale continuous post-combustion carbon capture. This setup might be very
suitable after further modifications and improvements, particularly modifications in the

means of desorption inside the membrane stripper.
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Chapter 6. Modeling and Simulation Under Isothermal
Conditions

Isothermal modeling approach developed in Section 4.2.1 of Chapter 4 was implemented for
the absorption of CO: in four different imidazolium based RTILs, 1-ethyl-3-
methylimidazolium  methyl sulfate [emim][MeSQOs], 1-ethyl-3-methylimidazolium
dicyanamide [emim][DCA], 1-ethyl-3-methylimidazolium ethyl sulfate [emim][EtSO4] and
1-ethyl-3-methylimidazolium acetate [emim][Ac]. The CO> absorption is based on the single
module absorption and coupled absorption/desorption arrangements described in Section 3.5

of Chapter 3.

Simulations under isothermal conditions are presented in this chapter after the model was

validated. The following publications from the authors correspond to this Chapter.

o Sohaib, Q., Gémez-Coma, L., Albo, J., Druon-Bocquet, S., Irabien, A., Sanchez-
Marcano, J., 2019. Mathematical Modeling of CO, Absorption with lonic Liquids in a
Membrane Contactor, Study of Absorption Kinetics and Influence of Temperature. J.
Chem. Technol. Biotechnol.

o Sohaib, Q., Goémez-Coma, L., Albo, J., Druon-Bocquet, S., Irabien, A., Sanchez-
Marcano, J., 2020. CO, Capture in a Hollow Fiber Membrane Contactor Coupled with
Ionic Liquid: Influence of Membrane Wetting and Process Parameters. Sep. Purif.
Technol.

o Sohaib, Q., Vadillo, J.M., Gémez-Coma, L., Albo, J., Druon-Bocquet, S., Irabien, A.,
Sanchez-Marcano, J., 2020. Post-Combustion CO; Capture by Coupling [emim]
Cation Based Ionic Liquids with a Membrane Contactor; Pseudo-Steady-State
Approach. Int J Greenh Gas Control.

o Sohaib, Q., Vadillo, J.M., Gémez-Coma, L., Albo, J., Druon-Bocquet, S., Irabien, A.,
Sanchez-Marcano, J., 2020. CO; Capture with Room Temperature lonic Liquids;
Coupled Absorption/Desorption and Single Module Absorption in Membrane
Contactor. Chem. Eng. Sci.
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6.1 Model validation: Comparison of simulations with experimental data

As explained in the introduction of this chapter, isothermal model was validated with both

experimental arrangements, single module absorption and coupled absorption/desorption.

For single module absorption (Chapter 3, section 3.5) experimental results of gas side outlet
dimensionless concentration of CO> against recirculation time were plotted and compared
with the simulation results (Figure 6.1). The experimental results were presented with
standard error bars. The ionic liquid flowrate and CO; feed concentration were kept constant
at 60 ml min"! and 15 % by volume, respectively. Surface tension of the ILs in the present
work (Ranges from 45 to 52.6 mN m™) is low compared to water (71.9 mN m™') which
increases the risk of wetting. However, no wetting assumptions were adopted for the current
process due to the use of fresh hydrophobic membranes (having small pore size of 0.04 um)
operated nearly at atmospheric pressure with thick absorbents having remarkably high value
of viscosity (up to 288 mPa s for ILs used in this work). Moreover, a slight transmembrane

pressure difference was applied, to ensure non-wetted conditions.
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Figure 6.1 Single module absorption; comparison of simulation with experimental data under
non-wetting assumption (a) [emim] [MeSOs], [emim] [DCA] and [emim] [EtSO4] at Q4 =
50 ml min~"' (b) [emim] [Ac] at Q; = 100 ml min~"; T = 288 K, Q;;, = 60 ml min™?,
CO0, concentartion = 15 % vo.

Figure 6.1 shows a gradual increase in CO> outlet dimensionless concentration by increasing
recirculation time, as the absorbent moves toward saturation with more recirculation and
absorption. If we consider the experimental errors represented as bars on the figure there was
a quite good agreement between experimental and simulation results. The pseudo-steady-
state 2D dynamic model was able to closely predict the experimental data within a range of 2-

5 % standard deviation.

The simulations obtained from the dynamic model developed for the coupled
absorption/desorption were compared with the corresponding experimental data and
presented here in Figure 6.2. IL was considered for countercurrent recirculation on the shell
side of membrane absorber and membrane stripper. Gas mixture containing 15 % CO> (and
N> rest to balance) was used as a feed to the lumen side of membrane absorber in open loop
conditions. Pure N> passing from the lumen side of membrane stripper was used as sweep
gas. Simulations of dimensionless concentration of CO; at the outlet of membrane absorber

were plotted against operation time. Experimental data (dots in the Figure 6.2) are also
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presented in the figure to compare it with simulated results. We can notice that even if the
simulations resulted on overestimated values of CO; extracted respect to experimental data
the shape of the curve of the evolution of this extraction is similar. If we consider the
industrial origin of the fibers it is possible that inhomogeneities are present through the
structure of membranes’ length. Indeed, some partial wetting can be present at different
location of fibers which might underestimate the comparison with simulations. In actual

experiments, we observe an average of gas absorption through 2300 fibers length.
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Figure 6.2 Coupled absorption/desorption; comparison of simulation with experimental

results under non-wetting assumption; Q, = 20 mi min™',T = 288 K, Q;;, = 60 ml min™",

CO, concentration = 15 % vol.

Once the model is validated, it could be further used for other studies.

6.2 Single module absorption

The model developed for single module absorption is based on the experimental
arrangements presented in Section 3.5 of Chapter 3. IL flows counter currently (in a closed

loop) from the reservoir to the shell side of the membrane absorber (membrane stripper
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disconnected) while gas flows through the lumen side of the membrane absorber. The
modeling approach for the simulations presented here, is described in Section 4.2.1 of

Chapter 4.

6.2.1 Concentration distribution of CO2 under non-wetting mode

Figure 6.3 shows concentration distribution of CO; in tube, membrane, and shell of the
contactor under no-wetting mode for IL [emim][EtSO4]. Steady-state modeling approach was
implemented. The gas mixture flows in the inner (tube) side from z=0, where its
concentration is maximum (Co), towards z=L. Absorbent is allowed to flow counter currently
in the shell side, as it enters at z=L where CO> concentration is minimum and moves towards
z=0 while absorbing CO> which diffuses from the walls of porous membrane. Concentration
difference (driving force) causes to diffuse CO» through the walls of porous membrane from
tube side towards shell side. Diffusion is the dominant mass transfer mechanism in radial
direction due to the huge concentration difference while in axial direction convection is the
dominant mechanism due to fluid flow. Figure 6.3 shows that CO> concentration decreases
gradually as it moves forward in the contactor while it increases in the shell side when the

absorbent moves forward in the shell of the contactor.
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Figure 6.3 Overall dimensionless concentration profile of CO2 (tube, membrane and shell)
under non-wetting assumption for IL [emim][EtSO4]; Steady-state modeling; Q;;, =

50 ml.min™', Q4 = 20 ml.min™", ¢, = 15%, T = 291K.

Pseudo-steady-state  two-dimensional concentration distribution of CO> with IL
[emim][EtSO4] is presented in Figure 6.4. This figure shows that initially [emim][EtSO4] can
capture the whole amount of CO». After 40 minutes of absorption time the process reaches to

pseudo-steady-state where the absorption is very low, and the rate is nearly constant.
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Figure 6.4 Dimensionless concentration profile of CO; in the tube for IL [emim][EtSO4];
Pseudo-steady-state modeling; Q;;, = 50 ml.min™!, Q; = 70 ml.min™', ¢, = 15%, T =

318 K.

6.2.2 Membrane wetting

Wetting is a major challenge in membrane contactor operations as it significantly increases
the mass transfer resistance. Some studies predict that wetting can cause six times drop in
CO; absorption and that 5 % wetting can cause up to 20% reduction in mass transfer

coefficient (Mosadegh-Sedghi et al., 2014; Wang et al., 2005; Zhao et al., 2016).

Although the assumptions of non-wetted membrane seem to be validated following the
agreements of simulation and experimental results presented in Figures 6.1 and 6.2, a partial
wetting analysis was carried out to observe its effect on the efficiency, CO; flux and IL
loading for long term operability. Indeed, long term operations and pressure variations can
cause penetration of the liquid into the pores of porous membrane causing partial wetting of
the membrane and leading to a huge drop in the CO; flux. Penetration of the viscous IL into
the pores of the membrane can lead to a zero flux across the membrane if the wetting

dominates the membrane. Therefore, five different membrane wetting conditions have been
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investigated. Apart from non-wetted and fully wetted conditions, three partially wetted
conditions have been considered: 5% wetting, 20% wetting and 50% wetting. X% wetting
means that X% of the pore’s length is filled with ionic liquid. These wetting conditions were
investigated in a single module absorption with IL [emim][EtSO4]. It is important to notice
that these values are theoretical, as we explained above the actual amount and location of

wetting can be much more complex considering the industrial origin of fibers.

Figure 6.5 presents concentration distribution of CO; in membrane under partial wetting and
full wetting mode. Figure 6.5 (a), (b) and (c) represents membranes under 5%, 20% and half
wetting conditions, respectively, while figure 6.5(d) represents full wetting mode. It can be
observed that increase in membrane wetting causes a significant increase in CO>
dimensionless concentration at outlet of contactor and reduces the separation efficiency. In
partial wetting modes, a completely different concentration distribution can be observed in
wetted and non-wetted portion of membrane due to the increase of the mass transfer
resistance in the wetted portion. The fully wetted membrane presents an extremely low
separation effectiveness therefore this condition will not be further considered, and focus will

be put on non-wetted and partially wetted conditions.

Simulations of the normalized (Cy_4/Cy—4max) radial concentration drop of CO; in the 20 %
and 50% wetted portion of the membrane are shown in Figure 6.6, for [emim][EtSO4]. C5_4
in the figure represents local CO> concentration inside the wetted portion of the membrane
while Cy_ 4 max 18 the maximum interfacial CO2 concentration. Concentration drop presented
here is only in the wetted portion of the membrane at axial length of L/2. This huge drop of
concentration in the wetted portion starts near the gas filled portion of membrane moving
towards the shell boundary from where the absorbent is penetrated. A significant drop of CO>

concentration in the wetted portion of the membrane can be observed.
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Figure 6.5 Dimensionless concentration distribution of CO> along porous membrane for IL
[emim][EtSO4]; (a) 5% wetting (b) 20% wetting (c) half wetting (d) full wetting; Steady-state
modeling; Q;;, = 50 ml.min™", Q, = 20 ml.min™*, ¢, = 15%, T = 291.
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Figure 6.7 presents the drop in CO; absorption efficiency with increase in membrane wetting.
The absorption efficiency was calculated according to equation 5.2 of chapter 5. A significant
reduction in mass transfer can be seen due to membrane wetting. A 5% membrane wetting
has caused almost 40 % reductions in the separation efficiency. A major drop in efficiency
can be observed by wetting of a small portion of membrane. Efficiency of CO, separation

drops from 97% to 20 % when conditions changes from non-wetting to full wetting mode.
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Figure 6.7 Effect of membrane wetting on separation efficiency of CO; for IL

[emim][EtSO4]; Steady-state modeling; Q;;, = 50 ml.min~*, Q; = 20 ml.min™!

15 %, T = 291.

s Py =

Figure 6.8 demonstrates the effect of partial wetting on the CO» flux and maximal IL loading
(aumax) after 60 minutes of operation. It’s very clear that the adverse effect of wetting is much
stronger at the beginning as a drop of nearly one half of the flux was noted for 5 % wetting of
the membrane. Moreover, the drop in the mass transfer flux affects o (maximal IL loading at
60 minutes of operation time) which decreases by 67 % when the membrane is 20 % wetted

compared to non-wetted membrane.

6-111



Modeling and Simulation Under Isothermal Conditions

14 0.75
Jco
12 Z
max 0'65 rqc
o
S 10 hnd
'-_:rl-. - 0.55 B
w
v 87 :E-
€ L 0.45 ©
S 6 - £
>
_§, L 035 £
ON4 _ 'U
)
5 | L 0.25
0 L L L L T 0-15

0% 5% 10% 15% 20%
Membrane Wetting (%)

Figure 6.8 Effect of partial wetting of the membrane on CO> flux and IL loading for IL
[emim] [MeSOa]; pseudo-steady-state modeling; Q, = 20 ml min™"; Q;, = 60 ml min~*,

T = 288 K, CO, concentration = 15 % vol.

Parametric and operational conditions analysis

6.2.2.1 Effect of membrane porosity and tortuosity

It is clear from Equation 4.46 that porosity has a significant effect on the mass transfer of
COz. A higher porosity will reduce membrane mass transfer resistance and process will be
more efficient (Asfand and Bourouis, 2015). In this study, the effect of membrane porosity on
CO» removal efficiency was investigated and reported in Figure 6.9. IL [emim][EtSO4] was
considered for the current analysis. Porosity has also direct effect on tortuosity of the
membrane. An increase in porosity decreases tortuosity which makes the process more

efficient.

In non-wetting conditions increasing porosity from 0.1 to 0.5 increased efficiency by 53 %.
In case of 20 % wetting an increase of 42 % was observed. From above results it can be
clearly concluded that lower porosity has increased membrane mass transfer resistance.
However, in terms of membrane manufacturing, there are some limitations on membrane

porosity enhancement due to fabrication and mechanical strength problems.
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Figure 6.9 Effect of membrane porosity on the separation efficiency of CO2 under non-

wetted and partially wetted modes for IL [emim][EtSO4]; Steady-state modeling; Q;;, =

50 ml.min™', Q, = 20 ml.min™', ¢, = 15%, T = 291.

Both porosity and tortuosity are interdependent parameters. Tortuosity can be found using
various correlations based on porosity. Here the tortuosity was calculated using the
correlation developed by Iversen et al. (1997), as mentioned in Section 3.4 of Chapter 3.
Tortuosity can directly affect the mass transfer resistance in porous membrane. Increase in
tortuosity increases the mass transfer resistance in porous membrane (Asfand and Bourouis,
2015). Keeping a constant value of porosity (0.5), an increase in tortuosity significantly
affected the removal efficiency (Figure 6.10). A decrease of about 20 % in removal efficiency
was observed by changing tortuosity value from 1 to 7 in non-wetting mode. In case of 20 %

wetting, the removal efficiency decreased by 22 %.
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Figure 6.10 Effect of membrane tortuosity on the separation efficiency of CO; under non-
wetted and partially wetted modes for IL [emim][EtSO4]; Steady-state modeling; Q;;, =
50 ml.min™', Q, = 20 ml.min™', ¢, = 15%, T = 291.

6.2.2.2 Effect of fiber diameter and module length

In the current study gas flows inside the fibers. Increasing fiber inner diameter will increase
gas volume. Number of fibers, gas and liquid velocities and other dimensions were kept
constant. Increase in fiber inner diameter which in turn causes an increase in gas volume
makes the process less efficient. As other dimensions and conditions were kept constant,
there was more CO; available for the same amount of absorbent, which reduced separation
efficiency. A smaller inner diameter will enhance the separation efficiency as shown in
Figure 6.11. The effect of changing fiber diameter has been studied and confirmed by Dai et
al. (2016). Fiber inner diameter was changed from 5 mm to 1mm which effectively enhanced
separation efficiency. Azari et al. (2016) and Lu et al. ( 2014) reported opposite effects when
absorbent was passed inside the fiber. Increasing the fiber diameter has enhanced CO»

separation due to increase in mass transfer area.

A significant drop in removal efficiency was observed by increasing fiber inner diameter, for

both non-wetted and partially wetted modes considering IL [emim][EtSO4] as an absorbent
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on the shell side. In no wetting conditions changing fiber inner diameter from 0.1 mm to 1

mm reduced efficiency by 33%. In case of 20 % wetting the efficiency is reduced by 47%.
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Figure 6.11 Effect of fiber inner diameter on the separation efficiency of CO2 under non-
wetted and partially wetted modes for IL [emim][EtSO4]; Steady-state modeling; Q;; =

50 ml.min™', Q, = 20 ml.min™*, ¢, = 15%, T = 291.

Increase in membrane length causes an increase in mass transfer surface area and increase in
absorbent residence time in module, which enhances the process efficiency. A significant
increase in efficiency was observed with increase in module length, for both non-wetted and
partially wetted conditions, during the simulations (Figure 6.12). Similar effects have been
confirmed in other studies. Ahmad et al. (2015) reported that increasing module length
enhances separation performance, while separating carbon dioxide from methane in HFMCs.
Increasing fiber length will increase permeation which in turn will enhance absorption
performance. In another study by Zhang et al. (2017), the fiber length was increased from 200
cm to 1000 cm which increased the CO; absorption efficiency in piperazine from 56% to 84
%. Wang et al. (2013) also reported the same effects in membrane stripping for CO:
desorption from MEA. It was reported that long residence time in membrane contactor due to

increased membrane length has resulted in better separation performances. An initial change
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in module length causes more variation in removal efficiency. The variation in removal

efficiency decreases with further change in module length.
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Figure 6.12 Effect of membrane module length on the separation efficiency of CO2 under
non-wetted and partially wetted modes for IL [emim][EtSO4]; Steady-state modeling; Q;;, =
50 ml.min™', Q4 = 20 ml.min™", ¢, = 15%, T = 291.

In this study, pressure drop in the membrane module is not considered. Increase in length
may cause an increase in pressure drop due to high absorbent viscosity which in turn may
cause membrane wetting. CO; concentration also drops progressively along membrane length
which reduces driving force for separation (Dai et al., 2016c¢). Thus, an optimized value for

membrane module length must be used for optimum separations.

6.2.2.3 Effect of gas and absorbent flowrate

Effect of gas flowrate on CO» removal performance (Cg-out/Cg-in) is shown in Figure 6.13 the
removal of CO; is enhanced by decreasing the gas flowrate. Improving gas flowrate leads to

minimal gas residence time in the tube, which leads to allow more CO> to pass from the
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contactor without absorption. This decrease in CO; residence time considerably reduces the
performance of the removal (Yan et al., 2007; Yeon et al., 2005). Although even if CO;
absorption performance decreases with increase in gas flowrate, the amount of CO absorbed
in the liquid phase will increase. The CO; absorption productivity decreases as there is more
CO; available at gas outlet which is not absorbed due to high gas flowrate. However, the CO-
amount in the liquid phase increases because of the enhanced mass transfer (Li and Chen,
2005). This enhancement in mass transfer is due to the greater average concentration of CO>

at gas side because of the higher gas flowrate (Zhang et al., 2006).

Figure 6.13 shows dimensionless concentration of CO» against radial dimensionless length at
outlet of the tube considering IL [emim][EtSO4] as an absorbent. It is evident from this figure
that increasing gas flowrate has significantly decreased the removal productivity, for both
non-wetted and partially wetted modes. Gas flowrate was varied from 10 ml min™! to 130 ml
min’! while keeping a constant absorbent flowrate at 50 ml min!. CO, dimensionless
concentration at the outlet of the tube was increased by 35 % and 38 % in non-wetting and
partial wetting modes, respectively, by varying gas flowrate from 10 ml min! to 130 ml min’
I, Gas flowrate should be very carefully optimized as it directly affects the CO> transport and

causes a high/low CO; flux across membrane.
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Figure 6.13 Effect of gas flowrate on separation performance of CO> under non-wetted and
partially wetted modes for IL [emim][EtSO4]; Steady-state modeling; Q;;, = 50 ml. min™1,
@, = 15%, T = 291.

Absorbent flowrate can affect the CO> removal productivity, as shown in Figure 6.14. An
increase in absorbent flowrate increases the performance of CO> removal (Yan et al., 2007).
A lower absorbent flowrate reduces the driving force for the CO> due to the lower
concentration difference. Increasing absorbent flowrate allows more fresh absorbent to enter
the system to absorb COa. It also increases the volume of absorbent for the same amount of
CO; in gas phase. Increasing absorbent flowrate also reduces liquid boundary layer thickness
which results in an increase in liquid mass transfer coefficient and diffusivity (Gong et al.,
2006; Li and Chen, 2005; Mansourizadeh et al., 2010; Yan et al., 2007). CO> flux was
increased by increasing water and NaOH flowrate in PVDF membrane contactor. Wang at al.
(Wang et al., 2004) reported that increasing absorbent flowrate increases the CO2 absorption

flux because of the instantaneous absorption.

Absorbent flowrate was varied from 5 ml min! to 65 ml min! while gas flowrate was kept
constant at 130 ml.min™'. A higher gas flowrate was used to study the effect of absorbent
flowrate on process performance. At lower gas flowrates, the performance was high enough
which made it impossible to study the effect of higher absorbent flowrates. CO>
dimensionless concentration at the outlet of the tube dropped by 12% and 16% for non-
wetting and partial wetting modes, respectively, by increasing liquid flowrate from 5 ml min™!

to 65 ml min™".

Apart from the enhancement in the CO> removal productivity with increase in absorbent
flowrate, several authors have reported the influence of absorbent flowrate on the membrane
wetting (Mosadegh-Sedghi et al., 2014). A significant increase in pore wetting due to
increase in absorbent flowrate has been reported. Boributh et al. (2012) observed an increase
in the wetting ratio by a factor of approximately 8 while increasing the absorbent velocity
from 0.1 m s to 0.4 m s™'. Other researchers have attributed this increase in wetting to the
reduction in absorbent boundary resistance with absorbent flowrate enhancement (Zhang et
al., 2008). Mavroudi et al. (2006), observed that total mass transfer resistance increased with
time and became more significant at higher absorbent flowrates while working on the CO»

absorption in a water-membrane contactor setup. This author has reported that this behavior
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might be due to the possible increase in pressure with increase in absorbent flowrate, thus
resulting in higher transmembrane pressure and increasing membrane pore wetting. An
optimized value of absorbent flowrate is required to reduce the potential for wetting and to

control both capital and operational cost for the process (Malek et al., 1997; Yan et al., 2007).
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Figure 6.14 Effect of IL flowrate on separation performance of CO> under non-wetted and
partially wetted modes for IL [emim][EtSOa4]; Steady-state modeling; @, = 130 ml. min~1,

@y = 15%, T = 291,

It can be observed that there is a minor decrease in concentration when moving towards the
wall of the membrane (r1), in no-wetting mode. It may be due to the reduction of CO;
concentration near the membrane wall by the absorption. Moreover, in partial wetting
conditions there is almost no drop in concentration because the driving force is decreased due

to wetting and increased membrane mass transfer resistance.

A sensitivity analysis was carried out for IL [emim] [MeSO4] in a closed loop which leads the
process to reach a pseudo-steady-state due to continuous loading of CO; to the IL. At pseudo-
steady-state the CO: loading becomes very slow and constant. Operating time (IL
recirculation time) to reach pseudo-steady-state is dependent upon the operating conditions
like gas and liquid flowrates. Figure 6.15 presents dependency of the operation time to reach

pseudo-steady-state upon gas and liquid flowrates. The results clearly demonstrated the
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dominancy of the gas flowrate over liquid flowrate. When the liquid flowrate was fixed at 40
ml min!, an increase in gas flowrate by 40 ml min™! has decreased the operating time to reach
pseudo-steady-state by 42 minutes. It clearly describes the improved mass transfer flux at
higher gas flowrates which causes the IL to reach rapidly to the target loading value. A

decrease of only 4 minutes in operating time was observed by increasing liquid flowrate by

40 ml min’', at a fixed gas flowrate of 50 ml min™.
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Figure 6.15 Dependency of the operating time over gas and liquid flowrates for IL [emim]

[MeSO4]; Pseudo-steady-state; T = 288 K, CO, concentration = 15 % vol.

6.3 Coupled absorption/desorption

The model developed for coupled absorption/desorption is based on the experimental
arrangements presented in Section 3.5 of Chapter 3. IL recirculates counter currently (in a
closed loop), at the same time through the shell side of both membrane absorber and
membrane stripper, while feed and sweep gas flows through the lumen side of the membrane
absorber and membrane stripper, respectively. The integrated (membrane absorption and

stripping) modeling approach for the simulations presented here, is described in Section 4.2.1
of Chapter 4.
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6.3.1 Parametric analysis

A parametric analysis was carried out for coupled absorption/desorption process to study and
compare the effect of porosity of the membrane and sweeping gas flowrate on the gas side
outlet CO> concentration of the membrane absorber. IL [emim][MeSO4] was selected for this
analysis. Obvious effects of sweeping gas flowrate on outlet CO2 concentration of gas side
can be observed from Figure 6.16. On the contrary, we can notice that porosity of membrane
has no impact on the process. Considering membranes with 60 % of porosity, increase in
sweeping gas flowrate from 50 ml min"! to 200 ml min” results on a decreased of the
normalized gas side outlet CO2 concentration from 0.7 to 0.1. It represents an enhancement of

productivity of the system of 60 %.
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Figure 6.16 Effect of sweeping gas flowrate and porosity on the outlet concentration of CO»

in the feed stream for IL [emim] [MeSOa4]; Pseudo-steady-state; T = 288 K, Q,, =

60 ml.min"!, CO, concentration = 15 % vol.
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6.3.2 Optimization; zero CO: outlet concentration

The analysis to achieve zero CO> concentration (100 % efficient stripping) was carried out to
optimize the sweeping gas flowrate, porosity of the membrane and IL flowrate at the
membrane stripper outlet in a single absorption desorption cycle. Simulations have been run
with different values for these parameters to achieve the target of zero CO> concentration at
the membrane stripper outlet. The results of simulation are presented in Figure 6.17. Increase
in gas flowrate and membrane porosity and decrease in liquid flowrate were found favorable
in achieving the target concentration. For 60 % porous membrane, 48 ml min™' liquid flowrate
must be maintained when 200 ml min™' sweeping gas flowrate is passed from the membrane
stripper. Reducing the sweeping gas flowrate to 50 ml min! needs a reduction of 30 ml min!
in the liquid flowrate to maintain zero CO; concentration at the outlet. The gas side outlet

concentration of the membrane stripper doesn’t look much sensitive to membrane porosity.

Sensitivity of the optimization can be ranked as Q;, > Qy, > €.

49 \& m 42-49

PI|.-..
=
£
£
—
=
=
)
ey
(1]
-
=
(=]
a—
=

=

w

>

=

v

o

i

(=)

[=

100

50

Sweeping gas flowrate, Qy, (ml min-')

Figure 6.17 Optimizing sweeping gas flowrate, IL flowrate and membrane porosity for achieving zero
concentration of CO; at the membrane stripper outlet, for IL [emim] [MeSO,]; Pseudo-steady-
state; T = 288 K, CO, concentration = 15 % vol.
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6.4 Conclusion

This chapter presented simulations for the isothermal modeling approach developed in
Section 4.2.1 of Chapter 4 for the absorption of CO: in four different imidazolium based
RTILs, [emim][MeSOs], [emim][DCA], [emim][EtSO4] and [emim][Ac]. The models well
replicated the experimental data of the single module absorption setup and coupled
absorption/desorption setup. A detailed membrane pore wetting analysis revealed a
significant reduction in mass transfer in case of membrane wetting. Module characteristics
and operating conditions affected the absorption process. Effect of gas flowrate was more
dominant than liquid flowrate. For coupled absorption/desorption setup, CO2 concentration at
gas side outlet was way more sensitive to sweeping gas flowrate than porosity. Moreover, the
simulations for coupled absorption/desorption setup were optimized for continuous zero

concentration of CO> at the membrane stripper outlet.
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Chapter 7. Modeling and Simulation Under Non-Isothermal
Conditions

Non-isothermal modeling approach developed in Section 4.2.2 of Chapter 4 was
implemented for the absorption of CO; in four amino-based TSILs namely:
tetramethylammonium glycinate [Ni111][Gly], 1-ethyl-3-methylimidazolium glycinate
[emim][Gly], 1-butyl-3-methylimidazolium glycinate [bmim][Gly] and 1-hexyl-3-
methylimidazolium glycinate [hmim][Gly]. Properties of the aqueous amino acid ionic
liquids are presented in Table 7.1 below. TSILs provide very high CO; solubility which can
reach up to three times of the corresponding alkyl chain RTILs. These ILs are able to absorb
CO2 by both chemical and physical sorption, for which the CO; loading increases with an
increase in pressure. Moreover, TSILs can absorb CO> at low partial pressures due to
chemical reaction (Shiflett and Yokozeki, 2009). The main drawback of the amino acid-based
ILs is their very high viscosity (> 200 mPa.s) which also reduces the diffusivity of CO; and
slows down the absorption process (Feng et al., 2010; Jiang et al., 2002). As these ILs are
highly soluble in water, using the aqueous solutions instead of pure ILs can reduce the

viscosity to a very low value.

Table 7.1 Properties of the aqueous amino acid-based task specific ionic liquids

IL concentration p(gem™) p(mPas) Dco,(cm?s™) 103 Ref.
(mole L) 303 K 303 K 303 K

[N1u][Gly]

0.3 1.0003 1.5 1.20 (Jing et al., 2012)
0.7 1.0068 1.6 111 (Jing et al., 2012)
1.0 1.0116 1.7 1.06 (Jing et al., 2012)
2.0 1.0278 2.6 0.72 (Jing et al., 2012)
[emim][Gly]

0.5 1.0093 0.941 1.982 (Wu et al., 2015)
1.0 1.0231 1.176 1.658 (Wu et al., 2015)
1.5 1.0320 1.409 1.435 (Wuet al., 2015)
2.0 1.0379 1.778 1.191 (Wuet al., 2015)
[bmim][Gly]

0.5 1.0090 0.994 1.896 (Wuet al., 2016)
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1.0 1.0256 1.278 1.551 (Wu et al., 2016)
1.5 1.0341 1.850 1.154 (Wu et al., 2016)
2.0 1.0452 2.628 0.871 (Wu et al., 2016)
[hmim][Gly]

0.5 1.0096 1.09 1.65 (Guo et al., 2013)
0.8 1.0178 1.36 1.32 (Guo et al., 2013)
1.0 1.0234 1.58 1.14 (Guo et al., 2013)
1.2 1.0284 1.86 0.97 (Guo et al., 2013)

A different (than isothermal model described in Section 4.2.1 of Chapter 4) modeling
approach based on non-isothermal conditions was implemented for absorption of CO; in the
aqueous solutions of amino acid based reactive ILs used as absorbents in the membrane
contactor. In fact, for very reactive absorbents as considered for the current study, the process
of absorption of CO> is non-isothermal as the energy of dissolution reaction is released and

accumulated along the membrane contactor length.

To our knowledge these absorbents have never been applied for CO2 absorption in HFMCs.
Simulations under non-isothermal conditions are presented in this chapter after the model was

validated. The following publication from the authors corresponds to this Chapter.

o Sohaib, Q., Muhammad, A., Younas, M., Rezakazemi, M., Druon-Bocquet, S.,
Sanchez-Marcano, J., 2020. Rigorous Non-Isothermal Modeling Approach for Mass
and Energy Transport during CO> Absorption into Amino Acid Ionic Liquids in

Hollow Fiber Membrane Contactors

7.1 Model validation; comparison between simulations and experimental data

As explained above the ILs used in the current study have never been implemented in the
membrane contactor absorption operations. Indeed, to validate the model experimental data
of CO» absorption in a membrane contactor absorption with IL monoethanolamine glycinate
(IMEA][Gly]) carried out by (Lu et al. (2017) was considered. This IL is composed by the
same anion of ILs considered for simulations. Moreover, it also presents almost comparable
physicochemical properties. The model described in chapter 4, considers the same HFMC
experimental setup of Lu et al. (2017). Characteristics of the membrane and operating

conditions were also those used by these authors, they are reported in Table 7.2.
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Table 7.2 Membrane characteristics and operating conditions

Parameter Value unit
Outer diameter of the tube (do) 5.010% m
Membrane thickness () 1.0 10 m
Length of the contactor (L) 0.250 m
Number of fibers (N) 1200 -
Membrane pore diameter(d,) 0.05 pum
Porosity (¢) 60 %
Packing factor (@) 0.26 -

Feed gas flowrate, Q4 800 ml min™!
Liquid flowrate, Q;;, 80-160 ml min!
Gas inlet pressure, Py i, 1.08 Bar
Temperature, T 289 K
Absorbent Concentration, Cr. 0.5 mol L

Simulations were carried out for the unloaded solvent Ci.ix=0 at temperature T=289 K, gas
side pressure P= 1.08 bar, IL concentration Crr= 0.5 mol L! and gas flowrate Qo= 800 ml
min'. The liquid flowrate was varied from 80 to 160 ml min", and the normalized CO
concentration at the gas side outlet was calculated and reported in Figure 7.1. The square dots
represent the experimental data of the IL [MEA][Gly], while the lines represent simulations
of the four ILs considered for this work. The results from this figure show that trends between
the experimental data and simulations are identical. However, the values of separation
performance of [MEA][Gly] are a bit lower than the simulated values for all other ILs except
for the [hmim][Gly]. The difference in the separation performance is probably due to the
different physicochemical properties and reactivity of the ILs considered for simulations.
Indeed, we took the assumption that the model gives enough precision to be used in

simulations with ILs studied here.
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B [MEA][GlY] = [Num][Gly]

sseees [emim][Gly] = == [bmim][Gly]
= + [hmim][Gly]

80 100 120 140 160
Q. (ml min1?)

Figure 7.1 Comparison between the simulations (line) and experimental data (square dots);

Qg =800 mlmin~t, Cj_yp = 0mol L™, Cppiy = 0.5mol L™, Ty_j, Ty_in, = 289 K.

7.2 Axial interfacial profiles: CO: concentration, IL concentration, temperature
distribution, reaction rate Ko rise

This section presents the simulations of CO> concentration, IL concentration and variations of
temperature and reaction rate constant over the interfacial boundary of the membrane. As
mentioned in the preceding sections, the gas/liquid equilibrium over the interfacial boundary
is defined by Henry’s Law. Hatta numbers presented in Table 4.3 have confirmed the reaction
for absorption specie and ILs to occur at the interface mostly. This number can define
whether the reaction occurs in the bulk or the liquid film depending upon its value
(Kierzkowska-Pawlak, 2012). The steady-state gradual evolution of axial concentration of
COy and IL is presented in Figure 7.2. Unloaded absorbent was introduced to the tube side at
z=0 while the gas mixture having 15 % CO; and N (rest to balance) was passed counter
currently from the shell side of the membrane contactor. The absorbents were considered at
chemical equilibrium having homogenous concentration at the inlet of the contactor. A
gradual decrease in CO; concentration of both gas phase and absorbents can be observed
toward the respective outlets due to absorption at the interface. At the inlet of the gas side, a
faster drop in the concentration of CO> can be observed demonstrating the effect of CO:

concentration on the absorption process. The gradual decrease in the concentration of
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absorbent along with the fiber length shows the enrichment of the absorbent with COa,.
Similar trend of absorption can be seen for all ILs. ILs [Ni111][Gly] and [bmim][Gly] have
nearly the same concentration profiles. IL [hmim][Gly] can be regarded as the most efficient

one while [emim][Gly] as the least efficient one among all ILs.

‘4; 0.7 - CO, concentration
G o6 | ——INmllGly] oo [emim][Gly]
= === [bmim][Gly] = < [hmim][Gly]
g 0.5
=2 IL Concentration
~ 0.4 -

£ =[Nun][Gly]  ------ [emim][Gly]

+11]
2 939 -~ pmimialy] [hmim][Gly]
Q" 0.2

0.1 -
0 b
0 0.2 0.4 0.6 0.8 1
z/L(-)

Figure 7.2 Normalized axial concentration distribution of absorption specie (CO;) and

absorbents over mass transfer interface; Q;, = 20 mi min™', Q; = 60 ml min~*, C;_;, =

0mol L™, Cpy_ip = 1mol LY, Ty_ i, Ty_in = 298 K .

Figure 7.3 shows the axial temperature profile of the liquid phase for the four ILs having inlet
temperature of 298 K. The temperature was considered as recorded near the interface. As
mentioned in the assumptions (Section 4.2.2 of Chapter 4) the gas mixture was considered to
be dry which helps avoiding the condensation of water vapors near the liquid inlet. The
pressure was kept higher to avoid the evaporation of water in the lateral sections near the
liquid outlet. The temperature rise ranges from 10 to 25 K depending upon the reactivity of
the IL. The radial temperature gradient was almost negligible due to the excellent heat

transfer within and between the domains. A variation of temperature can be observed along
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the fiber’s length. Temperature reaches a maximum value of 317, 310, 312 and 325 K for ILs
[N1111][Gly], [emim][Gly], [bmim][Gly] and [hmim][Gly], respectively. A high magnitude of
temperature gradient can be observed in the section after half contactor length of the fiber

(z/L=0.5-z/L=1).

325 ;
e [N1111] [GY ] s+s+ee [emim][Gly] ,'
320 A
=== [bmim][Gly] = - [hmim][Gly] ,,
g 315 .l /‘
v /A
43310 N4 /:‘.'.,.
£ 305 et
Q@ #4,/.--'
3% .‘-‘"‘dﬂé(
s
295

0 0.2 0.4 0.6 0.8 1

L)

Figure 7.3 Temperature profile of the liquid phase over mass transfer interface; Q;;, =
20 mlmin™", Qy = 60 mimin™, Cj_yp = 0mol L™, Cpp_jy = 1mol L™, Ty, Ty_in =

298K .

Reaction rate constant (K») is a function of temperature. K, values and their dependency upon
temperature are listed in Table 4.3. These values were recorded near the interfacial boundary
at the inlet temperature of 298 K. There is a gradual evolution of K along the fiber length as
K> is a function of temperature, which is presented in Figure 7.4. In order to understand and
observe the trend and compare the values between different ILs, the K, values were
normalized by the maximum value at the corresponding axial boundary. Correspondence in
the trends (Figures 7.3 and 7.4) of K; and temperature variation along fiber length can be

evidently observed. K, for the IL [hmim][Gly] seems to have strong dependency on
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temperature compared to other three ILs. A very slight change in the K can be observed for

IL [emim][Gly].

1 v
0.9 | =—I[NumillGly]  ++:+-+[emim][Gly] /|
/
08 | e~ [bmim][Gly] = - [hmim][Gly] y
0.7 ,.
0.6 S ]
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0.4 //pf:

0.3 ="

[
....t....‘..
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0-2 FEETTERTELIRRSSIORSOSISILIEIBIRIEERRD YT EIEEEEEE LN
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2/Z (-)

Figure 7.4 Normalized axial reaction rate constant distribution over mass transfer interface;
Q. =20 mimin™', Q; = 60 ml min~*, C;_, = 0mol L™, Cpy_i = 1mol L7,

Tl—inr Tg—in = 298K.

7.3 lonic Liquids performance; comparative analysis

Concentration of the IL has a strong influence on the separation performance of the four ILs.
On one hand, increase in IL concentration decreases both diffusivity and solubility of CO> in
the IL, on the other hand it increases the reaction rate (Feng et al., 2010; Zhou et al., 2012).
The decrease in solubility is in accord with salting out effect (Weisenberger and Schumpe,
1996). The overall effect can be observed in Figure 7.5, which shows that generally the
efficiency is enhanced by an increase in IL concentration. The lower CO; concentration
represents higher separation performance. For IL [N1111][Gly] the efficiency increases by 23

% for increasing IL concentration from 0.3 to 2.0 mol L!. For [emim][Gly] an efficiency
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increases of 18 % was observed for increasing IL concentration 0.5 to 1.5 mol L !. Further
increase in IL concentration led to decreased efficiency. This phenomenon can be linked with
the strong dependence of the membrane contactor absorption process on the physicochemical
(viscosity, density and diffusion coefficient) properties of the absorbent. Similarly, for
[bmim][Gly] an efficiency increase of 18 % was observed for increasing IL concentration
from 0.5 to 2.0 mol L! while for [hmim][Gly] the increase was 13 % for an increase in IL
concentration from 0.5 to 1.2 mol L!. A comparative analysis of the performance of four ILs
was carried out at IL concentration of 1 mol L', IL [hmim][Gly] was found with the highest
efficiency of 85 % among all ILs. While comparing the ILs at 2 mol L™ the efficiencies were
83, 75 and 75 % for [bmim][Gly], [emim][Gly] and [N1111][Gly], respectively. An increase in
the CO» solubilities have been reported with an increase in the alkyl chain of the imidazolium
cation (Baltus et al., 2004; Chen et al., 2006). However, the effect of the alkyl chain cation
was found to be minor compared to anions (Supasitmongkol and Styring, 2010). This effect
seems to be validated regarding the separation efficiencies of imidazolium cation based ILs

reported above.

0.50
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~ 040 035
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Figure 7.5 Normalized radial profiles of gas phase CO» concentrations for different
concentration of ionic liquids (a) [N1111][Gly], (b) [emim][Gly], (c) [bmim][Gly] and (d)
[hmim][Gly]; Q;, = 20 ml min™*, Q; = 60 ml min™", C;_; = 0mol L™, Ty_sp, Ty—in =
298 K

Temperature can affect both physisorption and chemisorption of the CO; in ILs. Normally in
the case of the absorption process with a chemical reaction, the temperature can affect the
physical solubility, diffusivity, and reaction rate. Physical solubility of CO> in the ILs
decreases with increase in temperature (Lei et al., 2014; Okoturo and VanderNoot, 2004).
Diffusivity of the CO; in ILs and gaseous mixture has proportionality with the temperature.
An increase in temperature increases the diffusivity of CO» due to a decrease in viscosity of
the ILs. Similar results have been reported elsewhere in the literature (Guo et al., 2013; Jing
et al., 2012). Feng et al. (2010) have reported that an increase in temperature increases the
reaction rate of the glycine based ILs. The overall effect of temperature on the absorption

performance are reported in Figure 7.6.

7-132



0.196 0.29
0.14 T I F——— B ) E—
0.192 -
rn i N SUUTUPRTTOPIT FTSPPPTTE rerssshrearnrrenrasanend ~ 027
~< 0190 {1 o
I - S S S = S e U
Lo ---—------- \ 0.26
:‘i 0.188 d“" ......... I
& e —T 303K 025 1 ——208K e .
o100 ===313K = . 323K opa | —mm33K = 33K
0.182 023 o= 2=+ === - s = s mm s omm o -t am s owm oo o
0.56 0.67 0.78 0.89 1 0.56 0.67 0.78 0.89 1
r/rs(-) r/rs(-)
(a) (b)
0.2 0.13
—298K  eevess 303K
0.18 0.12
-==313K = 323K
016 4 =—298K  «eeee 303K __on
- 1
! -—-- - e
=T 0.14 - 33K 3BK £ 010 1 P S S e R P T PP S TS TP T T T T T T T TR
£ o
I T e e e
0.12 ~ 0.09
~ >
[=T4]
© oo 008 bececcmccmrcccrccc e cccccnc e nrcn———-
0'08 ------------- - s e s e - -— -— s em ¢ == . 0.07
0.06 0.06 = - - e - == s == o - - e s e
0.56 0.67 0.78 0.89 1 0.56 0.67 0.78 0.89 1

Modeling and Simulation Under Non-Isothermal Conditions

(d)

Figure 7.6 Normalized radial profiles of gas phase COx concentrations at different process
temperatures for ionic liquids (a) [N1111][Gly], (b) [emim][Gly], (c) [bmim][Gly] and (d)
[hmim][Gly]; Q;;, = 20 ml min™", Q; = 60 ml min™*, C;_j, = 0mol L™, Cpp_iy =

1mol L1

An increase can be observed in the separation performance with increase in temperature.
However, the increase is less compared to that observed for IL concentration. An increase in
temperature from 298 to 323 K has increased the efficiency by nearly 1, 3, 11 and 5 % for ILs
[Ni111][Gly], [emim][Gly], [bmim][Gly] [hmim][Gly], of

and respectively. Effect
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temperature on the separation performance of IL [Ni111][Gly] was almost negligible. Strong

influence of temperature can be observed for IL [bmim][Gly].

The enhancement in the separation efficiency with an increase in IL concentration (higher
reaction rates) and temperature (higher reaction rates and diffusivities) also shows the
dominance of the chemisorption over the physisorption in the current membrane contactor
absorption process. It is noteworthy here that the process was steady-state and the IL entering

the contactor was always unloaded.

7.4 Boundary flux across the gas/liquid interface

Figure 7.7 shows the local boundary flux of CO; across the mass transfer interface for the
four ILs at different concentrations and countercurrent flow configurations. Considering no
wetting conditions for this study, the mass transfer interface (gas/liquid contact) resides on
the boundary between membrane and tube, while the membrane is filled with gas. For all ILs,
the local flux profiles pass through a maximum value near the end of the fiber length of
z/L=1. The local CO: flux increases with a slow rate starting from z/L=0. However, the rate
increases as the profile moves toward the end of the fiber’s length: z/L=1. The effect of IL
concentration on the COz boundary flux is obvious from Figure 7.7. The trend of the
boundary flux can be divided in two parts, before and after the middle of the contactor’s
length. Near the CO> inlet (z/L=1) boundary flux is higher for high IL concentration, and then
decreases with the contactor’s length. The effect of IL concentration is almost negligible near
the middle of the length. Moving towards the CO; exit (z/L=0) from middle of the contactor
the boundary flux of the lower IL concentration becomes dominant. Due to the high
concentration of CO2 near the inlet, there is a high driving force which leads to high values of
flux. The CO; concentration is very low in the section before the half contactor’s length due
to the high absorption near the inlet. Therefore, there is a low driving force and low flux.
Among all of the ILs, the [hmim][Gly] has shown the highest interfacial boundary flux. As
the high IL concentration means low diffusivity and low solubility, yet again the dominance
of chemisorption over physisorption was observed for the current absorption process, due to

higher boundary flux at higher concentrations.
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Figure 7.7 Axial profiles of the CO> boundary flux across the mass transfer interface for

different concentrations of the ionic liquids (a) [N1111][Gly], (b) [emim][Gly], (¢)
[bmim][Gly] and (d) [hmim][Gly]; Q;, = 20 ml min™', Q4 = 60 ml min™*, C_;, =
0mol L™, T)_in, Ty—in = 298K .

The effect of temperature on the boundary flux is presented in Figure 7.8. No evident effect

can be observed except for ILs [bmim][Gly] and [hmim][Gly]. Stronger influence of the

temperature on the CO> boundary flux can be observed for IL [bmim][Gly] while the effect is

almost negligible for [Ni111][Gly]. Similar effects were observed for the temperature

influence on the separation efficiency and reported above in Section 7.3. The trend is almost
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identical to the previous one reported for ILs concentration. In the first half of the contactor,

length boundary flux is high for low process temperatures while in the 2" half contactor it is

high for the high process temperatures.
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Figure 7.8 Axial profiles of the CO2 boundary flux across the mass transfer interface at

different process temperatures for the ionic liquids (a) [N1111][Gly], (b) [emim][Gly], (¢)
[bmim][Gly] and (d) [hmim][Gly]; Q;, = 20 ml min™', Q4 = 60 ml min™*, C;_;, =

0mol L™, C;p_jpp = 1 mol L7,

7.5 Reaction rate across the gas/liquid interface

Axial profiles of the reaction rate of CO> for the four ILs are presented in Figure 7.9.
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Figure 7.9 Axial profiles of the reaction rate across the mass transfer interface for different
concentrations of the ionic liquids (a) [N1111][Gly], (b) [emim][Gly], (c¢) [bmim][Gly] and (d)
[hmim][Gly]; Q;, = 20 ml min™*, Q; = 60 ml min™", C;_;, = 0mol L™, Ty_j, Ty_iny =

298 K.

As discussed in the preceding sections (Section 4.2.2.3 of Chapter 4, Section 7.3 and 7.4 of

Chapter 7), due to the high values of Hatta number, dominancy of chemisorption over

physisorption and consideration of unloaded solvent at the inlet the absorption can be

considered to happen mostly near the interface. Thus, the axial profile of the reaction rate

presented here was calculated over the interfacial boundary. In order to better observe the

trends, the values were normalized with the maximal value over the corresponding axial

length. The very strong influence of the IL concentration on the reaction rate can be

observed. Starting near the contactor length of z/L=0, the reaction rate is a little higher for

low IL concentrations than for high IL concentrations. Moving along the contactor length the

reaction rate becomes very high for the high IL concentrations. The low reaction rates for the
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high ILs concentration near the liquid inlet (z/L=0) are due to the very low concentration of
CO:2 at the gas outlet (z/L=0). In the case of high IL concentrations, the CO, is absorbed very
quickly at the gas side inlet (z/L=1). The maximal values of the reaction rate for all ILs were
recorded near the contactor length at z/L=0.8. Hoff et al. (2004) and Hoff and Svendsen
(2014) reported that the complex formation after the reaction affects the overall absorption
process. However, due to unloaded solvent and steady-state conditions, the reaction mostly
occurs near the interface and the effect can be neglected on the overall absorption. However,
very high liquid flowrates were used in their studies, which create radial concentration

gradients.

Variation of the reaction rate along with the fiber length cannot only be justified by the
variation in the CO> and IL concentrations. It can be seen from Figure 7.3 of the temperature
profile that there is a gradual increase in the temperature along the fiber’s length which
affects the reaction rate along the fiber. It can also be observed from Figure 7.4, that reaction
rate constant gradually increases along the fiber length. The overall effect of temperature on
the reaction rate is presented in Figure 7.10. The effect is lower compared to that reported for
IL concentration. On the overall, the reaction rate is enhanced with high temperatures. The
reaction rate of the IL [bmim][Gly] seems to be highly affected with temperature while the
effect is very low for IL [N1111][Gly].
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Figure 7.10 Axial profiles of the reaction rate across the mass transfer interface at different
process temperatures for the ionic liquids (a) [N1111][Gly], (b) [emim][Gly], (c¢) [bmim][Gly]
and (d) [hmim][Gly]; Q, = 20 ml min™*, Q4 = 60 ml min™*, C;_y, = 0mol L™, Cppiy =

1 mol L1,

7.6 Conclusion

This chapter presented simulations for the non-isothermal modeling approach developed in
Section 4.2.2 of Chapter 4, for the absorption of COz in four amino-based TSILs namely:
[N1111][Gly], [emim][Gly], [bmim][Gly] and [hmim][Gly]. Simulations from the model were
compared with the available experimental data for another amino acid-based IL
monoethanolamine glycinate [MEA][Gly]. Aqueous AAILs used for CO; absorption in
HFMCs showed superior performance due to their reactive nature compared to RTILs.
Significant increase in temperature was observed along the fiber length due to the release of
energy of dissolution of CO; in reactive AAILs, which makes the process non-isothermal in
nature. The rise in temperature and increase in CO2 concentration has generally favored the

absorption performance.
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This thesis aimed to develop an experimental and modeling approach for CO; absorption in a
hollow fiber membrane contactor with four different imidazolium-based RTILs, and four task
specific AAILs. The imidazolium based RTILs considered for this work were
[emim][MeSO4], [emim][DCA], [emim][EtSO4] and [emim][Ac] while the AAILs
considered were [Ni111][Gly], [emim][Gly], [bmim][Gly] and [hmim][Gly]. The main
concern of the present work was to study the feasibility of coupling RTILs and AAILs with
HFMCs for post-combustion CO: capture, in experiments as well as modeling and

simulations.

For this purpose, single module and dual module coupled absorption/desorption membrane
gas separation units were developed, for post combustion CO» capture. Solubility of CO; in
RTILs at gas/liquid equilibrium was measured by isochoric pressure drop principle using a
custom-built equilibrium solubility measurements apparatus. ILs and membrane fibers were
characterized by measuring thermal stability of the ILs, surface tension of the ILs, surface
morphologies and porous structure analysis of the fibers, contact angle measurements and
finally, measuring LEP or breakthrough pressure. The study was further extended by
developing robust and rigorous dynamic modeling approaches for isothermal (absorption
with RTILs) and non-isothermal (absorption with AAILs) absorptions of CO> in HFMCs with
ILs. Wetting analysis, parametric analysis, sensitivity and optimization studies were

performed by steady-state and pseudo-steady-state models.

The experimentally found solubility of CO> in the four RTILs can be ranked as [emim][Ac] >
[emim][EtSO4] > [emim][MeSO4] > [emim] [DCA]. Diffusivity was predominantly affected
by viscosity of the RTILs and was found in the order of [emim][DCA] > [emim][MeSO4] >
[emim][EtSO4] > [emim][Ac]. Solubility and diffusivity are the most important parameters
for CO, absorption in the current setup for which the above-mentioned order of ranking is
opposite. However, the overall effect of both parameters can only be observed from the
overall absorption performance. All the RTILs were found thermally stable for the current
experiments in the temperature range of 288-323 K. No noticeable effects of RTILs on
surface and porous structure of PP membranes were observed, during 20 days of immersion

of fibers in the RTILs. Contact angles of the RTILs with PP membrane fiber were in the
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range of 72 ©-85 ©, which were affected by a drop of only 1°-2° in contact angles measured

after 40 days of immersion of fiber in RTILs.

Single module absorption setup in which only one membrane module was used as absorber,
could absorb CO> at a very high rate which slowed down gradually due to gradual
accumulation of CO; in the absorbent with operation time. The CO» loading rate of the RTILs
also slowed down with time. The absorption rate and hence the separation performance
decreased with time until it reached pseudo-steady-state. At pseudo-steady-state, the
absorption rate became very slow and was nearly constant. The absorption with RTILs was
more affected by feed gas flowrate rather than process temperature. An increase in gas
flowrate and decrease in process temperature could increase the overall performance as it
enhanced the overall mass transfer coefficient and CO; flux. Coupled absorption/desorption
in which one membrane module was used as membrane absorber and the 2" one was used as
membrane stripper/desorber simultaneously within the same cycle, could maintain a very
high and long-term CO, absorption rate compared to single module absorption. Single step
absorption and desorption allowed the absorbent to keep very low CO> loading and thus
providing long-term high performance. Membrane stripper was able to achieve nearly 90 %
efficiency in a single step after absorption in membrane absorber, which confirmed the very
physical absorption nature, ease of regeneration, energy saving nature and feasibility of the
RTILs in the current setup. The pseudo-steady-state CO; separation efficiency difference
between coupled absorption/desorption and single module absorption was as high as 55 %. At
very low feed gas flowrate of 10 ml min™!' the coupled arrangements were able to maintain

pseudo-steady-state efficiency of up to 82 %.

Simulations of the isothermal modeling approach, which was developed for steady-state and
pseudo-steady-state absorption of CO; in RTILs, was in a very strong agreement with
experimental data from both single module absorption and coupled absorption/desorption. A
detailed analysis of the partial and full wetting of the membrane confirmed the significance of
membrane wetting in the mass transfer across the membrane. Nearly one half of the CO> flux
was dropped by simulating a 5 % partially wetted membrane. A fully wetted membrane could
drop the CO; flux to nearly zero, hindering the mass transfer. Parameters that could influence
the CO; separation including membrane porosity, membrane tortuosity, fiber diameter and
fiber length were analyzed. Although increase in gas flowrate reduced the gas side CO-
separation efficiency, however, the mass transfer and CO> flux increased with increase in

both gas and liquid flowrates. A sensitivity analysis for the operation time during pseudo-
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steady-state confirmed that the process was much more sensitive to variations in gas flowrate
than liquid flowrate. For coupled absorption/desorption, sweeping gas flowrate, IL flowrate
and membrane porosity were optimized for achieving zero concentration of CO; at the
membrane stripper outlet. Sensitivity of the optimized parameters could be ranked as IL
flowrate > sweep gas flowrate > membrane porosity. Simulations of the non-isothermal
modeling approach, which was developed for steady-state absorption of CO; in highly
reactive AAILs, was studied and compared with experimental data from literature with a
different absorbent given the fact that no experiment with AAILS previously existed, giving
enough precision for further simulations. Simulations with the reactive AAILs reported
significant temperature variations along the contactor length due to reaction between solute
and absorbent, for which the heat of absorption accumulated along the length of the
contactor. Other temperature dependent parameters were influenced due to this variation
including diffusivity of CO», solubility of CO», rate constant and reaction rate. Although the
effect of process temperature on the CO; separation performance was significant enough,
however, a stronger influence was recorded due to concentration of the ILs. Dominancy of
the chemisorption could be observed with very effective mass transfer near the gas/liquid
interface. Diffusion of reaction products could affect the process, but it was neglected

however, as the reaction only occurred over and/or near the gas/liquid interface.

Post-combustion CO; capture with HFMC has been well investigated before and our
understandings of the process and process improvements are progressing rapidly. However,

there are some aspects that need to be addressed to make this process more feasible.

Selection of appropriate absorbents to be used with HFMCs is very critical because of the
various problems caused by conventional absorbents. Although IL are proven to be feasible
and better absorbents for CO; capture, however there are some challenges that still need to be
resolved including high viscosities of the ILs and manufacturing cost. Both challenges can be
resolved by either mixing a ratio of water and/or tailoring the structures of anions and/or
cations of the ILs, while keeping in mind the CO> solubility, which is the most important
parameter. Many researchers are already working on exploring and resolving these issues to
make ILs more feasible for post-combustion CO; capture with HFMCs. The two types of ILs,
namely RTILs and TSILs have different impact on the absorption process. RTILs can provide
a moderate CO; absorption capacity but can be regenerated very easily. Thus, RTILs can be
very energy efficient and cost effective which makes them very feasible for long term

continuous post-combustion CO; absorption operations. TSILs can provide very high
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absorption capacity, however the regeneration is not very easy due to the reactive nature of
the absorbents and can be expensive. For hydrophobic membrane contactors, high surface
tension ILs are favorable to avoid pore wetting. Moreover, some ILs can be corrosive for
different type of fibers and are not feasible for long term operations. Therefore, careful

selection of the ILs for HFMC based post-combustion CO> capture is very critical.

Although single module absorption has been extensively investigated and used for post-
combustion CO> capture, coupled absorption/desorption however, provided far more better
absorption performance than single module absorption. Coupled absorption/desorption
operation along with RTILs (with the advantage of very easy regeneration) might be very
suitable for commercial scale continuous post-combustion carbon capture. With little more
modifications, the process can be optimized to achieve 100 % separation efficiency in a
single cycle. The optimization study has been performed in this work for three parameters,
which can be further extended for other parameters. Few other modifications and process
improvements are essential to make it more applied and feasible, particularly modifications in
the means of desorption inside the membrane stripper. More effective desorption techniques
could be implemented such as, vacuum desorption or vacuum with a little increase in
temperature. Coupled process could also be implemented for TSILs, but with very effective
simultaneous desorption step. The feasibility can be investigated further. Specific economic
analysis was not performed, in this work. It is further recommended for future works to
address economics of the coupled process, while considering the optimized process

framework.

The 2-D isothermal and non-isothermal models developed in this work can be used for
different absorbents. Although the models correctly predict the experimental data, however,
to improve the predictive capacity of the model, very accurate estimation of the various
parameters and physicochemical properties are required. For example, during wetting
analysis, the wetting ratios considered were simple approximations (homogenous wetting
along the membrane pore, only a portion of the pore length is filled with liquids). The actual
amount and location of wetting can be much more complex considering the industrial origin
of fibers. Similarly, the gas diffusion through different domains have been calculated using
theoretical correlations. Although the correlations used here, have been verified and
compared with experimental data in various literature studies, however, there could be a
difference between the actual values and the calculated ones, especially for the ILs that have

not been verified before. Coupled absorption/desorption could be a very feasible option to be
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used on industrial scale. Therefore, model predictions are recommended by using large scale
parameters and operating conditions from the industrial environment. This could be
performed along with the optimization of the process and cost analysis for the continuous
coupled absorption/desorption loop. These investigations can be performed using process

simulators.
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Abstract

Post-combustion CO> capture in a hollow fiber membrane contactor (HFMC), using
imidazolium-based room temperature ionic liquids (RTILs) and amino acid ionic liquids
(AAILs) as absorbents, was studied through an experimental and modeling approach.
Equilibrium solubility of CO> in RTILs was measured by isochoric pressure drop. Pore
wetting was analyzed by measuring surface tension of the RTILs, contact angle and liquid
entry pressure (LEP). The experimental work of CO» capture from a gas mixture was carried
out with a laboratory scale unit using a single HFMC for absorption or two coupled HFMCs
one for absorption and a second for desorption working simultaneously. Furthermore, robust
and rigorous dynamic modeling approaches were developed for isothermal (with RTILs) and
non-isothermal (with AAILs) absorption. Both isothermal and non-isothermal models were
validated with experimental data and were used to simulate a large range of operating
conditions. Initial high values of CO» absorption rate and experimental mass transfer
coefficients decreased with operation time and reached a nearly constant value at pseudo-
steady-state. Before reaching pseudo-steady-state, the separation efficiency of coupled
process was higher when compared with the absorption with a single module.

Keywords: Post-Combustion CO; Capture, Membrane Contactor, Ionic Liquid, CO:
Solubility, Modeling and Simulation.

Résumé

Des contacteurs membranaires a fibres creuses (HFMC) ont été utilisés pour la capture du
CO; des courants gazeux. Pour ce faire, des liquides ioniques a température ambiante (RTIL)
et des liquides ioniques d'acides aminés (AAIL) a base d'imidazolium ont été utilisés comme
absorbants, avec une double approche expérimentale et de modélisation. La solubilité¢ du CO»
a I'équilibre dans les RTIL a été mesurée par la chute de pression isochronique. Le mouillage
des pores a été analysé avec la mesure de la tension superficielle des RTIL, 1'angle de contact
et la pression d'intrusion (LEP). Le travail expérimental de capture du CO; a partir d'un
mélange gazeux a été réalisé avec une unité a 1'échelle de laboratoire en utilisant soit un
HFMC pour I'absorption simple soit deux HFMC couplés, travaillant simultanément un en
absorption et le second en désorption. En outre, une approche de modélisation en régime
dynamique robuste et rigoureuse a ¢été développée pour l'absorption isotherme (avec des
RTIL) et non isotherme (avec des AAIL), les modeles développés ont étés validés avec les
résultats expérimentaux et utilisés pour simuler un large éventail des conditions opératoires.
Le flux d'absorption du CO: et les coefficients de transfert de masse expérimentaux,
initialement tres élevés, décroisent avec le temps atteignant une valeur presque constante
arrivant a un état pseudo-stationnaire. Avant d'atteindre I’état pseudo-stationnaire, le
rendement de séparation du procédé couplé s’est montré plus efficace que 1’absorption avec
un module unique.

Mots-clés: Capture de CO: Post-combustion, Contacteur a Membrane, Liquide lonique,
Solubilité au CO2, Modélisation et Simulation.
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