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EXTENDED ABSTRACT

Extrapolation from lab to industrial scale is challenging when dealing with gas-particles flows
encountered in Circulating Fluidized Bed (CFB) processes and technologies. Extrapolation
relates in a first step, to the understanding of physical phenomena at accessible scales through
dedicated and focused experiments. In a second step, modeling is often used to transpose
observation from lab scale to an industrial perspective. In my Ph.D. project, we present how
Computational Fluid Dynamic (CFD) tools can be used for both steps with first the
characterization of local phenomena which allows a better understanding of lab scale
experiments in a context of attrition phenomena extrapolation. Second, we present how CFD
tools can be used for the scale extrapolation of hydrodynamic phenomena through a relevant
simulation strategy.

Concerning the first topic, it is essential in the early stage of the process development, to
quantify attrition phenomena expected at industrial scale when selecting the solid particles to
be used. Indeed, attrition can first be the cause of particles circulation problems, and second it
can induce important particle inventory losses which may then impact the process economics.
We faced this situation during the development of the Chemical Looping Combustion (CLC)
process where little information is available concerning long term operation of the oxygen
carrier particles used in this process. In our work, we propose a new procedure using a jet cup
apparatus to compare the mechanical resistance to attrition of particles used in the CLC
process under development with particles used in the Fluid Catalytic Cracking (FCC) process
(hundreds of units in operation for more than seventy years). The latter is then used as a
reference since attrition data are available both at lab and industrial scales for FCC catalyst. In
this study, we use CFD tools for the understanding of local physical phenomena in our testing
apparatus to then orientate the experimental strategy to assess and compare the mechanical
resistance to attrition of the different powders of interest in a context of early stage
extrapolation. Experimental results confirmed the findings from the CFD simulations with the
attrition rate being dependent on the initial particles volume implemented in the jet cup. The
experimental methodology was then applied on three solids (equilibrium FCC catalyst, fresh
and equilibrium oxygen carriers). The results obtained showed that the fresh and equilibrium
oxygen carriers performed respectively better and worse than the reference FCC catalyst. The
effect of the CLC process conditions on the mechanical resistance of the particles considered
was therefore clearly emphasized by the test. This experimental procedure can therefore be
used in the future to evaluate the mechanical resistance of other oxygen carriers and evaluate
also the effect of the CLC process conditions on the particles mechanical structure. Finally,
the main perspective is then to correlate lab scale experimentation with the main sources of
attrition in circulating fluidized bed for finally implementing a population balance modeling
to assess attrition at industrial scale as a function of precise design criteria. A PhD in
partnership with the university of Leeds and Total was launched in 2015 to develop such a
multi-scale approach with the use of CFD tools.

Concerning the second topic with the use of CFD tools to extrapolate hydrodynamic
phenomena in circulating fluidized beds, we propose a simulation strategy in order to assess
the CFD models extrapolation capability and their potential limits in term of fluidization
regimes representativeness. For this purpose, different experimental set ups were used with
first a 20 cm turbulent fluidized bed to characterize different gas injection configurations,
second a 90 cm turbulent fluidized bed where several gas superficial velocities were
investigated and finally a 30 cm riser to characterize transport regime conditions. In the three
experiments, FCC catalysts with similar physical properties were used in order to focus



mainly on gas distribution, scale-up and fluidization regime effects. Local and global
experimental flow characterizations were acquired. All the information collected was then
used to evaluate CFD prediction of gas distribution, multi scale and operating conditions
effects. Two CFD approaches were evaluated with first the Multiphase Particle In Cell (MP-
PIC) approach with the software Barracuda VR® and second the Euler/Euler with the Kinetic
Theory of Granular Flows (KTGF approach) using the open source software openFOAM. In
the first simulation strategy steps we demonstrated that for both approaches, default
parameters with the Gidaspow drag law failed predicting the 20 cm fluidized bed density and
local solid volume fraction profiles. We therefore develop dedicated drag laws and boundary
conditions to get satisfactory hydrodynamic predictions of the different 20 cm fluidized bed
operating conditions. In the next simulation strategy step, the CFD model parameters
developed from the 20 cm fluidized bed simulations were applied for the 90 cm fluidized bed
simulation. This step was crucial since it was a differentiator between both approaches with
the parameters developed for Barracuda VR® failing to predict the bed hydrodynamic while
the parameters developed for openFOAM predicted well the change of bed density and the
particles entrainment trends for the different superficial gas velocities simulated. This step is
therefore essential since it justifies the evaluation of CFD models at different scales and it also
shows that CFD can be used for extrapolation. In the last simulation strategy step, the
openFOAM modeling parameters developed were then applied for the simulation of the riser
transport regime. The simulation failed capturing the riser pressure drop and local solid flux
profiles. A dedicated drag law was then developed to capture reasonably well these riser
experimental data. This last step shows that the drag models developed are fluidization regime
dependent and it is therefore important to investigate the limits of the models developed. For
the perspectives of this work, the same simulation strategy could be developed against a wider
set of experimental data in term of fluidized bed characterizations (bubbling structures,
mixing and local velocities characterization) as well as in term of fluidization regimes
(minimum fluidization to transport regime). Other extrapolation parameters to industrial
conditions such as pressure and temperature could be investigated following a similar strategy

developed in this work with the final objective being to simulate an industrial size Circulating
Fluidized Bed.

KEYWORDS —

Extrapolation, Circulating Fluidized Beds, Computational Fluid Dynamic, attrition,
hydrodynamic.



RESUME ETENDU

L’extrapolation de I’échelle laboratoire a 1’échelle industrielle est un réel challenge pour les
écoulements gaz-particules rencontrés dans les procédés et technologies en lit fluidisé
circulant. L’extrapolation consiste dans une premicre étape a la compréhension des
phénomenes physiques a des échelles accessibles basée sur des expérimentations dédiées.
Dans une deuxieme étape, la modélisation est souvent utilisée pour transposer les
observations effectuées a échelle laboratoire a une perspective industrielle. Dans mon projet
de these, nous présentons comment les outils de simulation numériques des écoulements
(CFD) peuvent étre utilisés dans ces deux étapes. En effet, dans une premiere étude nous
avons employ¢ la CFD pour la caractérisation et la compréhension d’une expérimentation afin
d’orienter notre procédure expérimentale dans un contexte d’extrapolation des phénomenes
d’attrition. Dans une deuxieme étude, nous présentons comment les outils CFD peuvent étre
utilisés pour I’extrapolation des phénoménes hydrodynamiques a travers une stratégie de
simulation pertinente.

Concernant la premiere étude, il est essentiel dans les premieres étapes d’un développement
de procédé en lit fluidisé circulant, de quantifier Dattrition a 1’échelle industrielle des
particules sélectionnées. En effet, les phénoménes d’attrition peuvent &tre a 1’origine de
probléme de circulation dans 'unité mais peuvent aussi générer des pertes d’inventaire qui
vont impacter directement les coflits de fonctionnement du procédé. Nous avons rencontré ce
type de problématique lors du développement du procédé de combustion en boucle chimique
(CLC) pour lequel peu d’informations sont disponibles concernant les opérations sur le long
terme des particules porteuses d’oxygene utilisées dans le procédé. Dans notre travail, nous
proposons une nouvelle méthode utilisant un dispositif expérimental caractéristique de
’attrition appelé « Jet Cup » pour comparer la résistance mécanique des particules utilisées
dans le procédé CLC avec les particules utilisés dans le procédé de craquage catalytique FCC
pour lequel des centaines d’unités industrielles sont en opération depuis plus de 70 ans. Les
particules de FCC sont donc utilisées comme référence puisque des données d’attrition sont
disponibles aussi bien a 1’échelle de laboratoire qu’a échelle industrielle. Dans cette étude,
nous avons utilisé les outils CFD pour la caractérisation et la compréhension de I’écoulement
dans notre dispositif expérimental afin d’orienter notre stratégie de test pour la comparaison
de Dattrition générée sur les différentes types de particules d’intéréts. Les résultats
expérimentaux ont ensuite confirmés les conclusions de 1’étude CFD avec une attrition
générée dans le test proportionnelle au volume initial de particules inséré. La méthodologie
expérimentale développée a ensuite été appliquée sur trois types de particules (un catalyseur
d’équilibre FCC, un porteur d’oxygeéne frais et un porteur d’oxygene d’équilibre). Les
résultats montrent que les porteurs d’oxygene frais et d’équilibre ont respectivement une
meilleure et moins bonne performance comparés au catalyseur FCC de référence. Les effets
des conditions opératoires du procédé CLC sur la résistance mécanique des particules ont
donc été clairement mis en avant par notre procédure expérimentale. Celle-ci peut donc étre
utilisée dans le futur pour évaluer d’autres porteurs d’oxygenes ainsi que les effets des
conditions opératoires du procédé sur les particules. La principale perspective de ce travail est
la corrélation des phénomenes d’attrition sur pilote dédié¢ aux phénomenes d’attrition générés
par les principales sources dans les procédés en lit fluidisé circulant (cyclone, jet) afin
d’implémenter un modele de population pour la prédiction quantitative de 1’attrition dans les
unités industrielles. Une theése a été lancée en 2015 en partenariat avec Total et I’'université de
Leeds pour développer une telle approche multi-échelle.

Dans la deuxieme ¢étude sur 1’utilisation des outils CFD pour I’extrapolation des phénomenes
hydrodynamiques en lit fluidisé circulant, nous avons proposé une stratégie de simulation afin



d’évaluer les capacités d’extrapolation des modeles CFD et aussi d’évaluer leurs potentielles
limites en terme de représentativité des différents régimes de fluidisation. Pour cela,
différentes expérimentations ont été utilisées avec premierement un lit fluidisé turbulent de 20
cm de diamétre pour la caractérisation de différentes configuration d’injection gaz,
deuxiemement un lit fluidisé turbulent de 90 cm de diametre avec lequel différentes vitesses
superficielles de gaz ont été étudiées et troisiemement un riser de 30 cm de diametre pour la
caractérisation du régime de transport des particules. Dans toutes les expérimentations, des
catalyseurs FCC avec des propriétés physiques similaires ont été utilisés afin de se concentrer
uniquement sur les effets de distribution gaz, d’échelle et de régime de fluidisation. Des
données de caractérisation locale et globale des écoulements ont été recueillies. Toutes ces
données sont ensuite utilisées pour évaluer la capacit¢ des modeles CFD a prédire les
différents effets mentionnés auparavant (distribution gaz, échelle et régime de fluidisation).
Deux approches CFD ont été évaluées avec tout d’abord 1’approche « Multiphase Particle in
Cell » (MP-PIC) et le logiciel Barracuda VR® et deuxiémement une approche Euler/Euler
avec la théorie cinétique des écoulements granulaires (KTGF) en utilisant le logiciel open-
source openFOAM. Dans la premiere étape de notre stratégie, nous avons démontré que les
parametres par défaut des deux approches, en utilisant la corrélation de Gidaspow pour la
force de trainée, échouent a prédire I’hydrodynamique du lit fluidisé turbulent de 20 cm. Nous
avons donc développé pour chaque approche un modele de force de trainée et des conditions
limites spécifiques pour obtenir des prédictions satisfaisantes de 1’hydrodynamique du lit
fluidisé de 20 cm pour les différentes configurations d’injection gaz étudiées. Dans I’étape
suivante, les modeles CFD développés a partir des simulations du lit fluidisé turbulent de 20
cm ont été appliqués pour la simulation du lit fluidisé turbulent de 90 cm. Cette étape est
fondamentale puisqu’elle a permis de mettre en évidence la différence entre les deux modeles
CFD utilisés ; les prédictions de Barracuda VR® ont échoué a prédire I’hydrodynamique du lit
alors que les simulations openFOAM arrivent a prédire quantitativement 1’évolution de la
masse volumique du lit en fonction de la vitesse superficielle de gaz dans le lit et que la
tendance de I’entrainement des particules est qualitativement prédite. Cette €tape est donc
essentielle puisqu’elle justifie I’évaluation des modeles CFD a différentes échelles et qu’elle
démontre aussi la possibilité ou non de prédire les effets d’extrapolation avec ces outils. Dans
la derniere étape de notre étude, le modele CFD développé avec le logiciel openFOAM a été
appliqué pour la simulation du régime de transport des expérimentations riser. Les résultats
obtenus sont insatisfaisants avec une sous-estimation importante de la perte de charge dans le
riser et des profils locaux de flux solide différents de ceux mesurés. Une nouveau modele
corrélatif de force de trainée a ensuite ét€é développé avec une prédiction satisfaisante des
parametres expérimentaux étudiés. Cette dernicre étape démontre donc que les modeles de
trainées développés dans cette étude sont dépendants du régime de fluidisation simulé et qu’il
est donc important d’étudier et d’évaluer les limites de ces modeles. Pour les perspectives de
cette étude, une stratégie de simulation similaire pourrait étre développée basée sur une base
de données ¢€largies en terme de caractérisation expérimentale de 1’hydrodynamique des lits
fluidisées (structure gaz, mélange particules/gaz, caractérisation des vitesses locales) mais
aussi en terme de régime de fluidisation (minimum de fluidisation jusqu’au transport de
particules). D’autres paramétres d’extrapolation aux conditions industrielles telles que les
effets de pressions et de température pourraient étre étudiés en utilisant une stratégie de
simulation similaire avec pour objectif final de simuler un réacteur industriel en lit fluidisé
circulant.

MOT CLES -

Extrapolation, lit fluidisé circulant, Simulation numérique des écoulements, attrition,
hydrodynamique.
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Nomenclature

LATIN LETTERS

SYMBOL DESCRIPTION UNITS
Ay Hamakar constant for the calculation of the Van Der Walls force
AoRIFICE Valve orifice surface m>
Ar Archimede number
Battrition rate Initial attrition generated characteristic constant
C Smagorinsky Barracuda VR® coefficient
Cattrition rate Attrition rate characteristic constant
Cd Valve orifice coefficient
dp(2) Bubble diameter at height z in the bed m
dp MaxiMuMm Maximum bubble diameter m
d, Particle diameter m
dy; Particle diameter of the class 1 m
dy, 50 Particle distribution mean diameter m
dp sy Particle distribution Sauter diameter m
Z—IZD Pressure gradient over a height dz Pa.m’!
€ coefficient of restitution for particles collisions
E, total particle entrainment rate kg.m?s’!
E” Entrainment rate of particles having a diameter dp,i kg.mZs!
foartictes in jet Averaged particles contacting frequency with the jet s!
f(x,up,m,t) Probability function in the MP-PIC approach
= Mass fraction of particles lower than 45 microns in the

Abrahamsen correlation for the minimum bubbling gas velocity

Fr Froude number
Fr Froude number with particle terminal velocity
Fs Solid flowrate through valve kg/s
Fup jet Global volume flux of particles circulating in the jet m’s’!
Fyw Van der Walls force N
g Gravitational acceleration m.s?
9o,s radial distribution function
Gs Particles mass flux kg.m?s!
H Bed height m
Hy r Bed height at minimum of fluidization m
i Particle class number
k kinetic turbulent energy m?s
K, Drag coefficient
Ki default Default Drag coefficient

Kd MULTIPLIER

Drag coefficient with multiplier




n number of classes of particle diameters in the fluidized bed
N Number of holes per square meter of distributor in the Darton 2
correlation
P Pressure Pa
PC_1 Particle contacting frequency with the air jet st
PC_tracer Particle tracer contacting frequency with the jet st
Ps Solid pressure Pa
Ps krer Solid pressure from Kinetic Theory of Granular Flow Pa
P rrictional Frictional solid pressure Pa
(Re), Particulate Reynold number at turbulent fluidization
Re, Particulate Reynold number
Re, mys Particulate Reynold number at minimum of fluidization
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Uo, Uy Superficial gas velocities characteristic of the turbulent regime m.s’!
Uchocking Gas superficial velocity at chocking conditions m.s™!
Unp Gas superficial velocity at minimum bubbling conditions m.s!
Uns Gas superficial velocity at minimum fluidization conditions m.s’!
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Un m.s
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Uy, Particle cloud velocity in the MP-PIC approach m.s!
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V; particle terminal velocity m.s!
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XY oud Clouds position at t in the MP-PIC approach m
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X; . Jowt
dp,i
z Height coordinate m
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INTRODUCTION

Research and development dedicated to multiphase flow still faces challenging extrapolation/scale-up
issues, especially in the field of energy where processes reach very large capacities and sizes to minimize
production cost. Extrapolation relates to first the understanding of physical phenomena at accessible
scales through dedicated and focused experiments. In a second step, modeling is often used to transpose
observation from lab scale to an industrial perspective. Minimizing the risk of extrapolation is mandatory
when developing processes both from an economical and technology feasibility point of view [1].

Extrapolating is particularly difficult when dealing with gas-solid flows encountered in Circulating
Fluidized Bed (CFB) processes and technologies. In this field, physical phenomena and corresponding
reactor technologies are complex with regard to hydrodynamics, reaction kinetics, mass and heat transfers
[2]. In my Ph.D. dissertation, two topics of interest regarding extrapolation of circulating fluidized beds
are investigated with first the extrapolation of attrition phenomena and second the extrapolation of
hydrodynamic phenomena.

Concerning the first topic, it is essential in the early stage of the process development, to quantify attrition
phenomena expected at industrial scale when selecting the solid particles to be used. Indeed, attrition can
first be the cause of particles circulation problems, and second it can induce important particle inventory
losses which may then impact the process economics. We faced this situation during the development of
the Chemical Looping Combustion (CLC) process [3] where little information is available concerning
long term operation of the oxygen carrier particles used in this process. In our work, we propose a new
procedure using a jet cup apparatus [4] to compare the mechanical resistance to attrition of particles used
in the CLC process under development with particles used in the Fluid Catalytic Cracking (FCC) process
(hundreds of units in operation for more than seventy years). The latter is then used as a reference since
attrition data are available both at lab and industrial scales for FCC catalyst. In this study, we use
Computational Fluid Dynamic (CFD) tools for the understanding of local physical phenomena in our
testing apparatus to then develop a relevant experimental strategy to assess and compare the mechanical
resistance to attrition of the different powders of interest in a context of early stage extrapolation.

The second part of this PhD project explores extrapolation of hydrodynamic phenomena encountered in
fluidized bed systems using CFD. Indeed, CFD tools are increasingly used for the understanding, the
development, and the extrapolation of processes and technologies [5]. However, concerning CFD for
circulating fluidized beds, modeling the fundamental gas-particles and particles-particles interactions
phenomena still remain challenging [6,7]. We therefore, face a situation where CFD tools are essential for
extrapolation purposes [8,9], but their prediction capacities need to be evaluated for each configuration
simulated in order to check the validity and put into perspectives the simulation results. When using CFD
for extrapolation, it is therefore important to investigate if CFD tools predictions can capture scaling up
effects. Indeed, most of the CFD developments found in the literature focus on the simulation of a
specific equipment with a rather narrow range of operating conditions [10—-13]. Then authors investigate
the modeling of different phenomena such as the gas/particles, particles/particles and wall/particles
interactions with effects of mesh refinement on their simulation results. There is however, no precise
characterization against experimental data concerning the use of a CFD model, developed from
experiments at a given scale, for the simulation at larger scales where larger mesh cell sizes have to be
used because of computational power limitation. In my PhD research, I investigate this issue. For this
purpose, we developed a specific simulation strategy focusing on Geldart Group A particles
hydrodynamic. We used two CFD tools with first Barracuda VR®, which uses the MP-PIC approach [14]



and second the OpenFOAM solver “twoPhaseEulerFOAM” which uses a Euler/Euler approach [15]. We
then followed our simulation strategy which consists in a first step to modify the code modeling
parameters (gas/particles drag model and boundary conditions) to best match the experimental data from
a specific experiment at specific operating conditions. It is important to point out that this first step
corresponds to most of the study found in the literature. In the following steps, keeping the same CFD
model parameters, simulations are then evaluated against experimental data of equipment at larger scales.
We discovered that a code showing good prediction results at a given scale does not necessarily have the
same prediction quality when used for larger scale simulations. It is therefore necessary to implement
such a multi-scale evaluation step when using CFD for extrapolation purposes.

The manuscript is organized as follow:

- In the first chapter, the general context of this work is presented in a literature review with a
presentation of the industrial processes which motivated these R&D efforts followed by a focus on
circulating fluidized bed characterization and on CFD tools for gas/particles flow simulations.
Extrapolation modeling tools are then presented and discussed. Finally, a focus on attrition
phenomena is given.

- In a second chapter, the study carried out on the evaluation of the attrition phenomena using a jet
cup apparatus is presented.

- Chapters 3 to 5 present the study on the hydrodynamic phenomena extrapolation using CFD tools.
Chapter 3 present the simulation strategy developed in this work and the material and methods
used to carry out this strategy. Chapter 4 presents the experimental results used to evaluate the
CFD predictions and Chapter 5 actually shows the simulations results based on the simulation
strategy. The conclusions and perspectives of this study are also presented in Chapter 5.

A general conclusion with perspectives is finally presented.



CHAPTER I LITTERATURE REVIEW

I. LITTERATURE REVIEW

The literature review presented in this chapter sets the global context of this PhD project and focuses on
the main topics investigated with the extrapolation of particles attrition and hydrodynamic phenomena.

The general context is first presented with a focus on the Circulating Fluidized Bed (CFB) processes
which motivated our R&D efforts. Then, a literature review on hydrodynamic phenomena extrapolation is
carried out, many of the items addressed being common with the topic on attrition phenomena
extrapolation. A focus on the different fluidization hydrodynamic regimes and their characteristics is first
carried out followed by a focus on the experimentation and measurement techniques for the
characterization of CFB hydrodynamic. Computational Fluid Dynamic (CFD) approaches for
gas/particles flow are then addressed in a dedicated chapter. Finally, the modeling of CFB for
extrapolation purposed is investigated.

Eventually, the topic of the attrition phenomena extrapolation is addressed in the last chapter of this
literature review.

Despite the large number of industrial CFB processes in operation for a very long time, and the extended
amount of literature in the field of fluidization, it will be shown that there are still important efforts to
conduct to improve the understanding and modeling of CFB systems for scale-up purposes.

1 Circulating fluidized bed processes

Circulating Fluidized Beds (CFB) technologies are used in many industrial processes among various
fields such as refining for the conversion of heavy feedstock [16], petro-chemistry with the ethylene and
propylene polymerization [17], coal and waste combustion/ gasification [18], biomass pyrolysis for bio-
oil or bio-chemicals production [19].

In CFB technologies, the principle of fluidization is used. It consists in mixing particles with gas, the
mixture of the two behaving as a pseudo fluid (more details are given in Chapter II-2). This technique
presents many advantages from a process point of view:

- First, it allows operating reactors with a high continuous catalyst circulation. It is therefore a great
advantage when continuous regeneration of catalyst is necessary in a process.

- Second, the particle mixing allows having an efficient heat transfer and therefore a good reactor
temperature control which is crucial in case of highly exothermic reactions. Moreover particles
can also be used as heat carrier between different sections of the process.

- Finally, fluidization allows using fine particles with reasonable reactor pressure drops. The use of
fine particles helps preventing diffusional limitations in the catalyst.



CHAPTER I LITTERATURE REVIEW

In this chapter, a focus is made on the two processes which motivated our R&D efforts presented in this
PhD project:

- First, the Chemical Looping Combustion (CLC) process. It is a promising concept under
intensive development for carbon dioxide (CO2) capture. The investigation presented in Chapter 11
is related to attrition prediction at industrial scale for this process.

- Second the Fluid Catalytic Cracking (FCC) process. It is a well-known and established process in
refining. The study presented in the second part of this PhD project deals with the use of
Computational Fluid Dynamic (CFD) tools for circulating fluidized beds with FCC type of
catalyst.

1.1 Chemical Looping Combustion (CLC) process

The Chemical Looping Combustion (CLC) process is currently under development [3] in a context where
carbon dioxide (CO2) emission reduction has become the main target to mitigate global warming. Indeed,
in a context where CO» emissions from fuel combustion has increased from 23.2 Gtons/year in 2000 to
33.4 Gtons/year in 2018 [20], the International Energy Agency (IEA) [21] predicted the need for
capturing over 7 Gtons/year of CO; by 2050 in order to limit the earth global temperature increase below
2°C.

Different technologies can be considered to reduce CO; emissions from fuel combustion in industrial
applications with post-combustion, oxy-fuel combustion and pre-combustion systems. The CLC process
1s an oxy-combustion like technology with low energy penalty costs compared to other technologies [22].
It is therefore a promising concept even if technical challenges as well as economic issues still need to be
solved in order to reach the industrial demonstration [3,22,23]. Several type of reactors have been
considered for CLC going from fixed beds to fluidized beds systems [24]. For large scale applications
such as power generation from coal combustion, fluidized bed technology is promising since it is already
demonstrated at industrial scale with coal CFB boilers having large power generation [25]. Circulating
fluidized bed technology has been therefore chosen by IFP Energies nouvelles and Total for their CLC
development [3,22]. Figure I-2 presents the global concept of the process.

Depleted Air Combustion Gas
(N2) (CO», H20)
Metal oxide
carrying O

(X

Air Reactor Fuel Reactor
(oxidation) (combustion)

N

Metal Oxide
without O2
Air Fuel

Chemical Looping Combustion
(CLO)

Figure I-1: Scheme of the CLC process
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The process is divided into two main sections, the Air reactor and the Fuel reactor. Metal oxide particles
circulate in a loop between the two sections where they get oxidized in the air reactor and become oxygen
carriers. They are then separated from the depleted air, composed mainly of nitrogen, and sent to the Fuel
Reactor where they bring the oxygen necessary for the combustion and then get sent back to the Air
Reactor. Since only oxygen is used for combustion, the gas generated from the combustion is composed
of CO> and water and it is therefore not diluted in nitrogen (N2). The water can thus be easily separated by
condensation and the CO; compressed for storage.

Different technical challenges can be pointed out for the development of this process [3]:

- The first one is the limitation of the pressure drop in the Air Reactor since it is directly connected
to the cost of the air compression and therefore the economics of the process. This issue has been
investigated at IFP Energies nouvelles [26] in order to develop a model predicting the pressure
drop in an air reactor.

- The second one is the control of the particles circulation at high temperature where mechanical
devices such as slide valves cannot be used. A possible alternative studied at IFP Energies
nouvelles is the use of a non-mechanical L-Valve where gas injections control the particles
circulation [27].

- The third crucial point is the choice of the oxygen carrier particles. Many different oxygen carriers
have been tested for the CLC process [28], the criteria of selection being the high conversion rates
and reactivity, low rate of agglomeration, the resistance to the attrition phenomena and the cost of
production.

It is in the context of the oxygen carrier selection regarding its resistance to attrition that my work
presented in Chapter III has been conducted.
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1.2 Fluid Catalytic Cracking (FCC) process

Fluid Catalytic Cracking (FCC) is one of the most important conversion processes used in refineries all
over the world. It is used for the conversion of heavy oil feedstock with high boiling temperature to
produce gasoline, diesel and light olefins. In this process, a zeolite-based catalyst is used to crack the long
hydrocarbon molecules of the feed; detailed information on the catalyst structure and the catalytic
cracking reactions can be found in [29]. The FCC process has continuously evolved over the last 80 years
going from a fixed bed technology to the current circulating fluidized bed technology [16,30]. It is now a
key process in refineries and is used in more than half of them. Figure I-2 presents the scheme of a
circulating fluidized bed FCC process. The feed is injected into the riser section of the reactor where it
gets vaporized and cracked in contact with the zeolite-based catalyst. The cracking reactions deposit coke
on the catalyst as a reaction by-product, which causes its deactivation. The deactivated catalyst is then
sent to a regenerator where the coke on catalyst is burnt in contact with air and where part of the
combustion heat is absorbed by the catalyst. Finally, the catalyst carries the heat generated by the
combustion back to the reactor, where it is then consumed for the vaporization of the feed and the
endothermic cracking reactions.

Flue Gas Product

Catalyst
carrying heat

Regenerator Reactor
(coke burning) (feed cracking)

Catalyst

carrying coke
Air Feed
Fluid Catalytic Cracking
(FCO)

Figure I-2: Scheme of the FCC process
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The evolution toward heavier FCC feedstock as well as the complex hydrodynamic of gas / particles
flows led to the development of dedicated technologies [31,32]. One example is the development of the
R2R™ Resid FCC, concept developed to process feedstock with a high Conradson Carbon Residue [33].
This technology is developed and licensed by the FCC Alliance which comprises of Axens, TechnipFMC,
Total and IFP Energies nouvelles (IFPEN), the schematic diagram is presented in Figure I-3.

Flue Gas

=—> Products

Catalyst / Products

Regenerator 2
9 Separator

\ ~
Air...,‘ — \ Stripper
Flue Gas «—¢ . Il team

===3 Catalyst path

Regenerator 1 Riser

Air— a i,
-~ Feed Injection

Figure I-3: Schematic diagram of a FCC alliance R2R™ Resid FCC unit

As shown in Figure I-3, hot regenerated catalyst flows from the second stage regenerator to the riser
bottom where it is contacted with finely atomized feedstock. At the riser top, a termination device called
RS? rapidly disengages vapor products from the catalyst to reduce further thermal and catalytic cracking.
The spent catalyst then flows down a stripper section where it is contacted counter-currently with steam.
Steam plays the role of fluidization and stripping media, strips the hydrocarbons from the catalyst before
it leaves the stripper. The hydrocarbon stripped spent catalyst is then sent to the regeneration section to
burn the coke deposit. The particular two stages regenerator configuration allows treating heavier
feedstock compared to previous FCC units. The first regenerator operates in partial combustion mode
with oxygen in default, it allows burning 50% to 70% of the coke on catalyst while limiting the heat
generation. The rest of the coke is then burnt in a second stage regenerator in full combustion mode with
oxygen in excess. Limiting the heat generation in the regeneration section for heavy feedstock is the key
in order to maintain a reasonable catalyst circulation and a reasonable temperature in the reaction section.

One can appreciate the complexity of the FCC process where the comprehension and characterization of
the catalyst flow is essential in many different areas of the process: in the riser for an efficient feed
vaporization, in the riser termination device for an efficient gas/particles separation, in the stripper for an
efficient steam/catalyst contacting, in the transfer lines (stand-pipes) for a good pressure recovery and in
the regenerator for an efficient air/catalyst contacting leading to an efficient combustion. The main
difficulties to better understand all this phenomena and to develop technologies are first the flow
characterization at laboratory scale where it can be challenging to investigate gas/particles flows with
local measurements (as discussed in Chapter 1.3) and second the extrapolation of the laboratory results to
the industrial scale and operating conditions. It is in this context of extrapolation for technology
development that the work presented in Chapter IV has been conducted.
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2 Fluidization phenomena

Fluidization consists in mixing gas and particles in order to give to the mixture the properties of a fluid.
Indeed, when gas transfers to the particles enough momentum to compensate their weight and their
internal friction forces, particles starts moving and the mixture behaves as a pseudo-fluid.

Fluidization has been studied intensively already since 1930 with the development of the FCC process
[30] and other processes then. The objective of this chapter is to present an overview of fluidization
phenomena and their characterization. The reader will appreciate the difficulty of understanding and
characterizing fluidization going from evaluating particles physical properties to then investigate
fluidization regimes and phenomena such as the influence of fine particles content, pressure and
temperature as well as particles clustering. Fluidization remains difficult to characterize with fundamental
physical phenomena, the consequences being that empirical correlations are most of the time used to
predict characteristics of interest. This chapter gives a non-exhaustive list of correlations to better
illustrate this characterizing approach.

2.1 Characterization of particles

The first and crucial step when dealing with fluidization of particles is the characterization of their
physical properties. It is important to realize that powders used in fluidization are composed of a high
number of dispersed particles. As an example, 100 grams of FCC catalyst has a number of particles in the
order of 10%. While it is relatively easy to characterize a single particle, it becomes complex and
challenging to characterize a powder with a high number of particles having different properties such as
the particle diameter and internal structure. Indeed, particles can have inner pores and interstices with
complex structures that can vary and be influenced by the process operations.

This chapter presents the main properties needed in order to describe the particles behavior to fluidization
[34].

2.1.1 Particle size distribution

Particle Size Distribution (PSD) is a key parameter to describe the particles behavior to fluidization.
Moreover, Grace et al. [35] also showed that PSD can affect the performances of fluidized bed reactors.
Different techniques exist to measure PSDs as described by Allen [36]:

- Mechanical sieving, which consist in separating the powder in different classes of diameter with
different sieve sizes.

- Optical measurements with laser diffraction techniques where the particles flow in front of a laser
cell, the particles size changing the diffraction pattern obtained.

- Coulter-counter measurements where particles flowing through an orifice of an electrode change
the electrical intensity which allows getting a particle size distribution.

Mechanical sieving is a robust technique which presents the advantage that no mathematical
reconstruction is needed. However, the measurement accuracy depends of the number of sieve classes
used and it can be difficult to apply such a technique for fine powders with cohesive particles (diameter
lower than 100 microns) where optical measurements are preferred [2,37]. The laser diffraction is a
technique relatively easy to use especially for fine powders. However the diffraction phenomena need to
be modeled and the final result therefore depends on the model used for the PSD reconstruction. The
Coulter counter technique is a good compromise in term of accuracy and signal reconstruction influence
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since the particle diameter directly influence the electrical signal measured. However, its application can
be long with the use of multiple electrode pore diameter to get the full range of the PSD.

Once the PSD is measured different representative diameters can be defined:

- The mean diameter Dpso which is the diameter with 50% of the total particles being smaller in size
and other 50% being larger.

- The Sauter diameter dpsv defined by Equation 1

1
G

dp,sv = Equation 1

o where xi is the mass fraction of particles having a particle size dp.i.

The Sauter Diameter is more representative of the smaller particle diameter classes of the distribution. To
illustrate this concept, Figure I-4 presents two PSDs with the same mean diameter Dpso of 80 microns.
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Figure I-4: Example of two Particle Size Distribution with the same mean diameter Dpso but with
different Sauter Diameter Dpsv

From Figure 1-4, one can see the effect of fines particles for the second particle size distribution shown in
red. Indeed the Sauter diameter is lower for this distribution due to the highest amount of fine particles
compared to the first distribution shown in black.

Finally, another important parameter of the Particle Size Distribution is the content of fine particles. For
FCC catalyst, fine particles are typically defined for particles below 40 microns [4].

To conclude, one can wonder if one representative diameter can fully characterized the powder behavior
when fluidized. For example, in CFD simulations some approaches use a representative diameter which is
often equal to the Sauter Diameter while other approaches consider different particle size classes. This
topic is further discussed in Chapter 1.4.
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2.1.2 Densities

Density is a physical property as important as the particle size distribution. Different densities have to be
considered as shown in Figure I-5:

- The bulk density corresponding to the mass of particles divided by the volume of the bed
including the interstitial void between particles and the volume of particles with the pores.

- The particle density corresponding to the mass of particles divided by the volume of the particle
including the particles pores volume.

- The skeletal density corresponding to the mass of particles divided by the volume of the particles
without the pores volume.
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Bulk density R
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Figure I-5: Fluidization densities definition

Equation 2 presents the relation between the different densities.

PBuik = (1 - Sg)pP = ((1 - gg)(l - SPores)pSkeletal Equation 2
With: - &g Volume fraction of interstitial gas
- Epores Volume fraction of pores inside the particles
- PBulk Bulk density
- pp  Particle density
- Pskeletal Particle skeletal density

For fluidization, bulk density and particle density are the main physical properties of interest for
describing the gas/particles flows. Bulk density can be measured considering the particles weight and the
volume they occupy in a vessel. However at rest the bulk density is very sensitive to the way the particles
are packed with is influence by the tapped conditions. Particle and skeletal densities are more challenging
to measure, techniques such as mercury porosimetry are often used [38].

2.1.3 Miscellaneous
Other physical properties are important to investigate:

- The particle sphericity which is defined by the ratio of the surface area of a sphere with the same
volume as the given particle to the surface area of the particle as presented in Equation 3. In their

10




CHAPTER I LITTERATURE REVIEW

work, Rodrigues et al. [26] found that particles sphericity was a crucial parameter for the pressure
drop in a vertical riser.

1 2
7T3(6V0lParticles)3 Equation 3

Particle sphericity =

SParticles
With: -Volpgrticies Volume of the particles
- Spaticles Surface of the particles

- The particles frictional angle and repose angle respectively a and 3 in Figure I-6. These angles are
important to characterize when designing internals to avoid local accumulation of particles in
hoppers for example

Immobile zone

Figure I-6: Particles angle characteristics

2.1.4 Inter-particle forces and clustering

Different inter-particle forces are often mentioned when dealing with fluidized bed of fine particles with
the electrostatic, the capillary and the Van der Walls forces. These forces can be at the origin of particles
clusters formation which can then influence the hydrodynamic of the gas-particles flow. Indeed, clusters
of particles will generate a different interaction with the gas phase compared to single particles.

Visser et al. [39] highlighted the contribution of the Van der Walls force on the clusters formation in
fluidized beds. They stated that the Van der Walls force is dominant compared to the electrostatic and
capillary forces. They also demonstrated that Van der Walls forces become dominant compared to the
particle weight for small particle diameters which explain why clusters formation occur mostly for fine
particles (Geldart Group A and Group C presented in the next chapter). For two smooth spheres, the Van
der Walls force can be written with Equation 4[40]:

Ayd
Fyw = H6 p Equation 4

11
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Where A is the Hamakar constant which depends on the material and fluid properties and § is the distance
between particles. Van der Walls forces are considered non-negligible when distance between particles
are in the order of 0.1 to 1 nanometer [39]. In fluidized bed, particles contact each other at a high
frequency therefore the distance between particles is in the range where Van der Walls forces are
noticeable. It is also important to mention that particle asperities and shapes have a great influence on the
Van der Walls forces [41]. Then, Kaye and Boardman [42] stated that particle clustering becomes
significant in many systems where particles volume concentration exceed 0.1% which is the case in
circulating fluidized bed even for dilute regime flows.

Cahyadi et al. [43] and Cocco et al. [44] also highlighted that the formation of particles cluster can be
connected to hydrodynamic phenomena with non-rigid clusters under the form of streamers while other
rigid clusters are formed because of the inter-particle forces. It then becomes interesting to wonder if
single particles or cluster of particles have to be considered for modeling the gas/particles interaction
having in mind that cluster consideration will necessarily add complexity to the model. Indeed cluster
formation is first difficult to characterize experimentally and it is then dependent on the particles
properties, fluidization regimes and system used as demonstrated by Cahyadi et al. [43].

Many phenomena observed in fluidization are attributed to particle clustering as presented in the next
chapters of this literature review.

2.1.5 Geldart classification

Geldart [45] defined in 1973 a classification of particles with respect to their behavior when fluidized
with a gas. Four groups of particles where distinguished according to their physical properties as shown
in Figure I-7 with first the difference between particles density and gas density (ppaticles-PGas) and second
the particle size distribution Sauter diameter (Dpsv)
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Figure I-7 : Geldart classification of powders with respect to their fluidization behavior

The characteristics of each group are:

- Group C: Fine particles difficult to fluidize. Inter-particle forces(electrostatics, van der Waals and
capillary forces) have an important effect on the fluidization quality and gas tends to channel

12
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through the bed [2]. FCC catalyst particles with a diameter below 20 microns are an example of
Geldart Group C particles.

- Group A: Particles easy to fluidize and characterized by a homogenous fluidization regime where
the bed expands without bubbles formation before reaching the bubbling regime. Bubbles
generated in Geldart Group A particles present a maximum stable diameter even for large
fluidized beds. Particle weight is rather small and inter-particles forces can affect particle flow [2].
FCC catalyst is an example of Geldart Group A particles.

- Group B: Particles having larger diameter and/or larger density than Geldart Group A particles.
Bubbles are formed in the bed as soon as the minimum velocity of fluidization is reached. Inter-
particles forces are less dominant, the bubbles size is not limited and can reached the vessel bed
diameter. Large bubbles can be problematic in term of operation with slugging effects [2]. Sand is
an example of Geldart Group B particles.

- Group D: large and heavy particles, stable spouted beds can be easily formed with this group of
particles. In order to be fluidized beds of Geldart Group D, particles need very large quantities of
gas.

2.2 Regime of fluidization

Fluidization of gas-solid systems depends on the particles properties as discussed in Chapter 2.1.5, as well
as the fluidization gas velocity. Different regimes can be defined according to the flow structure observed
when increasing the superficial gas velocity as described in Figure I-8.
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Figure I-8 : Regime of fluidization

The different fluidization regimes are presented below, when increasing the superficial gas velocity, from
the fixed bed to the pneumatic transport regimes. The main flow characteristics are introduced for each
regime.

13
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2.2.1 Fixed bed and minimum of fluidization regime

In the fixed bed regime, particles do not move. The pressure drop through the bed can be calculated
according to the Ergun’s empirical equation presented below which takes into account the particle
sphericity factor. For small particles, the second term can be neglected compared to the first one and the
pressure drop thus increases linearly with the gas velocity.

AP 150(1—g,) g 175(1 — £,)pg
H @2 d? * Os exd, 7

2 Equation 5

The minimum of fluidization is then defined as the transition from fixed bed to homogeneous fluidization
regime, for Geldart Group A particles, and to bubbling regime for Group B particles. At the minimum of
fluidization, the pressure drop through the bed can therefore be calculated according to Ergun’s equation
as shown in Equation 6 and according to the Equation 7 which describes the pressure drop through a
fluidized bed where the mixture behaves as a liquid.

2
150(1 — 1.75(1 —
. = ( 3gmf) fo mf ( 3 gmf)pg mf2 EQUation 6
Hiny 0 €myr dp 03 €mr dp
AP .
H.. =9(pp — Pg)(l - Emf) Equation 7
mf

Equalizing Equation 6 and Equation 7, the minimum fluidization equation is obtained as shown in
Equation 8

AiRe} me+AsRe,, = Ar

with Equation 8
_ UmsPdppg _ (®dp)3pg(pp—pg) ] 175 _ 150(1—¢&my)
Repmr = P  Ar = .2 'Al_smf—30’A2_emf—3®2
The analytical solution of Equation 8 being:
2
Re = (ﬁ> Aar 4z Equation 9
pmf 24,) A, 24,

The unknowns of the analytical solution presented in Equation 9 are &, in the terms A and A2 and u;, s

in Re,, 1, r. Many authors have given empirical values for the coefficient A1 and A2 based on experimental
investigation as shown in Table I-1.
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Table I-1- Empirical values of A; and A> for minimum of fluidization conditions for Equation 9 [2]
Aq Az

Wen and Yu (1966) 33.7 |0.0408

Richardson (1971) 25.7 10.0365
Saxena and Vogel (1977) | 25.3 | 0.0571
Babu et al. (1978) 25.25 |0.0651
Grace (1982) 27.2 10.0408

Chitester et al. (1984) 28.7 10.0494

Values of A and A> differ according to the authors and the experiments used to set the data base. This
variation may be due to the discrepancy between experiments but also to the characteristic used for the
powder description with only a representative diameter. Indeed, Bruni et al. [46] demonstrated that the
fine content also influences the minimum fluidization velocity.

This first example illustrates the difficulty of characterizing experimentally basic parameters such as the
minimum of fluidization velocity where many parameters must be characterized and taken into account.

2.2.2 Bubbling and turbulent regimes

In the bubbling regime, bubbles are formed and rise through the so-called emulsion phase with a regular
frequency and burst at the top of the bed which has a stable and well defined level. The emulsion phase is
often considered as particles fluidized at the minimum fluidization conditions (eg=¢mf). The bubbling

regime is characterized with the bubbling velocity Um, with %H for Geldart Group A particles and
mf

%ﬂ for Geldart Group B particles. Abrahamsen and Geldart [47] proposed the correlation presented in

mb

Equation 10 for the ratio of % for Geldart Group A particles where F is the solid mass fraction of
mf
particles lower than 45 microns:

Unp 2300p8-126#2-523exp0.716F

Upg (@dpjsv)0-8g0'934(pp — pg)0934

Equation 10

Many studies have been carried out in order to characterize the bubbles size and velocity in fluidized beds
[2,48-52] with many correlations developed [34]. Darton et al. [5S0] proposed the correlation presented in
Equation 11 for bubbles growth based on a theory that bubbles tend to rise in preferred paths and that the
distance travelled by two neighboring bubbles coalescence is proportional to their lateral distance
separation.

0.8
1
_ 0.4 /_
0.54 (Usg — Upy) <Z t4 N) Equation 11

gO.Z

dy(z) =

- Where N is the number of holes per square meter of distributor.

The author found that the correlation worked quite well if the bubble size is not limited by the presence of
fine particles and therefore more applicable for Geldart Group B particles. Indeed, Werther [53] and
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Matsen [54] reported a stable bubble size for Geldart Group A particles. Geldart [55] proposed the
following correlation to compute the maximum stable bubble size:

2
*
Ve

dp_maximum = 2 3 Equation 12

Where: - dp maximum 18 the maximum stable bubble size
- V¢ is the terminal velocity of the a particle having the size of the PSD Sauter diameter
times 2.7
- g is the gravitational acceleration equals to 9.81 ms™>

Hilligart and Werther [49] proposed a correlation for the local average bubble rise velocity for Geldart
Group A and Group B particles presented in Equation 13 based on the assumption that all the gas which
is not in the emulsion phase flows under the form of bubbles.

up = @(Usg — umys) + 0.719y/ gd,
with

Equation 13
Group A: 9 = 3.2 D%33 for 0 <g <landd = 3.2 for% >1 quation

Group B: 9 = 2.0 D° for 0 <Z < 1 and § = 2.5 for=>1

In turbulent regime, bubbles are difficult to observe and the bed level is also hardly distinguishable. The
transition from the bubbling regime to the turbulent regime is often characterized by the gas velocity U.
defined as the velocity when the maximum pressure fluctuations through the bed are reached as shown in
Figure I-9. However, disagreement appears in the literature when defining turbulent fluidization, and
transport regimes [56]. Indeed, another characteristic velocity Uy is defined where the pressure
fluctuations of the bed reach a threshold as shown in Figure I-9. Yerushalmi et al. [S7] considered that the
turbulent regime starts from Uy while the most common approach proposed by Rhodes and Geldart
considered that turbulent regime occurs from Uc to Uk.
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Amplitude of Pressure fluctuations

v
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Figure I-9 : Transition between bubbling, turbulent, fast fluidization regimes according to Rhodes and
Geldart [56]
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Many correlations exist for the prediction of Uc and Uk [2]. Cai et al. [58] correlated the literature data
based on absolute pressure fluctuation and bed expansion measurements up to 1989 with the turbulent
Reynold number shown in Equation 14.

d,prU
(Re), = ”Z L7¢ = 0.57Ar046 Equation 14

g

Later on Bi and Grace [59] proposed another correlation presented in Equation 15. They also
demonstrated the influence of operating parameters, such as the bed level and solid cyclone return
configuration, as well as the measurement techniques on the experimental determination of U. and Ux
[59].

dyprU
(Re), = 22L7¢ = 1243410447
Hg Equation 15

for2 < Ar<1x 108

Issangya et al. [60] also demonstrated for FCC catalyst that the fines content, defined by the amount of
particles with a diameter lower than 40 microns, as well as bed level and internals influenced the pressure
fluctuations and therefore the determination of the turbulent regime. The explanation highlighted by the
authors was that high fines contents and internals had the tendency to mitigate the gas by-passing through
the bed and the pressure drop fluctuations were consequently reduced.

From bubbling to turbulent fluidization regime, the pressure drop through the bed can be expressed with
the bed average gas volume fraction as indicated in Equation 16:

AP

F = g(pp — pg)(l — Eg) Equation 16

Investigations were then carried out to predict the average gas volume fraction in a fluidized bed
according to the superficial gas velocity. For this purpose, King [61] developed an empirical correlation
for Geldart Group A particles for turbulent bed as shown in Equation 17.

L U+l

g = Uy + 2 Equation 17

However, as highlighted by Bi et al. [62] in their state of the art on turbulent fluidization, parameters such
as column diameter, fines content, internals in the bed clearly influence the hydrodynamic of turbulent
beds. Issangya et al. [63] also showed the influence of the dilute phase pressure on the bed gas
maldistribution. It is therefore difficult to develop predictive models including all these effects and
correlations are consequently connected to the experiment used to set them up.

Finally, some authors investigated the formation of particles clusters in turbulent fluidized beds. Cocco et
al. [44] studied the cluster formation in a dense and dilute part of a fluidized bed with polyethylene and
FCC particles having both a mean diameter around 70 microns. They observed visually the flow with a
high speed camera system (boroscope) inserted into the bed. For the polyethylene, they observed in the
dilute phase particles cluster with a mean size of 240 microns. The observation in the dense phase was
more difficult clusters being observed in the vicinity of gas bubbles. Concerning the FCC particles,
smaller clusters were observed in the dilute phase with some pictures of clusters around 100 microns. The
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authors proposed a mechanism for cluster formation where the granular temperature therefore the

collision between the particles needs to decrease in a certain range in order to let the inter-particle forces
act to form clusters.

2.2.3 Transport regime in a vertical upstream flow

Solid circulation in a CFB system is maintained through a circulation loop pressure balance. Figure I-10
gives an example of such a loop with solid circulating from a fluidized bed into a stand-pipe, a valve, then

a riser with a vertical upstream flow and finally through a cyclone where particles recovered fall back into
the fluidized bed.
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Figure I-10: Solid circulation loop pressure balance example

As shown in Figure I-10, there are parts in the circulating loop where pressure is recovered with an
increase of pressure in the direction of the circulation and parts with a loss of pressure with a decrease of

pressure in the direction of the circulation. The pressure balance in the loop can be written with Equation
18.

APriser cop=APpeq g + APstandpipe bed E-a — BPyarve asp — APcyclone 1-6 — AP termination D1 Equation 18

Where: - AP,ser c—p 1S the pressure drop in the vertical upflow riser

- APpe4 g 18 the pressure recovered in the bed and is equal to pggp X g X Hggp with pggp and
Hggp being the bed density and height

- APstandpipe bed E—a 18 the pressure recovered in the stand-pipe and is equal to psp X g X Hgp
with psp and Hgp being the stand-pipe density and height

- APy a1vE a—p 18 the pressure drop generated in the valve
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- APy ormination D—1 18 the pressure drop generated by the riser termination
- AP¢ycione 1-¢ 18 the pressure drop generated in the cyclone

From Equation 18 one can see that the maximum riser pressure drop is dependent on the circulating loop
characteristics and the pressure recovery in the bed and stand-pipe. The pressure recovery of these
elements being dependent on their height, a circulation loop with a high bed and stand-pipe length will
have a high pressure recovery and can consequently reach high riser pressure drop and therefore high
solid circulation rate. On the other hand, a circulating loop with a low pressure recovery will have a
limited solid circulation rate.

Figure I-11 describes qualitatively the particle vertical upflow conveying in a riser with the pressure drop
versus superficial gas velocity.
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Figure I-11 : Qualitative characterization of vertical upflow pneumatic conveying

In transport regime, the pressure drop increases with the solid flowrate carried by the gas. At high
velocity, the particles are transported in a dilute uniform type of flow. When decreasing the air velocity
for the same solid flowrate transported (from right to left on Figure 1-11), the solid volume fraction
increases in the riser while the pressure drop related to the wall friction decreases, the overall pressure
drop decreasing as shown in Figure I-11. At the choking velocity conditions, the suspension of gas and
particles becomes unstable, the pressure drop through the riser increases dramatically, and particles are
transported in a dense flow regime which can lead to slugging in some cases. Most of the studies carried
out in the literature have been done for dilute transport with gas velocities above the choking velocity.
Many correlations exist for the prediction of choking velocity [64]. Bi et al. [65] proposed the following
correlation for Geldart Group A and Group B particles:

U . Gs 0.542
Chocking _ 51 6 Ar°'1°5< _> Equation 19

A/ gdp Pc UChocking

It is interesting to point out that choking conditions are also connected to the pressure balance in the
circulation loop where the pressure recovery available limits the riser pressure drop and therefore the
solid circulation as explained above.

Bi et al. [65] then made a distinction between two types of transport regime with first the core-annular
dilute transport regime occurring at lower gas velocities and second the homogeneous dilute transport
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regime for higher gas velocities. The core-annulus regime [66,67] consists on the segregation of particles
into a dilute core and a denser annulus with lower particles velocity as shown in Figure I-12 .
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Figure I-12: Core-annulus structure in a riser

Bi et al. [65] proposed the following correlation as an attempt to estimate the transition between the core-
annulus and homogeneous dilute transport regimes:

-0.139
d

Gs 0.31 .
Uannutar to homogeneous = 10-1(gdp)0'347 (E) (ﬁ) Ar~0021 Equation 20

Karri and Knowlton [68] then put in evidence with experiments on a 20 cm diameter riser with FCC
catalyst that particles in the annulus region have a downward or upward velocity depending on the
superficial gas velocity and particles mass flux.

Concerning the pressure drop prediction in risers, Nieuwland et al. [69] proposed a one dimensional
model with Equation 21 which includes the sum of the following contributions :

- Pressure drops due to the acceleration of the gas and the particles.

- Pressure drops due to the friction of the gas and particles with the wall.

- Pressure drops due to the weight of the gas and particles.

ar (dP) N (dP) N (dP) 4 (dP)
dz dz Gas,Acc dz GasWeight dz Gas,Fric_wall dz Par,Acc

dP dP Equation 21
C ) )
dz Par ,Weight dz Par,Fric_wall

Using this approach, Rodrigues et al. [26] measured pressure profiles in a riser with Gerdart Group B
particles. They assumed that particles were accelerated in the fully developed flow region where the
pressure gradient versus height in the riser was constant. They then obtained the solid concentration in the
accelerated zone modeling the pressure drops due to the gas and particles wall friction through the
Fanning and Konno & Saito equations [69—71]. Finally, by discretizing the gas and particles momentum
equation in the riser, they managed to get local velocities and concentrations for both gas and particles.
They also obtained an expression of a one dimensional drag force between gas and particles depending on
the operating conditions.
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Patience et al. [72] in their study on scaling risers proposed the following correlation for the slip velocity
factor in the fully developed flow region defined as the ratio of the particles velocity over the gas velocity.

: Vs 5.6 0.41y-1 .
Slip factor = T = 1+ T + 0.47Fry %) Equation 22
g
With : - Fr: Froude number Ug/(gD)?>

- Fr¢: Froude number with particle terminal velocity Vi¢/(gD)%>
- V¢ Particle terminal velocity

They then claimed that this ratio is around 0.5 for FCC industrial risers with diameters in the order of the
meter.

Finally in their literature review, Cahyadi et al. [43] investigated the particles cluster formation
phenomenon in risers. They mentioned its influence on the riser hydrodynamic with cluster of particles
having a different interaction with the gas phase compared to single particles. They also demonstrated
that the experimental characterization of particles clusters formation is difficult with a result dependency
on the experimental set-up used. The question on the cluster consideration can then be raised when using
equation 22 since the cluster will have a different terminal velocity compared to single particles.

2.3 Entrainment of particles in fluidized bed

In turbulent regime, particles can be entrained with the gas out of the fluidized bed vessel. The flux of
particles entrained is referred as entrainment. The mechanism of entrainment is shown in Figure I-13.
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Figure I-13:Mechanism of entrainment in fluidized bed

Bubbles bursting at the bed level surface eject clouds of particles out of the bed into the dilute region.
Different mechanisms have been observed for the particles ejection out of the bed with particles being
ejected either by the roof or/and the wake of the bubbles as shown by Levy et al. [73]. Then in the dilute
region, particles are subjected to two forces, their weight and the drag force due the interaction with the
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gas. According to their size and potential cloud structure, particles can either fall back into the bed or
being transported with the gas. The particles concentration in the dilute region of the bed decreased with
the height until reaching a threshold where particles entrained do not fall back into the bed and are
therefore entrained. This height is called the Transport Disengaging Height (TDH).

The effect on entrainment of different parameters has been investigated. The most influencing parameters
are the particles properties and the superficial gas velocity. First, entrainment rate increases when
decreasing the particle size and density which can be directly explained by a force balance on one particle.
However, some authors found that entrainment rate can be decreased with the injection of fine particles
for fluidization of Geldart Group A particles. This phenomenon is explained by the formation of particle
clusters and it is discussed in Chapter 1I-2.4. The entrainment rate is then found increasing proportionally
with the gas velocity to a power generally between 2 to 4 [2]. Colakyan et al. and Tasirin et al. [74,75]
found no significant influence of the vessel diameter on the entrainment rate for bed diameters between
0.1 and 0.9 m with particles from Geldart Groups A and B. Choi et al. [76] found on their study on
fluidized bed combustors that the bed level did not have a strong influence as long as the vessel height
was above the TDH.

Different attempts were made to model entrainment [2,77,78]. One important parameter is the
determination of the TDH. Correlations can be found in the literature [2], Chan and Knowlton [79]
proposed from experiments with sand particles the correlation presented in Equation 23 taking into
account only the superficial gas velocity:

TDH = 0.85 Uy, %(7.33 — 1.2logUs,) Equation 23

Sciazko et al. [80] proposed a correlation based on particle and fluidized bed height presented in

H = 150(141-1 Rep Equation 24
T

With : -H fluidized bed height (m)
- Re,, particle Reynold number (p,Ugd,/|1s)
- Ar Archimede number pg(pe-pe)gdp’/ e >

Cahyadi et al. [81] demonstrated the high discrepancy obtained between 25 TDH correlations. The
authors pointed the lack of fundamental understanding of the TDH phenomenon and the dependency of
the empirical correlation on the experimental set up used to develop them.

The total entrainment rate above TDH is then modeled according to the entrainment rate per size of
particles, and it is defined with Equation 25

n
E, = Z xE” Equation 25
1

With: E,: total entrainment rate (kg/m?*/s)
x;: weight fraction of particles in fluidized bed having a diameter d,;
E°: entrainment rate of particles having a diameter dp; rate (kg/m?*/s)
n: number of classes of particle diameters in the fluidized bed
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Many correlations exist for the determination of E;°. Colakyan and Levenspiel [74] proposed the
correlation presented in Equation 26 based on experiments on Geldart Group A and Group B particles.

2
V.
E = 0.011p, <1 x i) Equation 26
Usg

Choi el al [82] proposed then a correlation based on a wider number of experiments including pressure
and temperature effects, it is presented in Equation 27 :

EPd 13.1 \° .
l# P = Ar®Sexp <6.92 — 2.11F3%3 — - 0_902> Equation 27
g

With : -k, = gdy(ps — pg) gravity force per projection area

U2 L
-F, =Ky 5 drag force per projection area
Yang [2] and Chew [83] listed many correlations of entrainment rate. These authors compared some of
the correlations with experimental data. A great discrepancy in the predicted entrainment was obtained
according to the correlation used. An important scatter was also observed in the experimental data
according to the authors. These comparisons clearly shows that entrainment modelling and experimental
characterization remains a challenging topic where the influence of many parameters such as fines
content, temperature, pressure, presence of internals are not clearly characterized and understood.

Finally, clustering effects on particle entrainment were also demonstrated. Geldart and Wong [84]
observed the reduction of the particles entrainment rate when injecting fine particles in a Geldart Group A
particles fluidized bed. The decrease was explained by the particles cluster formation due to the fines
injection, particles cluster having a higher weight than single particles and being less prone to be
entrained. Baeyens et al. [85] found similar results where the entrainment rate reached a threshold when
decreasing the bed particle size at a diameter between 25 and 40 um. Then as mentioned before, Cocco et
al. [44] observed clusters of particles with a boroscope in the dilute phase of a turbulent bed.

2.4 Effect of pressure and temperature

Most of the experimental studies to characterize circulating fluidized bed are carried out at ambient
conditions while industrial processes operate at elevated pressure and temperature. It is therefore
necessary to investigate the effect of these two parameters to transpose lab scale results to industrial
conditions.

The pressure and temperature affect the gas density and viscosity and therefore affect the interaction
between the gas and solid phases. The characteristic such as the minimum, bubbling and turbulent
velocities are therefore influenced, studies showing that the consequences are not identical for all particle
Geldart fluidization groups. Indeed, the Wen-Yu minimum fluidization correlation shows that viscosity is
the most influencing parameter for small particles while density is more influencing for large particles
[86]. Therefore, as described by Rowe et al. [87] pressure affects the minimum fluidization velocity for
particles higher than 100 microns so mostly Geldart Groups B and D particles. On the other hand,
temperature decreases the minimum fluidization velocity for small particles and increases it for large
particles. Pressure and temperature also affect the transition to the turbulent flow regime. Cai et al. [58]
showed with experiments using particles from Geldart Groups A and B with temperature and pressure
varying respectively from 50°C to 450°C and from 1 to 64 atmospheres that temperature increases and
pressure decreases the transition to the turbulent regime. Concerning the bed expansion, it was shown that
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pressure increases the dense phase voidage for Geldart Group A particles and had not influence for
Geldart Group B particles [86]. Botterill et al. [88] found that temperature increases the bed voidage in
the dense phase for all Geldart Groups except Group D.

Concerning the bubbles size, it was found that pressure decreases the bubble diameter for Geldart Group
A particles while it does not have any influence for Geldart Group B particles [2]. A possible explanation
is that more gas goes in the dense emulsion phase when increasing the pressure for Geldart Group A
particles and therefore less gas is available for bubbles.

The particles entrainment rate is also greatly affected with an increase of pressure and temperature.
Indeed, increasing the pressure and temperature leads to respectively a higher gas density and a higher gas
viscosity which leads to an increase of the drag force between the gas and particles and therefore
entrainment is increased. Chan and Knowlton [79] confirmed this mechanism with a significant increase
of the entrainment rate with the pressure increase while Findley and Knowlton [86] confirmed the
influence of the gas viscosity increase on entrainment.

Finally, Cui et al. [89] stated from their experiments on FCC catalyst at high temperature that particles
tested increasingly shift from typical Geldart Group A towards Geldart Group B with increasing
temperature due to a decrease of the inter-particle attractive forces and a simultaneous increase of inter-
particle repulsive forces.

3 Experimentation and measurement techniques

Experimental characterization of hydrodynamic phenomena is essential in a purpose of modeling for
process extrapolation. However multiphase flow in circulating fluidized beds are challenging to
characterize with heterogeneous non-stationary moving structures such as gas bubbles and moving
particles. The extent of work in the literature is extremely large with different regimes of fluidization
investigated with a wide range of solids using multiple experimental techniques. Werther et al. [90], Van
Ommen et al. [91], Yates et al. [92] published reviews on experimental techniques used for CFB
characterization.

The purpose of this chapter is to the discuss the different type of experimental techniques according to the
scale of interest with first the characterization of macro scale hydrodynamic descriptors such as bed level,
bed averaged gas volume fraction, and second the characterization of local parameters like gas and
particles voidage and velocities. The challenges related to local measurements are also highlighted.

3.1 Global hydrodynamic characterization

A first challenge when investigating CFB systems is their characterization at a global scale, where macro-
scale hydrodynamic descriptors are investigated.

The first and easy method to characterize the overall circulating fluidized beds hydrodynamic is flow
observations. It also important to point that such observations are most of the time carried out at ambient
conditions where the implementation of transparent walls is possible. Flow visualization can help
appreciating the bed hydrodynamic behavior through the different fluidization regimes transitions.
Interesting phenomena can be observed such as bubble bursting at the bed surface in bubbling regimes
[74], bed defluidization when interrupting the gas injection, the particles entrainment versus the gas
velocity increase, etc. Flow visualization therefore helps understanding the fluidized bed hydrodynamic
from a qualitative point of view and in some cases it can also confirm other measurements such as the bed
level.
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The most common experimental technique is then the use of pressure probes connected on the vessel wall
in order to measure the pressure drop generated by the flow. This robust and easy to implement technique
is used on industrial processes to follow global hydrodynamic parameters [90]. As described in Chapter
II-2, the time averaged pressure drop allows getting the bed expansion and the average gas volume
fraction in fluidized beds, it also allows distinguishing the acceleration and fully developed regions in
transport regime risers. The time analysis of the pressure drop signal allows getting useful information as
well. As mentioned before, the transition to the turbulent regime is measure with the peak of pressure
fluctuations. Issangya et al. [63] also demonstrated the detection of bed gas by-passing phenomenon
evaluating the bed pressure drop fluctuations. Pressure probes appears to be a robust and simple
measurement technique however some issues need to be faced when carrying out such measurements in
fluidized beds. Van Ommen et al. [91] reported the importance of pressure transducer dimensions in order
to avoid resonance effects. They also highlighted the issue of pressure ports plugging due to particles
infiltration and therefore the necessity of using a constant flush with a porous media to avoid particle
blockage. Bi et al. [59] then demonstrated the influence of such porous media with flushing systems on
the pressure fluctuations with a change of amplitude depending on the pressure drop generated by the
porous media. This type of issue illustrates the challenge of fluidized bed experimental characterization
where even measurements which appear to be easy to implement should be treated with great care.

Tracing is another technique for global hydrodynamic characterization. Tracer injection in a multiphase
flow reactor and its time evolution measurement at various locations allows studying the hydrodynamic
behavior of the phase traced. Once injected, the tracer evolution versus time is measured and it can then
be modeled with theoretical flow models (plug-flow, CSTR, dispersed plug flow, ...) which can also be
combined. Sane et al. [93] and Ege et al. [94] used this technique at laboratory scale in order to describe
the gas phase hydrodynamic in a respectively bubbling and turbulent fluidized bed. Gauthier et al. [1]
used radioactive tracing on an industrial FCC unit to characterize the gas hydrodynamic in a gas particles
separator. The authors pointed out the challenges related to the implementation of such a technique at
industrial scale with first the management of radioactive elements and second the careful implementation
of the probes in order to describe the gas flow in the best way. Indeed, tracing is a standard method
widely used in the chemical engineering field. However, its implementation in circulating fluidized bed is
challenging where the presence of particles and the relative short flow characteristic time bring to the use
of specific tracer injection and sampling methods.

Fluidized bed particles entrainment can also be characterized on a global hydrodynamic point of view.
For this purpose, the entrained flux of particles recovered into the cyclone is measured by momentarily
interrupting the particles return into the bed. Colakyan et al. [74] used a butterfly valve at the bottom of
the cyclone return dipleg to momentarily orientate the flux of recovered particles toward a weighting
scale. It is important which such technique to make sure that while interrupting the circulation of particles,
the bed level is not decreased significantly since it would directly affect the bed TDH and therefore the
entrainment flux itself. High entrainment fluxes are thus difficult to measure with this technique.

3.2 Local characterization

Global hydrodynamic descriptors such as bed level and density, entrainment, phase tracing descriptions
are essential for hydrodynamic modeling. However local CFB characterization has shown flow
heterogeneity with gradient of velocities and concentrations in fluidized beds and risers [1,26]. Therefore
for rigorous hydrodynamic modeling such as Computational Fluid Dynamic simulations where non-
stationary flows are simulated in three dimensions, local phase voidage and velocities are essential to
fully estimate the model validity.

Local measurements are generally complex for multiphasic CFB reactors. Indeed the flow opacity and the

non-stationary moving structures make the estimation of local parameters difficult. To tackle this
difficulty, advanced experimental techniques are used and can be split into two categories:
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- The invasive techniques where probes are inserted inside the flow. Measurements are often
carried out at different positions on a long period in order to have representative averaged values.
It is important to evaluate the probes invasiveness effects with such techniques. Cocco et al. [95]
discussed the effect of particles accumulation around an optical fiber probe in a riser transport
regime flow while Tebianian [96] showed that the fiber optical probe presence did not affect the
flow in a fluidized bed using X-Ray tomography.

- The non-invasive techniques where probes are located outside the flow with for example
tomography methods (Electrical Capacitance Tomography, X-ray Tomography).

Table I-2 present a non-exhaustive list of experimental techniques used for CFB local hydrodynamic
characterization. For more details, one can refer to the literature reviews on experimental techniques in
CFB mentioned above.

Table I-2— Local measurements techniques for CFB local hydrodynamic characterization

Technique Probe Measurements and principle
Measurement of gas/particles voidage and velocity.
Measurement of gas bubbles properties
Fiber optical
probes Based on the intensity signal measurement of a light source reflected

on particles, the light intensity being proportional to the solid
concentration [97]

Capacitance probe

Measurement of gas/particles voidage and velocity.
Measurement of gas bubbles properties

Invasive Based on the capacitance measurement between two closely space
electrodes, the signal intensity being proportional to the solid
concentration

Measurement of particles velocity
Boroscope
Based on high frequency imaging and image particle tracking
Measurement of local solid fluxes
Extraction probes
or isokinetic probes | Based on iso-kinetic sampling where the gas velocity at the tip of
the extraction probe is equal to the measured gas flow velocity
Measurement of gas/particles voidage. Measurement of gas
Electrical bubbles properties
tcoarfl il)(;rtz;ﬁ; Based on capacitange measurement between el‘ect.rodes locateFl
around the vessel with dynamic electrodes excitation and their
corresponding capacitance measurement with non-exited electrodes.
Non- Measurement of gas/particles voidage. Measurement of gas
) . bubbles properties
invasive | X-ray, Gamma Ray
tomography Based on the attenuation of a radioactive source signal located on
the opposite side of the signal detectors.
Measurement of particle velocity
Radioactive

Particle tracking

Based on the attenuation of moving radioactive particles measured
by detectors located outside of the vessel

26




CHAPTER I LITTERATURE REVIEW

All these techniques come with complex signal post-processing which depends on the theory behind the
experimental method but also on the calibration procedure [90-92]. Calibration is usually difficult for
CFB experiments where it is easy to calibrate probes for maximum solid concentration with a fixed
packed bed and for minimum solid concentration with an empty bed but where it is difficult to produce
controlled conditions of solid concentrations between these two configurations. For example, different
methods are used to calibrate optical fiber signals as reported by Dubrawski et al. [98] with some authors
calibrating their probe on a fixed bed mixture of particles of interest with black particles to mimic void,
others calibrating their probe in a stirred mixture of water and particles.

Then, for the same experimental technique, different methods are reported to obtain the hydrodynamic
parameter of interest. With tomography techniques, different image reconstruction algorithms can be
applied as reported by Van Ommen et al. [91]. With optical fiber probes, some authors used a direct
conversion from the probes signal to the particle volume fraction based on their calibration as reported by
Dubrawski et al. [98], on the other hand Schweitzer et al. [97] differentiated a bubble and an emulsion
region on a signal histogram to get the mean particle volume fraction.

Tebianian et al. [96] carried out an interesting comparison between different experimental techniques for
local particles voidage and velocity characterization in a fluidized bed of FCC and sand particles. They
used the following measurement techniques: pressure probe, optical fiber, electrical capacitance
tomography, X-Ray tomography and boroscope image analysis. They demonstrated that all techniques
gave rather good qualitative results with for example the same trends obtain when investigating the bed
voidage versus gas fluidization velocity. However the quantitative comparisons showed rather important
discrepancies especially when measuring particle velocities. This study clearly highlights the challenge of
measuring quantitatively local hydrodynamic parameters in CFBs, where results obtained should always
be treated carefully and where trends might be the most important result to look at when comparing
experimental data with models. Different authors reported the importance of connecting the measured
local hydrodynamic parameters with macro-scale descriptors with for example the comparison of
integrated radial profiles of gas volume fraction with the mean gas volume fraction obtained by pressure
probes measurements [97,99]. Herbert et al. [100] also compared the global solid flux in a downer
reactor with local particle concentration and velocity obtained with fiber optical probes. These types of
comparison allow checking the pertinence of local measurements.

4 Computational Fluid Dynamic for gas particles flow

From the two previous chapters, the reader can apprehend the challenge of characterizing fluidization
where local physical phenomena are difficult to apprehend and where correlative approaches are often
used. In this context, Computational Fluid Dynamic (CFD) tools became popular for multiphase chemical
engineering applications around 1990 with the work of Gidaspow et al. [101,102]. The authors indeed
demonstrated the potential of using a multidimensional fluid mechanic approach to better characterize
multiphase flows. CFD tools are nowadays used for the understanding and the characterization of CFB
hydrodynamic from particles to industrial scales [103,104]. Indeed with the improvement of
computational power, CFD tools allow characterizing flows in three dimensions on large scales taking
into account complex geometrical features such as distributors and internals. However, CFD modeling of
multiphase flow remains challenging with many developments on-going. The modeling of the key
gas/particles and particle/particles interactions remains complex and is a source of great interest where
models allowing predictions on a wide range of operating conditions have not yet been found. In this
context, many gas/particles and particles/particles interactions model are available, authors often
investigating these models predictions on a specified experiment with a rather narrow operating
conditions range.

This chapter first presents the different approaches available for the modeling of gas/particles flow with a
focus on the Euler/Euler and Multiphase Particle in Cell (MP-PIC) methods which are later on used in
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this PhD project. A discussion is then carried out on the main differences between these two approaches
followed by a focus on the different model available for gas/particles interactions.

F.Euzenat [104] summarized the different scales of gas /particles CFD investigations in an explicit sketch
presented in Figure I-14.
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Figure I-14:Multi scales simulations of gas/particles flow from F.Euzenat[104]

Three different scales are identified:

- First, the micro scale where the CFD flow resolution is made at the particle size level through the
so-called Direct Numerical Simulation (DNS). For this purpose, the mesh used to discretize the
geometry volume is smaller than the particles size as shown in Figure I-14. The gas phase is
considered continuous and resolved using an Eulerian approach. Particles are tracked individually
using a Lagrangian approach, particle-particle and particle-wall collisions are detected and
modeled with for example hard or soft sphere collisions models. No closure law is needed to
compute the interaction force between the gas and particles since the fine mesh allows integrating
this force over the particles surface. With the current computational power, this type of approach
allows simulating in the order of 10° particles [104].

- Second, the meso-scale where the flow resolution is made at a larger scale than the particle size
with a larger mesh as shown in Figure I-14. This approach is communally called CFD-DEM
method where similarly to the DNS approach gas i