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Résumé

Développement, modélisation et optimisation du procédé de séparation du CO 2 par contacteur membranaire: appliqué à la purification de l'hydrogène.

Le travail de thèse fait partie du projet Vitryhydrogène, qui a pour objectif la production durable d'hydrogène qualité mobilité par pyrolyse de biomasse. Cette thèse est plus particulièrement consacrée à une unité d'absorption gaz-liquide pour séparer le CO 2 du gaz de synthèse afin de produire de l'hydrogène de haute pureté en utilisant des contacteurs membranaires.

Le pilote construit à l'échelle du laboratoire comprend trois contacteurs membranaires à fibres creuses (HFMC): 1 pour l'absorption de CO 2 et 2 pour la régénération de l'absorbant. Dans les expériences initiales réalisées pour l'analyse de sensibilité, la pureté était toujours sous le seuil de 99% (teneur résiduelle en CO 2 > 1%) lorsque l'absorbant aqueux était régénéré. Pour lever cette limitation, un modèle théorique a d'abord été construit pour étudier les équilibres de CO 2 en phase liquide. Il a permis d'établir que les concentrations résiduelles de carbonate CO 2- 3 et de bicarbonate HCO - 3 dans l'absorbant régénéré maintiennent une teneur en CO 2 résiduelle supérieure à 1% dans le gaz produit. Fort de ce constat, une nouvelle approche de purification reposant sur la variation du pH a été proposée. Cette technique utilise une petite quantité d'acide et de base pour déplacer les équilibres acide-base, donc l'équilibre gaz-liquide aux étapes d'absorption et de dégazage.

Cette technologie brevetée permet d'atteindre une pureté de H 2 de 99,98 % et un rendement de 94 %.

Pour aller plus loin dans la conception, un modèle numérique prédictif incluant la dynamique du transfert de masse dans le contacteur a été développé et résolu en 1D. Le modèle a d'abord été optimisé et validé pour une absorption de CO 2 pur. Ensuite, une résistance supplémentaire a été ajoutée, ajustée puis validé en s'appuyant sur des données expérimentales. 

TABLE OF CONTENTS

Global hydrogen production technologies presented in net zero scenarios [5]. 

1

Scanning

Electron Microscope (SEM) images of hollow fiber membrane. . .

2.2a

Hollow membrane fiber.

2.2b

The porous surface of the membrane fiber.

2.3 Experimental setup for CO 2 absorption using series of membrane contactors.

2.4 Experimental lab bench: Gas regulation chassis. . . . . . . . . . . . . . . . .

2.4a

Gas regulation chassis: front view.

2.4b Gas regulation chassis: posterior view.

2.5 Experimental lab bench: Liquid regulation chassis. . . . . . . . . . . . . . . .

2.5a

Chassis which regulates pressure in the liquid circulation loop. 

Background and introduction

Problems of climate change and greenhouse gases are not news to us. Increasing energy demands has caused severe damages to our climate and ecosystems. One of the major causes behind climate change is carbon emissions. Burning coal and petroleum products can be held accountable for majority of the carbon emissions. In year 2018, the carbon emissions were estimated to be 33.5bn tons per year, which was 1.7 % more than the previous year [START_REF] Iea | The Future of Hydrogen[END_REF]. Although, it has decreased by 6% in 2020 due to the pandemic [2]. As a result, many countries including UK, Denmark, Norway and Finland have planned to cut their carbon emission to "net zero" by the year 2050. French government is also planning to replace the previous bill (which targeted 75% reductions in carbon emissions until 2050) by net zero carbon emission by 2050 under draft energy and climate bill. These ambitious goals of decarbonization requires strict measures.

Increase in population and soaring industrialization demand huge amount of energy.

Although, the use of renewable and clean fuels is increasing; the optimal and economic production of clean fuel is still under progress [3]. Figure 1 shows energy demand is increasing over the period of time. Through the figure it is also evident that non-renewable energy sources are much more used as opposed to their growth. To help the transition in transportation sector, the fuel cell technology has taken a huge leap in automotive industry. Fuel cell tolerates low impurities (such as CO 2 , CO, H 2 S, hydrocarbons, etc). According to ISO 14687:2019 standard, the total impurities should not exceed 300 ppm (hence H 2 purity should be >99.97%) [START_REF] Du | A Review of Hydrogen Purification Technologies for Fuel Cell Vehicles[END_REF].
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In the view of these challenges, Vitryhydrogène project was conceptualized. The project is aimed at sustainable production of local and renewable hydrogen from for industrial use and mobility. As a part of this project, Haffner Energy (partner of this project) has built one of its kind gasification process called HYNOCA®. The main objective is to recover combustible gases (such as hydrogen) and biochar from solid biomass. The biochar will then be used in power-plant to produce electricity. The resulting syngas is then upgraded (water gas shift) and purified (to remove impurities). After enriching the gas in H 2 , the second largest constituent of the gas is CO 2 . Hence a need was felt for a separation technology which could operate at small scale at local farms and is also cost effective.

This PhD work is therefore set to built an innovative, robust, modular and cost-effective separation process to deliver high purity H 2 (>99.97%)

Organization of the thesis

This manuscript is divided in 5 chapters explaining the routes taken to better explain the process dynamics.

Chapter 1 justifies the conceptualization of this PhD work. First, the chapter, presents the key attributes of hydrogen and moves on to the pre-existing production technologies.

Hydrogen when produced from gasification of biomass is always associated with carbon dioxide. And hence, global overview of CO 2 absorption technologies are presented to advocate the choice of membrane contactors. Finally, the chapter ends with an elaborate gathering of literature focused on experimental and numerical contributions.

Chapter 2 presents a detailed structure of the lab-scale pilot featuring gas-liquid absorption using HFMC, which was used in all the experimental work carried out for this thesis. First, the chapter recites the goal and desired output of the process justifying the conception of the pilot architecture. After a thorough introduction of the HMFC module, the instruments and equipments used to build this robust process were evinced. Finally, the chapter concludes with the effect of general operating conditions, hence a sensitivity analysis of the pilot to reveal a mass transfer limitation.

Chapter 3 investigated the mass transfer limitation spotted in the previous chapter by the means of a comprehensive theoretical model. Following, novel technique was introduced to overcome the purity limitation with minimal use of energy and chemicals.

GENERAL INTRODUCTION

Later, the outcomes of this theoretical model were supported and upheld with the help of experimental work. Lastly, the results from this patent technique is exhibited to reveal that the initial goal of the project was achieved. The highest purity achieved the novel process was 99.98% (for H 2 ).

Chapter 4 is dedicated toward developing a simple 1-D numerical model which would allow prediction of gas-liquid mass transfer inside the hollow fiber membrane contactor (HFMC). The chapter further describes the simplification of geometry followed by numerical equations and calculation of mass transfer coefficients. The model was tuned for pure and mixed gas cases and then validated against literature and in-house data. Finally all the results and the findings of this work are wound up at the end of the manuscript in general conclusion. The goals and objectives of the study were recited and seen to be fulfilled. Moreover, a few perspective studies could be drawn from this work. 

Preface to the chapter

This chapter presents the background and introduction of the overall research flow of the thesis. The chapter starts with explaining the need for alternative energy resources, justifying the hydrogen bloom in the industry. The introduction is then followed by describing the source, properties, and uses of hydrogen gas. Subsequently, CO 2 absorption in liquid phase and the role of membrane contactor is discussed along with its morphology and working. Finally, the chapter ends with an elaborate gathering of literature focused on experimental and numerical contributions.

Hydrogen as a energy vector

Hydrogen seems to be getting more and more popular for past few decades as a energy vector. With its capacity of storing large amounts of energy, hydrogen has a potential of becoming a key energy vector for mobility, electricity grids and industrial processes.

First hydrogen powered car dates back to 1807. Later, several designs of hydrogen fueled car were introduced. In 1966, General Motors introduced first fuel cell passenger vehicle to run on hydrogen. Hydrogen when burnt with oxygen produces clean energy. But it is not safe to say that hydrogen is completely clean fuel; as it depends upon how it is produced. For now, hydrogen is widely produced from fossil fuels for a variety of applications (to make fertilizers, oil refining, etc.). Carbon emissions from such hydrogen production methods do not make hydrogen "clean". On contrary, hydrogen produced from biomass thermo-chemical conversion has low environmental impact (in terms of carbon emissions) as it is produced renewable carbon/atmospheric carbon dioxyde stored in plants by photosynthesis.

Excluding the production process, hydrogen has many advantages over conventional fossil fuels. Unlike fossil fuel, it does not emit COx, SOx, NOx, soot and ash as a product of combustion [START_REF] Veziroglu | Hydrogen: The wonder fuel[END_REF]. From a physical point of view, hydrogen has very high energy content (122 MJ/kg) [START_REF] Bakonyi | Biohydrogen purification using a commercial polyimide membrane module: Studying the effects of some process variables[END_REF]. Being a versatile fuel, it can be converted into energy by number ways : flame combustion, direct conversion into steam through catalytic combustion, chemical reactions and conversion into electricity from electrochemical processes [START_REF] Jain | Hydrogen the fuel for 21st century[END_REF].
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As mentioned, hydrogen could be burned to produce energy, especially when it is not economical to purify it. But most common application would be fuel cells. Safety is a utmost priority when handling hydrogen. Hydrogen has narrow ignition limit, higher ignition temperature and ignition energy which makes it safer. But when we compare other factors such as density, explosive energy, flame temperature (as listed in table 1.1 to conventional fuels, hydrogen scores low on safety chart. Table 1.1 compares the characteristics related to fire hazard of Gasoline and Methane and Hydrogen. Over the last decade there has been a significant advancement on hydrogen safety engineering. But a knowledge gap still exists regarding safe transport and storage of hydrogen [START_REF] Messaoudani | Hazards, safety and knowledge gaps on hydrogen transmission via natural gas grid: A critical review[END_REF].

Characteristics and production

Hydrogen is third largest existing element in the universe (based on mass fraction). But it is difficult to find hydrogen in free state as it is always bound with other elements. Hence, it is necessary to produce hydrogen from other compounds making it secondary source of fuel (figure 1.1) [START_REF] Brown | A comparative study of fuels for on-board hydrogen production for fuel-cell-powered automobiles[END_REF]. Hydrogen can be produced from numerous processes. For example, pyrolysis, steam gasification, biologically assisted phytolysis, electrolysis of water.

Figure 1.1:

Hydrogen production methods and primary energy sources [START_REF] Seelam | Overview on recent developments on hydrogen energy: Production, catalysis, and sustainability[END_REF].

Right now, most of the hydrogen is produced from steam reforming of light hydrocarbons (equation (i)). Although this method is fairly economic, it yields CO 2 as a by-product. This process could be followed by sequestration (capture and storage) so as to limit it from causing more pollution. However, CO 2 sequestration is yet to be scientifically evolved [START_REF] Yang | Progress in carbon dioxide separation and capture: A review[END_REF].

CH 4 + H 2 O CO + 3H 2 (i)
Hydrogen can also be produced by electrolysis, high-temperature decomposition or photo-electrolysis of water. But these processes require high amount of energy and are not economically favorable when compared to the production from fossil fuel [START_REF] Edwards | Hydrogen and fuel cells: Towards a sustainable energy future[END_REF] (except to CHAPTER 1. STATE OF THE ART store electricity which would be lost anyways). It is an established zero (pseudo) emissions technology with oxygen as byproduct. Efficiency of this technology is 60-80% but the operating cost is 10.30 $/kg of hydrogen [START_REF] Kumar | Hydrogen production by PEM water electrolysis -A review[END_REF].

Other greener ways to produce hydrogen is from degradation of organic matter by anaerobic digestion [START_REF] Shalygin | Membrane recovery of hydrogen from gaseous mixtures of biogenic and technogenic origin[END_REF]. The efficiency of dark fermentation is 60-80% and the cost is 2.57 $/kg [START_REF] Kumar | Hydrogen production by PEM water electrolysis -A review[END_REF]. Hydrogen can also be produced from pyrolysis or gasification of biomass and municipal solid waste. Although this is a promising route, the operating cost is higher than steam reforming of hydrocarbons [START_REF] Edwards | Hydrogen and fuel cells: Towards a sustainable energy future[END_REF].

Utilization

Hydrogen is very versatile element and has number of industrial applications based on its • Hydrogen in refining industry: This is the most common application of hydrogen often used in petroleum and chemical industries. Hydrocracking of larger hydrocarbons into smaller hydrocarbon is a common practice. Hydrogen can be reacted to saturate a molecule in order to eliminate impurities like sulfur or nitrogen, this is called hydroprocessing. Hydrogen is also used to produce petroleum chemicals such as methanol, butyraldehyde, acetic acid, butanediol, tetrahydrofuran anhydride, hexamethylene diamine, cyclohexane, etc [START_REF] Ramachandran | An overview of industrial uses of hydrogen[END_REF].

Another example of the hydrogen application in refining industry is hydrogenation of oils and fats. As mentioned earlier, hydrogen is used to increase H/C ratio.

• Hydrogen for ammonia production: As of 2020, ammonia production has second largest demand for hydrogen [5]. Ammonia production typically starts with cleaning and conversion of natural gas or Liquid Petroleum Gas (LPG) into hydrogen [START_REF] Twigg | Catalyst Handbook[END_REF].

Further, to produce the end-product, the hydrogen is then reacted catalytically with nitrogen to form anhydrous liquid ammonia (equation (ii)). This process is known as Haber-Bosch process or the ammonia synthesis loop. Most of the ammonia produced in used for the fertilizer industry. Ammonia is also used as a refrigerant gas, to manufacture explosives, textiles, plastics, etc. Hydrogen is used to scavenge the excess oxygen below to 100 ppb in order to avoid the adverse. Likewise, hydrogen is also used in nuclear industry in Pressure Water Reactors.

• Hydrogen as Fuel: Liquid hydrogen and oxygen mixture has been used as propellant for space applications for a long time. This mixture provides highest amount of energy per unit of weight. Hydrogen has also been tested as conventional automotive fuel.

But there is huge problem of storage and transportation [START_REF] Edwards | Hydrogen and fuel cells: Towards a sustainable energy future[END_REF].

Many researchers have been working on fuel cells for few decades now. Fuel cells could be used in variety of applications including transportation. But, it is an emerging technology which still needs to be perfected (in terms of cost and reliability).

CHAPTER 1. STATE OF THE ART Hydrogen powered fuel cells are advantageous in many ways. For example, hydrogen powered fuel cells emit just water as a by-product. As a result, there is no direct pollution. Also, it is twice as much efficient than internal combustion engines plus it operates at lower temperatures. There are variety of fuel cells, all dedicated to different applications. But they all share same basic design-cathode, anode and solid or liquid electrolyte. Hydrogen and air are fed at the electrodes and electrochemical reactions happen with the help of catalyst at the electrodes. The electrolyte between these two electrodes facilitate transport of ions, and electrons flow through outer circuit to produce electrical energy (figure 1.3).

Figure 1.3: Graphical illustration of a typical hydrogen fuel cell.

There are two main types of electrolytes used in the fuel cells depending upon the application. The electrolyte could be liquid (acid, base, salt solutions) or solid (ceramic or polymeric membranes). Proton exchange membrane fuel cells (PEMFCs) use polymeric membrane as an electrolyte situated between two electrodes. This type of membrane cell provides high power density as compared to other fuel cell system.

Major drawbacks for this process is that, it requires expensive catalyst (platinum) and very high purity hydrogen. Researchers are actively working on perfecting the PEMFCs as it is most favored candidate for automotiv applications [START_REF] Edwards | Hydrogen and fuel cells: Towards a sustainable energy future[END_REF].

The Vitryhydrogène project

The sustainable production of hydrogen abiding to the environmental regulations is a major challenge. The Vitryhydrogène project responds to this challenge: to produce local and renewable hydrogen from biomass for industrial use and mobility.

Objective of the Project: It aims to the design and development of the process named "HYNOCA®". This process involves pyrolysis and pyrogasification of biomass, followed by purification and enrichment steps to produce highly pure hydrogen. This process must satisfy both technological (purity of hydrogen >99.997%) and economical goals (cost less than 8€/ kg H 2 ). This will address the various needs of hydrogen in industrial and mobility sector. Developing a on site demonstration of the fully functional process providing hydrogen at the rate of 5 kg/h is also one of the objectives.

Responsibilities:

The stretch of this project is 42 months accomplishing R&D, engineering and construction of the onsite process unit. Different bits of this project have been assigned to independent organizations. The production of the raw gas and optimization of this process is handled by HAFFNER ENERGY. This process is followed by enrichment and purification steps developed by CentraleSupélec. Expected results and benefits: This project is expected to launch a new wave of innovation dedicated to sustainable energy. This project will also demonstrate successful economic production of local hydrogen useful for industrial and transportation uses. Thus, contributing to the acceleration of the dynamics of these markets. Reductions in green house gas emissions is one the major benefits of this process.
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Applications:

The hydrogen produced from this process is expected to be used in usual industrial applications and most importantly, majority of it would be used for transportation (to fuel vehicles) [START_REF] Ademe | VITRHYDROGENE Procédé de production d'Hydrogène à partir de biomasse[END_REF].

1.5 Syngas

Production

The most common way of producing syngas is from gasification of coal followed by steam reforming and partial oxidation of light hydrocarbons and petroleum fractions. Syngas can also be produced by thermal gasification of solid biomass.

Gasification thermochemically converts solid biomass into gas phase mixture of carbon dioxide, carbon monoxide, methane, hydrogen and other aromatic compounds.

Gasification of solid biomass is achieved by heating it to high temperatures (500-900°C).

Based on the way the heat is provided and gasifying agent used, gasification can be distinguished into three major types:

1. Direct heating: In direct gasification, gasifying agent burns with feedstock providing that heat needed for gasification.

2. Air gasification: This is achieved by reacting the biomass with air or oxygen at high temperatures (>700°C ). Air gasification produces syngas which is rich in nitrogen (50-65%) and low calorific value. Gasification in presence of oxygen yields high calorific value syngas.

3. Indirect heating: In indirect gasifier, heat is produced and provided from outside the gasifier. The gasification and combustion happens in different reactors, while mass and heat being transferred between them. Indirect gasification yields high fuel conversion and process optimization. Furthermore, in indirect gasification the combustion products (flue gas) and syngas are not mixed, and so it is not diluted with N 2 coming from the air used for combustion. This enables us to use the gasification product for synthesis applications after proper cleaning and upgrading without the need for an expensive air separation unit [START_REF] Aranda | Comparing direct and indirect fluidized bed gasification: Effect of redox cycle on olivine activity[END_REF].
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In the framework of Vitryhydrogène project, HAFFNER ENERGY uses its own in-house process to convert solid biomass into hyper-gas (HYNOCA ® process). This raw gas must be cleaned and conditioned before purification step.

Conditioning

Depending upon the application, syngas obtained from gasification do not necessarily possesses qualities of fuel and hence additional conditioning is required. Removal of impurities could be done by number of ways, like physical separation or scrubbing by organic/aqueous solution. These technologies are not efficient as they involve heating/cooling/degassing steps. Also in liquid scrubbing, large amount of liquid waste is generated which requires treatment afterwards. So to remove tar or dust impurities, catalytic gas clean-up seems to be an efficient way as it does not require high temperatures (operates at same temperature as gasifier) or create any liquid waste. Furthermore an activated carbon bed could be used to remove volatile organic compounds (benzene, toulene, ethylbenzene and xylene). To reduce the amount of H 2 S in the gas, it could be passed through zinc-oxide bed. Hydrogen separation is tedious as it is almost always is in the form of mixture with other gasses such as CO 2 . Hydrogen enriched syngas could be obtained by water-gas shift reaction (equation (iii)) [START_REF] Yung | Review of Catalytic Conditioning of Biomass-Derived Syngas[END_REF].

CO + H 2 O CO 2 + H 2 ∆ H = -41 kJ mol -1 (iii)

Composition

Syngas (also known as synthesis gas) is a mixture of hydrogen, carbon monoxide, carbon dioxide, methane and trace amounts of some higher hydrocarbons and various contaminants could be found. Some of the contaminants include tar, sulfur, chlorine, nitrogen oxides, alkali metals and particulates [START_REF] Göransson | Review of syngas production via biomass DFBGs[END_REF]. In the framework of Vitryhydrogène, the composition of syngas at different treatment stages is shown in Table 1.2. Syngas composition varies according to the raw feed used in production.

After water gas shift reaction, the major component left in the syngas is CO 2 , which must be separated. [START_REF] Olajire | CO2 capture and separation technologies for end-of-pipe applications -A review[END_REF].

Adsorption

Adsorption is the process in which, gas or liquid molecules attach themselves to a solid structure. This attachment could be physical or chemical. For the CO 2 separation, gas stream including CO 2 is passed over a solid adsorbent (zeolite or charcoal) which selectively adsorbs CO 2 . This adsorption phase is followed by desorption (regeneration) process. This process is performed through pressure swing adsorption or temperature swing adsorption.

Adsorption relies upon the thermodynamic properties of the gas molecules under study.

Two different separation principles can be observed: kinetic selectivity with molecular sieves and thermodynamic selectivity with equilibrium adsorption. This process is known for its low energy requirements and cost effectiveness [START_REF] Gomes | Pressure swing adsorption for carbon dioxide sequestration from exhaust gases[END_REF]. Also, there are few drawbacks [START_REF] Allam | Capture of CO[END_REF] of this technology which are specific investment cost, especially for the small installation units, and replacement of expensive solid adsorbents.

Chemical absorption

Chemical absorption or reactive absorption implies a chemical reaction between the substance being absorbed and the liquid absorbing medium. Since CO 2 is acidic in nature, its absorption takes place through acido-basic reactions with a basic absorbent. The CO 2 to be absorbed forms a weak chemical bond with active chemical sites of the liquid adsorbent so that the weak bond could be broken while regeneration of the solvent (by heat and/or reducing pressure). Amines are the most common and widespread chemical absorbent.

Amine absorption/stripping technology has been commercialized and is being used in natural gas industry for over 60 years. Generally, this process is carried out in absorption packed column; where gas is bubbled through the packed absorber filled with amines.

Later, the solvent is passed through a regeneration unit where CO 2 is stripped off at high temperature (100-200 °C). The lean solvent is then cooled down (10-65 °C), recirculated back to the absorber. Similarly, aqueous ammonia is also used for acid gas (CO 2 , SO x , NO x ) removal from flue gasses. Also aqueous ammonia has high CO 2 loading capacity, shows no degradation, and has low cost as compared to typical amines. But the biggest disadvantage is that, aq. ammonia cannot be regenerated, it gets consumed during the process producing ammonium nitrates and sulfates.

Another method for capture is dual-alkali absorption. This process make use of ammonia (primary alkali) as a catalyst for CO 2 and sodium chloride reaction to produce sodium carbonate. Usually a secondary alkali such as limestone is used to regenerate the ammonia.

The major drawback of this process is limestone consumption.

Physical absorption

Physical absorption of gas in a solvent takes place on the basis of Henry's law. this is already in compressed form so that it could be easily stored or sequestered. The main bottle-neck with the practicality of this technology is high energy consumption (because of refrigeration cycles) [START_REF] Yousef | New approach for biogas purification using cryogenic separation and distillation process for CO2 capture[END_REF].

Membrane technology

Principally, gas permeation membrane allows certain gas to pass preferentially to other gas/gasses in the mixture of feed. This is due to the higher diffusivity of certain components, thanks to their molecular size or physico-chemical properties. The phenomenon is explained very well in figure 1.5. The feed gas is divided into two streams, namely permeate and retentate, usually separated by a selective membrane [29][30]. The driving force for the permeate is also achieved by the difference of pressures at both sides of the membrane.

Usually, the feed is pressurized and the permeate side is maintained at atmospheric or lower pressure. Dense and micro porous membranes are used to gain separation by diffusion and adsorption. Membranes could be in different configurations such as spiral wound and hollow fiber to maximize the surface area for the applications of CO 2 removal [START_REF]Fundamental Modeling of membrane systems[END_REF].

Another type of membrane separation is Supported Liquid Membrane (SLM). SLMs corresponds to the porous membranes with liquid trapped in the pores (by capillary action). Although is adapted for gas separation, its main disadvantage is liquid stability in the membrane pores [START_REF]Fundamental Modeling of membrane systems[END_REF]. CHAPTER 1. STATE OF THE ART Dense membranes are as popular as porous membranes. The gaseous molecules penetrate the dense layer by diffusion due to pressure or concentration difference. The dense membrane could be in the form of homogeneous layer or as selective dense layer over porous support [START_REF] Bazzarelli | Dense Membranes[END_REF]. Interestingly, there is a trade-off between permeability and selectivity of the membrane.

Membrane contactors has several advantages over conventional absorption processes:

clear separation of gas and liquid, high contact surface area, lower environmental impact, light weight, compact, and easy scale-up [33][34]. Due to these advantages, it makes an attractive choice for CO 2 capture processes. This is further elaborated in section 1. Ease of operation High reliability

Hollow fiber membrane contactors (HFMC)

HFMC is a device which enables fluid/fluid contact without dispersion of one phase within other [START_REF] Gabelman | Hollow fiber membrane contactors[END_REF]. Mass transfer between the phases is driven by the gap in the equilibrium chemistry of each phase [START_REF] Scott | ABSORPTION, DESORPTION AND EXTRACTION WITH MEMBRANES[END_REF].

Advantages

• Interfacial area of membrane contactors remains constant and hence scale up of the process becomes easier [36][33]. Scaling up of membrane contactor is relatively CHAPTER 1. STATE OF THE ART straightforward. Performance can be easily predicted if additional modules are added to the system.

• The two phases flow separately (on shell side and in lumen). Hence gas and liquid velocity and pressure can be manipulated differently. Unlike typical packed bed absorbers, where we face the problems of channeling, foaming, flooding and entrainment.

• Hollow fiber membrane contactor are less energy consuming due to its compact nature and higher surface area of contact [37][34]. The liquid absorbent does not need to de-pressurized during the degassing steps, which saves energy.

• It supports wide operating conditions with low absorbent holdup [START_REF] Gabelman | Hollow fiber membrane contactors[END_REF].

• Performance prediction is easier as interfacial area does not change. One the other hand, in spray column or bubble column, interfacial area highly depends upon droplet size/bubble size distribution. That means, interfacial area is indirectly dependent upon the operating conditions.

Disadvantages

• Porous membranes in HFMC are susceptible to membrane wetting problems. A a result, there is decrease in CO 2 removal efficiency. One way to avoid pore wetting is to coat porous media with dense layer which is completely impermeable to liquid.

This dense layer should also be neutral to both liquid and gas [START_REF] Chabanon | Study of an innovative gas-liquid contactor for CO2 absorption[END_REF]. But most of the times, there is a added membrane resistance which is insignificant as compared to liquid resistance and large interfacial area for mass transfer [START_REF] Cui | Part 7: A review of CO 2 capture using hollow fiber membrane contactors[END_REF].

• Flow is mainly laminar throughout the membrane due to small channels. Therefore there is no added advantage of turbulence in liquid phase [START_REF] Li | Review of CO2 absorption using chemical solvents in hollow fiber membrane contactors[END_REF].

• Membrane contactors are susceptible to fouling. This problem is faced more by pressure driven systems rather than concentration-driven systems.

• Membrane contactors have fixed lifespan and cost of replacement should be taken into account. Although, there are no evidence in literature quantifying the lifespan of membrane contactors.
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• The adhesive that holds the fibers together is sensitive to organic solvents.

But, often the disadvantage listed can be overlooked because of its advantages. And this is why membrane contactors has many diverse attractive applications.

Module designs

In HFMC, the mass transfer is widely limited by liquid phase resistance (mainly in physical easy to manufacture and dynamics of the system is well-known. But, at the same, time it can only provide moderate efficiency when it comes to mass transfer [START_REF] Mavroudi | Effect of Flow Configuration on the Performance of Gas-liquid Membrane Contactor[END_REF]. This could be improved by addition of baffles which will induce partial cross flow across the fibers. Baffles minimize shell-side bypass and subsequently increases overall mass coefficient in the contactor [START_REF] Li | Review of CO2 absorption using chemical solvents in hollow fiber membrane contactors[END_REF]. Sengupta et al., 1998 [39] has stated advantages of this 

Working principle

Liquid Considering the membrane pores are dry, the gas and liquid phases establish the contact at the pore entrance. And the gas of interest is absorbed into the liquid phase based on their selectivity.

The flow of fluids in lumen and shell side could be parallel or counter-current flow.

Research has shown that, counter-current flow is more productive than co-current flow [START_REF] Cui | Part 7: A review of CO 2 capture using hollow fiber membrane contactors[END_REF]. 

Choice of membrane materials

Synthetic polymeric membranes are most commonly used in separation industry. Their characteristics are easily controlled and catered according to the given application [START_REF] Sonawane | Nanomaterials for membrane synthesis: Introduction, mechanism, and challenges for wastewater treatment[END_REF].

It is very easy to control the pore size and selectivity during the manufacturing process.

Generally, materials used to fabricate hydrophobic membranes are Polypropylene (PP), polyvinylidenefluoride (PVDF), polyacrylonitrile (PAN), Cellulose acetate (CA) and polytetrafluoroethylene (PTFE). The choice of the membrane material for CO 2 principally depends on the following characteristics:

• Membrane material should be compatibility with gas and liquid phase to avoid membrane fouling.

• Since the membrane thickness in the HFMC is low, it should be able to withstand high trans-membrane pressure.

• The membrane should be hydrophobic to minimize wetting of the membrane pores.

According to literature, PTFE has better performance since it is more hydrophobic than PP and PVDF [START_REF] Tantikhajorngosol | Physical absorption of CO2 and H2S from synthetic biogas REFERENCES at elevated pressures using hollow fiber membrane contactors: The effects of Henry's constants and gas diffusivities[END_REF], which is a desired quality to reduce pore wetting. In association polytetrafluoroethylene (PTFE) maintain their performance over period of time unlike polypropylene membranes [START_REF] Keshavarz | Analysis of CO2 separation and simulation of a partially wetted hollow fiber membrane contactor[END_REF]. Abdolahi-Mansoorkhani et al., 2020 [START_REF] Abdolahi-Mansoorkhani | CO2 capture by modified hollow fiber membrane contactor: Numerical study on membrane structure and membrane wettability[END_REF] demonstrated that addition of montmorillonite nanoparticles to PVDF membrane structure could increase the efficiency of the system in terms of CO 2 removal.

Absorbents of acid gas removal

All the widely used absorbents can be broadly fitted into following categories:

• Water:

Water is the most commonly used physical absorbent. Not only it is widely available, but it is also non-toxic and compatible with various membrane polymers. Not to mention, it is cost efficient and environment friendly which is why it is studied by many authors [START_REF] Park | Biogas upgrading using membrane contactor process: Pressure-cascaded stripping configuration[END_REF]. Physical absorption implies that the gas phase is physically dissolved in the liquid (obeying Henry's law). When dissolved in water, CO 2 forms a unstable weak acid (carbonic acid H 2 CO 3 ) causing decrease in pH level in water. It is due to hydrogen ions that pH of the water drops after absorption of CO 2 .

CO 2 + H 2 O H 2 CO 3 (iv) H 2 CO 3 H + + HCO - 3 (v) HCO - 3 H + + CO 2- 3 (vi)
• Organic solvents:

A great alternative to water are organic solvents such as methanol [START_REF] Chang | The solubility of carbon dioxide in organic solvents at elevated pressures[END_REF]. Organic solvents are superior in terms of solubility of acid gases but they have very low surface tension (with smaller contact angles) which increases the risk of membrane pore wetting. Its compatibility with polymers is questionable and high viscosity makes it less desirable choice of solvent when using HFMC.

• Ionic solvents: CHAPTER 1. STATE OF THE ART Due to its attractive properties, ionic liquids (ILs) are well-advised as promising solvent when gas absorptions are considered. Some of the these properties include low or negligible vapor pressure, broad liquid range, and high chemical/thermal stability. More significantly, the thermodynamic and physico-chemical properties of ILs can be modified to have desired combination of cation, anion, and substitution groups to meet specific requirements in different tasks [START_REF] Wang | Computer-Aided Design of Ionic Liquids as Absorbent for Gas Separation Exemplified by CO2 Capture Cases[END_REF]. Ionic liquids seems to have piqued interest due to their absorption performance. However, due to their toxic nature they remain unpopular [START_REF] Hafeez | CO2 capture using membrane contactors: A systematic literature review[END_REF].

• Mineral salt solutions:

As first observed in biology, solubility of the proteins is affected by the amount of salt in the aqueous medium. At low salt concentrations, the solubility of protein increases with addition of salt causing 'salting-in' effect. But when the salt concentration is very high it tends to decrease the solubility of the proteins and precipitation of the proteins. This is called salting-out effect. The strength of anions and cations in terms of their salting-out ability is given by Hofmeister series [START_REF] Hofmeister | Zur Lehre von der Wirkung der Salze: Zweite Mittheilung[END_REF]:

F -≈ SO 2- 4 >H 2 PO - 4 >acetate>Cl ->NO - 3 >Br ->ClO - 3 >I ->ClO - 4 >SCN - (vii) NH + 4 >K + >Na + >Li + >Mg 2+ >Ca 2+ >guanidinium (viii)
The same effect applies to other gaseous solutes like CO 2 , CH 4 , N 2 , etc. To predict the solubility of the gases into salt solution, an empirical equation was proposed by Setschenow, 1889 [START_REF] Setschenow | Über die Konstitution der Salzlösungen auf Grund ihres Verhaltens zu Kohlensäure[END_REF]:

log 10 x G,b x G,w = -k G,b C s (1.1)
Where, x G,b is solubility of gas in brine and x G,w is solubility of gas in water. k G,b is the proportionality constant of solubility known as Setschenow's constant and C s is concentration of the salt. Generally the Setschenow's constant has to be calculated by regressing experimental data [START_REF] Schumpe | The estimation of gas solubilities in salt solutions[END_REF]. Over the years, authors have been developing

innovative extensive models to predict solubility of CO 2 in brine [53][54].

Mineral salt solutions have been commonly used for CO 2 absorption. The advantage behind using a brine for CO 2 is that it systematically reduces solubility of the least CHAPTER 1. STATE OF THE ART soluble gas (which is to be recovered) thus increasing the recovery rate of the system.

Each salt has its own pros and cons and so one must choose them on the basis of their gas solubility, toxicity, corrosiveness and regenerative properties. Some promoters could be added in these aqueous solutions in order to enhance the rate of reactions [START_REF] Hu | Carbon dioxide absorption into promoted potassium carbonate solutions: A review[END_REF]. Over the years, many authors have studied the solubility of CO 2 in water and various salt solutions such as KCl, NaCl, CaCl 2 , etc. and their mixed salts [START_REF] Lee | CO2 absorption enhancement by Al2O3 nanoparticles in NaCl aqueous solution[END_REF][57].

• Addition of nanoparticles:

A variety of studies could be found in the literature which are dedicated to heat and mass transfer enhancement using nanoparticles. Adding small amount of nanoparticles in liquid phase would increase the absorption efficiency. The mechanisms behind the enhancement of mass transfer coefficients are Brownian motion and Grazing effect [START_REF] Rezakazemi | CO2 absorption enhancement by water-based nanofluids of CNT and SiO2 using hollow-fiber membrane contactor[END_REF][59] [START_REF] Lee | CO2 absorption enhancement by Al2O3 nanoparticles in NaCl aqueous solution[END_REF].

• Chemical solvents:

Liquid side mass transfer resistance is higher in case of physical absorbent. Mass transfer coefficient for chemical absorbents (10 -4 -10 -2 m s -1 ) is usually two order of magnitudes higher than physical absorbents (10 -6 -10 -4 m s -1 ). Aqueous solutions of amines such as monoethanolamine (MEA), methyldiethanolamine (MDEA), triethylene tetramine (TETA), diethanolamine (DEA) are also used as an absorbent in HMFC [36][44]. Disadvantages of using amines as an chemical solvent is that they cannot be easily regenerated. This is because, they are weak basic compounds and their chemical bonds with CO 2 are broken at high temperatures during regeneration [START_REF] Keshavarz | Analysis of CO2 separation and simulation of a partially wetted hollow fiber membrane contactor[END_REF]. Blended amine solutions show better CO 2 absorption efficiencies [START_REF] Zhang | Mass transfer performance for CO2 absorption into aqueous blended DMEA/MEA solution with optimized molar ratio in a hollow fiber membrane contactor[END_REF]. One thing to note is that alkolamines are toxic in nature..

Apart from amines, there has been extensive study about CO 2 absorption in hot carbonate solution [START_REF] Savage | Chemical absorption and desorption of carbon dioxide from hot carbonate solutions[END_REF]. A overall reaction for chemical absorption of CO 2 can be written as:

CO 2 + CO 3 2-+ H 2 O 2 HCO -

Mass transfer in HFMC

In HFMC, the gas-liquid contact is established through membrane surface. When gas diffuses in liquid, certain gas is selectively absorbed through membrane pores. In this case, it is the liquid that offers the selective environment for absorption. It is very common practice to combine chemical absorption with membrane separation. And hence, absorption of CO 2 into the liquid comprises three continuous steps: First, gas has to diffuse from gas phase to the mouth of the membrane pore. Second, the gas diffuses through membrane pores into the liquid. Third, absorption and dissolution of the gas occurs in liquid phase with/without chemical reactions. Hence, overall mass transfer are made up of three main resistances: gas phase, membrane phase and liquid phase [START_REF] Cui | Part 7: A review of CO 2 capture using hollow fiber membrane contactors[END_REF]. These resistances will be discussed in detail in section 1.9

Applications

Membrane contactors have been around since a long time. They were first introduced in 1960s for desalination and water treatment through membrane distillation [62][63].

Eventually, membrane contactors were developed for oxygenating the blood acting as an artificial lungs during open heart surgery. Since then, membrane contactors have technologically evolved [64][65]. Eventually, HFMCs were adopted for CO 2 absorption.

[66] [START_REF] Qi | Microporous hollow fibers for gas absorption: II. Mass transfer across the membrane[END_REF]. A variety of industrial processes rely on HMFC ranging from waste recovery, pharmaceutical industries to medical applications [START_REF] Scott | ABSORPTION, DESORPTION AND EXTRACTION WITH MEMBRANES[END_REF]. Some of the industrial applications are shown in Table 1.4

Experimental investigations

Lately . For biogas or syngas upgrading applications, it is essential to have satisfactory purity, competitive recovery, and reasonable energy consumption to make the process commercially viable. In particular, for applications such as proton exchange membrane fuel cell (PEMFC), hydrogen purity needs to be above 99.97%. Achieving this goal and maintaining the robustness of the process is challenging. The workings of these complex systems and performance of process thus depend upon various parameters such CHAPTER 1. STATE OF THE ART as the choice of membrane material, the absorbent used, the architecture of the process, and the operating conditions. 

Choice of membrane material

The use of hybrid dense membranes has been studied widely throughout the literature.

A study demonstrated an absorption/desorption process using dense HFMC for biogas upgrading using water as a solvent [START_REF] Belaissaoui | Novel dense skin hollow fiber membrane contactor based process for CO2 removal from raw biogas using water as absorbent[END_REF]. This dense membrane could withstand a wide transmembrane pressure corresponding to vacuum desorption due to the dense layer. The given process was able to provide a methane (CH 4 ) purity of 98% with about 91% of CH 4 recovery. In another study, a thin dense layer was added to the porous membrane with CO 2 /CH 4 selectivity of about 23. This double-step biogas purification process gave a CH 4 purity of 96% and a methane recovery of 95.6% [START_REF] Žák | Single-step purification of raw biogas to biomethane quality by hollow fiber membranes without any pretreatment -An innovation in biogas upgrading[END_REF]. E. Chabanon et al. 2011 [START_REF] Chabanon | Study of an innovative gas-liquid contactor for CO2 absorption[END_REF] investigated a dense layer of poly(1-trimethylsilyl-1-propyne) on polypropylene (PP) porous support, which was impermeable to the liquid phase. The presence of a dense layer prevented the wetting of the membrane due to the liquid phase thus reducing resistance to mass transfer, maintaining CO 2 removal efficiency of 90%. Particular attention should be given to the material of the dense layer used since it governs the mass transfer in the membrane. Adding a dense layer to the porous membrane or using a selective dense membrane may provide intensive solutions, although increasing overall mass transfer resistance [START_REF] Sethunga | Influences of operating parameters and membrane characteristics on the net energy production in dense, porous, and composite hollow fiber membrane contactors for dissolved biomethane recovery[END_REF]. The literature also widely reports the use of hydrophobic polymeric porous membranes [START_REF] Mavroudi | A study of mass transfer resistance in membrane gas-liquid contacting processes[END_REF][80][81] [START_REF] Tantikhajorngosol | A modeling study of module arrangement and experimental investigation of single stage module for physical absorption of biogas using hollow fiber membrane contactors[END_REF]. Fougerit, 2017 [START_REF] Fougerit | Développement d'un procédé innovant d'épuration du biogaz par mise en oeuvre de contacteurs à membranes[END_REF] designed a lab-scale pilot with a porous polypropylene membrane contactor to purify biogas. His pilot could reach a CH 4 purity of 97.5% and a recovery of 98.7%. Kim et al., 2016 [84] also investigated CO 2 /CH 4 separation using hydrophobic polypropylene contactor with water as absorbent.

The methane purity obtained from this process was 97% with a yield of 85%. The hydrophobicity of the membrane poses a non-dispersive environment for gas-liquid absorption allowing operational flexibility. Moreover, the membrane material should be compatible with the absorbent used in the process. PP microporous membrane not only provides mechanical strength (to withstand a high transmembrane pressure). It also provides chemical resistance, thermal stability, and strong hydrophobic behavior.

Therefore, PP hydrophobic porous membranes was a promising choice.

The absorbent

Another critical parameter affecting the dynamics of the process is the use of absorbents, broadly categorized into two groups: physical absorbents and chemical absorbents. Since CO 2 is acidic in nature, its absorption takes place through acido-basic reactions with a basic absorbent. The most common and widespread chemical absorbents used for CO 2 absorption are amines (MEA, DEA, TEA, etc.) along with aqueous ammonia [START_REF] Mavroudi | Reduction of CO2 emissions by a membrane contacting process[END_REF]. Kim et al., 2000 [86] evaluated CO 2 separation in HFMC using different types of amines. He et al., 2018 [73] demonstrated a biogas upgrading process using a polypropylene membrane contactor and recovered aqueous ammonia as an absorbent. The highest value of CH 4 as a retentate in this study was 88% when input biogas flow was 200 mL/min. Mavroudi et al., 2012 [38] showed that amines in higher concentration improve the performance reaching up to 99% of CO 2 removal from CO 2 /N 2 mixture. A practice of using aqueous solutions of strong base such as NaOH and KOH has also been reported throughout the literature [START_REF] Mavroudi | Effect of Flow Configuration on the Performance of Gas-liquid Membrane Contactor[END_REF][87] [START_REF] Rangwala | Absorption of carbon dioxide into aqueous solutions using hollow fiber membrane contactors[END_REF].

The reaction of CO 2 with physical absorbents is weak as compared to chemical ones.

This feature makes the regeneration of physical solvents more energy efficient. A German engineering company, Ingenieurbüro Buse, developed a biogas upgrading unit using a commercial membrane contactor with water as an absorbent. With a closed-loop operation including absorption and degassing steps, the optimum purity of methane obtained was 98% [START_REF] Vogler | Biogas Conditioning Using Hollow Fiber Membrane Contactors[END_REF]. Fougerit, 2017 [START_REF] Fougerit | Développement d'un procédé innovant d'épuration du biogaz par mise en oeuvre de contacteurs à membranes[END_REF] managed to obtain a targeted biomethane purity of 97.5% and a corresponding recovery of 98.7% by replacing water with a saline solution of KCl.

The purity was maintained along with a high recovery thanks to the methane recycling loop. The use of saline solution induces a "salting-out" effect which augments the recovery of the least soluble gas (CH 4 in this case).

The architecture

Apart from the materials, the architecture of the whole process (absorption-degassing) also plays an important part. Connecting two or more membrane contactors in series increases the contact area between the gas and liquid phases. Similarly, using two or more degassing units boost the performance of the system by eliminating dissolved gases. A cascaded stripping configuration developed by [START_REF] Park | Biogas upgrading using membrane contactor process: Pressure-cascaded stripping configuration[END_REF] not only yields high purity (97%) but also enhanced biomethane recovery (90%). Tunnat et al., 2014 [89] explored the kinetics of desorption of CO 2 from water and amines. Their experiments showed higher desorption rates for higher CO 2 loading rates. A similar study reported a biomethane purity of 97.34%

when operating with one contactor (for absorption) and 99.98% when operating with two contactors connected in series using just water as an absorbent [START_REF] Hidalgo | Selective separation of CH4 and CO2 using membrane contactors[END_REF]. Unfortunately, the process lacks the regeneration of absorbents, making it less feasible for economic and environmental reasons. Ghobadi et al., 2018 [90] studied the effect on different CO 2 CHAPTER 1. STATE OF THE ART separation performance by experimenting with different flow patterns (co-current/countercurrent)and different module configurations.

Section 1.8 tells us that the efficiency of the process can be effectively increased by improving the nature of the membrane, choosing reactive absorbents, modifying the process architecture using the membrane contactor, and optimizing the operating conditions for a better recovery rate of the gas of interest. Ultimately, a membrane contactor operation that is paired with the regeneration of physical absorbents cannot reach a purity of 99%, which seems to be the limitation of this technology. The same will be supported experimentally in the following chapter.

Long-term performance

Studying long-term performance of a technical apparatus is long and extensive study.

The durability of a given absorption process will allow to track the changing properties of membrane throughout its active operating period. There are a lot of parameters contributing to degradation of the membrane material such as nature of absorbent, operating conditions and so on. A lack of durability performance studies has been acknowledged when it comes to CO 2 removal by HFMCs. Even though, a few noteworthy studies has been published in this area. Lv et al., 2012 [91] continuously operated the membrane contactor for 14 days and found out that mass transfer rate was decreased by 41% but could be retrieved by a flash increase of gas pressure. Fougerit, 2017 [START_REF] Fougerit | Développement d'un procédé innovant d'épuration du biogaz par mise en oeuvre de contacteurs à membranes[END_REF] performed a similar test to observe that the mass transfer is reduced by 17%. Nevertheless, a literature gap could be observed here which needs to be explored.

Environmental impact and economic analysis of the systems

While establishing a technology for gas cleaning, it is important to access the environmental impact of the system in terms of energy consumption and emissions.

Probable issues of a HFMC absorbent system will be, liquid entrainment in the form of liquid droplets (aerosols) and gas phase emissions i.e. solvent degradation. A team of researchers performed a detailed of emissions from a pilot-plant for CO 2 capture plant in Maasvlakte (Netherlands) [START_REF] Da Silva | Emission studies from a CO2 capture pilot plant[END_REF].

CHAPTER 1. STATE OF THE ART An economical model is deemed necessary before building a upscaled pilot unit of a given technology. The economical analysis has to be strictly catered to the needs of process. For example, Starr et al., 2015 [70] presented a detailed case study of biogas upgrading plant situated in Spain explaining different scenarios of downstream applications.

Modeling of HMFCs

Mass transfer in HFMC is a complex phenomenon involving mass transfer through three different phases. The governing equations should be derived for each phase. Then these equations are reduced to fit the system requirements. Involvement of the porous medium adds up more complexity to existing problem i.e. of a membrane contactor. Considering all the factors affecting the process, appropriate modeling approach should be chosen to depict the mass transfer phenomenon.

Modeling approach

Modeling provides a comprehensive overview of what is happening inside the contactor. If implemented properly it serves as a potent tool to predict mass transfer phenomenon inside a membrane contactor and eventually find solutions to overcome limitations. There are four main approach which could be seen across the literature: 0D, 1D, 2D, 3D . A comparison between these four models is shown below (figure 1.8).

• 0D model

Zero dimensional models, also known as box models, were used by researchers to find very simple solutions. The domain is represented as one box. In this box, all the variables would be same everywhere (except inlet and outlet) and could be function of time. In the case of membrane contactor, one would be interested to find out concentration of the gas dissolved in liquid which could be found by performing a mass balance for suitable domain. Qi et al., 1985 [67] followed this approach to calculate mass transfer coefficients for HFMC system. Although this approach yields direct and simple results, they fails to estimate the variations inside the membrane contactor.

• 1D model The 1D model description is relativity simple and straightforward. This approach to predict the mass transfer in membrane contactor is adopted by many researchers so far [79][93]. Membrane contactor is divided into number of small elements lengthwise and all the equations can be solved as a function of contactor length using local values to express local mass transfer [START_REF] Boributh | A modeling study on the effects of membrane characteristics and operating parameters on physical absorption of CO2 by hollow fiber membrane contactor[END_REF]. The system can be assumed to be in steady or transient state while solving conservation equations for each phase. The center of this approach however lies in the values of local mass transfer coefficients.

And these are generally calculated by resistance in series approach.

• 2D model

The 2D model could be more complex and rely on a number of things. In this work, the approach that has been used to model the absorption process is a hybrid approach. At first, the hydrodynamics explained in this approach is on macro-scale, and the mass transfer is defined on the the micro-scale. The later is explained in following section.

Transfer at the membrane scale

As shown in figure 1.9, each phase (gas, membrane 1 and liquid) adds its own resistance to mass transfer. These resistances are situated in the diffusion layer of each phase which is close to the interface. At the interface phases are said to be locally at equilibrium. This approach to calculate overall mass transfer coefficient is very common [START_REF] Wang | Modeling of CO 2 Stripping in a Hollow Fiber Membrane Contactor for CO 2 Capture[END_REF]. Depending upon the module of the membrane contactor, the expressions could change. Additional resistances could be added in series in presence of composite layer (on the membrane) and/or wetting.

Shell side technicalities

It is imperative to investigate where to pass liquid i.e., in the shell side or in the lumen side.

Literature has reported both the ways to operate [START_REF] Nasim Afza | Modelling of CO2 absorption via hollow fiber membrane contactors: Comparison of pore gas diffusivity models[END_REF][69] [START_REF] Sethunga | Influences of operating parameters and membrane characteristics on the net energy production in dense, porous, and composite hollow fiber membrane contactors for dissolved biomethane recovery[END_REF]. If we dig deep into which approach is more efficient, we must locate the transfer limitation. In the case of physical absorbent, transfer limitation is on the liquid side and hence it is wise to pass liquid on the shell side. Mass transfer coefficient increases with increase with fluid velocity and hence increase in liquid flowrate and presence of baffles help us elevate the performance. On the In that case, it would be safe to say that membrane resistance would the limiting one. But in both scenarios, shell side liquid flow is beneficial. Over the past few decades, researchers have developed various models to describe velocity profile on the shell side. Presence of numerous hollow fibers make it a tedious job. Some of the velocity descriptions are presented below:

• Happle's free model: This model approach was presented to describe the shell side flow in a heat exchanger [START_REF] Happel | Viscous flow relative to arrays of cylinders[END_REF]. Firstly, the fiber bundle inside the membrane contactor divided into small cells. These cells were equally spaced with one fiber in each cell.

This cell represented the free surface around each fiber. The liquid velocity is defined for each cell, which is then used to calculate effective velocity for shell domain.

This model was widely used in the literature for parallel flow regimes [START_REF] Boucif | Theoretical Studies on Carbon Dioxide Removal from a Gas Stream in Hollow Fiber Membrane Contactors[END_REF] [108]

[95] [START_REF] Boucif | Theoretical Studies on Carbon Dioxide Removal from a Gas Stream in Hollow Fiber Membrane Contactors[END_REF]. Zheng et al., 2005 [109] demonstrated free surface model for transverse flow HFMC.

• Flow through porous medium: In this approach, the whole fiber bundle is considered as a anisotropic porous medium and the flow of absorbent through the porous medium is governed by Darcy's law [110][111].
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There are many correlations available to determine the shell side mass transfer coefficient.

Some of them take into account the velocity increase induced by baffles. Some are derived from experiments. The coefficients of Sherwood's correlation depends upon geometry of the contactor, packing density and so on.

Sh s = k s .d h D s s = A f (ϕ) D h l α Re β Sc γ
Here, A, α, β and γ are constants and are derived from experiments. f (ϕ) is function of packing density. l is length of fibers and D h is hydraulic diameter. There is no general correlation proposed which are applicable to wide variety of systems [START_REF] Shen | Shell-Side Mass-Transfer Performance in Hollow-Fiber Membrane Contactors[END_REF]. Some of the correlation for cross-flow modules such as Liqui-Cel® are presented in the table 1.5. 

Mass transfer through membrane phase

• Convective transport: The dynamics of the gas flow through the porous channels in fibers are usually described by Reynolds number.

Re = ρ||⃗ u||D h µ (1.2)
Where, hydraulic diameter of the systems D h is usually considered to be average pore diameter. The gas flows through the flow channels with an average velocity of ⃗ u subjected to the pressure gradient. Hence, the molar flux of species i due to the convection could be expressed as follows:

J c,i = k m (P m,i -P l,i ) (1.3)
The convective mass transfer coefficient k m is a function of pore geometry, physical properties of the gases and the boundary conditions. Hence, for laminar flow, k m could be calculated by using equation 1.4 [120]

k m = Sh D i,j D h (1.4)
Where, D i,j is diffusion between gaseous species and D h is the hydraulic diameter of the system.

• Diffusive gas transport: The fundamental driving force for the diffusive mass transfer is the concentration gradient of the species i in the system. This concentration difference exists between the bulk gas mixture on one side of the membrane and liquid with low concentration of dissolved gas on the other side.

Consequently, the diffusion of the gas molecules in the porous membrane implies molecular interactions, including collisions (1) between gas molecules (intramolecular) and (2) between gas molecules and the pore walls [START_REF] Joshi | Lattice Boltzmann method for continuum, multi-component mass diffusion in complex 2D geometries[END_REF]. In another words, gas diffusion through porous fiber could be governed by ordinary/molecular diffusion, Knudsen diffusion or both. To identify the ascendancy of the ordinary or the Knudsen diffusion, the ratio of gas mean free path to the pore diameter, also known as Knudsen number, is generally used and is expressed by equation (1.5).

Kn = λ d p,mean (1.5) λ = k B T √ 2πη 3 P g (1.6)
If the value of Knudsen number is less than 0.1, the inter molecular collisions dominate over other interactions. Similarly, if Knudsen number is greater than 10, the collisions between pore walls are dominant. For 0.1 < K n < 10, both the Knudsen and molecular diffusion govern the gas diffusion [START_REF] Bird | Transport Phenomena, en-us[END_REF].

In its simplest form, the popular Fick's first law of diffusion correlates the diffusive flux of gas to the concentration gradient at steady state as expressed by equation (1.7)

[122] [START_REF]Mass Transfer Operations[END_REF].

J d,i = -D i ∂C i ∂x (1.7)
The calculation of Diffusion coefficient however is a tedious part.

Gas resistance

The gas resistance through hollow fibers could be governed by convection, diffusion or both. Although, it is critical to investigate which phenomenon dominates by calculating the Peclet number. If the convection phenomenon dominates the mass transfer between binary mixture of gases, the mass transfer coefficients could be calculated by Sherwood correlations. Diffusion is governed by the movement of gas molecules which are subjected to the average molecular kinetic energy. And hence gas resistance depends directly upon interaction between the gas molecules. Whatever the case, it was often observed and also later proved in the chapter 4 that gas resistance poorly contributes to the overall resistance of the system.

Scale-up studies

Numerous studies have been published in the area of CO 2 capture using HFMC [START_REF] Porcheron | Hollow fiber membrane contactors for CO2 capture: From lab-scale screening to pilot-plant module conception[END_REF].

Unfortunately, they are carried out on lab-scale modules. Applications such as post combustion CO 2 capture and biogas upgrading requires a pilot which is able to handle large gas flowrates. To the authors knowledge, literature lacks reliable scale-up model strategies. 

Conclusion

This chapter presents the background and the context of the study. Further, the chapter conveys the details of the Vitryhydrogène project and describes the steps of converting the CHAPTER 1. STATE OF THE ART solid biomass into highly pure hydrogen. Solid biomass after thermal gasification (indirect) is converted into raw Hypergas and char, which an output of HYNOCA® (credict: Haffner energy) process. This hypergas is then passed through some cleaning steps and finally upgraded by water gas shift (WGS) reaction to enrich the percentage of H 2 and CO 2 in final gas. Consequently, this study is then focused on CO 2 separation. To do so, HFMCs are used and the choice of this separation technique is rationalized. Following, some of the technical aspects of HFMC are presented and the choice of the module and absorbent is also justified. For further understanding, of the dynamics and mass transfer inside the cross-flow membrane contactor is studied and investigated. The understanding of the module, geometry, working, materials and dynamics together creates a global overview of the process. Thus, this will further help to built an experimental pilot as well as a numerical model to study and predict the performance.

Aim and introduction

The aim of this work was to develop a lab-scale pilot, in the framework of Vitryhydrogène project. This pilot was dedicated to separate CO 2 from clean and shifted syngas using membrane contactors. Initial focus of this project was to obtain high purity (99.97%)

hydrogen as an end product of membrane contactor process. Other definitive goals were competitive recovery rate of the hydrogen using low or no amount of chemicals.

In order to fulfill the aforementioned goals, a pilot was build and whole experimental work was conducted at CEBB 1 . This chapter will present the comprehensive data of the instruments and equipments used to build the pilot. Moreover, a primary sensitivity analysis will also be presented at the end of this chapter. The membrane features and geometrical specification of the chosen module are elaborated in the following sub-segment. 1 European Center of Biotechnology and Bioeconomy, 51110 Pomacle, France

Hollow fiber membrane contactor module

Geometrical specification

The geometrical specifications of the 2.5" x 8" Extra-Flow module were given in the handbook provided by the manufacturer (appendix A). Also, the key specifications are listed in table 2.1. 

Membrane specification

The membranes were made up of polypropylene (PP) material and the contact angle of water with PP in the air was 121.6°proving its hydrophobicity [START_REF] Lv | Wetting of polypropylene hollow fiber membrane contactors[END_REF]. The free surface energy or the surface tension of the PP is 30.1 mN m -1 which is relatively low compared to the other polymers. This property of PP makes it less susceptible to wetting. A cross section of a membrane fiber is given in figure 2.2.

Two types of membrane contactor modules were used during the process, namely X-40 and X-50. X-50 module had greater membrane porosity as compared to the X-40 module.

Also the thickness of X-40 module is slightly larger than X-50. Due to the lower porosity and larger membrane thickness, the X-40 module was able to withstand higher trans-membrane pressure (0.25-1 bar g for absorption and 1-6 bar g for vacuum desorption). Therefore X-40 module were selected for degassing/desorption of dissolved gas and X-50 modules were used for absorption. The comparison of membrane characteristics is presented in table 2.2.

These membrane features will be further used in chapter 4 to develop a numerical model for the membrane contactor. [START_REF] Liqui-Cel® | Design & Operating Guidelines for Liqui-Cel® Extra-Flow Membrane Contactors[END_REF]).

All the runs were performed by ensuring that the membranes were dried before experiments were commenced. This was achieved by air drying the membranes overnight between every operation. 

Pilot architecture and instruments

Pilot architecture

The pilot was designed around membrane contactors as seen in figure 2 

Gas regulation

The gas chassis works independently from the liquid circulation loop. A synthetic gas mixture was simulated by mixing CO 2 /N 2 , CO 2 /CH 4 , and CO 2 /H 2 using Bronkhorst Inflow CTA mass flow controllers. These flow controllers were integrated in the gas chassis as shown in the figure 2.4b and the inputs to the flow controller were delivered by using the interface on the gas chassis. In addition, a mass flow controller (Bronkhorst EL-Flow) was used to regulate H 2 flowrate as the former ones were not compatible with H 2 . Another mass flow controller (Bronkhorst Low-ΔP-Flow) regulates the gas pressure as well as measures the outlet gas flowrate of HFMC with an accuracy of ±1% of its full-scale capacity. The process gas pressure is regulated with a PID controller connected to the solenoid valve of 

Liquid regulation

Majority of the experimental work was carried out using salt solution (1M KCl) as an absorbent. The salt solution of 1M concentration was prepared by dissolving industrial grade KCl in filtered reverse osmosis water. Two pumps (Iwaki magnet drive gear pumps MDG series) were installed to regulate pressure and flowrate inside the absorbent loop.

Two pH electrodes (InPro 48XX Mettler Toledo) were installed to study the change in pH before and after the absorption of CO 2 . A pressure sensor and temperature sensor were installed to measure the pressure drop and temperature of the liquid, respectively. Pressure of the liquid should be higher than that of gas in order to prevent dispersion of bubbles into the liquid. Also, the liquid pressure in hydrophobic membrane should not exceed the threshold value to prevent wetting of the pores [START_REF] Keshavarz | Analysis of CO2 separation and simulation of a partially wetted hollow fiber membrane contactor[END_REF]. Hence, the transmembrane pressure (P l -P g ) was maintained under 0.5 bar. The absorbent temperature was maintained at around 291 K ± 1 K with the help of the Huber KISS K6 cooling bath thermostat through a plate heat exchanger (AlfaLaval). 

Analytical equipments

The input gas, the purified gas, and the offgas were analyzed by micro gas chromatograph (Agilent 490). There were two offgases as shown in the figure 2.3 which were analyzed together or separately as needed. The samples were continuously sent to the micro-GC through a selection valve (VICI 6-streams selector valve). The Agilent 490 specifications required that the pressure of the sample should be between 50 mbar g and 1 bar g . Hence, the sample streams were passed through pressure reducers between sample point and selector valve. Analysis was performed when the purification process reached the steady state. All the streams were continuously analyzed to note even the slightest change in equilibrium. A steady state is said to be achieved when the micro-GC readings show < ±0.5% of absolute fluctuation.

The Micro GC was equipped with column channels ( The analysis methods were optimized during a previous PhD work [START_REF] Fougerit | Développement d'un procédé innovant d'épuration du biogaz par mise en oeuvre de contacteurs à membranes[END_REF]. Calibration of these analysis methods were carried out before commencement of each experimental campaign. The details of calibration for each gas are summarized in appendix D.

The accuracy of the Micro-GC depends upon three factors: sampling system, quality of calibration and precision of micro GC. The accuracy of the gas analyzer is < 0.5% RSD 3 .

Special care given while sampling the system to avoid leakage and water entrainment. An example of a chromatogram during the analysis of purified gas is presented below. 

Data treatment

Measurement of gas and liquid flowrates

• Gas flowrates:

Gas flowrates were directly obtained from the flow meters. A brief summary of the flow controllers/meters is presented in table 2.4. Two flow controllers (In-flow CTA)

were integrated in the gas chassis shown in figure 2.4b and were controlled through the visible interface. These flow meters were initially calibrated for air and hence needed a correction factor (CF) to obtain accurate readings. Hence the CFs were calculated manually with the help of other flow controllers with known CFs. As shown in table 2.4, the low-ΔP-Flow meter which was responsible of maintaining the pressure inside the gas loop was also calibrated for air. But the CFs for this flow meter could be found on manufacturer's website (https://fluidat.net/). Finally the CFs for El-flow flow controller/meters were operated with the help of a laptop. And the CFs for each gas were applied simply with the help of a software.

• Liquid flowrates: The liquid flow regulating pumps were connected to the chassis with an user interface (figure 2.5). Hence the flowrates were a direct measure from the interface. 

Mole fractions of gas samples

The mole fractions of the input (y in ), output (y out ) and both offgases (y o f f ) were directly obtained from the Micro-GC readings. But sometimes, the addition of all the mole fractions 4 Reading 5 Full scale CHAPTER 2. DEVELOPMENT OF A LAB-SCALE CO 2 REMOVAL UNIT might not be exactly equal to 100%. This could be due to calibration and measurement error.

Thus, the mole fractions were corrected by normalizing them to 100%.

From time to time, intrusion of air is observed especially in the offgas (<4%). In that case, the readings were normalized excluding the air (also quantified by micro-GC) to verify the mass balance.

Process performance indicators

This study was focused on two key indicators.

Purity

The first one is the purity y out i which corresponds to the mole fraction of the gas to purify (mol/mol%) at the output of the absorption stage. It is directly measured by micro-GC after normalization of values.

Recovery rate

The second indicator is the yield/recovery rate which corresponds to the amount of gas to be purified, recovered at the output of the absorption stage. The recovery rate can be calculated using the inlet and outlet total flowrates and mole fractions of the gas phase. However, gas flowrates are measured less accurately than mole fractions of the gas.

Therefore, a formula based on only the mole fractions of the input, output, and second offgas flows was preferred as a viable approximation, considering first offgas could be recycled back to input gas. Using total and species mass balance from equation (2.1)

and equation (2.2) respectively along with equation (2.3) we can derive the equation for recovery rate (equation (2.4))

Q in = Q out + Q o f f (2.1)
Q in i = Q out i + Q o f f i (2.
2)

Recovery i = Q out i Q in i = Q out y out i Q in y in i (2.3) CHAPTER 2. DEVELOPMENT OF A LAB-SCALE CO 2 REMOVAL UNIT Recovery i = y out i y in i y in i -y o f f 2 i y out i -y o f f 2 i (2.4)

Absorbed CO 2 flux

The amount of CO 2 absorbed per unit membrane surface area gives an estimation of membrane surface required to treat given flowrate of gas. This would enable to calculate the no. of absorption units required per process and henceforth calculate the CAPEX.

Selectivity

The process selectivity of CO 2 is also an important factor.

Selectivity i,j = Q absorbed i Q absorbed j (2.5)

Materials

Liquid

A physical absorbent was chosen for carrying the experiments on the presented pilot.

Some of the experiments were carried out with reverse osmosis water. Following, for further experiments 1M solution of Potassium Chloride (KCl) is used as absorbent. KCl is highly soluble in water and get fully ionized and dissociated into K + and Cl -ions. At low concentrations, KCl is not toxic. To prepare the solution, a calculated amount of salt grains were dissolved with reverse osmosis water. The initial pH of all the solutions was noted to compare future changes. The choice of absorbent is justified by the following facts:

• Requires relatively low energy for regeneration

• Non-toxic

• Readily available

• Inexpensive

• Increased solubility for CO 2 as opposed to poor soluble gas.

Gas

The pilot was tested with three gas mixture: N for different operating conditions and using several absorbents. From the figure, it could seen that in terms of purity, there is no significant segregation between different gaseous mixtures. However, for recovery rate, H 2 seems to have better CHAPTER 2. DEVELOPMENT OF A LAB-SCALE CO 2 REMOVAL UNIT performance as compared to N 2 and CH 4 . This phenomenon could be explained with the help of different solubilities of gases in respective absorbents.

Influence of operating conditions

The range of operating conditions used during the experiments presented in this chapter are given in table 2.5 

Data rejection criteria

To test the reliability of the experimental results, simple mass balances were performed.

And the error in mass balance of gas phase is considered to be a deciding parameter for selective rejection of experimental data.

ϵ tot = Q in g -Q out g -Q o f f g Q in g
(2.6)

ϵ i = y in i Q in g -y out i Q out g -y o f f i Q o f f g y in i Q in g (2.7)
Where, ϵ is error relative to the feed, Q g is the gas flowrate and y i is the mole fraction of species i.

From figure 2.9, it could be seen that, most of the experiments have relative error< 10%.

The experimental data with error of upto 15% is also expected due to low accuracy of flow 

(Q in g = 100 -500NL h -1 , Q in l = 40 -180L h -1 , y in CO 2 = 35% and P g = 1 -6bar g )
meters/controllers. Here, in case of primary experiments, one data point has error >15%, which was excluded and that particular experiments were redone.

Results and analysis

As previously stated, the pilot was primarily built during the previous PhD of Dr. Valentin

Fougerit. The purpose of his thesis was to upgrade raw biogas to biomethane with purity >97%. Hence, as a primary measure, an experimental campaign was launched to confirm the potential of membrane contactor recovery rate and purity but with a synthetic mixture of H 2 /CO 2 . The objective was to obtain highest possible purity with given configuration and to perform a sensitivity analysis. Another goal was to observe expected trends in response to operating parameters such as gas and liquid flowrates and gas pressure.

Influence of gas pressure

Gas pressure is the most important parameters for the given process. 

(Q in g = 100NL h -1 , Q in l = 100L h -1 , y in CO 2 = 35%)
From figure 2.10, it could be observed that an increase in gas pressure, increases the absorption of gas (relatively more in case of CO 2 ). A classic trade-off is further observed during the results with the purity increasing and the recovery rate decreasing. This phenomenon was also supported by the literature [START_REF] Park | Biogas upgrading using membrane contactor process: Pressure-cascaded stripping configuration[END_REF]. In fact, at higher gas pressure, more H 2 and CO 2 are dissolved in the liquid phase resulting in a lower H 2 recovery rate (an increase of H 2 loss in the offgas). Meanwhile, H 2 purity is higher in output gas because more CO 2 is absorbed relatively. Furthermore, the minimum CO 2 residual partial pressure (depending on residual CO 2 concentration in the degassed absorbent) is lower in CHAPTER 2. DEVELOPMENT OF A LAB-SCALE CO 2 REMOVAL UNIT proportion at higher gas pressure. As a result, operating gas pressure must be high enough to reach high purity [START_REF] Chavan | CO2 Absorption Using Hollow Fiber Membrane Contactors: Introducing pH Swing Absorption (pHSA) to Overcome Purity Limitation[END_REF].

Influence of gas flowrate

Gas to liquid ratio also plays an important role in performance of the membrane contactor.

For a given membrane surface area, an increase in gas flowrate decreases the purity. This can be explained in two ways: low residence time and less absorbent available per unit gas. Figure 2.11 presents the results for G/L ratio (Q g /Q l ) ranging from 1-5. At higher G/L ratios the absorbent is not enough to absorb all the gas that is entering the absorption contactor. Hence, absorbent leaving the contactor is completely saturated with gas. 

(P g = 5 bar g , Q in l = 100 L h -1 , y in CO 2 = 35%)

Influence of liquid flowrate

Transfer of bulk gas to liquid phase takes place due to the difference in concentrations (between gas phase in the membrane and liquid phase in boundary layer). At higher liquid flowrates, more fresh liquid is available to absorb more gas, hence the increase in purity. Moreover, a higher liquid flowrate may improve the gas transfer rate at the interface between liquid and membrane by reducing the boundary layer. After a certain threshold for a given gas flowrate, the purity of the hydrogen will be stagnant. There is abundant CHAPTER 2. DEVELOPMENT OF A LAB-SCALE CO 2 REMOVAL UNIT liquid present to absorb all in the CO 2 in the feed. But on the contrary, the recovery keeps on decreasing because of the increase in H 2 absorption. While the absorption process was favored by an increase of liquid flowrate, the desorption process was negatively affected by the same, mainly due to the lower gas-liquid contact time [START_REF] Mansourizadeh | Experimental study of CO2 absorption/stripping via PVDF hollow fiber membrane contactor[END_REF]. Thus, the residual CO 2 amount in the degassed absorbent was higher at a higher liquid flowrate. Despite this phenomenon, from a global perspective, the purity gets better with the increase in flowrate until 100 L h -1 and slightly decreases after. For a given set of operating conditions in the current experimental study, the residual dissolved CO 2 seems to be the limiting factor to reach high purity. Accordingly, liquid flowrate must be optimized carefully depending on gas flowrate, membrane surface at each stage, and gas transfer rate to achieve high purity. 

(P g = 5 bar g , Q in g = 100NL h -1 , y in CO 2 = 35%)

Bottlenecks and conclusion

The present chapter gives an overview of the experimental pilot built for CO 2 separation.

The means for gas-liquid contact used was hollow membrane contactors. Its geometrical features and membrane characteristics are also presented. Furthermore, the gas and liquid regulation setup is explained for a better detailed overview. The process was kept fairly modular to make some room for further changes and adjustments. Finally, a simple sensitivity analysis was performed to observe and re-establish the effect of operating conditions on the performance in terms of purity and yield of H 2 . Special care was 

Preface to the chapter

The current chapter is focused towards exploring the purity limitation mentioned in the previous chapter. The primary hypothesis was that some of the CO 2 ions remains dissolved in the absorbent when recycled/regenerated. To support this argument, a theoretical model was built to calculate and simulate the dissolved gas during absorption and desorption process. The model accounts for the physical absorption as well the ionic dissociation of the gas into absorbent. Accordingly, the initial hypothesis is supported by the model. Furthermore, a novel technique "pH swing" was introduced to shift the acid-base equilibrium without affecting the dynamics of the process. As the name suggests, the pH of the absorbent is changed before the absorbent. The objective is to decrease the residual CO 2 amount in liquid before absorption. The process can achieve high purity with competitive recovery with minimal use of chemicals and energy. Following in the chapter, the process is tested experimentally and the results are presented. Lastly, the chapter is concluded stating the limitation of the theoretical model.

Theoretical model

Design and assumptions

A theoretical model was developed to investigate the contribution of pH variation and imperfect CO 2 degassing from absorbent in desorption stages on outlet gas purity without considering mass transfer limitation. Meaning, contactors are large enough compared to gas and liquid flowrates. The present model is based only on acido-basic and gas-liquid absorption equilibrium applied at each stage with absorbent recirculation assuming:

• The absorbent leaving the absorption stage is fully saturated with CO 2 and the poorly soluble gas Ga to purify (like CH 4 , H 2 , or N 2 ). So, the liquid absorbent leaving the contactor is considered in equilibrium with the inlet gas phase, whose composition and pressure are known according to Henry's law:

[CO 2(aq) ] = H CO 2 .P in .y in CO 2 (3.1) [G a (aq) ] = H G a .P in .y in G a (3.2)
• For each desorption step, total pressure P vac is set by vacuum pumps and the absorbent leaving the contactor is in equilibrium with the gas phase. The partial pressure of CO 2 and G a remain in the same proportion as corresponding partial pressures given by Henry's law from absorbent inlet concentration of CO 2 (molecular form) and G a (assuming similar mass transfer resistance between CO 2 and G a ):

P CO 2 = C in CO 2 /H CO 2 C in CO 2 /H CO 2 + C in G a /H G a .P vac (3.
3)

P G a = C in G a /H G a C in CO 2 /H CO 2 + C in G a /H G a .P vac (3.4)
• The maximum Ga purity of output gas y out G a at the absorption stage is estimated from the minimum CO 2 partial pressure P CO 2 out given by Henry's law from the residual CO 2 concentration in the inlet absorbent C CO 2 (imperfectly degassed). Also, the output total gas pressure P out is assumed to be equal to input total gas pressure P in (no significant pressure drop):

y out G a = P out G a P in = 1 -P out CO 2 P in ≤ C in CO 2 /H CO 2 P in (3.5)
• Initially, the absorbent stage was assumed to be fed with fresh absorbent (1M KCl) with no residual dissolved gases at a given pH.

The present model consists of iterative calculation of outlet liquid composition from one stage to the next in the loop until reaching a steady state, knowing its inlet liquid composition. The model solves three membrane contactor (1 for absorption and 2 for degassing) connected in a loop. The absorbent was degassing regenerated using vacuum.

The input variables for the calculations were:

• Liquid flowrate (Q l )

• Inlet gas flowrate (Q g )

• Inlet gas pressure at absorption stage (P g )

• Inlet molar fraction of CO 2 (y CO 2 )

• Vacuum pressure at degassing stages (P vac ) 

CO 2 + H 2 O K1 HCO - 3 + H + [H + ][HCO - 3 ] [CO 2(aq) ] pK 1 =6.37 [131] HCO - 3 K2 CO 2- 3 + H + [H + ][CO 2- 3 ] [HCO - 3 ] pK 2 =10.32 [132] H 2 O K3 H + + OH - [H + ][OH -] pK 3 =14 [133]
All the constants of acido-basic and gas-liquid absorption reactions that are involved in this process are presented in table 3.1. Initially, the the dissolved gas in the absorbent liquid is zero. Hence initial pH of the absorbent (water in this case) is 7. In the absorption stage, knowing the inlet partial gas pressure (P CO 2 ) and henry's coefficients, concentration of dissolved gas ([CO 2 ] (aq) and [H 2 ]) is calculated (table 3.1). CO 2 when dissolved in water dissociates into HCO - 3 and CO -2 3 . And their respective concentration in the liquid could be calculated as follows:

[HCO - 3 ] = 10 -pK1 [CO 2 ] (aq) [H + ] (3.6) 
Where, [H + ] is 10 -7 since initial pH of the absorbent is 7 ([H + = 10 -pH intial ]). Similarly, concentration of CO -2 3 is given by:

[CO -2 3 ] = 10 -pK2 [HCO - 3 ] [H + ] (3.7)
Total concentration of dissolved CO 2 could be written as:

[CO 2 ] (tot) = [CO 2 ] (aq) + [HCO - 3 ] + [CO -2 3 ] (3.8)
iterative method using Microsoft Excel. Then, all other unknowns corresponding to the outlet liquid composition can be easily deduced from equilibrium and conservation equations mentioned above.

All the concentrations and final pH at the end of absorption step is calculated is then used as an input to the first desorption step. In the desorption stage, certain vacuum pressure is set ranging from 25-100 mbar. And, the partial pressure of CO 2 dissolved in the liquid is calculated by equation (3.3). Based on the input, [CO 2 ] (aq) , [HCO - 3 ], [CO -2 3 ], [CO 2 ] (tot) and [H + ] CO 2 can be calculated using Henry's law and equation (3.6), equation (3.7), equation (3.8) and equation (3.9). The pH after desorption step is again calculated using equation (3.14). Similar steps are done carried out for second desorption step. And the final pH after desorption step serves as input to absorption, thus completing a loop. Similar calculations could be repeated when using buffer or aqueous solutions of salt.

Fluid properties such as pka values and henry's constant of solubility would be defined initially. And knowing the initial pH, and specific interaction of absorbents with CO 2 and G a , final pH of the absorbent could be calculated. For the sake of simplicity, water is chosen as an absorbent. But in the case of aqueous KCl solution which is used for experiments in this thesis, the physical properties such as henry's coefficient is slightly different i.e. 0.031 mol L -1 bar -1 for CO 2 in 1M KCl.

Finally, the present model, which considers only equilibrium can estimate the maximum purity of the poorly soluble gas Ga by calculating the minimum residual CO 2 concentration (in molecular form) in the inlet absorbent at the absorption stage, depending on operating conditions. It highlighted that purity was mainly limited by residual CO 2 , which remains partially dissolved in the absorbent after degassing stage in the form of hydrogen carbonate and carbonate ions.

Application to study the effect of pH manipulation

Figure 3.1 illustrates the effect of acid (H + ) and base (OH -) addition on the minimum theoretical residual CO 2 levels in gas phase and the corresponding maximum H 2 purity at various operating conditions. Results are depicted as a function of acid or base to inlet CO 2 ratios. Without acid/base addition or when amounts are too low (figure 3.1a), no data point overcomes significantly 99% H 2 purity. However, figure 3.1b highlights that even small acid and base ratios can decrease the residual CO 2 level to a great extent. In this example, purity over 99%, can be obtained with acid/base molar amount just over 2.5% of the inlet CO 2 amount (figure 3.1b). To overcome residual CO 2 limit as low as 1 ppm in outlet gas, only 5-10% of acid/base with respect to inlet CO 2 amount is required. In figure 3.1b, the minimum residual CO 2 level goes below 1 ppb when the acid and base amount correspond to 35% maximum of inlet CO 2 amount. This model highlights that purity is mainly limited by residual CO 2 , which remains in the degassed absorbent after the second desorption stage, partially dissolved into hydrogen carbonate and carbonate anions. Figure 3.1 shows that actual H 2 purity will remain below 99% (maximum purity corresponding to equilibrium limit) without significant acid/base addition, whatever operating conditions (gas pressure up to 5 bar(g), vacuum pressure down to 50 mbar(a) and any gas-liquid flowrate ratio). Moreover, the model can further be used to predict the performance of a buffer solution (such as potassium phosphate at different concentrations) as an absorbent. Figure 3.2 illustrates the effect of phosphate buffer concentration on maximum H 2 purity and recovery rate that can be achieved (corresponding to the equilibrium limit). This model shows that using buffer solutions increases liquid CO 2 absorption capacity, and thus increasing the amount of gas. It si good to increase the amount of gas which can be treated by the given absorbent. This drastically limits the maximum gas purity that can be reached because of the higher CO 2 residual amount in the degassed absorbent. In figure 3.2, the maximum H 2 purity remains around 99% when phosphate buffer concentration exceeds 0.2 mol/L, regardless of the operating conditions. Moreover, higher H 2 purities are always obtained at lower phosphate buffer concentrations in the same operating conditions.

Finally, thanks to this model, it was found that the only way to increase the maximum purity of the poorly soluble gas G a without consuming much energy, chemicals and increasing capital expenditures was to adjust pH before the absorption and degassing stage.

Thus, the maximum purity can be significantly increased by shifting absorbent pH before absorption with the addition of a moderate base amount. Indeed, the residual concentration of dissolved CO 2 in degassed absorbent can be highly decreased by converting into its anionic forms (HCO - 3 or CO 2- 3 ). An equal acid amount has to be supplied before degassing stage (first or second) to counterbalance the base addition. This serves two purposes: 

Theoretical detailed analysis

Carbon dioxide is physically absorbed in water, obeying Henry's law. When dissolved in water, some CO 2 reacts with water, producing carbonate and hydrogen carbonate anions, hydrogen ions, and few intermediate compounds (equation (3.16)). The formation of H + decreases absorbent pH after the absorption step. Since gas solubility in aqueous solution was proportional to its partial pressure, subjecting the saturated aqueous solution to vacuum will result in degassing of dissolved gas, restoring its pH to a higher value.

Interestingly, some CO 2 will remain dissolved in molecular forms (CO 2(aq) or H 2 CO 3 ) or in anionic forms (HCO - 3 or CO 2- 3 ). This strongly hinders the output gas purity, which is limited by equilibrium and the residual CO 2 amount in molecular form in the degassed liquid.

CO 2(aq) + H 2 O ↔ H 2 CO 3 ↔ HCO - 3 + H + ↔ CO 2- 3 + 2H + (3.16)
When the base is injected before the absorption contactor into an aqueous absorbent, it dissociates to give OH -anions and corresponding cation (equation (3.18)). The base shifts the equilibrium at the gas output (liquid input) of the absorption stage to decrease the dissolved residual CO 2 concentration in molecular form, thus decreasing the remaining CO 2 concentration in purified gas. Similarly, the injection of acid before the desorption step releases H + into the solution (equation (3.17)). These H + ions shift the equilibrium of equation ( 6) to the left side to promote CO 2 degassing.

HCl aq -→ H + aq + Cl - aq (3.17)

KOH aq -→ K + aq + OH - aq (3.18)
Thus, the proposed innovative process improves the overall performance in terms of gas purity with relatively low acid and base amounts (less than the absorbed CO 2 amount). Moreover, acid and base could be efficiently regenerated by bipolar membrane electrodialysis as the absorbent used is a concentrated salt solution [START_REF] Lemaire | Procédé d'épuration de gaz par absorption gaz/liquide[END_REF].

Limitation of the theoretical model

The theoretical model was essentially built to support the hypothesis of purity limitation.

It is capable of predicting the absorption trends inside a three contactor system. But the model solely take into account the physio-chemical absorption mechanisms. The mass transfer coefficients (and the resistances) are not accounted in the model. This explains the overestimation of the purity values as compared to the experiments. Also, given the limitation of the gas analysis apparatus (Micro GC) it will be difficult to measure any impurities below 50ppm.

Experimental analysis and pH swing dynamics

To support the theoretical model and results obtained, a few experimental campaigns were launched. The goal was not to validate the model but to investigate the effect of pH swing on the given process.

Process architecture

The process architecture used for the experimental study is very similar to the figure 2.3.

Additionally, there were two inputs in the liquid regulation loop i.e., which inject acid and base in a continuous manner. To facilitate that, two peristaltic pumps were installed (Iwaki electromagnetic metering pump EWN-R standard) which could inject the fluids at high pressure. These pumps were equipped with the connections of the sort that avoided blackflow of the absorbent liquid. The regulation of these pumps was done with the help of two parameters: the stroke length and the stroke rate of the fluid. For this study, the pumps were operated at lower flowrates but high back pressure. Hence, it was recommended to operate the pumps relatively high stroke length but lower frequency. The readings were displayed with respect to the percentage of the full capacity of the pump (which is unknown). For e.g. Stroke rate = 40% of the full pump capacity. Hence, the pumps needed to be calibrated individually for acid and base to know the exact volume of injection. The details of calibration is given in the appendix E.

Operating conditions

Four series of experiments were designed and performed ( Considering the experimental deviations and error, a few test runs were replicated at similar intervals to check the repeatability of the results. The stability of experimental results in terms of standard deviation was presented in next section. 

Repeatability and error calculation

(Q l = 150/L h -1 , P g = 3/barg, Q g = 100/NL h -1 , y in CO2 = 35%).

CHAPTER 3. INTRODUCTION TO PH SWING

To measure the effect of environmental factors, human error and experimental deviations, a few experiments were repeated at a similar interval of time, with the same operating conditions. The stability of these experimental results was judged based on its standard deviation from their mean value. As seen in figure 3.4, the standard deviation from mean value for purity and recovery rate was 0.02%, and 2.32% respectively.

σ = ∑ (|x i | -X) 2 N (3.19)
Standard deviation was calculated using equation (3.19). Where σ was standard deviation, x i was value of purity/recovery, X was the mean value and N the number of data points performed. This suggest that, in these cases, the operating conditions induce significant transfer limitations that degrade purity and recovery rate. That is why, optimal operating conditions such as gas pressure, liquid, and gas flowrates must also be carefully studied.

Results and discussion

Effect of systematic pH manipulation

Overall, experimental purity never reached theoretical maximum value as high as shown in figure 3.1a, which indicates that mass transfer resistances from gas to liquid always matter.

These limitations should therefore be included in the model to predict real performances.

For instance, the two best experimental points, circled in green in figure 3.5, which reached 99.98% and 99.97% purity, correspond to 99.99998% and 99.9996% theoretical maximum purity in their respective operating conditions. Moreover, they reached 86% and 94% recovery rate, whereas their respective theoretical maximum recovery rate are 99.93%.

Effect of gas pressure

At a fixed temperature, absorption of N 2 and CO 2 in an aqueous solution highly depends on the operating pressure of the gas phase due to Henry's law. As the pressure increases, the solubility of gas also increases. figure 3.6 shows the effect of gas pressure on purity and Gas concentrations in the liquid phase increase slower along hollow fibers at higher liquid flowrate for a given gas flowrate. The gap between equilibrium and actual gas concentration in the liquid phase (driving force) is higher, which results in a higher amount of gas absorbed. Moreover, a higher liquid flowrate may improve the gas transfer rate at the interface between liquid and membrane by reducing the boundary layer. Consequently, the N 2 recovery rate is lower (an increase of N 2 loss in offgas), but purity is higher as more CO 2 is absorbed. increase of liquid flowrate, the desorption process was negatively affected by the same, mainly due to the lower gas-liquid contact time [START_REF] Mansourizadeh | Experimental study of CO2 absorption/stripping via PVDF hollow fiber membrane contactor[END_REF]. Thus, the residual CO 2 amount in the degassed absorbent was higher at a higher liquid flowrate. Despite this phenomenon, from a global perspective, the performance gets better with the increase in flowrate. For a given set of operating conditions in the current experimental study, the residual dissolved CO 2 seems to be the limiting factor to reach high purity. Accordingly, liquid flowrate must be optimized carefully depending on gas flowrate, membrane surface at each stage, and gas transfer rate to achieve high purity. absorption, an increase of N 2 recovery rate must be due to a better recovery in the first degassing stage. It means that more N 2 is degassed during this stage when pH before desorption (so after absorption) is higher. It can be explained by the lower CO 2 amount in molecular form to remove at higher pH in the first degassing stage (but similar CO 2 total amount with its anionic forms). Thus, more N 2 is removed from absorbent in comparison, so recovered in the first offgas and potentially recycled with input gas at absorption stage. A key aspect of every process revolves around its feasibility and sustainability. The use of acid-base in the process surely increases the purification of gas with competitive recovery. However, chemical usage raises the question of operational cost. Moreover, acid and base consumption generates salt accumulation in the absorbent, which needs to be partially refreshed and discarded periodically. However, moderate acid and base amount are theoretically sufficient to overcome the 99% purity limit (2% to 5% of CO 2 amount).

Effect of liquid flowrate

Magnitude of pH change

However, operating conditions also affect performances as well as mass transfer resistance from gas to liquid. To compare, at P g = 5 bar(g), Q g = 100 NL/h, Q l = 200 L/h and pH abs = 9, the experimental purity reached 99.97%. To maintain a pH of 9 before absorption, 24.5 mL/min of 1M KOH was required, which corresponds to about 90% of the inlet CO 2 absorbed amount. Acid and base amount demand are naturally higher than estimations given by the model but still lower than CO 2 absorbed amount and much lower than the amount used in common chemical absorption processes.

Conclusion

The objective of this chapter was to highlight that the purity was limited due to residual CO 2 and thus could be improved by adjusting pH of the absorbent. Thus in the beginning CHAPTER 3. INTRODUCTION TO PH SWING of this chapter a theoretical tool is built to address the purity limitation observed in previous chapter. During the theoretical study of this system, it was seen that the residual dissolved CO 2 , due to equilibria with its ionic forms (HCO - 3 or CO 2- 3 ), restricts the purity that can be achieved with the recirculated absorbent. To overcome this limitation, an accession to the existing separation process is put forward. This addition based on pH swing is implemented first theoretically and then experimentally. The results from the theoretical model demonstrate the positive effect of pH swing. The model is then further complimented by the experimental results. However the model overestimated the purity since resistances to the gas-liquid mass transfer were not accounted for. Nevertheless, the results obtained clearly show a positive effect of acido-basic manipulation on purity and recovery rate of the least soluble gas (N 2 , H 2 , CH 4 ). Following, effect of operating parameters on the given process is also studied.

1D Modelling of hollow fiber membrane contactor

Preamble ◃ The theoretical model presented in previous chapter fails to account for mass transfer coefficients and hence overestimated the output purity. Also, in addition to the experimental investigation and developing the process design, it was deemed necessary to study the internal trends of the membrane contactor to quantify the effect of several operating parameters. Therefore, the current chapter focuses on the efforts dedicated toward developing a simple 1D model which would allow prediction of gasliquid mass transfer inside the hollow fiber membrane contactor (HFMC). This 1D model is not only simple to construct and use but also efficient in terms of results. The in-house numerical model enabled studying variations in certain variables along the length of the contactor. Likewise, the model can also be used for up-scaling purposes. ▹

Preface to the chapter

This chapter introduces the numerical model developed based on the physical equations governing fluid flow and transfer kinetics inside HFMC. Firstly, the modelling approach and strategy is discussed in section 4.1; followed by an elaborate derivation of equations.

Further, the estimation of liquid and membrane mass transfer coefficients are elaborated towards the end (section 4.8). Once the model has been built and validated for two cases: pure CO 2 absorption and absorption of gaseous mixture. When, validating the model for gas mixture, an additional membrane resistance has been acknowledged, which was not accounted for. As series of experiment was launched to quantify the gap between the experimental and numerical results. The presented model was built to simulate just the gas absorption in steady state and in dry mode. Also the absorbent is assumed to be fresh (not recirculated and regenerated) with no pH swing.

Modelling approach

As it can be observed in numerous studies that were previously reported, a membrane contactor is fairly complex system to model. There are different phenomenon at stake including convection, diffusion, flow through porous medium and mass transfer between phases. Therefore, it is necessary to take into account the dynamics at different geometrical scales. HFMC consists of thousands of hollow membrane fibers staked together (10200 in 2.5" x 8" Liqui-Cel® Extra-Flow module). Liquid is introduced on shell side of the contactor. For the sake of the simple 1D model, the whole contactor was assumed to be a homogeneous medium to avoid complexity. Referring to the figure 4.1, it can be seen that the whole contactor is divided lengthwise into small sections. These sections will serve as control volumes in presented case. The reason behind dividing the contactor lengthwise was that the properties of the system vary lengthwise. In this study, the point of interest would be the fibers, liquid flowing across the fiber bundle and mass transfer from gas phase to liquid phase. Following that, convection-diffusion equations will be solved for each control volume for two different phases: gas and liquid. Mass transfer from one phase to another through the membrane will be introduced in the form of a transfer term R i . blank text

Assumptions

The assumptions made during the modeling study are listed below:

• Ideal gas law and Henry's gas law are valid for given temperature and pressure conditions.

• Liquid flow is incompressible.

• Physical properties of the membrane are uniform throughout the length of the contactor (porosity, tortuosity, pore size, etc).

• Initial concentration of gas in liquid phase is zero (C i l = 0)

• No liquid entrainment in the membrane pores (dry mode operation).

• No pressure drop on liquid side.

• No interaction between mixture components and absorbent in regards of chemical or thermodynamic equilibria.

• Gas is physically absorbed in the absorbent (e.g. ionic dissociation of CO 2 not taken into account; hence no change in pH).

• Steady state.

Materials and their properties

As mentioned in previous section, gas-liquid interaction is the highlight of this model. The liquid absorbent used in this study was water and the gas treated was a mixture of gases i.e. CO 2 /CH 4 , CO 2 /N 2 or CO 2 /H 2 . The gaseous mixtures selected were in accordance to the experimental investigation.

Also, the module of HFMC under study was Liqui-Cel® 2.5×8. The geometrical specifications and properties of membrane are given in appendix A

Liquid phase equations

In the HFMC, the absorbent liquid flows from bottom to top in between the gas fibers. The contact of liquid to gas phase is established through the porous membrane. For the liquid phase equations, the aim is to know the amount of gas dissolved in the liquid.

The mole balance over a control volume for the liquid phase can be written as expressed in equation (4.1):

J i l,(z) -J i l,(z+dz) + J i l,(trans) = Accumulation = 0 (4.1)
Here J i is the molar flux of component i from gas to the liquid phase. Referring the figure 4.2, we can see mass flow escaping from membrane pores to the liquid. In liquid phase, mass transport takes place in two ways, namely convective transport and diffusive transport.

Convective transport is a result of bulk movement in the liquid. Whereas, diffusive transport takes place when there is difference in concentration between two points. But in present case, even with the lowest flowrate of liquid, the Peclet number is quite high (magnitude of 10 4 ). This implies that the convective transport is higher than diffusive transport and that it is safe to ignore diffusion.

Equation for molar flux J flowing through cross sectional area A l of the element can be written below.

A l .J i l,(z) -A l .J i l,(z+dz) = S o .R i
S o is outer surface area of the fibers (S o = n f .π.d f o .dz). R i establish the transfer of gas into liquid. It has to be noted that, the cross sectional area A l only takes into account the area acquired by liquid

(A l = π 4 (d 2 ci -n f .d 2 i )).
Where d c i and d f i are inner diameter of the membrane contactor and outer fiber diameter respectively.

J i l,(conv) = C i l .u l (4.2)
Where C i l is molar concentration of gas species i dissolved in the liquid

A l (u l .C i l ) z+dz -A l (u l .C i l ) z = S o .R i (4.3)
This can be further simplified into equation (4.4):

dC i l dz = n f .π.d f o A l .u l .R i (4.4)
Here, d f o is outer diameter of a single fiber tube and n f specifies number of fibers.

Transfer term

The source term R i (mol m -2 s -1 ) or transfer term in our case describes the flowrate of gas transferred to liquid phase:

R i = (K eq .ϵ m ) × (H cc C tot g y i -C i l )
The overall mass transfer coefficient K eq is calculated by resistance in series model, which is discussed in section 4.6. And ϵ m is porosity of the membrane.

Gas phase equations

Continuity equation for gas phase

To simplify the equations for gas phase, a control volume V is considered. As shown in the figure E.1a, the control volume hollow membrane fibers. Where, S i is inner surface area of the membrane fibers and A g being the inner cross sectional area of all the fibers in the control volume. A steady state continuity equation could be written for gas phase in lumen side. If the gas is flowing with the velocity ⃗ u g , pressure P g and concentration C tot g , then the molar balance can be written as:

J i g,(in) -J i g,(out) -J i g,(trans) = Accumulation = 0 (4.5) A g .J i g,(z) -A g .J i g,(z+dz) = -S i . ∑ R (4.6)
Where R i accounts for transfer of mass from gas phase to liquid phase and A g can be defined

as

A g = n f . π 4 d 2 f i .
Similar to liquid molar conservation, the flux J can be defined by convective and diffusive flux. Again, Peclet number in this scenario is also above unity and diffusive transport term can be ignored.

A g . d( ⃗ u g .C tot g ) = -S i . ∑ R (4.7)
Here, we chose to describe flux in terms of moles and not mass. The negative sign for transfer term indicates that molar mass is leaving the gas system.

Simplifying further to separate variable of interest and solving for velocity, we get:

du g dz = - 4RT d f i .P g . ∑ R - u g P g dP g dz (4.8) 

Pressure variation

Equation (4.8) involved two unknowns (velocity and pressure). We therefore need an additional equation. Neglecting the slip flow at the inner wall of the hollow membrane, the velocity profile can be related to the pressure gradient along the tube using Poiseuille's equation. However, the total pressure drop for gas phase inside hollow fiber membranes is less than 0.05 bar g which is negligible when compared to operating pressure [START_REF] Fougerit | Développement d'un procédé innovant d'épuration du biogaz par mise en oeuvre de contacteurs à membranes[END_REF]. The same phenomenon was evidently seen experimentally. Hence, the gas phase pressure along the length of the contactor was assumed to be constant in the model, therefore saving computational time.

Species transport for gas phase

Since we are dealing with a binary mixture here, it is necessary to resolve one more component of the system: mole fraction of species. Writing continuity equation that we already derived in previous section.

A g d dz ( ⃗ u g .C tot g ) = -S o . ∑ R i (4.9)
Writing the same continuity equation but for only one species i at a time.

A g d dz ( ⃗ u g .y i .C tot g ) = -S o .R i (4.10)
Here, y i is the mole fraction of species i. Solving for y i :

dy i dz = 1 A g .C tot g u g (-S o .R i -A g .y i .C tot g d dz u g -A g .y i .u g d dz C tot g ) (4.11) 
All the above derived equations for gas and liquid have a transfer term in common. The mass transfer coefficient involved is solved using resistance in series approach, which is elaborated in following section.

Resistance in series model

As seen in chapter 1 many authors have used resistances in series approach to describe mass transfer in HFMCs. This approach takes into account the resistance in gas phase R g , membrane R m , and liquid phase R l figure 4.4.

The molar flow flowing through gas to liquid phase N could be divided into local flow rates for each phase: N g (gas), N m (membrane) N l (liquid) at steady state. By law of conservation of mass:

N g = N m = N l (4.12)
Defining individual flow rates by Fick's law of diffusion for each phase. Rate of mass diffusion (mole/s) is directly proportional to the concentration difference between phases. 

Gas phase:

N g = k g .S f i .(C i g1 -C i g2 ) (4.13)
N g = k g .(π.d f i .dz).(C i g1 -C i g2 ) (4.14) 
Here S f i defines internal curved surface area of a membrane fiber.

Liquid phase:

N l = k l .S o .(C i bl -C i l ) (4.15 
)

N l = k l .(π.d o .dz).(C i bl -C i l ) (4.16) 
Here A c is external curved surface area of the fiber bundle and C bl is concentration of gas in boundary layer of the liquid which in equilibrium with concentration of gas in gas phase (at gas liquid boundary). Hence by Henry's law of solubility we can write:

N l = k l (π.d o .dz)(H cc .C i g3 -C i l ) (4.17) 
Membrane phase: Writing mass conservation equation for membrane:

dC i dt + ∆u g C = D m ∆C + w (4.18)
Where, w is source term. Since diffusive transport overcomes convective transport in membrane phase; rewriting equation for steady-state, non-convective mass transport 

D m ∆C = 0 (4.19)
Since the geometry of membrane is cylindrical, let us define the 1D diffusion inside membrane in terms of cylindrical coordinates.

1 r ∂ ∂r r ∂C i ∂r = 0 (4.20)
Integrating once,

∂C i ∂r = A r (4.21)
Integrating twice,

C i = ln r.A + B (4.22)
Where, A and B are integral contants. Applying boundary conditions,

at r = r i C = C i g2 , ⇒ C i g2 = ln r i .A (4.23) at r = r o C = C i g3 , ⇒ C i g3 = ln r o .A (4.24) 
Solving for

A A = C i g2 -C i g3 ln(r i /r o ) (4.25) 
Rate of molar diffusion through surface area S m can be given by,

N m = D m .S m . ∂C i ∂r r i (4.26)
Substituting Eq. 4.21 and Eq. 4.25 in Eq. 4.26, we have:

N m = D m .(π.dz) C i g2 -C i g3 ln(r o /r i ) (4.27) 
Overall mass flow from gas phase to liquid phase can be written as:

Overall resistance:

N overall = K eq .A.(H i cc C i g 1 -C i l ) (4.28)
Where H i cc is Henry's coefficient of solubility. This depicts the transfer from liquid boundary layer to bulk liquid. At membrane boundary where liquid comes in contact with gas; the concentration of gas in the liquid boundary layer is said to be equal to concentration in gas.

Hence concentration boundary layer at C i bl could be defined in terms of boundary layer by using Henry's law of solubility:

H i cc = C i bl /C i g 1 (4.29) 
As we know,

N = ∆C i R (4.30) N overall K eq .(πd f o dz) = N g .H i cc k g (π.d i .dz) + N m .H i cc .ln(r o /r i ) D m (π.dz) + N l k l (π.d o .dz) (4.31) 
According to the mass conservation, at steady state, the local molar flow flowing through three phases would be the same (equation (4.12))

1 K eq .d f o = H i cc k g .d i + H i cc ln(r o /r i ) D m + 1 k l .d o (4.32)
The resulting equation enables to calculate the equivalent mass transfer coefficient as a function of individual mass transfer coefficients for each phase. The strategies adopted to estimate the same are presented in following section.

Solver

The contactor domain is divided into number for sections vertically and all the derived equations were solved for each section. Foremost, the equations were discretized using first order forward finite difference scheme.

C i l (n + 1) = C i l (n) -dz n f .π.d f o A l .u l .R i (4.33) u g (n + 1) = u g (n) -dz 4RT d i .M g .P g . ∑ R i + u g P g dP g dz (4.34) 
P g (n + 1) = P g (n) + 1 - M g RT u 2 g -1 ∑ R i 4 d f i 2u g -∑ R i RT P g (4.35) y i (n + 1) = y i (n) + dz A g .C tot g u g -S o .R i -A g .y i .C tot g d dz u g -A g .y i .u g d dz C tot g (4.36)
Then the whole set of discretized governing equations are cast into a single linear matrixvector system using Block coupling method. As opposed to segregated algorithms, the equations are solved implicitly using MATLAB. Subsequently, Jacobian inverse technique was used to solve the given non-linear set of equations iteratively. In this method, each CHAPTER 4. 1D MODELLING OF HOLLOW FIBER MEMBRANE CONTACTOR equation is converted into its explicit form for one unknown vector. Values of other variables in the equation is taken from previous iteration.

It is mathematically represented as:

x n+1 = x n -J(x n ) -1 . f (x n ) (4.37)
Where, x m is the flow variable in the form of a vector, f (x m ) is the explicit function for of equation to solve for flow variable. And J(x m ) is the Jacobian matrix.
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Equation (4.37) is iteratively solved until norm f (x m+1 ) ≤ tolerance. The tolerance is set at 10 -6 .

Grid independence

A grid independence study was also carried out using absorbed CO 2 flowrate as a deciding factor. An error relative to experimental result is also plotted against grid size.

A grid of 100 is sufficient to predict the solution Figure 4.5.

ϵ rel = abs Q abs num -Q abs exp Q abs exp (4.38)

Estimation of mass transfer coefficients

Mass transfer coefficient in gas

The diffusion coefficient for gas is calculated using equation (4.39) below [START_REF] Fuller | New method for prediction of binary gas-phase diffusion coefficients[END_REF]. Relative error (%)

D i-j mol = 10 -7 T 1.75 P[(∑ ν i ) 1/3 + (∑ ν j ) 1/3 ] 2 1 M i + 1 M j

Grid independence

Absorbed CO 2 flux

Relative error

Operating data: P g =0 barg Q CO2 in =1.66 (10 -5 Nm 3 /s) Q l =5.55 (10 -5 m 3 /s)

Figure 4.5: Grid independence study

The gas phase resistance as compared to liquid and membrane is very low. For example, at the pressure of 5 bar g and mix gas environment (CH 4 /CO 2 ), the magnitude of gas resistance is 10 5 s m -1 .

Mass transfer coefficient in liquid

Resistance in liquid can be calculated from Sherwood number (Chilton-Colburn). All the mass transfer coefficients are defined locally.

Sh l = α.Re 

Re l = d f o ∥ ⃗ u l ∥ ρ l µ l (4.41) Sh l = d f o k l D l (4.42) Sc l = µ l D l ρ l (4.43)
Where α and β are function of geometry and packing density of the membrane contactor.

Over the time, many researchers have tried to define the constants based on in-house experimental data but they are not found to be consistent throughout the literature. All of them were catered for different requirements such as the process application (liquid-liquid extraction/gas-liquid absorption), geometry and flow arrangement (co-current/countercurrent/cross flow). Here, the study was focused on Liqui-Cel® Extra-Flow, which is a semi cross-flow membrane contactor due to the presence of an internal baffle. Some of the studies and their depiction of the Sherwood coefficients are presented in chapter 1 Table 4.1. Range of operating conditions adopted form [START_REF] Mavroudi | A study of mass transfer resistance in membrane gas-liquid contacting processes[END_REF] for estimation of Chilton-Colburn parameters.

Operating parameters Units

Inlet Gas flowrate (× 10 The complex hydrodynamics paired with mass transfer makes this system more difficult to predict. Hence this model takes into account dynamic liquid velocity caused by the central baffle. Subsequently, the Chilton-Colburn coefficients are estimated locally with the help of this model.

To optimise the Chilton-Colburn parameters, a data set concerning pure CO 2 absorption was adopted from [START_REF] Mavroudi | A study of mass transfer resistance in membrane gas-liquid contacting processes[END_REF]. In this case, the liquid resistance was dominating over the gas and membrane. A function was used to find minimum of the relative error between numerical CHAPTER 4. 1D MODELLING OF HOLLOW FIBER MEMBRANE CONTACTOR and experimental results.

F = Q n num -Q n exp Q n exp (4.44)
Where, Q n is absorbed CO 2 flowrate for n th experimental run. The optimized parameters were found to be α = 0.65 and β = 0.54. These values are consistent and within the bounds [START_REF] Shen | Shell-Side Mass-Transfer Performance in Hollow-Fiber Membrane Contactors[END_REF]. The range of α should be in the order of magnitude of 1 and the range β vary from 0.33 to 1.00.

Calculation of flux through membrane

Calculation of membrane phase resistance is complex in nature. Both molecular diffusion and Knudsen diffusion can come into play. Molecular diffusion is simply described by Brownian motion of the gas particles or concentration difference. Whereas, Knudsen diffusion is defined by interaction of the gas molecules with the porous structures. The dominating phenomenon for particular case could be determined by calculating Knudsen number. The Knudsen number is the ratio of molecular mean free path and representative length of the micro-structure (average pore diameter in this case). Hence, Knudsen number could be calculated as follow:

Kn = λ d p,mean (4.45)
Where, λ is the mean free path of a molecule and d p,mean is the average pore diameter of the membrane.

λ = k B T √ 2πη 3 P g (4.46)
Where, k B is the Boltzmann constant , T the temperature , η the particle hard-shell diameter and P g is gas pressure in Pa. Following, Knudsen numbers for some of the gases are presented in table 4.2. If 0.1 < Kn < 10 both Knudsen and molecular diffusion govern the gas diffusion.

And so, the overall diffusion in the membrane can be written as: Albeit this approach works for pure gas numerical model, it under-represents the membrane resistance in case of gas-mixture modelling. Thus an additional mass transfer resistance which has to be modeled which is associated with gas mixture. Presence of the gas mixture is not affecting the liquid shell-side hydrodynamics, this resistance has to be located in the membrane itself. Following expression [START_REF] Kast | Mass transfer within the gas-phase of porous media[END_REF] of membrane flux (N i m ) for gas species i takes into account, the change in molar concentration, molecular diffusion (D ij ) and Knudsen diffusion simultaneously (D i Kn ).

1 D e f f = 1 D mol + 1 D kn (4.47)
J i m = ϵ m τ m D ij C tot g (1 + γ)d ln 1 -y out i,m (1 + γ) + ϵ m τ m D ij D i Kn 1 -y in i,m (1 + γ) + ϵ m τ m D ij D i Kn (4.48)
The term γ being separation factor which depends upon gaseous mix of component A and

B: γ = - M i M j
Although, equation (4.48) is an elaborate representation of the transfer flux through membrane phase; it was seen to overestimate the absorbed CO 2 flux especially at high gas/liquid ratio. Some authors have addressed this issue by introducing a wetting factor, assuming that membrane pores are always wet by some degree adding additional resistance. While this reason seems compelling, the wetting of the membrane is not probable given the time of experimental runs [START_REF] Fougerit | Gas-liquid absorption in industrial cross-flow membrane contactors: Experimental and numerical investigation of the influence of transmembrane pressure on partial wetting[END_REF]. For the given membrane module, the maximum reduction in absorbed flux was not more than 10% in the time frame of 9 hours. * All the process architectures and configurations will be included in appendix On these grounds, it could be deduced that modelling the membrane resistance tedious in such complex systems. Hence, some in-house experimental data with two different gases were produced to determine the value of membrane resistance. This data set was focused on high G/L ratios in order to produce runs where membrane resistance was dominating the gas-liquid mass transfer (table 4. 

Variable behavior

The given model was able to predict the global variation of operating parameters along the length of the contactor. The reader is reminded that the HFMC was considered as a homogeneous medium. The spacial variation in gas velocity and inside the membrane 

Comparison with 2D model

Additionally, the current 1D model was then compared with the existing 2D model from literature [START_REF] Fougerit | Experimental and numerical investigation binary mixture mass transfer in a gas -Liquid membrane contactor[END_REF]. The goal was to scrutinize weather the developed 1D model could predict experimental data as efficiently as a 2D model. As seen in figure 4.10, there are 3 series of data which were reproduced by Fougerit et al., 2019 [110] to validate the his 2D model against experimental data. Series 3 show great agreement between both models, followed by series 1. Albeit, series 2 show deviating results at higher inlet CO 2 flowrates with a maximum relative error of 18%. This implies that the 1D is capable of predicting the hydrodynamics and also the mass transfer coefficient. This would not only avoid complexity but also save computation time.

The current model was also compared to the experimental gas-mixture (CH 4 /CO 2 ) data.

The trends and values were well captured by the model average relative error of 13%. The discrepancy between experiments and model could be explained by limitation of process equipments used (gas analyzer and flow meters/controllers). Moreover, modeling mass transfer over a wide data set such as this challenging. 

Conclusion to the chapter

In this chapter, a 1D model of hollow fiber membrane contactor was carefully detailed to investigate the dynamics of the system. The membrane contactor is assumed to be a homogeneous medium where variables vary as a function of length. The variables are influenced by individual phase (gas/liquid) dynamics as well as the mass transfer between the phases. The key highlights of this chapter are:

• An extensive and detailed derivation of equations is presented with an outline of solving methodology.

• Besides, the Chilton-colburn parameters were also estimated by regression over data found in literature (α = 0.65 and β = 0.54).

• The membrane resistance is also profoundly investigated leading to the conception of a constant value of membrane resistance (3.5 × 10 7 s m -1 ). Often in literature the new-found membrane resistance is said to be due to the wetting of the membrane and is expressed as the wetting fraction. And hence, this value could not be compared to the literature.

• On contrary to the previous chapter, equilibrium is not always achieved and mass transfer rate has to be taken into account.

• The model could further be extended to absorption-desorption loop. This extended model would indeed serve as a predictive tool to help optimize and design a rig. 

Preface to the chapter

The current chapter is focused on further optimizing the degassing configuration.

Specifically, the effect of acidic environment on degassing mechanism is tested experimentally. The chapter starts by shedding the light on degassing mechanism and its effect on overall performance of the CO 2 removal. The aim of this chapter is to study the effect of various parameters such as pH swing, operating conditions and degassing configurations on purity and recovery of H 2 .

Desorption in HFMC

Recalling chapter 3, it was established that the desorption of CO 2 plays an important role on the output gas of the HFMC system. Residual CO 2 in ionic form lowers the absorption equilibrium. This claim is experimentally supported by Kim et al., 2016 [84]. It could be seen that when the absorbent (water in this case) is regenerated and reused, it does affect the purity of CH 41 negatively (figure 5.1). Hence, it is necessary to further investigate and optimize the desorption part of the system. Purity as a function time using using two absorption modules and four desorption modules of PP hollow fiber membrane contactor [START_REF] Kim | Practical designs of membrane contactors and their performances in CO2/CH4 separation[END_REF].

In this study, other desorption technique such as temperature swing has not been exploited to keep the process sober.

Figure 5.2 graphically depicts the fundamental degassing mechanism inside HFMC. In the figure, the liquid is passed through shell side. Hence, the vacuum is applied to the both ends of the lumen side. The intent is to decrease the partial pressure of the gas species. Since, most of the gas is physically dissolved in the absorbent, the gas eventually, seeps back into the hollow fibers through porous membrane obeying Henry's law (equation (5.1)).

C i l H i cp • p i g (5.1)
Depending upon the composition of the recovered gas (offgas), it could be directed in different ways:

• If the offgas contains a fair amount of valuable gas (H 2 or CH 4 ); the offgas could be recycled back to the feed to minimize the loss and increase the recovery.

• If the offgas is rich in CO 2 , it could be used in other industrial process, stored or sequestered.

Degassing in HFMC could be carried out using different degassing ways such as:

• Vacuum stripping

As the name suggests, the saturated liquid is subjected to the vacuum to remove the dissolved CO 2 from the absorbent. The vacuum is applied on the gas side of the membrane contactor and that way the absorbent is regenerated. This would avoid re-pressurization of the liquid after regeneration and henceforth save the energy consumed by the process. Another advantage of vacuum stripping is recovery of (almost) CO 2 , which could be used in other processes, bottled or sequestered.

• Gas sweeping

The gas sweep method works in the similar way as vacuum stripping. An inert gas (air or N 2 ) flow passed through the gas side of the membrane contactor to lower the partial pressure of the dissolved gas species. It also adds additional driving force to carry out degassed species. The main disadvantage of the process is that the CO 2 recovered in the offgas will be diluted with air. Therefore, the offgas could hardly be purposed any other process. 

• Combination mode

The combination mode signifies the use of both techniques simultaneously. It could be executed by subjecting vacuum to one end of the contactor and feeding other end with the inert gas stream.

Even though, combination mode is very popular and effective, it was not adopted for this study as one of the goals was to use obtain high purity CO 2 (from offgas). The recovered CO 2 could be used in other processes. In the view of these pros and cons of all the degassing mechanisms, for this study vacuum stripping is preferred. Following sections would be focused on optimizing the degassing stages.

Optimization of degassing setup

To study and investigate the degassing, a three contactor system (introduced in chapter 2) is adopted for the experimental study. The two degassing contactors were put under study to analyze the effect of vacuum stripping on the mass transfer. 

Table 5.1. Combinations of configurations of two degassing contactors for three different conditions demonstrated in figure 5.3. h h h h h h h h h h h h h h h h h h h h

First degassing

Second degassing

Co-current Counter-current Both sides Co-current 1 4 7 
Counter-current 2 5 8

Both sides 3 6 9

Results: highlighting the need of second degassing contactor

The experimental campaign was focused towards investigating the various degassing architectures and configurations to optimize the performance of the system. First, some it was seen that the overall gas absorbed in proportion to feed increased (Q tot absorbed /Q tot in ) with increasing gas flowrate. Proportionally, the amount of CO 2 absorbed with respect to CO 2 feed (Q CO 2 absorbed /Q CO 2 in ) is decreased. This explains the decreasing trend in purity (details explained in chapter 2). Second observation leads us to the improvement of purity when two degassing contactors are used instead of one. In section 5.2, the gap between the two (one and two contactor regimes) seems to be widen when the gas flowrates are high. It would be reasonable to conclude that there are more than one reason to explain the increment in the gap. Adding the second degassing contactor, definitely improves the performance in terms of purity, which is one step closer to the thesis goal. Recalling the very initial goal of the experimental pilot, that is achieving competitive purity and recovery rate.

Adding two degassing stages would not only improve the purity but also allow to recycle the first offgas and improve the recovery rate of CH 4 .

Results: influence of pH swing on degassing

Following, while implementing the pH swing for current setup, there were two possibilities of injecting acid, since there were two degassing stages. To study and quantify this effect, the base is introduced before absorption stage and the acid is injected before the first or second degassing stage. Figure 5.5 reveals the effect of liquid flowrate on purity and recovery of H 2 in the purified gas output. Outwardly, it is observed that, the purity has a decreasing trend with respect to the liquid flowrate and it is not in accordance with the previous findings. The trends of purity with respect to liquid flowrate seems to be changing with each experimental campaign involving pH swing. The precise effect of gas-liquid ratio on gas absorption in the pH swing environment has to be further investigated. But in figure 5.5 the decreasing trend could be explained by the poor mixing of acid and base. Poor mixing and lower residence time of H + and OH -(from acid and base respectively) would affect equilibrium shift. This phenomenon was also supported by the physical observations of pH values during the experimental runs. At lower liquid flowrates, the absorbent is highly acidic/basic before desorption and absorption respectively; but with increasing flowrates the pH would progress towards neutral state.

Bringing back the focus to the difference between the degassing stages, a positive effect of pH swing could be seen on the H 2 purity when the liquid flowrates are low. Injecting acid before first degassing stage slightly improves hydrogen purity and recovery rate (from data). A slight increase of CO 2 absorbed is also observed but it is quite low since pH swing just overcomes the purity limitation due to acid-base equilibria. High purity of hydrogen corresponds to high absorption rate of CO 2 gas (as seen in figure 5.5c). The acid before degassing first stage results in higher gas recovery in first offgas due to the excess H + cations.

The cations shifts the equilibrium and aids in degassing. From the data, it was observed that less H 2 is absorbed in proportion to CO 2 . And therefore, recovery of H 2 is higher when acid is injected before first degassing stage.

The data with no pH swing show overall lower purity and higher recovery rates at low liquid flowrates. The difference between absorption rates of total gas is quite low and hence it is mainly the effect of acido-basic equillibia. At absorbent flowrate of 200 L h -1 , the absorption of gas is limited by the residence time inside the contactor. And hence, even with 

, Q g = 100 NL h -1 , y in CO 2 = 35%)
external enhancements (such as pH swing) process could not be significantly improved.

Since the acid and base are directly injected into the absorbent loop, the mixing of acid and base at higher flowrates is inefficient. It is thus necessary to install an additional mixing chamber to insure the mixing. Also, as established in chapter 3, the operating parameters play an imperative role in overall process.

Results: effect of gas stripping configuration

It was established in the previous sections that using more contactors for degassing enhances the gas absorption and pH swing shifts the CO 2 equilibrium in aqueous absorbent.

The next step was to discover the different configurations for degassing (stated in figure 5.3).

All the possible combinations of two degassing contactor with 3 configurations were enlisted in the table 5.1. The focus was still kept on the percentage of H 2 in final output of the absorption contactor. 

, Q g = 100 NL h -1 , Q l = 150 L h -1 , y in CO 2 = 35%)
In figure 5.6 the purity of H 2 is plotted for each degassing configuration (table 5.1) keeping all the other operating parameters constant. For comparison, the results with pH swing are plotted along with the results without pH swing. The acid and base used during the process was 20 mol % of the inlet CO 2 . At a first glance, it could be seen that the pH swing advantages the H 2 purity in the output. From figure 5.6, it was seen that the configurations no. 7-9 have best performance (without pH swing) which corresponding to vacuum stripping from both ends of the second degassing contactor. The no. 3 contrary to no. 6 also show good purity where the first degassing contactor was being stripped from counter-current and both sides. It seems that counter-current stripped is not effective as demonstrated in configuration no. 4-6 and also no. 2. Shifting the focus to the results with pH swing, the purity oscillate between 98% and 99%. There was no evident pattern or trend.

The base before the absorption in a way betters the purity no matter what the configuration was. As explained in chapter 3 the reason behind this phenomenon is the equilibrium shift in CO 2 absorption. Also, from section 5.2.2 it could be seen that, the acid injection also affects the degassing in a positive way. Nevertheless, the best purity in this case was the result of stripping from both side for both contactors (no. 9). It may be noticed that the purity in all the cases did not exceed above 99%, which could be explained by the low amount of acid and base (20% of CO 2 feed).

CO 2 recovery

During the study, it was discovered that, the first offgas (stripped gas from first degassing contactor) has larger concentrations of least soluble gas. On the contrary, the second offgas was more concentrated with CO 2 . Hence, it was best interest to recycle first offgas into the feed to minimize the loss of valuable gas (H 2 in this case). The second offgas however could be used in other industrial applications or sequestered. Therefore, this section will be focused towards investigating optimal recovery of CO 2 from second offgas. 

(Q g = 150 NL h -1 , T l = 20 o C, y in CO 2 = 35%)
It was also important to simulate the industrial scenarios where the input gas is not under pressure. From previous experiments, it was acknowledged that at low pressures, the total amount of gas absorbed is less. And consequently, the least soluble gas (H 2 in this case) is proportionately less absorbed. Hence, the gas recovered in the offgas will predominantly be CO 2 . In figure 5. 

Conclusion

In this chapter, a thorough experimental study of degassing in HFMC is presented. From a broad perspective, it was seen that, degassing has a significant effect on overall process and that it should be optimized carefully. The effect of pH swing was also showcased along operating parameters. In this chapter reaching high purity was not the objective and hence amount of acid and base used was low. Adding one more degassing contactor and pH swing both had a positive influence on purity. But in order for pH swing to be effective at higher liquid flowrates, a mixing chamber should be installed to improve the mixing of the acid and base before the absorbent enters the membrane contactor.

It was also shown that fairly pure (98-99%) CO 2 can be obtained as a by-product of the process, which could be re-purposed in other industrial applications. The given process could also serve as a intermediary process in the industrial scenarios where one or more purification steps are involved. For example, membrane contactors could be placed before PSA system to reduce the load and refine the purity at the later stage.

This project was undertaken and conceptualized as a result of upcoming net zero transition.

Hydrogen has proved to be a key energy vector especially in transportation sector. One of the sustainable, efficient, and cost effective ways to produce hydrogen is from organic matter. Hence, the PhD is aimed towards separating hydrogen from bio-sourced syngas.

To do so, Hollow Fiber Membrane Contactors (HFMCs) have proved to be an attractive gas-liquid absorption equipment due to its high contact area, easy scale-up, and ease of operation.

Taking a classical approach, this chapter elaborates the background, the context, and the goal of the study. At first, a step by step production of syngas from biomass is presented. Then, classical and well-established technologies CO 2 separation technologies are compared with discussing their advantages and disadvantages. Consequently the choice of membrane contactor (HFMC) for the current experimental work are rationalized.

A literature review of some of the technical aspects of HFMC are presented and the choice of the module and absorbent is also justified. Literature show that membrane technology evolution and development have targeted specific areas such as post-combustion and biogas upgrading. Ultimately, a membrane contactor operation that is paired with the regeneration of absorbents cannot reach a purity above 99%, which seems to be the limitation of this technology. For further understanding of the dynamics and mass transfer inside the cross-flow membrane contactor is studied and investigated followed by an brief literature survey modeling approaches.

An overview of the modular experimental pilot and its detailed assembly is put forward for CO 2 separation including gas regulation, liquid regulation, membrane contactors and analysis. The pilot has the capacity to treat a gas flowrate of 50-400 NL/h. To start with, simple sensitivity analysis was performed to observe and re-establish the effect of operating conditions on the performance in terms of purity and yield of H 2 . A bottleneck in terms of purity (<99%) was identified in the literature which was confirmed during the first experimental campaign. A membrane contactor operation that is paired with the regeneration of absorbents cannot approach a purity of 99%, which confirms the limitation of this technology.

To further investigate and abate the mass transfer equilibria, a theoretical tool was introduced. During the theoretical study of this system, it was seen that the residual General Conclusion dissolved CO 2 , due to equilibrium with its ionic forms (HCO - 3 or CO 2- 3 ), restricts the purity that can be achieved with the recirculated absorbent. To overcome this limitation, an accession to the existing separation process is put forward to slightly shift the acido-basic equilibria. This process is named pH swing absorption, where swing implies: increasing the pH slightly before absorption and then decreasing before desorption stage. When implemented theoretically and experimentally, a positive effect on purity and recovery rate of least soluble gas (H 2 /N 2 /CH 4 )was observed. The highest purity y H 2 obtained for H 2 was 99.98%. The pH enhancement is still highly dependent from operating conditions (pressure, gas and liquid flowrates) that can hinder drastically its effect.

The theoretical model (which accounts for the effect of phSA) was efficient to calculate the equilibrium of the whole process (absorption and desorption). The model was built by assuming that phases (gas and liquid) are in equilibrium and that there is no resistance in mass transfer. This naturally led to the overestimation of purity. Hence, to have better understanding of mass transfer mechanism inside the membrane contactor, a numerical model was built. Based on fluid-flow governing equations, the 1-D model allows us to calculate local mass transfer coefficients as a function of operating conditions. Study shows that when solving pure gas (CO 2 in this case) absorption, the liquid phase resistance dominates the overall resistance. And hence to better represent the effects of geometry on hydrodynamics, the Chilton-colburn parameters were estimated by regression over data from literature (α = 0.65 and β = 0.54). When the model is solved for gaseous mixture, a new resistance was encountered. Since, the liquid resistance remains the same and magnitude of gas resistance is lower, the resistance was said to be located in membrane.

Often in literature the new-found membrane resistance is said to be due to the wetting of the membrane and is expressed as the wetting fraction. But for this study, membrane resistance is tuned with the help of in-house experimental data and then validated against experimental data (in-house and literature).

From a broad perspective, it was seen that degassing has a significant effect on overall process (namely purity) and that it should be optimized carefully. So, an elaborate experimental campaign to optimize the vacuum degassing stages was launched. Different architectures at different operating conditions were tested to reveal the trends for absorbed CO 2 flux, purity and recovery rate. It was also shown that fairly pure (98-99%) CO 2 can General Conclusion be obtained as a by-product of the process, which could be re-purposed in other industrial applications. At higher liquid flowrates, the effectiveness of pH swing is low due to the poor mixing.

Concluding, this PhD has managed to develop, model and optimize an innovative CO 2 separation process successfully. A proof of concept is established fulfilling the goals of present work. Although, several perspectives could be drawn from this study:

• An extensive experimental study should be launched to test the pilot with actual industrial syngas comprising minor impurities such as carbon monoxide.

• The novel technique (pHSA) introduced in this work can be further extensively studied experimentally. During the study, it was seen that, there is a need of mixing chambers to increase the effectiveness of acid and base injected into the liquid loop. Also, a need of real-time CO 2 analyzer was felt to cross-check the mass balances.

• Several commercially available membrane contactors should be compared and tested for longevity and their performance to price ratio.

• The numerical model could further be extended to absorption-desorption loop. This extended model would indeed serve as a powerful predictive tool to help optimize and design a rig.

• Since, the overall project is dedicated towards production of clean hydrogen, the CO 2 footprint of the process should be calculated. Similarly, its operational cost and investment should be estimated. 

A

G.4 Introduction au pH swing : analyse théorique et expérimentale

Un outil théorique est construit pour répondre à la limitation de pureté qui a été observée lors de l'analyse primaire. Ce modèle est basé sur la conservation de la masse et les équations d'équilibre résolues pour le processus d'absorption-désorption afin de déterminer la concentration de CO 2 dissous. Lors de l'étude théorique de ce système, on a vu que le CO 2 résiduel dissous, dû aux équilibres avec ses formes ioniques (HCO - 3 ou CO 2- 3 ), limite la pureté qui peut être atteinte avec l'absorbant recirculé. Pour pallier cette limitation, un ajout au procédé de séparation existant est proposé. Cet ajout basé sur

G.6 Investigation expérimentale : optimisation du dégazage

Enfin, une étude expérimentale approfondie du dégazage dans HFMC est présentée. D'un point de vue général, il a été constaté que le dégazage a un effet significatif sur le processus global et qu'il doit être optimisé avec soin. Différentes architectures de dégazage ont été testées pour leur effet sur la pureté de l'hydrogène. L'effet de l'oscillation du pH a également été présenté avec les paramètres de fonctionnement. L'ajout d'un contacteur de dégazage supplémentaire et l'ajustement du pH ont tous deux eu une influence positive sur la pureté. Mais pour que l'oscillation du pH soit efficace à des débits de liquide plus élevés, une chambre de mélange doit être installée pour améliorer le mélange de l'acide et de la base avant que l'absorbant n'entre dans le contacteur à membrane. Il a également été démontré que du CO 2 assez pur (98-99%) peut être obtenu comme sous-produit du procédé, qui pourrait être réutilisé dans d'autres applications industrielles. Le procédé donné pourrait également servir de procédé intermédiaire dans les scénarios industriels où une ou plusieurs étapes de purification sont impliquées. Par exemple, des contacteurs à membrane pourraient être placés avant le système PSA pour réduire la charge et affiner la pureté à un stade ultérieur.

G.7 Conclusion

Ce travail de thèse a réussi à développer, modéliser et optimiser avec succès un procédé innovant de séparation du CO 2 . Une preuve de concept est établie répondant aux objectifs du présent travail. Pour ce faire, un pilote à l'échelle du laboratoire a été construit avec trois contacteurs à membrane à fibre creuse (HFMC). L'analyse primaire de sensibilité du procédé a révélé que la pureté reste inférieure à 99%, expliquée par les concentrations résiduelles de carbonate HCO - 3 et de bicarbonate CO 2- 3 . Un modèle d'équilibre théorique et plus tard une nouvelle approche basée sur la variation du pH (pHSA) ont été proposés pour surmonter la limitation de pureté atteignant une pureté H 2 de 99,96% et un rendement de 

  Résumé L'un des principaux résultats de ce travail est que le procédé d'élimination de CO 2 proposé permet d'obtenir une pureté et un rendement économiquement compétitifs avec des coûts d'investissement et d'exploitation inférieurs à ceux des procédés d'absorption gaz-liquide classiques. L'outil de simulation développé dans ce travail de thèse est un outil puissant de conception et d'optimisation. Il serait également intéressant d'étudier et de comparer différents contacteurs à membrane et de tester leur longévité.
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 1 Figure 1: World energy consumption by energy source [4].
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 2 Figure 2: Global hydrogen production technologies presented in net zero scenarios [5].

Chapter 5

 5 unveils the dynamics and importance of regeneration step in a closed loop absorption process. Hence, the chapter further proffers the optimization of degassing mechanisms. Different degassing architectures were tested for their effect on purity, recovery rate and absorption of CO 2 . Later a brief study indicates the possibility of recovering CO 2 from second degassing stage.

  physical and chemical properties. The use of hydrogen can be broadly divided into three categories as shown is fig 1.2:
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 12 Figure 1.2: Global demand for pure hydrogen in 2018 according to International Energy Agency (IEA) [1].
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 14 Figure 1.4: An overview of CO 2 capture technologies[START_REF] Allam | Capture of CO[END_REF] 
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 15 Figure 1.5: Graphical illustration of selective membrane gas separation.

  absorption). That means dynamics of the flow plays a large role in determining mass transfer coefficients. And hence, to have optimum results one must pay attention to module geometry and flow configuration.
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 16 Figure 1.6: Different types of HFMC modules (a)Parallel flow contactor module and (b)Cross-flow contactor module [37].
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  figure 1.6(b).

  is introduced on one side of the contactor. It flows over the outside of the hollow fiber membrane and around the central baffle. It flows back over the membrane on the second side and exits the contactor in a degassed state. The hollow fibers are open from one end to the other. Removed gases are carried away through the vacuum/strip gas exit port. A schematic diagram of Hollow Fiber Membrane Contactor is shown in figure 1.7.
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 17 Figure 1.7: Graphical illustration showing working of HFMC (adapted from Liqui-Cel® manual)[41].

  , membrane technology evolution and development have targeted specific areas such as post-combustion CO 2 capture [60] [68] [69] and biogas/syngas upgrading [70][71][72][73][74][75]
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 18 Figure 1.8: Visual representation of domain discretization in HFMC modules.
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 19 Figure 1.9: Concentration profile at the gas-liquid interface during absorption (adapted from[START_REF] Fougerit | Développement d'un procédé innovant d'épuration du biogaz par mise en oeuvre de contacteurs à membranes[END_REF]).

Chabanon

  et al., 2014 [124] developed a comprehensive predictive scale-up 2D model. But this model failed to account for distribution of flows through and around the fibers.

A

  commercial module namely Liqui-Cel® Extra-Flow module produced by Membrana and presented in figure 2.1 was chosen for the purpose of CO 2 separation. It is the smallest pseudo cross-flow module (2.5" x 8") provided by Liqui-Cel amongst their large range of industrial up-scale modules. The module is equipped with Celgard® microporous hollow fibers which are fixed around the central distribution tube.
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 21 Figure 2.1: Liqui-Cel Extra-flow (2.5" x 8") membrane contactor used for the experimental study.

( a )

 a Hollow membrane fiber. (b)The porous surface of the membrane fiber.
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 22 Figure 2.2: Scanning Electron Microscope (SEM) images of Celgard® hollow fiber membrane(adapted from[START_REF] Liqui-Cel® | Design & Operating Guidelines for Liqui-Cel® Extra-Flow Membrane Contactors[END_REF]).
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 323 Figure 2.3: Experimental setup for CO 2 absorption using series of three membrane contactors.

CHAPTER 2 .

 2 DEVELOPMENT OF A LAB-SCALE CO 2 REMOVAL UNIT the outlet mass flow controller. The valve regulates the output flowrate to maintain the pressure in the gas phase. Condensers are placed before each flow controller and flow meter to protect them from water damage. Two temperature sensors are also installed to check the change in temperature before and after absorption process.(a) Gas regulation chassis: front view (b) Gas regulation chassis: posterior view.
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 24 Figure 2.4: Experimental lab bench: Gas regulation chassis.

( a )

 a Chassis which regulates pressure in the liquid circulation loop. (b) Chassis which regulates flowrate in the liquid circulation loop.
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 25 Figure 2.5: Experimental lab bench: Liquid regulation chassis.
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 26 Figure 2.6: Agilent 490 Micro GC setup (adapted from [128]).

Figure 2 .

 2 Figure 2.7 depicts the chromatograms of all three columns. Quantification of these peaks gives the mole/vol% of all the gaseous components present in the gas streams.
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  Relative Standard Deviation(a) Chromatogram of the molecular sieve column A. (b) Chromatogram of the molecular sieve column B. (c) Chromatogram of the ParaPLOT U column C.

Figure 2 . 7 :

 27 Figure 2.7: An example of the chromatograms for a gas sample.

Figure 2 . 8 :

 28 Figure 2.8: Experimental purity and recovery representing results for different gases (Absorbent: 1M KCl, 0.5M K 2 CO 3 and 0.01M KHPO 4 , y in,CO2 : 35-40%)

Figure 2 . 9 :

 29 Figure 2.9: Mass balance for the primary set of experiments.(Q in g = 100 -500NL h -1 , Q in l = 40 -180L h -1 , y in CO 2 = 35% and P g = 1 -6bar g )

Figure 2 . 10 :

 210 Figure 2.10: Influence of gas pressure on Hydrogen purity.(Q in g = 100NL h -1 , Q in l = 100L h -1 , y in CO 2 = 35%)

Figure 2 . 11 :

 211 Figure 2.11: Influence of gas flowrate on Nitrogen purity.(P g = 5 bar g , Q in l = 100 L h -1 , y in CO 2 = 35%)

Figure 2 . 12 :

 212 Figure 2.12: Influence of liquid flowrate on Hydrogen purity.(P g = 5 bar g , Q in g = 100NL h -1 , y in CO 2 = 35%)

( a )

 a Results obtained without pH swing or low ratios. (b) Results obtained for larger ratios.

Figure 3 . 1 :

 31 Figure 3.1: Residual CO 2 levels in the absorbent as a function of (H + or OH -)/CO 2 ratio.

Figure 3 . 2 :

 32 Figure 3.2: Residual CO 2 levels in the absorbent as a function of phosphate buffer concentration.

Figure 3 . 3 :

 33 Figure 3.3: Experimental setup for CO 2 absorption using series of membrane contactors.

Figure 3 . 4 :

 34 Figure 3.4: Results of repetition in terms of N 2 purity and recovery rate (Q l = 150/L h -1 , P g = 3/barg, Q g = 100/NL h -1 , y in CO2 = 35%).

Figure 3 .

 3 Figure 3.5 highlights the effect of pH swing on purity and recovery rate of desired gas for all the experiments performed using various operating conditions, absorbents, gaseous mixtures (table 3.2). It can be seen from figure3.5 that experimental points subjected to pH swing demonstrated overall better results than the experimental points without pH swing. Some experimental points show low purity even though pH manipulation was

Figure 3 . 5 :

 35 Figure 3.5: Experimental purity and recovery representing results with and without pH manipulation. (Absorbent: 1M KCl, 0.5M K 2 CO 3 and 0.01M KHPO 4 , y in CO2 : 35-40%)

Figure 3 . 7 :

 37 Figure 3.7: Effect of gas liquid absorbent flowrate on N 2 purity and recovery. (P g = 5 bar(g), Q g = 100 NL h -1 , y in CO2 : = 35%, 1M KCl solution)

Figure 3 .

 3 7 confirms the expected effect of absorbent flowrate on purity recovery trade-off i.e., as the liquid flowrate increases, N 2 purity increases in output gas while N 2 recovery rate decreases. These experiments were performed with a constant pressure of 5 bar g and a pH adjustment of 8 before absorption. An analogous trend of physical absorption was reported in the literature[START_REF] Dindore | Gas-liquid mass transfer in a cross-flow hollow fiber module: Analytical model and experimental validation[END_REF] [START_REF] Atchariyawut | Separation of CO2 from CH4 by using gas-liquid membrane contacting process[END_REF]. While the absorption process was favored by an CHAPTER 3. INTRODUCTION TO PH SWING

Figure 3 . 8 :

 38 Figure 3.8: Effect of pH magnitude on N 2 purity and recovery rate, as observed as the pH value before the absorption step for a constant pH = 6 before the desorption step. (P g = 5 bar(g), Q g = 100 NL h -1 ,Q l = 100 L h -1 , y in CO2 : = 35%, 1M KCl solution)

  It flows over the outside of the membrane fibers and around the central baffle. It flows back over the membrane on the second side and exits the contactor in a saturated state. The hollow fibers are open from one end to the other.

Figure 4 . 1 :

 41 Figure 4.1: Geometric simplification of HFMC.

Figure 4 . 2 :

 42 Figure 4.2: Graphical representation of control volume for liquid phase for present study.

Figure 4 . 3 :

 43 Figure 4.3: Graphical representation of a hollow membrane fiber.

Figure 4 . 4 :

 44 Figure 4.4: Microscopic view

CHAPTER 4 .

 4 1D MODELLING OF HOLLOW FIBER MEMBRANE CONTACTOR without any source/sink:

  MODELLING OF HOLLOW FIBER MEMBRANE CONTACTOR

Figure 4 . 6 :

 46 Figure 4.6: Experimental and numerical absorbed CO 2 flux dependence on input gas flowrate.

  3). Based on the data of H 2 /CO 2 mixture, a value of membrane resistance was calculated by regression of experimental data. This value of membrane resistance was 3.5 10 7 s m -1 . Successively, this membrane resistance was used to validate the second data set with N 2 /CO 2 mixture. The figure 4.6, figure 4.7 and figure 4.8 show an agreement between numerical and experimental CO 2 absorbed flux; with average

Figure 4 . 8 :

 48 Figure 4.8: Experimental and numerical absorbed CO 2 flux dependence on input CO 2 mole faction flowrate.

  Numerical CO 2 dissolved in the liquid as a function of length of the contactor .

Figure 4 . 9 :

 49 Figure 4.9: Numerical trend of the gas velocity and CO 2 concentration in the liquid as a function of contactor length. (P g = 5 bar g , Q g = 4.17× 10 -5 Nm 3 /s, Q l = 5.5 × 10 -5 m 3 s -1 , y CO 2 = 0.4)

× 10 - 5

 105 Figure 4.9: Numerical trend of the gas velocity and CO 2 concentration in the liquid as a function of contactor length. (P g = 5 bar g , Q g = 4.17× 10 -5 Nm 3 /s, Q l = 5.5 × 10 -5 m 3 s -1 , y CO 2 = 0.4)

Figure 4 . 10 :

 410 Figure 4.10: Comparison between given 1D model and 2D model developed by Fougerit et al.,2019[START_REF] Fougerit | Experimental and numerical investigation binary mixture mass transfer in a gas -Liquid membrane contactor[END_REF] for the gaseous mixture of CH 4 /CO 2

5 Experimental◃

 5 chapter 3 unveiled the pH swing technique, its dynamics and effect of operating conditions on the process. This technique was introduced to overcome the limitation induced by the residual dissolved CO 2 in the absorbent. Hence, the following chapter will proffer the optimization of degassing mechanisms. Different degassing architectures were tested for their effect on purity of hydrogen. Later a brief study indicates the possibility of recovering high purity CO 2 from second degassing stage. The objective of this chapter was no longer to have best possible purity but to optimize the degassing stages and recovery of highly pure CO 2 from offgas. ▹

Figure 5 . 1 :

 51 Figure 5.1: Purity as a function time using using two absorption modules and four desorption modules of PP hollow fiber membrane contactor [84].

Figure 5 . 2 :

 52 Figure 5.2: Graphical representation of the degassing mechanism inside HFMC using vacuum pump.

CHAPTER 5 . 1 Figure 5 . 3 :

 5153 Figure 5.3: Different degassing configurations used in the study: (A) Vacuum applied to both gas outputs (B)Vacuum applied in co-current (C)Vacuum applied in counter-current.

Figure 5 . 4 :

 54 Figure 5.4: Influence of of different degassing architecture on CH 4 quality at different G/L ratios.(P g = 5 bar g , Q g /Q l = 1.7 NL/L (le f t), Q g /Q l = 1.0 NL/L (right) )

Figure 5 . 5 :

 55 Figure 5.5: H 2 purity and absorbed CO 2 flux dependence on liquid flowrate highlighting the effect of pH swing on degassing stages. (P g = 5 bar g , Q g = 100 NL h -1 , y in CO 2 = 35%)

Figure 5 . 6 :

 56 Figure 5.6: Purity of H 2 as a function of different degassing configurations shown in table 5.1.(P g = 5 bar g ,Q g = 100 NL h -1 , Q l = 150 L h -1 , y in CO 2 = 35%)

( a )

 a Percentage of H 2 in the gas output as a function of liquid flowrate. (b) Percentage of CO 2 in the second offgas as a function of liquid flowrate.

Figure 5 . 7 :

 57 Figure 5.7: H 2 and CO 2 mole fractions in output and second offgas respectively at different gas pressures.(Q g = 150 NL h -1 , T l = 20 o C, y in CO 2 = 35%)

  7, a side by side comparison of the percentage of H 2 in absorption output CHAPTER 5. EXPERIMENTAL INVESTIGATION: OPTIMIZATION OF DEGASSING and percentage of CO 2 in second offgas could be seen. From figure 5.7b, it could be seen that fairly pure CO 2 (98-99.9%) could be recovered from the given process. The corresponding, H 2 purity is rather low at low gas pressures.(a) Purity and recovery rate H 2 in the gas output as a function of liquid flowrate. (b) Purity and recovery rate of CO 2 in the second offgas as a function of liquid flowrate. (c) H 2 and CO 2 absorbed flux as a function of liquid flowrate.

Figure 5 . 8 :

 58 Figure 5.8: Purity and recovery rate of H 2 and CO 2 as a function of liquid flowrate.(P g = 1 bar g , Q g = 150 NL h -1 , T l = 20 o C, y in CO 2 = 35% ).

  As seen the figure E.2, the pumps were calibrated for 1M HCl and 1M KOH. The justification behind using these chemicals are given in chapter 3.

( a )

 a Calibration of Iwaki electromagnetic metering pump for 1M HCl.

( b )

 b Calibration of Iwaki electromagnetic metering pump for 1M KOH.

Figure E. 2 :

 2 Figure E.2: Calibration of Iwaki electromagnetic metering pump for 1M HCl and 1M KOH.

94%.N

  De plus, un modèle de transfert prédictif a été résolu en 1D pour prédire l'absorption du CO 2 dans les mélanges purs et gazeux. Le modèle a été ajusté pour les deux cas puis validé avec des données expérimentales. Ces travaux ouvrent des perspectives de solution compétitive en termes d'investissement et de coûts d'exploitation. Le modèle numérique développé est un puissant outil de conception et d'optimisation. Molar flow across the phases mol s -1 p i Partial pressure of the species i in the gas phase Pa or bar P Absolute pressure of the gas phase Pa or bar Q Volumetric flowrate L h -1
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Preamble
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Table 1 . 1 .

 11 Characteristics related to fire hazard of fuels[START_REF] Veziroglu | Hydrogen: The wonder fuel[END_REF].

	Fuel

Table 1 .2. Indicative

 1 

	composition of syngas produced by HYNOCA® process (Credits: Haffner
	Energy).

Content Raw syngas Sweet gas Shifted gas (vol/vol%) (vol/vol%) (vol/vol%)

  

	H 2	34.2	45.1	56.4
	CO	23.2	30.6	2.7
	CO 2	11.3	14.9	32.9
	CH 4	4.2	5.6	4.3
	H 2 O	26.7	3.6	3.6
	Other	0.4	<0.2	<0.1
	1			

.6 CO 2 separation: available technologies

  

	There are different technologies which are commercially available for CO 2 separation
	from fuel/flue gasses apart from membrane separation. Some of them include-Membrane
	technology, pressure and temperature swing adsorption, physical and chemical absorption,
	adsorption, hydrate-based separation and cryogenic distillation [23]. The selection of
	technology for CO 2 capture depends upon several factors: mole fraction of CO 2 in the gas,
	recovery goals, impurities in feed gas, operating and capital costs, regeneration of solvent
	required and environmental impacts

Table 1 .3. Comparison

 1 of available CO 2 removal technologies.

	7. A

Table 1 . 4 .

 14 Membrane contactor phase contact application guide[START_REF] Scott | ABSORPTION, DESORPTION AND EXTRACTION WITH MEMBRANES[END_REF].

	Industry	Application	Gas Transfer Liquid/Liquid Extraction
	Pharmaceutical/	Culture Media Oxygenation	*
	Biotechnology	Antibiotic Extraction		*
		Protein Extraction		*
		Degassing/Deforming	*
		Ultrapure Water	*
		Chromatography Buffer Degassing	*
		pH Control by CO 2 Absorption	*
		Integrated Membrane Bioreactors	*	*
		Hemoglobin Deoxygenating	*
	Food and Beverage	Process Water Deareation	*
		Flavor Extraction		*
		Metals Removal from Edible Oils		*
		Carbonation	*
		Aromas Extraction		*
	Analytical/Medical	Process Water Degassing	*
		Humidification/Dehumidification	*
		Chromatography Buffer Degassing	*
	Industrial/Chemistry	Metals Extraction		*
		Extractive Reaction Processes		*
		Gas Scrubbing	*
		Stripping of Volatiles	*
		Boiler Feedwater Degassing	*
		Process Water Deoxygenating	*
		Chemical Liquid/Liquid Extraction		*
	Environmental/Waste Recovery Removal of Priority Pollutants	*	*
		Stripping of VOCs	*
		Vent Gas Scrubbing	*
		Radon Stripping	*
		Metals Recovery		*
		Waste Stream Aeration	*

Table 1 . 5

 15 

		15Re 0.8 Sc 0.33	0 < Re < 10	Gas-liquid;
			ϕ < 0.76	commercial module;
	Yang et al., 1986 [118]	Sh = 0.9Re 0.4 Sc 0.33	1 < Re < 30	Gas-liquid cross flow;
		Sh = 1.38Re 0.34 Sc 0.33	N/A1 < Re < 30 ϕ = 0.07 OD/ID=466/413 µm
	Kreith et al., 1980 [119]	Sh = 0.32Re 0.61 Sc 0.33 (1)		Liquid-liquid systems;
		Sh = 0.39Re 0.59 Sc 0.33 (2)		Commercial modules

. Shell side mass transfer empirical correlations for commercial cross-flow membrane contactors

[START_REF] Shen | Shell-Side Mass-Transfer Performance in Hollow-Fiber Membrane Contactors[END_REF]

. Authors Correlations Operating conditions Modules used Fouad et al., 2007 [113] Sh = 6.8695Re 0.3334 Sc 0.33 (original) 0 < Re < 0.1 Liquid-liquid systems; Sh = 0.41Re 0.36 Sc 0.33 (modified) 0.1 < Re < 0.4 Liqui-Cel module; Zheng et al., 2005 [109] Sh = 2.15Re 0.42 Sc 0.33 0.8 < Re < 20 Gas-liquid; 0.4 < ϕ < 0.46 Liqui-Cel module; Baudot et al., 2001 [114] Sh = 0.56Re 0.62 Sc 0.33 0.02 < Re < 30 Liquid-liquid systems; 0.49 < ϕ < 0.0.53 Liqui-Cel module; OD/ID=300/240 µm Schöner et al., 1998 [115] Sh = 1.76Re 0.82 Sc 0.33 (original) 0.02 < Re < 5 Liquid-liquid systems; Sh = 1.76Re 0.82 Sc 0.33 (modified) 0.49 < ϕ < 53 Liqui-Cel module; OD/ID=300/240 µm Wickramasinghe et al., 1993 [116] Sh = 0.80Re 0.47 Sc 0.33 0.1 < Re < 10 Gas-liquid systems; Wickramasinghe et al., 1992 [117] Sh = 0.

Table 2 .
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	1. Geometrical specification 2.5" x 8" Liqui-Cel® Extra-Flow module
	Geometrical Specification	Values	Citations
	External fiber surface area	1.4 m 2	appendix A
	Inner radius of the fiber bundle	1.1 × 10 -2 m	[39][125]
	Outer radius of the fiber bundle	3.32 × 10 -2 m [39][125]
	Thickness of the annular gap between	3 × 10 -3 m	[125]
	the cartridge and the fiber bundle		
	Fiber length	0.203 m	[39][125]
	Effective length of a fiber	0.146 m	[125]
	Number of fibers	10 200	[39]

Table 2 . 2
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	Membrane Characteristics	X-40	X-50
	Membrane material	Polypropylene (PP) Polypropylene (PP)
	Inner fiber diameter	200 µm	220µm
	Outer fiber diameter	300 µm	300 µm
	Membrane porosity 2	20-25 %	40-45 %
	Tortuosity	2-3	2-3
	Average pore diameter	30 nm	30 nm

. Data for X-40 and X-50 2.5" X 8" Liqui-Cel® Extra-flow contactor modules as provided by manufacturers.

[START_REF] Fougerit | Développement d'un procédé innovant d'épuration du biogaz par mise en oeuvre de contacteurs à membranes[END_REF] 

table 2

 2 

	.3), enabling us to analyze

Table 2 . 3 .

 23 Separation columns in Agilent 490 Micro GC.

	Micro GC columns Number of columns	Gas analysis
	Molsieve 5Å	2	H 2 , CH 4 , N 2 , O 2 , CH 4
	PoraPLOT U	1	CO 2

Table 2 .4. Types

 2 

of flow controllers/meters used in the study and their specifications.

Model

In-

flow CTA (1) In-flow CTA (2) Low-ΔP-Flow EL-flow (1) EL-flow (2)

  

	Type	Mass flow controller	Mass flow controller	Flow meter	Mass flow controller	Flow meter
	Working principle Thermal mass flowmeters Thermal mass flowmeters Thermal mass flowmeters		
	Application	Feed	Feed	Purified output	Feed	Offgas
	Estimation of	Manual	Manual	Provided by manufacturer	Integrated	Integrated
	correction factors					
	Precision	± (1% RD 4 + 1 %FS 5 )	± (1% RD + 1% FS)	± (1% FS)	(1% FS)	±(0.5% RD + 0.1% FS)
	Uncertainty	± (0.2% FS)	± (0.2% FS)	± (0.2% RD)	± (0.3% RD)	± (0.3% RD)

  2 /CO 2 , H 2 /CO 2 and CH 4 /CO 2 . The synthetic mixture were created using gas bottles provided by Air Liquide with purity > 99.99%; except for H 2 a hydrogen generator was installed (Swissgas HG series). It was able to supply the hydrogen at high pressure (upto 10 bar g ) with a purity > 99.99999%.Different chapters includes studies with different gaseous mixtures subjected to the objectives of respective chapters. Since, the henry's coefficients for N 2 , CH 4 , H 2 are

comparable to each other; it was assumed that the results (in term of purity and recovery)would be similar. Hence, to be able to have further synopsis of effect that various gaseous mixtures have on results, figure 2.8 is presented below. The figure presents results

Table 2 . 5 .

 25 Range of operating conditions for given series of experiments.

	Operating parameters	Units	Values
	Inlet gas flowrate	Nl/h	100-500
	Liquid flowrate	l/h	40-180
	Gas pressure	bar(g)	1-6
	Transmembrane pressure bar(g)	0.25
	Vacuum pressure	mbar(a)	50
	Gaseous mixture		H 2 /CO 2
	Liquid absorbent		1M KCl

Table 2 . 6 .

 26 DEVELOPMENT OF A LAB-SCALE CO 2 REMOVAL UNIT fixed temperature, the amount of gas dissolved in the absorbent is a function of Henry's coefficient. Henry's coefficients for gases (in water at 298.15K).

	Gas	N 2	H 2	O 2	CH 4	CO 2
	Henry's coefficients [129] 1.5x10 -2 1.9x10 -2 3.2x10 -2 3.4x10 -2 8.3x10 -1
	(Dimensionless) H cc = C l C g					

The absorption of gas inside the membrane contactor takes place in accordance with Henry's law. At CHAPTER 2.

Table 2 .

 2 

[START_REF] Du | A Review of Hydrogen Purification Technologies for Fuel Cell Vehicles[END_REF] 

shows the Henry's coefficient for different gases used in the study. Higher the partial pressure of the gas, higher is the amount of gas absorbed. To validate this phenomenon, few tests were performed in a closed-loop with configuration with different gas phase pressure.

3 Introduction to pH swing: theoretical and experimental analysis

  

	of the theoretical model were supported and upheld with the help of experimental work. The results
	of the experiments were promising and helped to achieve the initial goal of the project. The highest
	purity achieved the novel process was 99.98%. ▹

Preamble

◃ After unfolding the experimental pilot and performing the primary analysis, a mass transfer limitation was spotted in the previous chapter. As a continuation, in this chapter comprehensive theoretical model is presented to further testify this phenomenon. Hence, a novel technique was birthed to overcome the purity limitation with minimal use of energy and chemicals. The outcomes

Table 3 . 1 .

 31 Equilibrium reactions considered in the present model for H 2 /CO 2 separation by gas-liquid absorption (water).

		Reactions	Equilibrium expressions	Equilibrium constants
	CO 2	H1	CO 2(aq)	CO 2 (aq) H CO2 • P CO2	H 1 =0.034 mol L -1 bar -1 [129]
	H 2	H2	H 2(aq)	H 2 (aq) H H2 • P H2	H 2 =0.00154 mol L -1 bar -1 [129]

  table 3.2), with CH 4 /CO 2 , N 2 /CO 2 , and H 2 /CO 2 gas mixtures with similar sets of operating conditions. A wide variety of operating conditions with different absorbents were tested respecting the limits of process instruments. The main objective behind presenting a comprehensive data set was to showcase the novel technique introduced in section 3.1. Furthermore, a data set of N 2 /CO 2 was chosen to study the effect of various operating conditions along with the aforementioned technique to improve purity and yield (Series 1 table 3.2). Dimensionless Henry's constants of solubility of N 2 and H 2 in water at 298.15 K are implies similar absorption behavior among these gases table 2.6. Therefore, the experiments to examine the effect of operating conditions were first carried out with N 2 /CO 2 mixture from a safety point of view.

Table 3 . 2 .

 32 Range of operating conditions for given series of experiments.

	Series	Units	1	2	3	4
	Inlet gas flowrate	Nl/h	100	100	100	50-100
	Liquid flowrate	l/h	100-200	50-200	60-200	75-200
	Gas pressure	bar(g)	1-5	1-5	5	1-6.5
	Transmembrane pressure bar(g)	0.25	0.25	0.5	0.25-0.5
	Vacuum pressure	mbar(a) 50-100	50-100	100	50
	Gaseous mixture		N 2 /CO 2	N 2 /CO 2	CH 4 /CO 2 H 2 /CO 2
	Liquid absorbent		1M KCl	0.5M K 2 CO 3 ,	1M KCl	1M KCl
				0.01M KHPO 4 ,		
				and 1M KCL		

Table 4 . 2 .

 42 Knudsen number for X-50 Liqui-Cel module for different gases used in this study. (P g = 5 bar(a)& T = 293K)

	Gas Particle shell diameter (pm) [137] λ (nm) Kn
	H 2	289	18.2	0.6
	N 2	364	11.4	0.38
	CH 4	380	10.5	0.35
	CO 2	330	13.9	0.46

Table 4 . 3 .

 43 Two series of experiments with different operating parameters designed for estimation and validation of membrane resistance

	Operating parameters	Units	N 2 /CO 2	H 2 /CO 2
	Inlet Gas flowrate	(× 10 -5 Nm 3 /s)	2.7-11.1	2.7-4.4
	Absorbent flowrate	(× 10 -5 m 3 s -1 )	1.3-5.5	1.3-4.2
	Inlet CO 2 mole fraction	%	20-80	40-80
	Gas pressure	bar (g)	5	5
	Architecture	-	Single contactor, Single contactor
			open loop *	open loop *
	Absorbent	-	Water	Water

  Experimental and numerical absorbed CO 2 flux dependence on input liquid flowrate.

		Amount of CO 2	absorbed (experimental)	
		Amount of CO 2	absorbed (numerical model)	
		Amount of CO 2	sent in			
					Operating data:	
					P g =5 barg	
					Q g =4.17 (10 -5 Nm 3 /s)
					y CO 2 in =0.4	
					Single contactor configuration
	Figure 4.7: relative error of 5.3%; showing that the resistance obtained from H 2 /CO 2 mixture applies
	for N 2 /CO 2 .						
	0.3	0.4	0.5	0.6	0.7	0.8	0.9
			Input liquid flowarate		

Table F . 1 .

 F1 Supporting data for chapter 2. (Binary mixture of H 2 /CO 2 where y CO 2 = 35% and absorbent was 1M KCl and Architecture was 1:2 ) Les dernières décennies ont vu une accélération de la recherche dans secteur de la séparation et du captage du dioxyde de carbone (CO 2 ). La consommation de combustibles fossiles tels comme le charbon, le pétrole et le gaz pour répondre aux besoins énergétiques mondiaux a eu un impact considérable sur l'environnement induits par une libération massive de CO 2 . En conséquence, de nombreux des projets sont en cours pour cibler les technologies d'élimination sélective du CO 2 par captage en postcombustion et séparation du CO 2 en précombustion (biogaz ou gaz de synthèse mise à niveau). Un de ces projets est Vitryhydrogène qui s'oriente vers production durable d'hydrogène de qualité mobilité par gazéification de la biomasse. Cette thèse faisant partie de ce projet, elle visait à concevoir une unité d'absorption gaz-liquide pour séparer le CO 2 du gaz de synthèse simulé pour produire de l'hydrogène de haute pureté à l'aide d'une membrane contacteurs. 'état de l'art présente l'arrière-plan scientifique et technique ainsi que le contexte de l'étude. De plus, le chapitre détaille le projet Vitryhydrogène et décrit les étapes de convertir la biomasse solide en hydrogène très pur. La biomasse solide, après thermique la gazéification (indirecte), est convertie en hypergaz brut et en char par le Procédé HYNOCA® (crédit : Haffner energy). Cet hypergaz passe ensuite à travers des étapes de nettoyage et finalement amélioré par réaction de transfert de gaz à l'eau (WGS) pour l'enrichir en H 2 et CO 2 . Par conséquent, cette étude se concentre ensuite sur séparation du CO 2 . Pour ce faire, des HFMC sont utilisés et le choix de cette technique de séparation est explicité. Ensuite, certains des aspects techniques de HFMC sont présentés et le choix du module et de l'absorbant est également justifié. Pour une meilleure compréhension, la dynamique et le transfert de masse à l'intérieur du contacteur membranaire tangentiel sont étudiés. La compréhension du module, de la géométrie, du fonctionnement, des matériaux et la dynamique crée une vue d'ensemble globale du processus. Ainsi, cela aidera à construire un pilote expérimental ainsi qu'un modèle numérique pour étudier et prédire la performance.

	Gas phase Gas flowrate Pressure Gas flowrate Liquid G.1 Introduction	Liquid phase Liquid Vacuum pressure 2.49 4.81 9.76 1.57 69.49 71.94 90.13 51.55 N 2 (%) 98.84 97.48 93.81 99.22	4.81 78.62 97.47	Micro GC readings Purity Offgas 1 Offgas 2 Recovery 10.53 10.29 4.81 1.82 52.02 58.00 58.91 58.24 116.34 94.15 94.34 97.47 98.99
	input		output	flowrate temperature (offgas 1) (offgas 2)				Rate
	(Nl/h)	(bar)	(Nl/h)	(l/min) ( o C)	(mbar) 21.19 24.57	(mbar) H 2 (vol %) H 2 ( vol %) H 2 (vol %) H 2 (%) 29.94 18.53 24.57 34.48 27.69 24.57 78.99
	100	1	72.24	1.64	22		500			50		84.65		12.93	0	100
	100 100	2 3	61.02 59.38	1.66 1.67	22 22 92.95	400 550 94.15 81.32 77.64 99.57	50 50 99.18 92.04 99.88	99.57 84.73	93.26 95.78 99.69 98.45 91.82	15.21 17.42 99.76 92.96 99.57 98.65	0.6 1.18 99.55	98.60	99.68 99.42
	100	4	55	1.67	22		550			50		97.38		24.09	2.68	98.74
	100	5	54.75	1.67	22	500 75	75	75	50 75	75	97.39 75 75	75	22.87 75	2.92	98.62
	100	6	52.79	1.67	22		550			50		97.78		26.39	3.45	98.37
	100	5	61.73	0.62	22		550			50		94.32		8.03	0	100
	100	5	58.82	0.83	22.3	400 250 17 17 300	50 300 18 250	300 18	96.69 250 300 18	10.12 350 17 300 17	0.18 17	17	99.91
	100	5	54.75	1.66	22		500			50		97.39		22.87	2.91	98.62
	100	5	50.57	2.49	22	550 6.58	6.40	6.02	50 6.21	6.4	97.26 6.53 6.29	6.4	33.30 6.39	5.83	97.16
	100 100	5 5	49.03 58.95	3.06 1.66	22.9 22	1.3	400 600 1.3	50 50 1.3	1.3	97.07 97.43 1.3	39.66 18.50 0.8 1.7	7.90 4.11 2.5	3.3	96.04 97.51
	200	5	128.57	1.66	22	500 7.98	8.01	7.97	50 8.02	8.01	95.23 8.03 7.01	8.01	9.57 9.04	2.76	98.66
	300	5	207.77	1.64	22		700			50		90.39		7.14	2.33	99.05
	400 500	5 5	285.95 399.62	1.66 1.66	22 22	500 700 22 262.89 332.75 23	50 50 22 95.06 22	23 76.05	85.23 82.07 26 22 31.84	23 99.73	5.95 5.61 25 86.11	2.06 1.96 80.75	82.85	99.31 99.42
						2.50		2.50	2.50	1.67	2.5	3.33	2.5	2.5	2.5
						85 0.40	75 0.41	72 0.39 77.5	75 0.60	73 0.79 77.5	75 0.39	76.4 0.39	0.40	0.40
						1		3	5	3	3	3	3	3	3
						100 300	100 400	100 150 100	100 150	100 150 100	100 150	100 150	150	150

G.2 État de l'art

LG.

3 Matériels et méthodes

  Le pilote à l'échelle du laboratoire utilisé pour cette étude a été construit sur le site CEBB Pomacle dans le cadre du projet Vitryhydrogène pour effectuer la séparation du CO 2 du gaz de synthèse. Les module assurant le contact gaz-liquide utilisés étaient des contacteurs à membrane creuse (Liqui-Cel ®Extraflow). Leurs caractéristiques géométriques et leurs caractéristiques membranaires sont présentées. De plus, la configuration de la régulation du gaz et du liquide est expliquée en détails. Le processus est composé de trois contacteurs à membrane : un pour l'absorption et deux pour le dégazage. Le processus est assez modulaire pour laisser de la place à d'autres changements et ajustements. La phase gazeuse utilisée pour l'étude est un mélange binaire synthétique de CO 2 et CH 4 /H 2 /N 2 . L'absorbant utilisé est soit de l'eau, soit une solution aqueuse de KCl. L'analyse des gaz a été effectuée par micro chromatographie en phase gazeuse. Enfin, une analyse de sensibilité a été réalisée pour observer et établir l'effet des conditions opératoires sur les performances en termes de pureté et de rendement en H 2 . Un soin particulier a été pris lors de la mesure de la composition et des débits de gaz puisqu'ils ont ensuite été utilisés pour calculer les bilans de masse des espèces. L'étude expérimentale a également servi de confirmation du goulot d'étranglement indiqué dans l'état de la technique. Au final, une opération de contacteur membranaire couplée à la régénération d'absorbants ne peut approcher une pureté de 99%, ce qui semble être la limite de cette technologie. Par conséquent, une méthode innovante est proposée dans le chapitre suivant pour identifier la cause de la limitation de la pureté et fournir une solution conduisant à des améliorations substantielles de la pureté sans entraver le rendement.

(ix)

As observed in the literature, membrane is widely referred as a "phase". Hence, for the sake of this study, membrane will be depicted as a "phase".

Data from membrane provider

In this PhD project, author has worked with different gases such as: CH 4 , H

and N 2 mixed with CO 2 . Since the study was focused on CO 2 absorption, an example with CH 4 /CO 2 is presented here.

(vol %) 

Acknowledgment

Abstract conventional gas-liquid absorption processes. The models developed during this work appears to be a strong predictive and optimizing tool. Further, it would also be interesting to study and compare different membrane contactors and test their longevity. Later, it gives an introduction to the HFMC module followed by its specifications, geometry and its membrane characteristics. Furthermore, the instruments and equipments used to build this robust process were evinced. Finally, the chapter presents the effect of general operating conditions, hence a sensitivity analysis of the pilot. ▹ taken while measuring gas composition and flowrates since they were further used to compute the mass balances of individual species. The experiments study also served as a confirmation for the bottleneck stated in section 1.8. Ultimately, a membrane contactor operation that is paired with the regeneration of absorbents cannot approach a purity of 99%, which seems to be the limitation of this technology. Hence, an innovative way is proposed in following chapter to identify the cause behind purity limitation and provide a solution leading to substantial improvements in purity without hampering the yield.

D

And hence [H + ] released during the absorption of CO 2 could be given simple mass balance over initial concentration and concentration after absorption:

Where subscript CO 2 represents the concentrations after absorption and subscript in represents the initial concentrations. The final concentration of [H + ] could be given as sum of initial concentration, the moles produced during absorption and the moles added (relevant later).

[

Where, dξ is extent of reaction. Similarly, a balance for concentration [H + ] could also written as follows:

Following, the autophotolysis of water is a known phenomenon. 

and by definition:

Knowing all the parameters, pH f inal is varied in such a way that the equation (3.14) is equal to K e value (i.e. 10 -14 ). These equations were solved by using a simple dichotomy recovery rate of N 2 . Experiments were conducted with pH manipulation, where pH before absorption was set at 8 by injecting an alkaline solution at a constant flowrate. Similarly, the corresponding acid is also injected at the same flowrate before the desorption stage, maintaining the pH at 6. It can be seen from figure 3.6 that purity can go as high as 99.88

% at 5 bar(g). A classic trade-off is further observed during the results with the purity increasing and the recovery rate decreasing. This phenomenon was also supported by the literature [START_REF] Park | Biogas upgrading using membrane contactor process: Pressure-cascaded stripping configuration[END_REF]. In fact, at higher gas pressure, more N 2 and CO 2 are dissolved in the liquid phase resulting in a lower N 2 recovery rate (an increase of N 2 loss in the offgas). Meanwhile, N 2 purity is higher in output gas because more CO 2 is absorbed relatively. Furthermore, the minimum CO 2 residual partial pressure (depending on residual CO 2 concentration in the degassed absorbent) is lower in proportion at higher gas pressure. As a result, operating gas pressure must be high enough to reach high purity, and pH manipulation can be insufficient if gas pressure is too low. MEMBRANE CONTACTOR DATA SHEETS Here, all the contactors are "2.5x8" Liqui-Cel membrane contactors in which X-40 are used for absorption and X-50 for desorption. 

Appendix D Method and calibration for Micro Gas

Chromatography METHOD AND CALIBRATION FOR MICRO GAS CHROMATOGRAPHY

D.1 Method developed for Micro Gas Chromatography

An analysis method is required for the micro-GC in order to treat a sample gas. This method was developed during previous PhD and later optimized for H The sweep time is maintained at 30 s to make sure that analysis tube completely filled with the new sample. The backflush time is optimized for each column to wash out all the gas molecules before next analysis.

The retention time for each element is different and hence has to be fed to the software in order for it to recognize the specified gas. The retention time for each gas is given in the table below (table D.1).

The Micro-GC detects the peak at given retention time and later computes the area of the peak. The integration parameters to measures and detect the peak are optimized carefully.

The parameters are optimized in such a way that, they are able to detect the peaks in a wide range of concentrations (50 ppm-100 mole%). METHOD AND CALIBRATION FOR MICRO GAS CHROMATOGRAPHY 

D.2 Calibration of the Micro-GC

Once the method and integration parameters are specified, the method should be calibrated for different gases for wide range of concentrations. In order to do so, two approaches were followed: Calibration by standard gas bottles and calibration by synthetic mixture made with the help of mass flow controllers. The list of gas standards are listed in the table D.2.

The calibration range for the components CO 2 , N 2 , O 2 and CH 4 is 0-100% and for O 2 is 0-30%. But for Hydrogen, the curve is linear from 0-80% and concave after 80% (figure D.6). Even though the calibration is quite accurate, all of the reading were normalized so that the sum is equal to 100%. METHOD AND CALIBRATION FOR MICRO GAS CHROMATOGRAPHY 

E.1 General introduction and working

The metering pumps are used to pump small but accurate amounts fluid volumes. They are very good at maintaining a constant flowrates regardless of huge differential pressure.

The IWAKI EWN series metering pumps are based diaphragm dosing systems. This 

E.2 Calibration of the metering pumps

The pumps operated by the percentage of its highest capacity to displace the fluid. Hence, a calibration of the pumps was needed to express the capacity of the pumps in terms of volumetric flowrate. This was done manually with the help of a measuring cylinder by verifying the volume displaced by the pump at various frequencies. SUPPORTING DATA Ensuite, l'effet des paramètres de fonctionnement sur le processus donné est également étudié.

G.5 Modélisation 1D d'un contacteur à membrane à fibres creuses

Un modèle 1D de contacteur à membrane à fibres creuses a été soigneusement détaillé pour étudier la dynamique du système dans cette étude. Le contacteur membranaire est supposé être un milieu homogène où les variables varient en fonction de la longueur. Les variables sont influencées par la dynamique de chaque phase (gaz/liquide) ainsi que par le transfert de masse entre les phases. Une dérivation étendue et détaillée des équations est présentée avec un aperçu de la méthodologie de résolution. Les variables d'intérêt ici étaientt la vitesse du gaz, les fractions molaires dans le gaz et la concentration de gaz dissous dans l'absorbant. Les équations en phase gazeuse et liquide ont été liées à l'aide du coefficient de transfert de masse qui est résolu en utilisant la méthode de la résistance en série. Par la suite, les paramètres de Chilton-Colburn ont également été estimés par régression sur des données trouvées dans la littérature (α = 0, 65 et β = 0, 54). La résistance de la membrane est également étudiée en profondeur, ce qui conduit à la détemination d'une valeur constante de la résistance de la membrane (3, 5 × 10 7 s m -1 ). Souvent, dans la littérature, la nouvelle résistance de la membrane est dite être due au mouillage de la membrane et est exprimée en fraction de mouillage. Par conséquent, cette valeur n'a pas pu être comparée à la littérature.