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Les résultats précédents ont motivé le besoin de développer un modèle de réacteur multiéchelle basé sur la compartimentation du lit fluidisé en une série de réservoirs CSTR. Ce modèle comprend trois grandes échelles de longueur : micro-échelle (cinétique de polymérisation), méso-échelle (modélisation thermodynamique et modélisation de particules uniques) et macro-échelle (équations du bilan de population, bilans énergétiques et massiques). D'abord, the modèle a été validé et montré résultats cohérents avec les exemples choisis. Ensuite, Les effets du nombre de compartiments, de l'hydrogène, de la température de fonctionnement, de la taille des gouttelettes de liquide et de l'étape de récupération du polymère ont été étudiés. Ils ont tous montré un bon accord avec les résultats expérimentaux disponibles dans la littérature. Les effets de l'ajout de différents ICA (n-pentane ou n-hexane) ont également été étudiés. Il a été démontré que l'ICA augmente considérablement la quantité de chaleur qui peut être retirée du réacteur et, par conséquent, augmente le taux de production. Les résultats montrent également que l'utilisation du n-pentane comme ICA diminue le productivité du catalyseur, mais que l'utilisation du n-hexane pourrait l'augmenter en raison de l'effet de co-diffusion.
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RéSUMé

Le polyéthylène (PE) est le thermoplastique le plus courant dans le monde, avec une capacité de production annuelle actuelle de plus de 100 millions de tonnes. Les réacteurs à lit fluidisé (FBR) sont souvent préférés pour la polymérisation de l'éthylène hétérogène en phase gazeuse, car ils permettent une évacuation de la chaleur suffisante pour atteindre des taux de polymérisation commercialement pertinents. Cependant, un transfert de chaleur inefficace limite souvent le taux de production de PE. En raison d'une demande toujours croissante de PE, il est intéressant d'améliorer l'efficacité de l'évacuation de la chaleur, et par conséquent d'augmenter la capacité de production d'un FBR en utilisant le refroidissement dit en mode condensé. Dans cette méthode, des composés appelés agents de condensation induite (ICA), généralement des alcanes en C3-C8, sont ajoutés au flux de recyclage du réacteur, partiellement liquéfiés dans un échangeur de chaleur externe, puis injectés dans le réacteur sous forme de petites gouttelettes avec les composants gazeux. L'évaporation rapide de la phase liquide à l'intérieur du réacteur absorbe la chaleur de polymérisation supplémentaire et améliore ainsi la capacité de production de l'unité.

Les ICA sont inertes en ce sens qu'ils n'ont aucune influence sur le comportement des sites actifs du catalyseur. Néanmoins, le taux de polymérisation de l'éthylène augmente en présence d'ICA en raison des effets de co-solubilité et de co-diffusion. Cela signifie que la présence d'ICA augmente effectivement la solubilité de l'éthylène sur la phase polymère amorphe, ainsi que sa vitesse de diffusion. Les effets du n-pentane et du n-hexane en tant qu'ICA dans la solubilité de l'éthylène ont été modélisés à l'aide de l'équation d'État de Sanchez-Lacombe (SL-EoS). L'importance d'une modélisation thermodynamique précise a également été étudiée avec un modèle simple de type CSTR et ses résultats confirment qu'en ne tenant pas compte de l'effet de co-solubilité, cet effet pourrait conduire à une sousestimation de la température et de la vitesse de production du réacteur. Le modèle SL-EoS a été couplé à une nouvelle approche de la théorie du volume libre (FVT) pour estimer la vitesse de diffusion de l'éthylène en présence d'ICA (co-diffusion). Les deux modèles sont amplement validés par des données expérimentales trouvées dans la littérature et montrent un bon accord.

Introduction

Polyethylene (PE) is the most common thermoplastic in the world, with current annual online capacity reaching over 100 million tonnes. Polyethylene is a polyolefin consisting, in its simplest form, of a long backbone chain with an even number of carbon atoms (covalently linked) and two hydrogen atoms attached to each carbon, ending in methyl groups [1].

Figure 1.1. Polyethylene chemical structure [1].

A chemically pure polyethylene presents the chemical formula C2nH4n+2, where n is the degree of polymerization. This polymer consists of molecules of different sizes (and occasionally composition), where the degree of polymerization can vary and go as high as 250000. This means that its molecular weight varies from 1400 to 3500000 grams per mole or more, which leads to the resulting polymer presenting a molecular weight distribution (MWD). Some degree of branching and unsaturation can also be observed in the polymer molecules [1].

Polyethylene is often classified according to its melt flow index and density. The melt flow index (MFI) is related to the molecular weight and processability of the product. A higher MFI polymer will typically have a lower molecular weight and processes easier than a polymer with lower MFI [2].

The density of the polymer reflects its crystallinity. If the main polyethylene chain presents many branches, it won't be neatly packed and the final product will present lower density and crystallinity. Polyethylene resins can be organized into three main categories: high density polyethylene (HDPE), linear low density polyethylene (LLDPE) and low density polyethylene (LDPE), as seen in Table 1.1. • White, opaque and rigid;

• Low level of short branching;

• MWD will depend on catalyst. LLDPE <930 30 -45

• Translucent and flexible;

• Random branching with uniform length ;

• Narrow MWD. LDPE 915 -940 45 -55

• Translucent flexible solid;

• Random long branching;

• Broad MWD.

Industrial processes for PE production can be divided into different categories according to the phase in which the polymerization takes place: solution, slurry or gas-phase processes, with the latter two being more significant in terms of production volumes. Solution processes are reserved for LDPE production. The reaction is carried out through a free radical initiator, which is outside the scope of this work. Slurry and gas-phase processes are used for HDPE and LLDPE production and use a catalytic approach, which allows for milder operating conditions.

Gas-phase processes are responsible for 40% of the total PE production. Due to their versatility, they can be used to make products with a full range of densities, from linear low LLDPE to HDPE in the same reactor [1] [3]. Most commonly, PE plants operate fluidized bed reactors (FBR) since this reactor configuration allows enough heat evacuation in order to achieve commercially pertinent rates of polymerization [1], [3], [4].

A diagram of a typical FBR for PE production is shown in Figure 1.2. The reactor is essentially an empty cylinder with an expansion zone at the top (to reduce the gas velocity and help prevent any fine particles from flowing out of the reactor and into the recycle compressor), and a distributor plate at the bottom. Heterogeneous Ziegler-Natta or metallocene catalyst (or prepolymerized catalyst) particles are continually introduced into the reactor, ready to react with the fresh monomer(s) being fed at the bottom of the bed.

Active species diffuse to the particle, through the pores, and then into and through polymer covering the active sites. The highly exothermic polymerization occurs at the active sites.

Continuous accumulation of polymer causes the particles to grow from an original diameter on the order of 40-80 microns to a diameter of several hundred microns when they are removed through a product discharge valve. From there they go into a series of degassing tanks to separate the unreacted monomers. The gaseous recycle stream is compressed, cooled and afterwards mixed with fresh monomers, hydrogen and eventually other compounds, then fed back into the reactor.

Typical reactor dimensions and operating conditions can be found in Table 1.2: Table 1.2. Typical reactor dimensions and operating conditions.

Parameter Range

Reactor Height (m) 10-16

Reactor Diameter (m) 2.5-4

Temperature (ºC) Pressure (bar) [20][21][22][23][24][25] Per Pass Conversion (%) 2 -30

Over the years, advances in catalyst technology have made it possible to produce several kilograms of polymer per gram of supported catalyst. Heat transfer can be a challenge because as the space time yield of the bed improves due faster polymerization, the quantity of heat that needs to be removed increases proportionally. The principal means of removing the heat generated by polymerization is convective heat transfer between solid particles and the gas phase. FBRs are the best option for optimizing heat transfer, as the gas flows through the bed a reasonably high speed (between 0.5 and 1m/s), much higher than in stirred beds. Of course, convective heat transfer improves as the relative gas-particle velocities improves, but this is not a parameter to be chosen arbitrarily. If the velocity is too low, the bed will not be fluidized, but if the velocity is too high the particles will be blown out of the bed, which can cause problems downstream. Another option to relieve the reactor of excessive heat is to manipulate the inlet gas temperature, but this is also limited because one cannot have very large temperature gradients in the reactor either.

Perhaps the most common way of improving the heat removal from the reactor is to alter the physical nature of the feed stream. Chemically inert compounds such as ethane or higher alkanes can be introduced into the reactor in the place of nitrogen to increase the heat capacity of the gas stream [1], [5], [6]. When these alkanes are added as uncondensed vapours, the reactor is working under what is called "super dry mode".

Even more heat can be removed when these compounds are partially liquified in the feed stream. When this happens, the FBR is said to be operating in "condensed mode". In this case the recycle stream is compressed, and then cooled by passing it through at least one external heat exchanger to a temperature below that of the dew point of the gas mixture. The resulting stream is then fed into the lower zone of the reactor in such a way that the liquid is sprayed into the reacting zone, and the droplets of liquid are vaporized by the heat of reaction [5].

Alkanes such as isomers of butane, pentane or hexane are most commonly used to this end.

In the case of super dry mode, or condensed mode, the added inert alkanes can be referred to as induced condensing agents (ICA). Monomers such as 1-butene or 1-hexene can also be liquefied and contribute to energy evacuation as well. In normal condensed mode, it has been shown that the liquid droplets evaporate rapidly, and that the clear majority of the powder bed in a typical reactor contains only solid particles and a continuous gas phase [7], [8].

However, adding an ICA has a much more significant effect on the observed rate of polymerization that cannot be exclusively explained by better heat evacuation. It turns out that the well-known co-solubility effect implies that the concentration of ethylene in the amorphous polymer phase is increased by the presence of a heavier hydrocarbons [9]- [13].

Furthermore, it has been shown that the presence of ICA in the amorphous polymer phase can also effect the mass diffusion in the polymer. The ICA swells the polymer particles, effectively increase its free volume. This aids in the transport of monomer(s) from the particle surface to the active sites [12].

The effects that the ICAs might have on reactor operation and polymer properties is the objective of this thesis. As a starting point, an in depth literature review on different reactor modelling approaches is made in Chapter 2.

Chapter 3 focuses on modelling the effects of co-solubility with the Sanchez-Lacombe Equation of State (SL-EoS). The model is validated for several binary and ternary polymeric systems and interaction parameters are fitted to the available experimental data.

Furthermore, the importance of using an accurate thermodynamic model is explored through a simplified reactor model. The simulations compare the reactor behaviour predictions in the absence and presence of the co-solubility effect, showing the importance of accurate thermodynamic modelling.

In Chapter 4 the focus is on modelling the co-diffusion effect. Diffusion of gases and liquids can be the limiting step during chemical reactions in multiphase systems, and during purification and degassing operations as well. In the specific case of olefin polymerization processes, estimation of the diffusion of reactants and other components is further complicated by the highly non-ideal nature of the thermodynamics. The SL-EoS is used to calculate the free volume of binary and ternary systems (solute(s)-polymer). A Free Volume Theory (FVT) based model is then employed to estimate the diffusion coefficients of the solute(s) in the amorphous phase of the polymer. The model is validated with published experimental diffusion results and shows good agreement.

In chapter 5 a multiscale approach to reactor modelling is implemented. The co-solubility and co-diffusion effects modelled in Chapters 3 and 4 are implemented in a multi-scale reactor model based on the compartmentalization of the fluidized bed into a series of continuous stirred tank reactors (CSTRs). The model is validated with data from two different industrial data sets and results focus on the effects of ICA in the bed temperature gradients, production rate and particle size distribution, the effects of operating temperature, hydrogen content and liquid droplet sizes.

Chapter 6 offers some general conclusions and discussion on future work.

LITERATURE REVIEW

Given the importance of the gas-phase production of PE, significant efforts have been made

to model this process over the years. As it has been discussed many times, modelling a complex chemical process such as this involves integrating models that describe physical and chemical phenomena that are occurring over numerous different length and time scales; from the active site on the supported catalyst surface all the way up to the complex flow patterns in a bubbling FBR. In order to better frame the problem, it is useful to implement a multiscale approach as shown schematically in Figure 2.1 [1]- [3]. The three length scales we choose to define here are: microscale -Polymerization kinetics; mesoscale -Particle morphology, thermodynamics (including sorption and diffusion), intraparticle mass and heat transfer; macroscale -Mixing, overall mass and heat balances, particle population balances, residence time distribution.

In a multiscale approach, each phenomenon should be appropriately modelled at its specific level. The relevant information is then transmitted to the models at other scales. A few authors have already published reviews to guide us through the different modelling approaches in gas phase polyolefin polymerization. For instance Xie et al. [4], Kiparissides [5],

and Hamielec and Soares [6] discussed the catalysts used and reaction kinetics, as well as the main mathematical models available at the time the articles were written. Xie et al. [4] and Kiparissides [5] focused on the reactor modelling, while Hamielec and Soares [6] concentrated on mathematical modelling of the polymerization kinetics and polymer properties.

Nevertheless, all of these papers, either implicitly or explicitly involve the concept of multiscale models. Abbasi et al. [7] and Zhu et al. [8] explicitly invoked the need for multiscale models for gas phase olefin polymerization. While the latter group focused on polypropylene rather than PE and defined 5 scales rather than the 3 proposed above, they made it clear that regardless of the model one chose for the reactor scale, intraparticle gradients of heat and mass transfer will influence how the particles behave in the reactor. also used a DEM-based approach to demonstrate the interaction between macroscale mixing and mesoscale particle overheating. There are of course many other studies in the open literature that support this multiscale concept (either implicitly or explicitly), that might use different numerical approaches and assumptions, but they all show the fact that the more a model takes into account the interaction between phenomena occurring at different scales, the more information one can obtain from it. Furthermore, in order to move forward with future modelling studies, it is also important to identify what information is still lacking for us to be able to write and solve comprehensive, a priori models of ethylene polymerization in fluidized bed reactors. However, given the complexity of the interactions between the phenomena that occur at different length scales in the reactor, it is useful to quickly review the micro-and mesoscale models currently used for heterogeneously catalysed ethylene polymerization.

MICROSCALE MODELLING

While microscale kinetics is not the focus of this thesis, it is important to point out once again that, in order to understand the relationship between the different length scales in the reactor and the polymer properties, it is necessary to understand what levels of accuracy might be required to have confidence in a full reactor model. For instance, if the microscale model is poorly defined and missing important parameters, is it actually pertinent to develop a highly detailed reactor model to predict the impact of residence time distribution changes on the molecular weight distribution? It is therefore useful to think about the importance of the microscale even if we are primarily interested in the meso and macroscale.

Commercial gas-phase ethylene polymerization used supported catalysts, such as Ziegler-Natta, chromium oxides, and supported metallocene.

Table 2.1 illustrates some of the elementary reactions considered for a kinetic model of ethylene copolymerization, where monomer 1 is ethylene and monomer 2 the co-monomer, and terminal copolymerization model is considered. The superscript "k" specifies the type of catalytic site. In the case of an ideal metallocene or other single-site catalyst, k =1. For Ziegler-Natta or Chromium oxide catalysts, there is no defined value for k. For Ziegler-Natta catalysts it is typically between 3 and 5, whereas for chromium catalysts, it can be much higher (see reference [11] for a discussion on the difference between single and multiple site catalysts).

The kinetic constants ( ) are assumed to follow Arrhenius law (equation (2.1) [12], where is the pre-exponential constant, is the activation energy, R is the universal gas constant and is the absolute temperature. The nature of the active sites is considered unchangeable once they are activated (in other words the propensity of the sites to propagate, terminate, transfer, etc. is always the same when the sites are active).

(2.1) Even in this oversimplified form, one needs an accurate expression for the lumped parameter that can empirically account for activation and deactivation of the catalyst that would need to be fit from experimental data. An equivalent simplified form for the copolymerization rate expressions could be used to calculate rate and average composition in the case of copolymerization (e.g. [14]). In this case one would need 2 propagation rate constants and 2 reactivity ratios at the very least.

If the estimation of average molecular properties, such as number-and weight-average molecular weights is needed, then it is necessary to solve the entire set of equations shown in Table 2.1 using, for example, the method of moments. If one is considering an ideal, singlesite catalyst, then set of equations shown in Table 2.1 is sufficient. However, in this case it is necessary to know as many as 17 rate constants, two reactivity ratios and the concentration of active sites for a single site catalyst. On, the other hand, if we wish to model the molecular weight distribution for a CrOx, or Ziegler-Natta catalyst, then we also need to know the number and relative fractions of families of active sites that are representative of the catalyst in question (impossible to know a priori), and whether or not these quantities change during the polymerization [2], [3], [15]- [17]. Difficulties with determining these values have been discussed elsewhere [1]. In particular, estimating the active site concentration or fraction of active metal centres is also a very challenging task. Practically the only thing we can say about this quantity is that the number of active centres is less than the number of transition metal molecules in the catalyst [18]- [20]. For further discussion of modelling microscale kinetics, the reader is directed to references [1], [5], [6], [12], [21], [22].

It is also important to repeat that even if one has a good microscale model, it is absolutely necessary to know the temperature and concentrations of the different species involved in the polymerization at the active site. If one is modelling a solution polymerization system, the conditions at an active site will be whatever they happen to be in the reactor at the point where the active site is found. On the other hand, in this work we are interested in models for ethylene polymerization in the gas phase using supported catalysts: it is therefore necessary to impose a mesoscale model between the micro-and macroscales.

MESOSCALE MODELLING

The mesoscale has been (somewhat arbitrarily) defined as the length scale of the particles in the reactor. The reason for this choice is simple: as soon as active sites are deposited on (or in) a solid support, temperature and concentration gradients will form inside the particles if polymerization occurs. As knowledge of the temperature and concentrations of reactive species at the active sites is essential for the microscale model, it is obviously important to be able to predict these quantities at every point in the particle. Large gradients in the polymerizing particles will lead to wide changes in local rates of polymerization, molecular weights and copolymer composition; on the contrary, negligible gradients to a more homogeneous product. Modelling of these gradients relies on transport models combined with a microscale kinetic model. Writing transport models (e.g. the classical diffusion equation with chemical reaction) requires some representation of the particle morphology. In other words, in order to write the transport equations (heat and mass balances) one needs to understand the structure of the particles. Such models are often referred to as Single Particle Models (SPM).

McKenna and Soares (2001) [23] reviewed the available single particle models for olefins polymerization on supported catalysts. The authors paid particular attention to particle growth, polymerization rate, concentration and temperature radial profiles and particle microstructure and morphology. They also suggested that models available at the time were able to fit experimental observations (even if they did so by treating diffusion, heat transfer, mass transfer and kinetic coefficients as adjustable parameters), and therefore at least partially explain the relationship between reactor conditions and observed properties.

However their work, and later reviews [24][25], also showed that these models have inherent shortcomings that are also linked to the inability to predict particle morphology in a reasonable manner. Progress needs to be made in this direction, but it also appears that overcomplicating particle models will not necessarily improve their predictive capabilities and might even diminish our ability to use them to predict reactor behaviour [23]. For these and others reasons, discussed at length elsewhere [12], [23], [25]- [33], [START_REF] Soares | General dynamic mathematical modelling of heterogeneous Ziegler-Natta and metallocene catalyzed copolymerization with multiple site types and mass and heat transfer resistances[END_REF], developing SPM can be a challenging task.

As has been demonstrated many times, catalysts supported on silica or on MgCl2 have at least 2 levels of organization. The simplest way to describe this is to say that the catalyst particles are in fact an assembly of smaller sub-particles. In other words, we can think of the catalyst particle as being a big spherical cluster (macrograin) that is made up of an assembly of smaller spheres (micrograins) that are physically attached to each other. After the catalyst is injected into the reactor, monomer(s), hydrogen and other compounds begin to diffuse toward the particles, through the external boundary layer and into the pores. The rate of diffusion through the pores during the initial instants depends on the pore structure of course, but also on whether or not the catalyst is injected dry, or, as is more likely, suspended in a hydrocarbon that fills the pores and slows down diffusion. As soon as the monomer reaches the surface of the micrograins in the pores where the active sites are found, it polymerizes.

Monomer continues to diffuse into the pores, but now must dissolve in the polymer covering the active sites and diffuse toward the latter. Polymerization continues, and new polymer formed at the active sites pushes the older polymer away. Very rapidly stresses build up in the particles as polymer formed on one side of a micrograin or pore wall pushes against the polymer formed elsewhere. These stresses lead to the rupture of the physical bonds holding the micrograins together. This is referred to as fragmentation. This fragmentation process is rapid, but not instantaneous, and several papers show that it will most likely occur in pores that are most accessible to monomer, or, in the case of highly homogenous support structures, in a layer-by-layer manner, starting on the outside of the particle and moving inward [34]- [36]. Once fragmentation is complete, the process continues, and the particle grows by expansion as the new polymer is formed at the active sites.

Modelling this process is not straightforward, but it is nevertheless possible to develop meaningful models of the particle growth process that help us to understand the relative importance of different phenomena if we allow ourselves to make several simplifying hypotheses. There are two main types of SPM found in the literature [23]:

The Multigrain Model (MGM): the final polymer particle is made up of primary particles. Each primary particle is a result of polymer growth around a catalyst fragment. Mass transport through the pores (by diffusion) and through the polymer layer surrounding the individual catalyst fragments are modelled separately. It is usually assumed that the morphology (shape, number of micrograins, etc.) of the final polymer particle resembles that of the initial catalyst particle, i.e. the identity of each micrograin is retained.

The Polymer Flow Model (PFM): along with the internal particle porosity, growing polymer chains and catalyst fragments form a pseudo-homogenous matrix, in which the active sites are dispersed. Accordingly, all transport steps are described in terms of effective diffusion coefficients, somehow accounting for the heterophasic nature of the particle.

For further information on single particle studies, the reader is directed to the available reviews [1][23][27] [30]. Of the two, the PFM is simpler to write and to solve as one single set of coupled partial differential equations (PDE). The morphological representation of the MGM is somehow unrealistic as its mathematical structure assumes that the morphology of the growing polymer particle remains identical to that of the catalyst; i.e. it is an assembly of concentric layers of identical micrograins. This schematization does not allow for even empirical variations of particle morphology, and can be far from the real structure when significant interpenetration among the microparticles is taking place (which is often the case shortly after the end of fragmentation). The PFM is not necessarily significantly more realistic, but is a bit more flexible (and simpler). In this model the particle is said to consist of one, "pseudo-homogeneous" phase made up of a mixture of polymer and pores, and the transfer phenomena occur in this phase.

Some of the work from the group of Kosek at the ICT in Prague has demonstrated that the final morphology depends on a balance between the initial structure of the particles, the rate of polymerization, and the polymer properties during the expansion of the polymer particles [26], [31]- [33]. In theory could be used as a robust SPM if one had all of this information.

However, such complex models are very expensive in terms of computational time. One needs an accurate description of the initial particle morphology; this is probably different for each catalyst particle. Furthermore, it is almost impossible to measure rapidly the changing physical properties with current techniques. For these reasons, Alizadeh and McKenna [25] point out that most current SPM studies do not use such complex descriptions, but rather rely on the PFM.

In the PFM, the coupled heat and mass balances are written as follows. The radial profile of the concentration of a given monomer in the growing particle can be described by the wellknown diffusion reaction equations:

Typical boundary conditions are:

Initial Condition:

(2.3) (2.3a) (2.3b) (2.3c)
Where is the evolving concentration of monomer inside the pore space of the pseudohomogeneous phase that makes up the particle, is the polymerization time, is the radial position in the particle, is the effective diffusion of monomer in the macroparticle (i.e.

through the pseudo-phase composed of pores and polymer), and is the polymerization rate. is the mass transfer coefficient in the external boundary layer, the bulk monomer concentration in the reactor, and is the initial concentration of monomer in the particle.

Note that, the radius of the particle is a function of time so one would need an additional expression to account for particle growth as a function of the rate of polymer production.

Alternatively, equation (2.3) can be solved at constant value of for a given time interval, after which the particle radius is adjusted to account for the polymer formation, the concentration profiles are adjusted and the integration is restarted.

The same approach can be used for the energy balances:

Boundary Conditions:

(2.4) Initial Condition:

(2.4a)

(2.4b) (2.4c)
where is the particle density, the heat capacity of the particle, the local particle temperature, the particle effective thermal conductivity and the heat of polymerization. is the film convective heat transfer coefficient and the bulk temperature.

is the initial particle temperature. The volumetric rate of polymerization is dependent on the concentration of monomer at the active sites and the local temperature, which means that:

we need a reliable kinetic (microscale) model for the mesoscale model to be accurate; changes as a function of radial position inside the particle; appropriate values of diffusion coefficients are available, taking into consideration polymer properties, temperature and the composition of the mixture of penetrants;

since the rate(s) of polymerization depend on the concentration of monomer at the active sites, an accurate solubility model capable of accounting for the cosolubility effect of mixtures of species is used [37] [38].

In the frame of PFM, the effective diffusion coefficient for a single species can be calculated with an expression such as the following [39][40][41]:

(2.5)
Where is the porosity of the particle, the tortuosity of the pores, Dpore the pore diffusivity, and Dpol the diffusivity of the monomer in the polymer phase. Assuming one can get a reliable estimate of the diffusivity of the species of interest in the pore space, in order to estimate the overall diffusivity it is still necessary to: know (a priori) the porosity and tortuosity of the particle. These parameters can change with time, and in reality, can be impacted by the rate of polymerization, polymer properties, phase of the reaction, etc.; be able to predict the diffusivity of the species of interest in the polymer phase. This in turn requires an accurate model for how the composition of the fluid in the pore space influences the free volume of the polymer and thus the solubility and diffusivity of the different species through it [38].

In order to include the boundary conditions one also requires precise and reliable heat and mass transfer coefficients between the particle and the bulk phase ( , ) [13], [23], [42]- [START_REF] Kim | Heat and mass transfer in three-phase fluidized-bed reactors -An overview[END_REF].

Although the mass transfer in the film barrier surrounding the particle can be negligible in the gas phase, the heat transfer resistance can be significant and not so easily dismissed [START_REF] Yiagopoulos | Heat and mass transfer phenomena during the early growth of a catalyst particle in gas-phase olefin polymerization: The effect of prepolymerization temperature and time[END_REF].

Various correlations have been reported in the literature, and this will discuss this more below.

However, at lower Reynolds number around spherical particles, the calculated values for the boundary layer heat and mass transfer resistance can differ by several orders of magnitude depending on the correlation chosen [START_REF] Yiagopoulos | Heat and mass transfer phenomena during the early growth of a catalyst particle in gas-phase olefin polymerization: The effect of prepolymerization temperature and time[END_REF]. Some authors [42], [START_REF] Hutchinson | Polymerization of olefins through heterogeneous catalysis X: Modeling of particle growth and morphology[END_REF], [START_REF] Soares | General dynamic mathematical modelling of heterogeneous Ziegler-Natta and metallocene catalyzed copolymerization with multiple site types and mass and heat transfer resistances[END_REF] have used the Ranz-Marshall correlation for gas-phase catalytic polymerization, others have used more complex ones. McKenna et al. [START_REF] Mckenna | Heat transfer from catalysts with computational fluid dynamics[END_REF] validated the Ranz-Marshall correlation for particles in highly diluted systems (where the particles do not interact with each other), but showed that when two particles are close enough that the flow field around them is modified, this correlation is no longer valid and will overpredict the value of Nu, and thus of the heat transfer coefficient.

Chang et al. [START_REF] Chang | A particle-to-particle heat transfer model for dense gas-solid fluidized bed of binary mixture[END_REF] also showed that particle-particle collisions in FBR are very important in determining the heat transfer rate, as are the shape, size, and nature of the particles themselves. It is more than likely that heat transfer coefficients will need to lump together not just purely convective effects, but also need to account for particle-particle interactions via the bed density and other physical characteristics of the reactor powder. This suggests that a decent reactor model will necessarily need an accurate description of mesoscale mass transfer, and perhaps more importantly, heat transfer coefficients.

Thermodynamic models to describe sorption equilibrium

In this work the thermodynamic modelling focuses mostly on the prediction of sorption equilibrium of the monomers in the presence of ICA, which leads to the so called co-solubility effect, alongside the polymer swelling.

It is well-known that for polymeric systems, Henry's law is incapable of describing the solubility of a gas in a semi-crystalline polymer, especially at high pressures or for heavier components [START_REF] Alizadeh | Study of Sorption, Heat and Mass Transfer During Condensed Mode Operation of Gas Phase Ethylene Polymerization on Supported Catalyst[END_REF].

More advanced thermodynamic models for polymeric systems are usually based on Equations of Sate, because they are able to describe the relationship of the phase volume with pressure, which is of the upmost importance for accurate sorption and polymer swelling predictions [49][50]. Two main options are applied in the polymer industry [START_REF] Mueller | Polymerization reactor modeling in industry[END_REF]:

perturbation theory models with the PC-SAFT model; lattice models with Sanchez-Lacombe EoS.

In summary, Perturbed Chain-SAFT EoS (PC-SAFT) is a modification of the original Statistical Associating Fluid Theory (SAFT), which is an equation of state for associating chain molecules based on Wertheim's first-order perturbation theory [START_REF] Chapman | Phase equilibria of associating fluids chain molecules with multiple bonding sites[END_REF]. The Sanchez-Lacombe EoS is one of the simplest thermodynamic models capable of describing the phase behaviour of polymeric systems [START_REF] Sanchez | An elementary equation of state for polymer liquids[END_REF], [START_REF] Sanchez | An elementary molecular theory of classical fluids. Pure fluids[END_REF].

In the present study, the Sanchez-Lacombe EoS is developed to not only study the solubility of the gases in the amorphous phase of the polymer and quantify the co-solubility effect, but is also used to calculate the available free volume in polymeric systems. The choice of model was based on its wide range of application, excellent predictive abilities, and its relative mathematical simplicity compared to other EoS, e.g. PC-SAFT [START_REF] Krallis | Application of Sanchez-Lacombe and perturbed-chain statistical associating fluid theory equation of state models in catalytic olefins (co)polymerization industrial applications[END_REF]. Further details on the development of the SL-EoS can be found in Chapter 3 and in Appendix A.

MACROSCALE MODELLING

A macroscale model of gas-phase olefin polymerization describes what happens at the reactor scale and allows us to understand the relationship between the operating conditions, raw material feeds, the reactor/process configuration, productivity and polymer properties.

Before discussing macroscale models directly, let us revisit how production of polyethylene occurs in an FBR. First of all, it should be noted that for reasons related to economy of scale all reactors for commercial gas scale processes are continuous, meaning the catalysts and fluid components are continuously fed to the reactor, and the product and unreacted fluids are continuously withdrawn. The catalyst particles are either fed directly to the reactor or can be prepolymerized. Prepolymerization refers to a process step where the catalyst is used to produce a small amount of polymer slowly and under controlled conditions to improve morphology and the heat transfer characteristics of the particles. Either way, upon entering the reactor the particles are suspended in a stream of gas (or gas and liquid droplets) composed of monomer(s), hydrogen, and inert compounds. As described above, the reactive species are transported to the active sites from the continuous phase of the reactor, and the particles grow by expansion as polymer accumulates in them. How the polymerizing particles are distributed within the reactor, and how they are exposed to local variations in temperature and concentration will determine how phenomena at the meso-and microscales occur.

In order to fluidize a phase of particulate solids it is necessary to pass a rapidly flowing gas stream through it. At low fluid velocities (i.e. less than the minimum fluidization velocity, ), the vapor stream passes through the interstices between the particles without displacing them. This is in fact a packed bed. As the velocity increases, at the minimum fluidization velocity the bed begins to expand homogeneously, the drag force on the particles from the gas flow is equal to the weight of the particles and the densely packed particles behave like a fluid. If the gas velocity is increased beyond , bubbles can form in the bed, which can expand further because of the bubble hold-up even though the pressure drop across the bed does not change. Increasing the gas velocity significantly above the minimum fluidization condition can cause operation to change from bubbling to slugging, and even to fast fluidization. If there is a particle size distribution of the solid phase, regulating the gas velocity can be a challenge because a high velocity might be needed for large particles, whereas this velocity might change the flow regime and cause the smaller particles to be blown out the top of the bed [START_REF] Kunii | Fluidization Engineering, 2nd Editio[END_REF]- [START_REF] Mann | Transport processes and unit operations[END_REF]. This latter problem is (mostly) eliminated by having a disengagement zone at the top of the bed, where the diameter of the reactor increases by a factor of 2 or more, thereby causing the velocity of the gas above the bed to drop by a factor of at least 4.

This causes the smaller particles to fall back down into the main part of the bed. It is usually assumed and accepted that FBR for polyolefin production work under what is called bubbling mode, shown schematically in Figure 2.2 [60][61]. In this mode, small bubbles form at the bottom of the reactor near the distributor plate and grow as they approach the top of the emulsion. In bubbling mode the reactor is said to contain two or three phases if no liquid droplets are present: (1) a dense emulsion phase composed of solid particles flowing down counter current to a gas stream flowing up at ;

(2) a much lighter bubble phase that travels through the emulsion and that is composed essentially of gas in excess of that needed for minimum fluidization and little to no solids; and (3) a wake phase corresponding to the solidrich gas phase raising with the bubbles [START_REF] Mahecha-Botero | Advances in modeling of fluidized-bed catalytic reactors: A comprehensive review[END_REF].

Figure 2.2. FBR operating in bubbling regime

In reality this schematization is quite rough since the emulsion phase can actually be less dense than at minimum fluidization. Moreover, as shown schematically in Figure 2.2, the bubbles are not spherical, rather the underside is thought to be somewhat convex, and in this region is found the bubble wake which drags a considerable amount of solids upwards.

Turbulent mixing in the wake can help to promote heat and mass transfer between the emulsion and bubble phases [START_REF] Kunii | Fluidization Engineering, 2nd Editio[END_REF].

Macroscale models of fluidized beds that do not employ CFD to describe the hydrodynamics of the reactor rely on different simplifying assumptions and representations of this bubbling mode. The models can be grouped in different ways, but we will classify them as single-phase (i.e. emulsion only) and multiple-phase models.

The simplest single-phase model describes the FBR as a perfectly mixed continuous stirred tank reactor (CSTR) that contains only an emulsion phase with a porosity equal to that at the minimum fluidization conditions. Even though the emulsion can exchange heat and mass with a uniform gas phase that is not actually modelled, it is not possible to include any form of axial (direction of gas flow) gradients with this approach. A refinement of the single phase CSTR model is to "break" the emulsion up into a certain number of compartments. In this
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Wake representation, the reactor is essentially a cascade of CSTRs each one containing an emulsion phase at minimum porosity. Each compartment can exchange energy and matter with the compartments immediately above and below it (except obviously for top and bottom compartments). This tantamount to including a minimal representation of the hydrodynamics.

It allows us to account for temperature gradients in the emulsion phase, and if population balances are included, evaluate particle segregation.

More complex models will include two or more phases in order to account for the presence (and possibly composition) of the bubbles, bubble wake and even liquid droplets as a separate phase. In the multiple-phase models each emulsion compartment (we can have one, or more emulsion compartments) is a single, well-mixed zone. The bubbles can also be a single compartment (mixed or plug-flow type) or divided up into multiple-compartments that exchange heat and mass not just with neighbouring bubble compartments, but also the emulsion compartments.

In addition to assumptions about the macroscale hydrodynamics, macroscale models must also include hypotheses about mesoscale phenomena. For instance, one could neglect intraparticle gradients, and assume that the concentrations at the active sites are in equilibrium with the composition of the external gas phase. Even though not generally applicable, this approach would allow one to capture changes in feed composition on productivity and average polymer properties in a reasonable manner. To include mesoscale phenomena in a more realistic way (thus obtaining a more reliable description of the process), it is necessary to integrate a single particle model into the reactor model. Intraparticle gradients can then be accounted for either by assuming that all particles have the same representative diameter, or by calling upon Population Balance Equations (PBE) that can account for the age, size, composition and molecular weight distributions of the particles. This will give us a much more detailed and realistic picture of the polymerization, but this picture will only be as accurate as all the additional model parameters and correlations needed to solve the model.

Since PBE can be used with both single-and multiple-phase models, let us rapidly discuss their use in the models of interest.

Population Balance Equations

Readers interested in an in-depth discussion of population balances in general are referred to the book of Ramkrishna [START_REF] Ramkrishna | Population balances : theory and applications to particulate systems in engineering[END_REF], while the use of PBE in polymerization processes is discussed in detail e.g. by Kiparissides et al. [START_REF] Kiparissides | Population balance modeling of particulate polymerization processes[END_REF]. The assumption behind the formulation of population balances is that for each point in particle state space there is an associated function describing how the population of particles with a given set of properties changes as a function of time (or spatial position, etc.). In practical terms in an FBR for the production of PE, the population balances have the following terms for particles in the size interval [ inside a given well-mixed zone:

(2.6)

While the meaning of the first three terms on the right-hand side is quite clear, the remaining terms deserve some explanation before moving to the reactor models.

Particle agglomeration is usually described as a two-body problem, assuming that when two particles collide with each other, agglomeration may occur with a certain probability and a single particle with volume equal to the summation of the volumes of the two colliding particles is formed. The corresponding agglomeration rate is defined as the number of particles formed by agglomeration between two particles per unit time and unit volume and it can be given as:

(2.7)
Where is the rate of agglomeration of particles of diameters di and dj, respectively, and indicate the number of particles of size , per unit volume of reactor and is referred to as the agglomeration kernel. There is very little experimental and theoretical evidence regarding particle agglomeration for the case of gas-phase production of polyolefins.

For this reason, an empirical approach is almost invariably used. In general, it is accepted that the agglomeration kernel will depend on the size of both colliding particles, temperature, polymer adhesive properties and polymer softening temperature [65] [66]. There is no clearcut consensus on how to define the agglomeration kernel for two particles of diameters and , but most modelling efforts usually follow a structure like the one presented by Arastoopour, Huanh and Weil [START_REF] Arastoopour | Fluidization behavior of particles under agglomerating conditions[END_REF]:

(2.8)
Where is an agglomeration rate constant, given by:

(2.9)

Here, and are proportionality constants, and are the particle surface temperatures and is the average polymer softening temperature. Equation (2.8) shows that the formation of agglomerates will increase exponentially with increased temperature and especially when the particle surface temperature reaches the particle softening temperature. There are many factors that can impact the softening temperature, such as copolymer composition of the polymer, polymer density or presence of an ICA [START_REF] Dompazis | Assessment of particle agglomeration in catalytic olefin polymerization reactors using rheological measurements[END_REF][68] [START_REF] Botros | Effects of hydrocarbon liquid feed in polyethylene polymerization process on particle surface temperature[END_REF]. In addition, one might ask if the softening temperature is in fact the best indication of stickiness, and several patents discussed by McKenna [5] cite the melt initiation, or melt onset temperature, as the most important indication of stickiness. Like the softening temperature, this value will also be a function of polymer density, degree of swelling and eventually molecular weight distribution (MWD). Again, like the softening temperature, theoretical expressions are not available to help us predict its value for a given situation.

The impact of agglomeration has been discussed by Yiannoulakis et al. [START_REF] Yiannoulakis | Recent developments in the particle size distribution modeling of fluidized-bed olefin polymerization reactors[END_REF]. They considered the FBR to be well-mixed with the residence time distribution of an ideal CSTR, PFM as single particle model and a PBE of the form shown above. The authors showed that smaller particles have a higher tendency to agglomerate, as their surface temperature is closer to the softening temperature. The authors also showed the effect of temperature on PSD. As the temperature increases, the peak in the PSD shifts towards bigger sized particles, while the corresponding shape broadens. The long tail at the end of the curves at higher temperatures is caused by agglomeration. Dompazis et al. [START_REF] Dompazis | Assessment of particle agglomeration in catalytic olefin polymerization reactors using rheological measurements[END_REF] extended the work done by Yiannoulakis and co-workers [START_REF] Yiannoulakis | Recent developments in the particle size distribution modeling of fluidized-bed olefin polymerization reactors[END_REF]. A detailed simulation was carried out to study the effects of particle agglomeration on the end-use properties of the agglomerated polymer particles. It was found that the agglomerated particles will generally exhibit lower values for MW due to longer diffusion length scales and higher concentration gradients inside the particles. Although there is still very little progress in the experimental field that would allow for better correlations, the work by Dompazis and co-workers [START_REF] Dompazis | Assessment of particle agglomeration in catalytic olefin polymerization reactors using rheological measurements[END_REF] represents a good starting point.

Furthermore, other agglomeration processes are important, including deposition on reactor walls due to static electricity (not to mention the increasing bed voidage due to repulsion between electrically charged particles [START_REF] Hendrickson | Electrostatics and gas phase fluidized bed polymerization reactor wall sheeting[END_REF], [START_REF] Hadisarabi | Computational modeling of the electrostatic charge build-up in fluidized beds[END_REF]), and due to liquid bridging in condensed mode. Finally, as mentioned above, only 2 body collisions are considered in agglomeration studies, as the probability of a 3-body collision happening is much lower than that of a 2-body collision. Furthermore, the shape of the agglomerates is open for discussion.

In the case of polyolefins, the result is a particle agglomerate that can have a different shape, and thus a different fluidization behaviour than that of the original "spherical" particles [START_REF] Hatzantonis | A comprehensive model for the prediction of particle-size distribution in catalyzed olefin polymerization fluidized-bed reactors[END_REF].

To the best of our knowledge, there are no agglomeration kernels that allow us to take these important mechanisms into consideration in the coagulation kernel. So, while population balances are very useful tools, they should be approached with caution if we need to account for particle agglomeration in the process of interest.

Particle attrition, or fines generation, is a real and significant problem in FBRs for polyolefin production, as it can simultaneously increase the number of particles and reduce particle size, which may affect reactor performance, fluidizing properties, operating stability and operating costs. Significant work has been done to study attrition in a range of non-polyolefin applications [START_REF] Farizhandi | Modeling the change in particle size distribution in a gas-solid fluidized bed due to particle attrition using a hybrid artificial neural network-genetic algorithm approach[END_REF], but despite its undeniable importance in many olefin polymerizations, very little is known about how to include attrition in population balances for the system of interest here.

It is known that hard polymer particles are correlated with fines generation due to attrition, or particle breakage [START_REF] Mcdaniel | Supported Chromium Catalysts for Ethylene Polymerization[END_REF]. Presumably, they are more brittle, and thus break more easily than softer, more elastic particles. Some patents describe certain actions that help reduce fines generation (presumably through attrition) including raising the reactor temperature to soften hard, dense particles [START_REF] Hendrickson | Polyolefin Reactor System Having a Gas Phase Reactor[END_REF][76], or adding induced condensing agents for the same reason [START_REF] Wonders | Suppression of Fines in Fluid Bed Polyethylene Process[END_REF].

It is also very likely that the evolution of particle morphology in the FBR will influence attrition.

For instance, if the particle fragmentation and expansion steps mentioned above lead to flaky or irregular particles, it is far more likely that these particles break than if the morphology is rounder and more compact. An example of this is seen in Figure 2.3. To avoid this, some patents also claim that attrition can be removed by reinforcing the structure of the catalyst support [START_REF] Gupta | Attrition resistant catalyst system for manufacture of polyolefins[END_REF][79]. Given the inherent complexity in modelling attrition, it appears that the few authors who tried to account for this simply used an oversimplified attrition rate with first order with respect to the particle number and constant, size-independent rate coefficient [66][80].

About the impact of attrition, Hatzantonis et al. [START_REF] Hatzantonis | A comprehensive model for the prediction of particle-size distribution in catalyzed olefin polymerization fluidized-bed reactors[END_REF] considered that attrition can significantly narrow the PSD in the bed and increase the amount of fines in the elutriation stream. As the attrition rate constant increases the bed PSD becomes narrower and its peak position shifts to smaller sizes. Furthermore, the smaller particles can be preferentially situated in the upper regions of the bed.

This very short discussion shows that the development of a comprehensive PBE relying not just on flow and particle growth, but that includes more complex phenomena that we know can occur is a real challenge. The validation of the proposed aggregation and attrition kernels by comparison with a large enough set of experimental data also in terms of PSD is still missing and would represent a major step forward when predicting the polymer PSD in this type of reactors.

One Phase Models

The simplest way to model a fluidized bed reactor is to treat it as a continuous stirred tank reactor (CSTR) that contains a well-mixed emulsion phase that can exchange matter and energy with a uniform gas phase. Any impact of bubbles in the bed is neglected. McAuley and co-workers [START_REF] Mcauley | A kinetic model for industrial gasphase ethylene copolymerization[END_REF] were the first to propose this approach, and based their choices on the argument that the low per-pass conversion and back-mixing between the gas and solids ensures that any concentration gradient of monomer along the vertical axis is very small, and can therefore be neglected. Thus, the concentration of the monomer in gas-phase is constant throughout the reactor, while both the heat and mass transfer rates between gas and solid phases are sufficiently high to make acceptable a description of the reactor content as one single pseudo-homogeneous phase. The obvious advantage of this approach is the mathematical simplicity, which allows the researchers to focus on other issues.

Depending on the level of detail in the kinetic model employed, this model can be readily used for the prediction of production rate, monomer conversion, and polymer properties such as the MWD and the copolymer composition distribution (CCD). If a population balance is added, predictions of particle size distributions are also obtainable. Table 2.2 resumes some of the studies in the literature that use a one-phase, well-mixed model approach. It is clear from this table that there is a vast array of applications of the one-phase models. For instance, Khang et al. [START_REF] Khang | Particle size distribution in fluidized beds for catalytic polymerization[END_REF] made use of a simple PBE and studied the effects of non-ideal mixing, by introducing a particle size-dependent RTD of the reactor and concluded that the assumption of perfect mixing for the solid is quite adequate for the PSD under typical operating conditions.

However simple models like this fail to capture the mass and heat transfer behaviours that happen between the bubbling gas and emulsion phases, which forcibly leads to an incomplete description of the reactor. Thus, simple one phase single CSTR models can be fitted to experimental data and used for specific case studies, although this diminishes the autonomy of the model predictions and the range of simulation results that can be obtained. An interesting overview of some of these applications can be found in reference [7], where it can be seen that these well-mixed models are used to predict and/or control overall quantities such as the production rate, outlet temperature, polymer density and melt flow index (MFI), monomer concentrations/pressures, and the bed height. 

Compartmentalized Emulsion Models

Recall that in an FBR the particles are suspended by a flux of gas made-up of monomer(s), hydrogen, and inerts. The particles entering the reactor typically have an average diameter on the order of 100 microns or less, and present a particle size distribution. These particles will grow as the polymerization proceeds but as the residence time distribution (RTD) approaches that of a CSTR, particles will remain in the bed for different amounts of time. All of this means that in a typical FBR particle sizes can range from 10 to 10 3 microns. Considering that the minimum fluidization velocity of a given particle, as well as its terminal velocity, are dependent on its size (diameter), an important question emerges: is the assumption of well-mixed emulsion phase valid if we need to go beyond estimating cumulative properties? What should be done if one needs information about the possible relationship between the reactor operating parameters and particle segregation in the bed? Furthermore, since the polymerization is highly exothermic, and heat removal is a major concern, the fluids are typically fed to the reactor at a temperature several tens of degrees below the reactor outlet temperature. This can lead to important axial temperature gradients in the reactor in certain cases. For these reasons, the well-mixed reactor hypothesis, although useful in certain limiting cases, is limited in terms of its ability to capture details of the reactor performance.

To overcome these limitations and answer the questions cited above, it is possible to use compartment models. In the simplest form of a compartmentalized model, we can continue to neglect changes in the gas phase and divide the emulsion phase of the previous paragraph into a certain number of compartments as shown in Figure 2. 4. In such a model, each compartment acts like a CSTR that can exchange particles with the neighbouring compartments. This allows one to not only discriminate the PSD at different reactor heights, but also to estimate temperature gradients as a function of the bed height. One can include elutriation (the arrow leaving the top compartment in in Figure 2.4) as well if particles that are over-fluidized in the top compartment are expected. On one side, more detail about how the particles circulate in the reactor means that we can obtain a better estimate of how the feed conditions, composition, gas velocities, etc.

influence the reactor output. On the other side, it is important to underline here that obtaining an accurate picture from such models entails an appropriate choice of compartmentalization, along with accurate mass transfer coefficients for transfer between compartments and phases. About the approach to compartmentalization, many variants have been proposed. As an example, in Figure 2.4 (a) the solids are flowing upward and downward between neighbouring compartments in order to somehow account for the solid exchange between gas and emulsion phase. On the other hand, in Figure 2.4 (b) the particles can move upward through neighbouring compartments, but not downward. In order to close the mass balance, the particles leaving the top compartment are "recycled" and fed into the bottom one [START_REF] Dompazis | Dynamic evolution of the particle size distribution in multistage olefin polymerization reactors[END_REF].

In most of the compartmentalized models, one can introduce population balances similar to those shown before, as well as the appropriate energy and mass balances. Perhaps the most difficult part of the model is to adjust the flow rates of mass and energy between adjoining compartments in a reasonable way.

Ashrafi et al. [START_REF] Ashrafi | Particle size distribution in gas-phase polyethylene reactors[END_REF] used a version of the simple compartmentalized model that does not explicitly contain a bubble phase, but allows for 2-way transfer of the emulsion phase between neighbouring compartments to study the bed segregation in an FBR at low superficial velocity (Figure 2.4 (a)). Based on a previous paper by Jafari et al. [START_REF] Jafari | Modular simulation of fluidized bed reactors[END_REF], the authors worked under the assumptions that their industrial scale reactor is divided into four CSTR's. The reactor model includes a PBE that accounts for particle agglomeration [START_REF] Arastoopour | Fluidization behavior of particles under agglomerating conditions[END_REF], constant rates of attrition using the model of Hatzantonis et al. [START_REF] Hatzantonis | A comprehensive model for the prediction of particle-size distribution in catalyzed olefin polymerization fluidized-bed reactors[END_REF] and elutriation. Their model showed that at a relatively low gas velocity ( = 0.25 m/s) the mean size of the particles decreases when moving up in the reactor.

Bigger (and therefore heavier) particles are more difficult to fluidize, which explains their tendency to populate the bottom of the reactor. Dompazis et al. [START_REF] Dompazis | Dynamic evolution of the particle size distribution in multistage olefin polymerization reactors[END_REF] used a compartmentalized emulsion model with a recycle stream (Figure 2.4 (b)). Although the authors do not show the results in terms of superficial velocity, one can reason that the rate of recirculating solids is a measure of this parameter. The authors show that as the recirculation of solids is increased, i.e., increasing superficial velocity, compartmentalized model collapses into the single CSTR model.

Alizadeh et al. [START_REF] Alizadeh | Modeling of fluidized bed reactor of ethylene polymerization[END_REF] employed a compartmentalized emulsion model which was simply a "tanks in series" structure. While not explicitly stated, it appears that, like in the work of Ashrafi et al.

[80], the reactor contained 4 equally sized compartments. Each compartment was considered to contain emulsion phase and bubbles that could contain solid particles [START_REF] Cui | Characterization of dynamic gas-solid distribution in fluidized beds[END_REF], although how this model was applied for polyethylene is not explicitly stated either. In the conclusions, the authors actually said they neglected transfer resistance between the bubble and solid phases, so a pseudo-homogeneous state was assumed throughout the fluidized bed. They also suppose that the reactor was isothermal, that there are no intraparticle resistances, and that the particles can all be characterized by a single average size. They used a kinetic model from the literature to predict the properties of the produced polymer such as average molecular weight, polydispersity index and molecular weight distribution of polymer, and showed that the MFI predicted by the model was in decent agreement with actual plant data.

Table 2.3 summarizes a selection of available studies for compartmentalized emulsion models. To summarize, the one-phase models are very attractive because of their simplicity. As with the CSTR approximation, this modelling approach can be definitely suitable to fit specific plant data. Nevertheless, this approach also comes with limitations. Considering the emulsion as a single phase, the description of the heat transport between the two phases is precluded and any temperature gradients in the reactor are ignored. Furthermore, Ashrafi et al. [START_REF] Ashrafi | Particle size distribution in gas-phase polyethylene reactors[END_REF] fixed their model to 4 CSTR's and derived the PBE's to each compartment in a non-generic form, which means their equations cannot be applied to other reactor configurations/set-ups. More detail and flexibility require more complex process descriptions.

Multi-phase models

In reality, a FBR does not contain only an emulsion phase. It is widely accepted that FBR used for olefin polymerization operate in bubbling mode since the relative gas-particle velocities are much higher than the minimum fluidization velocity. This means an FBR can be thought of as containing 2 or more phases. If the FBR is operating in "dry" or "super dry" mode (i.e. no liquid in the reactor feed), we can identify separate emulsion and bubble phases, and eventually a wake phase, as sketched in Figure 2.2. However, if the FBR is operating in condensed mode, one also needs to include a liquid phase (the droplets) in at least part of the reactor.

Two-phase models can also be classified according to how the emulsion and bubble phases are treated: we can find models with the emulsion phase treated as a well-mixed CSTR that exchanges

Chapter 2 -Literature Review 48 heat and matter with either a bubble phase (constant bubble size) or with a cascade of bubble compartments (variable bubble size) the bubble phase can be treated as well-mixed CSTR or plugflow, depending on the modelling approach. Finally, there are models with both the emulsion and the bubble phases divided into compartments. Roughly speaking, even though there are enough degrees of freedom to adapt the model schematization to describe well the fluid dynamic and transport behaviour of both the phases (thus improving the model accuracy), this increase of reliability comes at the price of being able to identify many more model parameters of difficult evaluation.

Constant bubble size

In the models discussed in this section, it is usually assumed that the emulsion phase is at minimum fluidization conditions, although some authors assume that higher fluidized porosity can occur due to excess gas [START_REF] Mostoufi | A comparison of two-and single-phase models for fluidized-bed reactors[END_REF]- [START_REF] Shamiri | Experimental and modeling analysis of propylene polymerization in a pilot-scale fluidized bed reactor[END_REF]. The polymer, catalyst, and co-catalyst are all in the emulsion phase along with the gas fraction that ensures minimum fluidization. The bubbles contain the excess gas, and often it is assumed that there are no catalyst or polymer particles in the bubble phase. Chapter 2 -Literature Review
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Choi and Ray [START_REF] Choi | The dynamic behaviour of fluidized bed reactors for solid catalysed gas phase olefin polymerization[END_REF] derived the first two-phase model applied to FBRs for olefin polymerization, based on the work of Kunii and Levenspiel [START_REF] Kunii | Bubbling bed model for kinetic processes in fluidized beds: Gas-Solid Mass and Heat Transfer and Catalytic Reactions[END_REF]. Their model followed the assumptions discussed above, as well as the following ones: i) constant bubble size; ii) mass and heat transfer between the bubble and emulsion phases occurs at uniform rates throughout the bed; iii) negligible heat and mass transfer between the solid and gas in the emulsion phase; iv) negligible intraparticle heat and mass gradients. According to these assumptions, the mass balances for monomer i are derived for the emulsion and bubble phases:

Emulsion phase:

(2.10)

Bubble phase:

(2.11)

In the above equations, the subscripts e and b represent the emulsion and bubble phase, respectively, represents the void fraction, the volume of the phase, is the concentration of monomer, is the phase velocity, is the cross sectional area, is the polymer recovery rate, is the bubble to emulsion mass transfer coefficient and represents the bubble phase volume fraction in the bed.

The enthalpy balance can also be derived for both phases. For the emulsion phase:

(2.12)
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For the bubble phase:

(2.13)
Where is the temperature of the phase, is the bubble to emulsion heat transfer coefficient, is a reference temperature, is the heat capacity of monomer , is the total number of species, is the superficial phase velocity and is the cross sectional area. The subscript in represents heat entering the phase. The overall thermal capacities of the two phases are defined as and .

In bubbling fluidized beds, bubbles exchange mass and heat with the emulsion phase. Kunii

and Levenspiel [START_REF] Kunii | Bubbling bed model for kinetic processes in fluidized beds: Gas-Solid Mass and Heat Transfer and Catalytic Reactions[END_REF] assumed that mass is transferred from the bubbles to the surrounding clouds and from the clouds to the emulsion phase. The heat is transferred from the emulsion phase to the cloud and then to the bubble, as the reaction is exothermic.

For mass transfer:

(2.14)

For heat transfer:

(2.15)

Where the subscripts and identify the mass and heat transfer coefficients between bubble and cloud and cloud and emulsion, respectively. Now, the mass and heat transfer coefficients calculated with equations (2.14) and (2.15) have been developed under the following assumptions: i) the gas superficial velocity (based on empty reactor) is considered to be at least the double of the minimum fluidization velocity ( ; ii) the velocity of rising bubble is considered to be at least five times the minimum fluidization velocity ( ; iii) the emulsion remains at minimum fluidizing conditions and the bubbles are solid-free. To the best of our knowledge, no experimental or theoretical studies are available in the literature assessing applicability and reliance of these correlations to the specific case of FBR for PE production.

The correlations required to evaluate some of the quantities involved in the previous balances are shown in Table 2.4. Even though the most commonly used correlations for both the bubble and emulsion phases are presented, other references are provided to direct the reader to different correlations than those shown. All symbols have already been defined, with a few exceptions: represents Archimedes number ( , where g is the gravitational acceleration, is the particle diameter, represents the density of the gas and polymer -subscripts and , respectively -and is the gas viscosity, and represent the reactor height and diameter, represents the bed voidage at minimum fluidization conditions and is the thermal conductivity of the gas. 

Parameter Formula Ref

Alternative correlations

Minimum fluidization

Reynolds Number

[

[56], [START_REF] Kunii | Bubbling bed model for kinetic processes in fluidized beds: Gas-Solid Mass and Heat Transfer and Catalytic Reactions[END_REF] Bubble velocity [START_REF] Kunii | Fluidization Engineering, 2nd Editio[END_REF] [102], [START_REF] Davidson | Fluidized particles[END_REF] Bubble rise velocity [START_REF] Kunii | Fluidization Engineering, 2nd Editio[END_REF] [56], [START_REF] Shiau | Equation for the superficial bubble-phase gas velocity in fluidized beds[END_REF] Emulsion velocity [START_REF] Mostoufi | A comparison of two-and single-phase models for fluidized-bed reactors[END_REF] [104]

Bubble diameter

(constant bubble size) [ 10 5] 
[106], [START_REF] Horio | A generalized bubble diameter correlation for gas-solid fluidized beds[END_REF] Bubble phase fraction [START_REF] Cui | Characterization of dynamic gas-solid distribution in fluidized beds[END_REF] [56], [START_REF] Davidson | Fluidized particles[END_REF] Emulsion phase void fraction [START_REF] Cui | Characterization of dynamic gas-solid distribution in fluidized beds[END_REF] [108]
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Mass transfer coefficients , with [START_REF] Kunii | Fluidization Engineering, 2nd Editio[END_REF] [61], [START_REF] Davidson | Fluidized particles[END_REF],

[109], [START_REF] Peters | Reactant dynamics in catalytic fluidized bed reactors with flow reversal of gas in the emulsion phaset[END_REF] Heat transfer coefficients , with [START_REF] Kunii | Fluidization Engineering, 2nd Editio[END_REF] [61], [START_REF] Davidson | Fluidized particles[END_REF],

[109], [START_REF] Peters | Reactant dynamics in catalytic fluidized bed reactors with flow reversal of gas in the emulsion phaset[END_REF] When focusing on the condensed mode cooling, Mirzaei et al. [START_REF] Mirzaei | Fluidized Bed Polyethylene Reactor Modeling in Condensed Mode Operation[END_REF] considered a steady state constant bubble size model where the reaction took place only in the emulsion phase and intraparticle resistances were neglected. While they considered liquid in the feed, they also assumed that it was immediately vaporized upon entry into the reactor so there is no need of a third phase, even though the energy balance includes an evaporative term. They also used the SL-EoS for the calculation of concentration at the active sites, but only considered pure component solubilities, so there are no co-solubility effects.

Zhou et al. [START_REF] Zhou | Modeling of the Temperature Profile in an Ethylene Polymerization Fluidized-Bed Reactor in Condensed-Mode Operation[END_REF] proposed an interesting variation on the two-phase model to study condensed mode reactors, which is illustrated in Figure 2.6. The authors say that the bubbles change size as they rise but assume that heat and mass transfer coefficients are a function of some average bubble size (i.e. a constant bubble size model). The emulsion phase is treated differently in order to accommodate the existence of an additional droplet phase of iso-pentane in the emulsion. The top of the emulsion phase is a well-mixed zone, but at the bottom the emulsion mixture and liquid droplets move upward in plug flow. The height of this gas-solid-liquid emulsion zone corresponds to the axial position where the last droplet evaporates. Using this model, they showed that allowing liquid in the reactor means that two very distinct zones can be seen, as per Figure 2.7. In the "wet" zone at the bottom of the bed (up to ≈ 1.5m in their conditions) the temperature rapidly increases as the droplets evaporate, creating a temperature Fernandes and Lona [START_REF] Fernandes | Fluidized-bed reactor and physicalchemical properties modeling for polyethylene production[END_REF] also considered a variant of the two-phase constant bubble size approach. Rather than treat each phase as well mixed, they modelled each compartment as a plug flow reactor, with the emulsion phase flowing downward and the bubble phase flowing upwards. They justified this by saying that as the particles grow, they will, on average, sink to the bottom of the reactor while the gas moves upwards. For sake of convenience, the catalyst is injected at the top of the reactor and the polymer is recovered at the bottom, without solids recirculation. The reactor model consisted of mass and energy balances on the emulsion and bubble phase, and since each are treated as plug flow reactors, it was possible to calculate temperature gradients in the reactor. The authors coupled their model with a kinetic model to arrive at polymer properties profiles that vary with reactor height, such as average molecular weight, MFI and polydispersity.

These, and other constant bubble size modelling efforts that have not been discussed in here, are summarized in Table 2.5. Co-polymerization ethylene-1-butene While the constant bubble size model might be a good exercise and an initial approach to reactor modelling, it is important to critically think about some of the approximations required for its implementation. When using this model, one faces an inherent dependence on empirical or semi-empirical correlations, as shown in Table 2.4. Those rely heavily on the bubble diameter that upon entering the reactor immediately reaches its maximum and stable size, which is of course an oversimplification of the actual bubbling fluidization. Another common approximation is to assume that the heat transfer resistance between particles and gas in the emulsion phase is negligible. The presence of a temperature gradient between particles and gas phase is well documented and can be quite important [13][42]. Furthermore, the only way to account for temperature gradients is once again to circumvent the well-mixed compartments either via a plug flow approximation, or a combination of plug flow and wellmixed zones.

Variable bubble size

The variable bubble size model is a natural and necessary extension of the constant bubble size model, since the bubbles grow by coagulation when they rise through the reactor, increasing in size with increased bed height. At the bottom of the bed, near the gas distributor, the bubble's size is at its minimum. This phenomenon was captured by Kunii and Levenspiel [START_REF] Kunii | Fluidization Engineering, 2nd Editio[END_REF], [START_REF] Kunii | Bubbling bed model: Model for the Flow of Gas through a Fluidized Bed[END_REF], [START_REF] Kunii | Bubbling bed model for kinetic processes in fluidized beds: Gas-Solid Mass and Heat Transfer and Catalytic Reactions[END_REF], but applied to the specific case of olefins polymerization by Hatzantonis et al. [START_REF] Hatzantonis | Recent developments in modeling gas-phase catalyzed olefin polymerization fluidized-bed reactors: The effect of bubble size variation on the reactor's performance[END_REF]. However, the idea of varying the bubble size had already been discussed by McAuley et al. [START_REF] Mcauley | A comparison of two-phase and well-mixed models for fluidized-bed polyethylene reactors[END_REF] in an earlier study. In the variable bubble size model, the emulsion phase is still treated as a CSTR, but the bubble phase can be described with the use of compartments, set to have a height equal to bubble diameter, with the bubbles growing each compartment, as seen in Figure 2.8. The local heat and mass transfer between bubble and emulsion, local bubble volume fraction and rise velocity are now dependent on the size of the bubble and therefore on the corresponding bed height. The appropriate mass and enthalpy balances can be derived for this system. Here the emulsion phase balance remains the same as shown for the constant bubble size model, as no further assumptions have been lifted. For the bubble phase, the generic n-th compartment can be modelled as having a constant bubble size:

(2.16)

The bubble volume, rise velocity and area are dependent on the bubble size, which means that the size of the bubbles needs to be calculated for each specific compartment.

The only additional information required for this model with respect to the constant bubble size model is the bubble diameter. Several correlations for this parameter have been developed over the years, so the particular equations shown in Table 2.6 are only to exemplify the type of information needed to include this level of detail in the models. Literature references to other correlations are also reported. [120]- [START_REF] Shiau | An improved bubble assemblage model for fluidized-bed catalytic reactors[END_REF] In fluidized beds, bubbles continuously grow until they reach a maximum bubble size, as a consequence of pressure drop and bubble coalescence. Above the maximum size, bubbles become unstable and can break up into smaller bubbles. Davidson and Harrison [START_REF] Davidson | Fluidized particles[END_REF] assumed that the maximum bubble size is related to the particles terminal velocity ( ):

(2.17) However, most of the available correlations do not account for this maximum value.

Therefore when using the variable bubble size model, a maximum bubble size should be used whenever a bubble size correlation predicts values larger than those obtained by equation (2.17) [START_REF] Hatzantonis | Recent developments in modeling gas-phase catalyzed olefin polymerization fluidized-bed reactors: The effect of bubble size variation on the reactor's performance[END_REF].

Hatzantonis et al. [START_REF] Hatzantonis | Recent developments in modeling gas-phase catalyzed olefin polymerization fluidized-bed reactors: The effect of bubble size variation on the reactor's performance[END_REF] investigated the effects of maximum bubble size. They found that imposing different maximum bubble sizes did not significantly affect the temperature and ethylene concentration predictions. Furthermore, they analysed the impact of the maximum bubble size on the emulsion temperature for both variable and constant bubble size models.

The variable bubble size model shows drastically less impact on emulsion temperature when compared to the constant bubble size model. This is thought to be a consequence of the improved bubble-phase mixing patterns, which results in more significant emulsion-to-bubble heat transfer rates. Furthermore, the mass transfer rate from bubbles to emulsion was shown not to affect the behaviour of the reactor. Although this approach is still heavily reliant on correlations, the introduction of a variable bubble size has been shown to improve the model, as expected.

Comparing the well-mixed one-phase model and the models that account for either constant or variable bubble size is somewhat of a subjective exercise, as both methods deal with the same problem through different approaches. McAuley et al. [START_REF] Mcauley | A comparison of two-phase and well-mixed models for fluidized-bed polyethylene reactors[END_REF] first compared the original two-phase constant bubble size model to their well-mixed one-phase approach. The authors compared the reaction temperature obtained from both models for various superficial gas-velocities and catalyst feed rates and showed that there was very little difference between the two. Also Hatzantonis et al. [START_REF] Hatzantonis | Recent developments in modeling gas-phase catalyzed olefin polymerization fluidized-bed reactors: The effect of bubble size variation on the reactor's performance[END_REF] compared the well-mixed one-phase model with constant and variable bubble size two-phase models without considering intraparticle heat and mass transfer resistances. The well-mixed and constant bubble size models were found to be limiting cases of the variable bubble size model. The reaction temperature was predicted to be highest with the constant bubble size, and lowest with the well-mixed model. Furthermore, they also found that the well-mixed and variable bubble size model yield similar results, different from those of the constant bubble size model.

In a similar vein, Ibrehem et al. [START_REF] Ibrehem | Modified mathematical model for gas phase olefin polymerization in fluidized-bed catalytic reactor[END_REF] added a wake phase to the two-phase model (modified variable bubble size model), and compared simulation results using their model, the well-mixed, constant and variable bubble size models with plant data for emulsion temperature and MFI. The resulting three-phase model included heat and mass transfer resistances from the bubble to the wake, from the wake to the emulsion, and from the emulsion to the polymerizing particles. The authors assumed that the emulsion phase was at minimum fluidization conditions and they neglected intraparticle heat and mass transfer resistance. All 4 models predicted similar results in the initial simulations. Using the adjusted model parameters, the authors were able to show good agreement with plant data (in terms of melt flow index and emulsion temperature). Once again, temperature gradients in the emulsion phase were ignored.

Even though this is not an exhaustive list of modelling studies, at this point one can conclude that there is very little difference in terms of model predictions between the wellmixed, constant and variable bubble size models in terms of productivity, emulsion temperature and basic polymer properties. Those differences that do exist appear to be mainly due to differences in the predicted emulsion temperature due to different heat transfer rates between the bubbles and the emulsion. Adding a further complexity in terms of a "cloud" around the bubbles and wake phase with solid entrainment does not seem to add any benefit in terms of understanding or predicting reactor performance. This should not be surprising given that when models treat the emulsion phase as well mixed, no temperature gradients are allowed along the reactor axis that might form under different conditions. At this point, if one wishes to estimate productivity and heat generation rates, and get an overview of how the process conditions impact the MWD and CCD based on a chosen set of kinetic and physical constants, there does not appear to be any significant benefit in adding the additional levels of complexity and finding the extra parameters and correlations required for the two-phase models. One can probably get a good overall picture of reactor performance from the well mixed model, which is in agreement with the conclusion from McAuley et al. [START_REF] Mcauley | A comparison of two-phase and well-mixed models for fluidized-bed polyethylene reactors[END_REF].

As with the well-mixed model, these one-and two-phase models can be combined with PBEs to provide estimates of the whole PSD in addition to the quantities mentioned above.

However, if one wishes to account for things like liquid in the reactor feed or allow for temperature gradients in the emulsion and/or gas phase, particle segregation by size, etc., then it is also necessary to complexify the models somewhat. This can be done using either fully compartmentalized representations of the reactor, or detailed hydrodynamic models based on CFD.

Fully Compartmentalized Models

At the risk of over-generalizing, the vast majority of modelling efforts of this type seems to employ the same approach, shown schematically in Figure 2.9. This model concept is based on the same fundamental assumptions that bubbles grow as they rise until they reach some maximum size (e.g. Grace [START_REF] Grace | Modelling and Simulation of Two-Phase Fluidized Bed Reactors[END_REF]) and that the emulsion phase is composed of communicating well mixed compartments. The gas compartments can be modelled either as a cascade of well-mixed zones of changing height (equal to the bubble diameter at a given height like with the previous model), or as being in plug flow (i.e., a cascade of a large number of compartments, grouped as shown in Figure 2.9). Heat and mass transfer between bubble and emulsion phases are almost universally described using the transport coefficients developed by Kunii and Levenspiel [START_REF] Kunii | Fluidization Engineering, 2nd Editio[END_REF]. Some works include solids in the bubble phase, some do not, and population balances can contain different terms from work to work. This seems to have a small impact on the bubble phase temperature gradients.

Most authors calculate a minimum fluidization velocity from an average particle size, which of course means that some small particles are over-fluidized (need to account for elutriation) and some are under-fluidized and can settle. Furthermore, given the challenge in validating the modelling work with plant data, only limited numbers of properties are compared for model validation. These observations do not mean that the modelling work is not of quality or is not useful; far from it. It means that the problem of modelling the FBRs for ethylene polymerization is attacked in very similar way, and employs a number of correlations that are not developed specifically for PE, or developed for uniform particle sizes, etc. Many of them can certainly give a decent estimate of the impact of changing one or more parameters on reactor behaviour, and some can undoubtedly be fine-tuned to model specific processes.

Obviously, producers do not make plant data available in the open literature, so the solution to the problem of model validation is certainly not readily available. A quick discussion of some fully compartmentalized models follows. Following their earlier work, Ashrafi and co-workers [START_REF] Ashrafi | Two phase steady-state particle size distribution in a gas-phase fluidized bed ethylene polymerization reactor[END_REF] developed a two-phase model, which divided the reactor into compartments for both the emulsion and bubble phase and focused on the effects of operating conditions on bed segregation. As before, they used 4

CSTRs in series to describe the emulsion phase and added 4 PFR in series (same height as the emulsion compartments) to describe the rising bubble phase. The emulsion phase is described like in their earlier work [START_REF] Ashrafi | Particle size distribution in gas-phase polyethylene reactors[END_REF], where the particles can either fall down to the compartment below or be blown up to the compartment above. The particles in the bubble phase are assumed to only move upwards, with the elutriated particles being recycled to the bottom compartment. They compared the results of their isothermal simulations to plant data for the cumulative PSD and found reasonably good agreement (but it is not clear how the mass transfer rates between bubble and emulsion compartments were adjusted). While this model contains potentially more detail than their previous models, the overall predictions of PSD are quite similar. Without extensive comparison of a range of plant data it is not clear to us whether the addition of the bubble phase actually provides verifiable supplementary information with respect the simpler model presented early (especially since an energy balance is not included).

Kiashemshaki et al. [START_REF] Kiashemshaki | Two-phase modeling of a gas phase polyethylene fluidized bed reactor[END_REF] used a simple compartmentalized emulsion model with 4 compartments for each phase, and allowed a certain amount of particles to transfer between the phases. Here the fraction of particles in the bubble phase is calculated using a correlation that relates the superficial velocity with the minimum fluidization velocity. They used a 2-site kinetic model and assumed a uniform particle size. Simulated molecular weight distributions showed good agreement with plant data, and average bed temperatures were of a similar magnitude. It is not entirely clear what bed temperature this is, and no attempt is made to compare to plant temperature profiles. Furthermore, according to the simulations, about 20% of the total polymerization occurs in the bubble phase. Dompazis and co-workers [START_REF] Dompazis | Development of a multi-scale, multi-phase, multi-zone dynamic model for the prediction of particle segregation in catalytic olefin polymerization FBRs[END_REF] developed a rigorous and complete multiscale, two-phase model, that included PBE (constant agglomeration, but no attrition). In this model the emulsion phase is in contact with a bubble and wake phase, and mass transfer from the emulsion to the wake portion of the bubble phase is accounted for. The authors focused on calculating the dynamic evolution of polymer properties (PSD and MWD) and the extent of particle segregation in the reactor. The authors claim that for higher superficial gas velocities, the PSD in both phases collapses to the same distributions, which is in agreement with the findings by Kim and Choi [START_REF] Kim | Modeling of particle segregation phenomena in a gas phase fluidized bed olefin polymerization reactor[END_REF]. The emulsion temperature and single pass ethylene conversion decrease when internal mass transfer limitations are accounted for, due to lower polymerization rates. The authors saw the same trend for the PSD: the presence of internal mass transfer resistance led to smaller particles.

Farid and co-workers [START_REF] Farid | Development of mathematical model for a polyethylene fluidized bed reactor[END_REF] also subscribed to the variable bubble size two-phase model, Farag and co-workers [START_REF] Farag | Modeling of fluidized bed reactor for ethylene polymerization: effect of parameters on the single-pass ethylene conversion[END_REF] merged a two-phase variable bubble size model with a population balance model, while considering the reactor divided into compartments. They showed the effect of bubble size on the single pass conversion of ethylene, while varying the catalyst feed rate. Smaller bubbles have a lower velocity in the bed compared to larger bubbles. As a result, smaller bubbles lead to larger bubble number in the bed, and to a reduction in the volume of the emulsion phase. Therefore, the residence time of the solids decreases with a decrease in bubble size, reducing the contact time between ethylene and the catalyst. This is seen as a decrease in single pass ethylene conversion vs. bubble size. These results are in accordance with the findings of Dompazis et al. [START_REF] Dompazis | Development of a multi-scale, multi-phase, multi-zone dynamic model for the prediction of particle segregation in catalytic olefin polymerization FBRs[END_REF] on the same subject. becomes clear that the addition of compartments to a model bridges the way to better reactor description, as it allows to axially discriminate the reactor while keeping the mathematical simplicity of well-mixed conditions for the emulsion phase. With this approach, it is possible to assess bed segregation, temperature profiles in the bed, or possibly extend these models for condensed mode case studies and infer on liquid hold-up. In return, these models come with several new parameters that need to be estimated, such as the flowrates of the streams that interconnect the different compartments, which might prove to be a challenging task depending on the overall compartments configuration. Still, even with a compartmentalized approach one is faced with an enforced homogeneity in each "box", that can only be relieved with the use of computational fluid dynamics models.

MACROSCALE MODELLING WITH COMPUTATIONAL FLUID DYNAMICS

Although CFD modelling can be extremely useful when looking to a detailed study of reactor hydrodynamics, it is outside the scope of this work. A small overview of the CFD methodologies employed to the specific case of FBRs for polyolefin production is presented below, as well as the main research done on condensed mode operation. For more detailed information, the reader is directed to the review studies done by Sun et al. [9] and Pan et al. [START_REF] Pan | CFD simulations of gas-liquidsolid flow in fluidized bed reactors -A review[END_REF].

There are several approaches to model the complex interactions in FBRs, related to the type of model used for each of the phases (gas, liquid or solid). Most of the studies found focus on two-phase gas-solid models, with a few exceptions of authors that have worked on condensed mode, extending the model to three phases (gas-liquid-solid).

There are mainly three methodologies in CFD technology that allows simulation of multiphase systems: Eulerian, Lagrangian and the direct numerical simulation (DNS) methods [START_REF] Pan | CFD simulations of gas-liquidsolid flow in fluidized bed reactors -A review[END_REF]. The Eulerian approach admits full interpenetrating of all continuous phases, and all phases have the same conservation equations. This method requires closure relationships, such as stress and viscosity of the solid phase and in return provides macroscopic average quantities, ideal when describing industrial scale reactors, hence of great use for engineering purposes. The Lagrangian approach focuses on solving the Newtonian equations of motion for each object of the dispersed phase (bubbles or solid particles). This method considers the effects of particle collisions and forces acting on the object by the other phases, which makes it ideal to track particles trajectories or describing micro/meso-scale character of the dispersed phase. The DNS method numerically solves the Navier-Stokes equations without any turbulence model. This means that the whole range of spatial and temporal scales of the turbulence must be resolved. This approach captures micro-scale information, since the flow field around every particle is calculated. This information can provide insight and data to formulate correlations for higher scales [START_REF] Pan | CFD simulations of gas-liquidsolid flow in fluidized bed reactors -A review[END_REF].

The Euler model proved to be a suitable approach to investigate the behaviour of FBR under condensed mode operation. The presence of droplets can be accounted for by adding a liquid phase as proposed by Pan et al. [START_REF] Pan | CFD modeling of the gas-solid two-fluid flow in polyethylene FBRs: From traditional operation to super-condensed mode[END_REF].

Pan et al [START_REF] Pan | Important Analysis of Liquid Vaporization Modeling Scheme in Computational Fluid Dynamics Modeling of Gas-Liquid-Solid Polyethylene Fluidized Bed Reactors[END_REF] analysed the importance of including a vaporization model. Firstly, the authors observe two temperature zones in the reactor: one where the temperature rises quickly at the bottom of the reactor and another where the temperature remains almost constant, in accordance with the findings of Zhou et al [START_REF] Zhou | Modeling of the Temperature Profile in an Ethylene Polymerization Fluidized-Bed Reactor in Condensed-Mode Operation[END_REF]. Furthermore, the authors observed that the vaporization rate increases with the bed temperature and with the droplet size due to higher superficial area. The liquid vaporization was also shown to effect the gas velocities distribution. Once the liquid vaporizes, it expands and effectively increases the gas superficial velocity in the bed. In a later study, Pan and co-workers [START_REF] Pan | Modeling and simulation of particle size distribution behavior in gas-liquid-solid polyethylene fluidized bed reactors[END_REF] show that the presence of liquid in the reactor not only increases the production rate in the reactor, as it broadens the final product PSD.

Botros et al. [START_REF] Botros | Effects of hydrocarbon liquid feed in polyethylene polymerization process on particle surface temperature[END_REF] showed that the heat removed by the liquid film involving the particles represents only 0.5% of the total heat removed, and that the presence of liquid did not actually decreased the temperature of the solid particles, but it had a significant impact on the temperature of the gas phase.

CONCLUSIONS

This literature review focused on the main macroscale approaches to modelling a FBR for PE production. For non-CFD models, 3 main approaches have been discussed and comparative studies show that they all have specific uses. The one phase, well-mixed approach is of mathematical simplicity, and when coupled with a kinetic model, one can obtain basic results such as production rate, monomer conversion, and depending on the kinetic model, molecular weight and composition distributions. The biggest downside of this model is the lack of rigor when describing the heat and mass transfer between gas and solid phases. This issue can be overcome by finely tuning model parameters for each specific case.

However, this procedure would result in strongly system-dependent parameter values, which, in turn, negatively affect the predictive capability of the model for different process conditions. The two-phase approach is divided into constant and variable bubble size models.

The first, is not physically accurate, and comparative studies show little to no improvement when adding a bubble phase against a one phase, well mixed approach. This might be related to how heavily the two-phase models depend on the use of empirical or semi-empirical correlations for key reactor parameters, such as the bubble volume fraction, the bubble size, interphase mass and heat transfer coefficients, etc. The two-phase variable bubble size model shows promising results, most likely due their more accurate description of heat and mass transfer between bubbles, but at the expense of even correlations than the constant bubble size. In all of these approaches, there is an array of available models that range from simple to very detailed and complex. Depending on the results that are required, one can choose the level of complexity.

In terms of the studies found in the literature, a good balance between homo-and copolymerization studies was observed. However, most studies focus on dry-mode or dismiss co-solubility effects all together, which goes against what is practiced in the industry and further motivates the purpose of this dissertation.

The use of CFD models proved to provide useful results and emerged as a promising approach by virtue of their spatiotemporal resolution, which allows obtaining insights about velocity fields and temperature profiles that would be challenging or impossible to investigate otherwise. Still, CFD simulations for FBR still require some simplifications for the computational efficiency (the solid is treated as a continuum) and are currently at their infancy, since they are mainly employed to characterize bed fluidization. However, some studies in the literature have been found to deal with condensed mode operation, although the thermodynamic effects of ICA in the ethylene/PE system are not discussed or accounted for.

Chapter 3

On the importance of an accurate thermodynamic model 

ON THE IMPORTANCE OF AN ACCURATE THERMODYNAMIC MODEL

Let us revisit the concept of condensed mode operation. An Induced Condensing Agent, ICA, is a hydrocarbon added to the gaseous stream that enters the reactor, with the aim of increasing the gas heat capacity, and therefor aid in heat evacuations. If the temperature of the stream is decreased below that of the dew point, a fraction of the ICA is condensed, and even more heat can be removed from the reactor in the form of latent heat, due to vaporization. However, a series of experimental studies show that the presence of ICA increases significantly the rate of reaction, not explained by better heat evacuation [1]- [3]. In fact, adding 2 bar of n-pentane to a semi-batch reactor with 7 bar of ethylene provokes an increase of 40% in the average activity, compared to 7 bar of ethylene alone. This is attributed to the fact that the ICA increases the solubility of ethylene in the amorphous polymer phase, thus adding the n-pentane to the gas-phase polymerization of ethylene provokes an increase on the concentration of monomer in at the catalyst active sites, effectively increasing the rate of reaction. Of course, Hutchinson and Ray [4], had already highlighted the importance of understanding the solubility of monomers in multi-component systems, but did not investigate reactor behaviour under a range of conditions.

The increase of solubility of ethylene by the presence of heavier compounds (like ICAs) is known as the co-solubility effect. Although understanding the co-solubility and its effects in reactor behaviour is crucial, it is important to notice that this is not the only effect to be expected when adding ICA into the reactor. It is well known that the ICA can act as plasticizer, which is proven to slow the crystallization rate [5]. Furthermore, a decrease in the melting point caused by the presence of ICA can cause particles to be stickier and therefor increase agglomeration in the reactor [5] [6].

There have been various experimental studies that quantify this co-solubility effect [7], [8] as well as several modelling efforts [9]- [18]. What they all have in common is that the ternary systems made up of ethylene/ICA/polymer heavily deviate from the ideal behaviour, and needs therefor to be accurately modelled in order get good solubility predictions. To this end, most authors relied on equation of state based models, such as PC-SAFT or Sanchez-Lacombe EoS. In this work the Sanchez-Lacombe Equation of State was implemented with the initial aim to predict the solubility of ethylene in the amorphous phase of the polymer.

SANCHEZ-LACOMBE EQUATION OF STATE

According to the Sanchez-Lacombe Equation-of-State lattice-fluid model (SL-EoS) [19] the polymer chains are treated as a set of connected beads on a lattice. The presence of empty sites or holes is permitted in the lattice, but since the lattice size is fixed, the changes in volume are governed by changes in the number of holes [20].

For a polymer liquid, the SL-EoS in terms of reduced variable is given by:

(3.1)
Where , , are the reduced density, pressure and temperature, and are defined as:

, , (3.2) 
Where , and are, respectively, the characteristic temperature, pressure and closepacked mass density, which completely characterize a pure fluid. is the number of sites a molecule occupies in the lattice. In principle, any thermodynamic property can be utilized to determine these parameters, but saturated pressure data is often employed for its wide availability [20]. Several authors have published tables where these molecular parameters were made available [19]. This model requires an interaction parameter, which is dependent on the solute(s)-polymer system used and temperature [20]. One way to obtain this interaction parameter is to fit the SL-EoS predictions to solubility data, which is widely found for binary systems and found for some ternary systems.

The SL model is an Equation of State, meaning equation (3.1) includes the total thermodynamic description of the polymer-penetrant(s) system. This means that all thermodynamic properties, such as isobaric thermal expansion coefficient or chemical potential, follow from the standard thermodynamic formulae and can be easily derived from expression (3.1). Details regarding the SL-EoS parameters and solution strategy can be found in Appendix A

With the SL-EoS, one is able to accurately predict ethylene and ICA solubilities in the amorphous phase of the polymer, while accounting for the co-solubility effect. Table 3.1

shows the pure component parameters for the penetrants and polymers used in this work. In Figure 3.2, the total pressure of the system is increased, while keeping the pressure of n-hexane at 0.6 bar at a temperature of 70 °C.

Figure 3.2. Experimental and modelled partial solubilities for the ternary system ethylene/nhexane/LLDPE, with n-hexane pressure fixed at 0.6 bar and 70°C. Experimental data from Yao et al. [9]. Fitted parameters: and .

In Figure 3.2, the anti-solvent effect is observed. Although the partial pressure of n-hexane is kept constant, its solubility in the amorphous polymer decreases by the increase of ethylene partial pressure. The chosen thermodynamic model, SL-EoS is once again able to predict this behaviour and is considered to be a valid tool for modelling the partial solubilities of gases is polymeric systems. expected to swell the polymer. The effect of the heavier ICA (n-hexane) is clearly more important than the effect of the lighter component (n-pentane). The co-solubility effect was explained by Bashir et al [14] in terms of partial molar volumes (PMV) and volumetric thermal expansion coefficients. The ICA has higher solubility, PMV and volumetric thermal expansion than the monomer (in this case ethylene). Furthermore, the heavier the ICA, the higher its solubility and PMV in the polymer, which can explain the co-solubility results seen in this section.

The

for relevant systems and conditions has been fitted to experimental data to yield the correlations shown in Table 3.2. Heat transfer between the growing particles and the gas phase is by convection only.

All correlations for bed density, heat transfer coefficients and other reactor properties are calculated using an average size for catalyst and polymer particles. It is, of course, possible to adopt a more detailed modelling approach, such as full scale population balances. However, since the objective of this chapter is to explore how important it is to use accurate thermodynamic models, the additional complication created by using complex models is not useful at this point.

Mass Balances

The general form of the ethylene mass balance is written as follows:

(3.3)
Where is the ethylene mass flow rate entering the reactor, is the ethylene mass flow rate exiting the reactor, is the reaction rate at a given temperature and pressure, is the catalyst volume in the bed and is the flow rate of ethylene dissolved in the outlet polymer stream. This last variable can be defined as:

(3.4)
Where is the concentration of ethylene in the amorphous polymer phase, is the PE production rate (as defined in equation (3.14)) and is the weight fraction of amorphous phase in the polymer, which varies with the temperature [16].

The general form of the alkane mass balance is given as:

(3.5)
Where is the ICA mass flow rate entering the reactor, is the ICA mass flow rate exiting the reactor and is the flow rate of ICA dissolved in the polymer phase. The equation is similar to the ethylene:

(3.6)
Where is the concentration of ICA in the amorphous polymer phase. .

Since the ICA is a chemically inert compound, and at this point it is not interesting to model the molecular weight distribution in this work, the kinetic scheme considered here will be the homopolymerization of ethylene. Even though the polymerization includes several wellknown steps, a simple expression for the overall reaction is enough to reflect the impact of the co-solubility effect [28]:

(3.7)
Where represents the kinetic rate constant.

is the active sites concentration on the catalyst. It is important to mention the use of Arrhenius Law to predict the kinetic rate and catalyst deactivation constants at the reaction temperature, as described in equation (3.8).

(3.8)

In Equation (3.7) is the ethylene concentration in the amorphous polymer phase. This last parameter is of the utmost importance and an accurate estimation is likely needed in order to predict the polymerisation rate. As seen in the previous section, changes with the presence of different ICAs, comonomers, and with the operating conditions (reactor temperature and pressure). The SL EoS was implemented to estimate the amorphous polymer density, and ethylene and ICA concentration in the polymer phase.

Energy Balances

Inside the reactor two temperatures can be observed: The bulk temperature ( ) and the solid particles temperature ( ).

The rate of heat transfer between the growing particles and the continuous phase can be written as follows [29]:

(3.9)

Rearranging (3.9), (3.10) 
Where is the heat of reaction and represents the convective heat transfer coefficient, calculated with the was calculated with the Nelson-Galloway correlation as suggested by Floyd et al. [29] and shown in Appendix D.

The steady state reactor enthalpic balance is written as follows:

(3.11)

With the following reference state, Equation (3.11) to (3.12):

Reference Temperature -Inlet Temperature ( ;

Reference Pressure -Reactor working pressure;

Ethylene, nitrogen and alkane in gaseous form;

Solid catalyst;

Semi-crystalline polyethylene.

(3.12)

Replacing the parameters, the equation (3.12) takes the following form:

(3.13)
Where is the average heat capacity, as described in Appendix B (equation (B1)) for gases and presented in Table 3.4 for PE and catalyst particles. It is assumed that changes in pressure will not affect heat capacity. represents the ethylene flow rate that is consumed as a reactant, which is the same as the PE flow rate production:

(3.14)

FBR Design Equations

Correlations used to predict minimum superficial velocity and bed porosity are listed in 

Parameter Formula Ref

Reynolds at minimum fluidization [30] Average gas fraction [31] Height at minimum fluidization [32] Bed voidage for ≤ [33] Bed voidage for ≤ ≤ [33] Weight of Solids in bed [30] 3.3 RESULTS Reactor Bed Height ( ) m 13.3 [34] Catalyst type -Ziegler Natta [18] Catalyst Density ( ) kg/m 3 2300 [18] Catalyst Heat Capacity ( ) J/(kg.K) 2000 [18] Catalyst Specific Activity kgpol/(kgcat.h.bar) 1500 [34] Polymer Heat Capacity ( ) J/(kg.K) 2000 [18] Heat of Reaction ( ) J/mol -107600 [18] Minimum Fluidized Bed Porosity ( .) -0.476 [35] Particle size ( ) μm 800 [18] Catalyst size ( ) μm 65

[36]

Model Validation

The model validation was carried out by replicating examples 7A and 7C of the patent US 6,864,332 B2 [34]. Example 7A does not include any ICA, so was used to determine a reference reaction rate. In example 7C a mixture of propane and iso-butane are introduced in a "super dry" mode industrial production run. The data used in both examples is shown in Table 3.5. Since in example 7C there are two ICA, some minor alterations were made to the reactor equations. All equations regarding the ICA are still written in the same fashion, but accounting for two ICA compounds instead of one.

For the ethylene concentration in the polymer ( ), a blunt approximation was made.

Since no data is available to estimate the model parameters for the quaternary system in question (i.e., ethylene/propane/iso-butane/PE system), a "pseudo" ICA was defined a, which is mixture of propane and iso-butane. is estimated by interpolating the data obtained for ternary systems ethylene/propane/ LLDPE and ethylene/iso-butane/ LLDPE, which were made available by Ben Mrad et al [17] at 70°C. The results are shown in Figure 3.6. The SL-EoS was then fitted to the interpolated data, which yielded the pseudo interaction parameters: =-0.034 and =0.036. Strictly speaking, the solubility of one ICA in the polymer will be influenced by the presence of other ICA in the mixture and by the temperature, but since the interpolation is only for one composition, it is likely that the error caused by this approximation will be small. Furthermore, the solubility of the ICA in the polymer is assumed to be the same as in the binary case, which means that the anti-solvent effect will be ignored during the validation simulations. The binary interaction parameters for both systems are:

Propane/LLDPE = 0.023, fitted to the experimental data by [37];

Iso-Butane/LLDPE = 0.027, fitted to the experimental data by [38]; 3.6 shows the comparison between the results presented in examples 7A and 7C [34] and the results obtained in the simulations. These preliminary simulations suggest that the model is a decent approximation to the system, and can therefore be used it to achieve the objectives laid out above. The slight difference in the polyethylene production rate, productivity and reactor temperature can be explained by the approximations made above (clearly reasonable in light of the good agreement), and due to the fact that the solubility values are only available at 70°C for the considered system and the reactor in the patent operates at 88°C. The slight differences observed in the residence time can be explained by the use of a CSTR approach for the powder phase.

Effects of co-solubility in reactor operation

Several simulations were run to evaluate the influence of increasing the ICA partial pressure in the reactor on catalyst mileage, reactor production rate and reactor temperature.

The kinetic parameters used in this chapter are presented in Table 3.7. Table 3.7. Kinetic parameters used in this model [18].

Parameter Units Value

Initial Catalyst Active Site Concentration (C0* ) mol/m 3 c 0.52 Kinetic rate constant ( ) m 3 /(mol.s) 180

Reaction Activation Energy (Ea) J/mol 42000

The bed height is kept constant in all simulations. The pressure of nitrogen is variable within each simulation to accommodate the increase of ICA partial pressure whilst keeping the total pressure constant. It was assumed that nitrogen was insoluble in the polymer phase, and had no impact on the solubility of ethylene or ICA [39].

Since the model is developed for super-dry mode, the maximum partial pressure of the ICA and the inlet temperature are not independent since there is a need to ensure that the feed stream temperature is always above its dew point (i.e., the feed stream contains no liquid droplets). The values of the partial pressure were chosen to ensure there in no liquid present in the reactor.

The following results compare two different approaches to the thermodynamic modelling for the prediction of ethylene and ICA concentration in amorphous polymer and amorphous However, using a purely binary description of the solubility of ethylene and ICA means that the co-solubility effect, and therefor enhancement of the ethylene concentration is not taken into account. So the only modelled effect of the ICA is to lower the reactor temperature. This leads to predictions of a lower specific rate of polymerization and lower catalyst mileage than is seen for the ternary case, as shown in Figure 3.9. Effect of n-pentane or n-hexane on PE catalyst mileage, using two different approaches to the thermodynamic model (binary and ternary).

If one considers the parameters shown in Table 3.9, it is clear that using the ternary model for calculating solubility leads to a very different solubility than in the binary case. This allows one to see that although n-hexane will increase the ethylene concentration more than npentane will, its higher heat capacity means that more energy can be evacuate from the reactor. Figure 3.7 shows that this leads to a lower temperature with iso-butane than with propane, so the rate constant is lower for the former. The trade-off means that, under the conditions chosen for the simulation, we observe that the production rates in the presence of both n-pentane and n-hexane are in fact similar. A very different conclusion would be reached should one not account for the co-solubility effect. As seen in Figure 3.10, the solids and bulk temperature are very similar, presenting a ΔT of 1.2 °C. This is an expected result according to Floyd et al [29] and McAuley et al [40] as the particles considered in the model are relatively large, thus allowing for significant heat evacuation. The reactor also operates at a high superficial velocity, which also aids the heat removal by increasing the convective heat transfer coefficient.

From Table 3.10 it is possible to conclude that the bed porosity and bed weight are not significantly affected by the presence of ICA. The change in superficial velocity can be attributed to an increase in the gas-phase density, due to the presence of heavier components. The increase in density leads to a decrease in the volumetric flow rate thus decreasing the superficial velocity.

The residence time increases in the binary and ternary approaches. The residence time is directly linked to the PE production rate, since the bed height is kept constant. As less polymer is being produced with the increase of ICA (see Figure 3.8), the average residence time increases. It is also shown that the increase in residence time is more accentuated for the binary approach, as less PE is being produced in that case.

The results shown in this simulation prove the importance of using an adequate thermodynamic model for the estimation of penetrant(s) solubilities in the polymer phase and polymer phase densities under industrial conditions. The binary approach (i.e., not considering co-solubility effects) will underestimate the reactor temperature and PE production rate, while overestimating the residence time.

CONCLUSIONS

The importance of correct estimation of ethylene solubility in the amorphous phase of the polymer in the presence of an ICA has been emphasized by numerous publications in the open literature. To show this at industrial scale, a simplified reactor model was developed in order to analyse the importance of accounting for the co-solubility effects on the production rate, reactor temperature and residence time.

The model has been validated and has shown a good agreement with chosen examples.

Estimation of diffusion coefficients for multiple penetrant/polyolefin

Part of this section is published as: R. F. Alves, T. F. L. McKenna, "Estimation of diffusion coefficients for multiple penetrant/polyolefin systems based on sorption data" Chem. Eng. J., vol. 383, 2019.

DIFFUSION COEFFICIENTS FOR MULTIPLE PENETRANT/POLYOLEFIN SYSTEMS

A detailed understanding of diffusion processes is clearly essential for many different types of production processes in general, and polymerization processes in particular. Diffusion of gases and liquids can be the limiting step during chemical reactions in multiphase systems, and during purification and degassing operations as well. In the specific case of olefin polymerization processes, estimation of the diffusion of reactants and other components is further complicated by the highly non-ideal nature of the thermodynamics, shown in the previous chapter. It would therefore be useful if one could estimate parameters such as the diffusion coefficient of mixture of gases through polymers in a simple, straight forward manner.

Alizadeh et al. [1] showed that simply accounting for the increased solubility of ethylene due to the ICA is not sufficient if one wishes to model the entire reaction. At long times, the co-solubility effect (modelled in the previous chapter using the Sanchez-Lacombe Equation of State -SL-EoS) adequately accounted for the increase in the reaction rate that was observed experimentally. However, during the first few minutes of the polymerization, the authors showed using a free volume-based model that accounts for the presence of the ICA for the effective diffusivity of ethylene in the amorphous phase of the polymer led to a better fit of the reactor model. These modelling results validate a discussion in an earlier paper by Floyd and Ray [2] who reached two important conclusions: (i) the diffusion coefficient of vapours depends significantly on their concentration in the amorphous polymer phase; (ii) the presence of ICA or other vapours that might swell the polymer will lead to an increase of the diffusion coefficient.

These results motivated the need to develop a predictive model of the diffusion behaviour of monomer in the amorphous polymer phase when ICA is present. One of the most widely used approaches used to this objective relies on the free volume theory which was developed and extensively modified by Fujita [3] and Vrentas and Duda [4], [5]. The approach developed by Vrentas and Duda [4]- [8] seems to be quite successful for the prediction of diffusion coefficients of penetrants in polymers [9], and this approach has been widely investigated to improve its accuracy and applicability to multiple cases.

The free volume can be thought of as the unoccupied space between molecules in solution.

For molecular migration to take place in the amorphous phase of a polyolefin, two prerequisites must be satisfied: (i) there must be a hole (or free volume) space of sufficient size adjacent to a penetrant molecule; (ii) that same molecule must have enough energy to overcome intermolecular interactions to jump into the hole. For a polymer above its glass transition temperature, the polymer chains can adjust their segment motion by thermal vibration and the available free volume usually becomes the predominant factor for the rate of diffusion. From these notions, Duda et al. [7] developed the well-known expressions for the self-diffusion coefficient of the penetrant, , and mutual-diffusion coefficient, , for binary systems. These expressions are given by equations (4.1) and (4.2)(4.3).

(4.1) (

In equation (4.1) is a pre-exponential factor that is only dependent on the penetrant, is the diffusion activation energy, is the mass fraction of the ith component, is the critical hole free volume required for the ith component to make a jump, is the ratio of critical molar volumes, is the free volume and is an overlap factor that accounts for the same free volume being available for both species. In equation (4.2) is the volume fraction of component 1 and is the Flory-Huggins interaction parameter, which denotes the intermolecular interactions between polymer and penetrant [10]. The self-diffusivity of the molecules in a lattice occurs without the presence of a gradient of chemical potential. In this case, no matter which direction the penetrant jumps to, the dispensed energy is the same, as there is no chemical potential gradient. The mutual diffusion, however, occurs in the presence of a driving force which is a gradient of chemical potential, often approximated by a concentration gradient.

If one examines equation (4.1), it becomes clear that the self-diffusivity is related to the ratio of the occupied volume and the total free volume: the numerator accounts for the volume that is already occupied by the jumping units. The factor mitigates the difference in size of the solute and polymer jumping units, thus allowing for a better evaluation of the contribution of each species for the occupied volume [11]. The denominator is the total available free volume in the system.

In the traditional Vrentas-Duda approach to the Free Volume Theory, the hole free volume ( ) is estimated by (4.3) for the binary case: of the viscosity and specific volume data as a function of the temperature for the pure penetrant and polymer. Hong [12] reported this data for several systems and compared the diffusion coefficients from the Vrentas-Duda theory regressed with the viscosity-temperature data and the experimental diffusion coefficients. The results showed that the Vrentas-Duda approach closely replicates the experimental diffusion behaviour [12]. However, one key point to underline at this juncture is that this approach requires experimental data which may not always be easily found. Kulkarni et al. [14] used Fujita's approach [3] to model the binary diffusion and solubility coefficients for CO2, CH4, C2H4, and C3H8 in polyethylene at temperatures ranging from 5 to 35 o C and gas pressures up to 40 atm., and presented correlations for the free-volume parameters. They found that these parameters were mainly dependent on size, shape and kinetic velocity of the penetrant molecules. The authors were then able to relate these parameters to the Lennard-Jones size parameter and molecular weight, which proved to be useful, as these are easy to get parameters. However, this approach falls short when polymer swelling is significant.

Vrentas and Duda [6] and Wesselingh and Bollen [15] extended the Free Volume Theory for self-diffusion in multicomponent mixtures (penetrant(1)-penetrant(2)-polymer(3)).

Vrentas and Duda [6] found that for the chosen systems the self-diffusion coefficients could be accurately modelled from the binary data (i.e. penetrant(1)-polymer(3) and penetrant(2)polymer(3)) studies. This conclusion was corroborated by Schabel et al. [16] for the ternary system. However, their approach is limited to the self-diffusion coefficient and by the available experimental data/parameters. When these are not readily available, they can be very hard to obtain.

In another study by Vrentas and Duda [17] the authors relate the mutual diffusion with self-diffusion in ternary systems, building on a friction-based theory and analysing the limit of small concentrations. Their approach has been extended by a number of other studies, including that of Alsoy and Duda [18], who proposed four alternative approximations for the mutual and cross-diffusion coefficients. These ranged from considering mutual diffusion equal to self-diffusion to more complicated expressions where the diffusion coefficients are dependent on a thermodynamic term while the friction factors are kept constant. Price and Romdhane [19] reviewed and generalized the existent friction-based theories for self-and mutual diffusion coefficients. Vanag et al. [20] have explored the subject of ternary reactiondiffusion systems and demonstrated the importance of cross-diffusion. Arya et al. [21] performed a sensitivity analysis of the free volume theory parameters and concluded that their model predictions were highly sensitive to the penetrant(s)-polymer jumping unit ratios . Cancelas et al. [22] studied the diffusivity of ethylene, propylene and ethylenepropylene mixtures in isotactic polypropylene (iPP) and found that the effective diffusivity of ethylene-propylene mixtures is lower than that of either of the individual gases.

More related to the interest of this study, several authors have studied the impact of polymer swelling and have shown that it can be significant when considering a wide penetrant concentration range [23]- [25]. All authors concluded that polymer swelling will affect the diffusion behaviour, with Duda et al. [23] pinpointing that for a swelling degree higher than 3%, the modelling approach needs to account for a moving boundary condition at the polymer-gas interface on the calculation of effective diffusion. Furthermore, Kanellopoulos et al. [24] show that polymer swelling increases the diffusion rate. However, no studies were found in the literature that showed the impact of polymer swelling in the ternary systems.

Equation-of-state (EoS) models are often applied to polymeric systems, as they can be used to accurately predict polymer-penetrant behavior, while retaining a relative mathematical simplicity. Two studies by Wang et al. [11][26] estimate the polymer Free Volume Theory parameters using an Equation-of-state approach, and obtained good predictions of the binary diffusion coefficients. In their first work [11] the authors used the S-S Hole theory [27], while in their most recent work they used SL-EoS [26]. In both cases the EoS were used to estimate the contribution of the polymer phase to the system free volume. This leaves the estimation of the penetrant contribution to the traditional Vrentas and Duda approach, which is limited by the available data for the penetrant phase free volume parameters and doesn't accounting for swelling effects. Additionally Wang et al. limited their work to binary systems.

The present work is based on an approach similar to that of Wang et al. [11][26], different in its application as we will show that it is useful to combine a thermodynamic model, such as SL-EoS, with the free volume theory. This allows to extend Wang et al. approach to ternary systems, and to calculate the free volume parameters for both polymer and gas-phase from solubility data using the EoS. This means that the impact of swelling, co-penetrant and antipenetrant effects can be included in the prediction of diffusion coefficients. The developed model is structured in such a way that all parameters can be calculated using solubility data and a pre-exponential factor that depends only on the nature of the penetrant.

Model Development

In this work, a modified approach to the free volume theory for the calculation of binary and ternary diffusion coefficients is combined with the Sanchez-Lacombe Equation of State.

This will eliminate the need for viscoelastic data in determination of free volume parameters, which may be hard to obtain. Furthermore, this approach can account for polymer swelling which has been demonstrated to impact diffusion behaviour. Although experimental solubility data is still required to fit SL-EoS, this type of data is more readily available (especially for binary systems), or more measurable than the methods proposed by Duda et al. [10].

Note that the free volume theory and the SL-EoS are only applicable to the amorphous polymer phase. However, the approach presented here relies on solubility data for a given system, so when one optimises the interaction parameters that actually means that we account for the impact of crystallinity on the solubility, and thus the method is applicable to semi-crystalline polymers. As discussed above, the diffusion of penetrant(s) is negligible in the crystalline phase of the polymer [2]. We can therefore introduce the crystallinity weight fraction in the self-diffusion expressions [14].

Binary System

Analysing the molar diffusion flux given by Fick's Law:

(4.6)
Here the gradient of molar fraction ( ) of the diffusing component is assumed to approximate the driving force for the diffusion process that is the chemical potential. The proportionality coefficient, , is the diffusivity in the amorphous phase of the polymer, and that can in principle be found using the free volume theory as described above. The diffusivity of a penetrant(1) in the polymer(3) can be found by relating the self-diffusivity and the mutual-diffusivity. The self-diffusivity is given by equation ( (1, 2, 1-2 site-site interaction energy, where ). is the aforementioned interaction parameter [28], [29]. Further details on the calculation of these parameters can be found in Appendix A

Ternary Case

When exploring the ternary case of diffusion, one must extend Fick's law to the multicomponent case:

(4.8)
In a mixture of components, ( -1) independent diffusion fluxes exist. Fick's law needs to be extended and generalized in order to take into account the interactions between fluxes and concentration gradients of different diffusing components. The flux of diffusing component now depends upon the concentration gradients of other components in the mixture. Fick's description of multicomponent diffusion involves a matrix of ( -1) 2 diffusion coefficients, which generally is not symmetric. The matrix of diffusion coefficients consists of the main and the cross diffusivities. Main diffusivity connects the flux of a component with its own concentration gradient, while cross diffusivities connect the flux of the i th component with the concentration gradients of other components. In this work the crossdiffusion coefficients will be considered zero, which has been considered a valid option for these systems by Vanag et al [20].

Following the approach of Vrentas and Duda [6], the self-diffusivity of penetrant(1) and penetrant(2) in the polymer(3) is given by equations (4.9) and (4.10).

(4.9) (4.10)

Subsequent to the friction-based approach, one can relate the self-diffusion and friction factors to arrive at the mutual diffusion coefficient. However, there are many more friction factors than self-diffusion coefficients -this means that relating the self-and mutual diffusion coefficients requires additional assumptions.

In the case where solute concentrations tend to zero (a reasonable approximation, for instance in gas phase olefin polymerizations), Vrentas et al. [17] considered that the crossdiffusion coefficients go to zero, and the resultant main term diffusion coefficient is given by equations. (4.11) and (4.12).

(4.11) (4.12)

Parameter estimation

The estimation of the critical hole free volume ( ), ratio of penetrant and polymer jumping units , the hole free volume ( ) and a discussion on the pre-exponential factor and activation energy are presented below. The partial specific volume ( ) was calculated as prescribed by Bashir et al [30] and the procedure is shown in Appendix C.

Critical hole free volume ( ) (cm 3 .g -1 ) represents the minimum specific hole free volume required to allow penetrant and polymer jumping units to take a diffusive jump. This parameter is estimated as the jumping unit's specific volume at a temperature of 0 K [10]. There are several approaches to estimate molar volumes at 0 K using group contribution methods, which were summarized by Haward [31]. In this work, Doolittle's approach has been employed [32]:

(4.13)
In which is the density (kg.m -3 ), is the molecular weight (kg.mol -1 ) and and are temperature dependent constants. For temperature of 0 K, a = 10 and b=0. Therefore:

or (4.14)
In order to validate this approach, various critical hole free volume were estimated and compared with values found in the literature (Table 4.1). It can be observed that the equation (4.14) offers a good estimative of these values while remaining simple to use. 

Ratio of penetrant and polymer jumping units

As prescribed by Duda [10], the ratio of penetrant and polymer critical hole free volume is given by: (4.15)

In which is the penetrant molar volume at 0 K (m 3 .mol -1 ) and is the polymer jumping unit molar volume (m 3 .mol -1 ). According to Hong [12], can be related with the glass transition temperature of a polymer ( ):

(4.16)
To verify the applicability of these correlations, they were compared with available experimental data in Figure 4.1, and shown to be in good agreement. temperature [10], [34].

Hole free volume ( )

The free volume is given by equation (4.17) [11].

(4.17

)
In which is the specific volume (m 3 .kg -1 ), and is the free volume fraction.

According to Ferry [35], the free volume fraction for the polymer phase at atmospheric pressure and polymer glass transition temperature, , is 0.0025. The fractional free volume at the temperature and pressure of interest can be obtained by considering the isobaric and isothermal processes:

(4.18)
Where and are, respectively, the isobaric thermal expansion and isothermal compressibility factors.

For polymeric liquids (and in a semi-crystalline polymer, we assume the amorphous phase behaves like a liquid), is given by [35]: Where is the thermal expansion coefficient of the occupied volume, and is the thermal expansion coefficient of the total volume of the polymer phase. Since there is no way to attain the value of , in this work it will be considered that , as the thermal expansion for a polymer is much greater than that of the occupied volume [11], [35].

The value of can be expressed by: (4.20)

In which is the compressibility factor above Tg, and is the compressibility factor just below Tg. Since the SL-EoS is applied for polymers in thermodynamic equilibrium, only the can be estimated. is set to be equal to half of [11], [35].

Substituting in equation (4.18), the volume fraction of free volume at temperature and pressure of interest is then given by equation (4.21):

(4.21)

Here, and are given by the appropriate differentiation of equation (3.1) [11]:

(4.22) (4.23)
The group of Wang et al. [26] applied the above definition to the polymer phase, as they treated the penetrant and polymer phases independently. This leaves the calculation of penetrant contribution to the free volume to be calculated by the traditional Vrentas and Duda method. In this work, the above definitions of and are applied to the polymer phase that is considered to be swollen by the presence of penetrant, thus calculating the thermal expansion and compressibility factors for the mixture of gas and polymer. This will strip the model of the need to know the free volume parameters for the penetrant. However, as seen in Chapter 3, solubility data is required in order to calculate the SL-EoS interaction parameters, .

Pre-exponential factor ( )

The pre-exponential factor is often overlooked as "just a constant" that appears in selfdiffusion expressions. However, when analysing these expressions we can see that it represents the penetrant self-diffusion for the limit of infinite dilution ( ). Therefore, this parameter is of import when employing the FVT for diffusion in polymeric systems, as an accurate estimation of this parameter is essential for good model predictions.

An important term related to the pre-exponential factor is the activation energy ( ), which represents the energy per mole that a molecule requires to overcome the attractive forces binding it to its neighbours. Other than estimating the activation energy based on experimental data, no other methods were found that linked any penetrant properties to its activation energy. Even so, Vrentas and Duda [10], [36] argue that for the sake of better regression fits, its best to consider . When this is the case, the pre-exponential factor is noted as , to symbolize that this value was adjusted to experimental data without an estimation of the activation energy. This approximation imposes certain limitations, since not including the activation energy is the same as dismissing the effects of temperature in .

This may influence of the predictive abilities of the model when considering large temperature intervals, although for temperatures that vary only over a small range, the model shows good agreement with experimental data [10], [18], [24], [37].

Vrentas and Duda [10], [36] also discuss the hypothesis that the pre-exponential factor is solely a property of the penetrant. With this in mind, an effort was made to correlate the preexponential factor to penetrant properties. The Lennard-Jones size parameter has been used

by Kulkarni [14] to estimate Fujita's version of pre-exponential factors for gaseous penetrants in polyethylene. Their correlation can only be applied to small molecules, smaller than nhexane (which no longer fits in with their data). Nevertheless, this suggested that a size parameter might be a well suited contender to correlate the pre-exponential factor. 

Results and Discussion

Model Validation

Binary Case

The model validation was carried out on a range of different polymers and penetrants. polymers. It can be seen that the model is able to correctly describe the diffusion behaviour of the system and predict the impact of changing temperature, all with a difference between experimental data and model predictions of less than 9%. the model is also able to correctly predict their experimental diffusivity values of methane for higher pressure systems. Additionally, it should be pointed out that the D0 parameter used in these calculations was obtained by another author [38], and not fitted to this particular set of data. Experimental obtained by Flaconneche et al. [41].

The binary model was also validated with a single set of parameters using two independent data sets of the diffusivity of propylene and ethylene in iPP obtained by Cancelas et al. [22] and Gonzalez et al. [33]. The table below shows the results obtained Cancelas et al. [22] and how they compare to the model results. In this table, it is clear that the numerical values of the model do not agree nearly as well with the data obtained by Cancelas et al. [22] for the propylene/iPP and ethylene/iPP systems.

It should be noted that the experimental values for the diffusion of propylene in iPP at 90°C

do not follow the expected trend, where we would expect that the measured value of the diffusivity would be a stronger function of pressure. Furthermore, the model fits Gonzalez's data set very well for propylene, so it is possible that the experimental values of reference are incorrect, and not the model predictions.

To check the validity of the model, we used the characteristic length scale provided by Cancelas et al. [29] for their sorption experiments, and our value of the predicted mutual diffusivity value in Crank's [42] analytical expression for diffusion in a sphere:

(4.24)
where is the mass sorbed at a given time , is the total mass sorbed at equilibrium, is the characteristic length scale for diffusion, and is the diffusivity of the sorbant. The obtained result compared with the experimental sorption curve and with the best diffusion fit for the experimental curve, obtained by minimizing the residuals. The results for ethylene sorption in iPP at 90 C and 4 bar are shown in Table 4.4 and Figure 4.7, where it can be seen that the predicted value of diffusivity fits the data reasonably well. 

Ternary Case

The ternary model predictions of overall diffusivity of a mixture of ethylene and propylene diffusion in iPP, were compared to the same values also estimated in the work of Cancelas et al. [22]. The experiment results only show the total diffusion for the mixture of ethylene and propylene, whilst the developed model accounts for the mutual diffusion of the species separately. To obtain an equivalent diffusion coefficient to the one attained experimentally, "partial" sorption curves were obtained using the modelled mutual diffusion coefficients, and corresponding solubility values. These curves (shown as the broken lines in figure below) were then added, realizing the total sorption curve (full line in figure below), which represents the results obtained by [24]. The analytical solution of the diffusion equation for spheres developed by Crank [42] was once again used to fit a diffusion coefficient to the newly- 4.5 shows the summary of the diffusion coefficients obtained for a gaseous equimolar mixture of ethylene and propylene diffusing in iPP. 

M (Et)/M(Et+PP)∞ M(PP)/(M(Et+PP)∞ M(Et+PP)/(M(Et+PP)∞
It can be seen from Table 4.5 that the diffusion coefficient of the gas mixture decreases as molar fraction of ethylene increases. This is to be expected, as a smaller propylene fraction results in less available free volume, which influences for the diffusion rates. It is also shown that the model predicts the trends of diffusion coefficients for the chosen system in all the available temperature and pressure ranges and while varying gas phase composition.

However, for some experimental data sets (mainly at 50 C and 4 and 11 bar), the model captures the order of magnitude of the reported experimental results, but fails to predict the diffusion coefficient accurately. To further examine the implications of this, Figure 4.9 shows the experimental sorption curves for two temperatures and pressures while comparing them to the best fit and the diffusion coefficient predicted by the model. Figure 4.9 (a) is especially important, as this predicted model value set is one that exhibits one of the biggest differences to the best fit to experimental data (about 40%). Still, it is shown that modelled value describes the sorption curve. In Figure 4.9 (b) it is possible to see that with a difference of 20% between best fit to experimental data and predicted diffusion coefficients the sorption curves are almost completely overlapped.

Coupling the extensive validation completed for the binary case with the results presented in this section, the model is considered reasonably valid. As the pressure is increased it can be observed that the two models start to diverge slightly.

Free Volume Results

This can be explained by the fact that Vrentas and Duda use mixture parameters that do not take into account polymer swelling, while proposed model does. Figure 4.11 shows that when the swelling is not accounted for, the free volume estimation using the method described in the section above, takes a linear shape, closer to the results obtained by the Vrentas and Duda approach. In this figure one can also see the corresponding predicted degree of swelling for each pressure. It then becomes clear that a higher swelling degree corresponds to more available free volume. Comparing the free volume obtained for binary and ternary systems, the results were as expected. As seen in Figure 4.12, the ternary free volume sits between the two binary free volumes. The same Figure also shows the comparison between the free volume calculated by this model and estimated by Vrentas and Duda's approach. The same trend is observed as in the binary systems, where the curve takes a different shape for higher pressures, due to the polymer swelling. It is also possible to observe that the total ternary free volume takes a similar shape to the free volume for the n-hexane/LLDPE system, suggesting that this parameter is controlled by the heavier component. To evaluate the effects of ICA in the diffusion of ethylene, two ternary systems were studied: ethylene/n-hexane/LLDPE and ethylene/n-pentane/LLDPE. In the first set of simulations, the total pressure was varied while the molar fraction of the gas phase remained fixed. 

Diffusion Results

Figure 4.14 shows that the ethylene diffusion in the presence on an ICA is increased when compared to the binary. This is due to two main effects that the ICA will have on the system:

(i) co-solubility effects -the presence of an ICA increases the solubility of ethylene in the amorphous phase; (ii) the ICA will swell the polymer, increasing free volume allowing for faster ethylene diffusion, as discussed above. By adding 5% n-hexane to the mixture we can observe a 30% increase in the ethylene diffusion coefficient, while adding 15% molar of npentane to the mixture leads to a 22% increase. It can be observed that the diffusion of both ICA's increase when we move from the binary to the ternary system, which may not be an expected result because of the anti-penetrant effect -while the ethylene solubility is increased due to the presence of an ICA, the ICA solubility decreases due to the presence of ethylene. However, what is observed is that there is more free volume in the ternary system than compared to the binary system. This shows that the available free volume controls diffusion rates.

Considering the system ethylene/n-hexane/LLDPE, and keeping the total pressure constant (at 12 bar), increasing the molar fraction of n-hexane present in the mixture (from 0 to 5%) at 70 C we obtain the following results in terms of relative diffusion: binary case. This is expected, as the presence of ethylene increases the available free volume, which is especially important at the beginning when the mass fraction of n-hexane in the polymer is lower.

Considering a fixed monomer pressure, Figure 4.16 shows the effects of adding ICA into a process on the diffusivity. From the results shown in Figure 4.16 it's possible to compare the effects of both ICA in the diffusion of ethylene. If one considers the effect of adding 0.8 bar of n-hexane, it's possible to see an increase of 51%, while adding the same amount of n-pentane leads to only an increase of 17%. This difference is expected, as the bigger size of n-hexane compared to npentane leads to more noticeable co-solubility effects and swelling -which translates in more available free volume.

Sensitivity Analysis

A sensitivity analysis was conducted in order to determine the parameters that most influence the penetrants self-and mutual diffusion. The chosen systems to carry out the sensitivity analysis are:

Binary system ethylene/PE; 0.5 The temperature and pressures will be kept constant for both simulations, as those effects have already been discussed in the previous sections. Estimated parameters, which include penetrant and polymer critical hole free volume, the hole free volume and the amorphous polymer density, have been varied in the window of ± 50% to study their effects of the selfdiffusion. The results are shown in the tables 4.6 to 4.8.

Table 4.6. Sensitivity analysis of ethylene self-diffusion in the binary system ethylene/LLDPE. The temperature was kept constant at 80°C and the pressure at 7 bar.

Impact on Ethylene diffusion in LLDPE (%)

Parameter variation -50% -25% 25% 50%

Ethylene critical hole free volume From Table 4.6 it is clear that the LLDPE critical hole free volume is one of the parameters which most affects the ethylene diffusion predictions for the binary case, followed by changes in the free volume. Both of these parameters follow the expected trends and are in agreement with the findings of Arya et al. [21]. Decreasing the LLDPE critical hole size would mean that the jumping units would more easily move around. The increase in hole free volume has already been shown to increase the diffusion rate of the penetrant. The decrease in the amorphous polymer density also effects the predicted diffusion. The decrease of density means that there is an increase in the specific volume of the amorphous polymer. Since the free volume is dependent on the polymer specific volume, the decreases in amorphous density are expected to increase the ethylene diffusion in LLDPE. The model does not show sensitivity to the ethylene critical hole free volume. This is not surprising, as the mass fraction of ethylene in the mixture is much smaller than the that of the polymer. In Tables 4.7 and 4.8 the results of the sensitivity analysis for the ethylene and n-hexane diffusion coefficient in the ternary system ethylene/n-hexane/LLDPE. As seen before, the model is not sensitive to ethylene critical hole free volume, but slightly more sensitive to the n-hexane critical hole free volume. This is again expected, as the mass fraction of n-hexane is bigger than that of ethylene in this mixture. The remaining results all follow the same trends that were observed in the binary systems, however it appears that the same changes lead to bigger differences in the diffusivity of n-hexane than ethylene for the ternary system. This might be again, because the mass fraction of n-hexane is bigger than that of ethylene.

The mutual diffusion shows no sensitivity in regards to the specific partial volumes. This is assumed to be again due to the small mass fraction of the penetrants in the system. The results for those simulations can be found in Appendix C.

Conclusions

A mathematical model has been developed for the prediction of binary and ternary diffusion coefficients based on the free volume theory. The model relies on solubility data of the gas (or gases) in the polymer phase and on a pre-exponential factor, which may be solute dependent only. The model has been validated and shows good agreement with the available experimental data. The calculated free volume was compared with Vrentas and Duda's approach and also showed good agreement.

For the binary case, the results show that the diffusion coefficient increases with temperature and pressure, as expected and in agreement with other studies.

For the ternary case, it is shown that the co-solubility effect of ICA has an effect in the diffusion of monomer, as it increases the free volume and monomer's solubility. It was observed that the diffusivity of ICA also increases from the binary to the ternary system, regardless of the anti-penetrant effect. This revealed that the available free volume the controlling factor the diffusion rate.

The coupling of the SL-EoS with the free volume also proved to be advantageous when working with semi-crystalline polymers: Using solubility data obtained for semi-crystalline polymer to SL-EoS implies that the diffusion model accounts for amorphous areas of the polymer that are not accessible to the penetrants due to crystallinity constraints.

The sensitivity analysis shows that the model is most sensitive to parameters related to the polymer, as this is the component with the highest mass fraction in the mixture. Other parameters, such as free volume and polymer density have also been shown to be impactful to the model's predictions for both binary and ternary cases. The mutual diffusion coefficients did not show any sensibility to the specific partial volumes of the penetrants.

This method for calculating diffusion coefficients could easily extended to other polymer systems or classes of molecules. The original free volume theory was developed in a generalized matter, meaning that the main limitations in this work arise from using SL-EoS.

However, this approach can be implemented with any other thermodynamic model, making this work applicable to a variety of systems.

Chapter 5

Multi-Scale Reactor Model As disclosed in Chapter 2, many modelling efforts have been made to describe the industrial process of gas-phase ethylene production but few models have been developed that include the thermodynamic effects of the ICA, which were proven to be of significance in Chapter 3.

Furthermore, in Chapter 2 it has been discussed that the compartmentalization could be useful to describe these reactors, but no studies where found where the height of the compartment has been optimised or even discussed. Therefor it would be useful to develop a reactor model, which includes the compartmentalization of the bed based on well-defined criteria. The proposed model utilizes a one phase, well mixed approach, where the fluidized bed reactor is likened to a series of CSTR, as suggested by other authors [1]- [3], but with an in-depth discussion of reactor height.

MODEL DEVELOPMENT

For the reasons summarized in Chapter 2, the choice of model fell on a compartmentalized approach here the fluidized bed reactor is likened to a series of CSTR containing one wellmixed phase. Reactor compartmentalization can help retrieve even more information from the model and induced another level of realism when compared to the single CSTR approach.

Results such as temperature gradients, liquid hold-up, and bed segregation become available when employing a compartment model. The model presented below does not include a separate bubble phase as the uncertainty in terms of estimating bubble size, and mass and heat transfer between bubble and emulsion phase adds additional complexity to the model that is not warranted in terms of the understanding obtained from the model. As we will see below, treating the FBR as a cascade of "emulsion" CSTRs can adequately describe the dynamics of the polymerization in such a reactor.

Gas phase polymerization of ethylene is performed using supported catalysts (or prepolymerized supported catalysts). As soon as the particles are injected into the reactor, polymerization begins on the surfaces of the pores of the support, immediately covering the active sites with a layer of polymer. As the polymer layer accumulates, the initial support material fragments, and, ideally, the catalyst particle is transformed into a single polymer.

Monomer(s), hydrogen, and other materials continue to sorb in the polymer layer, diffuse to the active sites where the polymerization continues until the particles are withdrawn from the reactor. As more polymer accumulates, the particle grows by expansion.

In order to model the FBR, we need:

1. A kinetic model to describe the rate of polymerization and polymer properties as a function of temperature and composition.

2. A thermodynamic model for diffusion and absorption of multicomponent mixtures in the polymer phase of the particle covering the active sites. The final point is the crux of the current chapter, but it is necessary to discuss the first three points as they will have an important impact on how the reactor behaves. It is also important to mention that the fluidization porosity and bed weight were calculated with the expressions shown in Table 3.3.

Model Compartmentalization

In the present model the FBR is divided into n compartments and each compartment is modelled as a CSTR, as shown in Figure 5.2 (a). The partially condensed inlet stream is made up of gaseous ethylene, hydrogen, nitrogen and ICA, and a liquid fraction of the condensable material. This inlet stream is fed to CTRS 1, while the newly formed polymer is recovered.

Note that polymer recovery does not necessarily occur at CSTR 1, but rather at the bottom of the reactor. The unreacted gas, which drags a solid stream, is fed to the compartment above until the ith CSTR is reached, where the catalyst feed takes place. Once the gas and solids reach the disengagement zone, the superficial gas velocity drops due to a larger reactor diameter. As a result, the majority of the solids that enter the disengagement zone fall back into the fluidized bed (CSTR n) and a small fraction leaves the reactor entrained by the gaseous stream. 

Compartments height

Since the objective of this work is to model the effects of ICA on reactor operation, it is of interest to accurately model the co-solubility effects on the solubility of ethylene in the amorphous polymer. As discussed before, the gas solubility in the polymer and the Sanchez-Lacombe interaction parameter ( ) are heavily dependent on the temperature. It would therefore be useful to ensure that the temperature changes between inlet and outlet of each compartment does not provoke a difference of more than 10% in the solubility of ethylene in the amorphous polymer.

The changes in ethylene solubility in regard to the temperature in the ternary system ethylene/n-pentane/polyethylene calculated are shown in Figure 5.3. The partial pressure of ethylene is kept constant at 7 bar. The pressure of n-pentane is equal to the vapor pressure at each temperature, because as shown by Zhou et al. [5], the biggest gradient of temperature occurs at the bottom of the bed, where the gas-liquid-solid phases co-exist. The line represents the calculated values for ethylene solubility, obtained with the SL-EoS, while the dots represent variation in 10% in solubility. Figure 5.4 shows that the bottom of the reactor, where the gas-liquid-solid phases co-exist, needs to be modelled with at least 6 compartments. To ensure that the top compartment has no liquid, i.e. only gas and solid phases are present, an additional compartment has been added. The height of the compartments used in this work is given in Table 5.1. The inlet of catalyst has been set at 2 m, meaning that it is introduced in the 7 th compartment, while the polymer recover occurs at 1 m in the 6 th compartment.

Kinetic Modelling

As discussed in more detail in Chapter 2, the kinetics of gas-phase polyethylene polymerization over heterogeneous Ziegler-Natta catalyst has been extensively studied [7]- [12]. Several elementary reactions have been well established to described the polymerization kinetics, such has active site activation, chain initiation, propagation and transfer and site deactivation.

In the present study, a simplified kinetic scheme has been employed to describe the polymerization kinetics over a multiple-site Ziegler-Natta catalyst. In the absence of site activation and deactivation reactions, the considered polymerization mechanism that accounts for hydrogen effect is shown in Table 5.2. To account for the negative effect of hydrogen, the initiation of low-reactivity metal hydride sites is accounted for. In this case, << [7]. Activation and deactivation reactions would be important if one were to attempt to provide a very accurate model of polymer production for specific applications. However, this work is focused on presenting an approach to model the powder residence time in the reactor. Consequently, the choice was to made to simplify the kinetic model and ignore the contributions of these elementary steps.

Equation (5.1) describes the polymerization rate, , according to the steps in Table 5.2.

(5.1)

Where is the concentration of active sites of type k and is the number of different active sites considered. The kinetic parameters considered in this study are shown in Table 5.3. It is important to mention that the effect of temperature on propagation rate constant was accounted for by using Arrhenius Law, shown in Chapter 2.

Table 5.3. Kinetic Parameters used in this study [7], [13]. The instantaneous molecular weight distribution for a multiple site can be easily obtained from the following equations [7]:

Units

(5.2) through the pseudo-phase composed of pores and polymer), and is the polymerization rate.

is the solubility of a given species in the polymer phase, given by the Sanchez-Lacombe EoS. Equation (5.4) was applied to both the monomer and hydrogen, to obtain their concentrations at the active sites.

The effective diffusion is the result of two complementary processes:

Diffusion of the gases though the particle's pores;

Diffusion of the penetrants the solutes through amorphous phase of the semicrystalline polymer (the crystalline phase is considered to be impenetrable [14]).

The effective diffusion was calculated as described by Alizadeh et al [15]:

(5.5)
where is the tortuosity factor and is the particles porosity, diffusivity of species in a multicomponent gaseous system, calculated according to the method described by Alizadeh et al [15] and shown in Appendix D. is the diffusivity of penetrant in the semicrystalline polymer, calculated with the method proposed in Chapter 4, where it was shown that ICA increases the diffusivity of ethylene in the amorphous phase of the polymer.

Therefore the ethylene diffusivity was calculated for the ternary system ethylene/ICA/polymer. The diffusion of hydrogen is considered to be unaffected by the presence of ICA and has been calculated for the system hydrogen/polymer. The value of is assumed to be 10, which has been used in the past for compact PE particles [15][16].

Similarly, the temperature profile of the particles was obtained:

Boundary Conditions: Initial Condition: (5.18)

represents the energy of the gas, liquid and solid phases that enter the compartment , the energy exiting the compartment in the form of gas, liquid and solids, as well as the energy of vaporization of the vaporized ICA and the energy generated by the exothermic polymerization reaction in compartment Each of those terms is defined as:

(5.19)

(5.20)

(5.21)

In the above equations, represents a mass flowrate, represents the average heat capacity described in Appendix B, represents the heat of vaporization of the ICA and is the heat of reaction. The subscripts and represent quantities entering or exiting the reactor. in the temperature of the stream entering compartment , is the bulk (gas) phase temperature, is the temperature to which the liquid ICA heats up before evaporation and is the solid particles temperature, which was considered to be the temperature at the surface of the particle calculated with equation (5.6).

Table 5.5. Model validation with example 7A and 7C of patent [24]. The outlet temperature is the temperature of the gas withdrawal at the top of the reactor. These preliminary simulations suggest that the model is a close approximation to the system, and we can therefore use it to achieve the objectives laid out above. The slight differences observed in the residence time can be explained by the use of a CSTR approach for the powder phase.
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Temperature Profile Validation

The temperature profile in the bed was compared to the industrial results published by Zhou et al. [5]. Since no kinetic constants or catalyst feed rate have been provided, the later has been adjusted to obtain similar production rates. The inlet conditions are shown in Table 5.6, as well as the experimental production rate and the liquid height. The later is a result of Zhou et al. [5] modelling work, not an experimental value, and represent the height of the bed where the co-existence of gas, liquid and solid phases is observed. Above this height is assumed that only gas and solid phases are present. The predicted values for the production rate present only slight differences to the experimental values. The bigger differences lay in the liquid height. These values taken from Zhou et al. are not an experimental values, rather a result of their modelling work, in which they considered that the liquid coated the particles and therefor the size of the droplet was that of the size of the particle. This is a contrasting modelling method to the one used in this work, where it is assumed that the liquid remains in droplet form, which might explain the different liquid height predictions. It is shown that the developed model is able to describe the experimental temperature profiles for both the dry and condensed mode. The model is able to predict the trend for the temperature profiles, slightly deviating from the experimental values at the bottom of the bed. However, these deviations become even less significant after 1.5 m, which means that this model is able to accurately describe the temperature profile for about 90% of the total bed height.

Considering the results obtained from both validation strategies, the model is considered reasonably valid and fit to describe the reactor behaviour of a FBR for polyethylene production, working under condensed mode.

Case Studies

For the following case studies the inlet conditions are shown in Table 5.7. Figure 5.7 reveals that decreasing the superficial gas velocity leads to not only bed segregation, but to different predictions from the two modelling approaches. It becomes clear that at this superficial velocity the particle size in the bed is no longer homogenous, with the bigger particles not being fluidized and remaining at the bottom of the bed. The simplified approach predicts smaller particles at the bottom than the complete approach, as a result of instantons recycle of the particles to the bottom of the reactor. Furthermore, at the top of the bed, the simplified approach predicts bigger particles than the complete model. This means that the bed segregation, as calculated by the simplified approach is milder than that predicted by the complete approach. From both figures it becomes clear that if the bed segregation is the subject of interest in a modelling exercise, the complete approach might be better suited. However, at the industrially pertinent gas velocities, the two approaches predict very similar results.

Case study II -Effects of Number of Compartments

The effects of the number if compartments on the particle size distribution and temperature profile of the reactor have been studied. The superficial velocity of the gas was kept at 0.75m/s and the complete approach has been employed. Furthermore, no ICA was used in these simulations. In one simulation, the number of compartments are those shown in Table 5.1 for a total of 8 compartments plus a disengagement zone and in a second simulation 16 compartments were used plus a disengagement zone, where each compartment has half the height of those shown in Table 5.1. This is a crucial exercise, as the definition of compartment height is not without its challenges. To the best of our knowledge, The figures show that for the two sets of compartments simulates, the model predicts very similar results. Slight differences in the temperature profile and PSD are most likely caused but the catalysts being fed into a smaller compartment this time and therefor staying shorter amounts of time in it. The following simulations will be carried out with 8 compartments, since this is the value that was reached through the criteria discussed above. 

Case study III -Effects of n-Pentane Vs n-Hexane

The simulations presented in this section show how two different ICAs (n-pentane and nhexane) impact the reactor behaviour, production rate, and final product particle size distribution. The bulk temperature, meaning the temperature of the gas stream at the top of the reactor, is kept at 85 °C by changing the inlet catalyst feed rate. The results show that n-pentane seams to improve the production rate when compared to n-hexane. This is due to a higher vapor pressure of n-pentane, which allows for more ICA in the reactor, further cooling it down. However the catalyst mileage in both cases is very different. For the case of n-pentane, it decreases 37% when increasing the liquid content to 15%. For n-hexane, the catalyst mileage actually increases when liquid is present in comparison to the dry mode. Still, the more liquid is added, the lower the catalyst mileage.

This shows that n-hexane not only has more pronounced co-solubility effect, but it also has an important co-diffusion effect. Figure 5.10 (a) shows the ethylene concentration in the amorphous polymer for no ICA and for both n-pentane and n-hexane at 15% liquid fraction.

It is clear that n-hexane increases the solubility of ethylene in the amorphous phase (higher concentration of ethylene at the surface of the particle), but it also shows that the co-diffusion effects ensure that the concentration of ethylene at the active sites is higher. show the importance of this co-diffusion effect. For both simulations the co-solubility effect of n-hexane was included, therefore the same solubility at the surface of the particle is observed. However, the concentration of ethylene at the active sites becomes lower as we move to the centre of the particle if no co-diffusion effects are taken into account.

Furthermore, if the co-diffusion is not included, the evolution of the catalyst mileage with the increased liquid content follows the trend seen for n-pentane (Figure 5.11). In Table 5.8, it is also shown that the average residence time in the reactor decreases with increased liquid content, due to higher production rates. Furthermore, the increase in liquid content increases the rate of elutriation. This is because the liquid that is fed into the reactor rapidly evaporates and expands, increasing the superficial velocity of the gas at the top of the bed.

The results in terms of the effects of the two ICA in the temperature profiles of the reactor and inside the particles are as expected (Figure 5.12). The higher liquid content, the softer the temperature gradient at the bottom of the reactor, with n-hexane having a more pronounced cooling effect. The effects of ICA in the temperature profile inside the particles for an average size particle is shown in Figure 5.13, where the results are also as expected. Since no the heat of sorption/desorption of the ICA and potential ICA effects on the thermal properties of the particle have not been included, the temperature gradients present the same shape in all cases, with temperature shifts due to different polymerization rates. The effect of both ICAs on the particle size distribution was also been investigated. Figure 5.14 shows the results of the final product PSD (i.e. the PSD of the compartment where the polymer has been recovered). The ICA is shown to slightly broaden the particle size distribution and to increase the average particle size. 

Case Study IV -Effects of Temperature in the Presence of ICA

The effects of the temperature on the reactor production rate and catalyst mileage were investigated for a super-dry mode operation with n-hexane as ICA. there is an increase of catalyst mileage. This is an expected result, previously reported in a semi-batch experimental set-up by Andrade [26]. At lower temperatures, the solubility of ethylene is higher and the co-solubility effect is stronger and therefore there are competing effects between these and the effects of temperature in the kinetic constants, as previously discussed in Chapter 3. This means that at 70°C the ICA has more influence over the reaction rate than at 90°C, as shown in Figure 5.17. Furthermore, as shown by Andrade [26], the effects on catalyst mileage due to the presence of ICA are more noticeable at 70°C than at higher temperatures. 

Case Study V -Effects of Hydrogen

The effects of hydrogen in the rate reaction and in the molecular weight distribution (MWD) where studied for the case of n-pentane being used as an ICA. The simulations were run at a constant bulk temperature of 85°C and the partial pressure of hydrogen was varied between 0 and 3 bar. 

Case Study VI -Effects of Droplet Size

The effects of droplet size in the reactor temperature profile as well as liquid hold-up height are shown in for droplets of size 50, 200, 500 and 1000 μm. where the gas-liquid-solid phases co-exists (liquid height). The results shown here are in good agreement with the results found by Alizadeh et al [22]. Furthermore, as it is expected, it can be seen that n-hexane has a slower evaporation rate and therefor the liquid heights are higher than for n-pentane. 

Case Study VII -Effects of Polymer Recovery Height

The effects of the polymer recovery height on the production rate, catalyst mileage and temperature profile has been investigated at a catalyst feed rate of 6x10 -3 kg/s and n-pentane liquid content of 15%. To this end three different polymer recovery heights are examined: th compartment, which comprises the bed between and 0.07 and 0.1 m; th compartment, which comprises the bed between 0.2 and 1.2 m th (and last) compartment, which comprises the bed between 2.5 and 13.5 m. Figure 5.24 shows that recovering polymer at the 6 th or 8 th compartment lead to the same results in terms of temperature profile. The difference between the bulk temperatures at the top of the bed is only 0.22 °C. However, the simulation where the polymer is recovered at the 4 th compartment shows different results to those where the polymer is recovered higher in the reactor, with a difference of 3.4 °C between the bulk temperatures at the top of the bed. This is because when the polymer is recovered from the reactor, a fraction of the fluids are also recovered. If the polymer is recovered at the bottom of the bed, these fluids include part of the liquid droplets, which exit the reactor before evaporating, thus removing less heat.

This, combined with a constant catalyst feed flowrate, is reflected in an increase of reactor temperature. The extend of liquid loss in regard to the inlet liquid feed can be found Table 5.9. Since the polymerization reaction is exothermal, the temperature rise is accompanied with a slight increase in reactor production rate and consequent increase in catalyst mileage, also shown in Table 5.9. 

Case Study VIII -Effects of Liquid Injection Height

The effects of liquid injection height have been evaluated in the temperature profile of the bed. In the previous simulations, the liquid is assumed to be injected at the bottom of the bed. In the following simulations, the liquid injection will be changed to 0.17, 1.17 and 247 m (respectively compartments 5, 6 and 7). Furthermore, the catalyst inlet feed rate will be kept constant at 6x10 -3 kg/s and n-pentane will be used as an ICA with liquid content of 15%. No changes in the production rate are observed. This is an expected results, as the overall energy balance of the reactor is the same, meaning that the same heat is removed regardless of where the liquid is injected. As per Figure 5.25, when the liquid is injected at the bottom, the temperature gradient in that region is soften. The same is true for injecting liquid higher up in the reactor: The temperature gradient is dampened, but the temperature on the bottom is higher, making up for the cool-down in terms of production rate.

It is also interesting to see that the liquid height decreases when the liquid is injected higher up in the reactor, as shown in Figure 5.26. This is because when injecting liquid at the bottom, the temperature is lower, therefore the liquid takes longer to heat up and evaporate.

If the liquid is injected higher up, the temperature surrounding the droplets is higher, effectively heating up and evaporating the liquid more efficiently. 

Case Study IX -Reactor Scale-down

The simulation of pilot plants units can bring several advantages, therefore it would be of interest to apply the developed model and compare the results obtained from the pilot-plant simulations to the results obtained from the full scale model. The pilot reactor dimensions and other input parameters can be found in Table 5.10. The compartments used are the same as for the sull-scale model, described in Table 5.1, with the exception that the top compartment, which previously comprised the bed between 2.5 and 13.5 m, is now reduced to 1.5m in height, comprising the bed between 2.5 and 4 m. The simulations were run using n-pentane as ICA and 1 bar of hydrogen. The obtained temperature profiles can be found in Figure 5.27. The results in terms of reactor production rate, catalyst mileage, liquid height and average particle size can be found in Table 5.11. pronounced that those seen on the industrial scale simulations. This might be related to the fact that in these simulations a fixed temperature at the top of the bed has been imposed.

However, in the pilot -scale the bed never reaches a stable temperature, whereas in the industrial-scale reactor 80% of the bed is above 84°C, which causes the normalized production rates and catalyst mileage to be lower for the scale down reactor, as seen in Figure 5.28. In terms of polymer properties , it is possible to see that the presence of ICA significantly decreases the average particle size (Table 5.11) and that the particles have a smaller size than those produced in the industrial scale reactor. This is because the residence time and the overall temperature are lower than the full-size counterpart. The molecular weight distribution is also seen to shift towards bigger values in the pilot scale reactor, as seen in Figure 5.29. As per Figure 5.27, the temperature profile shows that a larger portion of the bed is at a lower temperature, meaning that a larger portion of the produced polymer is formed in the cooler region of the bed when compared to the industrial scale. Andrade [26] also investigated the temperature effects in the average molecular weight, and showed that it increased with decrease reaction temperature. pressure was kept at 1 bar and 10% n-pentane liquid fraction was used as an ICA.

Sensitivity Analysis

A sensitivity analysis to the model has been conducted in the case of 15% liquid fraction of n-pentane, with and catalyst feed rate of 6x10 -3 kg/s, and a hydrogen partial pressure of 1 bar.

The parameters that were investigated were:

Catalyst activity, by varying the kinetic constants, and ;

Mass transfer coefficient between liquid droplets and bulk gas, ;

The elutriation constant, .

The mass transfer coefficient and elutriation constant were chosen because they are calculated using correlations which can be hard to verify experimentally. The kinetic constants were chosen to emulate using a different catalyst. The effects of theses parameters on the bulk temperature at the top of the reactor, reactor production rate, average particle size of the recovered product, elutriation rate and liquid height are shown in the Tables below. Liquid height 0.0 0.0 0.0 0.0 From Table 5.12 it is clear that the kinetic constant for the propagation step, , mostly effects the bulk temperature of the reactor and the production rate. This is an expected result, as the increase (or decrease) of catalyst activity dictates the reactor production rate and, subsequently, the reactor temperature. It is also observed that the decrease in the kinetic constant decreases the particle size, which is not surprising given the way the particle growth term is calculated in the population balance equations. The particle growth, shown in equation (5.9) is directly related to the rate of reaction, which in turn in turn is directly dependent on the kinetic parameters. A slight change in the elutriation rate is also observed, most likely a result of a shit in the particle size distributions curves: when the is varied for -50 and -25%, the elutriation rate increases due to the particle size distribution predicting smaller particles. The inverse is also true: when varying the to +25 and +50%, the elutriation rate decreases due to bigger particles being predicted by the model. The however does not change the obtained liquid height, which light also be expected as the liquid content or inlet temperature have not been changed. In contrast to these results, varying the transfer to hydrogen kinetic constant, , had no effect on the reactor behaviour, therefore those results are not shown. This might be because the fraction of hydrogen in the reactor is very low. Table 5.13 show the impact of varying the droplet to gas mass transfer coefficient, .

These parameters did not effect at all the reactor temperature of the production rate, so these values are not shown. From the results, it is clear the liquid height is the parameter most effected by changing . This is expected, as decreasing the transfer coefficients means decreasing the evaporation rate. Conversely, increasing the mass transfer coefficients means reducing the mass transfer resistance, increasing the evaporation rate. It is also interesting to observe that the particle size distribution changes slightly. This is because changing the mass transfer coefficient between the droplets and gas phase slightly changes the temperature profile at the bottom of the bed, where the polymer is recovered. If the liquid is more quickly evaporated, the bed reaches the constant temperature plateau at a lower bed height, and therefore the recovered particles are bigger and there is less elutriation.

Table 5.14. Impact of varying the elutriation constant ( ) on average particle size and elutriation rate.

Impact of varying (%)

Parameter variation -50% -25% 25% 50% The effects of varying the elutriation constant, , are shown in Table 5.14. Since varying this parameters did not influence liquid height, reactor production rate or temperature, those values are not shown. It is not surprising that changing the elutriation constant mostly effects the elutriation rate. It also effects, however, the average particle size. When more fines are exiting the reactor due to the elutriation, means that the recovered polymer is made up of bigger particles. The inverse is true as well. If less particles are being blown out of the reactor, the final product particle size distribution will be richer in fines, which is reflected with a smaller average particle size.

CONCLUSIONS

Modelling ethylene polymerization has been the target of multiple efforts, however the thermodynamic effects that can be seen in in the presence of ICA are usually overlooked.

Therefore, a multi-scale compartmentalized, one phase model has been developed and integrated with a thermodynamic model (SL-EoS), in order to capture the co-solubility and codiffusion effects. Furthermore, a simplified, easier to implement model is also proposed. A novel approach to estimate compartment height was also discussed, based on the modelling objectives of this work.

The model was initially validated with data from a patent and experimental temperature profiles for condensed mode operation. The model has shown good agreement with both sources and was considered fit to describe the process for gas-phase ethylene polymerization in a fluidized bed reactor. The simplified and complete models were compared, and the simplified approach was validated for the cases of higher superficial velocity where no bed segregation is observed. For lower gas velocity, the models diverged in results. The effects of the number of compartments was also studied. Once the number of compartments was doubled, and their heights halved, the results between 8 and 16 compartments show that there is very little difference between the predicted PSD at the top and bottom of the bed, as well as in the temperature profiles. It was therefore considered that the initially proposed 8 compartments model was enough to describe the reactor.

Simulations to study the impact of different ICA, reactor operating temperature, hydrogen contents and liquid droplet sizes have also been made and compared to the available experimental data. The model showed that it followed that same trends that had been experimentally observed.

The sensitivity analysis showed that of the chosen parameters, the propagation kinetic constant has the biggest impact on the reactor behaviour, while the model showed no sensitivity to the transfer to hydrogen kinetic parameter. The other parameters evaluated, droplet to gas mass transfer coefficient and elutriation constant did not effect the overall reactor behaviour, such as temperature or production rate, but greatly affected parameters to which they were directly related.

GENERAL CONCLUSIONS AND PERSPECTIVES

Modelling ethylene polymerization has been the target of multiple efforts, however most studies focus on dry-mode or dismiss co-solubility effects all together, which goes against what is practiced in the industry. An in depth literature review of the state-state-of-the-art reveals that for non-CFD models can be grouped into three main categories: (i) The one phase, well-mixed approach is of mathematical simplicity, and when coupled with a kinetic model, one can obtain basic results such as production rate, monomer conversion, and depending on the kinetic model, molecular weight and composition distributions; (ii) The two-phase constant bubble size, which is not physically accurate, and comparative studies show little to no improvement when adding a bubble phase against a one phase, well mixed approach. This might be related to how heavily the two-phase models depend on the use of empirical or semi-empirical correlations for key reactor parameters, such as the bubble volume fraction, the bubble size, interphase mass and heat transfer coefficients, etc. (iii) The two-phase variable bubble size model shows promising results, most likely due their more accurate description of heat and mass transfer between bubbles, but at the expense of even correlations than the constant bubble size. In all of these approaches, there is an array of available models that range from simple to very detailed and complex. Depending on the results that are required, one can choose the level of complexity. The studies found in the literature show a good balance between homo-and co-polymerization case studies. CFD may prove itself to be an useful tool, but this is still in the early stages of development.

The thermodynamic effects of the ICA were modelled first in terms of co-solubility with the Sanchez-Lacombe EoS and later in terms of co-diffusion with a modified free volume theory. It is seen that the ICA visibly increases the solubility of ethylene and it's diffusion coefficients, with a simplified approach to reactor modelling showing how important it is to account for these thermodynamic effects to accurately describe reactor working under superdry mode. Furthermore, the diffusion model relies on sorption data of the gaseous mixture in the polymer and on pre-exponential factor (which may be solute dependent only). This made the free volume theory more applicable to different cases even when the original free volume theory parameters are not available for the system in question. The coupling of the SL-EoS with the free volume also proved to be advantageous when working with semi-crystalline polymers: Using solubility data obtained for semi-crystalline polymer to fit the SL-EoS implied that the diffusion model accounts for amorphous areas of the polymer that are not accessible to the penetrants due to crystallinity constraints. This method for calculating diffusion coefficients could easily extended to other polymer systems or classes of molecules.

The original free volume theory was developed in a generalized matter, meaning that the main limitations in this work arise from using SL-EoS. However, this approach can be implemented with any other thermodynamic model, making this work applicable to a variety of systems.

The results in chapter 3 and 4 together with the an understanding of the different available models reviewed in Chapter 2 motivated the development of a multi-scale, compartmentalized, one phase model in order to capture the co-solubility and co-diffusion effects. Furthermore, a simplified, easier to implement model is also proposed. A novel approach to estimate compartment height was also discussed, based on the modelling objectives of this work.

The model was initially validated with data from a patent and industrial temperature profiles for condensed mode operation. The model has shown good agreement with both sources and was considered fit to describe the process for gas-phase ethylene polymerization in a fluidized bed reactor. The simplified and complete models were compared, and the simplified approach was validated for the cases of higher superficial velocity where no bed segregation is observed. For lower gas velocity, the models diverged in results. The effects of the number of compartments was also studied. Once the number of compartments was doubled, and their heights halved, the results between 8 and 16 compartments show that there is very little difference between the predicted PSD at the top and bottom of the bed, as well as in the temperature profiles. It was therefore considered that the initially proposed 8 compartments was enough to describe the reactor.

Simulations to study the impact of different ICA, reactor operating temperature, hydrogen contents and liquid droplet sizes have also been made and compared to the available experimental data. The model showed that it followed that same trends that had been experimentally observed.

= 1 + 1 + -Weight of solution containing 1 gram of components 1 and 2; = -Volume of solution containing 1 gram of components 1 and 2;

*1000 -Partial specific volume of component 3 (cm 3 /g).

SENSITIVITY ANALYSIS RESULTS

Table C2. Sensitivity analysis of ethylene mutual diffusion in the binary system ethylene/LLDPE.

The temperature was kept constant at 80°C and the pressure at 7 bar.

Impact on Ethylene diffusion in LLDPE (%)

Parameter variation -50% -25% 25% 50%

Ethylene specific partial volume 0.5 0.2 -0.3 -0.6

Table C3. Sensitivity analysis of ethylene mutual diffusion in the ternary system ethylene/nhexane/LLDPE. The temperature was kept constant at 80°C, the pressure of ethylene at 7 bar and the pressure of n-hexane 1 bar.

Impact on ethylene diffusion in ethylene/n-hexane/LLDPE (%)

Parameter variation -50% -25% 25% 50%

Ethylene specific partial volume 0.2 0.1 -0.1 -0.2 n-Hexane specific partial volume 0.1 0.0 0.0 -0.1 Table C4. Sensitivity analysis of n-hexane mutual diffusion in the ternary system ethylene/nhexane/LLDPE. The temperature was kept constant at 80°C, the pressure of ethylene at 7 bar and the pressure of n-hexane 1 bar.

Impact on n-hexane diffusion in ethylene/n-hexane/LLDPE (%)

Parameter variation -50% -25% 25% 50%

Ethylene specific partial volume 0.2 0.1 -0.1 -0.2 n-Hexane specific partial volume 0.1 0.0 0.0
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 11 Summary of PE properties categorized by density . All figures adapted from[2] .
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 12 Figure 1.2. Scheme of typical fluidized bed reactor.

Figure 2 . 1 .

 21 Figure 2.1. Possible different length scales to be considered for reactor modelling. © 2012 Wiley-VCH Verlag & Co. KGaA, Boschstr. 12, 69469 Weinheim, Germany. Reproduced with permission.
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 23 Figure 2.3. Example of particles amenable to attrition produced in gas phase polymerization of ethylene at 12 bars of ethylene, 80°C with a Ziegler-Natta catalysts.

Figure 2 . 4 .

 24 Figure 2.4. Compartmentalized emulsion model schema. (a) exchange of solids upward and downward between neighbouring compartments, and (b) all non-elutriated particles recycled to the bottom compartment. Arrows represent solid flows. Gas streams not shown as only the emulsion is modelled. Position of solid feed and product withdraw are arbitrary.
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 25 Figure 2.5. Two-phase constant bubble size model. Each compartment is treated as a CSTR. The symbols are defined in the text.
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 2 Literature Review 53 gradient around 30 °C. The second zone extends to the rest of the bed with two phases (gas and solid) with a smaller temperature gradient of 7 °C They showed clearly that the temperature profile could have a noticeable effect on the molecular weight distribution if one neglects cosolubility effects. Zhou et al. validated their emulsion temperature profiles with industrial data (but did not give further information on the source of this data).
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 265427 Figure 2.6. Two-phase model of Zhou et al.[START_REF] Zhou | Modeling of the Temperature Profile in an Ethylene Polymerization Fluidized-Bed Reactor in Condensed-Mode Operation[END_REF]. The emulsion phase is divided in a gas-solid-liquid (G-S-L) region at the bottom that moves from the distributor plate to the next zone via plug flow and in a gas-solid (G-S) upper region which is well-mixed. The bubble phase is a well-mixed zone.
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 5 Overview of constant bubble size models.
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 28 Figure 2.8. Schematic of the variable bubble size model. Adapted from [99].
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 29 Figure 2.9. Concept of the fully compartmentalised model.

  Part of this section is published as: R. Alves, M. A. Bashir, and T. F. L. McKenna, "Modelling Condensed Mode Cooling for Ethylene Polymerization: Part II. Impact of Induced Condensing Agents on Ethylene Polymerization in an FBR Operating in Super-Dry Mode" Ind. Eng. Chem. Res., vol. 56, 2017

Figure 3 .

 3 Figure3.1 shows experimental data by Yao et al[9] for the partial solubilities of the system ethylene/n-hexane/LLDP in the amorphous polymer at 70 °C. The total pressure of the system is 10 bar. Here, the co-solubility effect manifests itself. As the partial pressure of n-hexane increases (therefor the partial pressure of ethylene decreases), the solubility of ethylene increases. The Figure also shows that the SL-EoS is able to capture this phenomenon after fitting it to the experimental data, which yielded the fitted .
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 31 Figure 3.1. Experimental and modelled partial solubilities for the ternary system ethylene/nhexane/LLDPE at total pressure of 10 bar and 70°C. Experimental data from Yao et al. [9]. Fitted parameters: and .
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 33334 Figure 3.3 shows the effects of n-pentane (a) and n-hexane (b), commonly used as ICAs, in the ethylene concentration in the amorphous polymer at different temperatures. The partial pressures of the ICAs (in bar) are varied between 0 and the vapour pressure. The partial pressure of ethylene is kept at 7 bar.
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 35 Figure 3.5. Effects of n-pentane or n-hexane in the density of amorphous phase of the polymer at 80 °C. The partial pressure of ethylene is kept at 7 bar.with data from Yao et al.[9].
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 36 Figure 3.6. Ethylene solubility in amorphous PE in the ternary systems ethylene/propane/LLDPE, ethylene/iso-butane/LLDPE and the interpolation for a mixture of the two ICA, represented as ethylene/ICA mix/LLDPE
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 37 Figure 3.7. Effects of n-pentane or n-hexane on the reactor bulk temperature (ºC), using two different approaches to the thermodynamic model (binary and ternary).

Figure 3 . 8 .

 38 Figure 3.8. Effect of n-pentane or n-hexane on PE production rate (tonne/h), using two different approaches to the thermodynamic model (binary and ternary).
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 3 Figures 3.7 and 3.8 show that regardless of the chosen thermodynamic model, the bulk temperature and PE production rate decrease with the increase of ICA partial pressure. As the heat capacity of the gas phase increases quickly with ICA content (see FigureB1in Appendix B), it can remove more heat and keep both the gas phase and particle temperatures

Figure 3 . 10 .

 310 Figure 3.10. Effect of: (a) adding iso-butane on the bulk and solids temperature in the gas phase polymerization of ethylene at partial pressure of 7 bar; (b) effect of different n-pentane or n-hexane in solids temperature.

  is the ith component glass transition temperature. As suggested by Duda [10], these parameters (and in equation (4.4)) are usually obtained by regression

In fact, expression ( 4 . 2 )( 4

 424 is a result of equation (4.4) [10]: (4.4) Where is the density of the ith component, is the partial specific volume of the polymer. To obtain equation (4.2), the Flory-Huggins model shown in equation (4.5) can be used to calculate the penetrant chemical potential, which is then introduced into equation
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 41 (3.2). The mutual diffusivity coefficient is given by equation(4.4). The parameter in this equation is now estimated using the SL-EoS, shown in equation (4.7): (4.7) closed-packed volume fraction of solute molecules in the polymer phase and is the polymer phase reduced density. , are parameters which can be calculated based on (closed packed molar volume of a site 1, 2 and 1-2) and

Figure 4 . 1 .

 41 Figure 4.1. Correlation of the polymer jumping unit molar volume with the glass transition
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 2 shows the relation between the molecular diameter and a pre-exponential factor ( ).The experimental values presented below were all obtained from the same study by Duda et al.[10]. The data was fitted with a decaying exponential equation. It is worth noting that the list of penetrants presented by Duda et al includes an array of different families of molecules, ranging from alkanes, alkenes, ketones and organic halogen compounds.
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 42 Figure 4.2. Pre-exponential factor, , varying with molecular diameter. Experimental data obtained from [10].
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 4 Figure 4.2 shows that there is an apparent trend where D0,1 decreases as a function of the molecular diameter. If all the data is included, a decaying exponential function of as a function of molecular diameter appears to roughly follow the evolution of the experimentally measured values. However, as discussed above, a precise estimate of the pre-exponential factor is essential for good model predictions, and deviations between the exponential fit for and experimental values are too large to provide the required precision. Therefore, in this work the values , , and used were found in the literature for the relevant systems. This conclusion, combined with the definition of and leaves open the discussion if these are indeed penetrant only parameters.
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 4 Figure 4.3 shows the mutual diffusion of n-pentane in high density polyethylene (HDPE)
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 43 Figure 4.3. Diffusivity of n-pentane in HDPE at 50 °C and 95 °C varying with total pressure.Experimental obtained by Sturm[39].
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 44 Figure 4.4. Diffusivity of methane in LDPE at 40 °C and 80 °C varying with total pressure.
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 45 Figure 4.5. Diffusivity of ethylene in iPP at 60 °C and 90 °C varying with total pressure.Experimental data at 60 °C obtained by Gonzalez et al.[33] and 90 °C by Cancelas et al.[22].
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 46 Figure 4.6. Diffusivity of propylene in iPP at 60 °C varying with total pressure. Experimental data obtained by Gonzalez et al. [33].

Figure 4 .

 4 Figure 4.5 and 4.6 show that the model predicts the mutual diffusion behaviour for the chosen systems. For ethylene and propylene diffusion in iPP, the model captures the diffusion trend, even when there are changes in temperature.
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 47 Figure 4.7. Comparison of the sorption curves for ethylene in iPP at 90 C and 4 bar. Data obtained by Cancelas, this work (model) and the best fit to the sorption curve.
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 48 Figure 4.8. Sorption curves obtained using the analytical diffusion solution and the modelled diffusion results. In the legend, Et and PP represent ethylene and propylene, respectively.
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 49 Figure 4.9. Comparison of the sorption curves for an equimolar mixture of ethylene and propylene in iPP at (a) 50 C and 4 bar; (b) 90 C and 11 bar. Data obtained by Aarón J. Cancelas.
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 4 Figure 4.16 shows a comparison of the free volume as given by Vrentas and Duda (equation (4.3)) and the free volume obtained in this work by the method described above. The results
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 410 Figure 4.10. Comparison of the free volume calculated by Vrentas and Duda'a approach [33] and this work for the Ethylene/iPP system at 60 C.
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 411 Figure 4.11. Comparison of free volume estimation by Vrentas and Duda approach [33], this work not accounting for polymer swelling and this work accounting for polymer swelling in function of total pressure and swelling degree. Ethylene/iPP system at 60 C.
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 412 Figure 4.12. Free volume for Ethylene, n-hexane and a mixture of both in LLDPE varying mixture total pressure (calculated by this model and by Vrentas and Duda approach [1]) at 70 C. Pressure of n-hexane varying between 0.4-0.8 bar.
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 4413 Figure 4.13 shows the mutual diffusion of ethylene, n-pentane and n-hexane in LLDPE varying with the mass fraction. The results obtained are as expected, where the diffusion coefficient increases with temperature and mass fraction.
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 4141 Figure 4.14. Mutual diffusion coefficient of Ethylene (a) and n-hexane or n-Pentane (b) in LLDPE in binary and ternary systems with n-hexane (5% molar in the gas phase) or n-pentane (15% molar in the gas phase) at 70 C.
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 415 Figure 4.15. The enhancement magnitude in the mutual diffusion of ethylene (a) and n-hexane (b) at 12 bar varying with the n-hexane molar fraction in the gas-phase at 70⁰C. n-hexane diffusion is normalized with the corresponding binary system at the same partial pressures.

Figure 4 .

 4 Figure 4.15 shows that increasing up to 5% the molar percentage of n-hexane, increases the diffusion of ethylene by a factor of about 1.24. In the n-hexane case, it can be observed that the even though the enhancement diminishes with the increase of n-hexane (due to the anti-penetrant effect), the diffusion of n-hexane in the ternary case is always faster than the
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 416 Figure 4.16. Effect of adding n-hexane or n-pentane as ICA on the diffusion of ethylene in LLDPE at 70 C. Partial pressure of ethylene is kept constant at 7 bar.

  (bar) Et/n-Hex/LLDPE T=70 ⁰C Et/-Pent/LLDPE T=70 ⁰C Ternary system ethylene/n-hexane/PE.
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  MULTI-SCALE REACTOR MODELThe gas-phase process for polyethylene production, shown in Figure5.1., is based around a fluidized bed reactor (FBR), which can be seen an empty cylinder with an expansion zone at the top. The fresh fluid stream, made up of ethylene, hydrogen and other monomers, along with inert gases, such as the ICA, are fed at the bottom of the reactor through a distribution plate. If the temperature of the feed drops below that of the dew point of the stream, the ICA may partially condense and the reactor is operating under condensed mode. The catalyst (or prepolymerized) particles are fed to reactor at slightly higher point, where their exposition to the monomer(s) starts and a highly exothermic polymerization reaction takes place. The unreacted monomer(s), hydrogen and inerts are recovered at the top of the bed after a disengagement zone, which ensures that the gas does not carry solid particles. These gases are recycled, compressed and cooled. Afterwards they are mixed with fresh monomer, hydrogen, and eventually other compounds, then fed back into the reactor. The newly formed polymer is recovered at the bottom of the bed through a discharge valve and is fed into a series of degassing tanks.

Figure 5 . 1 .

 51 Figure 5.1. Schema of a typical polyethylene polymerization process.

3 .

 3 A model for transport of the sorbed species in the growing polymer particles to determine the concentration of monomer at the active sites, and ideally a heat transfer model to follow the particle temperature and the amount of heat released into the continuous phase of the reactor.4. A population balance model to account for the impact of the particle size distribution and to estimate phenomena such as elutriation under different reactor conditions. 5. A model for droplet evaporation. In condensed mode cooling, portions of the reactor volume contain 3 phase mixtures of vapour, particles and evaporating liquid droplets.It is important to understand where the droplets are in the reactor as this will have an impact on the local temperature among other things.6. A model for the residence time distribution of the particles in the reactor (e.g. the compartment model presented here), but also a model for polymerization in the particles and a kinetic model to predict the rate of polymerization and polymer properties such as the molecular weight distribution.

Figure 5 .

 5 2 (b) is a simplification of Figure5.2 (a), where the particles are not allowed to fall to the compartment below, rather they are always dragged to the compartment above. Once the solids reach CSTR n, a fraction is moves up to the disengagement zone, dragged by the passing gas, while the remaining solids fall directly to the bottom of the reactor (CSTR 1)[4]. This simplification allows to reduce computation times and reduce the number of streams between compartments. In this work, a comparative exercise is performed which allows to see the difference between the two approaches.

Figure 5 . 2 .

 52 Figure 5.2. Diagram of the modelling structures for: (a) complete model and (b) simplified model.
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 53 Figure 5.3. Relationship between the solubility of ethylene in the amorphous phase of the polymer and temperature. The line represents the calculated values for ethylene solubility, obtained with the SL-EoS, while the dots represent variation in 10% in solubility.
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 54 Figure 5.4. Temperature profiles in the bed for dry mode. Data published by Zhou et al [5].

  energy balances vary between the two approaches shown in Figure 5.2. The equations bellow where derived based on Figure 5.2 (a), but can be simplified to fit Figure 5.2 (b). They present the form shown in equation (5.18):

Figure 5 .

 5 Figure 5.5 shows the bed temperature profile for dry mode and for a liquid content of 15.8%.
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 55 Figure 5.5. Bed Temperature Profile for: (a) dry mode (i.e. no liquid fraction); (b) liquid fraction of 15.9%. Experimental data obtained from Zhou et al. [5].
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 56 Figure 5.6. Particle Size Distribution for the top and bottom compartments at a gas superficial velocity of 0.75m/s.
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 57 Figure 5.7. Particle Size Distribution for the top and bottom compartments at a gas superficial velocity of 0.25m/s.
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 58 Figure 5.8. Effect of number of compartments on the particle size distribution for the top and bottom compartments.
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 59 Figure 5.9. Effect of number of compartments on the temperature profile of the reactor.
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 510511 Figure 5.10. Concentration of ethylene in an average size particle for: (a) no ICA present and for n-pentane or n-hexane with a liquid fraction of 15%; (b) 15% liquid fraction of n-hexane with and without the co-solubility effects (both simulations account for co-solubility effects). 0.002

  Figure 5.12. Temperature profile in the bed for the case for no ICA, n-pentane or n-hexane with a liquid fraction of 15%.
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 513 Figure 5.13. Particle Temperature ethylene in an average size particle when no ICA present, 15% liquid fraction of n-pentane or 15% liquid fraction of n-hexane.
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 5 Figure 5.14. PSD of the final product for the case for no ICA, n-pentane or n-hexane with a liquid fraction of 15%.
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 515 Figure 5.15. Effects of the temperature in the production rate of the reactor in the presence of nhexane.
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 5 Figure 5.15 shows that the production rate of the reactor increases with the temperature and the increase of ICA. In Figure5.16 however, it becomes clear that at lower temperatures
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 516517 Figure 5.16. Effects of the temperature in the catalyst mileage in the presence of n-hexane.
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 5 Figure 5.18. Log-scale mass chain length distribution for different hydrogen partial pressures in the absence of ICA. Results shown for the recovered polymer.
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 520 Figure 5.20. Normalized rate of reaction for different hydrogen and n-pentane contents.
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 521 Figure 5.21. Log-scale mass chain length distribution for different hydrogen partial pressures and n-pentane liquid content of 15%. Results shown for the recovered polymer.
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 5 Figure 5.22 shows that increasing the droplet diameter increases the height of the reactor

Figure 5 . 22 .

 522 Figure 5.22. Liquid hold up height in function of droplet diameter.
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 5523 Figure 5.23 shows the effects of droplet diameter in the reactor temperature profile for the case of n-hexane. The results show that for droplets of 50 μm, which only occupy the bottom 0.27 m of the bed, the temperature profiles becomes sharper than the for the other two droplet sizes presented here. This is because since the liquid rapidly evaporates at the bottom of the reactor, the bed more quickly stabilizes in temperature. Comparing 200 μm and 1000 μm droplet sizes shows that the later presents the lesser sharp temperature profile of the two. This is because if the droplets are 1000 μm in diameter, they can reach up to 7.82 m in the bed, which means that the heat removal due to vaporization is more dispersed through the bed. It is also interesting to see that the bottom of the reactor steeper temperature profile for 1000 μm, because less liquid is being vaporized in these compartments.
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 524 Figure 5.24. Temperature profiles for a different heights for polymer recovery. The catalyst feed rate is kept constant at a value of 6x10 -3 kg/s. n-Pentane was used as ICA with liquid content of 15%.
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 525 Figure 5.25. Temperature gradient of the bed for different liquid injection heights. The catalyst feed rate is kept constant at a value of 6x10 -3 kg/s. n-Pentane was used as ICA with liquid content of 15%.

Figure 5 . 26 .

 526 Figure 5.26. Liquid height for different liquid injection heights. The catalyst feed rate is kept constant at a value of 6x10 -3 kg/s. n-Pentane was used as ICA with liquid content of 15%. Δ Liquid height is the difference between the height the liquid reaches in the bed and liquid injection height.

Δ

  Liquid height (m)Liquid injection height (m)

Figure 5 . 27 .

 527 Figure 5.27. Temperature profiles of the bed for: (a) different liquid contents of n-pentane as ICA in a pilot plant reactor. The temperature profile for the first 5 m of the full-scale reactor are also shown for reference. (b) Comparison between full and pilot scales for 15% n-pentane liquid fraction.

Figure 5 .

 5 Figure 5.27 shows that the temperature profile of the pilot scale reactor mimics that of the full-scale reactor and the effects of the ICA in the bed temperature profiles are as less

Figure 5 . 28 .

 528 Figure 5.28. Pilot scale vs full scale comparison of the normalized production rate (a) and catalyst mileage (b) for different n-pentane liquid contents.

Figure 5 . 29 .

 529 Figure 5.29. Molecular weight distribution for pilot and industrial scale reactors. Hydrogen partial

Table 2 .

 2 1. Main reaction steps in the copolymerization of ethylene[12] and thought needs to be given to what exactly we know and what exactly we hope to learn from our models. For instance if all we need is to estimate the rate of monomer consumption, and are not worried about deactivation by hydrogen, etc., then a

	Site Activation	Conversion of inactive potential
		catalyst sites,	, to reactive vacant
		sites,	. Activation commonly occurs
		by reaction of a potential site with a
		cocatalyst (	.
	Chain initiation	A monomer molecule of type i, ,
		reacts with an activated vacant site,

In certain circumstances, simplified versions of the kinetic scheme shown in Table

2

.1 are used, and the degree of simplification that is acceptable depends on the type of information required. While seemingly obvious, this last statement can be applied at virtually every level of reactor modelling

Table 2 .

 2 

	Validation With	Experimental
	Grade	Transition
	Thermodynamic	Model
		CCD MFI
		MWD
		PSD
	Energy	Balance
	Dynamic/	Steady State
		Polymerization
		Ref

2. Overview of one-phase, well mixed models.

Table 2 .

 2 3. Overview of compartmentalized emulsion models

	Ref	Dynamic/ SS	Agglomeration Attrition Elutriation MWD	MFI	Validation W/ Experimental Data
	[80]	Steady State	Yes	Yes	Yes	No	No	Yes
	[90]	Steady State	Yes	No	No	No	No	No
	[92]	Steady State	NA	NA	NA	Yes	Yes	Yes

Table 2 .

 2 

4. Correlations for two-phase model parameters. Adapted from [99][100].

Table 2 .

 2 6. Bubble diameter calculations for variable bubble size.

	Parameter	Formula	Ref	Other correlations
	Bubble	, where	[105] [56], [107],
	diameter			
	(growing	(Perforated plate)		
	bubble size)	(Porous plate)		

Table 2 .

 2 7. Overview of fully compartmentalized models.

	Ref	Polymerization	Dynamic/ SS	Energy Balance	PBE MWD CCD MFI	Validation W/ Exp Data
	[127]	Co-polymerization ethylene-1-butene	Dynamic	Yes	Yes	Yes	No No	No
	[129]	Ethylene homopolymerization	Steady State	No	Yes	No	No No	Yes
	[130]	Ethylene homopolymerization	Steady State	No	Yes	No	No No	Yes

An overview of these modelling studies is shown in Table

2

.7. From these studies, it

Table 3 .

 3 1. Pure component characteristic parameters for Sanchez-Lacombe EoS

	Component	P* (bar)	T* (K)	(kg. m -3 )	Ref
	Methane	2500	152	500	[21]
	Ethylene	3395	283	680	[12]
	Propylene	3788	345.4	755	[22]
	n-Pentane	3060	445	755	[18]
	n-Hexane	2979	476	775	[18]
	LDPE	4399	655	900	[23]
	LLDPE	4360	653	903	[18]
	iPP	3007	690.6	885.6	[22]

Table 3 .

 3 2. Modelled solubilities in this study.

	Comp 1	Comp 2	Polymer	T ( o C)		Ref
	Propylene	-	iPP	50; 70; 85	= -0.0076 T(K) + 0.27	[22]
	Ethylene	-	iPP	50; 70; 85	= -0.00028 T(K) + 0.082	[22]
	Ethylene	Propylene	iPP	50; 70; 85	= -0.00011 T(K) + 0.021	[22]
					= -0.00061 T(K) + 0.21	
	n-Hexane	-	PE	70; 80; 85; 90	= 0.0014 T(K)-0.48	[9]
	Ethylene	-	PE	60; 70; 80; 90	= -0.0011 T(K) + 0.38	[9]
	Ethylene	n-hexane	PE	70; 80; 90	=0.000030 T(K) + 0.0054 a	[9]
					=0.00050 T(K) -0.15 a	
	n-Pentane	-	PE	70;85;90	=0.00086 T(K) -0.27	[9]
	Ethylene	n-Pentane	PE	70;80;90	=0.000045 T(K)+0.00044 b	[9]
					=0.00056 T(K) -0.15 b	
	Methane	-	LDPE	40;80	= -0.0013 T(K) + 0.26	[24]

a adjusted keeping n-hexane partial pressure between 0.6 and 0.7 bar. b adjusted keeping n-pentane partial pressure between 1.6 and 1.8 bar.

Table 3 .

 3 3. 

Table 3 .

 3 3. Fluidization and bed properties correlations.

Table 3 .

 3 

4 

shows model parameters that were kept constant throughout validation and other simulations.

Table 3 .

 3 4. Data used for all model simulations and validation.

	Parameter	Units	Value	Ref
	Reactor Diameter ( )	m	4.75	[34]

Table 3 .

 3 5. Data used in the validation of the model[34].

	Parameter	Units	7A	7C
	Reactor Abs. Pressure	bar	22.4	22.4
	Inlet Temperature	ºC	35	35
	Inlet gas flow rate	kg/s	280	355
	Inlet Catalyst flow rate	kg/s	8.20x10 -5	2.70x10 -4
	Ethylene Partial Pressure	bar	7.8	7.8
	Propane Partial Pressure	bar	0	4.3
	Iso-butane Partial Pressure	bar	0	3.3
	Catalyst Specific Activity	kgpol/(kgcat.h.bar)	1500	1500

Table 3 .

 3 

		0.004					
	am pol )						
	Ethylene Solubility (g/g	0.002 0.003				Ethylene/Propane/LLDPE Ethylene/iso-Butane/LLDPE
						Ethylene/ICA mix/LLDPE
		0.001					
		2		3	4 Total Pressure (bar)	5
	6. Comparison between the results presented in example 7A and 7C [34] and the
		simulation (Sim.) and the corresponding variation (Δ).
			7A	Sim. 7A	Δ (%)	7C	Sim. 7C	Δ (%)
	PE Production Rate (tonne/h)	16	16.3		2%	28.9	29.8	3%
	Reactor Temperature (°C)	88	84		-5%	88	90	2%
	Superficial Velocity (m/s)	0.75	0.75		0%	0.75	0.75	0%
	Productivity (gpolymer/gcatalyst)	53,650	55,365	3%	29,700	30,691	3%
	Residence Time (h)	4.6	4.1		-12%	2.5	2.2	-14%

Table 3 .

 3 

		9. Comparison of kinetic parameters	, ethylene solubility in amorphous polymer
	phase	and reaction rate	for systems with no ICA and n-pentane in binary/ternary
		correlations (n-pentane partial pressure at 1.8 bar, ethylene partial at 7 bar).
	Parameter	Units	No ICA	n-Pentane (Binary)	Δ (%)	n-Pentane (Ternary)	Δ (%)
				161	108		-32	123	-23
				0.0037	0.0036	-1	0.0045	23
				1.7x10 4	1.3x10 4	-24	1.6x10 4	-6

Table 3 .

 3 10. Maximum and minimum values for the bed porosity, bed weight, superficial velocity and residence time for simulation I.

	Parameter	Units	Binary	Ternary
	Bed Porosity	-	0.71-0.70	0.70-0.69
	Bed Weight	tonne	64.0-66.1	65.5-66.7
	Superficial Velocity m/s	0.80-0.74	0.80-0.75
	Residence Time	h	5.1-6.4	5.1-5.8

Table 4 .

 4 1. Critical hole free volume estimated compared to data found in the literature. a Data collected from Gonzalez et al[33]; b Data collected from Duda et al.[10];

	Component	(Model) (m 3 .kg -1 )	(Literature) (m 3 .kg -1 )	Δ (%)
	Methane	1.428	-	-
	Ethylene	1.428	1.341 a	6%
	Propylene	1.268	1.225 a	3%
	n-Pentane	1.149	-	-
	n-Hexane	1.123	1.133 b	-1%
	LDPE	1.006	-	-
	LLDPE	1.006	-	-
	iPP	1.005	1.005 b	0%

Table 4 .

 4 2 shows the required model parameters that have not been estimated: the pre-

	exponential factors (D0 or D0,1) and the diffusion activation energy.

Table 4 .

 4 2. Pure component diffusion model parameters. a Pre-exponential factor adjusted to experimental data while keeping Ea=0. b Pre-exponential factor and Ea adjusted to experimental data

	Component	Tg (K)	D0,1 (m 2 .s -1 ) a	D0 (m 2 .s -1 ) b	Ea (J.mol -1 )	Ref
	Methane	-	1.51x10 -9	-	0	[38]
	Ethylene	-	-	2.96 x 10 -6	8786	[33]
	Propylene	-	-	7.65 x 10 -6	15899	[33]
	iso-Pentane	-	6.68 x 10 -8	-	0	[39]
	n-Hexane	-	7.85 x 10 -8	-	0	[10]
	LDPE	148	-	-	-	[40]
	LLDPE	193	-	-	-	[24]
	iPP	253	-	-	-	[33]

Table 4 .

 4 3. Comparison of the results obtained by Cancelas et al.[22] and this model and corresponding difference between model prediction and reported experimental data (Δ).

				Average Diffusion . 10 -11 (m 2 .s -1 )		
	T (⁰C)	Pressure (bar)	Propylene		Ethylene	
			Experimental	Model	Δ (%)	Experimental	Model	Δ (%)
	50	4	3.0	4.8	60	3.7	2.6	29
	50	11	3.5	8.3	132	4.5	4.0	12
	90	4	12.0	6.5	46	17.0	9.6	43
	90	11	17.0	19.3	13	18.5	14.1	24
	90	20	17.0	46.8	175	20.0	21.6	8

Table 4 .

 4 4. Comparison of the diffusion results for ethylene in iPP at 90 C and 4 bar. Data obtained by Cancelas .

Table 4 .

 4 5. Comparison of the best fit diffusion results with model predictions for mixtures of ethylene and propylene in iPP, for different temperatures, pressures and molar fraction in the gas

	phase.

Table 4 .

 4 7. Sensitivity analysis of ethylene diffusion in the ternary system ethylene/nhexane/LLDPE. The temperature was kept constant at 80°C, the pressure of ethylene at 7 bar and the pressure of n-hexane 1 bar.

		Impact on ethylene diffusion in
		ethylene/n-hexane/LLDPE (%)
	Parameter variation	-50%	-25%	25%	50%
	Ethylene critical hole free volume	2	1	-1	-2
	n-Hexane critical hole free volume	13	6	-6	-11
	LLDPE critical hole free volume	489	143	-59	-83
	Hole free volume	-98	-72	115	257
	Amorphous polymer density	124	50	-33	-55

Table 4 .

 4 8. Sensitivity analysis of n-hexane diffusion in the ternary system ethylene/nhexane/LLDPE. The temperature was kept constant at 80°C, the pressure of ethylene at 7 bar and the pressure of n-hexane 1 bar.

		Impact on n-hexane diffusion in
		ethylene/n-hexane/LLDPE (%)
	Parameter variation	-50%	-25%	25%	50%
	Ethylene critical hole free volume	4	2	-2	-4
	n-Hexane critical hole free volume	33	15	-13	-25
	LLDPE critical hole free volume	564	152	-88	-99
	Hole free volume	-100	-95	533	2063
	Amorphous polymer density	603	165	-62	-86

Table 5 .

 5 1. Compartments height for a total height bed of 13.5m.

		90			
		85			
	Bed Temperature (°C)	60 65 70 75 80			
		55			
		50			
		0.00	2.00	4.00	6.00	8.00 10.00 12.00
				Bed Height (m)
		CSTR #	Compartment height (m)	bed height (m)
		1		0.03		0.03
		2		0.02		0.05
		3		0.02		0.07
		4		0.02		0.1
		5		0.08		0.2
		6		1.0		1.2
		7		1.3		2.5
		8		11.0		13.5

Table 5 .

 5 2. Mechanism for hydrogen effect on the polymerization rate of ethylene[7]. The subscript k represents the active site type.

	Step	Chemical Equations	Rate Constant Description
			Main polymerization reaction
			step. The active chain of
	Propagation		length ,	, reacts with an
			additional monomer molecule,
			M, increasing its chain length by
			one.
			Growth termination reaction of
			live polymer chains, forming
	Transfer to		dead polymer chains,	, and
			generate low-reactivity metal
			hydride sites, .
			Initiation of	sites with
	Initiation of		monomer, which starts a new
			live chain,

Table 5 .

 5 6. Model validation with experimental data provided by Zhou et al.[5]. Liquid height refers to the bed height where three phases (gas/liquid/solid)co-exist. The values calculated with the proposed model are noted as "Sim".

		Liquid Content (%)	
	0	2.3	8.1	15.9	20.5

Table 5

 5 

	.8 shows the

Table 5 .

 5 8. Simulation results for case study II.

		Wliq (%)	n-Pentane	n-Hexane
		0	11	11
	Production rate	5	20	18
	(ton/h)	10	26	24
		15	34	32
		0	2491	2491
	Catalyst	5	2388	3255
	mileage (g/g)	10	1939	3002
		15	1574	2763
		0	3.0	3.0
	Residence time	5	2.0	2.7
	(h)	10	1.7	2.1
		15	1.5	1.8
		0	0.0	0.0
	Liquid height	5	0.7	0.9
	(m)	10	1.0	1.4
		15	1.3	1.9
	Elutriated flowrate (ton/h)	0 5 10 15	0.11 0.18 0.32 0.47	0.11 0.21 0.35 0.49

Table 5 .

 5 9. Production rate, catalyst mileage and liquid loss for different heights for polymer recovery.

	Compartment # for	Production Rate	Catalyst Mileage	Liquid loss
	polymer recovery	(ton/h)	(g/g)	(%)
	4	34.8	1669	2.6
	6	34.0	1574	0.2
	8	33.9	1568	0.0

Table 5 .

 5 10. Inlet parameters for the pilot scale simulations.

	Parameter	Unit	Value
	Reactor height	m	1.7
	Reactor diameter	n	0.5
	Inlet gas temperature	°C	54
	Inlet gas flow rate	mol/s	110
	Superficial gas velocity	m/s	0.75

Table 5 .

 5 11. Production rate, catalyst mileage, liquid height and average particle size for different liquid contents in a pilot scale reactor.

	Liquid content
	(%)

Production Rate (ton/h) Catalyst Mileage (g/g) liquid height (m) Average particle size (μm)

  

	0	0.020	1916	0	537
	5	0.031	1820	0.27	488
	10	0.038	1462	0.34	429
	15	0.047	1051	0.48	397

Table 5 .

 5 12. Impact of varying the propagation kinetic constant ( ) on bulk temperature at the top of the reactor, reactor production rate, average particle size, elutriation rate and liquid height.

		Impact of varying	(%)
	Parameter variation	-50%	-25%	25%	50%
	Bulk temperature	-37.1	-23.3	22.0	28.0
	Production rate	-38.4	-21.5	21.7	27.1
	Average particle size	-10.8	-6.9	9.0	11.6
	Elutriation rate	4.1	1.3	-9.3	-10.8

Table 5 .

 5 13. Impact of varying the droplet to gas mass transfer coefficient ( ) on average particle size, elutriation rate and liquid height.

			Impact of varying	(%)
	Parameter variation	-50%	-25%	25%	50%
	Average particle size	-1.5	-0.7	0.8	1.4
	Elutriation rate	1.7	0.6	-0.6	-1.7
	Liquid height	30.4	15.8	-14.3	-23.1
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Co-polymerization ethylene-1-butene Steady State No Yes No No No No No No [86] Co-polymerization ethylene-1-butene Dynamic Yes No Yes No Yes No Yes No [87] Co-polymerization ethylene-1-butene No Yes No No Yes Steady State Yes No Yes No No No No

Data

Chapter 1

considering that the bed is divided into compartments and operates at uniform temperature.

The authors also made use of populations balances to obtain the PSD inside the reactor. They saw that increasing the number of compartments leads to bigger, but fewer bubbles. The authors also showed that the increasing the superficial velocity will decrease the bubble size.

Aided Chem. Eng., vol. 20, no. C, pp. 427-432, 2005, doi: 10.1016/S1570-

SIMPLIFIED REACTOR MODEL

As discussed in Chapter 2, there are numerous studies on modelling FBR's for PE production, but surprisingly very few were found to account for the presence of gas or liquid ICAs. Mirzaei et al [25] employed a two phase model with a kinetic model and SL-EoS for the calculation of ethylene concentration at the active sites. However, their thermodynamic model was only applied in a binary manner, which left out the co-solubility effect. Zhou et al [26] and Fan et al [27] also lean on the two-phase theory and accounted for an evaporation model (in contrast to Mirzaei and co-workers instantaneous evaporation assumption), but no thermodynamic model was applied.

Given the results from the previous section, where the co-solubility effects are shown to be very important, it would be useful to further investigate them in terms of its impact on reactor operation. A simplified one-phase, well-mixed model was developed, which allowed to quantify the effects of ICA in reactor parameters such as production rate, catalyst mileage and reactor temperature.

The present model is based on the following simplifying assumptions:

Reactor is operating at steady-state;

The residence time distribution of the FBR is that of an ideal CSTR;

We will consider super-dry mode only -i.e. no liquid droplets in the feed, only vapour phase ICA;

Catalyst activation is instantaneous;

The rate of polymerization will be modelled using a global propagation constant (not attempt is made to differentiate between families of active sites); Particles are considered spherical;

The elutriation of solids is neglected; Gas entrainment by production discharge is neglected;

The solid feed to the reactor consists only of fresh catalyst (no prepolymerization); No breakage or aggregation is considered;

The gaseous outlet of the reactor consists of unreacted ethylene, ICA and nitrogen;

The solid outlet of the reactor consists of a polymer phase, containing the polymer and catalyst particles, as well as dissolved ethylene and ICA; polymer density: the ternary model and the binary model. This aims to show the importance of accounting for the co-solubility effect and the influence of increasing ICA partial pressure on reactor behaviour when the remaining inlet parameters are kept constant.

The choice of ICA was made in accordance with the available solubility data at a range of different temperatures that are industrially pertinent. The chosen ICA were n-pentane and nhexane. The correlations for the interaction parameters with regard to the temperature have already been shown in Table 3 The results show that most of the reactor parameters are sensitive to the presence of ICA.

When keeping all inlet parameters constant apart from the ICA partial pressure, a decrease in the bulk temperature and PE production rate are observed. Furthermore, the results prove the importance of using an adequate thermodynamic model. It is clear that the use of the binary approach (i.e. ignoring the co-solubility effect), will underestimate the bulk temperature, PE production rate and catalyst mileage while overestimating the average residence time.

Where is the compartment number, number chain length and and are obtain with equation (5.2a) and (5.2b).

(5.2a)

(5.2b)

The above equations provide a description of the instantaneous molecular weight distribution. To account for the cumulative effects, the molecular weight distribution of the recovered polymer is obtained as per expression (5.3), if the elutriation is negligible:

Where is the polymer production rate in each compartment. Although equation (5.3) is an over simplification, the aim of this work is not related to accurately model microstructures of the polymer, rather to provide a description of the condensed mode cooling in a FBR.

Single Particle Modelling

To estimate the concentration profile in the particles, the well-known diffusion reaction equation was used.

boundary conditions are:

Initial Condition:

(5.4)

(5.4a)

Where is the evolving concentration of species inside the pore space of the pseudohomogeneous phase that makes up the particle, is the polymerization time, is the radial position in the particle, is the effective diffusion of the species in the macroparticle (i.e.

where is the particle density, the heat capacity of the particle, the local particle temperature, the particle effective thermal conductivity and the heat of polymerization. the bulk temperature and is the initial particle temperature. The convective heat transfer coefficient, , was calculated with the Nelson-Galloway correlation as suggested by Floyd et al. [17] and shown in Appendix D. is assumed to be 0.48 W/(m K) [14].

Population Balance Equations

Continuing with the assumption of a perfectly backmixed CSTR, if no agglomeration or attrition is considered, the steady state population balance equation for the particles that ranges in size from to is given as [18]:

(

It is important to note that due to the well-mixed assumption, the particle size distribution of the particles in the polymer recovery stream will be identical to that of the compartment where the stream is recovered. Furthermore, equation (5.7) accounts for elutriation. In the case of the simplified model shown in (5.8)

Where represents a mass flowrate, represents a number function density, is the particle diameter, is the compartment bed weight (depends on compartment height) and is the rate of particle growth. The subscripts and represent, respectively, streams that enter and exit the compartment. The subscript e refers to the elutriation stream and j refers to the compartment number.

Equation (5.8) can be numerically solved when its terms are determined as follows:

Rate of particle growth [2], [18]:

(5.9)

Where is the initial particle diameter, is the particle porosity, is the particle density and is the reaction rate.

Flux of particles carried out of the bed due to entrainment [3], [19]:

Where is the elutriation rate constate, given as [19], [20]:

(5.11) Equation (5.8) the population balance model has been derived for a catalyst feed of uniform particle size. However, the feed catalyst particles will present their own particle size distribution. To take into account that the final particle of size D has grown from different initial sizes [18]:

(5.12) Where is the smallest particle that grow to size , is the fraction of particles of size grown from particles of size and is the fraction of particles of size on the inlet feed.

The steady state population balance could be obtained (equation (5.13)) by substituting equations (5.9) to (5.11) in equation (5.8). This equation, applied to each compartment, has been numerically solved following the approach of Selçuk et al. [21].

(5.13) Furthermore, the rate of elutriated solids is calculated with equation (5.14) and it's particle size distribution is given by (5.15)

(5.14)

(5.15)

Evaporation Model

The liquid is distributed to the reactor through a spraying nozzle, which generates small droplets. In this work, a uniform droplet size distribution was considered, with a droplet diameter, , of 200 μm [22]. The droplet evaporation rate is was described by Bird et al [23]:

(5.16)

In the above equation, represents the evaporation rate (kg/s), is the mole fraction of the ICA vapor at the droplet surface and is the mole fraction of ICA in the bulk of the gas-phase. is the mass transfer coefficient, calculated for the case of forced convection around spheres [23] and shown in Appendix D. Assuming that the total number of droplets remains constant, the total evaporation for each compartment ( ) can be obtained by equation (5.17), where is the compartment height and is the mass of one droplet in compartment .

(5.17)

Overall mass and energy balances

The overall mass balances present the same form as those shown in chapter 3, in equations (3.6) to (3.9).

However, the energy balances where adapted to account for the presence of liquid, since this model is developed for a reactor working under condensed mode. It is also important to

RESULTS

The Data used across all simulations is shown in Table 5.4. Reactor Bed Height ( ) m 13.3 [24] Catalyst Density ( ) kg/m 3 2300 [13] Catalyst Heat Capacity ( ) J/(kg.K) 2000 [13] Polymer Heat Capacity ( ) J/(kg.K) 2000 [13] Heat of Reaction ( ) J/mol -107600 [13] n-Hexane Heat of Vaporization ( ) J/mol 31000 [25] n-Pentane Heat of Vaporization( ) J/mol 25600 [25]

Model Validation

Model validation was carried out in two phases: comparison with patent data [24], found for the homopolymerization of ethylene in the presence of gaseous ICA and through the replication of the industrial temperature profiles presented by Zhou et al [5] for condensed mode operation. Both validation methods were performed using the complete model, shown in Figure 5.2 (a).

Patent data validation

In the examples provided for the homopolymerization of ethylene on patent US 6864332 B2 [24] contain a mixture of ICA. This is the same example used to validate the model in Chapter 3, which involve a mixture of ICAs. Therefore, the same method as presented before to model ethylene solubility and the individual solubilities of the ICA is used. Furthermore, the effects of co-diffusion could not be modelled in a quaternary system, so the single particle model was not applied at this stage. Table 5.5 shows the comparison between the results

presented in examples 7A and 7C of reference [24] and the results obtained in the simulations. Hydrogen partial pressure bar 1

Nitrogen partial pressure bar 14.4 to 12.6

Case study I -Complete Vs Simplified Model

The simulations presented bellow aim to show the differences that one might obtain when employing a simplified approach. The complete model and the simplified approach, shown in velocity, both models predict similar particle size distributions. Furthermore, no bed segregation is observed, as the particle size distribution at the top is alike to that of the bottom of the bed, which is expected and in well agreement with the findings of other authors [2], [4].

Chapter 6

General Conclusions and Perspectives

Although nine case studies were considered during this study, many other remain to be completed, such as:

Varying inlet temperature;

Varying reactor geometry;

Substitution of nitrogen for propane, to simulate the Spherilene process.

ICAs equivalents -Same increase in gas heat capacity with different amounts of varying ICAs.

Other developments that could be implemented to advance the models applicability and predictions are:

Include a copolymerization kinetic model, which would imply a quaternary thermodynamic model (monomer/comonomer/ICA/polymer).

Improvement of the hydrodynamic description, by coupling this work with a CFD model for the prediction of residence times of both particles and gas in each compartment.

Improvement of the single particle model, such as the including the external mass transfer resistances.

It would also be of interest to model the degassing units that follow the reactor, since the presence of ICA not only increases reaction production rates, but it also increases the ethylene concentration in the amorphous polymer. This can imply that if a current plant is operating under dry-mode, the change for super-dry mode might not be feasible if the degassing tanks are not adapted to the new production rates and ethylene solubilities.

Appendices APPENDIX A -SANCHEZ-LACOMBE EQUATION OF STATE

The solving strategy for the Sanchez-Lacombe Equation of Sate applied to a ternary polymeric system such as solute(1)/solute(2)/polymer(3) is resumed in Table A1. Some concepts and fundamental terms for the application of the procedure are presented below:

Component 1 : Solute with the lightest molecular weight in the system that penetrates the polymer. In case of this study component 1 was ethylene. Can be in gas or polymer phase.

Component 2 : Solute with the heaviest molecular weight in the system that penetrates the polymer. In case of this study component 2 was the ICA (propane, iso-butane, n-pentane or n-hexane). Can be in gas or polymer phase.

Component 3 : Polymer which constitutes the majority of the polymer phase. In this study was polyethylene.

Gas phase : mixture of gaseous components in equilibrium with the polymer phase.

Polymer phase : mixture polymer and solutes inside the polymer, which is in equilibrium with the gas phase.

: The number of sites (mer) a molecule occupies in the lattice.

: Interaction parameter between components and . represents the interaction between the two gases, but given to the nature of the mix, it is considered to be zero [18].

Table A1. Sanchez-Lacombe EoS solving strategy and equations applied to a ternary polymeric system. Solving the equations for the gas phase calculations is a fairly straight-forward process, as the closed packed volume fractions are known. However, for the polymer phase calculations there are three unknown variables: reduced polymer phase density and the closed packed volume fractions of gaseous components ( and ). Therefore, to obtain these values the equations for chemical potential for both solutes in the polymer phase and for the reduced density of the mixture are solved together under the equilibrium condition that and .

Pre-Calculations

Reduced

To fit the parameter, solubility data has been used. To obtain the mass fraction of component 1 and 2 in the polymer phase, equations (A1) and (A2) were used:

As a consequence, the mass fraction of the polymer in the mixture:

The solubility of each component can now be easily calculated by equations (A4) and (A5):

Minimizing the following objective function allowed to estimate the and :

(A6)

The polymer density is given in equation (A6):

Where is the characteristic density of the polymer phase defined as:

(A8)

APPENDIX B -GAS HEAT CAPACITY

The heat capacity of a gaseous component at a given temperature ( ) is described by the following equation [1]:

In the developed model, it is necessary to consider a mean heat capacity, calculated between the inlet flow temperature ( ) and the bulk phase reactor temperature ( ). This is achieved by integrating equation (B1) between and :

(B2)

The result is described in the following equation:

The parameters A, B, and C were taken from reference [1] with temperature in K and in J/(mol.K). The values are summarized in Table B1. The heat capacity for a mixture of ethylene, nitrogen and ICAs are shown in Figure B1.

209 The partial specific volume is estimated from its normal definition:

(C1)

Where is the total volume of the mixture and is the mass of ith component added into the system. For this calculation, the mass of the other components (i.e ) must be kept constant [1]. 

APPENDIX D -GENERAL CORRELATIONS CONVECTIVE HEAT TRANSFER COEFFICIENT

The Nelson-Galloway correlation for the convective heat transfer coefficient is given in equation (D1) [1] (D1)

Where is the convective heat transfer coefficient, the porosity of the fluidized bed and is given by: (D2)

Where represents the Reynolds number and represents Prandtl number. is considered 0.6 as recommended by Floyd et al. [1].

MASS TRANSFER COEFFICIENT FOR DROPLET EVAPORATION

The correlation for the mass transfer coefficient, , for the case of forced convection around spheres [2] is given in Equation (D3) [2]:

Where represents Schmidt number.

GAS DIFFUSION IN MULTI-COMPONENT SYSTEMS

The correlation of Wilke allows to calculate the diffusivity of a species in multi-component gaseous system and is shown in equation (D4) [3][4]:

(D4)

Where is the mole fraction of component in the mixture and is the binary diffusion coefficients calculated from the Chapman-Enskog theory [2]:

Where is the temperature of the binary mixture, represents the molecular weights of species and , is the total pressure, represents the collision diameter of the binary mixture, and can be approximated by , in which and are the collision diameters of species and , respectively. The dimensionless quantity denotes the collisional integral for diffusion that decreases by increasing the dimensionless temperature of the system, . is the Boltzmann constant, and represents the interaction energy of the binary system and can be estimated by and are the interaction energies of species and in the Lennard-Jones 12-6 potential, respectively. The parameters of Chapman-Enskog theory for the major components present in the gas phase are provided in Table D1, below: