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Unravelling the active site(s) in Methane dehydroaromatization over Mo/HZSM-5 catalysts :

From cradle to grave Antoine Beuque

The recent ecological (drought, rises of the ocean, …), political (COP 21, 26/ Ukraine war), and sanitary events (Covid outbreak) along with the scientists' wake-up calls promoted the emergence of a collective awareness of the worldwide energetic challenges. A longlasting decrease in our reliance on fossil resources and increase of the petrochemical/fuel ratio demand should be, combined with a sustained improvement of our living standards. Consequently, the catalytic landscape pillar of the modern chemistry, promoting the lightning development of western and emerging societies, has been drastically impacted and has shifted to address the evolving energy and chemical scenario for a cleaner and sustainable future, which requires assessing the catalysis complexity. Heterogeneous catalysis possesses the necessary facets to tackle the following worldwide energetically concerns and has gradually migrated towards the upgrading of alternative clean feedstocks (lignocellulosic biomass, plastic wastes, natural gas,…).

The catalytic upgrading of methane, main component in natural gas, has attracted great interest over the past decades due to its abundant, versatile and greener combustion than other fossil fuels resources (oil, coal). Dedicated gas-to-liquid technologies were developed supplying high valuable chemical compounds from natural gas. However, the high chemical stability of methane requires to operate under extreme harsh conditions. Conventionally, two major pathways for methane catalytic upgrading are considered (i) the indirect route: via a first, highly energy demanding step of synthesis gas (mixture of H2/CO) production, which is further used as a feedstock for a large range of high-added value chemicals or (ii) the direct route to chemicals without going through the syngas intermediate.

Methane dehydroaromatization (MDA: 6 CH4 ⇋ C6H6 + 9 H2) over the traditional bifunctional catalyst Mo/HZSM-5 emerged as the most promising direct route producing simultaneously highly selectively benzene needed for the petrochemical industry and hydrogen as a clean energetic vector without direct CO2 emissions. Yet, this challenging reaction is limited by the thermodynamics ( ̴ 12.5% at 700 °C in single pass) and suffers from deactivation due to coke deposition kinetically favored at high temperatures, which hampers the potential process industrialization.

The MDA reaction is well-known to occur in four successive steps (catalyst preparation, activation, induction and deactivation) in which the catalyst constantly evolves. The two first steps are driven by the molybdenum sites evolution. Once the carbon species start to be deposited on the catalyst after the activation step, they govern the remaining lifetime.

A plethora of catalytic systems were developed in the quest to mitigate the catalyst deactivation. However, none of these could enhance drastically its stability. Indeed, the evolution mechanisms of the benchmark bifunctional catalyst made of Mo/HZSM-5 are still unclear, despite the new understandings brought by the group of Hensen. They provided additional data, complexity, and interpretation to the already large body of literature. Given the extreme high difficulty to accurately characterize the catalyst throughout its lifetime due to the harsh conditions and wide configuration of the involved actives species (molybdenum and carbon), it still remains grey areas surrounding each step of the MDA reaction.

The present PhD thesis manuscript is structured in five successive chapters with the aim to analyze, criticize, redefine, and give new insights on the active site(s) evolution throughout the catalyst lifetime, from its preparation to its deactivation.

Chapter I focuses first on a general overview of the current ecological, economic and societal challenges the world is facing and briefly detailed the roadmap toward sustainable future. Among the different possible leverages, the cut-off of methane flared emission is the easiest strategy to implement. It consists on using methane directly on-site and developing dedicated technologies for its upgrading. Consequently, a variety of methane chemical transformation were envisaged. Methane dehydroaromatization under non-oxidative conditions appears as the most promising direct route to reveal the potential of the untapped natural gas. Yet, the catalyst stability remains the main issue of this challenging reaction, which occurs in several steps. The rest of the chapter is dedicated to the comprehension of the involved mechanisms in each step and scrutinizes deeply the strengths and weakness of the process. Finally, it assesses the different ways to extend the catalyst lifetime.

From this state of the art critical analysis, the suitable operating conditions along with the characterizations challenges required by the MDA were identified to allow the establishment of an appropriate experimental protocol (Chapter II). The third chapter (Chapter III) corresponds to the work published in Appl. Catal. B, 2022, 309, 121274. DOI: 10.1016/j.apcatb.2022.121274. A kinetic study was carried out by adjusting substantially the reaction contact time. From this dual experimental/modelling investigation, comprehensive insights on why the MDA reaction takes place under such specific conditions were drawn.

Chapter IV (work published in Catal. Today. 2022, DOI: 10.1016/j.cattod.2022.06.001) investigated the importance of fine-tuning the balance between the two catalyst functions, namely metallic and acidic functions. More than thirty catalysts were tested, characterized before and after catalytic test allowing to determine the location, nature, quantification and impact of the molybdenum and carbon species on the catalytic activity and catalyst stability. From this study, three catalysts with various Mo loading were then selected for further investigations. Their respective constant evolution from the pre-treatment to the complete deactivation was assessed to reveal the different modes, kinetics and descriptors of the catalyst deactivation (Chapter V). It allows defining the stakes of the regeneration step Introduction This first chapter reviews the current state of the art. First, the ecological, social, and economic backgrounds are analyzed to highlight the worldwide challenges to address. Then, from these emerging issues, one of the solutions envisaged is the catalytic upgrading of methane with two main pathways briefly described. Finally, based on a critical state-of-theart review, a specific methane valorization known as methane dehydroaromatization is deeply investigated. Its strength and its weakness are sensibly scrutinized.

I. Climate change challenges I.1. Primary energy mix

Over the last century, the development of western societies has relied on abundant access to cheap fossil energy sources. 1 Energy consumption has more than quadrupled over the previous 50 years (Figure I-1.a). At the same time, the global population doubled to reach 7.7 billion people in 2020. 2 In 2020, the primary energy mix was significantly impacted by the Covid-19 outbreak, during which, for the first time since the Second World War armistice, a decline of 4.5% in the energy consumption was recorded. However, after the end of the pandemic, it returned to its usual level with an increase of 1.3% in 2021 compared to 2019. 3 Currently, more than 80% of the primary energy mix is composed of finite fossil resources (Figure I-1.b), of which extraction and consumption emit large amounts of greenhouse gases, the primary origin of global warming. 1 I.2. Roadmap toward a sustainable future I. 2

.a. Collective commitments

The recent ecological, political, and sanitary events combined with the scientists' wakeup calls have made partially emerged a collective awareness. Over the past decade, numerous international conferences have taken place to tackle this current situation. The Paris Conference of the Parties (COP 21) in 2015 has established itself as a milestone, where genuine ambitions to decarbonize the world have been raised (Figure I-2.a). An international treaty on climate change has been signed unanimously with the main aim of limiting global warming below 2 °C in 2100. Substantial efforts have also been envisaged to decrease this ceiling to 1.5 °C above the pre-industrial levels (Figure I-2.b). 4 Indeed, exceeding this value will lead to irreversible disruption of climate patterns (intense droughts, heavy precipitation, coastal and fluvial floating, ocean acidification) affecting global ecosystems and human wellbeing. 5 Following the recent COP 26 held in Glasgow, new pledges have been put on the table to reach these climate targets. In particular, a deep reduction of the other CO2-greenhouses gases by the end of the decade has been agreed upon. 6 In addition, more than forty countries (including the European Union, United States, Canada, Japan), accounting for more than 30% of the worldwide greenhouse gas emission, have committed to reach net zero emission target by 2050. "Net zero" means the greenhouse gas emission is equal to or lower than its removal from the atmosphere. China and Russia expect to reach this target by 2060. 7,8 Figure I-2: (a) Global emissions and (b) global median temperature rise as a function of the year according to different envisaged scenarii. Adapted from ref. 9 Different scenarii have been developed according to their targets based on the announced engagements. It clearly appears that despite the new ambitions to decarbonize the industry, meaningful efforts are still required. Indeed, the global median temperature has increased by 1.1 °C from the pre-industrial level. Abiding by the Glasgow pledges will enhance a rise up to 2.1 °C by 2100. In addition, this seems to be irreversible (Figure I-2.b). Only the NetZero scenario could limit global warming to 1.5 °C. However, to meet this target, countries have to reduce their emissions by at least 40% by the end of 2030 compared to 2010. 9 A worldwide consortium is absolutely necessary involving all the producers, consumers, companies, governments, and society.

I.2.b. Energy transition

The global population is set to gain more than 2 billion people in 2050, and along with improving living standards, energy consumption is intended to keep increasing in the following decades.

From all these considerations, a substantive question emerges: "how do we accommodate greenhouse gas emissions decreasing while the worldwide energy demand is still growing?" All future approaches should hinge on four priorities 9,10 : push to clean electrification, improve energy efficiency, cut off methane flared from fossil fuel operations, and circular economy. All these pillars for the low carbon industry require massive investments. Annual funding in energy supply and production is planned to exceed $1.5 trillion by 2035. 11 Figure I-3: Forecast world primary energy demand. Adapted from ref. 10 Figure I-3 represents the projected worldwide primary energy demand in the near future. Two scenarios have been envisaged. In both cases, the global demand is intended to increase and shift to lower carbon resources. The share of fossil sources is forecast to decline over the years and reaches 60% and 40% by 2050, according to the Glasgow pledges and the NetZero scenario, respectively. At issue, notable advancements in sustainable energy NetZero scenario b a development are expected to occur. As a result, their use will double or quadruple according to the planned scenario. 10 Despite the rapid development of clean energy, natural gas consumption still continues to grow by about 1% by 2050 in both scenarios. Natural gas is more sustainable than other fossil sources, even if it is not, strictly speaking, a clean energy. Indeed besides having a higher lower heating value than diesel (43 MJ kg -1 ) and coal (33.3 MJ kg -1 ), natural gas (50 MJ kg -1 ) technology for its combustion are more efficient than oil-fired utility boiler for fuel oil burn or spreader stoker for coal combustion. 12 Overall natural gas combustion allows emitting about 29% to 44% less CO2 per unit of energy than oil and coal. 13 Natural gas has emerged as a key transition resource to replace coal in the industry and power sector. 14 As a result, in June 2022, the European deputies approved the controversial "green" label granted by the European Commission for natural gas. 15 I.2.c. Natural gas on the worldwide front scene I.2.c.i. Properties

The non-anticipated revolution of unconventional gas extraction with the development of hydraulic fracturing has put natural gas at the heart of the interests. 16,17 The "shale"-gas extraction account for ̴ 50 % of the global proven natural gas resources, which have increased by 50% since the beginning of the century. In 2021, its volume was estimated to be 188 trillion cubic meters. 18 More than half of natural gas is dedicated to power supply since its use is more environmentally viable than coal due principally to its larger lower heating value. About a fourth is devoted as a feedstock for the production of chemicals, then in smaller proportion for transport and residential purposes. 19 Natural gas composition depends on its geographic situation, but methane remains the principal component with 70-98%, then lights alkanes (C2/C3) are found in small proportion, and impurities complete the mixture. 20,22 I.2.c.ii. Methane emission Among all the emitted greenhouse gases, methane accounts for 20% of global emissions. Its associated concentration continued to rise in the atmosphere achieving new records of annual averages of 1.86 ppm (Figure I-4.a). 23,24,25 Annually, worldwide methane emissions are approximated at 360 Mt. 26 Figure I-4: (a) methane concentration in the atmosphere and its share of its anthropogenic sources, (b) methane emissions from fossil fuels over the year according to the NetZero scenario. Adapted from ref. 24,25,26 Half of the worldwide methane emissions are from anthropogenic sources: agriculture (42%), the energy sector (36%), and waste (20%). Concerning the energy sector, each fossil source accounts for approximately the same proportion, i.e., 33% for coal, oil, and gas. 27,28 The methane emissions from fossil sources have increased steadily in the 21 st century (Figure I-4.b). They appear to be a near-term opportunity for climate measures since the strategies envisaged to reduce them are known. 26 The different strategies consist mostly in recovering the flared methane for direct onsite use as energy supply or chemical feedstock. 29 As an example, if captured, methane wasteful leaks in 2021 from fossil fuel operations represent the Europe gas natural consumption in the power sector annually. 26 More than a hundred countries responsible for 45 % of the worldwide methane emissions have signed the Global Methane Pledge submitted during COP 26. They agreed to reduce their emissions by 30% by 2030. 6 

I.2.c.iii.Transportation

Natural gas is produced in remote areas. More than half of the proven reserves are shared between Russia, Iran, Qatar, and the United States of America. 18 Distributing this resource in attractive areas imposes transportation facilities. Generally, two ways of transportation exist: circulating through gas pipelines or after being liquefied. The transportation method depends principally on the distance between the producer and the consumer. For a distance lower than 2000 km, the market drivers are more favorable for gas transportation through pipeline. If it exceeds 2000 km, liquefaction is preferred. 13,30 Transporting liquefied natural gas (LNG) requires different steps: purification to remove impurities (water, CO2, H2S, …), condensing below -162 °C, and further storage at atmospheric pressure in cryogenic tanks. The recovered LNG has a reduced volume of 1/600 compared to the gas phase allowing easier transportation and storage. Once distributed, the liquefied gas is regazified in the specialized infrastructure. 31,32 Figure I-5: LNG, gas natural pipeline trade, and load factor of the LNG capacity. Adjusted from ref. 18,33 Over the last decade, the LNG trade share has progressively increased, whereas the pipeline trade share has remained regular (Figure I-5). In the forecast horizon, this trend is expected to continue. 13,33,34 Indeed, pipeline deployment demands massive investments of up to 7 million USD, expanding in several countries from the downstream to the upstream. 35 The large demand for LNG also imposes disposing of the adapted facilities for its liquefaction, transportation, storage, and degasification, which investments are currently lacking. As a consequence, the LNG liquefaction capacity is set to decrease very quickly in the near future (Figure I-5). Additionally, the recent political events in Europe following Russia's invasion of Ukraine will likely accelerate this decline. Russia provides more than 30% of Europe's needs for natural gas through pipeline gas 3 , making Europe a premium consumer for LNG after its action to progressively liberate itself from this distribution way. However, Europe's need for LNG risks to outpace its degasification capacity in 2022. 33,36 Overall the share of natural transportation reaches about a quarter compared to 85% with oil transportation. 18 All these considerations show an extremely tight natural gas transportation market emphasizing thus the requirement for direct onsite consumption/transformation of the remaining abundant natural gas, which is principally used as power supply. 

d. Push up to clean electrification

A complementary role between renewable energy and natural gas is expected in the near future, especially for power generation of which demand is projected to double by 2050 (Figure I-6.a). In 2019, about 40% of electricity was generated by coal. This share is set to shrink in the coming year as the implementation of renewable energies will be deployed to replace this polluting source. 37 It should be noted that power generation depends on each country's geographical situation, policies, and technological costs. As an example, most of the OECD countries have agreed to decrease by 2050 their coal consumption for the electricity supply, whereas non-OECD are still reluctant to take the following measure. Only China has planned to reduce its coal share by almost half by 2050. 37 This boost in electricity demand results from transitions in different sectors. In the coming years, chemical companies are intensely working on the development of power to Xtechnologies, which consist to use directly electricity made with nuclear and renewables energies rather than fossil fuel combustion to generate it. 38 It is also a lever for action to shrink the methane linkages previously described. 27 The transport sector, which accounts for more than a quarter of global CO2 emissions, is also affected. 14 Today the share of electricity supplied to transportation is relatively small. However, with the progressive incorporation of electric light vehicles fleet, higher efficiency and lower price of the batteries, and clean H2-based fuel, the transport sector is undergoing drastic modifications. In addition, the recent ban by 2035 on internal combustion engine light vehicles taken by the European Commission in the frame of the European green deal has accelerated the expansion of transport electrification. 15 In the case of the NetZero scenario, the entire light vehicle fleet should be converted into electrification or H2-based fuels. The 10,37 heavier the vehicle (car or lorry), the less adapted for electrification and the more suitable for clean H2-based fuels. Regarding aviation and marine transportation, they rely on the development of biofuels, clean H2-based fuels, and, to a lesser extent, liquefied natural gas. 10 Renewable power and the electrification of transport appear to be the pillar of the decarbonization process.

II. Petrochemicals industry stakes II.1. Boom in petrochemicals demand

The development of biofuel incorporation, clean H2-based fuel, electrification of the vehicle fleet, higher efficiency of thermic engines, and urbanization have reduced the fuels demand lower than petrochemicals. Hence, the petrochemicals-to-fuels ratio has considerable increase over the last decade from 1 to 1.5 (Figure I-7). 39 As a consequence, the catalytic area, pillar of the petrochemical energy industry, has also undergone severe transitions to fulfill the new recent requirements. This field transition involves catalysis to address the evolving energy and chemical scenario, catalysis for a cleaner and sustainable future, and to address catalysis complexity. 40 Figure I-7: Market driver growth over the last decade. Adapted from ref. 39 

II.2. Building block molecules market

Petrochemicals are widely used in many aspects of your common lives: food (fertilizer, packaging), power generation (wind turbines, solar panels), transportation (tires, batteries), and home office (electronics, textiles). In addition, they are essential components for the energy transition. 41 The petrochemical industry is highly driven by the supply of the so-called "buildingblock molecules". Among them, methanol, ammonia, ethylene, propylene, butadiene, benzene, Year toluene, and mixed xylenes account for more than two-thirds of the final consumption. 42 The three latter aromatic compounds are collectively designated as BTX and contribute to 24% of the global chemicals market. 43 In 2018, their world production was approximately 110 Mt/yr emitting 258 Mt of CO2 to the atmosphere, corresponding to 56 million light vehicles. 41,44 Half of the BTX production is only devoted to benzene supply, a versatile chemical intermediate that produces a wide range of chemicals used in hundreds of applications. For example, more than 50% of the benzene is converted into polystyrene, principally needed for food containers (Figure I-8). 45 Figure I-8: Applications of the benzene in the manufacturing industry. Adapted from ref. 45 All sectors targeted by the final use of benzene are expected to expand in the forecast horizon. 46 Its demand is projected to reach 78 Mt/yr by 2030, growing at a steady rate of 3.8%. 43 

II.3. Aromatics production

The majority of benzene stemmed from major oil transformations in refineries. Briefly, the crude oil is distilled, separating the different fractions according to their boiling points. 47 The naphtha or diesel fractions can be fed to a steam cracker, which consists of the thermal pyrolysis of the saturated feedstock into unsaturated compounds in the presence of water. It yields pyrolysis gasoline with different selectivity according to the feedstock nature. 48 Naphtha is also possible to be submitted to the catalytic reforming reactor. It converts this fraction into rich aromatics liquids on platinum-tailored catalysts. The obtained mixture is called reformate. 49 Reformate and pyrolysis-gasoline (Py-gas) account for 37% and 36% of the global benzene production, respectively 46 , while hydrodealkylation of toluene (9%) and para-xylene coproduct (14%) participate for most of the remaining supply. 47 Various chemicals are mixed in these two sources. One can note the benzene proportion is five times higher in the py-gas source than in the reformate fraction (Table I-1). Since benzene is diluted into the two most available feedstocks, they need to be submitted to further purification steps. Indeed, downstream processes require highly purified benzene of ̴ 99.9%. In addition, new legislation have been undertaken on the permissive level of benzene in gasoline (< 1%) due to its carcinogen classification. 46 Schema I-1: General process for the production of benzene from crude oil. Schema I-1 represents the general process for the production of benzene. It consists of 4 principal steps: (i) transformation of the crude oil, (ii) aromatics extraction of the recovered fractions, namely pyrolysis gasoline or catalytic reformate, (iii) separation of each aromatic by distillation, and (iv) toluene dealkylation. 51 The key parameter of this process is the aromatics extraction from the nonaromatic impurities present in the crude feedstocks. Because the BTX boiling points are close to other paraffin species, two different technologies are usually envisaged by the different petrochemical companies: liquid/liquid extraction or extractive distillation: 52 -Liquid/liquid extraction relies on using of a selective solvent for aromatics. Its choice depends on its physicochemical properties: aromatics selectivity, polarity, density, and boiling point higher than the extraction fraction for further solvent recovery. After the liquid/liquid extraction, the fraction containing the aromatics-rich solvent is separated in the recovery column. The solvent is recycled and then re-sent to the extractor, whereas aromatics are washed with water and further distilled. 52 Large recovery of >99 % benzene and toluene, 97% of mixed xylenes, and 75-90% of A9 + is generally achieved. 52 The purified benzene, toluene, and mixed xylenes are separated after serial distillations. The mixed xylenes fraction and A9 + fractions can also undergo several other transformations to purify the different xylenes, or maximize the amount of benzene thanks to toluene disproportionation or dealkylation. 49 -Extractive distillation with similar solvents may also be used when the compounds have been first submitted to a pre-fractionation in a narrow boiling range. Then, adding a solvent will reduce the boiling point of the compounds soluble within the solvent and facilitate the distillation. This technique allows the separation of only one aromatic at a time and eliminates the three serial distillation columns. 46,50 The choice of the solvent and the extraction process is specific to each company. Today, refineries are primarily dedicated to maximize transportation fuel production, accounting for more than 50% of the final use. Only 12% of the crude oil is devoted to buildingblock molecules formation. 41 Since benzene appears as a co-product of crude oil major transformations in the refinery, its supply is driven by the demand for other primary products (gasoline, ethylene, paraxylenes). The different benzene sources (reformate, steam crackers, para-xylenes unit) make a market quite unstable and constantly evolving. 53 

II.4. Future of the aromatics

Based on an increase in petrochemicals/fuels demand ratio, industry decarbonization, peak oil consumption projected to take place in the coming years, and lighter crude feedstocks, companies turn to maximize BTX production on alternative processes and/or feedstocks.

II.4.a. Crude-to-chemicals

Petrochemicals availability on the market depends on the refining business. Lower fuels demand due to light transportation electrification means lower production of petrochemicals. To match the market evolution, the new crude oil refinery complexes are focused on petrochemicals and jet fuel production, whereas gasoline and diesel appear as indirect secondary products. 54 The emerging crude-to-chemicals technologies can provide integrative operations for chemical production, which is set to be boosted from 10% to 30-80% from a crude oil barrel. 55 Crude-to-chemicals technologies have different costs and conversion degrees according to the chosen refinery transformation:

-Using existing operations in conventional refineries with retrofitting of the fuels could increase the conversion to chemicals up to 60%. 56 -Modifying only one targeted process of the refinery by changing its experimental conditions, i.e., used catalyst, temperature, pressure,… to drive the production toward 40 % selective petrochemicals. 57 Mixing all these possible reconfigurations should allow gaining flexibility for petrochemicals availability reaching nearly 100% of crude oil conversion. 56 Despite the lack of its performance and economic knowledge, this emerging crude-tochemicals notion has gained momentum over the past few years due to the long-term growth of chemicals demand and the value rise of the downstream/chemicals chain due to the oil price drop in the last decade. 58 Today we can note the deployment of five dedicated complexes and a larger one expected in 2025 led by Aramco. It should be noted that such refinery transformations demand billions of USD in investment. 54,55,56,57,59 II. 4

.b. Lighter feedstocks

The shale-gas revolution has considerably impacted the energy landscape, lightening the steam cracker's chemical feedstock. 60 Figure I-9: Yield composition of the steam cracking according to different feedstocks. Adapted from ref. 61 Figure I-9 represents the mixture composition after steam cracking of different feedstocks. It appears that lighter feedstocks lead to an increase in ethylene production. As a result, the heavier sources for benzene production have significantly reduced due to the intense incorporation of new ethane steam crackers. Hence, the benzene formation is progressively shifting toward lighter feedstocks, considered as new opportunities to be converted into high-value chemicals.

E t h a n e P r o p a n e B u t a n e L i g h t n a p h t h a H e a v y n a p h t h a

The emergence of new processes and/or deployment of former existing ones appear to be attractive. 47 Among the latter, one can cite the Cyclar process commercialized by BP jointly with UOP. It allows converting low-value light petroleum gas (LPG), principally composed of propane, butane, and propylene, into BTX and hydrogen with a yield of 60 and 6 wt. % respectively. A gallium-supported zeolite is employed due to its affinity for dehydrogenation and aromatization reactions. 21 The LPG fraction results from refining petrol or directly from natural gas. With the drop in oil prices, this process has lost some of its principal interest, but simultaneously it has raised inspiration for direct natural gas conversion into petrochemicals using zeolite catalysts. 62,63 III. Natural gas catalytic upgrading Because most of the methane is used as power generation and transportation fuel, only a small fraction upgrades this abundant cheap resource into high-value petrochemical. Its high hydrogen/carbon ratio is not fully leveraged. Gas-to-liquids (GTL) technologies open the way for alternative catalytic valorization, converting methane into fuel/petrochemicals and unraveling the potential of the untapped natural gas. 64 

III.1. Challenge C-H activation

Methane is the smallest alkane, constituted of only one carbon bound to four hydrogen atoms. The activation of the C-H bond is one of the most important challenges of catalysis. Indeed, its high stability due to its thermodynamic properties makes methane difficult to activate. 65 Briefly, the symmetrical molecule presents the simplest tetrahedral geometry with an sp 3 hybridized C-H bond and a kinetic diameter of 3.8 Å. Methane has no dipole moment and small polarizability calculated to 2.84 × 10 -40 C 2 m 2 J -1 involving the requirement of a high local electric field to polarize and submit methane to nucleophilic or electrophilic attack. [START_REF] Amos | An Accurate Ab Initio Study of the Multipole Moments and Polarizabilities of Methane[END_REF] In addition, thermodynamic data reveal that methane features the energetically highest C-H bond dissociation energy (439.3 kJ mol -1 ) among all alkanes suggesting it is the least reactive one. [START_REF] Yu-Ran | Comprehensive Handbook of Chemical Bond Energies[END_REF] Its high pKa of 48 and low electron affinity of -1.9 eV make it also averse to proton and electron transfer. [START_REF] Zhan | Ionization Potential, Electron Affinity, Electronegativity, Hardness, and Electron Excitation Energy: Molecular Properties from Density Functional Theory Orbital Energies[END_REF][START_REF] Paganini | EPR Study of the Surface Basicity of Calcium Oxide. 2: The Interaction with Alkanes[END_REF] All these considerations imply methane needs to be transformed under operating harsh conditions. Conventionally, it exists two main pathways for methane catalytic upgrading: 65,[START_REF] Ismagilov | Direct Conversion of Methane on Mo /ZSM-5 Catalysts to Produce Benzene and Hydrogen : Achievements and Perspectives[END_REF] (i) Indirect route via the first step of synthesis gas (mixture of H2/CO) production, which is further used as a feedstock for a large range of high-added value chemicals.

(ii)

Direct route to chemicals without going through syngas intermediate

III.2. Indirect routes

The indirect routes involve the production of syngas intermediate by adding oxygen into the carbon. The chosen oxidant introduced into the methane feed will result in different H2/CO molar ratios. This first step is extremely energy demanding. Indeed thermodynamic data show it requires a temperature above 500°C to achieve at least a 50% yield of syngas. Moreover, adding oxidants leads to side reactions playing a pivotal role in syngas processes. [START_REF] Ahmad | CH4 Valorisation Reactions: A Comparative Thermodynamic Analysis and Their Limitations[END_REF] 

III.2.a. Syngas production

Two principal reforming processes for the conversion of methane to syngas are commercially available over Ni-based catalysts. [START_REF] Liu | Hydrogen and Syngas Production and Purification Technologies[END_REF] The steam reforming of methane (SRM) (Schema I-2 page 21, Eq. I-1,) is the primary industrial process to produce syngas and hydrogen due to the high H2/CO ratio. About half of the worldwide production comes from the SMR process. This highly endothermic reaction is industrially carried out under harsh conditions. [START_REF] Bhat | Process Intensification Aspects for Steam Methane Reforming: An Overview[END_REF] The second process being commercially developed is the partial oxidation of methane (POM) (Schema I-2, Eq. I-2), which yields syngas with the optimal H2/CO ratio for methanol synthesis and Fischer-Tropsch synthesis (FTS). Although the POM is an exothermic reaction, it also requires operating under high temperatures due to the appearance of side reactions. [START_REF] Ahmad | CH4 Valorisation Reactions: A Comparative Thermodynamic Analysis and Their Limitations[END_REF][START_REF] York | Brief Overview of the Partial Oxidation of Methane to Synthesis Gas[END_REF] Furthermore, the mixture O2/CH4 presents safety issues and is industrially hard to control, especially with the formation of hot spots and local overheating along the catalytic bed. [START_REF] Liu | Hydrogen and Syngas Production and Purification Technologies[END_REF] An alternative that is currently intensively investigated is the dry reforming of methane (DRM) (Schema I-2, Eq. I-3), which allows converting both of the most greenhouse gases into syngas with a lower H2/CO ratio. Despite the great hope offered by this attractive route, this endothermic reaction also needs to operate at high temperatures (800-1000 °C). This process suffers from high energetic costs and fast catalyst deactivation due to coke deposition and metal phase sintering, which hinder its industrialization. [START_REF] Fan | Catalytic Technology for Carbon Dioxide Reforming of Methane to Synthesis Gas[END_REF][START_REF] Jang | A Review on Dry Reforming of Methane in Aspect of Catalytic Properties[END_REF] It was shown for the three reactions, the sole kinetically relevant step was the activation of the first C-H bond with activation energies on Ni-catalysts of ~ 100 kj mol -1 . [START_REF] Wei | Isotopic and Kinetic Assessment of the Mechanism of Reactions of CH4 with CO2 or H2O to Form Synthesis Gas and Carbon on Nickel Catalysts[END_REF] 

III.2.b. Syngas valorization

Once the mixture of H2/CO is obtained, the added oxygen needs to be removed during the second step to produce the desired hydrocarbon mixture, which constitutes the most significant breakthrough in methane upgrading. Syngas can be directly converted via the well-known Fischer-Tropsch synthesis (FTS) or indirectly via the production of methanol as an intermediate. [START_REF] Bao | Significant Advances in C1 Catalysis: Highly Efficient Catalysts and Catalytic Reactions[END_REF] Currently, it exists two distinct FTS operating modes. Fe-based catalysts can be used to produce olefins under various operating conditions (H2/CO lower than 2, different pressures, and temperatures up to 350 °C). On the other hand, the Co-based catalysts require to operate under narrower ranges (H2/CO ~ 2, lower temperatures up to 240 °C) to produce long chain linear paraffins. [START_REF] Khodakov | Advances in the Development of Novel Cobalt Fischer-Tropsch Catalysts for Synthesis of Long-Chain Hydrocarbons and Clean Fuels[END_REF] Industrial methanol synthesis from syngas with a H2/CO molar ratio of 2 has been widely spread worldwide, with more than hundreds of plants operating with traditional Cu/ZnO/Al2O3 catalysts. [START_REF] Luk | Status and Prospects in Higher Alcohols Synthesis from Syngas[END_REF] Then, from the methanol, a wide range of chemicals are possible to obtain using different technologies: (i) Methanol-to-gasoline developed by Mobil over ZSM-5 zeolite 81 , (ii) Methanol-to-olefins over SAPO-34 zeolite leading to high selectivity toward light olefins thanks to its unique low acidity and small pore opening. [START_REF] Xu | Chapter Two -Advances in Catalysis for Methanol-to-Olefins Conversion[END_REF][START_REF] Gholami | Production of Light Olefins via Fischer-Tropsch Process Using Iron-Based Catalysts: A Review[END_REF] Analysis of the economics of these associated gas-to-liquids plant facilities states more than 60% of the capital investment comes from the syngas generation. [START_REF] Holmen | Direct Conversion of Methane to Fuels and Chemicals[END_REF][START_REF] Nesterenko | Direct Conversion of Methane: A New Insight into on Old Problem[END_REF] Therefore, the indirect route is only economically viable for abundant natural gas resources and seems not to be adapted to convert methane that is just flared from fossils fuel operations. 20 The direct route upgrading offers new advantages such as single-step synthesis toward highly selective desired products avoiding cost-effective methods for syngas generation and products separation, leading to potential development in remote and small sources of methane areas. [START_REF] Nesterenko | Direct Conversion of Methane: A New Insight into on Old Problem[END_REF] 

III.3. Direct routes

Typically, two routes exist for the direct catalytic upgrading of methane: (i) the oxidative direct route with pure oxygen addition leading to highly exothermic reactions and (ii) the non-oxidative highly endothermic. Only a few products can be achieved through direct routes. Among these are C2 hydrocarbons, aromatics (especially benzene), and oxygenate C1 compounds. [START_REF] Olivos-Suarez | Strategies for the Direct Catalytic Valorization of Methane Using Heterogeneous Catalysis: Challenges and Opportunities[END_REF] 

III.3.a. Oxidative routes

The most promising oxidative route that, over the last decades, attracted interest from both academia and industry is the oxidative coupling of methane (OCM) (Schema I-2, Eq. I-4), which converts methane into ethylene and higher hydrocarbons. This reaction consists in adding an oxidant, commonly oxygen, at various temperatures depending on the used catalyst. 65 Although significant studies have been devoted to the OCM reaction, keeping-up simultaneous high methane conversion and high selectivity is challenging. [START_REF] Zavyalova | Statistical Analysis of Past Catalytic Data on Oxidative Methane Coupling for New Insights into the Composition of High-Performance Catalysts[END_REF] Indeed, the selectivity problem arises from the thermodynamic limitations at high temperatures. Indeed, the intermediates and products of OCM are more reactive to oxidation than methane itself, leading to over-oxidized products such as COx, which is highly undesirable. 65 In addition, the high exothermicity of the reaction requires the development of an adapted reactor technology that can address the local overheating. The OCM challenge is thus twofold, requiring a highly selective catalyst and the design of a new reactor. [START_REF] Amghizar | New Trends in Olefin Production[END_REF] Recently, Siluria Technology has opened a new path to OCM commercialization with the innovative nanowire catalyst capable of operating at lower temperatures affording ~15 % steady yield of C2 hydrocarbons. [START_REF] Zurcher | Nanowire Catalysts and Methods for Their Use and Preparation[END_REF] However, the OCM reaction suffers from a direct comparison with the use of ethane crackers for ethylene production: CO2 per ton of ethylene, scalability… [START_REF] Nesterenko | Direct Conversion of Methane: A New Insight into on Old Problem[END_REF] Other marginal direct partial oxidative routes subsist in which methane is converted to C1 oxygenates, namely methanol or formaldehyde (Schema I-2, Eq. I-5, 6). However, selective oxidation is even more delicate since C1 oxygenates are more sensitive to oxidation than C2 hydrocarbons: C-H bond strength of 47 kJ mol -1 , 364 kJ mol -1 , and 427 kJ mol -1 for methanol, formaldehyde, and C2 hydrocarbons, respectively. [START_REF] Dean | s Handbook of Chemistry, Fifteenth Eiditon[END_REF] Thus, the afforded yields do not exceed 10 %. [START_REF] Kondratenko | Methane Conversion into Different Hydrocarbons or Oxygenates: Current Status and Future Perspectives in Catalyst Development and Reactor Operation[END_REF] 

III.3.b. Non-oxidative routes

To face the over-oxidative sensibility and high exothermic issues, non-oxidative methods were envisaged, which allow converting methane into valuable hydrocarbon without COx generation being more atom-efficient. However, thermodynamic limitations occur for the non-oxidative routes. The conversion of paraffins into aromatics is favored by increasing the chain length, and aromatic production is preferred compared to olefins. [START_REF] Scurrell | Prospects for the Direct Conversion of Light Alkanes to Petrochemicalfeedstocks and Liquid Fuels -a Review[END_REF][START_REF] Xu | Direct Conversion of Methane under Nonoxidative Conditions[END_REF] Among the various catalytic valorization of methane, methane dehydroaromatization (MDA) (Schema I-2, Eq. I-7) under non-oxidative conditions over bifunctional catalysts Mo/HZSM-5 has received great interests over the past three decades. This direct route allows decarbonizing methane into highly selective benzene (~70%) while simultaneously producing hydrogen, which offers great potential as a future energy resource. [START_REF] Ma | Recent Progress in Methane Dehydroaromatization: From Laboratory Curiosities to Promising Technology[END_REF] A recent breakthrough was achieved by the Dalian institute, which developed a singlesite catalyst (Fe/SiO2) capable of operating continuously for several days at more than 1000 °C. This new catalyst shifts the product selectivity towards ethylene (~50%) and is referred to as the non-oxidative coupling of methane (NOCM) (Schema I-2, Eq. I-8). [START_REF] Guo | Nonoxidative Conversion of Methane to Ethylene, Aromatics, and Hydrogen[END_REF] 

Indirect route Direct route

Oxidative

IV-Methane dehydroaromatization under non-oxidative conditions (MDA)

The direct activation of methane appears to be the key to the encountered issues. However, the high chemical stability of methane brings us back to reality. Methane dehydroaromatization under non-oxidative conditions has raised considerable interest from the scientific community due to its compliance with energy commitments. Yet, this promising pathway has still not been commercialized and is currently at the heart of the hope for direct catalytic upgrading of methane.

IV.1.Overview of the MDA

Methane dehydroaromatization over bifunctional catalysts Mo/HZSM-5 is highly selective in a single pass conversion into high-added value chemicals while simultaneously producing hydrogen as a clean energy vector. MDA yet faces two significant hurdles: (i) low activity, as the one-pass conversion into benzene is thermodynamically limited (~12% at 700 °C), and (ii) rapid catalyst deactivation (few hours), as coke formation catalyzed by Brønsted sites is kinetically favored. Numerous methods have been developed in the quest to mitigate deactivation. However, low catalytic stability still remains a major issue and is considered the main challenge to make the process sustainable. [START_REF] Kosinov | Selectivity, and Stability of Zeolite-Based Catalysts for Methane Dehydroaromatization[END_REF] Since the pioneering work reported by Wang et al. in 1993, a massive body of papers has been published. [START_REF] Wang | Dehydrogenation and Aromatization of Methane under Non-Oxidizing Conditions[END_REF] About 400 papers have been counted over the last three decades, including at least 10 reviews dealing with several hot topics of the MDA process. [START_REF] Nesterenko | Direct Conversion of Methane: A New Insight into on Old Problem[END_REF] Among them, one can cite the recent reviews published by Hensen et al. addressing the catalyst evolution throughout its lifetime, [START_REF] Kosinov | Selectivity, and Stability of Zeolite-Based Catalysts for Methane Dehydroaromatization[END_REF] and Vollmer et al. deeply investigated the relation between structure-activity, as well as the encountered characterization challenges. [START_REF] Vollmer | Progress in Developing a Structure-Activity Relationship for the Direct Aromatization of Methane[END_REF] Finally, Mintova et al. exposed the stakes of operating under such harsh conditions. 40 IV.1.a. Thermodynamic consideration: stakes of the MDA The severe endothermicity of the reaction requires operating under harsh conditions. Traditionally MDA is carried out at 700 °C leading only to 12 % of methane conversion. In addition, graphitic carbon and polyaromatic compounds are the thermodynamically favored products (Figure I-10.a). [START_REF] Kosinov | Selectivity, and Stability of Zeolite-Based Catalysts for Methane Dehydroaromatization[END_REF]100 The general chemical equation for unsubstituted linear polyaromatic compounds formation could be written as follow:

𝓍 CH 4 ⇄ C 𝓍 H 𝓍-2(n-1) + ( 3 2 𝓍 + n -1) H 2
With n the number of aromatic cycles in the final molecule. Operating under these specific harsh conditions could ensue critical damages such as amorphization, metal migration, and coke deposition reported as the main cause of the catalyst deactivation. 40 These challenges must be addressed, and only few catalysts can reach this low thermodynamic barrier.

IV.1.b. Catalyst specification

Shortly after the concept proof of MDA was evidenced, a large variety of catalytic systems was tested. In Table A-I.1, the most common catalysts used in the MDA, along with their preparation and MDA operating conditions were gathered, and their catalytic performances in terms of methane conversion, benzene, C2, and coke yields were exhibited.

For the sake of simplicity, Figure I-11 represents the methane conversion and benzene mass yield after 250-300 and 600 min from different catalysts tested in the literature. First, it appears clearly that the most investigated catalyst is Mo/HZSM-5. More than 60% of the current literature reports the use of Mo/HZSM-5 for the MDA reaction. [START_REF] Nesterenko | Direct Conversion of Methane: A New Insight into on Old Problem[END_REF] Although several other transition metals are catalytically active, molybdenum remains the most suitable to yield benzene in large proportion. Indeed, iron is less active than molybdenum on the same support and needs to operate at higher temperatures, whereas tungsten was also envisaged due to its similar properties with molybdenum (Figure I-11). 101,102 Secondly, neither smaller 8-ring zeolites (SAPO-34) nor large 12-ring zeolites (HY, HMOR) display high activity. The latter deactivated rapidly due to coke deposition, while SAPO-34 was highly selective towards ethylene due to its pore opening of only 3.8 Å. 103 Only the 10-ring zeolites (TNU-9, MCM-22, ZSM-5…) were more catalytically active and could reach the low thermodynamic equilibrium. Zeolites presenting additional 12-ring cavities, such as TNU-9, seem to be more selective in benzene than classical ZSM-5. [START_REF] Vollmer | Progress in Developing a Structure-Activity Relationship for the Direct Aromatization of Methane[END_REF] Thirdly, this histogram is a fair indicator of the deactivation behavior of the catalyst. Despite the variety of the catalysts studied, they all seem to deactivate once the reaction is carried out, as shown by the decrease of methane conversion and benzene yield from 100 min (black columns) to 300-600 min (red columns). From Figure I-11.a, it can be evaluated that a median loss of catalytic activity of 50% in 600 min. It seems benzene yield is more resistant to the catalyst deactivation with a loss of ~20-30% from its initial formation rate.

Recently innovative catalysts supported on Mxene 104 and sulfated zirconia 105 were also envisaged. Unfortunately, despite their decent catalytic activity, they still deactivate. Among all the catalytic systems, only the recent single-site concept proposed by Guo et al. with Fe@SiO2 95 , Xie et al. over Pt@CeO2 106 , and Mintova et al. 107 over Mo@HZSM-5 has presented stable catalytic activity. However, they operate at higher temperatures and yield ethylene preferentially.

The Mo/HZSM-5 and Mo/HMCM-22 catalysts are the best compromises between catalytic activity, benzene selectivity, fast deactivation, "low" temperature, and facility of use.

Historically, Mo/HMCM-22 (MWW topology) and Mo/HZSM-5 (MFI topology) have emerged as ideal catalysts for the MDA reaction. Due to its great chemical, and thermal stability, the latter has been considered the benchmark catalyst. Its 10-ring zeolites provide unique crystalline microporous aluminosilicates structures with pore openings similar to benzene kinetic diameter (5.8 Å).

The MFI framework type comprises pentasil units linked together by oxygen bridges to form pentasil chains. The periodic rearrangement of these pentasil chains builds up the zeolite structure. Its framework is characterized by straight (5.3 * 5.6 Å) and sinusoidal (5.1*5.5 Å) 10 channels along the b-axis and a-axis, respectively. They are interconnected to form a 3D channel system (Figure I-12.a). 108 Regarding the MWW framework type, it possesses three pore systems: 10 rings sinusoidal channels (4.0 * 5.9 Å ), two-dimensional 10-membered ring sinusoidal channels Besides the topological properties of the ZSM-5 zeolite, its composition and, more precisely, the silicon-to-aluminum (Si/Al) ratio is of great importance. Indeed, the substitution of one Si(+IV) by one Al(+III) cation leads to the formation of a Brønsted acid site (BAS) since a proton is required to compensate for the charge reduction from +IV to +III of the cation. As a result, the lower the Si/Al ratio, the higher the BAS concentration. Yet, the aluminum incorporation inside the zeolite framework is not perfectly uniform and corresponds to a wide diversity of position and distributions. Controling the spatial location at distinct crystallographic tetrahedral sites (sitting), the local coordination (speciation) of aluminum framework and/or extraframework, or the mesoscopic gradient intensity in acid site density (Al distribution) has raised considerable interest due to their impact on the catalytic properties. 111,112 Concerning the Al sitting, the local arrangement of the aluminum framework is divided into Al "proximate" and Al "isolated". Their difference comes from their proximity in the framework. One or two Si neighbors separate Al "pairs" from the same ring ( The Si/Al molar ratio directly gives the global concentration of the Brønsted sites. This parameter drastically impacts the catalytic performance. Although the low activity obtained with silicalite, aluminosilicates MFI are significantly more active. 114 The higher the acidity, the lower Si/Al, the better the recovered yield of benzene. 115,116 The zeolite acidity has been revealed to provide an anchoring point for high dispersion of the metal added to the support. 117 From that, numerous different catalyst preparation technics were carried out: incipient wetness impregnation, mechanical mixing, ultrasoundassisted ion exchange, and chemical vapor deposition (CVD). However, they all show similar benzene yield and deactivation rates (Table A-I.1). 118,119,120 Only specific preparation, such as supercritical solvothermal synthesis, could slightly increase the benzene yield by 40%. 121 The catalytic performances seem not to depend on the preparation of the catalyst. 122 At issue, the molybdenum moieties deposited on the protonic zeolite are not the active sites of the MDA and serve only as active site precursors. Indeed, this reaction has a specific catalytic behavior, in which the active species for benzene production are formed in situ after being carburized, i.e., reduced into carbidic species once submitted under a methane flow. From that, the catalyst inexorably evolves through successive steps synonym of catalytic ambiguity.

Al-O-(Si-O)x- Al), x =1, 2),
IV.2. Catalyst evolution: from the cradle to the grave It was established that the MDA process occurs through three consecutive steps: 123,124 (i) activation where no aromatic production is observed corresponding to the reduction of the active sites precursors 125,126 , (ii) the latter converts methane to olefin intermediates initiating aromatic formation during the induction step 124,127 , (iii) once the catalyst achieves is operational activity, it begins to deactivate 128,129 (Figure I-14). Prior to activation, the catalyst is prepared. If included in the overall process, this stage can be denoted as step 0. As it seems that the molybdenum incorporation technology does not significantly impact the catalytic performance, incipient wetness impregnation with commonly ammonium heptamolybdate tetrahydrate (AHM: (NH4)6Mo7O24) has been retained as the principal catalyst preparation due to its high solubility in water. In the aqueous solution, the molybdenum speciation depends on the concentration and the pH of the aqueous solution. Different anions, such as MoO4 2-, Mo7O24 6-, etc…, could be identified. 130 Their high volumes (7.9 Å/11.9 Å for Mo7O24 6-) impede their diffusion inside the zeolite channels. 131 Hence, the molybdenum is only deposited at the external surface, and its migration is only made possible during the crucial calcination step under air.

Paired Al

As the temperature increases from room temperature to ~ 350°C, small crystallites of MoO3 (Mo-O=1.725 Å 132 ) and suboxide species (likely MoO2OH) are formed that can progressively diffuse inside the zeolite channels once the calcination temperature reaches 500 °C. 133,134 These mobile species finally anchor mainly on Brønsted acid sites inside the zeolite channel. Undoubtedly, zeolite acidity promotes high dispersion of the molybdenum oxide moieties.

Over the years, different anchoring modes and molybdenum locations were proposed: molybdenum bidentate species anchored on paired aluminum as mono ([MoO2] 2+ ) (Specie II) or dimeric oxo-molybdate ([Mo2O5] 2+ ) (Specie I). 117 The possibility of molybdenum oxide moieties anchored on Al isolated site has also been revealed (Specie III). 120,134 The state of Mo-oxo precursors appears to depend on the Mo/Al balance. Tessonier et al. were the first to report at low Si/Al (high acidity), the molybdenum preferentially anchors as monomeric species. Whereas at higher Si/Al molar ratio (lower acidity), the distance between BAS is too high to allow the formation of monomeric species bridged to two aluminum. They will condense to bridge this gap, leading to dimeric oxo-molybdate species (Schema I-3). Once the maximum capacity of exchange is reached, the number of acid sites is no longer available. The remaining molybdenum oxide is deposited at the external zeolite surface as MoO3 (Specie VIII) or can also anchor to external silanol sites. By analogy to the Al sitting, several oxo-molybdate species anchored to the external silanol are also possible to established (Species IV-V-VI). 137 Among the latter, one can mention the molybdenum directly incorporated inside the zeolite framework from the healing of the silanol nests. This species are considered the key center of the single-site concept (Specie VII). 138 It has been well established that the higher the molybdenum amount, the more likely the remaining MoO3 (Specie VIII) interact with the aluminum framework, which induce its extraction to form undesirable extraframework Anderson-type aluminum polymolybdates (Al(OH)6Mo6O18) or alumino-molybdate (Al2MoO4)3. Such species are highly undesirable, leading to crystallinity loss and poor catalytic performance. 139,140,141 The calcination temperature is important to be controlled to avoid the formation of such species. Indeed, Tan et al. determined that the calcination temperature should be between 500 °C and 700 °C for highly dispersing the molybdenum inside the zeolite channel. Above 700°C, damage to the zeolite crystallinity can be caused by the formation of Al2MoO4. 142 Hensen et al. have shown extraction of aluminum from the zeolite framework could also occur even at lower calcination temperatures (> 550 °C) and low molybdenum content (Mo > 3%). The higher the amount of impregnated molybdenum and the higher the catalyst acidity, the more sensitive to the calcination temperature the catalyst appeared. 143 A new parameter is defined from all these considerations: the Mo/Al molar ratio, which represents the amount of molybdenum per amount of Brønsted acid sites. Once the Schema I-3: Principal anchoring mode between MoOx species and BrØnsted acid sites or silanol during the calcination step. Mo/Al molar ratio exceeds the maximum capacity of exchange, i.e., the number of pair aluminum, molybdenum starts to be deposited at the external surface.

Once the catalyst is synthesized, the reaction is carried out. The step of activation is necessary to initiate aromatic production and carbon species deposition.

IV.2.b. Activation step: childhood (step 1)

Despite the various reported oxo-molybdate species anchored inside the zeolite channels, they do not seem to play a decisive role in the catalytic performance. Similar conversion, benzene yields and deactivation rates were afforded in several reports despite the state of the molybdenum moieties. 120,135 At issue, the poly oxo-molybdate species are only the precursors of the active sites and need to be reduced during the so-called activation step. It corresponds to the carburization of the oxo-molybdate moieties once exposed to the methane flow, during which methane is consumed, emitting large amount of CO, CO2, H2, and H2O, leading to the formation of the reduced molybdenum centers. 125,126 A lack of consensus arises concerning the exact nature of molybdenum active sites. Due to the harsh conditions and the broadened signals of spectroscopic technics, these species are considerably complex to characterize. [START_REF] Vollmer | Progress in Developing a Structure-Activity Relationship for the Direct Aromatization of Methane[END_REF] Hence, a large variety of molybdenum reduced centers such as α-Mo2C1-x 144 , β-Mo2C 145,146 , MoOxCy 123,147 , partially reduced MoO3-x 148 , carbene-like species 149 , large clusters of MoCx 126,137 , and metallic Mo 150 were reported as possible active species.

As for the oxo-molybdate moieties, they are possibly formed as monomeric, dimeric anchored on proximate, isolated aluminum and/or external silanol. According to density functional theory calculation, these reduced molybdenum centers seem to be more stabilized by proximate Al framework (Schema I-4). 137 Schema I-4: Principal proposed reduced molybdenum moieties after the carburization of the MoOx species. These species are formed once submitted to a reductive flow. It is noteworthy that according to the nature of the flow, temperature, and duration of the carburization step, the Mo/Al ratio of the catalyst, the resulting reduced centers as long as their catalytic performance will be impacted (Table A-I.1).

For instance, the temperature is an important parameter to tune carefully. Pretreatment with dihydrogen at a high temperature (750 °C) leads to the formation of hcp β-Mo2C carbide. However, the same pre-treatment at a lower temperature (350 °C) induces a topological transformation into fcc metastable α-MoC1-x carbide. The latter presented extremely high stability. 144 Additionally, an adequate pre-treatment temperature allows for increasing the dispersion of the molybdenum species remaining at the external surface after the calcination step. 151 From all of the reported species, two principal groups of reduced molybdenum moieties after the activation step could be distinguished: partially reduced oxy-carbides species [MoOXCY] n+ and molybdenum carbides MoCX.

Early investigations showed Mo2C molybdenum carbide was formed during the reaction, and legitimacy proposed it as active species. 145,146 The Mo2C specie has been clearly identified to be deposited at the external surface after sintering of the molybdenum anchored species or directly from carburization of the MoO3 already present on the zeolite surface. 123,147 However, by impregnating only Mo2C on HZSM-5 zeolite, the catalyst presented very poor catalytic activity, indicating Mo2C is not the active species in the MDA. 153 Only a mixture of co-existing Mo2C and partially reduced Mo species could activate the catalyst, which has been proposed for the first time by Ma et al. 148 Since then, the formation of [MoOXCY] n+ has made its way to be rightfully considered as a possible active species.

Although Iglesia et al. proposed that dispersed MoCx clusters (~ 0.6 nm) inside the zeolite channel might be involved in the breaking of the first C-H bond 126 , the successive investigations by Liu et al. 154 and Lezcano-González et al. 147,155 have reinforced the presence of metastable [MoOxCy] n+ as the active species. With the help of respectively ex-situ EPR and operando spectroscopy, they found an oxidation state between (+IV) and (+VI), suggesting the initially dispersed oxo-molybdate species anchored on the BAS are partially reduced into oxy-carbide moieties. These findings were supported by Vollmer et al. using CO carburization of the fresh sample and DFT modeling. It appears CO carburization is a useful tool to characterize the activated catalyst since it results in a coke-free sample allowing clear spectra acquisition. 123 From that, they could draw a possible pathway from dimeric oxo-molybdate species anchored to proximate Al to its associated molybdenum oxo-carbide moieties with CH4 as carburizing agent (Schema I-5). It was established that carburization with methane is endothermic, with a kinetically limited step corresponding to the removal of the first oxygen. Schema I-5: Proposed pathway of the formation of molybdenum oxy-carbide during CH4 carburization. The energies are calculated in kJ mol -1 . Recopied from ref. 123 With the development of increasingly sensitive characterization technics coupled with DFT calculation, major advances in understanding the involved molybdenum species have been realized. However, it still remains debate on their exact nature and their participation in the reaction mechanism.

IV.2.c. Induction step: adult life (step 2)

Once the catalyst has been activated and the relevant active sites formed, they initiate the formation of intermediate olefins that produce the aromatics. For years, this two-step mechanism was proposed with ethylene as the principal reaction intermediate due to its selectivity increase throughout the reaction lifetime. The C-H breaking occurs on the Mo active sites leading to CHX fragments that further couple to ethylene. The latter reacts on BAS to produce the desired aromatics leading to a bifunctional mechanism (Schema I-6.a) . 145,152,156 The establishment of the HCP takes place during the induction step. Its building up requires the presence of metallic and acidic function. A few months ago, a breakthrough was achieved by Gao et al., who enlighten the importance of closeness between both functions. 159 For the first time, they identified organic molecules trapped on the BAS near Mo active sites. Hence, the Brønsted acid sites need to be associated near molybdenum anchored species to achieve the optimal catalytic activity.

The host-guest interaction between trapped organic molecules inside inorganic solids is getting more and more attention in the MDA as the recent hydrocarbon pool-like pathway seems to satisfy the observed catalytic behavior. Despite the lack of consensus on the reaction mechanism, the catalyst starts to deactivate once it has reached its operational activity. Rather by ethylene polyaromatization or HCP growth.

IV.2.d. Catalyst deactivation: old-age (step 3)

The benchmark Mo/HZSM-5 catalyst suffers from solid carbon deposition (coke) occurring during the MDA reaction at a selectivity from 10 to 50%. 123,125,161,176 The accumulation of coke deposits increases with time on stream. High reaction temperature and faster contact time also favor heavy carbon formation. 162 Carefully quantifying and characterizing coke species is crucial to understanding the deactivation mechanism.

For that purpose, the most common technic employed is thermogravimetric analysis (TGA/TDA) coupled with temperature-programmed oxidation (TPO). Historically, it allows to discriminate three types of carbonaceous deposits: (i) oxidation of the molybdenum carbides burning between 400 and 450 °C (not strictly speaking considered as coke species), (ii) carbon species burning around 450 and 500 °C, historically denoted as "soft" coke and (iii) finally, coke oxidizing at temperatures higher than 500 °C referring as "hard" coke species (Figure I-15). 163,164 Figure I-15: CO2, CO and H2O profiles recorded in the TPO measurement of a spent sample recovered after a test of 40 min at 1073 K. Adapted from ref. 163 Generally, the thermal analysis is coupled with spectroscopic or adsorption characterization technics to provide information on coke species localization and nature. Most studies considered "soft" and "hard" cokes separately, whose discrimination name comes only from their different oxidation temperatures. 'Hard" coke is more recalcitrant to oxidation than "soft "coke species.

For years, unraveling the mystery surrounding the coke species properties has raised considerable interest, and numerous suggestions have been proposed. IV.2.d.i. Insight into "soft" coke species Due to its lower combustion temperature, "soft" coke species are believed to be located either on the external surface of the zeolite crystals, where oxygen access is not limited by diffusion, and/or close to molybdenum sites able to catalyze the coke oxidation. 127,139 Raman and XPS spectroscopy reported the "soft" coke species as graphitic-like carbon structures. 164,165,166 This graphitic structure seems to be formed through the thermocatalytic scission of methane on the external surface near Mo sites. 163,167 The impact of "soft" coke species is extremely delicate to assess. Indeed, no direct correlation regarding its quantification has been yet established. One can mention the recent paper by Kosinov et al. in which the fraction of "soft" coke is proportional to the Mo loading. 127 However, by taking into account several papers, the "soft" coke content seems to be independent of the Mo/Al molar ratio (Figure I-16.a). Nonetheless, it was demonstrated that "soft" coke amount is directly related to the external surface area of mesoporous catalysts obtained by delisilication or swelling of the parent protonic zeolite (Figure I-16.b). 168,169 Figure I-16: "Soft" coke content recovered in Mo/ZSHM-5 catalysts as a function of the Mo/Al molar ratio after the MDA reaction. The data were taken at 10 hours, 700 °C, and GHSV of 1500 ml gcat -1 h -1 . Data are taken from black: ref 166 , blue: ref 165 , green: ref 170 , red: ref 171 (TOS = 5 hours, T = 725 °C and GHSV = 1050 ml gcat -1 h -1 ), yellow: ref 168 (TOS = 12 hours) and purple: ref. 169 In addition, recent findings show molybdenum active species anchored on the Brønsted acid sites inside the zeolite channel detach from their grafting sites under the form of MoC3 during the reaction and sinter toward the external zeolite surface, creating large Mo2C clusters. 147,168,172 At least 70% of the initially dispersed Mo precursors for active sites migrate to the external surface also contributing to the catalyst deactivation. 173 Besides this negative impact, the resulting Mo2C clusters seem to favor "soft" coke deposition adding some difficulty to the investigated system. 128 In particular, it was proposed that aromatic compounds were associated with Mo2C bigger nanoparticles remaining at the external surface.

Hence, molybdenum carbides and Brønsted acid sites at the external promote the growth of the "soft" coke species. When the time on stream increases, it progressively accumulates, recovering the external surface and molybdenum sites leading to pore blocking and loss of catalytic activity. 128,164 Concerning "hard" coke species, a more general agreement arises from the scientific community. This carbon deposit is believed to be constituted of polyaromatic compounds trapped within the zeolite channel. 164,167 The low oxygen accessibility inside the zeolite micropore leads to higher combustion temperatures. 128,163 Heavy polyaromatics formation comes from the polycondensation of benzene and ethylene on the Brønsted acid sites 167 and/or through radical condensation of the HCP 124 inside the zeolite micropores. Hence, despite a positive impact on the molybdenum dispersion and building-up of the HCP, a high amount of remaining free Brønsted acid sites (i.e., low Mo/Al molar ratio) also promotes the formation of "hard" coke species (Figure I-17).

As the polyaromatics grow with increasing time on stream, it slowly covers the remaining Brønsted acid sites. It starts blocking the access to molybdenum active sites inside the zeolite channel. Hence, the two needed functions for catalytic activity are no longer available, resulting in progressive deactivation. The accumulation of "hard" coke species fills the porous zeolite network, which results in a zeolite templated carbon-like structure (ZTC). 127 Figure I-17: "Hard" coke content recovered in Mo/ZSHM-5 catalysts as a function of the Mo/Al molar ration after the MDA reaction. The data were taken at 10 hours, 700 °C and GHSV of 1500 ml gcat -1 h -1 . Data are taken from black: ref 166 , blue: ref 165 , green: ref 170 , red: ref 171 (TOS = 5 hours, T = 725 °C and GHSV = 1050 ml gcat -1 h -1 ).

Most studies reported "hard" coke to account for the higher proportion of total coke weight deposited on the catalyst ( Recently, based on both ex-situ and in-situ characterization technics, Hensen et al. revisited the previously proposed approaches. First, they suggested that "soft" and "hard" coke species present the same chemical structure with sp 2 -hybridized C atoms bonds. 127 Secondly, they raised the possibility that "hard" coke species are also deposited on the external surface. Due to the large thin layer of carbon species surrounding the zeolite crystal after the reaction, it is more resistant to combustion. 174 
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In addition, the passivation of the external zeolite surface by silylation change the coke type proportion. Indeed, once the external Brønsted acid sites have been removed, the "soft" coke species are formed preferentially at the expense of the "hard" coke. Therefore, it can be considered that "hard" coke species are also formed on the external surface. 168,170 All these considerations underline the complexity of the deactivation mechanisms involved in the MDA reaction. The denomination "soft" and "hard" coke is kind of "discriminatory", suggesting one is more detrimental to MDA activity than the other, which can mislead the different interpretations. As explained, this distinction comes only from their ability to be oxidized. Besides, the temperature of coke combustion depends on several parameters such as zeolite acidity, crystal size, coke, metal content, and thermogravimetric analysis conditions… Their respective impacts remain to be clearly established. At issue, the spent catalyst characterization requires extremely sensitive operando spectroscopic technics. [START_REF] Vollmer | Progress in Developing a Structure-Activity Relationship for the Direct Aromatization of Methane[END_REF] The new hydrocarbon-pool pathway mechanism shuffles the deck on the catalytic impact of the coke species. Some of the coke species seem to be crucial for the catalytic activity, and the ambiguous discrimination between deactivating, activating, and spectators coke species, is still to be clarified. Elucidating the formation, localization, chemical nature, and real impact on the catalytic activity of the coke species is considered to be the holy grail of the MDA reaction.

One thing is sure, the catalyst deactivates through indirect irreversible deactivation during the catalyst preparation (extraction of aluminum framework) and direct reversible deactivation due to carbon deposition and carbide migration once the reaction is launched.

IV.3. Improving the catalytic activity: extend the lifetime Numerous methods have been developed in the quest to mitigate the deactivation and extend the catalyst lifetime based on new chemical engineering processes (dihydrogen permeable membrane 175 , O2 pulses 176 , …), catalyst preparation strategies (hierarchical zeolites 168 : dealumination, desilycation, templating approaches, etc…), and optimization of the operating conditions (co-reactants: CO, CO2, H2,…). Some of the most promising methods to improve catalyst stability are reviewed in the following section.

IV.3.a. Reversible deactivation mitigation IV.3.a.i. Addition of promoters One of the most investigated approaches to limit coke deposition is the promoter incorporation to prepare a bi/multi-metallic catalyst. Tens of dopants were co-impregnated on the benchmark catalyst (Mo/HZSM-5) in different proportions revealing them to be stability improvers. [START_REF] Ma | Recent Progress in Methane Dehydroaromatization: From Laboratory Curiosities to Promising Technology[END_REF] The excellent review from Menon et al. resumes the impact on the catalytic stability of each additive acutely. 157 Briefly, they separated into three different groups, each dopant according to their impact on the catalytic performance. Among these, one can mention noble metal additives (Pt, Ru, Ir…) that favor hydrogenation of the coke deposit by the autogenous or co-feed hydrogen, especially the Pt/Sn additive. 177 However, despite the moderate stability gain, the catalysts eventually deactivate completely. Adding a promoter also increases the complexity of the catalytic system already misunderstood. In particular, the second metal addition confers unknown interactions with the molybdenum active site species. 157 IV.3.a.ii. Co-feeding An easy and affordable way to enhance the catalyst stability is to add a co-reactant inside the pure methane flow, such as H2O and CO2 already present under small proportion (from a few ppm to ~10%mol) and H2 as impurities in natural gas. 35 To assess the impact of each reactant co-feeding on the benzene formation, its associating yield gain is given according to Eq. I- Most data were recorded at temperatures between 700 and 750 °C and at a given time on stream of 5 hours.

CO addition was one of the first co-courant envisaged and intensively investigated. A wide range of CO concentrations evolving from 1 to 12 vol% has been applied to the reference system. CO addition positively impacts the benzene formation rate irrespective of its volumetric proportion (Figure I-18). A constant 30% stability improvement could be achieved. At the end of the reaction, a lower coke amount was recovered on the spent catalysts submitted of the CO co-feeding.

At issue, CO is dissociated on the molybdenum active sites to form O and C single atoms that react with coke species and hydrogen, respectively. Thus CO addition has a twofold role: (i) it removes the carbon species deposited near the Mo site, and CO is regenerated, (ii) the formation of CHx species promotes hydrogen consumption and shifts the thermodynamic equilibrium toward aromatic compounds. Hence, carbon monoxide acts as a co-catalyst impacting the coke nearby molybdenum sites preferentially.

Adding a second metal that promotes CO dissociation while avoiding methane thermocatalytic scission might enhance catalyst stability significantly. Cobalt and iron, traditionally used in Fischer Tropsch synthesis, were already considered under CO cofeeding, allowing an improvement of the catalyst lifetime by 10. 178,179 Figure I-18: Impact of the CO co-feeding on the benzene yield obtained after 300 min. Data were taken from:

ref 178 , ref 179 , ref 181 , ref 139 .

Previous studies on using H2-permeable membranes to increase methane conversion showed that hydrogen removal results in a faster deactivation rate and higher coke amount despite the higher achieved activity. 175 For that purpose, it was also envisaged as a possible positive co-reactant. It can be clearly seen that adding a small amount of hydrogen (< 3%) inside the methane flow enhances half the benzene formation rate after 5 hours of reaction. 182 As expected, hydrogen addition reduces the amount of coke recovered on the spent catalyst, notably the "hard" coke species. 163,183 However, at higher volumetric proportions (> 3%), hydrogen has a negative impact. The higher the hydrogen partial pressure, the lower the benzene formation. Indeed, it should be here reminded hydrogen is a primary product of the MDA reaction. Thus, increasing H2 concentration lowers the coke deposition but also has the substantial drawback of shifting the thermodynamic equilibrium toward the methane side, which reduces the catalytic activity. 163 To resume, hydrogen addition decreases both catalytic activity and deactivation rate. The right balance is thus to be founded to enhance the overall catalyst performance. The impact of water addition was studied at atmospheric pressure (from 0.8 to 10.7 vol% H2O) 139 and 0.3 MPa (from 0.6 to 2.6 vol% H2O). 182,185 The benzene yield gain was reported in Figure I-20.

It can be deduced water addition increases the afforded benzene yield to some extent. Indeed, an improvement of half was noticed at a partial pressure of ~ 0.02. However, a sudden drop is observed once the volumetric proportion exceeds a specific value: 2.6 vol% at 0.3 MPa 192 and 10.7 vol% at 0.1 MPa. 139 The benefit of using water in the feed is twofold. First, it reduced the coke deposition through the steam reforming of methane (Eq. I-1) in parallel to MDA. 139 The production of extra CO and H2 facilitates the removal of the coke species, as described in the previous sections. Secondly, water can also react directly with the carbide species, partially re-oxidizing. Thus, the migration of molybdenum carbide and the formation of large clusters is mitigated. However, at larger volumetric proportions, water prevents the carburization of the oxo-molybdate species, inhibiting active species formation. Hence, no catalytic activity is noticed. Steaming is also known to promote the dealumination of the zeolite crystal leading to extraframework species (i.e., irreversible deactivation). 182,185 Besides being found in natural gas, using CO2 as a co-reactant has evident ecologic advantages. As for the CO addition, the CO2 influence was investigated at adjusted concentrations between 1% and 12 vol %. Figure I-21 exhibits the impact of the CO2 addition in different volumetric proportions on the benzene formation rate after 300 min. It appears adding a tiny amount (< 1.6 vol %) could slightly enhance benzene production. However, once this ideal value is exceeded, it detrimentally impacts the catalytic performances until it reaches zero activity for volumetric porportions higher than 10 vol%. 178,179,186 At CO2/CH4 low volumetric ratio, CO2 acts similarly to H2O, partially re-oxidizing the molybdenum carbide. In addition, it allows the removal of coke deposition through the Boudouard reaction (Eq. I-12), producing an extra amount of CO.

𝐶 (𝑠) + 𝐶𝑂 2(𝑔) ⇄ 2 𝐶𝑂 𝑔

Eq. I-12 At concentrations above 5% vol, the side reaction of dry reforming of methane occurs (Schema I-2 Eq. I-3). The formed syngas mixture hampers the aromatics production, especially due to hydrogen shifting the thermodynamic equilibrium towards the reactants. 186 Once the volumetric proportion reaches 10 vol %, CO2 inhibits the formation of reduced molybdenum active species. 179,187 Table I-2: Recap on the impact of the different co-feed reactants on the MDA reaction. ) gain

Volumetric proportion (%) CO 2 co-feeding

Positive impact

Negative impact

The impact of each co-feeding is summarized in Table I-2. Globally, the addition of a co-reactant could enhance the catalyst stability to a certain point. Regarding oxidant cofeeding, there is a delicate concentration balance, leading to coke combustion or molybdenum carbide inhibtion and zeolite irreversible damage.

However, despite stability improvements reported, the catalysts here also eventually deactivate. Once the catalyst is reversibly deactivated, it can be regenerated.

IV.3.b. Catalyst regeneration

The loss of catalytic activity throughout the MDA reaction is principally due to carbon deposition, which is possible to remove upon a regeneration step. An adapted regeneration stage has to be developed based on the coke species properties (amount, nature, localization…), allowing to restore the initial activity of the catalysts. This step appears to be as important as understanding the deactivation mechanism itself. 188 To allow a critical review of the regeneration step, two parameters need to be defined: the ratio between reaction time and regeneration time (Eq. I-13), the lower this ratio, the more often the catalyst submitted to regeneration, (ii) the number of reaction-regeneration cycles carried out. The recorded data are presented in Table I Historically, in the frame of the MDA process, two distinct regeneration procedures were considered: oxidative regeneration mainly with oxygen, and reductive with hydrogen. 189 Oxidative regeneration is the common mode already applied in several industrial processes (FCC, MTO,…). 190 Here the temperature plays a key role. Oxygen treatment at 450 °C removes only the "soft "coke species and oxidizes the molybdenum carbide (Eq. I-14). However, the initial catalyst activity could be recovered upon 5 reaction-regeneration cycles following the low-temperature oxidative treatment. This implies that "soft" coke species are toxic to the catalyst. 165,191 Moreover, low-temperature oxidative regeneration induces the formation of molybdenum oxide (Eq. I-14) that could be re-dispersed inside the zeolite channel after being detached from the Brønsted acid sites. 165,192 Once the oxo-molybdate anchored again on the BAS, they require to be further re-carburized. A small step of oxide reduction at the same temperature directly after the regeneration could enhance the number of regeneration cycles. 191

𝑀𝑜 2 𝐶 + 4 𝑂 2 → 2 𝑀𝑜𝑂 3 + 𝐶𝑂 2
Eq. I-14

Certainly, increasing the oxidative regeneration temperature results in complete coke removal, however, the recovered initial activity is lower than at the beginning of the reaction.
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The higher the number of reaction-regeneration, the smaller the catalytic activity restored. This is due to framework dealumination occuring at higher temperature in the same way as the calcination step during the catalyst preparation (Chapter I-IV.2.a). 143 Consequently, the catalyst composition also influences the number of possible regeneration cycles. The higher the Mo loading, the faster the irreversible internal structural damage. 143 Indeed, high renegeration temperature seem to favor molybdenum oxide accumulation at the external surface leading to stablize the formation of extraframework molybdate aluminum species. In addition, high concentrated amount of water is formed during the coke combustion, which is known to favor zeolite dealumination (Chapter I-IV.3.a.ii.). 185 To avoid the formation of highly concentrated water, a pulse technic was developed in which periodic delivery of 2 mL oxygen at reaction temperature was fed to the catalyst. It partially oxidizes the molybdenum carbide and carbon species near the latter without any reported structural damage. Combining this innovative pulse technic with regeneration at lower temperatures could significantly enhance the catalyst stability. 176 Low-temperature oxidative regeneration appears to be the most appropriate condition for regeneration. By adding 2% of NO as a promoter in air, total removal of coke is possible to occur at temperature of 450 °C. 193 However, temperature cycling is timeconsuming. Indeed, to achieve a maximum benzene yield, 𝜏 𝑟𝑒𝑔 has to be lower than 5, meaning every 10 hours of reaction 2 hours regeneration step is required (Table I-3).This periodic cycling is globally ineffective in fixed-bed reactors. Instead, moving-bed reactors are a costly alternative envisaged. 188 To avoid using an expensive process system and degradation of the internal zeolite structure, methanation of coke, i.e., reduction regeneration under hydrogen was carried out (Eq. I-15).

Although reductive regeneration preserves the zeolite crystallinity, it seems to require operating under more severe conditions than oxidative regeneration. Indeed, coke hydrogenation has to be carried out at higher temperatures (> 700 °C). Regeneration at 850 °C allows better restoration of initial activity than regeneration at 700 °C since incomplete coke removal occurs after an isothermal hydrogen treatment at 700 °C. 165,189 Additionaly, it raises the topic of product valorization. Since hydrogen is also a valuable primary product in the MDA and is currently gaining extreme interest as fuel incorporation, it does not represent attractive economic benefits to be "wasted" for catalyst regeneration.

The regeneration conditions ensue principally to find a challenging balance between the nature of the flow, temperature, and running time. From the parameter selection, the associated reactor system will be designed. 194

𝐶 (𝑠) + 2 𝐻 2 ⇄ 𝐶𝐻 4
Eq. I-15 Overall the catalyst regeneration has similar behaviors as the co-reactant addition. It extends the catalyst lifetime only to a certain point. The reductive regeneration leads to partial coke removal and requires highly valuable hydrogen to operate.

Concerning oxidative regeneration, the multiplication of reaction-regeneration causes more and more structural internal. The water generated during both coke combustion and re-carburization of molybdenum oxide and the oxidative treatment at high-temperature promote zeolite dealumination. The recovered initial activity becomes smaller as the number of regeneration cycles increases.

IV.3.c. Irreversible deactivation mitigation

Preventing the irreversible deactivation of the catalyst turns out to be the key point to avoid cost-effective catalyst replacement and hope for potential process commercialization. This deactivation mode comes from the internal zeolite structural damage during the catalyst Table I-3: Performance of the catalysts submitted to a regeneration step. Data were recorded at temperature 700-750 °C and GHSV of 1500-1800 mL gcat -1 h -1 preparation and regeneration, favored by oxidative treatments at high temperatures (Chapter I-IV.2.a). Hence, tuning the preparation conditions reveal to be the first matter.

Since extraframework Al2(MoO4)3 is the main cause of irreversible deactivation, high molybdenum amount paired with low Si/Al molar ratio (i.e., high density of Brønsted acid sites) promotes internal structural damage. 143 Consequently, several papers propose an optimal catalyst balance established from ~4-5wt.% Mo with a Si/Al molar ratio of 15. 117,159,166 It allows having sufficient acidity for molybdenum dispersion and catalytic activity while avoiding notable extraction of aluminum framework.

However, this apparent compromis was contested recently. Several groups reported impregnated up to 16 wt. % of molybdenum could improve significantly the catalyst stability doubling its lifetime. 196,197 In addition, the benzene selectivity was enhanced by ~ 50%. 116,150 This was justified by the pre-treatment conditions that could influence the formation of active species.

An alternative way to the traditional incipient wetness impregnation is the recent development of the new single-site concept. Molybdenum is directly incorporated into the silicalite framework through hydrothermal treatment healing the internal defect while avoiding interaction with aluminum. 138 Despite the absence of active Brønsted acid, this novel catalyst presented slight catalytic activity with a slower deactivation rate. In addition, it depicted ultrastable crystalline stability upon multiple cycles of MDA reaction at 850 °C and regeneration at 750 °C under oxidative regeneration. 198 The elaboration of the single-site concept was also developed for other transition metals and supports. Among the catalytic systems, Guo et al. reported stable catalytic activity over Fe@SiO2, [START_REF] Guo | Nonoxidative Conversion of Methane to Ethylene, Aromatics, and Hydrogen[END_REF] and Xie et al. over Pt@CeO2. 106 However, all these innovative catalysts require operating at higher temperatures and afford ethylene preferentially.

The mitigation of irreversible deactivation and zeolite internal structural damage is achieved through the development of innovative stable catalysts capable of operating steadily under harsh conditions. Nonetheless, as far as the MDA exists, none of the catalytic systems investigated could afford suitable benzene yield for being economically attractive, hence opening the door for improvement.

V. Conclusion

The significant worldwide ecological challenges bound with the rise of our living standards have considerably impacted the energy landscape. As a result, natural gas has been thrown into the energy system's spotlight. This abundant, versatile alternative resource offers great hope to fulfill these new requirements.

A considerable amount of methane, its principal component, and the second worldwide greenhouse gas, is wasted directly in the atmosphere by flaring. Consequently, gas-to-liquids (GTL) technologies have emerged to unravel the potential of the untapped natural gas. They allow catalytic upgrading of methane into high-valuable chemical compounds to respond to strong petrochemical demand, and cutting off methane emissions (Schema I-7).

However, methane is substantially resistant to chemical activation resulting in the cost-effective production of intermediate SynGas. The latter is then valorized into various chemical compounds. An alternative is to upgrade methane into petrochemicals in one single-step directly.

Methane dehydroaromatization under non-oxidative conditions over bifunctional Mo/HZSM-5 catalysts has emerged with the hope of tackling this challenge. This direct route allows to produce simultaneously benzene with high selectivity and hydrogen, a clean energy vector at the core of the energetic transition, without any direct CO2 emission. Yet, this promising reaction suffers from two major hurdles. First, the high endothermicity of the reaction requires operating under harsh conditions, still leading to low single-pass thermodynamic equilibrium (~12% at 700 °C). Secondly, the catalysts suffer from both reversible and irreversible deactivation favored at high temperatures, which hamper the potential process industrialization.

Schema I-7: Roadmap towards energy transition to low carbon industry.

The catalyst is known to evolve in four successive steps throughout its lifetime: catalyst preparation, activation, induction, and deactivation. After which the catalyst is possible to regenerate.

Generally, catalyst preparation consists of an incipient wetness impregnation of molybdenum followed by a calcination stage in which the molybdenum moieties will progressively migrate inside the zeolite channel and anchored favorably on paired aluminum. It corresponds to the genesis of the reaction.

Then the dispersed molybdenum moieties serve as active site precursors. In that perspective, they need to be carburized under a hydrocarbon flow, traditional methane, during the activation step to initiate the formation of the desired aromatics compounds. The concentration of products will progressively increase until it reaches a maximum value. After 
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exceeding this optimal value, the catalyst starts to deactivate in its old age due to coke deposition and carbide migration.

It is clear the two first steps are driven by the molybdenum sites evolution. Once the carbon starts to be deposited on the catalyst after the activation step, it governs the remaining lifetime. However, it still remains grey areas surrounding the MDA process.

First, the exact nature of the anchored molybdenum active sites precursors remains unclear. Several oxo-molybdate moieties were identified. As they need to be reduced into carbide, the same issue subsists regarding the molybdenum active centers. A large variety of active sites was proposed, which also depends on their localisation on the zeolite crystal (external surface, inside the channel). In addition, their exact implication in the reaction is still currently a matter of discussion: spectator, actor.

Once the catalyst is activated, carbon species start to be deposited during the induction and deactivation steps. The latter is caused by different modes: pore blockage by carbon accumulation and carbide sintering toward the external surface recently detected. The complexity of the involved deactivation mechanism originate from the different proposed type of carbon (molybdenum carbide, "soft" and "hard" coke species) deposited throughout the catalyst lifetime, which only distinction results from their respective combustion temperature.

Over the last decade, the group of Hensen and the emergence of new sensitive Operando technics revolutionized the landscape of the MDA reaction giving it a second wind after several years of stagnation. From these studies, a progressive transition in the mechanism understanding has appeared. Instead of the traditional bifunctional mechanism reported, they proposed the formation of an organo-catalytic complex trapped within the zeolite micropore called hydrocarbon pool capable of initiating benzene formation. The latter widely disputes the real impact of each carbon species.

Last but not least, despite hundreds of catalytic systems being investigated in the quest to increase catalyst lifetime, complete catalyst deactivation was inevitable. The catalyst regeneration is hampered by indirect irreversible deactivation caused under oxidative conditions. This requires to be fully addressed in the hope of potential process industrialization.

To resume, each step brings its share of mystery. The inconsistency in the literature requires systematic investigations as the mechanism of the catalyst evolution remains unclear. 
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Chapter II Experimental section

Introduction

From the detailed state-of-the-art (Chapter I), it appears that methane dehydroaromatization is carried out under harsh conditions (high temperature, high contact time, high coke deposition) in which the catalyst steadily evolves throughout four distinctive steps. The myriad of possible catalytic parameters for the MDA process, as well as the multiple configurations of the molybdenum and carbon species taken during the catalyst lifetime, impose carefully tuning the experimental conditions and meticulously supervising the catalyst evolution.

Based on these considerations, the following chapter outlines each chosen experimental parameter and the characterization technics needed to draw the best possible the catalyst evolution: (i) catalyst preparation, (ii) fresh catalyst characterization, (iii) catalytic test, and (iv) deactivated catalyst characterization.

I. Catalyst preparation

As starting materials, NH4-ZSM-5 zeolites CBV 3024E, CBV 5020, CBV 8014, and CBV 1502 provided by Zeolyst International with a molar Si/Al ratio = 15, 25, 40, and 75, respectively, were converted into protonic ZSM-5 zeolites by calcining the initial materials under static air conditions at 550 °C for 6 h with a heating rate of 2 °C min -1 . The resulting protonic zeolites were denoted HZ-Y (Table II-1).

HZSM-5 supported Mo catalysts were prepared by traditional incipient wetness impregnation aqueous solution of ammonium heptamolybdate tetrahydrate (AHM, (𝑁𝐻 4 ) 6 𝑀𝑜 7 𝑂 24 . 4𝐻 2 𝑂, Sigma Aldrich) with a wide concentration range from 0.0015 M to 0.030 M. The Mo loading target was calculated from 1 wt.% to 20 wt.%. 50 mL of the following solution of protonic zeolite was added dropwise per gram of protonic zeolite under magnetic stirring (400 rpm) at room temperature for 24 h. Then, the catalyst was dried under static air at 80 °C for 12 h and calcined at 500 °C using a heating ramp of 2 °C min -1 for 6 h. The resulting Mosupported catalysts were denoted X-MoHZ-Y (Table II-1).

Additionally, a silicalite was synthesized according to the procedure detailed in the following section. 1 Then, molybdenum impregnation was carried out with the same protocol described previously. As a result, the samples are denoted X-Si (Table II-1). 

II. Catalyst characterization before the catalytic test

In the state-of-the-art, interactions of molybdenum moieties with the zeolite framework after their impregnation and calcination stage was emphasized. Two main interactions were noticed: (i) molybdenum precursors migrate inside the zeolite channels and anchor to Brønsted acid sites, (ii) irreversible damages occur due to the extraction of aluminum from the zeolite framework to form Al2(MoO4)3.

To draw the most accurate picture of the calcined catalysts and tune their structures precisely, a well-defined procedure for their characterization was developed. In order to perform the largest number of characterizations, the first methods used are non-destructive to keep the catalyst state unscathed. Then, once this set of technics has been carried out, the catalyst is submitted to destructive analytical methods.

Since molybdenum impregnation alters the catalyst structure, it is first crucial to check the crystallinity of the molybdenum-supported catalysts. X-ray diffraction was carried out for that purpose. In parallel, nitrogen-sorption measurement was performed to give information on the catalyst textural properties, especially its microporous volume. Its morphology is further obtained with microscopic technics.

After verifying that molybdenum impregnation does not significantly damage the internal zeolite structure needed to achieve high catalytic performance, the configuration taken by the oxo-molybdate species supported on the zeolite was determined by Raman spectroscopy.

Sample form

Fresh sample code name Protonic zeolite HZ-Y where X: Mo loading directly calculated from the ICP measurement Y: molar Si/Al given by the supplier

Mo-supported zeolite X-MoHZ-Y Silicalite X-Si
Once the molybdenum presence on the catalyst has been confirmed, its amount impregnated on the catalyst was directly calculated with the first destructive technic: ICP-OES. Then, Infrared spectroscopy a followed by chemisorption of pyridine at 150 °C was carried out to calculate the concentration and nature of acidity. By comparing the acidity of the molybdenum-supported catalyst with the protonic zeolite, the number of anchored oxomolybdenum species is estimated. It allows assuring it has migrated inside the internal zeolite channel and anchored on the Brønsted acid sites, where it becomes the active site precursor. Finally, the stability of the proposed oxo-molybdate species was confirmed with the help of modeling studies (see Chapter II annexes).

In the following section, the principle of each employed characterization technic is briefly detailed. Then, the piece of equipment used and the experimental conditions of the associated analysis are further described. Finally, a simple example is given of the fresh calcined catalysts named 3.1-MoHZ-15 and serving as the reference sample in the next chapter (Chapter III).

II.1. Structural and textural properties characterization

II.1.a. X-Ray diffraction

Powder X-Ray Diffraction (XRD) is a non-destructive analytic method to gain important information on the different crystalline phases of the sample. It consists of an X-ray beam emission which, upon encountering a crystal, is reflected in specific directions determined by the X-ray wavelength, incidence angle, dimensions, and orientation of the crystal lattice. This elastic diffusion gives rise to interferences, which are shaper the more the material is ordered. The directions in which the interferences are constructive, called "diffraction peaks", can be determined easily by the following formula, also known as Bragg's law (Eq. II-1).

2 * d hkl * sin 𝜃 ℎ𝑘𝑙 = 𝑛 * 𝜆 where d hkl : interreticular distance (Å) 𝜃 ℎ𝑘𝑙 : incidence angle (radian) 𝑛: diffraction order 𝜆: X-ray wavelength (Å) Eq. II-1

From a practical point of view, this method allows identifying the crystalline phases of the catalyst, thanks to the database JCPDS (Joint Committee on Power Diffraction Standards), determining their group spaces, lattice parameters, and calculating the crystallite sizes by employing the Scherrer equation (Eq. II-2):

𝐵 (2𝜃 ℎ𝑘𝑙 ) = 𝐾𝜆 𝐿𝑐𝑜𝑠(𝜃 ℎ𝑘𝑙 )
where B: full width at half maximum, also known as FWHM (radian) K: crystal shape factor given as 0.9 λ: wavelength of X-rays (1.5406 Å for the Cu) L: crystal size (Å)

Eq. II-2

Since each zeolite presents distinct XRD patterns, XRD has emerged as a widely used technic to identify the structure of the zeolite, determine the presence of additional crystal phases… Powder X-ray diffractograms were collected with a PANalytical Empyrean X-ray diffractometer with Cu Kα radiation (λ = 0.15418 nm) for the 2θ range from 5 to 50°. The scan speed was fixed at 0.033° s -1 .

II.2.b. Scanning electron microscopy

Scanning electron microscopy (SEM) is an imaging technic providing immediate information on the material surface (morphology, homogeneity, particle size …) with a high resolution of 10-20 nm and a large depth of field. This method is based on the detection of secondary electrons emerging from the sample surface after being submitted to a fine beam of primary electrons. This beam is generated under a vacuum by heating a filament made of tungsten. The detached secondary electrons are then collected, transformed into photons, and amplified through several mechanisms.

The images were obtained using a Scanning Electron Microscope JEOL 7900F. The sample is deposited on an aluminum pan, fixed with carbon adhesive, and finally placed into the analysis chamber.

II.2.c. Nitrogen sorption at -196 °C

Nitrogen sorption is an analytic method allowing to determine the textural properties of a sample, especially its porosity. It relies on the physicochemical interaction between the adsorbent and the nitrogen. Generally, the stronger the attraction, the more the adsorption is likely to occur at lower relative pressure. A resulting adsorption isotherm is then drawn. Depending on the shape of the isotherms and by using computation models, valuable information on the microporous/mesoporous volume, pore size distribution, and specific surface area can be assessed.

Nitrogen sorption measurements were carried out at -196 °C on the zeolite before and after wetness impregnation with a Micromeritics 3Flex apparatus. Samples were outgassed at 350 °C under vacuum for 15 h prior to the sorption measurements. The micropore volume (Vmicro) was calculated from the t-plot curve using the Harkins-Jura method and a thickness range between 4.5 and 5.5 Å. The mesopore volume (Vmeso) was deduced by subtracting the total pore volume taken at P/P0 = 0.95 and the micropore volume.

II.2. Identification of the supported molybdenum moieties

Raman spectroscopy is, as its name states, a spectroscopic technic providing solely qualitative information on the chemical fingerprint of the analyzed sample by investigating its vibration modes. It is based on the light scattering under irradiation by a monochromatic light source. The recent extensive development of lasers has put this technic on the front page. By adjusting light source properties (laser wavelength, power…), one can tune precisely the transition in the analyzed sample, increasing the detection limit.

Raman spectra of fresh catalysts were recorded using the 532 nm laser focused on the sample using a 100X microscope objective (NA=0.9, Olympus) with a power of 0.20 mW. The scattered light was guided through a 200 µm confocal hole analyzed by means of a 1800 grooves grating and Peltier-cooled CCD (ANDOR) as implemented in the Labram HR 800 spectrometer (HORIBA). II.3. Quantification of the supported molybdenum moieties

II.3.a. ICP-OES

The Inductively Coupled Plasma-Optical Emission Spectroscopy (ICP-OES) gives the chemical composition of the analyzed sample. After mineralizing the material in a strong acid solution, it is then ionized/atomized by high-energy Ar plasma. When the excited atom goes back to its fundamental state, it radiates a photon characteristic of the chemical element, which is detected and measured. Its intensity depends on the concentration of the element in the solution. Finally, using an associated standard curve assesses its amount with high accuracy. This analytic technic allows quantifying most of the present atoms with an extremely low detection limit for a relatively inexpensive price (Ar is widely abundant in the atmosphere). However, mineralization is a key step to digest the sample completely and give its exact composition. From a practical point of view, it directly determines the Si/Al molar ratio and the amount of Mo impregnated on the protonic zeolite.

Prior to the analysis, all samples were dissolved in an acid mixture composed of 4 mL HNO3 (68 %), 2 mL HCl (34-37 %), 2 mL HF (47-51 %), and 42 mL H2O and mineralized in Anton-Paar Multiwave pro microwave. The measurement was then carried out on an Optima 2000 DV (Perkin-Elmer). II.3.b. Chemisorption of pyridine at 150 °C followed by infra-red spectroscopy Infra-red spectroscopy (IR) is a spectroscopic technic providing qualitatively or quantitatively information on molecular bonds in a given sample by studying its vibration modes (as for Raman spectroscopy). However, contrary to the scattering of a monochromatic light source, it relies on the absorption of infrared radiation. Briefly, once the sample is submitted to infrared radiation, it absorbs frequencies depending on its atom mass and chemical bond strength, allowing their identification.

Chemisorption of a probe molecule (in the following case, pyridine) generates new bands apparition according to its anchoring mode. Generally, pyridine interacts with the different acid sites of the zeolite (Schema II-1).

Schema II-1: Pyridine coordination on Brønsted acid and Lewis acid site When pyridine reacts with Brønsted acid site, it leads to the formation of pyridinium ion giving rise to bands at 1490, 1545 and 1640 cm -1 . As for the interaction with Lewis acid site, new bands at 1455, 1490, and 1600-1630 cm -1 emerge. From the integrated absorbance of the corresponding IR bands (1545 and 1455 cm -1 ), the concentration of Brønsted [PyH + ] and Lewis acid sites [PyL] was calculated using the Beer-Lambert-Bouguer law (Eq. II-3), with knowing their respective molar adsorption coefficients: ε1545 = 1.13 and ε1454 = 1.28 cm 2 mol -1 . 3 

𝑐 =

𝐴 * 𝑆 ε * 𝑚 where 𝑐: Concentration of acid sites (µ𝑚𝑜𝑙 𝑔 𝑐𝑎𝑡 -1 ) 𝐴: Area of the corresponding peak (cm -1 ) 𝑆: Surface of the wafer (cm 2 ) ε: Molar adsorption coefficients (cm 2 mol -1 ) 𝑚: Wafer mass (g)

Eq. II-3

From a practical point of view, the nature and concentration of catalysts acidity were studied using pyridine adsorption followed by infrared spectroscopy with a Nicolet 5700 apparatus with 2 cm -1 optical resolution. Before analysis, samples were pressed (0.5 ton) into a self-supporting wafer (2 cm 2 ), then pre-treated from 20 °C to 450°C under 100 mL min -1 of air stream with a rate of 2 °C min -1 at night. The sample was then degassed for 1 h at 200 °C, after which an IR spectrum was taken. The sample was then cooled down to 150 °C, exposed to a pyridine pressure of 1.5 10 -3 bar for 5 min, and further degassed for 1 hour before recording the spectra.

II.4. Characterization example of a fresh calcined catalyst: 3.1-MoHZ-25

After describing the characterization technics required, a brief hands-on experience is presented. First, the fresh catalyst 3.1-MoHZ-25 was prepared according to the described protocol and submitted to the set of characterization technics (this catalyst was used for the first study presented in Chapter III).

First, XRD analysis was carried out. The peaks ascribed to the MFI framework at 7.9°, 8.8°, 23.0°, 23.9°, and 24.3° keep their initial intensity suggesting the zeolite crystallinity is preserved after molybdenum impregnation and calcination at 500 °C (Figure II-1.a). On the other hand, the characteristic peaks of the orthorhombic MoO3 crystallites at 12.7°, 25.7°, and 27.3° were noticed (JCPDS File No. 04-012-8070), indicating high molybdenum dispersion.

Then, the nitrogen adsorption and desorption isotherm (Figure II-1.b) is of type I and further confirms the high crystallinity of the investigated sample. In addition, it displays a strong nitrogen uptake at high relative pressure, which indicates the presence of interparticular mesopore (0.09 cm 3 gcat -1 ) ascribable to crystal aggregation. The microporous volume calculated is 0.12 cm 3 gcat -1 . Finally, the amount of the different metallic and acidic functions will be determined. The overall molybdenum amount calculated from the ICP-OES measurement is (as stated by the catalyst name) 3.1 wt. %.

Figure II-1.d shows the infrared spectrum in the OH stretching region of 3.1-MoHZ-15 before the chemisorption of pyridine. This infrared spectrum in the OH stretching region exhibits five well-known bands. An intense band at 3610 cm -1 (± 2) assigned to the bridged hydroxyl groups (Si-O(H)-Al); an asymmetric band at 3740 cm -1 ascribable to the terminal silanol groups on the external surface, two bands at 3665 cm -1 , and 3785 cm -1 (less intense), which correspond to OH linked to extra-framework aluminum species (e.g., AlOH + ) and finally a broad shoulder centered at 3470 cm -1 attributed to Si-OH of the hydroxyl nests considered as internal defects. After the chemisorption of pyridine at 150 °C, the concentration of Brønsted acid sites is 280 µmol gcat -1 and 125 µmol gcat -1 for the Lewis acid sites.

From all these characterizations, more deepened interpretations are derived in Chapter III.

III. Catalytic tests III.1. Pilot plant setup employed to carry out the MDA reaction

All catalytic tests were carried out at a laboratory scale in the pilot plant represented in Schema II-2. This traditional rig is constituted of an alimentation system where different gas could be fed into the reactor. The flow rates are controlled with a mass flow controller to ensure constant feeding.

Schema II-2: Representation of the experimental setup used for the catalysis tests Then the gas is introduced in the reaction zone, where a thermocouple is set to monitor the oven temperature. A pressure gauge is also put in to check the presence of pressure drop. After which, the gaseous products are detected on a mass spectrometer and quantified with gas chromatography: the heavy aromatics compounds are measured with the Prior to detailing all the experimental conditions of the catalytic tests, four crucial catalytic parameters are required to be defined to select the flow rate and the amount of catalyst: gas hourly space velocity (GHSV), weight hourly space velocity (WHSV), the reaction temperature, and the pressure.

The gas hourly space velocity is the ratio of the volumetric flow rate in the standard temperature and pressure (STP) with the catalyst amount (Eq. II-4).

𝐺𝐻𝑆𝑉 (𝐿 𝑔

𝑐𝑎𝑡 -1 ℎ -1 ) = 𝑞 𝑣 𝑚 𝑐𝑎𝑡
where 𝑞 𝑣 : volumetric flow rate (L h -1 ) 𝑚 𝑐𝑎𝑡 : catalyst amount (g) Eq. II-4

Figure II-2 gathers the applied MDA GHSV reported in more than 50 publications. It clearly shows the adapted GHSV should be included between 1.4 and 1.5 L gcat -1 h -1 , indicating the flow rate is relatively slow. Thus, the contact time, i.e., the time when the reactant stays in contact with the catalyst, is long: ~ 1.8 s. The second parameter to take into account that is also related to the GSHV is the weight hourly space velocity. It corresponds to the mass flow rate ratio in STP with the catalyst amount Eq. II-5. where 𝑞 𝑚 : mass flow rate (g h -1 ) Eq. II-5

From the previous GSHV selection, the WHSV is generally equal to ~1 h -1 .

The temperature is necessary to balance between low thermodynamic equilibrium due to the severe reaction endothermicity and fast deactivation due to carbon deposition. From Figure II-2.b, the optimal temperature has been selected to 700 °C.

The pressure is also an important parameter to tune. According to thermodynamic considerations (Chapter I-IV.1.a), methane conversion is favored at atmospheric pressure since higher pressure shifts the thermodynamic equilibrium towards the reactant.

From this analysis of the open literature, the traditional operating conditions for MDA appear to be 700 °C at atmospheric pressure and a low contact time defined by the GHSV included from 1.4 to 1.5 L gcat h -1 .

III.2.b. Catalytic engineering consideration

The Reynolds particle number and the Peclet particle number are two dimensionless numbers (Eq. II-6, Eq. II-7), which are characteristic of the flow pattern. 4 The Reynolds particle number gives information on the linear velocity patterns inside a tube. For a laminar flow, the linear velocity profile tends to be parabolic. When the Reynold number increases, the profile becomes more and more flattened with small semi-random velocity fluctuation due to diffusion. Concerning the Peclet particle number, it gives the ratio between convection and diffusion transport. These two parameters are directly correlated. 5 According to the different flow behavior, it can be conceived that the turbulent flow approaches the ideal plug flow reactor model, in which all the fluid elements have the same linear velocity regardless of their radial position. This condition is satisfied for 𝑅𝑒 𝑝 > 10 or 𝑃𝑒 𝑝 = 2. However, due to the small Reynolds particle number (𝑅𝑒 𝑝 = 0.059) obtained in our operating conditions, 𝑃𝑒 𝑝 is assumed to be 0.5 for single-phase flow. 8 As a consequence, the simplified considered formulas generally under turbulent flow to ensure ideal plug flow conditions do not apply. Therefore, two new parameters must be fulfilled (Eq. II-8, Eq. II-9). Eq. II-9

𝑅𝑒
These two conditions (Eq. II-8, Eq. II-9) are partially satisfied, indicating we tend to reach the ideal plug flow reactor.

To further assess the idealized model of the reactor, residence time distribution (RTD) experiments were carried out. It consists of measuring the concentration of a given flow (here methane) at the reactor outlet as the function of the time-on-stream after its introduction. Two functions are then drawn describing the response to the methane introduction.

The cumulative residence time distribution (F(t)) corresponds to the response of a step function injection and is given in Eq. II-10. The residence time distribution (E(t)) refers to the response of a unit impulse injection and is equal to the derivate of (F(t)) (Eq. II-11). It goes without saying the RTD experiments need to be performed under the same experimental conditions as the MDA reaction. The cumulative residence time distribution and residence time distribution curves were drawn in Figure II-3, indicating the presence of an arbitrary flow. Nevertheless, the perfect symmetry of the (E(t)) peak seems to state the considered flow is close to an ideal plug flow system. 10 Hence, the RTD experiments confirm the previous assumption made from the two parameters (Eq. II-8, Eq. II-9). Before testing, catalysts were compacted under 3 tons, crushed, and sieved to obtain homogeneous particles (0.2-0.4 mm), then 0.6 g of the sieved catalyst was loaded inside the reactor with an inner diameter of 6 mm. According to the catalyst density, the length of the catalytic bed varied from 30 to 40 mm.

𝐹(𝑡

After loading the samples in the quartz reactor, they were all firstly pretreated at 700 °C under nitrogen flow (3 L h -1 ) for 1 h, using a heating ramp of 10 °C min -1 . Then, the pre-treatment flow is switched to the feed gas.

III.3.b. Reaction experimental conditions

Most methane dehydroaromatization catalytic tests were performed according to the establishment of previous standard catalytic parameters. A (15/85) (v/v) N2/CH4 mixture (Air Liquid, purity: 99.999 %) using a constant flow rate of 0.84 L h -1 (STP) was continuously fed at atmospheric pressure in the fixed-bed quartz reactor (6 mm inner diameter) at 700 °C. The gas hourly space velocity per gram of catalyst (GHSV) was 1.4 L h -1 gcat -1 . 

E(t)

A kinetic study (Chapter III) was also carried out, in which the flow rate was also kept constant at 0.84 L h -1 (STP). However, the catalyst mass was varied from 0.025 to 0.7 g to change the gas hourly space velocity per gram of catalyst (GHSV) from 1 to 29 LCH4 h -1 gcat -1 and contact time (τ) from 0.04 to 2.04 s. It is worth mentioning that the experiments performed at the same contact time obtained with different flow rates and catalyst mass gave similar conversion, indicating that no extra-granular diffusion limitation occurred.

The reaction was carried out over a period from the end of the pre-treatment up to 20 hours. The feed gas was stopped at different reaction times and switched to nitrogen to desorb the retained products from the catalyst. The reactor was rapidly cooled down to 150 °C using an external airflow for the recovery of the samples.

Concerning the kinetic study (Chapter III) and the balance of molybdenum/acidity (Chapter IV), the reaction time was kept constant at 10 hours. For the last investigation focusing on the catalyst evolution throughout its whole lifetime, the reaction lasted for a running time of 5 min, 10 min, 30 min, 1 h, 4 h, 10 h, or 20 h.

All recovered materials are designated as (X-MoHZ-Y)t (e.g., (0.9-MoHZ-15)4h stands for 0.9 wt. % Mo on HZSM-5 with Si/Al molar ratio of 15 stopped after 4 hours of reaction) (Table II-2).

III.3.c. Analysis setup and analytical conditions

During the early stages of the reaction, the GC analysis time does not allow for obtaining data on the formed products. To correctly identify the activation and induction steps occurring in the first ten minutes of the reaction an HPR 20 QIC R&D mass spectrometer (Hiden Analytical) was also connected to the exhaust gas to monitor as a function of timeon-stream different mass-to-charge ratios according to the formed products (Table II-3). The mass spectrometer turns out to be a powerful tool for separating the different steps involved in the MDA process correctly. (i) Activation where no aromatic production is 

III.4. Chromatogram exploitation

It is well-accepted that the response factor of the Flame Ionization Detector (FID) is directly correlated to the carbon number in the alkyl or aryl hydrocarbons, which its use has established itself as an easy and accurate quantification technics of the formed hydrocarbons. 11,12 From the corresponding peak area at a given time on stream, the methane conversion, the mass selectivity, and mass yield of the products can be calculated.

However, it remains slight subtleties to calculate methane conversion and product selectivity correctly. Indeed due to the low carbon number in methane and high carbon deposition on the catalyst, methane conversion could be underestimated, and product selectivity overestimated. For that reason, the earliest published papers reported an aromatic selectivity higher than 90 wt. %. 13 To address this issue, the pure methane feed is diluted into a standard internal flow (Argon, nitrogen…). Its quantification with the TCD prevents these small miscalculations. 14 However, TCD is based on the difference in thermal conductivity between the reference carrier gas and the column eluent. Choosing wisely the carrier gas and the internal standard reveals to be crucial to quantify the desired eluents:  First, the carrier gas needs to be different from the eluent.

 Since nitrogen and argon have similar thermal conductivity, their use as carrier gas is only required to analyze hydrogen or helium. Nitrogen is not sensitive enough to be quantified with argon as carrier gas (Table II-4).

 Analog consideration could be established with hydrogen or helium as carrier gases, which are only used to quantify nitrogen or argon. 

x x v v He x x v v Ar v v x x N2 v v x x
Thus, simultaneous quantification of the internal standard and hydrogen is impractical on the same TCD, regardless of the chosen internal standard (Table II-5).

Since the pilot plant used does not have two serial TCD, a choice has been needed to make between hydrogen and internal standard quantification. Then it was decided to analyze hydrogen, which is a primary product of the MDA reaction to often neglected in the open literature. Hence, its quantification could offer new exploitation and results interpretation.

To substitute the internal standard quantification and mitigate the over/underestimation of the catalytic performance, a by-pass line has been installed on the pilot plant to determine the amount of methane directly introduced into a blank reactor (Schema II-2). Thus, from the peak area of the blank obtained with the by-pass, the methane conversion (Eq. II-12), product mass selectivity (Eq. II-13), and product mass yield (Eq. II- It is here important to remember coke deposition occurs during the MDA reaction. From the previous formulas, it is impossible to establish the coke selectivity as a function of the time-on-stream making the carbon mass balance slightly underestimated.

To remedy this matter, the cumulative converted methane (Eq. II-16) and formed products (Eq. II-17) have been calculated to establish the overall catalytic performance of the tested catalysts. Then the carbon content deposited on the recovered catalyst quantified after the reaction with TGA analysis has been added to the cumulative converted methane. Hence, the selectivity of all products is determined after the reaction. Using both the by-pass system and the cumulative yield appears to be a suitable solution to tackle the different analytical concerns.

𝑋 𝐶𝐻

IV. Catalyst characterization after the catalytic test

In the frame of this Ph.D. work, the term "coke" was employed to define all hydrocarbon species recovered on the spent catalysts, regardless of their amount, localization, chemical nature, and feature in the deactivation step (spectator/active species).

As explained in Chapter I, the catalyst is known to evolve during the MDA reaction principally due to coke deposition. Thus, deep characterization of the deactivated catalysts is required to gain further insight into the deactivation mechanism. Then the characterization of only the deactivating species assesses the coking kinetics.

In that case, operating under harsh conditions presents a slight advantage. Indeed a large amount of catalyst is required to carry out one catalyst test. Thus, the deactivated recovered catalyst content is high enough to perform a wide range of characterization technics.

Generally, spent catalyst characterization follows the methodology detailed in Schema II.4. The deactivation mode could be elucidated by investigating the impact of the coke deposition on the structural, textural properties and active species of the calcined catalyst. Then, a separate study considering only the deactivating species addresses their amount and genuine composition/size to draw the coking kinetics.

Schema II-4: Methodology followed to characterize the spent catalyst. 

IV.1. Spent catalyst characterization

As previously described, the same set of adsorption measurements and spectroscopic technics was also carried out on the deactivated samples. However, slight changes in the analytic protocols, more specifically regarding the pre-treatments conditions, are required. Indeed, since the recovered spent catalysts contain different amounts of coke, it is absolutely necessary to carefully handle the samples during the analysis to avoid any coke species oxidation or chemical alteration. Aside from these modifications, the same equipment was used.

These changes are presented in

XRD allows to determine the possible phase transition, loss of crystallinity, and, to some extent the coke species localization after the catalytic test. Combined with nitrogen sorption at 196 °C, it gives further insight into the loss of microporous volume, and chemisorption of pyridine is employed to assess the active site modifications and interaction with the coke species. Finally, ICP-OES determines the loss of molybdenum due to potential sublimation.

From all these characterizations, a general deactivation mode is possible to draw. Then, elucidating the coke amount and its chemical nature reveal the coking kinetics from its early formation to its growth.

IV.2. Characterization of the deactivating coke species

IV.2.a. Elemental analysis

First, elemental analysis was carried out. This quantification technic gives the elemental composition of the unknown sample, which is first burned under oxygen excess. The combustion products are then separately quantified using the adapted calibration method. Besides quantifying the coke amount, this technic is also used to calculate the H/C molar ratio of the coke.

IV.2.b. Thermogravimetric analysis

Thermogravimetric analysis (TGA) is a thermal analytic method following the mass of the investigated sample, which is steadily heated under a specific controlled atmosphere. Generally, this technic is extremely widespread to quantify the amount of coke species deposited on the catalyst since they oxidized into CO2/CO/H2O under an oxygenate flow. According to the combustion profile of the burned species, coke species are possible to distinguish.

Firstly, coke quantification was carried out with an SDT Q600 under a flow rate of 100 mL min -1 of air up to 900 °C. After loading the TG cell, the sample was firstly kept for 30 min in a dry air stream. The sample was then heated at a rate of 20 °C min -1 . Once the final temperature was reached, the plateau was held for 10 min. Burning gas, i.e., H2O (m/z = 18), CO (m/z = 28), and CO2 (m/z = 44) were monitored by mass spectra (QG Hiden Analytical).

It should be here noted an excellent reproducibility between the TGA and elemental analysis as stated by the direct relation with a slope of ~ 1 obtained from the carbon amount recovered by elemental analysis, as the function of the weight loss calculated by TGA (see Chapter II annexes, Figure A-II.1).

TG analysis was also coupled with operando Raman spectroscopy, which has been applied for monitoring the decomposition of carbon species on the spent catalyst during a stepwise temperature. The Raman spectra were collected at desired temperature in confocal mode using the 488 nm line of a Ar+ laser (5mW at sample, Melles Griot) focused on the sample placed in the flat dome version of the atmospheric chamber (Harrick Scientific) using a 50X long working distance objective (NA: 0.6, Olympus). The scattered light was guided through a 150 μm pinhole, dispersed, and collected using a Peltier-cooled CCD implemented within a HORIBA HR equipment.

IV.2.c. Extraction of coked zeolite catalysts

On the grounds of spectroscopic analysis difficulties well-reported by Vollmer et al. 16 in the MDA reaction, obtaining genuine composition of the bulk coke molecules is considerably challenging. To address this issue, coke extraction by dissolving the spent zeolites has been carried out. This destructive analytical method involves mineralizing the zeolite internal framework in a strongly acidic medium while keeping the chemical composition of coke undamaged. A solvent is then added to extract coke molecules from the aqueous solution. This fraction is called soluble coke and is further analyzed with a GC-MS. The remaining coke was recovered by filtration and is designated as insoluble coke.

The chemical composition of coke was investigated from a well-referenced approach developed by Magnoux et al. 17 . 300 mg of the spent sample was mineralized with 3 mL of a 51% hydrofluoric acid (HF) solution at room temperature for 30 min. Then, the acid solution is neutralized with 18 mL of an boric acid solution ([H3BO3] = 40 g L -1 ): and then with 18 mL of a sodium hydrogen solution ([NaHCO3] = 20 g L -1 ) to increase the pH. Once the pH reaches ~7, CH2CL2 was added. Finally, the two solutions are separated and analyzed. The molecules of the soluble fraction were identified by GC-MS (Thermo Electron DSQ with a DB5 ms column).

V. Conclusion

In this chapter, the experimental conditions of the methane dehydroaromatization reaction grounded on its specification were profoundly detailed. Indeed, its harsh operating conditions (high temperature, high contact, high coke deposition…) involve taking numerous precautions from the catalyst synthesis to the characterization of the deactivated samples going through its operating conditions. In addition, meticulously choosing the analytic system has been revealed to be decisive and should not be overlooked.

From all these considerations, the next chapter focuses on a kinetic study and gives new explanations on why the MDA occurs only under these unconventional conditions (high temperatures and high contact time).

Chapter III How do the products in MDA impact the distinct stages of the reaction?

Part of the following chapter is published as a research article according to the following reference: 

Abstract

Methane dehydroaromatization reaction at 700 °C over Mo/ZSM-5 involves numerous modifications of the molybdenum species from the catalyst preparation and throughout the catalyst lifetime, composed of 3 successive reaction steps: activation, induction, and deactivation and one catalyst preparation step.

A thorough kinetic study was undertaken with the aim to understand why the MDA reaction takes place under extreme harsh operating conditions. The transformation phenomena occurring on the catalyst during each stage of the reaction was investigated, using methane gas hourly space velocity per gram of catalyst (M-GHSV) from 1 to 29 LCH4 h - 1 gcat -1 . Here from, unexpected behaviors were observed, supported by molecular modeling results. MoO3 firstly reacts stoichiometrically during the calcination (ΔrH =0.86 eV) with bridged hydroxyl pairs yielding [Mo2O5] 2+ species (calcination). Thereafter, [Mo2O5] 2+ slowly reduces by methane to form [Mo2C2] 2+ (activation). The latter converts methane to ethylene (EA= 1.49 eV), which dimerizes two times faster to butene through hydrocarbon pool catalysis rather than through Brønsted acid sites (induction).

The catalyst deactivates through an inhibition effect of aromatics, which adsorb strongly onto [Mo2C2] 2+ (ΔHads ~ 0.7 eV) (deactivation). The large amount of autogenous hydrogen produced at lower space velocity allows preventing the active species poisoning, leading to slower deactivation rate.

Keywords: Zeolite, methane dehydroaromatization, deactivation molybdenum, carbides, hydrogen

I. Introduction

As world reserves of readily accessible petroleum are progressively being depleted, natural gas strongly emerged as an abundant, versatile, and profitable alternative feedstock allowing for lower carbon emissions due to its high H/C ratio. Methane, the main natural gas component, is primarily used as electricity supply. As only 1.5% of natural gas is catalytically converted into high-added value chemicals, groundbreaking methods for the transformation of methane are considerably required. 1,2 Methane dehydroaromatization (MDA: 6 CH4 ⇋ C6H6 + 9 H2) under non-oxidative conditions over Mo/HZSM-5 has received significant interest over the past three decades. 3 This direct route allows to highly selectivly decarbonizing methane into benzene (~ 70 wt. %) while simultaneously producing sustainable hydrogen, which offers great potential as future energy resource. Yet, MDA suffers from two key hurdles:

(i)
low activity, the one-pass conversion into benzene is thermodynamically limited, i.e., 12.5% at 700 °C. 4,5 (ii) rapid catalyst deactivation by coking, coke formation catalyzed by Brønsted acid sites is kinetically favored at high temperature. 6,7 Even if the reaction mechanism and determination of the nature of the exact molybdenum active species are still a matter of discussion, new insights could be gained through operando techniques. It was established that the MDA process occurs through three successive steps 8,9 , or rather four when the preparation stage (step 0) is included in the overall process. The latter generally consists of the wet impregnation of a molybdenum salt followed by calcination to stabilize an oxomolybdate phase dispersed on the protonic zeolite to yield Mo/ZSM-5 in fully oxidized form. 10 It is well known that the molybdenum starts to migrate inside the zeolite channels during the calcination step. Once the maximum capacity of exchange is reached, the molybdenum is deposited on the external surface. 11 Both operating calcination conditions (i.e. temperature 10 ) and textural properties of the fresh catalyst (i.e. Mo loading 11 , Si/Al ratio 12,13 ,…) play a key role on the stabilized oxomolybate phases. Molybdenum trioxide MoO3 on the external surface, MoO2 2+ monomers and Mo2O5 2+ dimers bridged with two aluminum pair, MoO2(OH) + monomers bridged only with one isolated aluminum or silanol were reported. 14 Once the as-prepared oxide is synthetized, it needs to be reduced during the so-called activation period (step 1) for which amount of CO2, H2, H2O and CO appears before aromatic production. 15,16,17 The principal purpose of this step is the reduction of the oxomolybdate moieties into Mo (oxy)-carbide identified as the active species of the reaction. A large variety of molybdenum reduced centers such as MoC, α-Mo2C1-x, β-Mo2C, MoOxCy, partially reduced MoO3-x were reported as the active species pointing out the genuine complexity of correctly determining their exact nature. 18,19 At the end of this first stage, benzene formation initiates. Its yield increases during the induction period (step 2) and reaches a maximum due to thermodynamic limitations. Catalyst evolution is much more complicated to understand during this short period of time (~ 30 min). Recently, new insights were brought to light concerning the possible formation of a hydrocarbon pool (HCP) like mechanism well-known in the methanol to olefin reaction (MTO). 20 Reduced molybdenum species initiate creation of the HCP on Brønsted acid sites. 9,21 To resume methane is firstly activated on the molybdenum carbide producing light olefins (ethylene, C2Hx intermediates,…) which interact rapidly with the near Mo-proton acid site to create the HCP responsible for aromatics production. 22 Once the catalyst achieves its operational activity, it begins to deactivate (step 3). During this deactivation period, carbon deposition on the catalyst is observed. Several studies 23,24 underline three types of formed carbonaceous compounds: (i) molybdenum carbide, ii) graphitic carbon deposited as a layer near the molybdenum site ("soft" coke), and iii) polyaromatic compounds on acid sites ("hard" coke). The latter is responsible for catalyst deactivation. 25,26 Kosinov et al. questionned the coke nature distinction and explained polyaromatic compound were deposited inside and outside of the catalyst. 21 The only observable differences on thermogravimetric analysis were made by the diffusion limitations of the oxygen molecules and the MoOx-catalyzed combustion of the near surface carbon. Furthermore, recent studies provided new insights into the deactivation trend, emphasizing hydrocarbon pool formation 21,27 or carbide molybdenum sintering. 28,29,30 In other words, each step brings its share of mystery. To fully understand the complex nature of the involved mechanisms, further insight into the four MDA key steps is required. Indeed, both the involvements of the hydrocarbon pool and the actual molybdenum active sites during steps 1 and 2 still remain under consideration. Likewise, the nature of deactivation in step 3 is widely disputed.

In the following study, methane dehydroaromatization was carried out at 700 °C using a methane gas hourly space velocity per gram of catalyst (M-GHSV) from 1 to 29 LCH4 h -1 gcat. Each step of the reaction was deeply investigated by mass spectroscopy coupled with gas chromatography. It allowed us to quantify hydrogen production, which is often not taken into consideration in the MDA process. From the quantification of all the products formed during the MDA reaction, it is possible to assess their impact on each step on the overall reaction. This kinetic study is particularly devoted to the evolution of structure, localization, and quantification of distinct molybdenum species throughout the defined key steps and their impact on the overall activity, selectivity, and stability. Quantification of all formed products confirmed previous statements and raised new insights into this still enigmatic reaction.

II. Results

II.1. Physico-chemical properties of H-ZSM-5 zeolite before and after molybdenum impregnation II.1.a. Characterization of the fresh protonic zeolite HZ-25 and displays a strong nitrogen uptake at high relative pressure. This uptake indicates the presence of inter-particular mesopore (0.09 cm 3 g -1 ) ascribable to crystal aggregation. The microporous volume of 0.14 cm 3 g -1 (Table III-1) is lower than expected for a conventional well-crystallized MFI-type zeolite, i.e., 0.17 cm 3 g -1 . 33 This difference might result from the difficulty in assessing the exact micropore volume by t-plot for ZSM-5 zeolites with Si/Al ratios > 20 due to the monoclinic/orthorhombic transition leading to an adsorption step at P/P0 = 0.2. 34 Table III-1: Textural properties of the calcined protonic and impregnated samples.

(in brackets, the loss or gain after Mo impregnation) a measured by ICP analysis, b,c : concentration of Brønsted and Lewis acid sites probed by thermodesorption of pyridine at 150 °C, d Estimated by t-plot method; e Mesopore volume = Vtotal-Vmicro (Vtotal: determined from the adsorbed volume at p/p°= 0.96).

The infrared spectrum in the OH stretching region exhibits four bands (Figure III-1d). An intense band at 3610 cm -1 (± 2) attributed to the bridged hydroxyl groups (Si-O(H)-Al); an asymmetric band at 3740 cm -1 ascribable to the terminal silanol groups on the external surface, and two bands at 3665 cm -1 and 3785 cm -1 (less intense), which correspond to OH linked to extraframework aluminum species (e.g., AlOH + ). All the bridged hydroxyl groups SiO(H)Al react upon pyridine adsorption at 150 °C, revealing their pure BAS behavior, whereas EFAl (AlOH) and terminal silanols (SiOH) can only partially chemisorb pyridine.

The concentration of the Brønsted acid sites (BAS) able to retain pyridine at this temperature is 280 µmol g -1 (Table III-1), reaching 43% of the total Al content of 640 µmol g -1 . This difference means that 30-40 % of the theoretical protons exist as BAS, with the other distributed among the other distorted framework sites or other non-framework sites. 35 
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Vmicro d (cm 3 g -1 ) Vmeso e (cm 3 The impregnation of H-ZSM-5 by an aqueous solution of AHM ((𝑁𝐻 4 ) 6 𝑀𝑜 7 𝑂 24 . 4𝐻 2 𝑂) followed by static calcination yields Mo/ZSM-5 with a molybdenum content of 3.1 wt.%. Mo enrichment leads to a loss of the micropore volume (-15%, Table III-1) and a decrease in the intensity of bridged hydroxyl IR band (-20%) in the same proportion of the concentration of Brønsted acid sites) (Figure III-1d andTable III-1). The loss of BAS suggests a reaction between the molybdenum oxide and the protonic site.

During the calcination process, AHM decomposes into neutral volatile molybdenum oxide oligomers. 36 Among the latter, MoO3 and Mo2O6 species can diffuse inside sinusoidal and straight channels of the H-ZSM-5 zeolite to react with BAS sites, mostly consistent with the bridged hydroxyl groups Si-O(H)-Al. 11 A systematic study detailed by Pidko et al. convincingly states that the most stable adsorption structure for molybdenum within the ZSM-5 channels is consistent with a Mo2O5 dimer bridging two Al centers within the six-membered rings 6MRδ located at the intersections between the straight and tortuous channels. 37 Our colleagues from Lille modeled the adsorption energies of a MoO3 monomer and a Mo2O5 dimer on Hence, our calculations are in good agreement with what was proposed by Pidko et al. 37 The most stable adsorption structure for molybdenum within the ZSM-5 channels is the dimer Mo2O5 bridged at two Al atoms in 6MR-δ.

Rice et al. calculated by stochastic simulations the probability in ZSM-5 zeolite of NNN pairs of Al atoms able to stabilize a divalent cation (M 2+ ) and form an oxo-binuclear cation, i.e., two M 2+ bridged by an oxygen atom (-M-O-M-) 2+ . 38 The assessment of the maximum probability to form bridged M 2+ cations is 0.07 with a Si/Al of 24. Relative to the binuclear oxo metal cation, the possibility is higher: 0.19. This proportion is consistent with the loss of BAS concentration (-20 %, Table III-1), suggesting that the residual proton sites are isolated. The amount of Mo at the channel intersections is therefore limited to the number of aluminum pairs.

From the residual acidity measurement, speciation of Mo moieties can be established. The amount of Mo involved in dimeric oxomolybdate supported on the zeolite framework is: (280 -220) × 10 -6 × M Mo × 100 = 0.58 wt. %, with MMo = 95.95 g mol -1 . Most remaining 3.1 -0.58 = 2.52 wt. % Mo is assumed to be located on the external surface of the zeolite in the form of tri-dimensional MoO3 after the calcination under air at 500 °C.

The presence of the latter is confirmed by the appearance of high-intensity peaks at 666, 815, and 995 cm -1 in the Raman spectrum (Figure III-1.c). 39,40 The absence of characteristic peaks in the XRD pattern (Figure III-1a) of the orthorhombic MoO3 at 12.7°, 25.7°, and 27.3° indicates the presence of MoO3 phase with small diffraction domains (below 10 nm). 41 It is worth mentioning the possible presence of a third molybdenum species located on the outer surface of the zeolite crystals. After the calcination step, the intensity of the external silanol band partially decreases (Figure III-1.d). By analogy with Al pairs, the assumption was established that vicinal silanols could further react with molybdenum oxide (Schema III-2).
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(Eq. III-3) Schema III-2: Anchoring sites of molybdenum oxide on external silanols.

The previous characterizations indicate three different types of molybdenum species on the fresh catalyst: (i) anchored molybdenum on BAS (0.6 wt. %), (ii) MoO3 on the external surface as small dispersed clusters (2.5 wt. %) and (iii) a small portion of anchored molybdenum on the external silanol sites.

II.2. Stages of methane dehydroaromatization reaction

The transformation of methane is carried out at 700 °C under atmospheric pressure with different contact time from 0.11 to 2.04 s. Figure III-2a displays the mass-to-charge ratio of 78 m/z, which corresponds to benzene, as a function of the time-on-stream. After a product-free period, benzene appears rapidly, followed by a slight decrease. Thus, three successive steps occur during the MDA reaction: activation with no aromatics production (step 1), induction (step 2), and slow deactivation (step 3). For that reason, three states of the molybdenum species can be considered:

1) oxomolybdate phases before the activation period;

2) carbide species at the beginning of the reaction (0.5 h, catalyst exempt of coke);

3) deactivated carbides after 10 h of reaction. Independent of the contact time, no product is formed during the activation period. Yet, its duration is proportional to the contact time (Figure III-2.c) and the amount of molybdenum oxide in the catalyst bed. This proportionality suggests a stoichiometry reaction between methane and molybdenum species.

Several experimental studies have been published so far, which all highlight the formation of the molybdenum carbides (MoxCy) and/or oxy-carbides (MoxCyOz). 7,42 Recently, a precise structure of the active phase for MDA reaction on Mo/ZSM-5 catalyst has been refined through a systematic theoretical investigation by the group of E. Pidko. 37 In particular, the Following these findings the energies of all elementary reactions of C/O exchange in the presence of methane were also modelled by our colleagues from Lille (Schema III-3). Following the Chatelier principal, the energetically favorable compound is the carbide Mo2C2.

Schema III-3: O/C exchange on Mo2O5 species and computed enthalpies for each step.

The obtained results are represented in Schema III-3. All the reactions involved in the carburation process are endothermic. The enthalpy of the reduction of Mo2O5 to Mo2C2 is very high, i.e, 26.6 eV. Considering the reaction conditions, which feature the highest methane chemical potential, 𝜇 𝐶𝐻 4 , while the partial pressure of the products CO, H2O and H2 are close to zero under the applied dynamic flow.

During the activation period, the methane conversion remains constant at 25 %. Figure III-2.c clearly shows that the activation time (tactivation) is directly related to the contact time. The amount of CH4 which reacts with the molybdate oxides is proportional to the amount of molybdenum present in the catalyst bed, i.e.,  2 moles of Mo react with 1 mole of CH4 (Figure III-3). The carburation occurs on both MoO3 oxide phase segregated outside the channels and the supported Mo2O5 dimers anchored within the zeolite channels by bridging two Al centers as visible in Eq. III-4 and Eq. III-5, respectively. 15,43,44 Taking into account the proportion of MoO3 and Mo2O5 (80/20) with the stoichiometry coefficients of Eq. III-4 and Eq. III-5 (7/4 and 7/2), the theoretical amount of methane that The activation of the first CH4 on Mo2C2 species at 6 MR-δ position was investigated through theoretical modeling (Figure A-III.2). Once the Mo2C2 active site is formed, the methane activation is fast and efficient. Indeed, its activation energy is Ea = 0.8 eV. Then, the C-C coupling results in ethylene that further reacts on the zeolite Brønsted acid sites and yields aromatics.

Figure III-5 shows the methane conversion, the formation rate of hydrogen, and the mass yields of ethylene, benzene, toluene, and naphthalene as a function of the contact time (τ), after 0.5 h of reaction, The time of 0.5 h corresponds to the duration of one GC analysis. The methane conversion increases with the contact time (τ) until reaching a plateau corresponding to the expected thermodynamic equilibrium at 700 °C, i.e., 12.5% 4 (Figure III-5.a). Such trend was also reported recently by Bhan et al. 46 Yet, by carrying out the reaction at lower contact time than these previously recorded in the open literature, it is possible to emphasize the increase is not proportional to τ and follows an S-shaped function. A similar shape is observed for the benzene, toluene, and naphthalene yields as a function of τ (Figure Magnification at short contact times allows for determining two kinetic rates for the methane conversion. The first one (blue: k1) is assigned to the methane conversion rate at short residence times (< 0.11 s), whereas the second (red: k2) is attributed to the conversion rate at long contact times (> 0.11 s). The quantification of these kinetic data leads to k2 ~ 2*k1, which evidences that the rate rises rapidly with increasing residence time. These results indicated that methane is initially slowly transformed into aromatics. Thereafter, methane conversion accelerates and aromatics production increases. For this reason, the major formation of aromatic compounds occurs as a result of secondary reactions. S-shaped curves are typical features for reactions with autocatalytic kinetics. Such phenomenon is already well documented for the methanol to olefin process (MTO). 47,48 MTO has been widely investigated, and the involvement of an organocatalytic intermediate identified as hydocarbon pool (HCP) could be evidenced. Methanol reacts with the active hydrocarbon pool species to produce light olefins, which are further transformed by condensation, alkylation, cyclization, and hydrogen transfer reactions to produce higher olefins, alkanes, and aromatic hydrocarbons. 49 The observation of an active role of the HCP in the MDA reaction allows us to assume that these entities play a critical role in the MDA process. 9,21 The generation of the HCP could occur during the induction step.

More recently, our study on ethylene dehydroaromatization (EDA) in harsh conditions: 50 atmospheric pressure, 700 °C with a partial pressure of ethylene of 0.05 (5 mol% in N2) over a H-ZSM-5 (Si/Al = 40) exhibits the same behavior: an induction period followed by deactivation. The same trend was also observed by Vollmer et al. 51 The aromatics yield increases during the latter stage, despite a significant loss of the acid site concentration resulting from coking. This induction period corresponds to the formation of HCP species composed of 2 to 5 aromatic cycles. 50 The kinetic study revealed that the developing HCP species are two times more active than Brønsted acid sites in the fresh zeolite. The Schema III-4: Ethylene dimerization on protonic sites. mechanism of ethylene dimerization occurs on HCP through a succession of alkylation and pairing reactions, while on Brønsted acid sites dimerization is induced via an unstable primary carbenium ion (Schema III-4). Therefore, ethylene dimerization is faster on HCP than on proton sites. Moreover, these results suggest that in methane dehydroaromatization, the rate-limiting step is the dimerization of ethylene. The rate of deactivation depends on the contact time. An exponential function was assumed for catalyst deactivation, depending on the deactivation constant (kd) and the time-on-stream. 52 The constant deactivation is fitted to the experimental data of the methane conversion (𝑘 𝑑 𝑚𝑒𝑡ℎ𝑎𝑛𝑒 ) and formation rate of hydrogen (𝑘 𝑑 ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛 ). 

II.2.c. Step 3: Deactivation period

Contact time (s) c

The two deactivation constants are plotted as a function of the contact time (Figure 6b). The obtained values compare well, suggesting that the deactivation of hydrogen follows that of methane, which fosters the concept that hydrogen production is directly related to methane conversion. Furthermore, higher contact times lead to increased activity and, surprisingly to higher stability.

Figure III-7 displays, as a function of methane conversion (XCH4), the formation rate of hydrogen and ethylene, benzene, toluene, naphthalene mass yields obtained for different contact times. For each contact time, the highest conversion corresponds to the initial product yields (at 0.5 h), while the lowest conversion values correspond to those obtained on the spent catalyst after 10 h of reaction. Ethylene and hydrogen are primary products; benzene appears as an apparent primary product. Toluene and naphthalene are formed at very low conversion, less than 0.5%, and must be considered apparent secondary products. The benzene, naphthalene, and hydrogen yields increase with conversion. Those of ethylene and toluene pass through a maximum. Thus, ethylene is rapidly converted into aromatics, while toluene may undergo a dealkylation reaction. This apparent reaction scheme (Schema III-5) suggests that the formation rate of aromatics is much faster than that of ethylene. Schema III-5: Apparent reaction scheme of the MDA reaction.

Recently, the group of Bhan et al. identified the exact same correlation between methane conversion and products selectivity pointing out the non-selective deactivation step. 46 Indeed, by varying the contact time, the wide range of formed hydrocarbons concentration and methane conversion, the data remain identical throughout the deactivation step. They also proposed an apparent reaction scheme in which the molybdenum carbide is the only relevant active site of the reaction. Benzene also appears to be formed rapidly after ethylene production.

A slight selectivity change can be observed in Figure III-7. Indeed, for higher contact times, naphthalene selectivity decreases, whilst benzene selectivity increases. This difference might be related to the produced hydrogen, especially at high conversion, promoting benzene desorption and inhibiting naphthalene formation. c). Independent of the selected mass-to-charge ratios, the combustion profiles can be deconvoluted into two welldefined peaks. The first and second peaks are frequently attributed to the oxidation of "soft" (S) and "hard" (H) coke, respectively. 28 The total mass loss corresponds to the coke content (T), and the amounts of S and H coke are calculated from the surfaces of the deconvoluted peaks. a measured by thermogravimetry analysis, b the molar ratio H/C was calculated from elementary analysis and represent the ratio of the total coke c the Brønsted acid sites probed by themodesorption of pyridine at 150 °C, d the micropore volume (Vmicro) was calculated from the t-plot curve using the Harkins-Jura method and a thickness range between 4.5 and 5.5 Å, e the deactivation rate is the slope of the logarithmic plot of the methane conversion rate and hydrogen formation rate.

Figure III-9 reports the total "soft" and "hard" coke content and weight gain as function of the contact time. Considering that only Mo2C is present on the external surface, estimating the molar percentage of molybdenum carbide that oxidizes before coke combustion is possible. Indeed, the Mo2C oxidation leads to a theoretical mass increase of 41% (Eq. III-6), a value confirmed experimentally with commercial Mo2C (purity = 99.5%) (Chapter III annexes, Figure A-III.3). 𝑀𝑜 2 𝐶 + 4 𝑂 2 ⟶ 2 𝑀𝑜𝑂 3 + 𝐶𝑂 2 (+40% 𝑖𝑛 𝑚𝑎𝑠𝑠) Eq. III-6

From the mass gain (Figure III-9.b), between 4 and 10% of Mo2C can be oxidized. Surprisingly, increasing the contact time leads to a more significant amount of produced hydrogen and Mo2C with higher stability towards oxidation. This result suggests that either one part of the Mo2C is oxidized into oxide or further MoCx, where x is ~ 3.6, species are present on the external surface, depending on the residence time.

Table III-2 shows the coke amount of the spent samples recovered after 10 hours of reaction on the spent samples, their remaining BAS concentration and loss of microporous volume. On the catalysts that operated with the longest contact time ((3.1-MoHZ-25)10h 2.04 , Table III-2), the coke is almost exclusively composed of "soft" coke, while with the shortest ((3.1-MoHZ-25)10h 0.11 ), the proportion of both types of coke is similar.

As far as the coke combustion is concerned, the total and "hard" coke contents decrease, while that of the "soft" one remains constant (ca 3. Coke deposition has a stronger impact on the concentration of Brønsted acid sites than on micropore volume. The deposition of 4 wt.% of coke reduces to more than 75% BAS and only 20% of Vmicro (chapter III annexes, Figure A-III.4). The toxicity of the "soft" coke is limited, as the deactivation constant (kd) is independent of its amount, which allows its qualification as a spectator (Figure III-9.c). In contrast, the deactivation constant is directly related to the "hard" coke content (Figure III-9.d). The formation of coke appears to be rather unusual, as contact time enhancement usually mitigates coke deposition (Figure III-9). 53 Thus, coking should be much faster at long contact times with high temperatures because of the high coke precursor concentration. In contrast, the coking rate should be relatively slow for low residence times, and deactivation should be mainly due to acid-site poisoning. 53 To confirm this particular bahavior we carried out additional elemental analysis presented in As the deactivation mechanism remains still unclear, the catalyst deactivation (step 3) results from complex pathways. Its rate depends on the amount of produced hydrogen, as the total coke content decreases with the amount of produced hydrogen ( Thus, adding low partial hydrogen pressure to the methane feed allowed reaching improved catalytic stability and lower coke contents. 26,54 However, it has the substantial drawback of shifting the thermodynamic equilibrium towards the methane side, which negatively impacts conversion. In addition, numerous studies on the use of H2 permeable membranes revealed that, even if the hydrogen removal increases the methane conversion and aromatics formation rate, it favors coke accumulation on the catalyst. 55,56 Notably, Larachi et al. demonstrated that native hydrogen reactivates the catalyst by removing coke-type carbon. Indeed, operating in starved hydrogen flow enables accelerating the establishment of non-carbidic carbon deposited on top of the molybdenum carbide, which migrated on the external zeolite surface. 57 The produced hydrogen has no impact on the "soft" coke (Figure III-9) formation rate. Indeed, independently of the amount of produced hydrogen (Figure III-5.b), its content remains stable. The autogenous hydrogen prevents the formation of "hard" coke, which causes deactivation. By contrast, "soft" coke is an active center for the transformation of ethylene by a hydrocarbon pool mechanism formed during the induction period (step 2). The number of carbon atoms constituting the HCP can be assessed from the concentration of neutralized Brønsted acid sites by assuming a ratio of one molecule of "soft" coke per poisoned acid site (plausible hypothesis due to the limited loss of micropore volume, (see chapter III annexes, Figure A-III.4), (Eq. III-7).

[𝑤𝑡. % 𝐶] 𝑠𝑜𝑓𝑡 = 12 × 𝑛 𝑐 𝑛𝑡 × ([H + ] 0 -[H + ] i ) Eq. III-7
𝑛 𝑐 𝑛𝑡 : carbon molar quantity in the non-toxic coke per amount of catalyst 𝐻 0 + -𝐻 𝑖 + : number of neutralized Brønsted acid sites HCP is constituted of 20 carbon atoms per molecule of coke, which could correspond to coke molecules that classical form in ZSM-5 such as pyrene (d= 1.27 g cm -3 ) and/or benzopyrene (d= 1.24 g cm -3 ). 58 This hypothesis is consistent with the composition of the molecular coke formed during the dehydroaromatization of ethylene on HZSM-5 at 700 °C. Indeed, coke analysis has shown that the molecules trapped within the zeolite micropores during the induction period are composed of anthracene, phenanthrene, pyrene, and benzo(e)pyrene. 50 It is essential to remind that coke growth occurs following a genuine shape-selective mechanism. 59 Hence, by considering that "soft" coke should feature an assumed density of 1.3 g cm -

3

. The apparently occupied volume by this coke on the spent catalyst having almost exclusively this type of coke should be 0.02 g cm -3 , which is consistent with the residual micropore volume in the spent catalysts. We can therefore conclude that the soft coke is trapped within the zeolite micropores. Additionally, the calculated molar ratio H/C of the total coke based on elemental analysis is ~ 0.6, which is consistent with polyaromatic compounds previously proposed (Figure III-11). The high contact presents very low amount of "hard" coke hence we can assume the "soft" coke is composed of polyaromatic compounds inside the zeolite channel. Regarding the toxic coke ("hard" coke), comparable calculations were completed to establish its possible nature. We assume that the higher deactivation rate refers to all carbide species at 6 MR-δ position and external surface (3.1 wt. %) that interact with "hard" coke. Eq. III-8 allows determining the number of carbon adsorbed on one molybdenum atom for each spent catalyst (Table III It should be noted that once the catalyst is totally deactivated (i.e., methane conversion is <1 %), the C/Mo value reaches ~ 8 (Figure III-12). This ratio implies that the toxic coke could be due to strongly adsorbed products, indicating that the deactivation could result from a strong inhibitory effect of the product molecules, i.e., benzene (nC = 6) and naphthalene (nC = 10). This assumption is consistent with the higher hydrogen content of "hard" coke compared to "soft" coke (Figure III-10). In addition, the inhibition could be mitigated by the produced hydrogen.

Figure III-12: Evolution vs. contact time of the nature of the "soft" and "hard" coke characterized by the molar ratios of C/H + and C/Mo, respectively.

To confirm these results, regeneration of the spent catalyst (3.1-MoHZ-25)10h 2.04 was performed and monitored by operando Raman. The Raman spectrum of as-received spent catalyst at 30°C shows two broad lines at 1350 and 1595 cm -1 , referring to the so-called D and G bands in graphite-based materials, and presently assigned to polyaromatic hydrocarbon species. 60 No scattered signal is detected in the 600-1100 cm -1 range (Figure A-III.5) confirming that both zeolite-supported oxomolybdate phase and the MoO3 crystals have reacted in the course of the MDA reaction.

Upon heating under dry O2/He flow, the intensities of both peaks detected at 1350 and 1595 cm -1 are mostly stable up to 300°C. Between 350°C and 500°C, the intensities of both peaks markedly decrease with a maximal rate detected in the 450-500°C range, as evidenced by the derivative curves shown in Figure III-13. Such a decrease is real-time correlated to a marked increase of CO2 production at 480°C, thus confirming that the as observed carbon deposit has been removed from the powder by oxidation and desorption from the zeolite surface.

At 550°C, although the Raman signature of carbon deposit is not detected anymore, another significant maximum of CO2 production is reached. In other words, the CO2 produced at 550 °C is corresponding to the reaction and desorption of a carbon species which was not detected by means of Raman spectroscopy. Interestingly, no feature related to Mo oxide has been detected at end of the TPO (700°C). This may be due to the strong contribution from visible-range fluorescence which occurred as the temperature exceeded 600°C.

The temperature-controlled profile of CO2 production measured using the Raman operando set-up is in fine agreement with the one obtained from the thermogravimetric analysis shown in Figure III-8.

A coupling of results can thus be made for establishing the experimental evidence that the so-called soft coke is genuinely consistent with polyaromatic hydrocarbons which plausibly form the HCP. On the other hand, the hard coke is consistent with moieties undetectable to visible Raman spectroscopy run in the present conditions. DFT modeling has been used to compute the adsorption energies of both species presumed to act as "hard coke" (benzene and naphthalene) on the Mo2C2 active site to confirm their plausibility for active phase poisoning. The as-afforded relaxed adsorption structures are given in Figure A-III.1, together with the corresponding calculated adsorption energies. Our calculations show that the adsorption of naphthalene on the supported Mo2C2 site results in a stable structure with adsorption energy of -0.65 eV, confirming that naphthalene can block the active site and causes catalyst deactivation. The adsorption of benzene is further feasible on the Mo2C2 site, featuring a similar adsorption energy of -0.78 eV (Figure III-14). The key role of H2 is even more emphatized as the calculated adsorption energy reaches 0.68 eV upon co-adsorbing naphthalene with H2. Thus, in the catalyst deactivation, the mitigating role of H2 is indeed observed experimentally. Kosinov et al. discussed coke nature recovered on the spent samples in a well-notable paper. 21 The authors described that the apparent difference observable in TG profiles resulted only from the limited diffusion combustion inside the pores. Furthermore, they stated that there is no chemical difference between the "soft" and "hard" coke since 13 C NMR analyses show only sp 2 carbon. Thus they concluded the fraction of "hard" coke to correspond to polyaromatic compounds trapped within the zeolite channels. In our manuscript we propose that the "soft" coke is rather the polyaromatic compounds anchored on BAS inside the zeolite channels.

We would like to raise the possibility that this change of interpretation depends on the combustion profiles. Indeed, we obtained a contribution of "soft" coke predominant, whereas the team of Kosinov presents a more important contribution of "hard" coke. This change of behavior is related to the textural properties of the material (Mo content, Si/Al molar ratio, crystal size,…).

Then, the proposed coke nature is in good agreement with sp 2 hybridized C atoms. It is crucial to mention that the coke formation follows a genuine shape-selectivity reaction.
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111 Thus, a low coke amount (5-6 wt.%), recovered on the spent samples with a slight reduction of the micropore volume (~ 20%) of a tri dimensional zeolite will apparently not induce oxygen diffusion limitation. 59,61 From all the results presented in the open literature, 14,21,26, we conclude that the higher contribution in the TPO profile is probably due to internal coke independently of soft or hard coke type.

Finally it should be noted, the active species inhibition by aromatic compounds appears under specific conditions, i.e, low contact time, hence very small amount of autogenous hydrogen. At higher contact time, under the traditional MDA experimental conditions, the hydrogen formation is sufficient to desorb the aromatic compounds from the active species.

III. Conclusion and Outlook

Dehydroaromatization of methane over a Mo/H-ZSM-5 catalyst involves the constant evolution of the molybdenum species from preparation and throughout the catalyst lifetime. Schema III-6 summarizes the evolution of the Mo species of the four stages: calcinationpretreatment (0), activation (1), induction (2), and deactivation (3) (the regeneration stage is not addressed in this study).

During the calcination (step 0) of H-ZSM-5 impregnated with (𝑁𝐻 4 ) 6 𝑀𝑜 7 𝑂 24 . 4𝐻 2 𝑂, a part of the developed oxide (MoO3) reacts stoichiometrically with the bridged hydroxyl group pairs to give dimeric [Mo2O5] 2+ entities (step 1). This solid-solid reaction is energetically favorable and amounts to 0.85 eV. As the number of aluminum pair sites is limited, an important portion of the molybdenum (80%) remains located on the external surface as MoO3.

MoO3 and [Mo2O5] 2+ react stoichiometrically with methane and are reduced into MoC2 and (Mo2C2) 2+ cation, respectively. This reduction phase is called the activation period (step 1). The carburization reaction of the oxomolybdate cation anchored in zeolite is highly endothermic (26.6 eV). However, since the chemical potential of CO and H2 is close to zero, the reaction equilibrium is shifted to the formation of carbide species. Schema III-6: Mechanisms involved in the four steps of the methane dehydroaromatization reaction.

After the activation period, characterized by the absence of aromatics formation, the generated carbide species anchored within the zeolite activates methane leading to desorbed products (Step 2: induction period). Mo2C is a spectator species. Methane activation energy on Mo2C2 2+ is 1.49 eV. During the first stage of the induction step, ethylene dimerizes on the acidic Brønsted sites. Then is easily transformed into benzene and polycondensed aromatic compounds, which are composed of 20 carbon atoms (pyrene, methyl-benzopyrene). The latter, named "soft" coke, does not poison active sites as they allow the transformation of ethylene two times faster than the proton sites and was identified to act as HCP. In methane dehydroaromatization, the rate-limiting step is the dimerization of ethylene. Deactivation (step 3) depends on the contact time and decreases with an increasing amount of produced hydrogen. H2 acts as a catalyst surface scavenger by promoting the desorption of aromatic compounds that strongly adsorb on carbide species. The introduction of hydrogen into the feed gas shifts the thermodynamic equilibrium towards decreased conversion. Deactivation is not related to pore blocking but rather to "poisoning" by "hard" coke, which is composed of hydrogenated and lighter molecules than "soft" coke. Hence, deactivation results from strong adsorption of aromatics on Mo2C2 2+ , with adsorption exceeding 0.7 eV.

MDA reactions occurs at high contact time to favor the production of autogenous hydrogen that favor the desorption of aromatic compounds inhibiting the active species.

Based on the adapted experimental conditions to "improve" the catalyst stability, the contact time was then adjusted to 1.8 s (i.e., GHSV = 1.4 L h -1 gcat -1 , Chapter II) for the remaining of the work.

In the following chapter, a catalyst screening was undertaken with the aim to evaluate the impact of the Mo/Al molar ratio on the different steps of the reaction.

Chapter IV How does the balance of metal and acid functions on the benchmark Mo/ZSM-5 catalyst drive the MDA reaction?

I. Introduction

The depletion of the worldwide crude oil reserves and its price instability have shifted the appeal of new energy sources towards natural gas. The 40% increase in natural gas production in the past decade has raised significant interest in developing innovative use for natural gas as a new chemical reactant. 1,2 Methane, the most abundant compound in natural gas, is primarily used for electricity supply. As only 1.5% of natural gas is catalytically converted into building block molecules, groundbreaking methods for the transformation of methane are considerably required. 3,4 Non-oxidative Methane Dehydroaromatization (MDA: 6 CH4 ⇋ C6H6 + 9 H2) on bifunctional catalyst Mo/ZSM-5 has arisen as a key technology to decarbonize natural gas to high-value chemicals and CO2 free clean energy vectors. However, MDA faces two major hurdles: (i) low activity, as the one-pass conversion into benzene is thermodynamically limited (~12% at 700 °C) and (ii) rapid catalyst deactivation, as coke formation is kinetically favored at high temperature. 5,6,7 Ever since the singular bifunctional Mo/ZSM-5 active MDA catalyst reported by Wang et al. in 1993 8 , considerable interest has been paid over the past three decades to unravel the secrets of MDA. Briefly, the MDA process occurs through four successive steps: (i) catalyst preparation generally consisted of an incipient wetness impregnation followed by a calcination, 9 (ii) activation where no aromatic production is observed corresponding to the reduction of the molybdenum oxide into molybdenum carbide centres, 10,11 (iii) the latter converts methane to olefin intermediates initiating aromatic formation during the induction step, 12,13 (iv) once the catalyst achieves is operational activity, it begins to deactivate. 14,15 Numerous transition metals were tested (Cr, V, Fe, W,…), and molybdenum was considered the best suitable one. 16 However, molybdenum alone is insufficient to produce benzene, even though Mo impregnated silicalite shows low MDA activity. 17 The Brønsted acid sites (BAS) and the shape selectivity provided by the ZSM-5 zeolite are necessary to assist in the formation of benzene. 18 The role of the Brønsted acid sites (BAS) was evidenced: (i) Low Si/Al molar ratio allows highly dispersing the Mo precursor for active sites inside the zeolite channels during the calcination step due to cation exchange with protons. 19 (ii) High BAS density favors the aromatization of coke precursors leading to carbon accumulation, hence catalyst deactivation. 20,21 The acidity plays, therefore, a unique dual role in which it allows the molybdenum dispersion inside the zeolite channel while favoring the catalyst deactivation. Carefully tuning the catalyst acidity has been revealed to be one of the main research topics in MDA and widely discussed in the literature.

Considerable effort has been devoted to modifying the catalyst acidity before and after impregnation: modification of the Si/Al molar ratio, 22,23 partial alkali-cation exchange, 24,25 neutralization of the external BAS by silylation, 26 use of a bimetallic catalyst with the addition Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 122 of a dopant (Cr, Ag, …). 27 However, all these modifications show no significant stability benefit. Indeed, after a short period of catalyst stability enhancement, it finally deactivates.

All these previous investigations questioned the catalyst acidity involvement in the reaction and put back in the heart of the discussion the molybdenum influence. Indeed, among all the proposed catalytic systems, the initial Mo/ZSM-5 catalyst has remained one of the most promising catalysts for this reaction, hence arousing the curiosity of the whole scientific community. For years, the ideal catalyst balance was proposed to be ~ 5 wt.% of molybdenum with Si/Al ratios in the range of 15-40. 7 However, more recently, several groups reported a significant stability ,23,28,29 and benzene selectivity 30 enhancement as the Mo loading increases until 16 wt.%. Thus, this lack of information and general agreement encouraged our following study.

Here, we address the tuning of the balance between the two catalyst functions involved in the MDA, namely the metallic and acid functions. The influence of the Mo loading (up to 20 wt.%) on the zeolite with various BAS concentrations (Si/Al = 15, 25, 40, 75, and ∞) was systematically investigated throughout the four successive reaction stages. It provides new insights and adjusts some interpretations of the literature. For each unique Si/Al molar ratio, particular attention was paid to the location, nature, quantification, and evolution of the molybdenum species, which allow us to separate the active from the spectator species and elucidate their clear role in the reaction. In particular, it was proposed how solely the molybdenum drives the reaction independent of the zeolite acidity once its amount exceeds a general value of 4 wt.%.

II. Results

II.1. Structure and density of the molybdenum species on the supported oxomolybdate zeolite X-HZ-Y after calcination

Table IV-1 gathers all the characterization data calculated for each sample. The samples are denoted X-MoHZ-Y, where X refers to the amount of molybdenum deposited on the fresh catalyst directly established from ICP measurement. As for Y, it represents the molar Si/Al molar ratio given by the zeolite supplier, i.e., Zeolyst international (Chapter II).

Firstly the morphology,and crystallinity of the samples were investigated. Then, particular attention was paid to the identification and localization of the oxo-molybdate species to properly quantify their impact on the textural properties of the protonic zeolites.

II.1.a. Powder X-ray diffraction analyses

The XRD patterns of the supported oxo-molybdate zeolites X-HZ-Y are presented in Figure IV-1. The peaks ascribed to the MFI framework at 7.9°, 8.8°, 23.0°, 23.9°, and 24.3° keep their initial intensity irrespective of the Mo loading. No MFI peak shifts were observed with respect to the Mo loading. On the other hand, the characteristic peaks of the orthorhombic Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 123 MoO3 crystallites at 12.7°, 25.7°, and 27.3 (JCPDS File No. 04-012-8070) start to appear for Mo content higher than 3-4 wt.%. 33 Contrary to other suggestions, no other phase, e.g., Al2(MoO4)3, was detected on the XRD patterns. No extraction of framework Al from the zeolite, even with a high Mo content, i.e.,> 8 wt.%, occurs during the calcination. 34,35 The micropore volume (Vmicro) was calculated from the t-plot curve using the Harkins-Jura method and a thickness range between 4.5 and 5.5 Å, c The mesopore volume was deduced with the subtraction of the total pore volume taken at P/P0 = 0.95 minus the micropore volume, d The neutralized Brønsted probed by thermodesorption of pyridine at 150 °C (i) was normalized from the amount of catalyst, i.e., Eq A-IV.1 and (ii) normalized from the amount of zeolite, i.e., Eq A-IV.2. e The MoO3 crystallite size was deduced from the Scherrer equation. The data were normalized either to the total amount of catalyst (gcat ) or the zeolite amount. Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction?
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From the XRD patterns (Figure IV-1), it is possible to calculate the size of the MoO3 particle with the Scherrer equation (Eq. II-2). The resulting measure is plotted as a function of Mo loading (Figure IV-2). It appears that the crystal MoO3 size is independent of the Si/Al ratio.

Additional SEM analyses show the morphology of the MoO3 particles deposited at the external surface for various Mo loading.

Three different areas can be identified and classified with ascending Mo content: (i) Mo < 5 wt.%: the MoO3 crystallite size range is between 60 nm and 90 nm. Very isolated particles were detected, (ii) 5 wt.% ≤ Mo ≤ 13 wt.% the particles MoO3 size remains constant at ~ 90 nm, and SEM images support higher MoO3 density on the external surface and (iii) Mo > 13 wt.%: the MoO3 particles are highly dispersed within the zeolite micro-crystal, forming a well uniform solid mixture where the remaining MoO3 "dilute" the zeolite catalyst to a certain extent.

The size of the MoO3 particle (~ 90 nm) is too large for diffusing inside the internal HZSM-5 zeolite channels (5.5 * 5.1 Å and 5.3 * 5.6 Å). 36 Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction?

126 II.1.b. N2-sorption measurements N2-sorption measurements were carried out to probe more deeply the internal structure of the catalyst. From Table IV-1, microporous volumes between 0.13-0.16 cm 3 gz -1 were deduced for the protonic zeolites.

Once the molybdenum is impregnated on the commercial zeolite, it is crucial to make two distinctions:

(i)
Normalization from the amount of the total catalyst (gcat)

(ii) Normalization from the amount of only the zeolite by removing the molybdenum content directly calculated from the ICP measurement (gz) Indeed, as explained previously and observed on SEM analysis, a high amount of molybdenum "dilutes" the zeolite crystal. Therefore, this differentiation allows probing more precisely the textural properties of the zeolite by removing the impact of this "diluting effect" on the zeolite crystal and avoiding any misleading interpretation.

Vmicro for each catalyst was calculated using the two different normalization modes and summarized in Table IV- ) normalized with the full catalyst mass, it would appear that increasing the impregnated molybdenum content strongly decreases the micropore volume. Thus, leading to a probable crystallinity loss. Pinglian also made a similar comment and ranked the microporous volume by descending order: HZSM-5 > 6 wt.% Mo/HZSM-5 > 10 wt.% Mo/HZSM-5. 28 On the other hand, another trend emerges by removing the excess of MoO3 in the calculation of the micropore volume (𝑉 𝑚𝑖𝑐𝑟𝑜 𝑧 ) (Figure IV-3.b). Indeed, the zeolite micropore volume seems to stay constant regardless of the Mo content. Thus a negligible loss of crystallinity occurs when the Mo loading increases. However, despite the low calcination temperature, 𝑉 𝑚𝑖𝑐𝑟𝑜 𝑧 still slightly decreases with high Mo loading for the series Si/Al = 15, which is due to the possible formation of extra-framework species such as Al2(MoO4)3.occurring favorably for low Si/Al molar ratio. 27 Al MAS NMR confirmed the presence of such species (Figure A-IV.1).
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The nitrogen adsorption analyses are an excellent example of the previous distinction made, i.e., the normalization calculation, originating from the "diluting effect" of the MoO3 particles.

II.1.c. Ex-situ Raman spectroscopy

Ex-situ Raman spectroscopy was used as a powerful tool for investigating the structure of the supported phase. Due to the numerous molybdenum configurations on zeolite, the assignment of Raman lines of both bulk and supported Mo oxides has been widely discussed in literature. 37,38,39 The ex-situ Raman spectra of the fresh catalysts are shown in  When the Mo content increases until ~ 4 wt.%, a supported poly-oxomolybdate phase develops, as supported by the increase of the broad scattering centered around 850 cm -1 . In general, the relative intensity of the 850-880 cm -1 signal compared to the 950-975 cm -1 one is a fair indicator of the polymerization degree. The polymeric entities MoxOy are also observed at higher Raman frequency (960-985 cm -1 ), indicating v(Mo=O) stretch vibration.

 When the Mo loading exceeds 4 wt.% Mo, intense and sharp Raman lines at 818 and 994 cm -1 start to emerge, meaning the α-MoO3 phase is detected. Its relative intensity increases with increasing Mo content until becoming the only detected phase owing to the large Raman cross-section of α-MoO3 as compared to the other oxomolybdate moieties.

The catalyst with a Si/Al molar ratio of 75 (Figure IV-4.d) shows a specific evolution upon Mo loading. At 3% Mo loading, lines at 975, 955, 818, and 615 cm -1 were detected, implying Mo stands as silico-molybdic acid H4SiMo12O40. Increasing the Mo content, the β-MoO3 phase metastable were identified as shown by the typical lines at 904 (medium), 849 (very strong), and 774 (strong) cm -1 . The β-MoO3 phase develops parallel to α-MoO3, but no polymeric oxomolybdate phase has been evidenced. At 10% Mo content, the only detected phase is α-MoO3. The infrared spectra in the OH stretching region of the protonic zeolite (dashed lines) exhibit five well-known bands. An intense band at 3610 cm -1 (± 2) assigned to the bridged hydroxyl groups (Si-O(H)-Al); an asymmetric band at 3740 cm -1 ascribable to the terminal silanol groups on the external surface, two bands at 3665 cm -1 , and 3785 cm -1 (less intense), which correspond to OH linked to extra-framework aluminum species (e.g., AlOH + ) and finally a broad shoulder centered at 3470 cm -1 attributed to Si-OH of the hydroxyl nests considered as internal defects.

Once the molybdenum is impregnated, one common observation emerges: the external silanol stretching band intensity decreases as the molybdenum content increases. By analogy with Al pairs, the assumption was established that vicinal silanol could also react with molybdenum oxide. However, it is impossible to discriminate between monomeric or dimeric molybdenum anchored silanol species with the IR OH spectra.

Separating the series is necessary for the following considerations. ), the intensity of the bridged OH-band remains constant irrespective of the Mo content supporting; thus, molybdenum is not anchored on Brønsted acid sites. More surprisingly, the shoulder band at 3470 cm -1 indicating the silanol nests reacts with the molybdenum. One possible synthesized species is single site Mo-containing ZSM-5 as reported by Mintova et at. 40,41 who illustrated the isomorphous substitution framework Si atoms with Mo atoms in Silicalite-1 zeolite under specific conditions. However, the XRD patterns presented in Figure IV-1 are not appropriate for the detection of this species. Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction?

131 Indeed, the Mo framework zeolite is monoclinic, leading to peak splitting of the XRD pattern between 2ϴ= 22-26.5°. Such characteristics are not observed. Therefore, the formation of these species still needs to be further elucidated.

 Si/Al = 75 (Figure IV-5.d) aside from the silanol band previously explained all other stretching OH bands display equal intensity confirming that no molybdenum is anchored on Brønsted acid sites inside the zeolite channel.

From the chemisorption of pyridine at 150 °C, it is possible to quantify the number of anchored oxo-molybdate species inside the zeolite channel. The calculated Brønsted acidity on the four protonic zeolites are (ascending order of Si/Al molar ratio): 504, 290, 250, and 138 μmol gz -1 .

Figure IV-6 displays the neutralized Brønsted acid sites as a function of the Mo loading for each different series. As for the N2-physisorption measurement, a mass correction coefficient is also necessary to correctly quantify the pyridine chemisorption at 150 °C of the supported oxomolybdate phase.

First of all, it appears that after Mo impregnation, the BAS concentration decreases compared with the parent zeolite indicating molybdenum oxide reacts with available proton during the calcination step. In addition, the lower the Si/Al (high BAS concentration), the higher the quantity of neutralized BAS. This property was also identified by Xu et al., who impregnated up to 15 wt.% of molybdenum on HZSM-5 (Si/Al = 25) and calculated the relative integrated intensity of pyridine adsorbed on Brønsted acid sites. 42 They also found this band intensity decreases with the Mo loading until it reaches a maximum value at 6 wt.%. With the help of H2/D2 exchange analysis, Iglesia et al. 34 showed a similar observation on HZSM-5 zeolite with a molar ratio Si/Al = 14.3. Indeed the H2O evolution rate is directly related to the Mo content for samples with 1.0-3.6 wt.%. After reaching this value, the desorption rate becomes constant as the Mo content increases.

X-MoHZ-Y: calcined catalysts

From Figure IV-6.b and Table IV-1, it is possible to assess the maximum reduction loss of BAS concentration after Mo impregnation, i.e, ~ 30, ~ 20, 0, 0 % for Si/Al = 15, 25, 40, and 75, respectively.

Rice et al. calculated by stochastic simulations the probability in ZSM-5 zeolite of NNN pairs of Al atoms able to stabilize a divalent cation (M 2+ ) and form an oxo-binuclear cation, i.e., two M 2+ bridged by an oxygen atom (-M-O-M-) 2+ . 43 The assessment of the maximum probability to form bridged M 2+ and oxo-binuclear cation depends on the molar Si/Al ratio and is summarized in Table A-IV.1.

The theoretically determined values for the proportion of stabilized oxo-binuclear cation are consistent with the BAS reduction concentration found for the molybdenumsupported catalysts. Therefore, the amount of Mo at the channel intersections is limited to the number of aluminum pairs. The remaining isolated protons are consequently not accessible during the molybdenum migration.

II.2. Activity and selectivity of the X-MoHZ-Y catalyst series

The catalytic performance of the X-MoHZ-Y samples in the dehydroaromatization of methane was then carried out. The samples showed the typical time-on-stream behavior of Mo/HZSM-5 with the three well-known steps 12,44 : (i) activation time where the benzene yield is null, (ii) then the aromatics yields increase in the first hour during the induction step (iii) followed by a slight decrease in the methane conversion and the benzene yield ( Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction?
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Even if the carburized active species have still not been well established 45 , the carburation occurs on both MoO3 oxide phase segregated outside the channels 10,46,47 and the supported Mo2O5 dimers anchored within the zeolite channels by bridging two Al centers as visible in Eq. IV-1 and Eq. IV-2, respectively.

4 𝑀𝑜𝑂 3 + 7 𝐶𝐻 4 → 2 𝑀𝑜 2 𝐶 + 3 𝐶𝑂 2 + 2 𝐶𝑂 + 10 𝐻 2 + 4 𝐻 2 𝑂
Eq. IV-1

2 𝑀𝑜𝑂 3 + 7 𝐶𝐻 4 → 𝑀𝑜 2 𝐶 + 6 𝐶𝑂 + 14 𝐻 2 Eq. IV-2

The straight lines corresponding to the two different stoichiometry numbers were plotted. Most of the data were found in this range. Surprisingly, at high Mo loadings, this proportionally seems to decline. It results since full carburization of the molybdenum oxide is not necessary to start benzene production. 30,48 As numerous variety of molybdenum reduced centers such as MoC, α-Mo2C1-x, β-Mo2C, MoOxCy, partially reduced MoO3-x was reported 49 could therefore change the stoichiometry CH4/oxides of the two previous equations.

II.2.b. Catalytic tests: production stage

It can be seen in Figure IV-9 the cumulative product yields after 10 hours of reaction as a function of the Mo loading for the different catalysts series.

First of all, it appears Mo is requisite to activate the catalyst. Indeed, all the protonic zeolites display negligible aromatics formation. The same conclusion emerges regarding the acidity of the zeolite. Since the Mo-supported silicate cumulative yields in Figure IV-9.e show no catalytic activity. Only the co-existence of metallic and acid functions leads to an active catalyst.

For all "acid" series, benzene is the main formed product followed by higher aromaticity compounds (mainly coke + naphthalene), then ethylene and toluene are found in small proportion. The results point out higher cumulative methane conversion for a lower Si/Al ratio, which agrees with previous works. 22,23 Furthermore, as explained by the chemisorption of pyridine at 150°C, a lower Si/Al ratio promotes a higher probability of paired aluminum inside the zeolite channel where the Mo oxide precursors for the active sites strongly anchor.

Interestingly, regardless of the Brønsted acidity, the cumulative yields follow a bellshaped curve. The accumulated products increase as a function of the Mo content until it reaches a maximum value, then it suddenly decreases. The ideal composition is obtained for 3-4 wt.% Mo, which corresponds to previous reports. 29,50 Once the value is exceeded, a sudden drop of catalytic activity appears for all series.
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136 follows the same tendency as the cumulative yields, i.e., its length increases until the Mo loading reaches ~ 4 wt.% and then a sudden drop once Mo content exceeds this value. The induction period becomes almost immediate in excess of Mo. Recently, it was proposed that this step corresponds to the building up of an organo-catalytic complex known as Hydrocarbon pool (HCP). 12,13,51 This correlation between induction time and cumulative yields allows us to assume that these entities play a critical role in the MDA process by favoring the formation of the products.

Once the catalyst achieves its operational activity, it starts to deactivate. Since no drastic change in selectivity during the reaction is observed, it supports the non-selective nature of deactivation. 52 An exponential function was assumed for catalyst deactivation (Figure A-IV.3), depending on the deactivation constant (kd) and the time-on-stream 53 and exposed in Table IV-2. Besides the severe lack of methane conversion, high Mo loading catalysts present strong deactivation behavior regardless of the Si/Al ratio.

Consequently, an interesting relation emerges; three catalytic parameters are intrinsically linked: the cumulative benzene yield after 10 hours, the deactivation constant (kD), and the induction time. Figure IV-10 shows the interconnection of these parameters. The more the catalyst produced benzene, the longer the induction time, and the slower the deactivation step. In summary, if the catalyst has a high activity, it will be more stable due to the autogenous produced hydrogen. 54,55 In addition, to achieve the operational activity, the accumulation of HCP should preferably be performed with a catalyst with a high acid site density. From ~ 350 °C up to 500 °C, the initial weight gain is attributed to the carbide species (mostly Mo2C) oxidation into MoO3. 56 A first weight loss up appears at 550 °C and a second at 650 °C. Both weight losses are more definite with the mass signal oxidation product, i.e., CO2 (m/z = 44). Indeed, the combustion profiles can be deconvoluted into two well-defined peaks; the first and second peaks are ascribed to the oxidation of "soft" and "hard" coke, respectively 21 . Their quantities are drawn from the area of each peak.

Further characterizations of the spent catalyst recovered after 10 hours of reaction were performed and exhibited in Table IV

-2.
First of all, the ICP measurements indicate no significant Molybdenum loss by potential sublimation (Table IV- Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM- a Mo content measured by ICP analysis, b the deactivation rate is the slope of the logarithmic plot c measured by thermogravimetry analysis and d The micropore volume (Vmicro) was calculated from the t-plot curve using the Harkins-Jura method and a thickness range between 4.5 and 5.5 Å, Figure IV-12 compares the occupied microporous volume of the zeolite (Eq A-IV.3), the amount of "soft," "hard" coke, and the weight gain as a function of the molybdenum content for all catalysts series. For each series, it is possible to establish two distinct areas.

 wMo < 4wt.%, 𝑉 𝑚𝑖𝑐𝑟𝑜 𝑧 𝑜𝑐𝑐𝑢𝑝𝑖𝑒𝑑 slightly increases and stabilizes around 20 %. Due to the low amount of molybdenum, no carbide oxidation occurs. Regardless of the acidity, the total coke amount increases until the Mo loading reaches 2 wt.%. Then, it decreases as a function of the Mo loading. Regarding the coke nature, "hard" coke is predominant for the minimal Mo amount, i.e., wMo < 2 wt.%. Once this value is exceeded, a curious change of coke distribution occurs. Coke is in the closest intimacy with Mo species, which can catalyze the coke combustion increasing; therefore, the "soft" coke contribution for Mo > 2 wt.%. 13 Spent catalysts : (X-MoHZ-Y)10 h 

Weight gain

Weight loss c

Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 141  wMo > 4wt.%, 𝑉 𝑚𝑖𝑐𝑟𝑜 𝑧 𝑜𝑐𝑐𝑢𝑝𝑖𝑒𝑑 stay constant ca 80%. It appears clearly the higher the Mo loading, the higher the oxidation weight, which is directly related to the remaining amount of MoO3 on the external zeolite surface of the fresh catalyst. For all series, the total coke is lower than 4 wt.%. The contribution of "soft" coke is preponderant. It seems the total coke amount decreases when the Mo loading increases. These earlier observations aroused our curiosity, as one would expect that the higher the amount of coke, the higher the occupied micropore volume. Commonly, the occupied volume should increase once the coke is deposited inside the zeolite channel on the isolated Brønsted acid site. Coke deposition could also recover the whole external zeolite surface blocking the access of the micropores. However, the insoluble coke molecules surround the zeolite crystallites when the total coke amount is higher than 7 wt.%. 57,58 Thus, for high Mo loadings (Mo > 4 wt.%), the micropore volume drop cannot be only attributed to partial pore blockage or coke accumulation on the external surface as it typically takes place during the MDA process. 13,21 142

Further XRD analyses performed on the spent samples (Figure IV-13) confirm an important loss of peaks intensity when the Mo content increases regardless of the acidity. A large shoulder appears for 2ϴ = 22°, indicating the presence of an amorphous phase. In addition, when the peaks intensity of the ZSM-5 decreases, new broad peaks start to increase at 2θ = 39.5°, characteristic of the species β-Mo2C (JCPDS File No. 35-0787). This large shoulder suggests the overlap of the molybdenum carbide with some other amorphous carbon species. 59 The presence of a well-defined amorphous phase clearly evidences the start of a collapse of the internal zeolite structure once the Mo loading exceeds 4 wt.%, which becomes more and more important as long as the Mo loading increases.

III. Discussion

The results indicate the requirement to control the balance between acid and metal function. Indeed, by studying the evolution of the physicochemical properties and the catalyst performance during the four successive stages: calcination, activation, and production (iii) stages, then deactivation period, two distinct domains appear as a function of the molybdenum content: WMo lower or higher than 4 wt %, This limit value corresponds to an optimal value whatever the Si/Al molar ratio.

III.1. Calcination stage

As the temperature increases during the calcination step, molybdenum oxide migrates inside the zeolite channel and reacts on BAS, which is more available on low Si/Al ratio 22,24,60 . The partial BAS exchange observed with chemisorption of pyridine at 150 °C shows Mo solely anchored to bridged pair Al atoms. Thus, the maximum possible Mo to exchange is limited and depends on the zeolite acidity density.

The combination of Raman and IR studies confirms the statement made by lately published papers 34,61 in which the most stable adsorption structure for molybdenum within the ZSM-5 channels is dimer Mo2O5 2+ bridged at two Al atoms in 6MR-δ.

At low Si/Al (15, 25), the high acid site density allows the molybdenum to anchor on the Al paired. When the Mo loading is low (< 2wt.%), the monomeric bidentate species MoO2 2+ is firstly detected. Tessonier et al. reported this same anchoring behavior where the formation of the monomer bridged to two Al appears only under very specific synthesis conditions, i.e., Si/Al =15 and Mo content < 2 wt.%. 19 However, the monomers may not be likely to be stabilized, as shown by previous modeling calculations. 51 Then, when the Mo content start to increase, two similar monomers MoO2 2+ condense favorably into one anchored dimeric bidentate species Mo2O5 2+ .

The characteristic peak of MoO3 starts to appear when the Mo amount reaches 4. wt.%. Once the Mo loading exceeds 4 wt.%, a slight decrease of Vmicro occurs for the series 15 due to Al2(MoO4)3 formation. Its formation is mitigated since the calcination temperature is lower Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 143 than 600 °C (i.e., 500 °C). The interactions between Mo moieties and the zeolite are not strong enough to dealuminate the zeolite framework, thus partially preserving the internal zeolite structure (Schema IV-1). 9 XRD analyses and N2-physisorption measurements confirm the high crystallinity of the material despite high Mo amounts.

III.2. Activation and production stages

To resume, the first parameter to consider for an optimal MDA reaction is the Brønsted acidity concentration. It allows dispersing the molybdenum active site precursor inside the zeolite channel during the calcination step. Then, once the molybdenum is reduced, its close proximity with the acidic proton enables the building-up of an organo-catalytic complex. 62 Figure IV-9 and Schema IV-2 show that if the protonic zeolite presents a high Si/Al molar ratio, the cumulative yield is constant regardless of Mo loading. For that reason, once the zeolite presents the suitable acidity, the second parameter to carefully factor is the molybdenum amount: (i) WMo < 4 wt.%. Impregnating a minimal amount of molybdenum initiates an active catalyst. However, the necessary Mo amount to build an ideal HCP is not achieved, limiting thus the cumulative yields.

(ii) WMo reaches the "ideal" value ~ 4 wt.%. The optimal amount of molybdenum is impregnated on the catalyst allowing its high performance. The compromise between metal and acidity function leads to long induction and slow deactivation, which are requisite for maximum product formation.

(iii) WMo > 4 wt.%: a sudden drop of catalytic activity regardless of the Brønsted acidity is noticed. In addition, the calculated deactivation constant kd underlines a rapid loss of catalytic IV-2). 53 It highlights that only molybdenum drives the reaction at this loading and is responsible for catalyst deactivation. Eq. IV-3

The maximum amounts of Mo anchored as dimer Mo2O5 2+ inside the zeolite channel are 1.4, 0.5, and 0 Mo wt.% for the catalysts series Si/Al = 15, 25, and 40 and 75, respectively. Once the Mo loading exceeds this maximum value, additional Mo remains at the external surface in the form of tridimensional MoO3 crystallite (~ 90 nm), even if isolated reactive protons are still accessible. However, the four series exhibit the optimal activity for Mo loading ~ 4 wt.%.

Two assumptions could explain this structure-activity behavior. First, the molybdenum migrates inside the zeolite channel during the pretreatment. It is worth mentioning that the calcination temperature is 500 °C, whereas the reaction occurs at 700 °C. Hensen et al. investigated the effect of calcination temperature on the concentration of BAS and showed that low Mo content (< 3 wt.%) initiates a slight reduction of BAS as the calcination temperature increases with no impact on the crystallinity. 63 It suggests that Mo migrates inside the zeolite channels. Further Mo precursors for active sites are undetectable at 500 °C and are formed at higher temperatures. Thus, a textural properties change could occur under the inert pretreatment heating.

Another explanation is the external molybdenum species are active in the reaction. Indeed, a significant variety of molybdenum reduced centers such as MoC, α-Mo2C1-x, β-Mo2C, partially reduced MoO3-x on the outside surface were reported 49,64 to play possibly a role in this singular reaction. But to be active, these species require the presence of Brønsted acid Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction?

145 sites. This currently unresolved structure-activity relation emphasizes the complex nature of the involved reaction mechanism and the identification of the active sites (Schema IV-2).

III.3. Deactivation step

The spent catalysts recovered after 10 hours of reaction were deeply characterized to identify the deactivation modes.

 Mo < 4 wt.%, N2-physisorption measurements demonstrate that carbon species block the pores of 1% Mo and 4% Mo catalysts in a similar manner, independent of the Mo content. This is well-known as the polycondensation of the formed aromatics over the Brønsted acid sites on the external surface and at the cannel mouth leads to serious coke formation and catalyst deactivation. Thus the higher the acidity, the higher the total coke recovered on the catalyst.

 Mo > 4 wt.%, a new deactivation mode has been identified in which the zeolite collapse after 10 hours of reaction independent of the zeolite acidity. The strong deactivation constant and the brief induction period for high Mo loading suggest zeolite amorphization occurs in the early stage of the reaction. It appears that H2O and CO2 are formed as long as the activation step lasts. As demonstrated previously, the higher the Mo content, the longer the activation is, thus producing a considerable amount of water that could potentially dealuminate the zeolite. For that reason, we presume the formation of water during the activation for carburizing the oxomolybdate supported catalysts might contribute to the collapse of the zeolite. In addition, its low space velocity can also favor the dealumination of the zeolite. By considering only (Eq. IV-1) and a 20 % constant molar conversion of methane, we reach a partial pressure of water equals pH2O ~ 7 %. Previous studies show that co-feeding the methane flow with water is known to inhibit the reaction once the partial pressure pH2O exceeds this critical value. 64,65 Thus water plays a key role in the carburation of the molybdenum species. Hensen et al. also suggested that H2O formed during the regeneration step could contribute to the dealumination of the catalyst. 63 They show similar behavior, in which the catalyst with more Mo loading was unstable upon reaction-regeneration cycle, independent of the Brønsted acidity. Thus, water seems to react preferentially with high Mo loading regardless of the Si/Al molar ratio. Limiting its production turns out to be indispensable. In addition, the pre-treatment under nitrogen at 700 °C also favors the apparition of extra-framework species, when the Mo content increases. 63 From the XRD pattern in Figure IV-15, no significant loss of zeolite crystallinity and amorphous phase detection on the spent silicalite with high Mo loadings were noticed. In addition, the slight reduction of Vmicro supports the high crystallinity of the spent aluminumfree samples. All these observations state the produced water and pre-treatment system impact only the "acid" series, thus confirming the dealumination process during the early stages of the reaction.

IV. Conclusion

More than thirty catalysts with different Si/Al ratios and molybdenum loadings were prepared and tested in the methane non-oxidative dehydroaromatization to study the impact of the balance between metallic and acid functions. From these results, the best suitable compromise was then established where the catalyst is composed of 4 wt.% Mo with the highest possible acidity. Then two distinctions emerge: 
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Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 147 (i) WMo< 4 wt.%: high acidity allows dispersing the Mo precursors of active sites inside the zeolite channel. From the identification, localization, and quantification, it suggests that Mo remaining on the external surface could also activate the catalyst. However, its amount is too low to reach optimal benzene productivity. Moreover, the presence of the Brønsted acid sites is a condition prerequisite to transforming methane into benzene.

(ii) WMo > 4wt.%: The activation step lasts longer with a larger amount of molybdenum. The high water production leads zeolite amorphization.

Therefore, the carburation conditions (temperature, space velocity, partial pressure, pre-treatment nature) are a key point to study in-depth and should not be ignored. From this "screening" study, three catalysts were selected (0.9-MoHZ-15, 2.7-MoHZ-15, and 17.2-MoHZ-15) to carry out further investigation on their evolution throughout their lifetime from the pretreatment to their complete deactivation. The impact of the presence of Mo and the carbon species will be greatly detailed.

I. Introduction

Amongst the significant worldwide energy challenges, greenhouse gas emission reduction and the increase of petrochemicals to fuels ratio have shifted the energy landscape toward new alternative sources. Due to its abundant, versatile feedstock and low-containing carbon, natural gas has emerged as an ideal alternative resource in the path to a cleaner chemical industry. 1,2 However, methane, the most abundant compound in natural gas, is primarily used for electricity supply. Its substantial-high chemical stability (first dissociation energy is 439 kJ mol -1 ) 3 confers constraints to be involved in chemical reactions to highvaluable compounds. 4,5 Methane dehydroaromatization (MDA: 6 CH4 ⇋ C6H6 + 9 H2) under non-oxidative conditions over the singular Mo/HZSM-5 bifunctional catalyst has arisen as a key technology to upgrade methane into simultaneously CO2 free energy vector and building-block chemical intermediates. 6 Yet, the limited single-pass thermodynamic equilibrium into benzene (~12.5 % at 700 °C) and the rapid catalyst deactivation by coking favored at high temperatures hinder the potential industrialization of the process. 7,8 MDA benchmark catalyst made of molybdenum, generally impregnated on a protonic HZSM-5 zeolite, is known to evolve permanently from pre-treatment to deactivation. During the calcination, the initially deposited molybdenum active site precursors on a protonic zeolite migrated on Brønsted acid. 9 Then, their reduction into carbide centers initiate the production of aromatic compounds resulting in coke deposition on the catalyst. The latter is principally responsible for catalyst deactivation. 10 It was shown in Chapter IV two main deactivation modes occur during the reaction: (i) irreversible deactivation due to the extraction of aluminum framework to form extra framework species Al2(MoO4)3 and (ii) reversible deactivation due to carbon species deposition.

MDA requires operating under harsh conditions, which emphasizes the complexity of the involved mechanisms, also making the use of operando technics quite delicate. It leads to complexity in assessing the constant catalyst evolution, and its catalytic behavior has not been fully resolved. 11,12 Therefore, ex-situ kinetic studies were preferentially carried out. Song et al. explained ethylene was the main coke precursor leading to three types of carbonaceous deposition throughout the catalyst lifetime: (i) molybdenum carbide, ii) graphitic carbon deposited as a layer near the molybdenum site ("soft" coke), and iii) polyaromatic compounds on acid sites ("hard" coke). The distinction between "soft" and "hard" coke species is only made by their oxidation temperature measured with thermogravimetric analysis. 13,14 The molybdenum active species are believed to detach from the Brønsted acid site and sinter toward the external zeolite surface, forming large Mo2C clusters. 15,16,17 This migration behavior seems to favor the "soft" coke species deposition, which has been proposed to be graphitic-like species deposited near Mo sites or at the external surface. Their exact role in catalytic performance has not yet been fully established. Concerning the "hard" coke species, they seem to grow progressively inside the zeolite micropores through poly-condensation. The latter is responsible for catalyst deactivation due to pore blockage. However, very recently, Hensen et al. emphasized that these two coke species presented the same chemical nature and shuffled the deck on their real impact in the reaction. 15,18,19 Indeed, part of the carbonaceous seems to constitute an organo-catalytic complex called hydrocarbon pool participating in the benzene production. 20 The wide dispute on the deactivation mechanism originates from spectroscopic analysis difficulties making therefore highly challenging to obtain detailed composition of the bulk coke molecules. 21 To tackle this issue, coke extraction by dissolving the spent zeolites is possible to carry out, which allows to determine the exact chemical composition of the coke retaining inside the zeolite micropores. 22 To our best knowledge, this technic has not been widely used in the frame of the MDA reaction and motivated thus our present contribution.

Based on our previous results (Chapter IV), where we have shown Mo solely anchored to bridged pair Al atoms during the calcination step, limiting the possible Mo exchange. The maximum amount of Mo anchored as dimer MoO5 2+ inside the zeolite channel has been calculated to be 1.4 wt. % on HZSM-5 with a Si/Al molar ratio of 15. The remaining molybdenum is present at the external surface as MoO3. 23 After the catalytic tests, the ideal amount of molybdenum was determined to be ~ 3wt. %. At lower and higher Mo content, the catalysts show lower and very poor catalytic performances, respectively. All investigated catalysts display loss of catalytic activity and coke species deposition. Additionally, at higher content, the presence of an amorphous phase was also identified as characteristic of zeolite internal structure damage. This zeolite amorphization was not recovered at lower Mo loading, suggesting that the balance Mo/Al influences the deactivation modes.

From these considerations, the detailed influence of the Mo/Al balance on the irreversible and reversible deactivation needs further investigation. Furthermore, since the catalyst is calcined at a lower temperature (500 °C) than the reaction itself (700 °C), only an incomplete catalyst picture is obtained before launching the reaction. Therefore, as part of the ex situ kinetics study, the influence of the pre-treatment should not be neglected.

For this purpose, we decided here to investigate the constant catalyst evolution thoroughly from the pre-treatment to the complete deactivation of three different Mo-loaded samples: (i) very low Mo-containing (0.9-MoHZ-15), (ii) ideal Mo content (2.7-MoHZ-15), and (iii) high loaded Mo catalyst (17.2-MoHZ-15).

First, the importance of fine-tuning the pre-treatment was established as it resulted in irreversible zeolite amorphization at high Mo content. Then for the two remaining catalysts that were not drastically impacted by the inert isothermal pre-treatment, three parameters could be intended to serve as genuine deactivation descriptors: coke content, remaining microporous volume, and monoclinic/orthorhombic phase transition. Further in-depth characterizations of the coke amount, localization, and chemical structure allow for drawing a general coking pathway. Digestion of the spent samples into HF was carried out to gain valuable information on the involved mechanisms. Insight into the direct nature of the hydrocarbon pool revealed that its building up is driven by the MFI framework. The latter grows through a shape-selective process, progressively deactivating the catalyst. Additionally, this ex situ kinetic study revealed that at least 50% of the initially dispersed molybdenum species inside the zeolite channels could migrate toward the external zeolite surface after 20 h of reaction. A structure of these molybdenum carbide species could be proposed.

II. Evolution of the calcined catalysts under isothermal anaerobic pre-treatment Three catalysts were prepared with different Mo loading (0.9, 2.7 and 17.2 wt. %) by incipient wetness impregnation on a protonic zeolite (HZ-15) and further calcined under air at 500 °C. Prior to the catalyst activation, a pre-treatment is necessary when the catalyst is becoming heated. It was carried out under an inert atmosphere. The catalysts were submitted to a nitrogen flow for 1 hour at 700 °C. Since the reaction is carried out at 700 °C, only a partial catalyst picture is drawn with the characterization after calcination at 500 °C. Consequently, Table V The micropore volume (Vmicro) was calculated from the t-plot curve using the Harkins-Jura method and a thickness range between 4.5 and 5.5 Å. c The Brønsted acid site concentration was probed by thermodesorption of pyridine at 150 °C.

For the pronotic zeolite, the IR spectra of the OH region after and before pre-treatment presented in Figure A-V.1 shows a decrease in BAS and EFAL band intensity. It suggests both dealumination and dihydroxylation of EFAL occur at 700 °C. A loss of 150 µmol gcat -1 (~ 30% of the initial BAS) is calculated. Surprisingly, this value corresponds to the maximal exchange capacity of molybdenum on this same zeolite (Chapter IV). Table V-1: Characterization data of the supported oxo-molybdate catalysts after the calcination step and after the nitrogen activation at 700 °C Once Molybdenum is impregnated on the protonic zeolite, this loss of BAS after the isothermal pre-treatment is mitigated for low Mo content (< 3wt. %). It suggests oxomolybdate moieties anchored species on paired aluminum act as a protecting group of paired aluminum from dealumination.

For low Mo loadings (< 2.7 wt. %), the ICP measurements indicate no significant Molybdenum loss by potential sublimation during the isothermal inert treatment. In addition, the molar Si/Al ratio and microporous volume remained unchanged (Table V-1).

However, there are critical textural modifications for high Mo loading. Indeed, elimination of 4 wt. % of Mo content is observed after the nitrogen pre-treatment of 17.2-MoHZ-15. This goes along with a total loss of microporous volume, suggesting a collapse of the internal zeolite structure during the catalyst heating. This is further supported by XRD analysis (Figure V-1.a). Indeed, after the thermal treatment, a significant decrease of diffraction peak intensity characteristic of the MFI zeolite is noticed. Furthermore, a large peak shoulder at 2ϴ = 22° confirms the presence of an amorphous phase. The loss of crystallinity is complex to assess since each peak seems to present different loss of intensity. It suggests the zeolite atomic planes are not equally impacted by the zeolite amorphization. 25 Additionally, the zeolite morphology seems also to be altered after the nitrogen pre-treatment, probably due to its internal collapse.

Raman spectroscopy was then performed (Figure V-1.b). The presence of intense and sharp Raman lines at 666, 818, and 994 cm -1 denote α-MoO3 crystals remaining at the external zeolite surface, which results in a large excess of Mo content. 26 After the inert pre-treatment, a peak duplication at 847cm -1 and new bands at 431, 891, 1004, and 1025 cm -1 start to emerge, indicating the presence of β-MoO3 and Al2(MoO4)3, respectively. 27,28 These bands are not observed for the two others catalysts (Figure A-V.2),suggesting no significant formation of extraframework species.

In Chapter IV, it was proposed the water formed during the activation time was responsible for the zeolite internal collapse. However, the cautious study of the pretreatment reveals herein zeolite amorphization arises from the inert isothermal thermal procedure. The large initial MoO3 particles are thermally broken to form smaller MoO3 crystals that will homogenously disperse on the external zeolite surface. They further react with the aluminum framework progressively, "trimming" the outer surface resulting in zeolite amorphization.

III. Catalytic performances

These three catalysts with different molybdenum amount were then submitted to methane dehydroaromatization for different time on stream (5 min, 10 min, 30 min, 1 h, 4 h, 10 h, and 20 h) at 700 °C, atmospheric pressure, and GHSV= 1. From this data, the cumulative yields obtained after 20 hours of reaction are shown in Figure V-3.b. For the three catalysts, benzene emerges to be the main formed product, followed by higher aromaticity compounds (mainly coke + naphthalene). Toluene and ethylene are the remaining products found in smaller proportions. In addition, the afforded cumulative benzene selectivity for the ideal catalyst (i.e. 2.7-MoHZ-15) is ~ 65%, which is specific to the MDA reaction. 6 The total methane converted after 20 hours of time-on-stream is in good agreement with previous reports. 29 More specifically, all samples exhibited the typical time-on-stream behavior of Mo/HZSM-5 with the three well-known steps 18,21 : (i) activation time where no benzene is formed, (ii) then the aromatics yields start to increase during the induction period, (iii) followed by a slight decrease the benzene yield, i.e., catalyst deactivation (Figure A-V.3). The activation time is known to be directly correlated to the Mo loading 10 and was determined to be 2 min, 10 min and 25 min on the 0.9-MoHZ-15, 2.7-MoHZ-15 and 17.2-MoHZ-15 catalysts, respectively, while the induction period ends after 1 hour. The reaction was stopped at different time on stream, wisely chosen to study the catalyst evolution during these specific periods, notably the deactivation step. Since the high loaded catalyst is partially damaged after the isothermal pre-treatment and present very poor catalytic activity, it was not considered for the kinetic deactivation study.

IV. Modelling of deactivation by coke species formation

The loss of catalyst activity is possible to relate to different parameters, such as time on stream, and coke content…, based on semi-empirical laws. Then the catalyst undergoes structural and textural modifications during the deactivation steps. These changes can also be connected to the remaining catalytic activity. From both evaluations, different deactivation descriptors are established that are potentially the consequences and/or the cause of the loss of catalytic activity.

IV.1. Deactivation functions

In Figure V-3.a, catalyst deactivation occurs during the MDA process. After 20 hours, the activity seems to attain a steady-state operating condition of 2 % methane conversion for both catalysts. The deactivation constant 𝛼 𝑡 (h -1 ) is possible to estimate from the time on stream considering semi-empirical deactivation functions traditionally used to assess the deactivation kinetic (Eq. V-1; Eq. V-2). 30,31 It is here important to point out that this model does not take into account the experimental conditions. shows this "time on stream" model for low Mo loading catalysts. The proposed exponential decay function effectively fits the loss of catalytic activity, allowing to determine 𝛼 𝑡 (0.9-MoHZ-15) = 0.09 h -1 and 𝛼 𝑡 (2.7-MoHZ-15) = 0.10 h -1 , which have the same order of magnitude reported by other groups. 32 Surprisingly, despite the Mo content difference, the deactivation constants are similar, suggesting deactivation occurs regardless of the molybdenum remaining at the external surface.

The catalyst activity generally depends on its coke content (𝐶 𝑡 ) obliquely related to the time-on-stream. Table V-2 reports the coke amount recovered at different time on stream or each catalyst and the characteristic of the coke species.

𝜙 𝑘 ( 𝑉 𝑉 0 ) = 1 -𝛼 𝑣 * 𝐶 𝑡 Eq. V-6

For both catalysts, 𝛼 𝑣 is extremely similar and equal 0.04 (wt% -1 ). The formed carbon species block the zeolite micropores in the same way, independent of the Mo loading. As the micropores become more and more inaccessible, the carbon species will start to accumulate inside the mesopore volume (Table V-2). Due to the carbon deposition inside the mesoporous volume and on the external zeolite surface, 36,37 𝛼 𝑣 is slightly lower than 𝛼 𝑐 .

IV.2.b. Monoclinic to orthorhombic transition phase Further XRD analyses were carried out to investigate the impact of coke deposition on the crystallinity of the spent samples (Figure V-7). Here we focus only on magnified spectra from 21° to 28°. Five distinctive peaks characteristic of HZSM-5 appear at 23.1°, 23.3°, 23.8°, 24.1, and 24.5°. 38 Throughout the catalyst lifetime, no loss of peak intensity or presence of an amorphous phase was noticed, indicating zeolite crystallinity was not influenced by the coke deposition. In addition, the XRD patterns for both catalysts do not exhibit any characteristic peak of graphitic type of coke at 26.8 °.39 Therefore, a negligible amount of coke is assumed to be deposited on the external surface.

More precisely, it can be observed the peak 23.3° corresponding to the [0 5 1] crystal plane of the HZSM-5 progressively shifts to lower 2ϴ until it is completely overlapped with the peak at 23.1 ° involving the [5 0 1] crystal plane. This change in the XRD patterns is ascribed to a phase transition of the HZSM-5. Indeed, the MFI crystal evolves from monoclinic to orthorhombic phase, owing to the adsorption of bulky aromatic compounds during the reaction, i.e., internal coke formation. 40,41 The kinetic transition phase is more complex to assess. Indeed, this transition appears not to be linear. In the beginning, stable structural properties is obtained where no morphology changes is observed. Only once the coke content exceeds 5 wt. %, i.e, at longer time on stream (> 4 h), the peak overlapping start to appear. For the 2.7-MoHZ-15 catalyst, it can be observed a shoulder after 10 hours of reactions, which is less pronounced on 0.9-MoHZ-15. This is principally due to the faster coking on the very low-containing Mo catalyst.

V. Unraveling molybdenum carbide, "Soft", and "hard" coke species distinction

All catalysts generally display similar weight loss profiles obtained for the MDA reaction (Figure A-V.4.a). First, a slight weight gain is noticed from ~ 350 °C up to 500 °C due to the oxidation of the molybdenum carbide species into MoO3. 42 Then, a first weight loss appears at a lower oxidation temperature (~ 550 °C) followed by a second at a higher temperature (~ 600 °C). The use of a mass spectrometer to follow the mass signal oxidation product (i.e., CO2: m/z = 44) allows for determining more precisely the contribution of each weight loss. Indeed, the combustion profiles can be deconvoluted into two well-defined peaks; the first and second peaks are ascribed to the oxidation of "soft" and "hard" coke, respectively (Figure A-V.4.b). 15,43 Their quantities are drawn from the area of each peak. Low CO2 formation during the molybdenum carbide oxidation is not sufficient enough to identify a third CO2 peak at a lower temperature.

When the reaction time increases, it conducts to a larger amount of coke deposition that is more difficult to oxidize, as underlined by the oxidation peak shift toward higher temperature (Figure V-8). The same trend was also reported in previous papers. 13,15, 169  During the early stages of the reaction, before the end of the induction period (i.e., TOS < 1 hour), coke deposition occurs independently of the Mo loading. A well-defined linear correlation is possible to draw, leading to a total coke formation rate of 𝑘 𝑐𝑜𝑘𝑒 𝑡𝑜𝑡𝑎𝑙 = 1.17 𝑚𝑚𝑜𝑙𝐶 𝑔 𝑐𝑎𝑡 -1 ℎ -1 . Also in these conditions, the proposed simplification of the deposition model (Eq. V-5) fits remarkably well with the experimental data. The magnified area at low coke content (i.e., early stages of the reaction) in Figure V-9.b underlines "soft" coke appears first at very low coke content and time-on-stream. Once its amount is sufficiently high, "hard" coke species start to be quantified. On a side note, no molybdenum carbide oxidation is noticed during this early period of time.  Notable changes appear after 1 hour of reaction. Indeed, the initial coking formation rates start to reduce. "Hard" coke species grow linearly whereas, "soft" coke species seem to reach a maximum value (Figure V-9). Thus the contribution of "hard" coke increases progressively throughout the catalyst lifetime, making the coke more difficult to oxidize. In addition, distinctions need to be considered between both catalysts. Higher carbon deposition is observed on the 0.9-MoHZ-15 catalyst. Since this catalyst presents a slightly higher remaining BAS after Mo impregnation, it favors the formation of coke precursors. 44 Curiously, a change in the type of coke contribution is observed (Figure V-9.a). During the catalyst evolution, "hard" coke is predominant for the minimal Mo amount, i.e., 0.9-MoHZ-15. At higher Mo loading (i.e., 2.7-MoHZ-15), the "soft" coke proportion becomes higher. However, the contribution of "soft" and "hard" coke species seems to depend only on the total coke content represented in Figure V-9.b. Since the catalyst 2.7-MoHZ-15 presents lower carbon deposition, its "hard" coke proportion is lower than the very low-containing catalyst. This result puts back into question the genuine distinction between "soft"/"hard" coke species, which was assumed to be due to the closest intimacy with Mo-reduced moieties catalyzing the coke combustion. Regarding the oxidation of the remaining molybdenum carbide on the external zeolite surface, a noteworthy assessment can be made. The oxidation gain increases with the reaction times for both catalysts. Since it has been established that no MoO3 remained on the external surface for 0.9-MoHZ-15 after the calcination step. Here (Figure V-9), the presence of a weight gain indicates molybdenum carbide at the external surface being oxidized into MoO3. Thus, it suggests the molybdenum progressively sinter throughout the catalyst lifetime and confirms the recent proposition reported by Beale et al. in which the molybdenum reduced moieties detached from their anchoring point once the reaction has started. 36,45 We have here shown that catalyst deactivation ensues in molybdenum carbide migration and gradually coke accumulation inside the internal zeolite structure. To propose the exact chemical nature of the involved species, we carried out coke extraction by dissolving the spent zeolites at different reaction times in a hydrofluoric acid solution. It allows releasing the coke molecules from the zeolite framework, which are then extracted from the aqueous solution with dichloromethane. The recovered coke species with the solvent refer to the soluble coke, and the remaining coke in the aqueous solution is the insoluble coke. 46 Once the soluble fraction has been gathered and characterized, the insoluble coke is constituted generally of a black solid, which is obtained with aqueous solution filtration. Then, by weighing its amount, it is possible to plot the amount of soluble and insoluble coke as the function of the total coke content (Figure V-10). It can be clearly observed that regardless of the Mo loading, the soluble coke amount passes through a maximum and then start to disappear once the insoluble coke fraction emerges. Then, the insoluble coke amount increases linearly with the total coke content. Subsequently, the soluble coke is analyzed with GC-MS (Figure A-V.5). The identified coke molecules are summarized in Table V-3 with their reaction time appearance. Their skeletal formulas are given in Table A-V.1. in which the coke molecule was detected on the spent catalyst. It is represented as time interval.

Mainly non-alkyl polyaromatic compounds (such as pyrene, benzo-pyrene, Fluroranthene...) were identified in the soluble fraction. This is consistent with the zeolite MFI type of framework and the high temperature. 47 During the early stages of the reaction (< 1h), alkyl benzene compounds are recovered on both catalysts. Polyaromatic compounds also appear to be rapidly formed. Indeed, after 1 hour, which coincides with the end of the induction period (i.e., maximum benzene production), unsubstituted polyaromatic compounds start to be detected. This is in good agreement with the proposed sp 2 carbon aromatic nature reported recently by Hensen et al. 19 It should be noted the more extended the reaction, the higher the aromaticity degree. In addition, the very low-containing Mo spent catalyst seems to favor the formation of heavier aromatic compounds such as benzopyrene or Benzo[g, h, i]perylene that were not recovered on the 2.7-MoHZ-15 catalyst.

Since we have underlined the microporous volume is still accessible, they are no diffusional limitations. Thus, coke combustion seems to be driven by its aromaticity degree rather than by its oxygen accessibility, which explains the higher coke oxidation temperature for 0.9-MoHZ-15 catalyst (Figure V-8) and the direct relation between "soft"/"hard" coke species and total coke recovered drawn in Figure V-9.b. Surprisingly, rather unusual light polyaromatic compounds were extracted on the 2.7-MoHZ-15 catalyst. Indeed, despite the nitrogen flushing during the reactor cool down, naphthalene derivatives, produced during the reaction, were identified on the 2.7-MoHZ-15 catalyst after several hours of reaction. Molybdenum seems to retain low polyaromatic compounds and mitigate their further polycondensation. This supports our previous assumption that some of the formed products could be adsorbed on molybdenum-reduced species (Chapter III). 43 The polycondensation of these polyaromatic compounds is believed to form a connected structure inside the zeolite channel at longer time on stream. After the HF extraction, due to their probable high aromaticity degree, they remain insoluble in the chosen solvent. This insoluble carbon material seems to present some of the properties of ZTC-liked structures (Zeolite templated carbon). 6,19 The presence of a largely defined shoulder at 2ϴ = 22 ° implies the amorphous structure of the insoluble coke. In addition, no characteristic peak of an ordered carbon structure was observed in all samples. 48 At issue, the zeolite framework plays a key role in the synthesis of well-defined ZTC materials. It was shown that 10-membered ring zeolites could not build a strong enough carbon-ordered structure due to their narrow pore aperture. 48,49 

VI. Discussion

Methane dehydroaromatization over bifunctional Mo/HZSM-5 catalysts involves continuous molybdenum and carbon species evolutions throughout the different reaction stages. From the pre-treatment to the complete deactivation, three different Mo-loaded samples were investigated: (i) very low Mo-containing (0.9-MoHZ-15), (ii) ideal Mo content (2.7-MoHZ-15), and (iii) high loaded Mo catalysts (17.2-MoHZ-15).

VI.1 Involved mechanisms on high loaded sample

This latter sample has been shown to be sensitive to the pre-treatment conditions. Indeed, through detailed characterization, inert isothermal activation at 700 °C undergoes drastic catalyst modification (Figure V-1):

(i) Loss of molybdenum by sublimation initially impregnated on the zeolite. The higher the Mo content, the denser MoO3 at the external surface, which facilitates its sublimation. The proposed assumption in Chapter IV, in which water formed during the activation was responsible for zeolite amorphization, is disproved. The zeolite internal collapse starts already during the inert isothermal pre-treatment procedure. This confirms the requirement of a pre-carburization step at lower temperatures for catalytic tests with high-loaded Mo samples. 50 Under oxidative treatment, Hensen et al. explained zeolite dealumination results in the increase of the Mo concentration in the micropore throughout the MoO3 sublimation, which contributes to the better Al2(MoO4)3 stability. 29 This conclusion also seems to apply under an inert isothermal pre-treatment at high temperatures. Sublimation of MoO3 and formation of extra-framework species are closely related, making thus zeolite collapse at high Mo loading a thermo-stoichiometric reaction.

Two pathways of zeolite amorphization were proposed: internal collapse or external surface.

According to Eq. V-7, Hensen et al. further suggested that zeolite amorphization arises from the interaction of oxo-molybdate anchored species with the MoO3 gas phase diffusing inside the zeolite microporous after its sublimation. 29 On the contrary, the group of Iglesia explained the bulk MoO3 species surrounding the external zeolite surface were responsible for the extraction of AlOX from the framework. 51 This leads to progressive trimming of the outer surface. In Chapter IV, it was established zeolite amorphization also occurs at lower Si/Al molar ratios (40 and 75), in which no molybdenum moieties were anchored to the pair aluminum confirming this assumption.

TEM analysis was then performed to assess how the zeolite collapse appeared. From Figure V-12, it can be seen the initial homogeneous crystal of the calcined sample 17.2-MoHZ-15 is damaged after the inert isothermal pre-treatment at 700 °C. First; the external surface of the crystal is gradually trimmed after the pre-treatment under nitrogen. Additionally, heterogeneous light spots appear inside the zeolite crystal on the (17.2-MoHZ-15)N2-700°C Eq. V-7 sample. These observations suggest zeolite structural collapse occurs both on the external surface and internal structure. Nevertheless, the reaction was still launched after the pre-treatment, and the same ex-situ kinetic study was also carried out with this high-loaded sample (17.2-MoHZ-15). TEM analysis presented in Figure V-13 of the recovered catalyst after 20 hours of reaction ((17.2-MoHZ-15)20h) shows the large molybdenum carbide particles genuinely at the external surface surrounding a carbon layer. Similar images were also obtained by other groups Similar images were also obtained by other groups. 15 The insoluble coke recovered on the 17.2-MoHZ-15 catalyst seems to be constituted mainly of the following Mo-carbides surrounded by other amorphous carbon species. The characterization of its insoluble coke fraction has been revealed to be extremely relevant in spite of its low catalytic activity. It allows giving further insight into its genuine composition. Indeed, after HF dissolution of the spent samples, the amount of insoluble coke was much larger than the real coke content deposited on the catalyst (Table V-2), which aroused our curiosity.

ICP measurement indicated the insoluble fraction after 20 hours was composed of more than 60 wt. % of molybdenum. A large amount of molybdenum remaining at the external zeolite surface is then recovered inside the insoluble fraction, increasing its content.

Consequently, performing similar XRD analyses (Figure V-14) of the resulting insoluble coke allows for following molybdenum species evolution during the different stages of the reaction. After 10 min, i.e., still in the activation time, sharp diffraction peaks were observed at 26.0 °, 37.2 ° and 53.6° ascribed to the [0 0 1], [2 0 0 ] and [2 2 0] crystal planes of MoO2 (JCPDS File No. 65-5758), respectively. 52 It clearly evidences the remaining MoO3 at the external surface undergoes a first reduction into MoO2 during the activation time, which is then further reduced into molybdenum carbide species. This result strongly supports the observation made in previous reports, in which the carburization process of the MoO3 external species is likely to occur in two steps. 53,54 In addition, the presence of remaining MoO2 diffraction peaks after the activation time confirms that fully carburization is not required to initiate the formation of aromatic compounds. 55 As the reaction time increases, new broad peaks start to develop at 2θ = 39.5°, characteristic of the species β-Mo2C (JCPDS File No. 35-0787). This large shoulder suggests the overlap of the molybdenum carbide with some other amorphous carbon species. 56 Elemental analyses to quantify the carbon content were carried out. It appears that the molar This value is in good agreement with the oxidation gain observed in the TGA analysis. Beale et al. also proposed that reduced molybdenum species are not indefinitely attached to the Brønsted acid sites and start to sinter once the C/Mo molar ratio reaches 3. 36 

VI.2 Involved mechanisms on well-balanced samples

The inert isothermal pre-treatment does not impact significantly the well-balanced samples (0.9-MoHZ-15 and 2.7-MoHZ-15). After this important step, the reaction is standardly launched. The catalyst progressively deactivates (Figure V-3.a), and different deactivation kinetic models based on time, coke content, and remaining microporous volume, could be proposed and experimentally confirmed.

In particular, two different coking formation rates were identified (Figure V-5). The first one is characterized as coke deposition, whereas the second one as the growth of the early deposited coke precursors.

 Reaction time lower than 1 hour, (i.e., before the induction period), coke is linearly formed regardless of the Mo content. Since the formation of benzene increases while coke deposition still occurs, this is assumed to build up the hydrocarbon pool species. Initially, the coke formation rate is very fast, developing preferentially near the Mo acidic proton 57 or directly over Mo-reduced species. 58 During the early stages of the reaction, the "soft" coke contribution is higher than the "hard" coke. The initial coking rate is 1.17 𝑚𝑚𝑜𝑙𝐶 𝑔 𝑐𝑎𝑡 -1 ℎ -1 . By considering only the BAS are responsible for the coke formation, the initial TOF of coking is possible to calculate. The initial (TOF)coking is equal to 3.4 h -1 . In parallel, the initial TOF of methane conversion (assuming only the molybdenum dimer moieties anchored on paired aluminum are responsible for methane activation) is also determined: (TOF)methane = 44 h -1 . It appears that (TOF)coking is more than 10 times lower than (TOF)methane. It suggests coking is, in reality, very slow despite the high temperatures.

 After 1 hour (after the induction period), the coking formation rate becomes slower. The more the BAS, the more the coke accumulates. "Hard" coke species become more and more predominant, and a shift of coke-type contribution is noticed at ~10 hours.

From all these observations, a general coking pathway is possible to draw, in which ethylene, established as the principal coke precursor in the MDA by Song et al., undergoes fast condensation reactions to create "soft" coke. 13 The steady accumulation of "soft" coke species results in the "hard" coke species emergence. "Soft" coke species are assumed to be the primary type of coke, whereas the "hard" coke species as secondary coke (Figure V-9.b).

Throughout the catalyst lifetime, the formed coke species steadily fill the microporous volume of the zeolite in. Hence, blocking the zeolite internal channel, where the reaction is known to occur on both molybdenum-reduced centers and remaining Brønsted acid sites. As Further HF digestion and coke extraction was performed to assess the deactivation similarity between these two catalysts. Soluble and insoluble coke content (Figure V-10) are inquiringly very comparable with the formed coke during n-heptane cracking at 723 K over HFAU and HZSM-5 zeolites. 61 Insoluble coke species result from the condensation of lighter polyaromatic coke molecules found in the soluble fraction. In addition, the obtained results seem to follow the same evolution of the "soft" and "hard" coke deposition represented in Figure V-9. Thus, a parallel could be drawn between "soft" coke species/ soluble fraction and "hard" coke species/insoluble fraction. The coke molecules composing the soluble fraction are possibly assumed to correspond to the "soft" coke species, whereas the insoluble solid could refer to the "hard" coke species.

A similar general coking growth schema occurs, in which coke precursors condense into the soluble coke trapped inside the zeolite micropores. Some of the identified unsubstituted polyaromatic compounds are believed to be involved in the hydrocarbon pool mechanism. These light coke species progressively accumulate and are transformed into heavier coke molecules insoluble in the chosen solvent. By carrying out ethylene dehydroaromatization (EDA) in the same operating conditions as MDA on protonic zeolite, the fraction of insoluble coke was identified to be polyaromatic compounds made of more than a hundred carbon atoms and a molecular weight exceeding 1300 g mol -1 . 62 Additionally, the calculated molar ratio H/C of the insoluble fraction (Table V-2) indicates, that same as the analysis of the soluble coke, molybdenum mitigates the aromaticity degree of the recovered coke species. However, molybdenum is involved in the second identified deactivation mode: molybdenum migration.

Since no molybdenum is present at the external surface of the calcined 0.9-MoHZ-15 catalyst, it is possible to estimate the amount of molybdenum that sinter toward the external zeolite surface. By assuming only MoC2.5 is present on the external surface and knowing the carbide oxidation weight from the TGA analysis, ~ 50% of the initially dispersed molybdenum active site precursors inside the zeolite channel have migrated (Eq. V-7) after 20 hours of reaction. This proposed value is also close to the 70% of molybdenum sintering reported by the another group. 45 𝑀𝑜𝐶 2.5 + 4 𝑂 2 → 𝑀𝑜𝑂 3 + 2.5 𝐶𝑂 2 (+ 14 % 𝑖𝑛 𝑚𝑎𝑠𝑠)

Eq. V-8

From all these observations, the insoluble coke is, in reality, composed of disordered carbon materials plus a part molybdenum reduced-species that migrated to the external surface. Thus in the hope of synthesizing suitable ZTC-liked materials, only a very small amount of molybdenum should be impregnated on the support.

To resume, coke condensation inside the internal zeolite structure has been ascertained as a deactivation mode considered the primary deactivation mode. Indeed, the progressive accumulation of coke species inside the zeolite channel slowly blocks access to the active sites. In addition, coke deposition near/on Mo anchored on the BAS seems to make them more likely to detach from their anchoring points. 63 Thus, the migration of molybdenum species during the reaction is considered the secondary deactivation mode and also ensues from carbon deposition.

VII. Conclusion

This coking ex-situ kinetic study over different loaded molybdenum has shed to light three different deactivation modes: (i) zeolite amorphization, (ii) coke accumulation inside the micropore, and (iii) carbide migration toward the external surface.

The first irreversible mode appears since extraframework species Al2(MoO4)3 are thermally stabilized at high Mo loading resulting in the collapse of the zeolite internal framework during the inert pre-treatment at 700 °C. Thus, very low if no catalytic activity was achieved on this catalyst. It is here crucial to carefully tune the pre-treatment experimental conditions for large Mo loading. To gain further insight on the kinetic of zeolite amorphization, an ex situ kinetic study on the pre-treatment is possible to carry out similar to the following reaction ex situ kinetic study.

For the well-balanced Mo-impregnated catalysts suffering less from the pretreatment, the MDA reaction proceeds properly with its singular deactivation step caused by the two latter reversible modes. The kinetics of the deactivation could be modeled regardless of the Mo content. The loss of catalytic activity follows an exponential decay as the function of the time on stream and a linear decay as the coke amount. The latter suggests coke species progressively fill in the zeolite micropore, regardless of the remaining BAS, blocking access to the zeolite channels. Two different coking rates were determined.

(i) During the induction period (< 1 h), coking formation is similar regardless of the Mo loading. It corresponds to the building-up of the hydrocarbon pool species located inside the zeolite channel. Coke extraction provides for the first time direct insight into its exact chemical composition. Unsubstituted polyaromatic traditionally recovered on MFI type of framework at high temperature were identified to constitute this organo-catalytic complex.

(ii) Once the maximum production of benzene is reached, i.e., after 1 hour, light coke species start to condensate into heavier coke molecules that accumulate into the zeolite micropores leading to the progressive blockage of the channel. Once the micropores are sufficiently filled in, coke species are deposited inside the mesopores. The coke growth seems here to be dependent of the Mo loading since it prevents the formation of higher aromaticity degree compounds. However, it should be noted despite this beneficial property, molybdenum-reduced centers are also subjected to sinter towards the external surface to form molybdenum carbide clusters. At least 50% of the initially dispersed molybdenum moieties have been identified to sinter toward the external surface after 20 h of reaction.

The coke recovered on the catalyst is intended to serve as a genuine first descriptor of catalytic activity loss in the MDA reaction. The accumulation of coke on the catalyst initiates changes in textural and structural catalyst properties. From these modifications, two other deactivation descriptors could be identified: (i) the remaining microporous volume of the spent samples since coke species mainly accumulate inside the zeolite channels where the reaction is known to occur, and (ii) monoclinic to orthorhombic phase variation of the catalyst, which is a descriptor of the coke growth inside the micropores, i.e., coke nature.

HF extraction followed by GC-MS analysis revealed coking is a shape-selective process at high temperatures, the formation of the HCP is therefore driven by the zeolite MFI internal framework. The ability of the guest to host appropriate intermediate structures inside its micropores could outline the requirement of ten rings zeolites for the MDA process.

Coke deposition and carbide migration are both reversible. Thus, a wise tuning of the experimental conditions for an efficient catalyst regeneration is required for a potential process industrialization development. Furthermore, after the regeneration step, the recarburization of the active site precursors should also be carefully chosen to avoid irreversible aluminum extraction.

General conclusion and perspective

In the last three decades, methane dehydroaromatization under non-oxidative conditions (MDA: 6 CH4 ⇋ C6H6 + 9 H2) over bifunctional catalyst Mo/HZSM-5 has aroused all scientific hopes as potential new energy resources. However, over the years, the momentum has gradually faded away. At issue, the harsh conditions, the wide configuration of the species (molybdenum and carbon), and their constant evolution hinder the correct understanding of the involved mechanisms.

In that view, this PhD work unraveled the complexity of the involved mechanism taking place throughout the catalyst lifetime, from its preparation (cradle) to its deactivation (grave) and the challenges related to the catalyst deactivation.

In the first part, a dual modeling/experimental kinetic study shed light on the importance of carefully choosing the operating conditions. Working with an appropriate contact time allows for reaching the already low thermodynamic equilibrium while increasing the catalyst stability. At issue, the autogenous hydrogen promotes the desorption of aromatic compounds that strongly adsorb on molybdenum carbide species. Then, once the adapted contact time was identified for optimal catalytic performances, the balance between the two functions of the benchmark catalyst Mo/HZSM-5 was adjusted. From this study, the characterization of more than thirty calcined and spent catalysts after 10 hours of reaction reveals how molybdenum solely drives catalytic performance once its loading exceeds 4wt. %. At lower content, only the intrinsically bounded functions (metallic and acidic) could afford appropriate aromatics yield. The optimal balance to be achieved is 3wt. % Molybdenum impregnated on a protonic zeolite with high acidity. Consequently, three catalysts were meticulously chosen for deep ex-situ kinetic study throughout their lifetime. Emphasis on the deactivation step could specifically determine three deactivation descriptors independent of the Mo content (if lower than 4wt. %): (i) coke content recovered, (ii) remaining microporous volume of the spent samples, and (iii) their monoclinic to orthorhombic phase variation.

From these three successive chapters, a comprehensive catalyst evolution pathway could be drawn according to the balance metallic/acidic functions of the bifunctional catalyst. At the genesis of the reaction, the operating catalyst has to be prepared. It generally consists of a wet incipient impregnation of a molybdate precursor on a protonic zeolite. The subsequent calcination step at 500 °C allows the migration of the molybdenum species, where they preferentially anchor as MoO2 2+ monomers and Mo2O5 2+ dimers bridged with two aluminum pairs. Once the maximum exchange capacity is exceeded, the remaining molybdenum is deposited on the external surface (MoO3). As the reaction is carried out at 700 °C, a pre-treatment under inert flow, namely nitrogen, is required to reach the operating temperature. This intermediate step, too often neglected, leads to irreversible catalyst damage (zeolite amorphization) promoted by extraction of aluminum framework to form extra-framework species Al2(MoO4)3, especially once the Mo loading exceeds 4 wt. % (Schema VI-1). Schema VI-1 : Schema of the consequences of the inert isothermal pretreatment at 700 °C according to the molybdenum amount.

The oxo-molybdate species dispersed inside the zeolite channel serve as active site precursors, which require to be carburized (reduced into molybdenum carbide) under a methane flow producing large amounts of CO2, H2O, CO, and H2. This step, referred to as catalyst activation, is a stoichiometric reaction in which no benzene is produced. Once the catalyst is activated, it initiates the formation of aromatics until it reaches optimal production. During this so-called induction step, carbon species start to be deposited on the catalysts building up the hydrocarbon pool (organo-catalytic complex). This complex is mainly constituted of unsubstituted polyaromatic compounds (anthracene, pyrene…) driven by the zeolite MFI internal framework since coking is a shape-selective process at high temperatures. Lastly, the catalyst deactivates after exceeding this optimal production. Coke species progressively accumulate, filing the zeolite micropores. The hydrocarbon pool intermediates seem to grow and form heavy polyaromatic compounds blocking access to the active species. In parallel, more than 50% of the initially dispersed molybdenum inside the zeolite channel has been revealed to migrate toward the external surface after several hours of reaction (Schema VI-2). Despite the severe thermodynamic limitation and catalyst deactivation, the current natural gas price volatility, the need for methane emission cut-off, the high selectivity in benzene (~ 70 %) avoiding cost-effective downstream separation treatment, the simultaneous production of hydrogen: a clean energy vector at the core of the energetic transition in the European Union make it a process economically attractive. In that way, the race towards process industrialization and commercialization has already started. However, this race has been suddenly stopped after Russia declared war on Ukraine on the 24 th of February 2022. Consequently, the resulting economic sanctions by the European Union, along with the longlasting decrease in our reliance on Russian natural gas have generated a progressive shortage in its supply needed, mainly for power generation, in both the industrial and residential sectors. This well-founded scare on natural gas supply has set new priorities for its valorization going back to its primary use. Currently, the use of biogas for this reaction seems to be more adapted. 

HCP

The road toward process industrialization remains extremely long and relies on different innovative strategies:

(i)
Fine-tuning the catalyst synthesis based on the identified deactivation modes: molybdenum sintering and coke deposition. This is highly challenging since both deactivation modes are opposite. In other words, the diffusional pathway plays a key role. The shorter the crystal size, the more favorable the product desorb and the easier the molybdenum carbide migrates toward the external surface. The longer the diffusional pathway, the more easily the products condense inside the zeolite micropores and resistant the carbide is to sintering. This dual mode explains why nanocrystal zeolites were shown not to be highly effective in increasing catalyst stability. Therefore, new materials such as hollow zeolites could be envisaged. Additionally, the similar dual role of the zeolite acidity required for building the hydrocarbon pool (catalytic activity) is also responsible for catalytic deactivation.

(ii)

Chemical engineering development from process intensification as it seems scale-up increases catalytic productivity per amount of catalyst. Generally, the overall process consists of three successive units: an MDA reactor unit followed by two separation units. The first one is to condense and recover the aromatic products, and the second is to separate the autogenous hydrogen and methane from an H2 permeable membrane or H2 removal via its oxidation followed by water chemisorption. An alternative is the hydrogenation of the untapped produced naphthalene (~20 wt. % of selectivity). The resulting decaline mixture could serve as a liquid organic hydrogen carrier (LOHC). This possibility solves both problems of hydrogen storage and separation. Afterward, the pure unreacted methane is fed to the reactor unit with the use of a recycling loop to increase the thermodynamic limitations indirectly. Additionally, co-feeding, successive oxidative pulses, and membrane reactor can also be envisaged adding some complexity to the process. However, all these potential solutions do not maintain a stable catalytic activity. An additional unit is necessary: the regeneration unit.

(iii)

Efficient regeneration step. This last point needs to be carefully addressed since, at the current moment, no catalysts could operate stably for days. As reductive regeneration is not economically attractive due to the use of high valuable clean energy vector, the regeneration step under oxidative flow, scarcely investigated in the course of this PhD thesis, is of great importance to master for process sustainability. This highly exothermic reaction (𝛥𝐻 r 0 = -283 kJ mol -1 ) requires proper heat transfer management to avoid thermal runaway that could potentially damage the catalyst structure irreversibly due to the promotion of Al2(MoO4)3 formation. In that view, developing technical catalysts needed to be implemented in industrial technologies should not be neglected. Among the different macroscopic shapes achieved from the catalyst powder, one can mention cellular structures such as honeycomb monoliths, foam, or 3D-printing monoliths, which enhance heat transfer. The latter could establish itself as the right choice due to its high amount per catalyst volume.

These three guidelines could also be merged, making the MDA a process of compromise. As an example, adding a promoter that can reduce the regeneration temperature or increase the stability with the use of a co-reactant is part of a long list of achievable opportunities. As a conclusion, the versatility of the MDA technology provides high expectations as long as the technical issues are broken, leaving room for improvement. Chapter III annexes: How do the products in methane dehydroaromatization impact the distinct stages of the reaction? Chapter III annexes: How do the products in methane dehydroaromatization impact the distinct stages of the reaction? Remark: only two pyridine adsorption monitored by FT-IR spectroscopy on the spent catalyst containing the less carbon could be carried out. At higher coke content the intensity saturated. Chapter IV annexes: How does the balance of metal and acid functions on the benchmark Mo/ZSM-5 catalyst drive the Methane dehydroaromatization reaction?

201

The neutralized Brønsted acid sites were calculated according to the two following equations. Eq. A-IV.1 was normalized from the amount of catalyst, and Eq. A-IV.2 was normalized from the amount of zeolite by removing the mass of Mo. Chapter V annexes: Which species deactivate the catalyst in the MDA: molybdenum and/or coke? 

Résumé

Parmi les nombreux défis énergétiques internationaux, la réduction des gaz à effet de serre associé à l'augmentation du ratio composés pétrochimiques/carburants, a fait évolué le paysage énergétique vers de nouvelles sources d'énergies alternatives. Le gaz naturel a été propulsé sur le devant de la scène pour répondre à ses enjeux grâce à son abondance, utilisation polyvalente et son énergie bas carbone. Cependant, le méthane son composé le plus abondant, est un gaz à effet de serre principalement utilisé pour la production d'électricité. Son importante stabilité chimique (première énergie de dissociation d'une liaison de 439 kJ mol -1 ) lui confère des contraintes réactionnelles dans la production de composés à valeur ajoutées.

La déshydroaromatization du méthane dans conditions non-oxygénantes (MDA: 6 CH4 ⇋ C6H6 + 9 H2) sur le catalyseur bifonctionnel Mo/HZSM-5 est apparue comme une technologie clé pour valoriser le méthane inexploité en produisant simultanément des molécules plateformes et un vecteur énergétique vert sans émission directes de CO2. Cependant cette réaction est fortement limitée par la thermodynamique ( ̴ 12.5 % à 700 °C en passage unique) et souffre de la rapide désactivation du catalyseur par le dépôt de carbone favorisée à hautes températures empêchant la potentielle industrialisation du procédé.

La réaction de MDA est connue pour se dérouler en 4 étapes successives (préparation, activation, induction et désactivation) durant lesquelles le catalyseur va constamment évoluer. Les deux premières étapes sont gouvernées par les espèces de molybdène qui vont initier la formation d'espèces carbonées à la fin de l'activation du catalyseur. Ces dernières vont être responsables de de la suite de l'évolution du catalyseur. Chacune de ces étapes apporte toujours son lot de mystère qu'il convient d'éclaircir.

A la suite de ce travail de thèse, il a été établi que lors de la préparation du catalyseur, les espèces de molybdène vont migrer à l'intérieur des canaux de la zéolite et se fixer préférentiellement sur les paires d'aluminium sous la forme Mo2O5 2+ et MoO2 2+ . Lorsque la capacité maximale d'échange est dépassée, le molybdène restant se dépose sur la surface extérieure (MoO3). Le catalyseur est par la suite exposé à un flux de méthane qui va carburizer (réduire sous forme carbidique) les oxomolybdates pour former des carbures de molybdène identifiés comme les espèces actives de la réaction. Cette étape durant laquelle 2 moles de méthane sont nécessaires pour réduire une mole d'oxyde de molybdène est stoechiométrique.

Une fois le catalyseur activé, le méthane est converti en composés polyaromatiques qui vont progressivement constituer l'hydrocarbon pool : complexe organo-catalytique piégé dans les canaux de la zéolithe qui « auto-catalyse la réaction » lors de l'étape d'induction. La structure chimique de ce dernier a pu être pour la première fois clairement identifiée à l'aide de la méthode d'extraction du coke. Lors de la dernière étape de désactivation, les espèces polyaromatiques carbonées s'accumulent progressivement dans les pores de la zéolithe, bloquant l'accès aux espèces actives. Ces dernières accélèrent aussi la perte de stabilité catalytique à la suite de leur migration vers la surface extérieure formant de large amas de carbure de molybdène. Trois descripteurs de désactivation ont été identifiés : quantité de coke déposé sur le catalyseur, perte du volume microporeux et le changement de phase de la zéolithe.

Mots clés: Méthane, Zéolithe, Aromatisation, Hydrogène, Catalyse bifonctionnelle, Désactivation, Coke

Figure I- 1 :

 1 Figure I-1: (a) Absolute and (b) relative worldwide energy consumption over the last century. Adapted to ref. 1 Coal Oil Natural gas Hydropower Nuclear Biomass Solar and wind Other renewables

Figure I- 6 :

 6 Figure I-6: (a) Power generation projected according to the COP 26 pledges and (b) share of electricity supply according to the sector. Adapted from ref.10,37 

Eq. I- 10 Increasing

 10 the pressure shifts the thermodynamic equilibrium to the indirect way according to the principle of Le Chatelier. The longer the polyaromatic coke molecule, the more sensitive to pressure rise (Figure I-10.b).

Figure I- 10 :

 10 Figure I-10: Thermodynamic limit of methane conversion into (a) different hydrocarbons and (b) into benzene at different pressures as a function of the temperature.

Figure I- 11 :

 11 Figure I-11: (a) Methane conversion and (b) benzene yield according to the different investigated catalytic reported in the literature. Each line corresponds to one value taken from Table A-I.1 at TOS of 100 min (dark) and 300-600 min (red). The columns are guide-to-the-eyes.

  State-of-the-art 25

  Figure I-12: The framework topology of the zeolite of MFI (a) and MWW (b) structure and their associated pore dimensions.
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  Figure I-13: (a) Al sitting of different Al arrangements in ZSM-5 zeolites. Adapted from ref 112 and (b) Brønsted acid sites representation.

Figure I- 14 :

 14 Figure I-14: Ion abundance of benzene as a function of the time on stream. Recopied according to ref. 127

Schema I- 6 :

 6 Proposed pathways for methane dehydroaromatization over Mo/HZSM-5 catalysts: (a) bifunctional mechanism and (b) hydrocarbon pool-like mechanism. Recopied from ref.157 

  d.ii. Insight into "hard" coke species

  Figure I-16, and Figure I-17).

Figure I- 19

 19 Figure I-19 reports data found in the open literature on the impact of the H2 co-feeding.It can be clearly seen that adding a small amount of hydrogen (< 3%) inside the methane flow enhances half the benzene formation rate after 5 hours of reaction.182 As expected, hydrogen addition reduces the amount of coke recovered on the spent catalyst, notably the "hard" coke species.163,183 

Figure I- 19 :

 19 Figure I-19: Impact of the H2 co-feeding on the benzene yield obtained after different time on stream. Data were taken from: ref 163 , ref 180 , ref 184 , ref 183 .

Figure I- 20 :

 20 Figure I-20: Impact of the H2O co-feeding on the benzene yield after 300 min of reaction. Data were taken from: ref 139 , ref 182 , ref 185 .

Figure I- 21 :

 21 Figure I-21: Impact of the CO2 co-feeding on the benzene yield obtained after 300 min. Data were taken from: ref 178 , ref 179 ref 186 .

Figure II- 1 :

 1 Figure II-1: Characterization of the fresh sample 3.1-MoHZ-15: (a) XRD patterns, (b) N2 adsorption and desorption isotherms, (c) Raman spectrum, (d) IR spectrum of OH region.

  FID detector, whereas the remaining gas products (mainly hydrogen) after hydrocarbons condensation are quantified with the TCD.III.2. Standard catalytic parameters forMDA reaction III.2.a. Selection of the adapted parameters

Figure II- 2 :

 2 Figure II-2: Number of counted publications according to the used GHSV (a) and reaction temperature (b).

Figure II- 3 :

 3 Figure II-3: Cumulative residence time distribution and residence time distribution measured in the MDA experimental conditions

Figure II- 4 :

 4 Figure II-4 : Example of mass spectra obtained in the standard operating conditions. The products formed during the activation step are then possible to identify.Then at a longer reaction time, the gaseous products and hydrogen were analyzed online by a Varian CP-3800 gas chromatograph equipped with an FID detector connected to a fused silica J&W GS-Gaspro capillary column (60 m x 0.32 mm x 4 µm), and a TCD heated to 120 °C connected to a J&W PoraPLOT Q-HT capillary column (25 m x 0.53 mm x 20 µm). The selected carrier gas for both columns is nitrogen.

Figure II- 5 :

 5 Figure II-5: Chromatograms example obtained after 5 hours of MDA analysed by (a) the FID and (b) TCD detectors. The yellow area is magnified at low time on stream.
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 2 An example of chromatograms is given in Figure II-5. From the FID channel (Figure II-5.a), it can be observed very few products are formed during the MDA reaction, which is the great advantage of avoiding cost-effective separation technics. The A8 + fraction is formed principally of methyl-naphthalenes. Regarding the TCD channel (Figure II-5.b), the hydrogen formed is properly separated from the methane. Schema II-3 summarizes the procedures needed to perform all described catalytic tests with their associated analysis. Schema II-3: Recap of the catalytic tests and analytical setup

Figure III- 1

 1 Figure III-1 compares nitrogen sorption at -196 °C, infrared and Raman spectra and XRD patterns of the HZ-25 zeolite before and after molybdenum impregnation.

Figure III- 1 :

 1 Figure III-1: Characterization of HZ-25(black) and 3.1-MoHZ-25 (red): (a) XRD patterns, (b) N2 adsorption and desorption isotherms, (c) Raman spectra, (d) IR spectra of OH region.

  showing Al in the next nearest neighbor (NNN) positions (Schema III-1). ∆𝐸 = +3.50 𝑒𝑉 (Eq. III-1) ∆𝐸 = +0.85 𝑒𝑉 (Eq. III-2) Schema III-1: Anchoring sites of Molyddemun oxide on the BAS The formation of the dimeric species is only slightly endothermic (0.85 eV), while the formation of the monomeric species is more endothermic (3.50 eV). The corresponding structures of both monomeric and dimeric oxomolybdate phases are shown in Figure A-III.1.

Figure III- 2 :

 2 Figure III-2: (a) Ion abundance of benzene as a function of a long timeon stream, (b) for different contact times during activation and inductions, and (c) duration of these two steps as a function of contact time.

  possible reaction paths toward the reduced molybdenum (oxy)carbide species during the activation of Mo/ZSM-5 by means ab initio thermodynamic calculations, used for computing the chemical potential 𝜇 𝐶𝐻 4 , 𝜇 𝐻 2 and 𝜇 𝐶𝑂 for all intermediates occurring during the reduction of supported Mo2O5 to the MDA active phase consistent with supported moieties.

Figure III- 4 :

 4 Figure III-4: Ion abundance of (a) methane, (b) ethylene, (c) toluene and (d) naphthalene as a function of the time on stream for different contact times

  d, e, and f). The ethylene yield and the hydrogen formation rate are initially proportional to τ. Then the first one passes through a maximum at 0.25 s (Figure III-5.c), while the latter approaches steady-state formation (Figure III-5.b).

Figure III- 5 :

 5 Figure III-5: (a) Initial molar conversion of methane, (b) formation rate of hydrogen, mass yields of (c) ethylene, (d) benzene, (e) toluene, and (f) naphthalene as a function of contact time. The yellow square is a zoomed area at the lower contact times.

Figure III- 6

 6 Figure III-6 shows the methane conversion and the formation rate of hydrogen obtained at different contact times as a function of the time-on-stream. The rate of deactivation depends on the contact time. An exponential function was assumed for catalyst deactivation, depending on the deactivation constant (kd) and the time-on-stream.52 The constant deactivation is fitted to the experimental data of the methane conversion (𝑘 𝑑 𝑚𝑒𝑡ℎ𝑎𝑛𝑒 ) and

Figure III- 6 :

 6 Figure III-6: (a) Molar conversion of methane, (b) hydrogen formation rate and corresponding (c) deactivation constant as a function of time on steam for different contact time.

Figure III- 7 : 102 II. 3 .

 71023 Figure III-7: (a) Formation rate of hydrogen, mass yields of (b) ethylene, (c) benzene, (d) toluene, (e) naphthalene as a function of the methane conversion for different contact time.

Figure III- 8 :

 8 Figure III-8: (a) Example of thermogravimetric analysis of the spent catalyst (3.1-MoHZ-25)10h 0.85 with associated (b) CO2 and (c) H2O profiles, deconvoluted into two peaks: in blue, "soft" coke, and in red, "hard" coke.
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  Chapter III: How do the products in MDA impact the distinct stages of the reaction? 103

  2 wt. %) as the contact time increases (Figure III-9.a).

Figure III- 9 :

 9 Figure III-9: (a) Total, "soft", and "hard" coke contents and (b) weight gain as a function of contact time, (c) "Soft" and (d) "hard" coke contents vs. deactivation constant (kd)

  Figure A-II.1. The direct relation with a slope of ~ 1 supports the coke amount recovered on the spent samples.

Figure 1 )Figure III- 10 :

 110 Figure III-10: Cumulative amount of hydrogen produced after 10 hours of reaction as a function of the total coke content.

Figure III- 11 :

 11 Figure III-11: (a) H/C molar ratio of the spent samples recovered as function of the contact time, (b) H/C molar ratio and the density of reference coke molecules generally trapped within the zeolite HZSM-5.

Figure III- 13 :

 13 Figure III-13: (a) Analysis of both 1350 (black) and 1595 cm -1 (red) Raman peaks -typical of polyaromatic hydrocarbons-recorded along the TPO of the spent catalyst (3.1-MoHZ-25)10h 2.04 : evolution of peak area as a function of temperature (plain lines) and corresponding derivative (dot-dashed lines), (b) CO2 production measured online -simultaneously to the collection of Raman spectra shown in (a). The lines are drawn simply to guide the eyes.

  Figure III-14: Computed structures of (a) benzene, (b) naphthalene, (c) benzene co-adsorption H2 and (d) naphthalene co-adsorbed H2 adsorbed at Mo2C2 active site located at -channels of ZSM-5 and corresponding adsorption energies.

Figure IV- 1 :

 1 Figure IV-1: XRD patterns of the fresh catalysts as a function of the Mo loading for the different series: (a) Si/Al = 15; (b) Si/Al = 25; (c) Si/Al = 40 and (d) Si/Al = 75. The indicated peaks refer to the characteristic ones of MoO3 crystallites.
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  Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 124a Mo content measured by ICP analysis, b micropore volume estimated with t-plot, b

Figure IV- 2 :

 2 Figure IV-2: Size of the MoO3 crystallites deposited at the external zeolite surface calculated with the Scherrer equation as a function of the Mo loading. The associated SEM micrographs of molybdenum crystallites are given for different molybdenum amounts.

1 .

 1 Figure IV-3 shows the calculated Vmicro plotted as a function of the Mo loading for each series. By considering 𝑉 𝑚𝑖𝑐𝑟𝑜 𝑐𝑎𝑡 (Figure IV-3.a.

Figure IV- 4 . 3 [

 43 Figure IV-4.

  Figure IV-4: Raman spectra of the calcined catalysts as a function of the Mo loading for the different catalyst series: (a) Si/Al = 15; (b) Si/Al = 25; (c) Si/Al = 40 and (d) Si/Al = 75.

d

  Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 129 Raman spectroscopy evidences the dimerization of two molybdenum monomers MoOx to form poly-oxomolybdate at a low Si/Al ratio once the Mo content reaches a specific value. No poly-oxomolybdate was identified for a higher Si/Al molar ratio.II.1.d. IR analysesInfrared spectroscopy was carried out to gain insight into the localization of the different Molybdenum moieties. Figure IV-5 compares the infrared spectra in the OH stretching region as a function of molybdenum content on the four catalysts series.



  Si/Al = 15 (Figure IV-5.a), the intensity of the bridged hydroxyl groups decreases and reaches a plateau when the Mo content is 1.6 wt.%. The same observation occurs for the EFAL intensity band. Once the Mo content achieves 11.4 wt.%, the intensity of the EFAL band increases probably due to the formation of Al2(MoO4)3, which is supported by the loss of micropore volume. The molybdenum extracts the aluminum framework and creates EFAL species.   Si/Al = 25 (Figure IV-5.b), the band intensity at 3610 cm -1 starts to decrease at low Mo content (< 2 wt %). Once this value is reached, its intensity stays constant. As for the EFAL band intensity, it reduces as the Mo amount increases until it totally disappears at high Mo content. Contrary to the series Si/Al = 15, it suggests the molybdenum reacts with EFAL and preserves the internal zeolite crystallinity. Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 130  Si/Al = 40 (Figure IV-5.c

X

  Figure IV-5: IR spectra of OH region of the calcined catalysts as a function of the Mo loading for the different catalyst series: (a) Si/Al = 15; (b) Si/Al = 25; (c) Si/Al = 40 and (d) Si/Al = 75. The spectra intensity was normalized from the zeolite amount.

Figure IV- 6 :

 6 Figure IV-6: Amount of Brønsted acid sites neutralized after Mo impregnation as a function of the Mo loading for the different series of catalysts. The data in full and open symbols are normalized from the amount of catalyst (a) and zeolite (b), respectively.

  Figure IV-8: Duration of the activation step as a function of the Mo loading for the different catalyst series

Figure IV- 7 :

 7 Figure IV-7: Mass spectra of the benzene as a function of time on stream. The red area corresponds to the cumulative yield of benzene and is possible to separate into two parts. Before (⁎) refers to the induction period and after (⁎) to the deactivation step.

Figure IV- 9 :

 9 Figure IV-9: Cumulative yield after 10 hours of reaction of the different products as a function of the Mo loading for the different catalysts series

Figure IV- 10 :

 10 Figure IV-10: Connection of the induction time, cumulative benzene yield after 10 hours of reaction, and deactivation constant. Induction time as a function of the cumulative benzene yield (red) and the deactivation constant (blue), deactivation constant as a function of the cumulative benzene yield (green).

  Figure IV-11: Example of thermogravimetric analysis of the spent catalyst (7.4-MoHZ-15)10h recovered after 10 hours of MDA reaction with associated CO2-TPO profile, decomposed into two peaks: "soft" coke in blue and "hard" coke in red.

  2).

Figure IV- 12 : 75 0

 1275 Figure IV-12: Coke content and occupied microporous volume of the spent catalysts recovered after 10 hours of reaction as a function of the Mo loading for the different catalyst series: (a) Si/Al = 15; (b) Si/Al = 25; (c) Si/Al = 40; and (d) Si/Al = 75

Figure IV- 13 :

 13 Figure IV-13: XRD patterns of the spent catalysts recovered after 10 hours of MDA reaction as function of Mo loading for the different catalyst series: (a) Si/Al = 15; (b) Si/Al = 25; (c) Si/Al = 40 and (d) Si/Al = 75
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 75 Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction?

  Schema IV-1: Impact of the Mo loading on the textural properties of the zeolite after the calcination step Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction? 144 activity (Table

Schema IV- 2 :

 2 Cumulative yield of benzene as a function of the initial Brønsted acidity for different Mo loading and establish of a structure-activity relationship for the series Si/Al = 15. By assuming only Mo2O5 2+ moieties are anchored inside the zeolite channel, the amount of Mo involved in dimeric oxomolybdate supported on the zeolite framework is given by the following equation. 𝑤𝑀𝑜 𝑀𝑜2𝑂5 = [𝐻 + ] 𝑛𝑒𝑢𝑡𝑟𝑎𝑙𝑖𝑧𝑒𝑑 𝑧 * 𝑀 𝑀𝑜 * 100

Figure IV- 14 :

 14 Figure IV-14: Ion abundance of the products formed in the early stage of the aromatization for the catalyst 16.9-MoHZ-75

Figure IV- 15 :

 15 Figure IV-15: XRD patterns of the fresh (a) and spent (b) silicalite as a function of the Mo loading

  The absence of the characteristic peak [0 2 1] of α-MoO3 at 27.3° (JCPDS File No. 04-012-8070) initially presented on the fresh calcined catalyst, and the intensity increase of the α-MoO3 reflection peaks [0 k 0] reveals a change of morphology. The initial α-MoO3 crystals evolve along with the preferred orientation and generate a lamellar structure during the inert pre-treatment.24 

Figure V- 1 :

 1 Figure V-1: (a) XRD patterns and (b) Raman spectra of catalysts (17.2-MoHZ-15)calc-500 °C and (17.2-MoHZ-15)N2-700 °C. , , symbols represent MoO3, MoO2 and Al2(MoO4)3, respectively.

b

  This is confirmed by SEM analyses of the 17.2-MoHZ-15 sample (Figure V-2). After being calcined at 500 °C, the molybdenum is deposited heterogeneously at the external surface (Figure V-2.a). Large MoO3 particles (~ 1 µm) are present in high density. After the inert isothermal pre-treatment, these particles become smaller (~ 0.1 µm) and are more dispersed homogeneously at the external surface. The same observations were noticed under a reductive pre-treatment at intermediate temperatures (550-650°C).

  4 L h -1 gcat -1 . The global catalytic performance of the Mo/HZSM-5 samples was assessed and represented in Figure V-3. The catalyst deactivation can clearly be observed in Figure V-3.a. The same catalyst was used for

Figure V- 2 :

 2 Figure V-2: SEM images of (a) 17.2-MoHZ-15 and (17.2-MoHZ-15)N2-700°C

Figure V- 3 :

 3 Figure V-3: (a) methane conversion and (b) cumulative product yields obtained during the MDA tests after 20 hours of reaction for the different catalysts. The full line and dashed line correspond to the fitting of 0.9-MoHZ-15 and 2.7-MoHZ-15, respectively.

  Figure V-3.a. shows this "time on stream" model for low Mo loading catalysts. The proposed exponential decay function effectively fits the loss of catalytic activity, allowing to determine 𝛼 𝑡 (0.9-MoHZ-15) = 0.09 h -1 and 𝛼 𝑡 (2.7-MoHZ-15) = 0.10 h -1 , which have the same order of magnitude reported by other groups.32 Surprisingly, despite the Mo content difference, the deactivation constants are similar, suggesting deactivation occurs regardless of the molybdenum remaining at the external surface.

Figure V- 7 :

 7 Figure V-7: XRD patterns of (a) 0.9-MoHZ-15 and (b) 2.7-MoHZ-15 catalysts as a function of the time on stream

Figure V- 8 :

 8 Figure V-8: CO2 profiles combustion of (a) (0.9-MoHZ-15) and (b) (2.7-MoHZ-15) catalysts recovered at different time-on-stream.

  Which species deactivate the catalyst in the MDA: molybdenum and/or coke?

Figure V- 9 :

 9 Figure V-9: (a) Carbide oxidation, "soft" coke and "hard" coke content as a function of the time-on-stream and (c) as a function of the total coke content. The grey area is magnified at the low coke content. Full and open symbols correspond to the 0.9-MoHZ-15 and 2.7-MoHZ-15, respectively.
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Figure V- 10 :

 10 Figure V-10: Fraction of the soluble and insoluble coke in dichloromethane as a function of the time-on-stream and total coke content formed during the MDA reaction. The full line/close symbols and dashed line/open symbols corresponds to the fitting of 0.9-MoHZ-15 and 2.7-MoHZ-15, respectively

Figure V- 11 :

 11 Figure V-11: XRD patterns of the insoluble coke recovered at different timeon-stream for (a) 0.9-MoHZ-15 and (b) 2.7-MoHZ-15 and (c) isotherm of the insoluble fraction obtained from the spent catalyst: (2.7-MoHZ-15)20h.

  thermally stable orthorhombic α-MoO3 to metastable monoclinic phase β-MoO3.(iii)Collapse of the internal zeolite structure due to the formation of extra-framework species Al2(MoO4)3.

Figure V- 12 :

 12 Figure V-12: TEM images of the samples (a) 17.2-MoHZ-15 and (b) (17.2-MoHZ-15)N2-700°C

Figure V- 13 :

 13 Figure V-13: TEM images of the samples (17.2-MoHZ-15)20h

Figure V- 14 :

 14 Figure V-14: XRD patterns of the insoluble coke recovered at different time-on-stream of 17.2-MoHZ-15.

  ratio C/Mo of the insoluble fraction is equal to ~3.5. By removing the amount of carbon that oxidized in TGA, the molybdenum carbide appears to be MoCx with x ~ 2.5.

2 :

 2 Schema of the involved mechanisms during the catalyst evolution once the reaction is launched.



  Build up of the hydrocarbon pool constituted of unsubstituted polyaromatics  Driven by the zeolite framework (shape-selectivity)

Figure A-III. 1 :

 1 Figure A-III.1: Position of monomeric [MoO2] 2+ and dimeric [Mo2O5] 2+ species in the zeolite channel (Mo-blue, Al pink, Si yellow)

Figure A-III. 2 :

 2 Figure A-III.2: Reaction mechanism for diffusion into zeolite and activation of the first CH4 for the catalytic MDA reaction on [Mo2C2] 2+ system at 700 °C

Figure A-III. 3 :

 3 Figure A-III.3: TGA profile of commercial Mo2C.

Figure A-III. 4 :

 4 Figure A-III.4: Residual microporous volume and residual Brønsted acidity as a function of total coke content.

  Figure A-III.5: Evolution of Raman signature of spent catalyst collected during its TPO. Note that the fluorescence contribution has been removed by a baseline subtraction.

Figure A-IV. 1 : 1 80 2 ChapterFigure A-IV. 2 :

 1122 Figure A-IV.1: 27 Al MAS NMR spectra of the series 15 for three different Mo loadings

d

  Figure A-IV.3: Rates of benzene formation as a function of time on stream over the catalyst 4.0-MoHZ-15. The value of kd, the deactivation rate constant is calculated from the slope of semilogarithmic plot.

Figure A-IV. 4 :d 205 Figure A-V. 1 :

 42051 Figure A-IV.4: Thermogravimetric analysis TGA of the spent catalysts recovered after 10 hours of MDA as a function of the Mo loading for the different catalyst series: (a) Si/Al = 15; (b) Si/Al = 25; (c) Si/Al = 40 and (d) Si/Al = 75.

Figure A-V. 3 :

 3 Figure A-V.3: Ion abundance of benzene as a function of the time on stream for the catalyst 2.7%-Mo. The vertical drop lines correspond to the time when the reaction was stopped.

Figure A-V. 4 :

 4 Figure A-V.4: Thermogravimetric analysis (a) with associated CO2-TPO profile (b) of the spent sample (2.7-MoHZ-15)20h, decomposed into two peaks: "soft" coke in blue and "hard" coke in red.
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Table I -

 I 1: Example of the composition of the pyrolysis-gasoline and reformate. Adapted from ref.50 

	Product	Paraffin Olefin Benzene Toluene	A8 +	A9 +	Total aromatics
	Py-gas	8	10.5	36	17.5	9	19	81.5
	Reformate	34	/	7	26	25	8	66

135,136 0 50 100 250 300 350 MS signal intensity (a.u.) Time on stream (min) Benzene abundance Activation Induction Deactivation

  

  -3. 

	𝜏 𝑟𝑒𝑔 =	𝑇𝑂𝑆 𝑟𝑒𝑔 𝑇𝑂𝑆 𝑟𝑒𝑎𝑐	where	𝜏

𝑟𝑒𝑔 is the ratio 𝑇𝑂𝑆 𝑟𝑒𝑎𝑐 : reaction time 𝑇𝑂𝑆 𝑟𝑒𝑔 : regeneration time Eq. I-13

Table II -

 II 1: Code name of the prepared catalysts before the catalytic tests

Table II -

 II 

	3: Mass-to-charges ratios tracked with MS and their corresponding molecules
	m/z	2	18	27	44	78	92	128
	compounds	H2	H2O	C2H3 +	CO2	C6H6	C7H8	C10H8

Table II -

 II 2 : Code name of the recovered catalysts after the catalytic tests the reduction of the molybdenum oxide into molybdenum carbide centers (ii) the latter converts methane to olefin intermediates initiating aromatic formation during the induction step, (iii) once the catalyst achieves its operational activity, it begins to deactivate (Chapter I, IV.2.). The light gas formed during the molybdenum reduction are then possible to follow (FigureII-4).

	observed corresponding to		
	Studies		Recovered samples code name
	Kinetic study (Chapter III) Balance Mo/acidity (Chapter IV) Catalyst evolution (Chapter V)	(X-MoHZ-Y)t τ (X-MoHZ-Y)t	where	X: Mo loading directly calculated from the ICP measurement Y: molar Si/Al given by the supplier t: time when the reaction was stopped τ: contact time of the catalytic test

Table II -

 II 4: Thermal conductivities for selected gases

	Thermal conductivity of common
	gases at 100 °C (relative to He = 100)
	H2	125.3
	He	100
	Ar	18
	N2	12.8

Table II -

 II 

	Carrier gas			
	H2	He	Ar	N2
	Eluent			
	H2			

5: Recap of the carrier gases needed to analyze different eluents

  As for hydrogen, its formation rate is calculated according to Eq. II-15.

						14)
	have been calculated.		
						𝐴 𝐶𝐻 4 𝐵𝑙𝑎𝑛𝑘 : area of the methane peak
	𝑋 𝐶𝐻 4 (%) =	𝐴 𝐶𝐻 4 𝐵𝑙𝑎𝑛𝑘 -𝐴 𝐶𝐻 4 𝑂𝑢𝑡𝑝𝑢𝑡 * 100 𝐴 𝐶𝐻 4 𝐵𝑙𝑎𝑛𝑘	where	measured after the by-pass zone measured at a given time after the 𝐴 𝐶𝐻 4 𝑂𝑢𝑡𝑝𝑢𝑡 : area of the methane peak	Eq. II-12
						reaction zone
	𝑆 𝑖 (𝑤𝑡. %) =	𝐴 𝑖 𝑂𝑢𝑡𝑝𝑢𝑡 𝐵𝑙𝑎𝑛𝑘 -𝐴 𝐶𝐻 4 𝐴 𝐶𝐻 4 𝑂𝑢𝑡𝑝𝑢𝑡 * 100	where	time after the reaction zone 𝐴 𝑖 𝑂𝑢𝑡𝑝𝑢𝑡 : area of the product peak measured at a given	Eq. II-13
	𝑌 𝑖 (𝑤𝑡. %) =	𝑂𝑢𝑡𝑝𝑢𝑡 𝐴 𝑖 𝐴 𝐶𝐻 4 𝐵𝑙𝑎𝑛𝑘 *100		Eq. II-14
					𝐹 𝐻 2 𝑂𝑢𝑡𝑙𝑒𝑡 : molar rate of the hydrogen
					calculated after the reaction zone
	𝐹 𝐻 2 𝑂𝑢𝑡𝑙𝑒𝑡 = 𝐹 𝑇𝑜𝑡𝑎𝑙 𝑂𝑢𝑡𝑙𝑒𝑡 *	𝐴 𝐻 2 𝑂𝑢𝑡𝑙𝑒𝑡 𝑘 𝐻 2	where	𝑂𝑢𝑡𝑙𝑒𝑡 : molar rate of the total flow after 𝐹 𝑇𝑜𝑡𝑎𝑙 the reaction zone 𝐴 𝐻 2 𝑂𝑢𝑡𝑙𝑒𝑡 : area of the hydrogen peak
					measured at a given time after the
					reaction zone
					𝑘 𝐻

2 : response factor of hydrogen on TCD Eq. II-15

  Table II-6.

	Table II-6: Experimental conditions difference between the analyzed samples (fresh or
	spent)		
	Analysis	Experimental conditions
	technic	Before catalytic tests	After catalytic tests
	XRD	Identical
	N2-sorption	Samples outgassed at 350 °C	Samples outgassed at ambient temperature
		Pre-treated from 20 °C to 450 °C	Pre-treated from 20 °C to 150 °C
	Pyr-IR	under 100 mL min -1 of air stream	under 100 mL min -1 of air stream
		at night	for one hour
	ICP-OES	Same mineralization protocol

  -2).

	𝐶 𝑀𝑜	(𝑖) ≈	𝑡 𝑛 𝑐 𝑛 𝑀𝑜	* 0.51/𝑘 𝑑 𝑚𝑒𝑡ℎ𝑎𝑛𝑒 (𝑖)	Eq. III-8
	𝑛 𝑐				

𝑡 

: amount of substance carbon in toxic coke per amount of catalyst 𝑛 𝑀𝑜 : molybdenum amount of substance per amount of catalyst

Table IV -

 IV 1: Characterization data of the supported oxo-molybdate fresh catalysts after the calcination step normalized from the zeolite and catalyst amount

	Sample name	Mo (wt.%) a	Micropore volume b cm 3 . gcat -1 cm 3 . gz -1	Mesopore volume c cm 3 . gcat -1 cm 3 . gz -1	[H + ] neutralized d µmol. gcat -1 (i) µmol. gz -1 (ii)	MoO3 crystallite size e nm
					Series 15				
	HZ-15	0	0.13	0.13	0.06	0.06	0	0	0
	0.7-MoHZ-15	0.7	0.13	0.13	0.06	0.06	74	71	0
	1.6-MoHZ-15	1.6	0.12	0.13	0.06	0.06	122	116	0
	4.0-MoHZ-15	4.0	0.12	0.13	0.05	0.05	156	141	
	4.9-MoHZ-15	4.9	0.12	0.12	0.05	0.05	184	167	
	7.4-MoHZ-15	7.4	0.10	0.11	0.04	0.04	115	84	106
	11.4-MoHZ-15	11.4	0.10	0.12	0.04	0.05	158	113	
	16.1-MoHZ-15	16.1	0.08	0.11	0.04	0.05	209	152	
					Series 25				
	HZ-25	0	0.14	0.14	0.09	0.09	0	0	0
	1.0-MoHZ-25	1.0	0.14	0.14	0.06	0.06	76	74	0
	2.0-MoHZ-25	2.0	0.13	0.13	0.07	0.07	107	103	0
	3.5-MoHZ-25	3.5	0.13	0.14	0.06	0.06	70	62	
	4.1-MoHZ-25	4.1	0.13	0.14	0.06	0.06	85	76	
	9.8-MoHZ-25	9.8	0.13	0.14	0.04	0.04	/	/	
	13.6-MoHZ-25	13.6	0.12	0.14	0.04	0.05	86	53	
	18.8-MoHZ-25	18.8	0.11	0.13	0.04	0.05	/	/	
					Series 40				
	HZ-40	0	0.16	0.16	0.05	0.05	0	0	0
	0.8-MoHZ-40	0.8	0.15	0.15	0.07	0.07	13	11	0
	2.1-MoHZ-40	2.1	0.15	0.15	0.07	0.07	6	1	
	4.0-MoHZ-40	4.0	0.15	0.15	0.05	0.05	7	-3	
	5.2-MoHZ-40	5.2	0.15	0.15	0.04	0.04	/	/	
	7.3-MoHZ-40	7.3	0.14	0.15	0.04	0.04	24	6	
	13.1-MoHZ-40	13.1	0.12	0.14	0.05	0.06	36	3	
	18.8-MoHZ-40	18.8	0.11	0.14	0.03	0.04	42	-6	
					Series 75				
	HZ-75	0	0.15	0.15	0.05	0.05	0	0	0
	0.8-MoHZ-75	0.8	0.15	0.15	0.05	0.05	0	-1	0
	2.6-MoHZ-75	2.6	0.14	0.14	0.05	0.05	-8	-12	
	4.0-MoHZ-75	4.0	0.14	0.15	0.05	0.05	6	0	
	7.3-MoHZ-75	7.3	0.13	0.14	0.03	0.03	11	1	105
	8.9-MoHZ-75	8.9	0.13	0.15	0.03	0.03	12	0	
	13.2-MoHZ-75	13.2	0.13	0.14	0.03	0.04	24	7	
	16.9-MoHZ-75	16.9	0.12	0.14	0.03	0.04	28	6	
					Silicalite				
	Si		0.18	0.18	0	0	0	0	0
	1.6-Si	1.6	0.16	0.16	0	0	0	0	0
	2.6-Si	2.6	0.17	0.17	0	0	0	0	0
	6.3-Si	6.3	0.15	0.16	0	0	0	0	

Table IV -

 IV 5 catalyst drive the MDA reaction? 2: Characterizations of the spent catalysts recovered after 10 hours of reaction Chapter IV: How does the balance of metal and acid functions on the benchmark Mo/HZSM-5 catalyst drive the MDA reaction?

				Serie 75			
	(HZ-75)10h		/	0	0.41	0.76	0.14
	Sample name (0.8-MoHZ-75)10h (2.6-MoHZ-75)10h (4.0-MoHZ-75)10h (HZ-15)10h (7.3-MoHZ-75)10h (0.7-MoHZ-15)10h (8.9-MoHZ-75)10h (1.6-MoHZ-15)10h (13.2-MoHZ-75)10h (4.0-MoHZ-15)10h (16.9-MoHZ-75)10h (4.9-MoHZ-15)10h (7.4-MoHZ-15)10h (Si)10h (11.4-MoHZ-15)10h (1.6-Si)10h (16.1-MoHZ-15)10h (2.6-Si)10h (6.3-Si)10h	Mo (wt.%) a 0.8 1.6 11.7 16.0 5.6 16.4	Deactivation rate b (h -1 ) 0.25 0.25 0.31 / 0.42 0.13 0.42 0.13 0.41 0.10 0.40 0.28 0.22 / 0.31 / 0.38 / /	Carbidic coke c (wt.%) 0 0 0.08 Series 15 "Soft" coke c (wt.%) 2.18 2.38 1.65 0 0.72 0.37 1.05 0 1.47 0.62 1.20 0 1.97 2.23 0.70 0.14 3.11 2.90 0.73 0.42 1.79 Silicalite 0.69 1.68 0 0 1.30 0.66 0 0.39 2.32 1.17 0.27 0.36 Series 25 0.86 /	3.56 "Hard" coke c (wt.%) 2.05 1.32 2.87 0.81 6.90 0.84 6.45 0.35 1.48 0.60 1.62 1.61 0.25 0.65 0.37 0.64 0.39 /	Micropore volume d 0.12 Value (cm 3 gcat -1 ) 0.12 Reduction (%) 0.08 0.03 0.09 0.03 0.09 0.04 0.08 0.01 9 0.10 0.04 0.17 3 0.05 0.15 6 0.04 0.16 4 0.03 0.14 8
	(HZ-25)10h		/	0	0	1.704	0.13	6
	(1.0-MoHZ-25)10h		0.17	0	3.15	3.91	0.11
	(2.0-MoHZ-25)10h	2.1	0.18	0	3.76	2.69	0.11
	(3.5-MoHZ-25)10h		0.16	0	5.01	1.41	0.11
	(4.1-MoHZ-25)10h	5.0	0.31	0.17	3.55	1.33	0.03
	(9.8-MoHZ-25)10h		0.40	0.18	3.97	1.12	0.03
	(13.6-MoHZ-25)10h	10.9	0.52	1.09	2.88	1.16	0.02
	(18.8-MoHZ-25)10h		0.67	2.48	1.13	0.74	0.02
				Series 40			
	(HZ-40)10h		/	0	0	0	0.15	8
	(0.8-MoHZ-40)10h	0.7	0.16	0	2.45	4.65	0.10
	(2.1-MoHZ-40)10h		0.14	0.08	2.77	5.55	0.09
	(4.0-MoHZ-40)10h	3.9	0.14	0.16	2.39	2.98	0.09
	(5.2-MoHZ-40)10h	5.4	0.21	0.38	1.01	1.34	0.04
	(7.3-MoHZ-40)10h		0.35	0.73	0.93	1.06	0.04	71
	(13.1-MoHZ-40)10h		0.47	2.88	0.51	0.6	0.02
	(18.8-MoHZ-40)10h	18.4	0.45	3.85	0.23	0.58	0.03
								138 139

  -1 compares the different textural properties of the catalyst before and after the inert pre-treatment.

		Fresh (after calcination at 500°C)	Nitrogen pre-treatment at 700 °C
	Catalyst name	Mo content a (wt. %)	Si/Al a	Vmicro b (gcat cm -3 )	[H+] c (µmol gcat -1 )	Mo content a (wt. %)	Si/Al a	Vmicro b (gcat cm -3 )	[H+] c (µmol gcat -1 )
	HZ-15	0	15	0.13	500	0	15	0.13	350
	0.9-MoHZ-15	0.9	15.1	0.13	380	0.9	15.4	0.13	340
	2.7-MoHZ-15	2.7	15.2	0.12	338	2.4	15.5	0.12	290
	17.2-MoHZ-15	17.2	14.4	0.09	264	13.6	14.5	0.01	0

a Mo content measured by ICP analysis. b

Table A -

 A I.1: Performances in the MDA reaction of several catalysts reported during the last 25 years.

	Catalyst	Preparation		MDA conditions		100 min			Performance 250-300 min			600 min	Ref
		Metal content (wt. %); method of metal incorporation; Si/Al	T (° C)	GHSV (mlCH4 gcat -1 h -1 )	Pre-treatment	X CH 4 (%)	𝑌 C 6 H 6 (%)	Y C 2 (%)	Y Coke (%)	X CH 4 (%)	𝑌 C 6 H 6 (%)	Y C 2 (%)	Y Coke (%)	X CH 4 (%)	𝑌 C 6 H 6 (%)	Y C 2 (%)	Y Coke (%)
	Mo/HZSM-8	6;/; 50	700 2.8 Figure A-II.1: Coke amount calculated 1600 Δ: Air 3.5									
			from the TG analysis as a function of											
			the carbon content calculated from											
			elemental analysis.												

Table A -

 A V.1: Skeletal formula of the coke molecules present inside the soluble fraction identified by GC-MS.

		Nature of soluble coke		
	Unsaturation number	Name	Molecular (weight) formula	Density	Skeletal formula
		Toluene	C7H8 (92)	0.87	
		Xylenes	C8H10 (106)	0.87	
	4	Mesitylene	C9H12 (120)	0.86	
		Ethylbenzene	C8H10 (106)	0.87	
		Naphthalene	C10H8 (128)	1.14	
		2,5-			
	7	ne Dimethylnaphthale	C12H14 (158)	/	
		1,2,5-			
		Trimethylnaphthale	C13H17 (173)	/	
		ne			
	9	Fluorene	C13H10 (166)	1.2	
	10	Anthracene	C14H10 (178)	1.25	
	11	Cyclopenta[d,e,f] phenanthrene	C15H10 (190)	1.11	
		Pyrene	C16H10 (202)	1.27	
	12	1,3-Dimethylpyrene	C18H16 (232)	/	
		Fluroranthene	C16H10 (202)	1.25	
	14	Cyclohexa[b]chryse ne	C20H14 (254)	/	
	15	Benzopyrene	C20H12 (252)	1.24	
	17	Benzo[g,h,i]perylen e	C22H22 (276)	1.38	
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should react with the molybdenum is : It should be pointed out that the absence of benzene during the activation period means that carburization occurs at the same time over the entire catalytic bed. In our operating condition, the kinetic rate of carburation of the Mo/H-ZSM-5 catalyst is 0.027 mmol of MoO3 converted per min. Therefore, carburation appears to be a relatively slow step.

II.2.b. Step 2: Induction period

Once the molybdenum oxide is entirely reduced to carbide, there is a concomitant and significant increase of ethylene (m/z = 27), benzene (78), toluene (92), and naphthalene (128) in the gas phase (Figure III-2.b and Figure III-4). It is worth mentioning that the time required to reach the maximum (𝑡 𝑖𝑛𝑑𝑢𝑐𝑡𝑖𝑜𝑛 = t max -t activation ) increases proportionally with the contact time (Figure III-2.c). This duration is much longer than the activation period and is defined in the literature as induction period. CHAPTER V Which species deactivate the catalyst in the MDA: molybdenum and/or coke? Abstract A detailed ex-situ kinetics study was carried out in methane dehydroaromatization over three different Mo-loaded bifunctional Mo/HZSM-5 catalysts: 0.9 wt.%, 2.7 wt.%, and 17.2 wt. % Mo. This investigation has revealed two main deactivation modes: (i) irreversible damage due to the zeolite amorphization occurring during the inert isothermal pretreatment, (ii) reversible deactivation by coke deposition ("soft", "hard" and carbide species). The former principally occurs for high Mo-loaded samples leading to poor catalytic activity.

The catalysts presenting a well-balanced Molybdenum amount suffer mainly from the second deactivation mode. The catalyst decay could be modeled according to semi-empirical laws as a function of time on stream and coke amount. The latter initiates catalyst textural and structural modification possible to connect to the loss of catalytic activity. Two deactivation descriptors of the deactivated catalysts and one descriptor of the deactivating species were identified: (i) coke amount recovered on the spent samples, (ii) loss of the microporous volume, and (iii) monoclinic/orthorhombic phase transition of the HZSM-5 zeolite, respectively.

Further characterization of the deactivating species shed to light that both molybdenum and carbon species are responsible for catalytic deactivation for well-balanced catalysts. At least 50% of the initially dispersed molybdenum moieties migrate toward the external surface to form large cluster of molybdenum carbide. The use of coke extraction allows to determine the exact chemical nature of the coke species trapped inside the zeolite channels. They are constituted mainly of unsubstituted polyaromatic compounds driven by the zeolite internal framework.

Sample name

Mo a (wt. %) The micropore volume (Vmicro) was calculated from the tplot curve using the Harkins-Jura method and a thickness range between 4.5 and 5.5 Å and d the mesopore volume (Vmeso) was deduced with the subtraction of the total pore volume taken at P/P0 = 0.95 minus the micropore volume.

As explained by Froment et al., by expressing the deactivation function preferably with one of the main causes of catalyst deactivation, i.e., coke deposition on the catalyst, further descriptions of the catalyst decay could be gained. 33 Since sublimation is negligible on low Mo-containing catalysts (Table V-2), deactivation on Mo/HZSM-5 catalysts is assumed to be primarily due to coke deposition occurring favorably on high BAS density. The fresh deposited coke molecules are not inert and grow, possibly through polymerization or polycondensation, until they block the zeolite channel access. 15,34 Figure V-4: Deactivation function for MDA on Mo/HZSM-5 versus the coke content. The full line and dashed line correspond to the fitting of 0.9-MoHZ-15 and 2.7-MoHZ-15, respectively.

The total coke amount was calculated from thermogravimetric analysis. Figure V-4 shows this "total coke content" model for low Mo loading catalysts, also exhibiting an excellent reproducibility except for one value with a maximum deviation of 10%.

Several empirical functions were systemically tested according to the ones described by Marin et al. 35 Contrary to the "time-on-stream" model, this function (𝜙 𝑘 (𝐶 𝑡 )) fits better a linear decay function (Eq. V-3), in which 𝛼 𝑐 (wt. % -1 ) is the "coke content" deactivation constant. Similar values were also obtained: 𝛼 𝑐 (0.9-MoHZ-15) = 0.06 wt% -1 and 𝛼 𝑐 (2.7-MoHZ-15) = 0.07 wt% -1 .

𝜙 𝑘 (𝐶 𝑡 ) = 1 -𝛼 𝑐 * 𝐶 𝑡 Eq. V-3

It should be noted that coke content is not null as Фk is equal to 1, i.e., at the beginning of the reaction. This coke is likely to constitute the organo-catalytic complex known as the hydrocarbon pool. 18 From (Eq. V-2) and (Eq. V-3), it is possible to estimate the amount of total coke deposited throughout the catalyst lifetime (Eq. V-4). Chapter V: Which species deactivate the catalyst in the MDA: molybdenum and/or coke?
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The Taylor expansion of the function 𝑒 𝑥 in the neighborhood of 0 allows us to determine coke species are linearly dependent on the time-on-stream (Eq. V-5). lim 𝑡→0 (𝑐 𝑡 ) = 𝛼 𝑡 𝛼 𝑐 * 𝑡 Eq. V-5

Thermogravimetric analysis followed by mass spectroscopy was then carried out to investigate the combustion of coke species recovered at different time-on-stream and to confirm the proposed models.

From the thermogravimetric analysis, the total carbon deposition is determined and drawn as a function of the time-on-stream (Figure V-5). First, coke species start to be quantified once the activation period is over. Hence, coke species appear earlier on very low containing Mo catalyst, i.e., 0.9-MoHZ-15 (Table V- The obtained data (Figure V-5) are in good agreement with the proposed model in Eq. V-4. Thus, the deactivation constants 𝛼 𝑡 and 𝛼 𝑐 also appear to be connected to the total carbon deposition. The recovered coke content fits a negative exponential function as the function of the time on stream. When the time on stream approaches infinity, the maximum coke content recovered approaches ~ 15wt. % for both catalysts. In practical point of view, the constant 1/𝛼 𝑐 represents the limit of carbon deposition.

IV.2. Deactivation descriptors from alteration of the textural/structural properties of the spent samples Different deactivation functions were drawn based on semi-empirical laws that connect the loss of catalytic activity to the time on stream and coke amount. Over time on stream, coke starts to accumulate on the catalyst leading to a progressive deactivation. Loss of catalytic activity depends linearly on the coke amount recovered, inducing alteration of the initial catalyst properties. In the following part, the impact of coke deposition on both structural and textural properties will be investigated. First, nitrogen sorption measurement is used to calculate the loss of microporous that is classically employed in deactivation studies. 35 Then XRD analysis, less carried out in similar studies, revealed modifications of the structural properties.

IV.2.a. Remaining microporous volume

The residual microporous volume (𝑉/𝑉 0 ) was deduced from N2-physisorption measurements of the spent catalysts recovered at different reaction times and were plotted as a function of its coke content (Figure V-6). V0 was taken on the treated catalyst under nitrogen isothermal. Interestingly, the loss of microporous volume follows the same linearity trend as the loss of catalytic activity (Figure V-5). By analogy, a linear function can also be expressed (𝜙 𝑘 (𝑉/𝑉 0 )), in which 𝛼 𝑣 is the "remaining microporous volume" deactivation constant. Since all these changes ensue from the coke deposition, three deactivation descriptors could be proposed: (i) total coke content, (ii) loss of microporous volume, and (iii) monoclinic to orthorhombic phase transition. These three parameters are directly related to the loss of catalytic activity.

Very recently, Hensen et al. investigated through the help of XRD operando analysis the catalyst evolution and observed the same behavior, 59 in which the coke is indeed located inside the zeolite channels demonstrated by the decrease of the difference between the a and b unit cell vectors. 60 They also found that the coke accumulation is accompanied by a unit cell change, which decreases during the early stages of the reaction and then continuously increases. Thus, the lattice parameter variation (first strain, then expansion) and the difference between a and b unit cell vectors could also be intended to serve as a deactivation descriptor.

In a simpler way, the presence of the 23.3° peak could serve as a marker of the presence of the monoclinic phase. By deconvoluting the XRD patterns between the two peaks at 23.1° and 23.3°, one can calculate the proportion of the peak at 23.3° and assess the part of the monoclinic phase. From Figure V-15, it appears the presence and intensity of the peak at 23.3° depend on the residual microporous volume. The lower the residual microporous volume (the higher the coke recovered), the more pronounce the transition phase. However, for high residual microporous volume (low coke content), it is harder to estimate the transition phase since a plateau is reached once the residual microporous volume exceeds 70%. Therefore, the transition phase monoclinic/orthorhombic serves as a genuine deactivation descriptor once a certain coke amount occupies the zeolite microporous. This seems to characterize only the coking growth inside the zeolite channels. 

DFT calculations

The Density Functional Theory (DFT) is a modelling method based on quantum computation to study the electronic structure of various materials. Its high versatility has made this technic often employed in chemical sciences.

DFT calculations were performed by our colleagues from UUCS Lille using the Vienna Ab Initio Simulation Package (VASP, version 5.4.1). 55,56 The PBE functional based on the generalized gradient approximation was chosen for the exchange-correlation energy, considering a compromise between accuracy and computational speed.

A Plane-wave basis set combined with the projected augmented wave (PAW) method was used to describe the valence electrons and valence-core interactions. The kinetic energy cutoff of the plane wave basis set was set to 500 eV after having clarified its relevance. Gaussian smearing of the population of partial occupancies with a width of 0.1 eV was used during iterative diagonalization of the Kohn-Sham Hamiltonian. For each iteration, the threshold for energy convergence was set to 10 -5 eV. The criterion for geometry convergence was assumed to be reached as a force resultant on every atom was lower than 0.05 eV/Å. Brillouin zone sampling was restricted to the G (Gamma) point due to the large size of the used unit cell.

The as-optimized ZSM-5 unit cell is orthogonal with the following lattice parameters: a= 20.241 Å, b= 20.015 Å, and c=13.439 Å using an all-silica MFI structure as starting model. Such unit cell parameters agree with previous DFT studies and experimental data for stabilized ZSM-5 samples.

The adsorption energy of the reaction intermediate was calculated according to Eq. A-II.1.

The negative adsorption energy indicates an exothermic adsorption process Abstract Amongst the significant worldwide energy challenges, greenhouse gas emission reduction, combined with the increase of the petrochemicals to fuels ratio, has shifted the energy landscape toward new alternative sources. Due to its abundant, versatile feedstock and low-containing carbon, natural gas has been thrown into the spotlight as an ideal alternative resource in the path to a cleaner chemical industry. However, methane a greenhouse gas and the most abundant compound in natural gas, is primarily used for electricity supply. Moreover, its substantial-high chemical stability (first dissociation energy is 439 kJ mol -1 ) confers constraints to be involved in chemical reactions to highvaluable compounds.

Methane dehydroaromatization (MDA: 6 CH4 ⇋ C6H6 + 9 H2) under non-oxidative conditions over the singular Mo/HZSM-5 bifunctional catalyst has arisen as a key technology to upgrade methane into simultaneously CO2 free energy vector and building-block chemical intermediates. Yet, the limited single-pass thermodynamic equilibrium into benzene ( ̴ 12.5 % at 700 °C) and the rapid catalyst deactivation by coking favored at high temperatures hinder the potential industrialization of the process.

The MDA reaction is well-known to occur in 4 successive steps (catalyst preparation, activation, induction, and deactivation) during which the catalyst will constantly evolve. The molybdenum site evolution drives the two first steps. Once the carbon species start to be deposited on the catalyst after the activation step, they govern the remaining lifetime. Each of these steps still brings its share of mystery which requires to be addressed.

In the course of this thesis work, it was established during the preparation of the catalyst the molybdenum species migrate inside the channels of the zeolite, where they preferentially anchor as MoO2 2+ monomers and Mo2O5 2+ dimers bridged with two aluminum pairs. Once the maximum exchange capacity is exceeded, the remaining molybdenum is deposited on the external surface (MoO3). The catalyst is then submitted to a flow of methane which carburizes the oxo-molybdate moieties (i.e., reduce in carbidic form) to form molybdenum carbides identified as the active species of the reaction. This stoichiometric step involves the reaction of 2 moles of methane to reduce one mole of oxomolybdate species.

Once the catalyst is activated, the methane is converted into polyaromatic compounds that progressively build up the hydrocarbon pool: an organo-catalytic complex trapped in the channels of the zeolite that "auto-catalyzes the reaction" in the induction stage. The chemical structure of the latter could be revealed for the first time using the coke extraction method. In the last deactivation step, the polyaromatic carbonaceous species slowly accumulate inside the pores of the zeolite, blocking access to the active species. The latter also accelerates the loss of catalytic stability following their migration towards the external surface, forming large clusters of molybdenum carbide. Three deactivation descriptors were identified: coke amount deposited on the catalyst, remaining microporous volume, and the phase transition of the zeolite. Keywords: Methane, Zeolite, Aromatization, Hydrogen, Bifunctional catalysis, Deactivation, Coke