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Abstract

The current work aims to develop synthesis biodiesel through simultaneous transesterification
and ozonation reactions in a microtube reactor of 1 mm diameter, which has low energy
consumption, provides process safety, as well as enables high reaction yield and conversion.
The synthesis were carried out by contacting two immiscible liquids oil-methanol and ozone
gas in a microtube of 5 m long at 30 °C, 1 atm pressure, the oil-methanol molar ratio 1:3, 1:5,
with 1 wt% catalyst NaOH. For the purposes of comparison and assessment the influence of
ozone gas, biodiesel was also synthesized by performing the reactions in series, i.e.,
transesterification then ozonolysis, and vice versa, by utilizing the same experimental
conditions.

After a preliminary study on gas-liquid-liquid flows, the result shows that the microtube
reactor used is capable of producing a promising yield and conversion through the
simultaneous processes in a much shorter reaction time around 15 minutes by applying the
lower ozone flow rates and the smaller methanol-oil molar ratio 1:3 than the previous works in
stirred tank reactors. Ozone in this synthesis has broken the double bounds carbon chains of
methyl oleate, methyl linoleate, and methyl linolenate and converting them to the saturated
methyl esters, therefore, the biodiesel product has a better stability.

Résumé

Les travaux menés visent a développer la synthése de biodiesel par des réactions simultanées
de transestérification et d'ozonation dans un microréacteur de 1 mm de diametre en
recherchant une meilleure qualité de biodiesel ainsi qu'un rendement et une conversion
élevés. La synthese a été réalisée en mettant en contact I'huile de tournesol (choisi comme
huile modele), le méthanol et I'ozone gazeux, dans un microréacteur de 5 m de long a 30 °C, 1
atm, avec un rapport molaire huile-méthanol 1:3, 1:5, et avec comme catalyseur NaOH a 1%.
Afin de comparer et d'évaluer I'apport de I'ozone, le biodiesel a également été synthétisé en
effectuant les réactions en série, c'est-a-dire la transestérification puis I'ozonolysis, et
inversement, en utilisant les mémes conditions expérimentales.

Apres une étude sur les écoulements gaz-liquide-liquide, il a été montré que I'utilisation d’un
microréacteur permet d’obtenir un rendement prometteur et une conversion du biodiesel par
le procédé simultané avec un temps de réaction réduit (15 minutes), un débit d'ozone plus
faible et un rapport molaire méthanol-huile plus faible (1:3) qu’avec un réacteur agité. L'ozone
détruit les doubles liaisons des chaines de carbone de I'oléate de méthyle, du linoléate de
méthyle et du linolénate de méthyle et qui sont convertis en esters méthyliques saturés d’une
meilleure stabilité.
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General Introduction

Petroleum-based fuels are limited energy resources in the world, so alternative energy,
especially green energy, needs to be developed. As fossil fuel resources are shortening day by
day, the scarcity of petroleum reserves allows renewable energy sources to be a more attractive
alternative. Biodiesel is considered to provide the best opportunity as renewable energy as diesel
fuels. Biodiesel can reduce air pollutant emission and greenhouse gases, as well as reducing long
term engine wear in diesel engines. More than 95% of biodiesel production today derived from
palm oil, soybean oil, rapeseed oil, and sunflower oil, which are renewable sources [1][2]. Since
traditional petroleum and diesel are non-renewable and thus will last for a limited period. These
non-renewable fuels also produce pollutants in the form of oxides compounds such as oxides of
nitrogen, oxides of sulfur, oxides of carbon, and lead [3]. Hence biodiesel is vital alternative
energy as it can address the increased environmental pollution and depletion of non-renewable
fuels [3][4].

Biodiesel is a very promising alternative biofuel due to the following attractive attributes:
(1) it can be mixed at any proportion with diesel oil; (2) hence it can be applied immediately in
diesel engines without much modification; (3) easy biodegradability and; (4) less poisonous
compared to the ordinary diesel oil. The waste product contained less particles; hence, it is not
black, less sulfur, and other aromatic contents [3].

Therefore the emissions are environmentally friendly and greener house gas-friendly as it emits
less carbon dioxide in the atmosphere and thus contributes towards lessening further global
warming [5].

Used cooking oil has high potential as a biofuel source. The local disposal of used frying oil
becomes a huge problem due to the large volumes involved. In the fast-food business alone, a
single branch that serves fried foods such as fried chicken, french frie and burgers can produce as
much as 15 liters of used frying oil per day [1][4][5][6].

The disposal of waste cooking oil should be carried out carefully and the disposal method is
regulated in some countries, such as Animal By-Product Regulation in May 2002, which does not
allow catering premises to sell their used cooking oil to animal feed manufacturers [7].
Consequently, the caterers tend to dispose of their used cooking oil into the drain resulting in the
deterioration of water stream quality and choking the drainage system, and aggregation of
grease, which cause smelly odor and diseases.

Generally, biodiesel synthesis is conducted using a transesterification reaction; however,
the transesterification product still has low stability due to the appearance of many double bonds
carbon chains in the solution [6]. Since the double bonds are unsaturated, it readily reacts with
other chemicals to form a new chemical compound. Therefore, the improvement of product
stability could be made by reducing double bonds carbon chains in the solution by oxidation
using ozone gas. In this synthesis, ozone cuts the double bond carbon chain to produce a shorter
alkyl ester with high stability [8].

An investigation of the catalytic ozone chemistry application for improving biodiesel quality was
performed by several previous works [9][10][11]. They studied the conversion of double bonds in
the methyl soyate through ozonolysis and concluded that the conversion of double bonds up to
90% was achieved within 2 hours of reaction time using the batch stirrer tank reactor. In this
study, Baber et al. (2005) have proven that ozone gas can effectively eliminate the double bonds



and form volatile methyl and dimethyl ester products. Ambient temperature and a solvent-free
system can be engineered to develop an economically viable process[11]. However, ozonolysis
carrying out in a batch reactor has a potential issue related to safety, especially remembering
ozone is a strong oxidation agent, highly reactive, and hazardous chemical. Further, the synthesis
of biodiesel in a batch reactor takes a very long reaction time (3 — 5 hours) [4][12], as well as the
process needs a large amount of methanol feedstock. Molar ratio oil to methanol used is 1:5 up
to 1:28 [13][2][11].

In the last three-decade, a new type of reacor (microreactor) has been developed for many
application processes, particularly for a high exothermic or endothermic reaction. The studies
show that the new system performs multiphase reactions with high vyield, selectivity, and
conversion in shorter reaction times than those in the conventional reactor. Indeed, the
development of a new reactor system is an excellent opportunity for carrying out biodiesel
synthesis through ozonolysis, and confident that this reactor can improve the yield and
conversion of the biodiesel product.

In this work, the biodiesel is synthesized by using sunflower oil as a model through
transesterification-ozonolysis reactions. For having an optimum result, there are several steps
before doing the main experiment: first, study the contacting mechanism and mass transfer on
the gas-liquid-liquid reaction applications (chapter 1), and review the developed reactor
technologies for gas-liquid-liquid systems (chapter 2). Second, the study of the characteristics of
two-phase flow (gas-liquid) and three-phase flow (gas-liquid-liquid) in a microtube (chapter 3 and
4). Finally, the biodiesel synthesis experiments are conducted based on the best experimental
conditions from the previous results (chapter 5). In a future work, the model could be
implemented for biodiesel synthesis by using waste/virgin palm oil, which is abundant in
Indonesia, as a feedstock.

This work is funded by the government of Indonesia within the framework of Indonesia
Endowment Fund for Education (LPDP), and it was carried out at Laboratoire de Génie Chimique
(LGC) Toulouse, France.
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The content of this chapter has been published in “Gas-liquid-liquid reactions: Contacting
mechanisms and effective process technologies,” Cataysis Today, no 346 (2020).

1.1. Introduction

Most industrially important chemical reactions are not carried out in a single phase. The
vast majority of industrial reactions involve two or more phases, including liquids, gases and/or
solids, which need to be put into contact. The different phases can play various roles in the
reactor, not only as a source or storage of reactants to be converted, but also as catalysts or
simply as a means to improve mixing or transport processes in the reactor [1].

This paper focuses on GLL multiphase reacting systems. There are two options to
perform such three phase processes. The first consists in separating the mass transport and
reaction steps in series in different devices, for example by initially transferring the gas to the
liqguid phase by absorption, then by carrying out the reaction between the two immiscible
liquids in a reactor. The second option is to perform the three phase GLL reaction in a single
step and a single device. The latter is an approach of processes intensification where several
operations can be carried out in a multi-functional device.

The main challenge in performing combined mass transfer and reaction in multiphase
GLL system is in contacting the chemical reactants present in the dispersed gas and dispersed
liquid phases, which are totally separated by the continuous bulk phase and by two different
interfaces (gas-liquid and liquid-liquid). The continuous phase may play different roles in the
reaction depending on the application; it may contain a reagent or catalyst, or it could simply
be used as a vector that enables the transport of a reactive species by absorption or diffusion
from one phase to another.

Reactions involving a three-phase system are frequently encountered in the practice of
chemical processes [2]. More specifically the applications of GLL reactions include
hydroformylation of olefin and styrene [2][3][4][5], hydrogenation of a,f—unsaturated
aldehyde [6], synthesis of hydrogen peroxide via the anthraquinone method [7][8], synthesis
of hydrogen through H,S splitting cycle [9], carboxylation of olefins [2][10], ozonolysis of
biodiesel [11], ozonolysis of polycyclic aromatic hydrocarbons [12], ozonation of methyl
linoleate [13], synthesis of biodiesel from waste cooking oil by transesterification and
ozonolysis [14][15][16].Most of these reactions have been applied at industrial scale.

Identification of the contacting mechanisms between the gas and liquid phases is a real
challenge for development of GLL reactions. In multiphase reactors, not only the reacting
components must be efficiently mixed, but the conditions in the reactor must also allow the
different components in the different phases to be able to come into contact and react.
Depending on the physical and chemical properties of the system, the reaction then will take
place either at the surface of a gas bubble (G/L interface), at the surface of a liquid drop (L/L
interface) or within the continuous liquid bulk. If the selected reactor type or the steps used to
put the gas and liquid into contact are not well adapted to the reaction mechanism, there will
be a low yield of product caused by ineffective interphase contact within the reaction process.
Furthermore, it may also result in the failure to obtain the desired product of the chemical
reaction. In GLL reactions, the means in which the gas and liquid phases are contacted is
strongly determined by the technological characteristic of the reactor, and therefore a good
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understanding of the contacting mechanisms and mass transfer between phases is needed
before designing or choosing a chemical reactor. Whilst there are a number of studies in the
literature dealing with the demonstration and performance of GLL reactions, none of these
identify in which phase the chemical reaction takes place, nor the limiting steps that control it.
In addition, the available studies do not evaluate if the reactor type and phase contacting
method are well adapted to the reaction being performed, or not. Indeed, identification of the
limiting steps of a chemical process and designing the reactor and operating conditions such
that the limitations can be minimized or even suppressed is the basis of process intensification.

Considering the wide application of GLL systems and the great opportunity for
developing this field, the objective of this article is to understand multiphase contacting and
mass transfer mechanisms that can occur between gas and liquid-liquid phases for a range of
GLL reactions. It also aims at describing several simple models that allow various application of
GLL reactions to be identified clearly. The objective of these models is provide useful
information to aide the choice and implementation of the contacting method. Phase
contacting is represented with different dispersed systems of varying solubility and diffusion
limits of the species. Understanding the phase contacting model is necessary for the prediction
of mass transfer mechanisms, as well as for the identification of the most appropriate
contacting technology for the chemical reaction that allows the limiting steps to be minimized,
thereby intensifying the process.

In the first part of this article, the contacting and mass transfer mechanisms between
phases in GLL reactions are described by different models of dispersed systems. The second
part of the manuscript present some applications of GLL reactions and discusses the obstacles
and challenges for performing the reactions. Finally, different possible solutions that could
improve GLL reaction performance are put forth, based on how the different phases should be
contacted.

1.2. Phase contacting models for gas-liquid-liquid reactions

Three-phase chemical reaction systems always involve the partial dissolution or diffusion
of a species from one phase to another. If not, the different species are not brought into
contact and chemical reaction is not possible. Often, diffusion and reaction occur in the same
region (i.e. either in the continuous bulk fluid or at the interface between two phases), and the
rates of mass transfer and chemical reaction are so closely dependant that they have to be
taken into account simultaneously. Studying the kinetics of GLL reactions requires a
comprehensive knowledge of mass transfer, rate of reaction, solubility, and the fluid
contacting mechanism [17][18]. In this section, the possible contacting mechanisms between
different phases that are necessary to carry out a given chemical reaction will be analyzed.
These mechanisms are explained through three models as described below.

For each model, the gas phase (G) is considered to be dispersed as bubbles in a
continuous liquid phase. The two liquid phases are denoted as an oil phase (O) and an aqueous
phase (W). Depending on both the physical and chemical properties of the liquid phases, as
well as the choice of the contacting process and associated operating conditions, one of two
types of dispersion can occur: either the oil phase phase is dispersed as droplets in the
aqueous phase, resulting in a G-O/W system, or the aqueous phase is dispersed as droplets in

12



the oil phase, leading to a G-W/O system. Following this, three schematic models are proposed
depending on where the reaction takes place:

— Model 1: the reaction mainly occurs at the L/L interface;

— Model2: the reaction mainly occurs at the G/L interface;

— Model3: the reaction mainly occurs within the continuous liquid bulk.

Three steps of the dispersion and consequent mass transfer and reaction processes are then
systematically considered:

— Step 1 is the initial physical state of the three-phase system where the gas is
dispersed into bubbles and the second liquid phase is dispersed into droplets in
the liquid bulk;

— Step 2 describes the three-phase system considering the partial absorption or
dissolution of the different species into different phases;

— Step 3 shows how and where the reaction takes place.

1.2.1. Model 1: reaction at the L/L interface

Fig. 1 shows the different processes that occur following model 1 where the reaction
between components A, B and C takes place at the L/L interface. Initially either a G-O/W or G-
W/O dispersion is formed. In this case, the gas is partially soluble in the continuous liquid
phase, while the reactant in the droplets is not. As a result, component C, which is initially in
the gas phase only, migrates into the continuous phase and bubble size decreases
simultaneously. Henry’s law is used to describe the equilibrium concentrations of species,
which are distributed between phases. The concentration of C in the liquid phase increases
until a certain limit depending on the gas solubility at the operating pressure and temperature.
This leads to a possible reaction occurring between components A, B and C at the interface of
the droplet.
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(G-O/W) (G-W/0)

O
Bo
O O
|
g,
Reaction : B, + C,, (+ Ay) Reaction : Aw + Co (+ B,)

O Qil (o) ‘ Water (w) |:| Gas (g)

Fig. 1.Model 1: reaction occurring at liquid-liquid interface. (i) Initial state. A, =component A in water;
B, = component B in oil; Cg = component C in gas. (ii) Partial dissolution of gas in the continuous phase. (iii) The
reaction takes place in the liquid-liquid interface.

Figure 2 presents the gas mass transfer process in the case of a G-O/W system where the
continuous phase is aqueous, where Cg tends to zero in the case of a chemical reaction
consuming C at the L/L interface (in red).

An analogous mass transfer process occurs in G-W/O systems (the water and oil phases
are just inverted); component C moves from the bubbles to the oil phase and then from the oil
phase to the O/W interface where the reaction takes place.
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Water (Aw)

Fig.2. Schematic diagram of the mass transfer of component C from the gas bubble via the continuous water phase
to an oil droplet and possible concentration profiles (model 1)

1.2.2. Model 2: reaction at the G/L interface

Fig. 3 shows the schematic diagram of the processes occurring in the case of a reaction
occurring at the G/L interface in a three-phase system. In this configuration, the gas is not
soluble in the continuous liquid phase. However, a partial miscibility of the liquid phases
enables component B, which is initially present in the dispersed liquid phase, to migrate into
the continuous liquid phase, resulting in a decrease of drop size until equilibrium is reached.
Component B can then diffuse to the G/L interface, leading to a possible reaction between
components A, B and C present in the continuous and gas phases.

In the case of a G-O/W dispersion, the concentration of oil in the continuous phase will
depend on its solubility in the aqueous phase. Only the dissolved oil will react with the gas
phase at the bubble interface, and possibly with other species or catalyst in the continuous
liquid phase (Fig.4).

Similar phenomena occur in G-W/O systems where oil is the continuous phase. In
contrast to the G-O/W system, in a G-W/O dispersion the component in the aqueous phase
must be transferred from the water droplet to the gas phase via the continuous oil phase.
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(G-0/W) (G-wW/0)

[

Reaction : Cg + By, (+ Ay) Reaction : Cg + A, (+ B,)

O o) QO water(w) [] Gas(e)

Fig 3. Model 2: reaction occurring at the gas-liquid interface. (i) Initial state. A, =component A in water;
B, = component B in oil; C; = component C in gas. (ii) Partial dissolution of dispersed phase in the continuous phase.
(iii) The reaction takes place in the gas-liquid interface.

|
|
Cho*
A——|Ch
I \w Caw

|
T
|
|
|
|
|
|
! Gas

Phase
Water (Aw) (@)

Fig. 4. Schematic diagram of the mass transfer from an oil droplet via water to a
water/gas interface and possible concentration profiles (model 2)
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1.2.3. Model 3: reaction in the continuous liquid phase

Fig. 5 describes three-phase systems where the reaction occurs in the continuous liquid
phase. In this situation, both the gas phase and dispersed phase are partially miscible in the
continuous liquid phase. The model is the combination of phenomena occurring in models 1
and 2, however the reactions principally take place in the continuous phase where all three
components A, B and C, are present.

(G-0/W) (G-w/0)

Reaction : C,, + By (+ A,) Reaction : C, + A, (+ Bo)
O QOil (o) ‘ Water (w) |:| Gas (g)

Fig 5. Model 3: reaction occurring at the continuous phase. (i) Initial state. A, =component A in water;
B, = component B in oil; C; = component C in gas. (ii) Partial dissolution of dispersion phase in the continuous phase.
(iii) The reaction takes place in the bulk of continuous phase.

In G-O/W systems, both the gas bubbles and oil droplets decrease in size because of the
partial dissolution of both oil and gas into the continuous aqueous phase. The dissolved oil and
gas enhance both concentrations in this phase and subsequently, the reaction, essentially take
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place in the bulk. The limiting step in this system is the mass transfer resistance in both the
gas/water and oil/water interfaces. Identical phenomena occur in G-W/O systems. Gas and
water droplets partially dissolve in the continuous oil phase, where the reaction takes place as
indicated by the red arrows in Fig. 5.

1.3. Application to gas-liquid-liquid reactions

Some examples of GLL reacting systems are presented in Table 1. The physico-chemical
properties of the system (e.g. solubility, volatility, density, viscosity, miscibility, interfacial
tension, wettability with apparatus materials), the operating conditions (e.g. temperature,
pressure, relative quantities) and the type of apparatus all play an important role in the type of
multiphase system that will be generated, and therefore determine the limiting phenomena
that occur [19][20].

1.3.1. Contacting scheme: model 1.

Table 1: Examples of gas-liquid-liquid reactions following model 1.

Gas-Liquid-Liquid

. Apparatus  Operating Parameters Result Ref
Reactions PP P &
Ozonation of Methyl Bubble t.=5 h; Solvent: water, ethanol;Qos3= Yield reaction depends [13]
Linoleate column 64 L/h on the type of reaction
reactor medium.
(modell (G-O/W))

Synthesis of biodiesel Stirred Step 1. T,=60 °C; WCO-methanol topt= 40 min, Top= 60 °C [14]
from WCO Tank ratio= 1:5;V,=2 L; Ccar= 1.5 Wt% for transesterification,
(transesterification & Reactor NaOH; t,=1 h;N=450 rpm and 20 °C for ozonolysis
ozonolysis) Step 2. T,= 20 °C; transesterification (modell (G-O/W))

product-methanol ratio= 1:7;Cc.=

1,5wt%, 2 wt% H,S0s.
Synthesis biodiesel using  Stirred Step 1. WCO:methanol ratio = The optimum yield was [15]
bio-based catalyst Tank 1:5;Ceat= 1.5 Wt % KOH; V= 2 L; Cos= reached using 1.5 wt%

Reactor 5.8 wt %;T=30 °C;N=450rpm; t,=3h. KOH & 17.3 wt % ash.

Step 2. T=60°C, t,=2h. (model1(G-O/W))
Ozonolysis of Used Stirred Methanol:oil ratio = 1:5;C.t= 0.5 wt%  Yield increase 8% [16]
Cooking Oil using Ash Tank KOH; V,= 1.5 L; Cos= 5.8 wt%; T,= 20, (model 1(G-0/W))
Base-Catalyzed Reactor 30 °C;N=300 rpm; t=3 h.
Application of catalytic Stirred Methyl soyate:methanol ratio = 1:28;  >90 % of double bonds [11]
ozone for improving Tank Cos=6-10 wt%; T,=-75 °C. was reduced after 2hr of
biodiesel product Reactor ozonolysis.
performance (model 1(G-0/W))
Ozonolysis of polycyclic Vessel Tr=20 °C; Solvent: water, Conversion= up to 94% [12]
aromatic hydrocarbons methanol;t,=5 min. (model 1(G-0/W))
in participating solvent
Ozonation of polycyclic Stirred V=3 L;N=300-600 rpm; Co3 inlet = Ozonation is 1storder [21]
aromatic hydrocarbons Tank 15.8-46 mg.Lt reaction, Cpan controlled
in oil/water emulsion Reactor chemical reaction.

(model 1 (G-0/W))
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Hydroformylation of Stirred tank  Tr max= 80 °C; Pmax= 5MPa; molar ratio  Yield =91% at T,= 70 °C. [22]
Allyl alcohol Reactor CO:H; = 1:1; tr=5 h; catalyst= (model 1 (G-0O/W)) [23]
(autoclave)  HRh(CO)(PPh,) organic phase catalyst [24]

Reactions corresponding to modell, where reaction essentially takes place at the drop
interface, include ozonolysis for synthesis biodiesel/alkyl ester compounds, ozonation of
polycyclic aromatic hydrocarbons, as well as hydroformylation of allyl alcohol.

1. Ozonolysisfor biodiesel synthesis

Ozonolysis is an oxidation reaction between ozone, which is a strong an oxidizing agent,
and an ethylenic compound to form ozonolysis products. Recently, ozone has been used for
improving biofuel products produced from free fatty acids (FFA) in edible oils by the splitting
double bonds in the carbon chain in unsaturated FAME (fatty acid methyl ester) to a saturated
FAME [11][13][16]. The reaction scheme is as follows:

CH,-O0C-R; R;-COO-R’ CH,-OH
catalyst |
CH-OOC-R; + 3R-OH + 0; —» R,-COO-R’ + CH-OH

| alcohol ozone |

CH,-O0C-R;3 R;-COO-R’ CH,-OH

triglyceride alkyl esther glycerol
Fig.6. Ozonolysis scheme for biodiesel production

Baber et al. [11] studied the ozonolysis of methyl soyate, consisting of methyl palmitate,
methyl stearate, methyl oleate, methyl linoleate, and methyl linolenate. The reaction took
place at —75 °C using methanol and methyl soyate as reactants, dichloromethane (solvent) and
triethylamine (catalyst). The ozone split the double bond of the carbon chain in the
unsaturated methyl ester compound, which then reacts with methanol to give methyl and
dimethyl esters products. In just two hours of reaction time, the total number of double bonds
in the carbon chain was reduced by more than 90%. The role of the solvent dichloromethane in
this reaction was also investigated. Without dichloromethane in the reaction mixture, the
ozonolysis of methyl soyate do not take place. The poor solubility of methyl soyate in
methanol at low temperature, which created a two-phase liquid mixture, may be the reason
for this observation. At low temperature (-1.6 °C), metyl soyate/methanol solution separated
in two liquid layers. Thus, when the ozonolysis reaction was performed at the low temperature
(=75 °C), a separate liquid phase of methyl soyate most likely remained at the bottom of the
reaction flask and was unaffected by ozone.

Indeed, there are several challenges associated with this reaction, including a very low
reaction temperature (=75 °C), long reaction time and the large amount of methanol required
for the reaction. High yield and conversion can be reached at a molar ratio methyl soyate to
methanol of 1:28, whereas ideally 1 mol unsaturated fatty acid requires 3 mol of methanol to
produce the alkyl ester compound, as shown in Fig. 6.

A similar study was carried out by Diaz et al. [13] who performed ozonolysis of methyl
linoleate (99 %) in a bubble column reactor at room temperaure over 5 h. The effect of solvent
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addition (water and ethanol) on the ozonolysis process was also investigated. In their work,
the presence of water as a solvent promoted the reaction in different ways: carbonyl oxide
reacted with water to form hydroxyl-hydro-peroxide, hydrogen peroxide and aldehyde
compounds, and carbonyl oxide reacted with aldehyde compounds to give Criegee ozonide in
minor amounts than with the organic solvent. In a more polar medium, greater amounts of
ozonide and hydroperoxide are obtained. The yield of the ozonolysis product from unsaturated
fatty acids therefore depends on the type of medium where the reaction takes place. The
ozonolysis reaction followed the Criegee mechanism comprising of an electrophilic attack by
ozone of the double bonds of the carbon chain. It produced 1, 2, 3 trioxolane/primary ozonide,
which rapidly decomposed to form carbonyl oxide /zwitterions and carbonyl compounds
(aldehyde/ketone). The greatest challenge encountered to achieve high yields of product is
mainly related to the solubility of ozone in the liquid solution [25][26]. Riadi et al. [14] also
faced similar difficulties to achieve high yields of the ozonolysis reaction. In their study,
biodiesel was produced from waste cooking oil (WCO) through simultaneous
transesterification—ozonolysis reactions in a stirred tank reactor. The effect of operating
parameters (e.g. temperature, type and percentage of catalyst, molar ratio of methanol and
oil, stirring speed) were also investigated. The transesterification reaction produced long-chain
methyl esters and the ozonolysis reaction gave a short chain methyl ester, resulting from
breaking the double bond of the unsaturated fatty acid. However, the reaction yield was low.
The challenges associated with performing these reactions are numerous: different
temperatures and catalyst types are required to achieve optimum yields of both reactions, the
time needed to achieve high yields is very long and most importantly, the low solubility ozone
in the solution limits the reactions. Following the schematic contacting mechanism and mass
transfer models presented previously, the ozonolysis reaction follows Model 1 (G-O/W). This
can be explained by several facts. Firstly, ozone has greater solubility in an organic solvent than
in edible oil [27][28]. Secondly, ozone is much more reactive with carbon compounds [29][30]
that have double bonds than those with a single bond [11][31]. For example, the ozonolysis
reaction of waste cooking oil (WCO) in Table 1 consists of three-phases: methanol, FFA and
ozone [14]. Ozone partially dissolves in methanol and has poorer solubility in WCO. The
contact between methanol, which contains dissolved ozone, with WCO, which contains
triglycerides, promotes ozonolysis. This mechanism is in agreement with the Criegee
mechanism [11][13] where the ozone reaction with methanol progresses more slowly than
that with the reactant with double bonds [32]. The mass transfer steps consist in the
dissolution of ozone into methanol followed by the transfer of methanol Table 1 Examples of
gas-liquid-liquid reactions following Model 1. to the oil phase. It is expected that the ozonolysis
reaction takes place at the methanol/oil interface.

2. Ozonation of polycyclic aromatic hydrocarbons

Kornmuller and Wiesmann [21] studied the reaction kinetics of the ozonation of
polycyclic aromatic hydrocarbons in an oil/water system in a stirred tank reactor and aimed at
improving the gas/water and water/oil mass transfer in order to reduce ozone consumption.
With increasing ozone inlet concentration, the ozone mass transfer flux over the interface
gas/liquid increased. By increasing stirrer rotational speed, smaller ozone bubbles were
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formed and were better dispersed in the reaction mixtures, thereby increasing the volumetric
mass transfer coefficient. According to Henry’s law, the partial pressure of ozone is directly
proportional to the dissolved ozone concentration. At a fixed partial pressure, higher inlet
ozone concentrations lead to larger concentration gradients at the methanol/oil interface and
consequently mass transfer into the oil phase is improved.

3. Hydroformylation of allyl alcohol

Several authors [22][23][24] studied hydroformylation of allyl alcohol by using a n-
heptanol-water mixture as a solvent. The catalyst is soluble in the organic phase and the
product separates into the aqueous phase, such that there is an effective use of catalyst.
HRh(CO)(PPh3)3 was used as a catalyst to synthesize 4-hydroxybutiraldehyde (4-HBA) and 2-
metil-3-hydroxypropionaldehyda (2-MHP) from allyl alcohol compound. The reaction is as
follows (Fig. 7):

OHC — CH, — CH, — CH,OH
4-HBA
CH,=CH-CH,0H + CO + H,
CH;z— ?H - CH,OH

CHO
2-MHP

OHC - CH2CH2 - CH2 - OH + H, —» HO - (CH,),— OH
1,4-butanediol

Fig. 7.Hydroformylation scheme of allyl alcohol [24]

Three phases are involved hydroformylation reactions: CO and H, are the gas phase,
HRh(CO)(PPhs)s is dissolved in both the organic phase and in water. The reaction follows the
Model 1 (G-O/W). In this reaction, the catalyst allyl alcohol, which is soluble in the organic
phase (n-heptanol), and water were introduced into the stirred tank reactor (autoclave) at 70
°C and 5 MPa for 5 h with CO/H;, molar ratio of 1:1. The reaction occurs at the interface of the
organic phase and the products then dissolve into the aqueous phase. The product and the
organic phase, which contains the catalyst, are easy to separate and therefore the catalyst can
be recycled with a new amount of allyl alcohol to start a new reaction. The use of a GLL system
in this synthesis has proven good catalyst performance for the hydroformylation of allyl
alcohol, leading to 91% vyield. Another advantage is related to the product separation.
However, the presence of aldehyde product in the organic phase will potentially trigger
catalyst deactivation because aldehyde interacts with HRh(CO) (PPhs)s, which deactivates it.

1.3.2. Contacting scheme: model 2.

Some examples of multiphase reactions that follow model 2 are described in Table 2.
They consist of hydroformylation of olefin compound, such as propylene and styrene, and the
synthesis of pivalic acid from iso- and tert-butanol.
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Table 2. Examples of gas-liquid-liquid reactions following model 2.

Gas-Liquid-Liquid

. Apparatus  Operating Parameters Result Ref
Reactions
Hydroformylation of ~ Tubular Ccat= 30 wt% TPPTS, 800 wt, ppm Selectivity= 99%. [3]
olefin reactor Rh; Li=3 m; Din=17.8 mm; V,= (model 2 (G-O/W))
with static 0.561 L; t,= 5s;T,=40 °C.
mixer
Hydroformylation of ~ Mini Molar ratio CO:H, = 1:1; P= 25 Conversion = 97%; Yield [5]
styrenes channel bars; T.= 65 °C. =94%. (model 2 (G-
O/W))
Carbonylation of Stirred tank  T,=50- 60 °C; P= 0.1 MPa using Hydrolysis of phenyl [33]
benzylchloride Reactor organo metallic phase transfer acetyl complex is the
catalysis rate determining step.
(model 2 (G-W/0Q))
Carbonylation of Stirred tank  T,=25°C; t,=6 h; P=1 atm using Yield allyl amide= 65%. [34]

azadienes Reactor

organo metallic phase transfer

(model 2 (G-W/0Q))

catalysis

1. Hydroformylation of olefin

Hydroformylation is defined as a reaction between olefin compounds with carbon
monoxide and hydrogen to produce aldehyde compounds. The olefin compound is an
unsaturated hydrocarbon compound having a double bond between the carbon atoms. The
reaction has been applied at industrial scale (e.g. the Rhéne-Poulenc process); typically, the
industrial scale process is performed in a multistage stirred reactor with an efficient heat
exchanger due to the high exothermic nature of the reaction. Several researchers have studied
the synthesis of aldehyde by hydroformylation reactions in order to improve the process.
Weise et al. [3] conducted experiments on the hydroformylation of olefins according the
following chemical reaction using continuous flow equipment:

catalyst

H, + CO + olefin R-CHO

The reaction was performed in a tubular reactor filled with static mixers (Sulzer SMV) [3].
The olefin is partially miscible in water and the homogeneous catalyst solution used (30 wt%
TPPTS, 800 wt. ppm Rh dissolved in pure water) is in excess with respect to the reactants.
Firstly, the catalyst solution flow was fed into the olefin flow; this liquid-liquid flow was then
mixed with the gas flow (H, and CO), which was fed into the reactor. The aldehyde product
was purified from the catalyst using a settling process. Subsequently, the separated catalyst
was directly recycled to the reactor to perform the chemical reaction again.

Purwanto and Delmas [4] performed a similar study on the hydroformylation of 1-octene
compound (classified as higher olefin and alpha-olefin) using a catalyst [RhCl (1.5-
COD)],/TPPTS in the aqueous phase. 1-octene is partially miscible in water with very low
solubility and is the limiting step in this reaction process. The solubility of 1- octene in the
homogeneous catalyst therefore needs to be increased before reacting with H, and CO gas, in
order to obtain a satisfactory yield. Ethanol was therefore added as a co-solvent to enhance
octene solubility in the aqueous phase (factor 104 compared with octane solubility without the
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addition of the co-solvent). However, the presence of ethanol in the aqueous phase caused the
formation of acetal, an undesired product. To prevent this, buffer solutions (Na,COs; and
NaHCOs) were added to the homogeneous catalyst phase.

These hydroformylation reactions between olefin/1-octene, TPPTS and Rh in water, H,
and CO gas follow the contacting Model 2 (G-O/ W). However, it should be noted that when
the reaction is carried out at higher pressure, for example in an autoclave reactor, the
solubility of hydrogen gas and carbon monoxide in the liquid phase increases; the gas is then
partially dissolved in the continuous phase and the reaction stages will then follow the
mechanism of Model 3 (G-O/W) (see Table 3).

The challenges in performing this reaction were related to the partial miscibility of the

olefin in the water phase that contains the homogeneous catalyst (TPPTS and Rh), as well as
the low solubility of hydrogen and carbon monoxide gas in the water phase [3][5][35].
Typically, in the previous works, reactions were performed in stirred tank reactors with gas-to-
liquid or liquid-to-liquid mass transfer limitations.
For these reasons, Wiese et al. [3] and Purwanto and Delmas [4] attempt to obtain an optimal
reaction product by carrying out the hydroformylation in a tubular reactor equipped with static
mixer to increase the surface area between phases or in an autoclave reactor to increase in the
solubility of CO and H, gas in solution.

2. Carbonylation of benzylchloride and azadienes

The carbonylation reaction, shown in Fig. 8, was performed using two types of solvent,
including a non-polar organic solvent of diphenyl ether and an aqueous alkali
(NaCo(CO)4/BusNBr/aq.NaOH) at 0.1 MPa and temperature 50-60 °C [33]. The reaction
product was phenyl acetic acid compound soluble into the aqueous phase.

CH.CI CH,COONa

NaCo(CO),
+ co RCACOky, + NaCl

BusNBr
NaOH

Fig. 8.Carbonylation of benzylchloride.

The catalyst is referred to a phase transfer catalyst (PTC) and plays an important role in
facilitating the transport of cobalt carbonyl salt from the aqueous to organic phases. In the
organic phase, cobalt was present as cobalt anion and the reaction between the cobalt anion,
benzyl chloride and CO gas produced phenyl acetyl complex as an intermediate product. A
hydrolysis of phenyl acetyl complex was then performed at the organic-aqueous interface
forming phenyl acetyl acid as the final product. At the end of reaction, phenyl acetic acid
moves from the organic phase to the aqueous catalyst phase. Based on the previous work, it
was observed that the kinetics of the hydrolysis of phenyl acetyl complex is the rate
determining step in the synthesis of phenyl acetic acid [33]. Three phases are involved in this
synthesis: CO (gas phase), benzyl chloride (organic phase), and NaCo(CO)4/Bu4NBr/ ag. NaOH
(aqueous phase). The reaction mechanism hence follows the mechanism of Model 2 (G-W/0).

Alper and Amaratunga [34] studied the carbonylation of azadienes with a phase transfer
catalyst comprising benzene, water or aqueous NaOH, benzyltriethyl ammonium chloride and
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cobalt carbonyl as a metal catalyst. The reaction took place in several steps. Firstly, CO gas
flows into a mixture of distilled water, benzene and benzyltriethyl ammonium chloride
(agueous phase catalyst); secondly, cobalt carbonyl was added along with methyl iodide;
thirdly, this mixture was stirred and azadiene was added with carbon monoxide. The reaction
was able to produce allyl amide compound with 65% yield in 6 h at a temperature 25 °C and 1
atm pressure. A lower yield of 40% was obtained with a shorter reaction time (2 min) and a
higher temperature (60 °C).

The three phases involved in this reaction are azadiene soluble in benzene (organic
solvent), methyl iodide soluble in water, and CO gas. The carbonylation reaction takes place in
the organic phase similar to the carbonylation of benzylchloride above but the reaction
product is in the aqueous phase [34]; this reaction follows the mechanism of Model 2 (G-W/0O).

1.3.3. Contacting scheme: model 3.

Several multiphase reactions following model 3, including hydrogenation reactions,

peroxide hydrogen synthesis, hydrogen synthesis and carboxylation, are presented in Table 3.

Table 3: Examples of gas-liquid-liquid reaction following model 3.

Gas-Liquid-Liquid

. Apparatus Operating Parameters Result Ref
Reactions PP P &
Hydrogenation of Microchannel  D¢=500, 750, 1000 um; Lep= 3, 6, Volume rate of catalyst [6]
o,B-Unsaturated 12 m; T,= 60 °C; PH,=1 -2 MPa phase affect the overall
Aldehydes reaction rate & conversion.

(model 3 (G-W/0Q))
Synthesis of H,0, via  Coupling The dimension of flow channel Conversion=100% in t< 6.5 [7]
anthraquinone process was 15mm x 2 mm x 3 mm; micro s at T= 50 °C. Mass transfer
method (Oxidation- filtration membrane Dgore =5 um, rate significantly increases

extraction)- thickness = 0.3 mm; T,=50 °C; by the addition of gas
mini-channel  P0,=200 & 300 KPa phase.

(model 3 (G-O/W))
Synthesis of H,0, via  Stirred tank V=1 L; Catalyst:anthraquinone Ch202 (product) = 93 mol m-3 [8]
anthraquinone Reactor working solution; T,= 50 °C;PO,=1  in 100 min.
method Coupling atm; Vo/Vw= 200:450; Nagitation= (model 3 (G-O/W))
process (Oxidation- 263 rpm; Ceaqnz= 218 mol.m-3;
extraction) batch system.
Synthesis of Stirred tank V=300 ml; Nagitation= 100-200 rpm;  effective interfacial area= [9]
Hydrogen through reactor Tr=22 °C; Ciogine= 0.1462 mol/L; 4.03 m2 (at 100 rpm)
H,S splitting cycle molar ratio toluene/water=80/0.7  (model 3 (G-O/W))
Carboxylation of Packed bed Cstyrene= 4 M; T= 100 °C; t,= 40 Conversion= 100%. [10]
olefins reactor min;Ccat=2 Mol%, Ccocat = 10 Mol%  (model 3 (G-O/W))
Synthesis of Pivalic Stirred tank gas-inducing system (ring); 6- Increasing %volume of 2nd [36]
Acid from Iso- and Reactor blades Rushton turbine; Pmay= 60 liquid will increase in the [18]
tert-butanol (autoclave) bars; yield (84%).

Hydroformylation of

Stirrer tank

Nagitator= 1800 rpm

V(= 6x10"* m3; P,= 1.5-2.5x103kPa,

(model 3 (G-O/W))

Selectivity= 80%; first order

1-octene reactor Tr=333-343 K; Nagitation= 23.3 rps; reaction; reaction rate
(batch- cat= [RhCI(1.5-COD)], with TPPTS increased with the H; partial
autoclave) in water. pressure. (model 3 (G-O/W))

(4]
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1. Hydrogenation of a,B-unsaturated aldehydes

Onal et al. [6] carried out the hydrogenation of a, B-unsaturated aldehyde solution in
aqueous multiphase catalysis Ru (II)-TPPTS using a microreactor with a diameter in the range
of 500-1000 um and length from 3.6 m to 12 m. The reaction took place according to the
following reaction equation (Fig. 9):

o) OH

R2 R2
Ru(I)-TPPTS »
W + H2 H,0, solvent

R1 R1

Fig.9. Hydrogenation of o, — unsaturated aldehyde [6]

The three-phase system consists of an aqueous catalyst phase, an unsaturated aldehyde
and hydrogen gas. To carry out the chemical reaction, unsaturated aldehyde and aqueous
catalyst were fed through in T-junction resulting in dispersed liquid-liquid flow. At this point,
hydrogen was not mixed with the liquid phases, but it was injected into liquid dispersion via a
second T-junction. A multiphase dispersed flow pattern as shown in Fig. 10 was formed. The
reaction took place at 60 °C and the partial pressure of the hydrogen gas (corresponding to the
total pressure in the capillary tube) was in the range of 1.0-2.0 MPa.

gas phase

RRLAP

aquecus phase catalyst arganic phase

Fig. 10. Flow pattern of GLL in channel [6]

The main challenge for performing this reaction in a microreactor is related to the
generation of a regular dispersion of the liquid and gas in the continuous phase [37][38]. The
conversion rate was significantly low (around 10%) due to the short mean residence time (2—-3
min).

Hydrogen gas has very low solubility in the aqueous catalyst phase but shows greater
solubility in the organic phase [35]. Since the organic phase has a higher affinity for PTFE
(micro channel material), the inner wall of the channel was completely wetted by the organic
phase, not the aqueous phase. As a result, when hydrogen was fed to the liquid-liquid phase
mixture it formed bubbles in the organic phase (Fig. 10). An increase in the volumetric flow
rate of the aqueous phase increased the Reynolds number and the overall mass transfer
coefficient [6]. Mass transfer rates at the G/L interface greatly determine the hydrogenation
rate and are important to optimize the overall reaction rate. In their study, Onal et al. [6]
revealed that an increase up to 1.4 ml.min-1 in the hydrogen flow rate enhanced the rate of
the hydrogenation reaction, however beyond this value the reaction rate decreased. Beyond a
certain value, an increase in hydrogen flow rate leads to an increase of gas bubbles in the
organic phase and this reduces the effective reaction volume and mean residence time in the
capillary tube. Another factor that emerges as a limiting step in this reaction is the low value of
the activation energy (Ea) when the reaction temperature is high. This condition is triggered by
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the limited mass transfer occurring in L/L interface, due to the low solubility of water in the
organic phase (1.0 g.L-1).

This reaction follows the Model 3 (G-W/0O), where the unsaturated aldehyde is the
organic phase, the catalyst is in the aqueous phase and hydrogen is gas. The gas solubility in
the organic phase is greater than in the catalyst phase, the bubble size therefore decreases
and the reaction takes place in the bulk of organic phase.

2. Synthesis of H,0, via anthraquinone method

Another example of a reaction following Model 3 is the synthesis of hydrogen peroxide.
Hydrogen peroxide is one of the best ‘green’ oxidation reactants and it is widely used in the
chemical industries and environmental protection.

0 OH
XX e — L
0 OH
EAQ EAQH,
OH 0
T o — I+ e
OH 0

Fig.11. Two-stages of hydrogen peroxide synthesis [8]

Synthesis of hydrogen peroxide was performed via two steps (Fig. 11): firstly, 2-ethyl-
anthraquinone (EAQ) dissolved in the organic solvent is hydrogenated to form 2-ethyl-anthra-
hydroquinone (EAQH,). This is followed by a reactive extraction process, whereby the
oxidation of EAQH; and the extraction of hydrogen peroxide from the anthraquinone solution
take place simultaneously. The three-phase system involved in the second step process
included oxygen gas, organic solvent (anthraquinone working solution) and deionized water.
The anthraquinone solution was a mixture of 2-ethylanthraquinone, trioctyl phosphate and an
aromatic Co—Cyo compound with a concentration of 120 g.I"* anthraquinone and a volume ratio
of Co—Cyp to the trioctyl phosphate of 3:1. The reaction rate is faster than the extraction rate,
so the e ffects of both reaction and hydrogen peroxide mass transfer on the extraction rate are
non-negligible [8]. A means for intensification is the integration of the chemical reaction and
separation processes in a single unit. However, it is not easy to develop such integrated
processes in industrial practice. The reaction and mass transfer between multiple phases (gas-
liquid and liquid-liquid) play an important role in the rate limitations of the process [7][8]. The
oxidation rate of EAQH; itself is strongly influenced by the mass transfer of oxygen through the
liquid film and the rate of chemical reaction. Oxygen consumption also varies with volumetric
ratios of anthraquinone solution to oxygen, stirring speed and initial concentration of EAQH..
Tan et al. [7] explained that there are two main requirements to improve the efficiency of
oxidation and extraction performance: prevent the partial pressure of O, from becoming too
low and ensure significant residence time. This reaction was performed using a micro-
dispersion system that employs a 5 um pore size microfiltration membrane to disperse the
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fluids. The contacting mechanism of the three phases involved in the reaction follow Model 3
(G-O/W). Oxygen gas and EAQH, are both partially soluble in the organic solvent [37], whilst
the reaction between oxygen and the EAQH; occurs in the bulk of organic phase.

3. Synthesis of Hydrogen through H,S splitting cycle

Li et al. [9] studied the effect of operating parameters (i.e. the volume ratio of
toluene/water, stirring speed and temperature) on the synthesis hydrogen via the H,S splitting
cycle. The reaction scheme is as follows:

H.S + H,SO, — S+ S0, + 2H,0 (H,S Oxidation)
2H,0 + 1, + SO, — H,S0,4 + 2HI (Bunsen reaction)
2HI —— Ho + 1, (HI decomposition)

The Bunsen reaction is performed at room temperature and the reaction starts with the
appearance of two phases, which are poorly soluble. In the process, water is a solvent for the
SO, gas to form a reducible bisulfate anion, however it is also used to ionize HI and H,SO,4
compounds. Toluene is employed as an organic solvent for I,. In the next step, SO gas is fed
into the reactor; the contact of SO, gas and the liquid triggers the dissolution of gas in both
liquids, however the dissolved SO, concentration is greater in the aqueous phase than in the I,-
toluene solution. At the same time, |, is transferred from the Il>-toluene solution to the
aqueous phase. The contact between SO, gas, which is dissolved in the aqueous phase and |,
initiates the hydrogen producing reaction. Due to the very low solubility of water in toluene,
the Bunsen reaction in toluene can be neglected. The Bunsen reaction mechanism in aqueous
phase is shown as follows:

SO+ H,0 <—= H* +HSOs (step 1)
H* + HSOs3 + I, + H,O =—= H,S0, + 2HI (step 2)

This mechanism is supported by the results of: firstly, SO, was a stable gas with a small
reducing capability; secondly, iodine consumption was not observed after contact with the SO,
gas in the ;- toluene solution; thirdly, the SO, gas dissolved in water, thereby generating the
formation of H,SO, or a hydrogen bisulphite solution, which has a stronger reduction ability.

The Bunsen reaction is largely determined by the mass transfer of SO, from the gas
phase to the liquid phase. The reaction can be improved in several ways, including
enhancement of the stirring process. Higher stirring rates have a positive impact on the
reaction rate because it improves mass transfer between water and toluene, since it creates
higher interfacial area between the phases. As a comparison, the reaction rate 1.5 times
greater at a stirring speed of 300 rpm than with 100 rpm. Other ways to increase the reaction
yield is by increasing the volume ratio of the toluene to liquid mixture, by increasing the partial
pressure of SO, and by increasing the iodine concentration in the |>- toluene solution.

The contacting mechanism between SO, gas, l,-toluene solution and water in this
synthesis follows Model 3 (G-O/W). SO, gas and |, are both partially soluble in water. The
synthesis of hydrogen takes place in the bulk of continuous water phase.
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4. Carboxylation of olefins

The synthesis of cyclic organic carbonate was performed via oxidation and carboxylation
reactions [10]. Several possible reactions schemes exist for this synthesis as shown in Fig. 12;
the sequential epoxidation-carboxylation (Fig. 12(a)) scheme is the most probable.

i X X
0 CO;
/: + [ Iy O /: + [Q] + CO» 8] Q
R R S— R —
R R
b
@ oo
2l base OAO
R/: - froed _FR)_\BF T /

(c)

Fig.12. Reaction strategies for the synthesis of cyclic organic carbonate (a) Sequential oxidation and
carboxylation, (b) Simultaneous oxidation and carboxylation, (c) Carboxylation via oxy-bromination [10].

The main challenge for performing both reactions simultaneously is related to the
specific needs of each reaction. Hydrogen peroxide is usually chosen as an oxidant because
epoxidation will produce water only as a by-product. However, hydrogen peroxide is not an
appropriate oxidant for carboxylation, which typically requires a Lewis base as a catalyst.
Moreover, the presence of water as a by-product in the system triggers a two-phase
epoxidation reaction because olefin is hydrophobic. In order to reach sufficient reaction yield,
a long reaction time is required due to the fact that CO; is completely soluble in water (2000
mg/L) [39] and therefore mass transfer, from water (aqueous phase) to olefin (organic phase),
takes much longer. The rate of mass transfer in this stage is hence the limiting step. The
reaction strategy chosen above involved methyltrooxorhenum (MTO) as a catalyst to epoxidize
olefin (styrene) to styrene oxide, and then an amino trisphenolate complexed aluminum
catalyst with a tetrabutyl ammonium iodide (TBAI) co-catalyst to convert styrene oxide into
styrene carbonate. The study focuses on the carboxylation reaction involving a three-phase
GLL system comprising a catalyst and co-catalyst that are soluble in the solvent, styrene oxide
and CO; gas. As for the epoxidation reaction, carboxylation is conducted via the following
steps: first, styrene and oxidant were introduced into the epoxidation reactor to produce the
epoxide compound. The product was then separated from the excess of hydrogen peroxide
entering the carboxylation reactor. The aqueous phase, which contains the hydrogen peroxide,
and the epoxide product in the organic phase are then separated. Next, the organic phase is
mixed with a Lewis base catalytic system; this solution is then mixed with CO, gas. A
segmented gas liquid flow then entered the carboxylation reactor.

Sathe et al. [10] used a packed bed flow reactor, which offers enhanced interfacial area
and also safer control of the reaction. It also eliminated the needs for a pressurized vessel to
maintain constant pressure in headspace above the reaction mixture. The use of a flow reactor
was an appropriate solution for the sequential carboxylation epoxidation using mutually
incompatible reagents, which are introduced in the reactor at different points (spatially and
temporally). This sequential operation enabled a yield of styrene oxide-to-styrene carbonate of
88% for a residence time of 30-40 min. This synthesis follows the contacting Model 3 (G-O/W)
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between CO; gas, a Lewis base catalyst and an organic compound. The CO; gas and the Lewis
base catalyst are partially soluble in the organic compound. The combination of the cyclic
organic carbonates occurs in the bulk of the organic phase.

5. Synthesis of Pivalic Acid from Iso- and tert-butanol

The synthesis of pivalic acid is generally characterized by the presence of two liquid
phases and a gas phase with a parallel/consecutive reaction scheme where both the main and
side reactions are fast. The oligomerization side reaction and the consecutive reaction consists
of isomerization, disproportionation and carbonylation, producing a higher acid product with a
longer carbon chain.

In the Koch synthesis [36], pivalic acid can be produced from iso and tert-butanol with
CO gas and water as reactants, using sulfuric acid as a catalyst. 2-methyl butanoic acid is the
main by-product.

(CH3)2CHCH,0H + CO + H,0 ——» (CH3)3CCO2H
Isobutanol 2-methyl butanoic

Brilman et al. [36] used an autoclave reactor at high operating pressure to obtain a
reaction yield of 84% for the synthesis of pivalic acid from iso- and tert-butanol. The use of the
autoclave reactor pressurized up to 60 bars and equipped with a gas-inducing impeller at high
stirring speed (1800 rpm) enabled an increase in mass transfer and improvement of gas
solubility during the reaction. The selectivity of pivalic acid was increased by reducing acidity
and temperature, and by increasing the pressure of CO.

The technological challenges related to this reaction are similar to the previous case and
are related to the solubility of the three separate phases, which must be in contact for the
reaction to occur. The droplets of iso- and tert-butanol dissolve partially in the continuous
phase, however the gas does not dissolve in the droplets or the continuous phase. In Models 1,
2, and 3, it is assumed that there neither the dispersed or continuous liquid phases are soluble
in the gas phase. In Model 3, the partial solubility of the liquid and gas phases in the
continuous phase is the decisive step. It is therefore evident that by increasing the solubility of
the dispersed phases in the continuous phase, the reaction occurring in the bulk continuous
phase will be enhanced.

Brilman et al. [18] also studied the synthesis of pivalic acid/carboxylic acid using other
reactants comprising CO gas, iso-butene, tertbutanol, catalyst solution and heptane, as a
second immiscible liquid. This was carried out under pressure (40 bars) in an autoclave reactor
for 1 h using an acid catalyst H,SO4 96 wt%. The CO gas, iso-butene and tert-butanol dissolved
in heptane were firstly contacted with the H,SO, catalyst. CO, iso-butene, and tert-butanol
were then transported to the catalyst phase due to partial solubility. The reaction then took
place in the catalyst phase and the product formed was extracted by heptane.

The effects of reactant feed rate, location of the gas injection, stirring rate and the
presence of an immiscible liquid phase on the total acid yield and product distribution were
studied. At low reactant flow rate, oligomer formation is suppressed and the selectivity of
pivalic acid increases, whilst the selectivity of acid products with longer carbon chains
decreases. The solubility of CO into the catalyst phase is still relatively low (1.5 x 102 mol/m? at
40 bars and 293 K) and therefore only yields 25% of pivalic acid. To achieve higher yields, two
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points must be considered: the flow rates of CO gas and alkene, and the mass transfer of CO
gas. In addition, acid yield will increase with increasing agitation speed. An alternative choice
for the second liquid in the system also has positively impacts reaction yield. In this study, the
yield and selectivity of pivalic acid both depend on the volume of heptane used; higher
volumes of heptane enable an increased capacity of CO gas dispersion. Heptane was chosen as
an immiscible organic liquid phase since CO solubility in heptane is 3.5 times greater than in
the catalyst solution [35], and CO gas does not react with heptane. The reaction of carboxylic
acid follows Model 3 (G-O/W) with CO as the gas phase, a hydrocarbon soluble in heptane as
the organic phase and an acid catalyst as the aqueous phase.

1.4. Derivation of mass transfer equations

In gas-liquid-liquid systems, the volumetric mass transfer coefficient (k.a) is the
important parameter for evaluating the performance of such multiphase reactors. Two models
exist for describing the gas-liquid-liquid mass transfer mechanism, by taking the spreading
coefficient, S into consideration. The spreading coefficient, S, for gas-oil-water is:

$= 0, —(00y +0,,) (1)

I”

where the term “0il” stands for the organic phase, “water” stands for the aqueous phase and
o represents interfacial tension. When the spreading coefficient (S) for gas-oil-water
interaction is positive (5>0), the organic liquid has a tendency to form a thin film at the gas-
liquid interface, and if the spreading coefficient is negative (S<0), the organic phase forms
liquid droplets. In the later, there is no direct contact between gas and the organic liquid. The
gas transport route occurs in series from the gas to aqueous phase and then to the organic
phase [2].

The possible mass transfer equations for some gas-liquid-liquid contactors are
developed in this section by assuming that the transport route takes place in series.
Refering to figure 13(a), the mass balance equation of component A in the bulk gaseous phase
is given by:
dCa1

dt

Qug-Cag =Qug-Cag+Vis- (2)

then, the mass balance equation of component A in the bulk liquid (L1) is expressed:

dCai1 dCa ' '
V2 = Q€ 3
dt ne Qu1-Cait (3)

Qa1-CartVia-

Refering to figure 13(b), the mass balance equation of component A in the bulk liquid (L;) can
be written as:

dc - '
QALl'CALl:VLZ'ﬁ"_QALl'CALl (4)

and, the equation of component A in the bulk liquid (L;) can be presented as:

dCaiz dCasz ' '
Vi — Q. C 5
dt CRn a2 Carz (5)

Quaz-CaztVis-
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Figure 13. The mass transfer scheme between phases in reactor/contactor

Based on the two-film theory and refering to G-O/W or G-W/O systems, the overall mass
transfer resistance is the sum of possible individual contributions: (1) mass transfer resistances
in both films at the gas/water or gas/oil interfaces, (2) mass transfer resistances in both films
at the water/oil or oil/water interfaces, (3) diffusion resistance in the oil droplets [21]. In this
section, the mass transfer equation was derived for each possible route of gas-liquid-liquid
reaction.

1.4.1. Mass transfer model 1: reaction at the L/L interface
The profile of the gas concentration in each phase is shown in figure 14. As mentioned

previously, the mass transfer phenomena take place for two possible systems: G-O/W or G-
W/O.
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1. Mass transfer of gas from a bulk gaseous phase to bulk aqueous phase (G-O/W system)
The decrease in concentration to time at steady state condition over the gas phase to the

aqueous phase can be described as follow:

dcC . _
E:kg.ag-(Pg_Pgl):kw-aw-(Cg,_C;/) (6)

According to Henry’s law, on the interface of the gas-aqueous phases, pg' can be given by:
Py =H.cg (7)

where H is Henry’s law constant of gas component. Substituting the value of pgin equation

(2), and the concentration of gas in the aqueous film ¢} can be presented as:

. kg.Clg.Pg_"kw.aw.Cg/
Cq = (8)
kw.aw+H.kg.ag

Then, by substituting equation (8) and (7) into equation (6), the mass transfer rate is written in
the equation (9) below

dc ) H.kg.aqPg+H-kw-aw-Cq
— =kg-a4-(Pg—H.CJ) = kg-0a4-(Pg— ) (9)
dr  Ke:0a-\Pg g g-0g-\Pg H.Ko-lg + Kur-0lo

Rearranging this equation and it can be presented as follow

dc 1
O H 1
d¢ H |
kw-aw kg-ag

(Py—H.CY) (10)

2. Mass transfer of dissolved gas in the bulk aqueous phase to oil phase interface

In this step, the soluble gas in the bulk agqueous phase diffuses and comes in contact with oil
droplets. At the steady-state condition, the mass transfer rate of gas can be expressed as

follow:
dcC ) )
E=kw-aw-(CZ,V—C3”’)=ko-ao-(CZ’—CS) (11)
CY=Ke-Cy' (12)

Then equation (12) is substituted to the equation (11),

dc ) )
E:kw-aw-(cg_cgn):ko-ao-(Ke-C;/”_Cg) (13)

and the value of C;’” can be written as the measurable parameter,
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Ku+ G- C2 + Ko 0o C3
ko-0o-Ketkw-aw

cy' = (14)

Substituting the equation (14) into the equation (13), the decrease in gas concentration with
time can be presented as:

dc Kw-Gw-C2 +Ko-0o-CS

— =kw-aw-(Cq — (15)
dt * Ko-Go-Ketku-au
Rearranging this equation, it can be written as follow:
dc 1 Ke-Cq
—=———(Ke.Cf—Co)=— (16)
dt  Ke 1 T Ke 1
kw-aw kO'aa kW'aW kO'aO

This model assumes that the chemical reaction takes place in the aqueous-oil phase interface,
and that there is no gas in the bulk oil since the gas completely reacts at the interface,
therefore the gas concentration in the bulk oilc=0. These equations refer to the G-O/W

system. For the G-W/O system, similar equations describing the mass transfer of gas from the
gaseous phase to the oil phase can be derived and given as follows:

dc 1
H 1
gt H |
ko-ao kg-aqg

(Pg—H.Cj) (17)

and, the mass transfer of dissolved gas in the oil phase to the aqueous phase interface can be
presented:

dcC 1 Ke-Cg

—=———Ke.Ci-C)=————
da  Ke , 1 T Ke 1
kO'ao kw-aw ko'ao kW'aW

(18)

1.4.2. Mass transfer model 2: reaction at the G/L interface

This model describes the different mass transfer phenomena of first model (reaction at
the L/L interface). The concentration profile of oil is shown in figure 15.
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1. Mass transfer of oil from the bulk oil phase to aqueous phase (G-O/W system)
The mass transfer rate is given as follow:

dc . .
E=ko.ao-(co—c3’)=kw-aw.(c3"—c;”) (19)

The concentration of oil in the oil film is in equilibrium with the concentration of oil in the
water film given in equation (20):

CY =K,.CY (20)

The value of ¢9 can then be expressed as below:

. .0o-Cotkw-aw-Cl
Cg,: ko-0o-Cotkw-aw-Co (21)
kw-aw-Ketko-ao

Rearranging equation (19) the mass transfer rate of oil from the bulk oil phase to the bulk
aqueous phase is shown by the following equation:

dcC 0-00-Cotkw-aw-Co

% ko o.(C,—KorGo Cot Ku-Ou-C (22)
dt kw-aw-Ke+ko-ao

dc 1

_— oNe™ g/ 23
P P W ] (23)

ko-ao kw-aw

2. Mass transfer of oil from the bulk aqueous phase to the gaseous phase

In this step, the oil is dissolved in the aqueous-gaseous interface, and the reaction between the
oil phase and the gas phase takes place at this interface. The mass transfer rate at aqueous-

gaseous interface can be presented as follow:

dcC ) .
E:kw-aw-(cg/_cgm):kg-ag-Pgl (24)

The reaction completely reacts in the interface. Therefore there is no oil in the bulk of the
gaseous phase, and the oil concentration in the side of the aqueous film is in equilibrium with

gas pressure in gaseous film,
Py =H.c¥ (25)
The value of % can be expressed by the measurable parameter as below

kw-aw-Cg/
kg-ag-H+kw-aw

(26)

Cwii —
o
Then, the mass transfer rate of oil from the bulk agueous phase to the gaseous phase can be
presented in the equation as follows:

dc w-Qw-Cl
9 i~ Kuw - 0w -Co)
dt kg-ag-H+kw-aw

(27)
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dC 1
- - (Hc”
e (28)

kw-aw kg-aqg

Similar to the previous explanations, these equations can be derived for G-W/O system. In the
G-W/O system, the mass transfer rate of the bulk aqueous phase to the bulk oil phase is
expressed as follow:

dcC 1
e = (CY.K.—C 29
N B L (29)

kw-aw ko-0o

The mass transfer rate of the aqueous phase dissolved in the oil phase to the oil-gaseous phase
interface can be presented the following equation:

dcC 1
—=——.(H.
A1 e (30

ko-ao kg-ag

1.4.3. Mass transfer model 3: reaction in the continuous liquid phase

This model describes gas and oil phases that are partially soluble in the continuous aqueous
phase. The dissolved gas and oil come in contact with each other, and the reaction between
the soluble gas and oil takes place in the continuous phase. The concentration profile in both
phases for G-O/W system are shown in figure 16.

| | | |
| | | |
I I I I
| | | |
Pg;'ﬁii | 0410\ |
| . | .
| CyT | C,I
I N\ | ng | N\ COW
| |
| | | |
Gas : : Aqueous Qil : : Aqueous
phase | | phase phase | | phase
I I I I

Figure 16. The concentration profile between phases for model 3

1. Mass transfer of gas from a bulk gaseous phase to the aqueous phase

dc . .

EZkg-ag-(Pg —P§)=kw-aw-(Cq —Cjg) (31)
dc 1 ,
E_H—J’_]-'(Pg_H'Cg) (32)

kw-aw kg-ag
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2. Mass transfer of oil from the bulk oil phase to the aqueous phase

dcC . .
:kO'GO'(CO_CgI):kw-aw-(cgﬂ_Cgl) (33)

dt

dc 1

—=——(K.-Co,—CY 34

™ Ke+1(/<cc) (34)

ko-ao kw-aw

The identical equations for the G-W/O system can be derived from these equations with slight
modification. The mass transfer rate of gas from the bulk gaseous phase to the oil phase can
then be expressed as follows:

£_ 1
dt H N 1
ko-ao kg-ag

(Py—H.CY) (35)

The mass transfer rate of the aqueous phase to the bulk oil phase is given by the following
equation:

a1
_—1

dt Ke +
kw-aw ko-ao

-(Ke-Cw_Ca/) (36)

From the mass transfer equations above, it is essential to know which film is the controlling
the mass transfer rate. For the gas/liquid transfer, the gas-side resistance can be neglected
because the volumetric mass transfer coefficient for gas is significantly greater than that for
the liquid phase. A possible resistance in gas/liquid mass transfer can therefore only be at the
aqueous or oil film side. Table 4 below summarizes the mass transfer resistance in the models
explained above.

Table 4. The mass transfer resistances for the proposed models

Mass Transfer

G-O/W System

G-W/0O System

Model
Mass transfer of gas from a bulk gaseous Mass transfer of gas from a bulk gaseous
phase to bulk aqueous phase: phase to bulk oil phase:
K= ! K= !
11 1 H 11 H 1
+ +
kg-ag kw-aw ko-ao kg-ag
Model 1 ) ) . . .
Mass transfer of dissolved gas in the bulk Mass transfer of dissolved gas in the bulk oil
aqueous phase to oil phase interface: phase to aqueous phase interface:
K= ! K !
L= 1 =" a1
Ke 1 Ke , 1
kw-aw ko-0Qo ko-ao kw-aw
Mass transfer of oil from the bulk oil phase Mass transfer of aqueous from the bulk
Model 2

to the bulk aqueous phase:

aqueous phase to the bulk oil phase:
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1

1
Ke+

K=

ko-0o kw-0w

1

1
Ke+

K=

kw-aw ko-ao

Mass transfer of oil from the bulk aqueous
phase to gaseous p

1

1 H
J’_

K=

kg-ag  kw-Ow

Mass transfer of aqueous from the bulk oil
phase to gaseous phase:
1

H 1
J’_

K=

ko~ao kg-ag

Mass transfer of gas from a bulk gaseous
phase to aqueous phase:

1

1 H
+

K=

kg-ag  kw-Ow

Model 3

Mass transfer of gas from a bulk gaseous
phase to oil phase:

Ka=—f—1~
J’_

kg'ag

ko-ao

Mass transfer of oil from the bulk oil phase
to aqueous phase:

Mass transfer of aqueous from the bulk
aqueous phase to oil phase:

1 1

—1 - -
L_}.i L_ﬁ.i
ko-0o

kw-aw

Ki2=

1.5. Discussion
1.5.1. Effect of hydrodynamics and choice of technologies

Since mass transfer between the gas-liquid phases and liquid-liquid phases is directly
related to the interfacial surface area, the size of the gas bubbles and the droplets has a
significant effect on the efficiency of the process. Generally, all systems that lead to a decrease
in the characteristic size of the bubbles and drops will be beneficial to reaction efficiency.
However, a simple decrease in bubble or drop size is not the only factor that may influence the
reaction performance. Several other competing phenomena may also occur, e.g. the diffusion
of a reactant at the interface and the chemical reaction. The relative rates of the competing
phenomena control where the reaction takes place and therefore it is of major importance
that the different phenomena occurring in the considered reaction be identified. The Hatta
number (Ha) [40] expresses the relative magnitudes of rate of reaction and the rate of physical
mass transfer, and in particular, the rate of reaction in an interfacial film to the rate of
diffusion of species through the film. Practically, it enables identification of where the chemical
reaction occurs in a heterogeneous medium.

Ha =

1
( Rate of reaction of A in the film per unit surface area ) /2
Rate of mass transfer of A through the film per unit surface area

The literal expression of Ha depends on the kinetics and interfacial models used,
however three regimes can be identified.
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e For Ha < 0.3, the reaction is much slower than mass transfer of the species from the
dispersed phases, so the reaction takes place in the continuous bulk;

e For Ha > 3.0, the reaction is much faster than mass transfer of the species from the
dispersed phases, so the reaction takes place at the interface;

e For 0.3 < Ha < 3.0, the reaction rate is of the same order of magnitude as the rate of mass
transfer from the dispersed phases, so the reaction may take place in both the bulk and at
the interfaces.

Although Ha was initially defined for reactive gas-liquid systems, it can also be used for
two-phase liquid-liquid reactions. In the case of reactive GLL systems, Ha can be defined with
respect to the species that must be transported through the gas-liquid and liquid-liquid
interfaces to react, i.e. reactant C, which is initially present in the gas phase, and the reactant
present in the dispersed liquid phase (A for G-W/O system or B for G-O/W system).

In the case of GLL reactions, Ha will control the reaction depending on the reaction
system. For reactions following Model 1, the limiting step is the diffusion of the reactant in the
dispersed liquid phase and therefore Ha at the liquid-liquid interface will control the reactive
system. For those that follow Model 2, the limiting step is the diffusion of the gas into the
liquid so Ha at the gas-liquid interface controls the system. Finally, for Model 3 reactions, the
rates of diffusion of the reactants from both the dispersed gas and liquid phases are of the
same order of magnitude and therefore Ha can be calculated for both the gas liquid and liquid-
liquid interfaces. From the above, it is clear that for each GLL reaction, the appropriate
physical model that correctly defines the limiting steps must firstly be identified. Following
this, specific process equipment and operating conditions can then be chosen such that they
are adapted to the reaction requirements. Stirred tank reactors can be a pertinent equipment
choice for many reactions provided they are fitted with appropriate impeller types and
correctly designed (e.g. use of baffles, correct choice of off-bottom impeller clearance, liquid
height). For continuous processes, stirred tanks remain a good choice, even if packed columns
or tubes equipped with static mixers are also well adapted for fast reactions and low
coalescing systems. Continuous miniaturized flow reactors are also an alternative to the
traditional stirred tank reactor for reactions that are highly limited by heat and/or mass
transfer, or that employ hazardous products. In such continuous flow equipment, the
residence times are generally short and therefore are better adapted to fast reactions. Due to
the high surface to volume ratio (and therefore increased surface effects) of such equipment,
the continuous phase is often determined by the wettability of the reactor wall by the liquids.
Model 1 describes a system where the reaction takes place at the liquid-liquid interface. In this
case, the Hatta number is small (Ha < 0.3) and therefore the reaction is fast compared with the
solubility of the reactant (initially contained in the drops) in the continuous liquid phase. Due
to the consumption of the reactants by the chemical reaction, an acceleration of mass transfer
at the liquid-liquid interface is expected. It is therefore important to generate small drops such
that the surface area for mass transfer is maximized. Moreover, in order to renew the liquid at
the drop interface and increase mass transfer, turbulent flow conditions are required. For
batch or continuous processes, a stirred tank equipped with a high shear impeller, e.g. rotor-
stator, which will promote drop breakup, in combination with an axial flow impeller, which will
ensure global circulation in the tank, would be well adapted. The dissolution of the gas in the
continuous liquid phase is generally simple to achieve and therefore the means in which the
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gas is injected in the liquid has little influence; a simple ring sparger is typically used in stirred
tanks. One of the examples described in section 3 “Application to Gas-liquid-liquid reactions”
shows that an increase in stirrer rotational speed induces an increase in reaction yield
(ozonolyse reaction [21]). This is due to the impact of the rotational speed, which promotes
the creation of smaller droplets and also increases turbulence, both of which enhance mass
transfer.

In Model 2, the reaction occurs at the gas-liquid interface. This configuration
corresponds to a high value of the Hatta number (Ha > 3) and the success of the process is
strongly linked to the bubble size. Since the solubility of the liquid droplet into the continuous
phase is not a problem, the size of the droplets is not a limiting factor. Small bubbles can be
generated by the use of disc turbines, e.g. Rushton turbines or concave blades turbines (which
enable improved gas handling), and by correctly choosing and implementing the gas sparger.
Different sparger types exist, including ring and flat geometries; a simple tube sparger is not
however recommended. If the reaction kinetics are slow, it is important to increase the
residence time of the gas phase by using a stirred tank with a height much larger than the
diameter of the tank. In this case, multiple impellers on the shaft should be used. The
turbulence created in the tank will also promote the reaction by renewing the gas liquid
interface. For this model, as well as for Model 1, the location of the agitator at the beginning
of the operation is crucial since, depending on the range of interfacial L/L tension and
viscosities of the system, it may determine which phase will be dispersed in the other (O/W or
W/0). Generally, the agitator should initially be located in the phase that is expected to be the
continuous one. In the case where the dispersed phase is fed into the continuous phase, it
should be added at the surface if it is denser than the continuous phase or in the impeller
outflow if it is lighter than the continuous phase.

In Model 3, the solubility of the gas and of the dispersed liquid in the continuous phase is
high. Furthermore, the reaction is slow and occurs in the continuous phase, corresponding to
intermediate Hatta numbers (0.3 < Ha < 3). In this case, the residence time is the controlling
parameter of the process and the influence of the bubble and drop size is less important than
in the other two models. A stirred tank reactor is well adapted to this scenario. The
recommended impeller type for such an operation would be a disc turbine or pitched blade
turbine since these are effective for bubble and drop generation (see for example the
synthesis of pivalic acid [37]), as well as for global mixing of the system. Gas should be fed into
the system through a ring or plate sparger.

1.5.2. Effect of the pressure

Increasing the pressure of the reacting system is particularly interesting when the
solubility of the gas in the continuous phase is the limiting step. Gas solubility increases with
pressure and therefore the reaction yield can be enhanced by operating under pressure. For
example, in the hydroformylation reaction that was carried out in an autoclave reactor [4], an
increase in the partial pressure of hydrogen increased the solubility of hydrogen and carbon
monoxide in the continuous liquid phase and reaction contacting mechanism changed from
Model 2 to Model 3. Other examples of reactions that report the effect of the pressure on the
yield of reactions are given in [10] and [36].
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1.6. Conclusion

To effectively perform a GLL reaction, the contacting mechanism responsible for its
enhancement should be known. In this analysis, three phase contacting models that represent
the contacting mechanisms between phases for water-in-oil or oil-in-water systems with a gas
have been presented. The proposed models are based on mass transfer that can occur
between the three different phases.

From the reaction mechanisms illustrated by the contacting models, it is obvious that
the gas-liquid-liquid reactions will proceed if the inter-phase mass transfer is effective. Mass
transfer occurs from the dispersed gas phase to the continuous liquid phase and/or from the
dispersed liquid phase to the continuous liquid phase and can be promoted by employing
correctly adapted process equipment and the associated operating conditions, such that the
phases are dispersed in the right manner and interfacial area and turbulence are increased.
However, depending on the contacting mechanism required by the reaction type, different
equipment and operating conditions should be chosen to enhance reaction performance.
Model 1 corresponds to fast reactions that occur at the liquid-liquid interface. In this case, it is
important to promote mass transfer by increasing the surface area of the droplets and create
turbulent flow conditions in order to renew the liquid-liquid interface. Model 2 corresponds to
GLL systems where by the solubility of the dispersed liquid in the continuous phase is high and
the reaction takes place at the gas/liquid interface. In this case, bubble size is the parameter
that limits mass transfer so it is important to choose equipment and conditions that promote
high gas/liquid interfacial areas and bubble breakup. Model 3 corresponds to slow reactions
occurring in the continuous liquid phase in which the solubility of the dispersed gas and liquid
phases is high. In this case, the residence time (or the operating time) is the controlling
parameter for reaction performance, whilst the size of the bubbles and droplets in less
important.
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2.1. Introduction

One of the challenges of chemical engineering going forward is to find a flexible industrial
design allowing a product adjustment to market developments. Continuous efforts through in-
depth studies have been carried out to find alternative processes/systems/ operating units that
aimed at improving economically the processes used and reducing negative impacts on the
environment. Economics and the sustainability of the processes used are crucial factors in making
decisions for business/trading activities at present. Some critical criteria considered in making
decisions are a capital investment over entire plant, efficient use of raw materials, and the overall
impact on the environment. Efforts to develop sustainable technology, which consumes far less
energy, have been carried out for the last three decades. This approach is referred to as
processes which are precisely defined as "Chemical Engineering Development" that generates
something substantially cleaner, as well as consuming energy efficiently" [1]. For Chemical
Process Industry, this process is an essential tool for achieving economic improvement, reducing
the impact on the environment, and completing the ultimate goal of sustainability.

The gas-liquid-liquid (GLL) environment has been applied in unit operations of chemical
engineering that involves the processes of mixing, extraction, absorption, and mainly chemical
reactions as a focused review in this section. Reactors for carrying out three-phase reactions have
a unique design. The design is adjusted to the amount of mass transfer between gas and liquids
phases, which can be represented by the value of the mass transfer coefficient (kg), (kJ), and in
the transfer processes, the information about the determinant phase of mass transfer resistance
is important. These characteristics become an essential consideration in determining of the
feeding system design for each phase, especially gas, which can be dispersed into the
solution/liquid mixtures in several ways, such as the spray, and the bubble model.

The developed GLL reactor types in the last decade include tubular reactors with static
mixers, jet loop reactors, RSR (Rotor Stator reactor)-STR (Stirrer Tank reactor) tandem reactors.
The reactors were designed in such a way as to improve their performances in supporting the
continuity of three-phase reactions more effectively and efficiently by combining reaction and
separation processes in one cycle, replacing conventional mixing with other devices like a static
mixer, combining the performance of two reactors as well as the development of an intensified
reactors design that has been much studied lately. In principle, the efforts taken are intended to
enlarge the contact surface area between phases [2][3] and determine the stages of the contact
mechanism of each phase involved in the process [4]. Alternatively, in some cases, specific
chemical compounds are often added into the solution to decrease in surface tension and
promoting the formation of micro-emulsions, that bringing these active species always be kept in
contact effectively [5]. Conversely, the efforts through the catalyst activity improvement are not
enough since the active species in GLL systems are easily restricted by the mass transfer rate.
With all its advantages and disadvantages, the use of a GLL reactor requires a good understanding
of the working system, contact mechanism, and the three-phase dispersion method within a
reactor.

Since ki, is one of the essential parameters for mass transfer process within the reactor,
the derivation of mass balance equation for each mass transfer model might perform, as the
three models elucidated in chapter 1, will be able to provide a detail illustrations about the mass
transfer resistance mainly the dominant phases resistance. This information is important, and it is
considered in choosing the appropriate reactor type.
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The numerous investigations have a passion for developing chemical processes involving
gas-liquid and liquid-liquid systems. However, there is very less information available on chemical
processes involving three-phase gas-liquid-liquid systems especially dealing with chemical
reactors, whereas reactor system is one of the core processes in chemical industries, e.g.,
hydrogenation, hydroformylation, carbonylation, coupling process, etc. [6][7][8][9][10][11]. On
the other side, over the last few years, it has been developed the intensified reactors systems,
which have substantial implications in enhancing the mass transfer rate between phases. Its huge
potential as a three-phase reactor has attracted many researchers to explore further the
performance of intensified reactors. Limitations in terms of the product quantities and the
determination of operating parameters for specific reactions, including temperature, pressure,
flow rate, and residence time, are studied and developed continuously to achieve optimal results.
Since its small dimensions, this reactor exhibits different behavior compared to conventional
reactors types that have been widely studied.

Therefore, the utilization of an appropriate reactor, choosing the properly operating
variable is vital for a three-phase system with the more complex characteristics, since, for three-
phase, it is relatively more difficult in realizing maximum vyield and conversion. Therefore, the
main objectives of this chapter are to present the gas-liquid-liquid reactor's performance and its
applications, understanding the strength and weaknesses of each reactor, as well as
understanding the stages in selecting the appropriate reactor type for a particular chemical
reaction.

2.2. Reactor-Technologies for Gas-Liquid-Liquid

The selection of a suitable reactor for a specific system requires many aspects to be
considered. A reaction can also be combined with a separation process in the reactive separator
equipment. However, some specific aspects should not be ignored when reactor performance is
compared. These aspects are volumetric throughput, volume reactor, residence time distribution,
catalyst usage effectiveness, mass transfer rate, pressure, and temperature constraints in the
reactor [12].

The selection and proper use of reactors for chemical reactions significantly affect the
reaction product's formation and deal with yield, reaction conversion, and selectivity, primarily
for chemical reactions restricted by mass transfer. The application of reactors capable of
supporting the creation of a high surface area for mass transfer is the reactor type that will
deliver the reaction products with better yield, conversion, and selectivity. Table 1 shows four
types of reactors that have been used for gas-liquid-liquid reactions in the past 15 years.

Table 1. Gas-liquid-liquid reactors application from literature

Reaction Type of Reactor Remark Ref
Coupling process of oxidation ~ Minichannel The size of the flow channel was 15mm x 2 [11]
and extraction for H,0, mm x 3 mm, using microfiltration

synthesis membrane Dpore=5 pm, thickness 0.3 mm;

T=50 °C; PO,=200 & 300 KPa.

Hydrogenation of a,B- Microreactor Decapiliaries=500, 750, 1000 um; lengths of [13]
Unsaturated Aldehydes capillaries=3, 6, 12 m; T= 60 °C; PH,=1-2
MPa
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Hydroformylation of propene  Tubular reactor filled  Reactor length= 3 m, Di»= 17.8 mm; [6]

with Sulzer SMV internal volume= 0.561 litre; residence
static mixers time= 5S; Sulzer SMV static mixers
Hydroformylation of propene  Jet loop reactor The reactor has an outer tube, an inner [10]

tube, and a nozzle. Height diameter of
vessel = 10 m, the height to diameter ratio
= 8, reactor volume = 108 m3

Hydroformylation of styrenes ~ Minichannel Tube-in-tube gas flow reactor Z m AF- [7]
2400; CO:H, ratiois 1:1, P= 25 bar, T= 65 °C

Hydroformilation of Minichannel Reactor volume= 3 ml, channel dimension: [9]
cyclododecatriene 2 mm x 2 mm (square channel), liquid flow

rate= 15 ml/min, ratio of CO:H,=1:1, gas

flow rate= 440 N ml/min, pressure= 30 bar.

Oxidation of 2,3,6- Rotor-Stator Reactor  Outer diameter of RSR= 200 mm, axial [14]
trimethylphenol (TMP) (RSR)-Stirred Tank length of RSR= 62 mm, volume of STR= 250

Reactor (STR) ml, T-reaction= 75 °C, P=1 bar, stirring

tandem speed= 600 rpm

Five aspects were elucidated as the basis for comparing the performance these rectors, included
of general description/characteristics, hydrodynamic, applications, advantages and
disadvantages.

2.2.1. Tubular Reactor with Static Mixers

The tubular reactor is widely applied for multiphase reactions such as gas-liquid-liquid
reactions. Principally, the reactor consists of a cylindrical column filled with the static mixer. The
gas and liquid reactants, as well as the liquid phase homogeneous catalyst, are introduced into
the reactor. Contact between phases in the reactor occurs with the help of the static-mixer. The
presence of the static mixer and a circulating pump in the tubular reactor successfully breaks
down the gas-liquid mixture into droplets and the fine bubbles gas to form a surface area of mass
transfer for gas-liquid-liquid reactions. The tubular reactor operates continuously. It offered a
simple design with no moving parts, the flow and mixing are easily controlled, and uniform
residence time inside the reactor.

Static mixers, also known as motionless mixers, have become standard equipment in the
process industries. However, new designs are being developed, and new applications are being
explored. Static mixers are employed inline in a once-through process or in a recycle loop where
they supplement or even replace a conventional agitator. Commercial static mixers have a wide
variety of basic geometries and many adjustable parameters that can be optimized for specific
applications. Sulzer SMV mixer is one of static mixer type used for various chemical processes
that mainly intended to disperse one phase in another or to increase the coefficient of mass
transfer between phases; therefore, its application related to the liquid-liquid, gas-liquid, or solid-
liquid phase. This type also includes applications for multiphase-coupled reactions with
separation processes [15].
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Figure 1. Sulzer SMV mixer (Koch-Glitsch Inc.) [15]

As an illustration, the typical data of dimensions and operating parameters in the previous
work [6][16] consists of the reactor length 3 m, diameter 17.8 mm, filled with Sulzer SMV mixers,
and internal volume of reactor about 0.56 liter. Then, catalyst mass flow rate up to 400 kg.h?,
propene mass flow rate up to 3 kg.h™, synthesis gas flow rate up to 1 kg.h™. Its means that with
the total fluid velocity up to 0.6 m.s, the fluids would have a residence time of about 5 s for the
chemical reaction [6].

The tubular reactor has been applied to perform hydroformylation, one of the three-phase
reaction types involving the gas-liquid-liquid phase. This reaction synthesized aldehyde from
propene using a homogeneous catalyst (30 wt.% TPPTS, 800 wt. Ppm Rh in pure water), which is
known as Ruhrchemie—Rhéne/Poulenc process and has been realized on a commercial scale.
Among many GLL reactions, hydroformylation has attracted much attention, especially for
catalysts recycling. This reaction is also becoming more attractive for industrial applications since
energy consumption and environmental impact can be dramatically lowered by applying the new
process design [13]. The biggest challenge for conducting this reaction is the reaction yields are
substantially restricted by the mass transfer of propene [6]. This obstacle could be solved with a
tubular reactor since the use of this reactor type was able to increase the space-time yield up to
10 fold of that obtained from the same reaction in stirred tank reactor. Further, olefins compound
up to 1-octene could be converted to aldehyde lead acceptable time-space yield and high
reaction selectivity using this reactor. In a stirred tank reactor, these achievements are not easily

realized [6].
gas

-~
olefin

aqueous
catalyst

Figure 2. Schematic of hydroformylation mini plant: (a) tubular
reactor, (b) gas flash, (c) settler, (d) circulating pump, (e and f)
heat exchangers [6].
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The use of homogeneous catalysts during this time faces constraints related to the
separation between catalysts and reaction products. Conventionally, the separation of the
catalyst was carried out by distillation, whereas, at thermal pressure, the catalyst is very
susceptible to decomposition. Separation in this way poses a high risk of losing the mass of
catalyst, which is undoubtedly a considerable loss economically in a large-scale process in the
industry. However, this risk could be prevented by utilizing the tubular reactor system, as shown
in Fig. 2. Fig. 2 shows that the reaction product, which is still mixed with the catalyst, is separated
from the un-reacted residual gas. Furthermore, the product and aqueous catalyst solution are
separated using decantation, and the aqueous solution containing catalyst flows back into the
reactor (recycle). In this case, the selection of decantation as a separator is suitable for the
density of aldehyde and the type of homogeneous catalyst used where the density of aldehyde is
788 kg/m?3, and the density of aqueous catalyst is 1000 kg/m?3. Besides simple in design, this
separator is also easy operationally.

Concerning heat removal, it has been known that hydroformylation is a very exergonic
reaction process. In a stirred vessel with a longer space-time than a tubular reactor, the longer
space-time potentially encourages side reactions with undesired products. Therefore, the
conventional processes usually utilize an internal heat exchanger to reach and maintain the
reaction temperature. The different heat removal system could be found in tubular reactors.
Considering that the mass flow rate of catalyst in this system could also significantly serve as a
heat-conducting fluid, the heating system could be installed externally, leading to a simple reactor
design.

The application of this system for hydroformylation reaction is able to overcome the
problem of separation of homogeneous catalysts, prevent catalyst loss, and prevent undesirable
side reactions. Furthermore, effectiveness, as well as efficiency of the process, is possible to
reach.

Further, the use of a static mixer in continuous processes is an attractive alternative to
conventional agitation since similar and sometimes better performance can be achieved at a
lower cost. Motionless mixers typically have lower energy consumptions and reduced
maintenance requirements because they have no moving parts. They offer a more controlled and
scalable rate of dilution in fed-batch systems and can provide homogenization of feed streams
with a minimum residence time [15]. A static mixer within a tubular reactor allows a large specific
surface area to appear for CO, H,, and propene in better contact, as well as the reaction takes
place with consideration these chemical compounds have a partial soluble characteristic in the
catalyst phase.

Table 2. Potential advantages of static mixer compared to mechanically agitated vessels [15]

Static mixer Agitation

Small space requirement Large space requirement

Low equipment cost High equipment cost

No power required except pumping High power consumption

No moving part except pump Agitator drive and seals

Small flanges to seal Small flanges plus one large flange to
seal

Short residence times Long residence times

Approaches plug flow An exponential distribution of

residence times
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Good mixing at low shear rates Locally high shear rates can damage
sensitive materials

Fast product grade changes Product grade change may generate
waste
Self-cleaning, interchangeable Large vessels to be cleaned

mixers or disposable mixers

However, the static mixer also has several significant disadvantages that are needed higher
pressure drop in its operational, more significant potential for fouling, the relative difficulty for
cleaning, and higher cost as well as it just suitable for continuous operation [17].

2.2.2. Microreactor and Minichannel Reactor
2.2.2.1. General description

Microreactors are miniaturized and continuous devices. It is often comprised of several
channels of different sizes and shapes with dimensions of the order less than 1000 pm
[2][13][18], whereas minichannel reactors physically have a greater dimension of more than 1000
pm until several mm [19]. Multiphase flow in microdevices has become a focus of researchers in
the last decade because the microdevices have great potential in the intensification of gas-liquid-
liquid reactions such as hydrogenation, hydroformylation, and carbonylation [4]. Due to its small
volume, it has highly promising characteristics for several chemical process applications, including
separation and purification, chemical and biological screening, fine chemicals, and materials
synthesis [20]. Microreactors are able to deliver a regular gas-liquid-liquid segmented flow in the
regime laminar where the flow behaviors within the channel were strongly influenced by several
factors such as a channel diameter, type of materials for microchannel, solubility, and operating
conditions such as liquid/gas flow rate, temperature, and pressure.

2.2.2.2. Hydrodynamic

The dynamics of bubble/slug formation in small diameter pipes <1000 um are very different
from those in conventional plug flow reactors. In this capillary pipe the gas-liquid-liquid
segmented flow generated emerged shear forces in the opposite direction to the flow direction
caused by friction, which could not be ignored, and the effect will be getting greater in the
smaller capillary pipe diameter. The shear force triggers the internal circulation in the droplet
liquid and the liquid slug. In some cases, the mixing process is governed by the bubble velocity,
the drop liquid dispersed velocity, and the slug length. Therefore, one reason for implementing
gas-liquid-liquid segmented flow in many microreactor applications is that the recirculation
motion within the drop liquid dispersed and the liquid slug is able to enhance the mass transfer
between gas and liquid-liquid phase dramatically. Because of highly intense and effective contact
in a small channel, some specific reactions which require a high operating temperature could
perform well at a lower temperature.
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It may thus be considered that the gas-liquid-liquid mass transfer also depends on those
parameters. The idea of correlating the kLa-value to the hydrodynamic characteristics of the flow
was later readopted in the model developed by R. Kaur [21].

Their approach distinguishes three contributions to the mass-transfer from gas-liquid-liquid
segmented flow, including mass transfer gas to continuous phase and dispersed phase, as well as
mass transfer occurring between the continuous phase and dispersed phase.

flow
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Figure 4. Mass transfer direction of three-phase flow within the microreactor

Three-phase segmented flow can be generated either in a simple flow-focusing device or in
a combined junction, i.e., double T-junction [22]. The feeding system of gas and liquid-liquid
phase reactants involves two types of T-mixers with three kinds of inlet sequences: 0:-W,-Gs, O;-
G2-W3, and W;-G;-03 as shown in Figure 5 where oil is a continuous phase, whereas water and gas
is a dispersed phase, respectively [22]. Experiments using these configurations elucidated that the
first two types (see figure 5(a),(b)) are able to generate stable flows with uniform water droplets
and gas bubbles. Conversely, the different results have been illustrated for the third configuration
(W1-G;-0s3), whereas unstable flow patterns were generated, indicated by the irregular bubble
lengths throughout the tube. The flow instability was caused by the low wetting properties of
pure water to the channel wall thoroughly. The poor of wetted channel wall bring a direct contact
of gas and channel wall, and then, gas filled totally T-junction area, which is more difficult for
liquid water to scrape the bubble neck and cut it off. This phenomenon leads to the formation of
very long bubbles and irregular bubbles length. Therefore, the third feeding configuration is not a
preferable operation.
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Figure 5. Three types of feeding configurations for gas-water-oil phases (G = gas, W = water,
0 =oil) [22]

A study on the dynamics of bubble, droplet, and slug formation involving water, paraffin,
and air in the pipes of 5.6 mm and 7 mm inner diameters of minichannel has also been reported
Wegmann et al. 2007. The pipe was made from glass (Schott Duran) with a total length of 5 m
divided into five sections, each of which has a length of 1 m to ensure better pressure and
temperature control of the pipeline flow.

The experimental had detected four types of flow dynamics that emerged in the tube, i.e.,
stratified, intermittent, dispersed, and annular flow patterns. The dynamics of bubble, droplet
and slug formation in the mini-channel must be known well to determine optimum operating
conditions such as temperature, pressure, and inter-phase contact mechanisms occurring within
microchannel [8].

-, .

gas ) Mini channel reactor product

Liquid 2 ——p»

Figure 6. Schematic diagram of the mini-channel reactor [8]. PIR = Pressure Indicator Recorder, TIR = Temperature
Indicator Recorder.
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2.2.2.3. Applications

Microdevices in the range diameter <1000 pm are a promising topic for the pharmaceutical
and fine chemical industry, mainly intended for the processes involving many different phases like
gas-liquid-liquid. Hydrogenation a, B-unsaturated aldehyde is one example of a three-phase
reaction that has been performed in three types of a microreactor with an internal diameter of
500, 750, and 1000 pum and capillary pipe lengths of 3, 6, and 12 m. The microreactor used is
made of PTFE material to visualize fluid dynamics within the microreactor, which can operate up
to a maximum pressure limit of 3 MPa. To ensure the hydrogenation lasting effectively into the
reaction system was added the homogeneous Ru (Il) -TPPTS catalyst, which was highly soluble
within the aqueous phase [13]. The hydrogenation experimental tool scheme using a capillary
microreactor is shown in figure 7.
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Figure 7. The scheme of a capillary microreactor for Hydrogenation a, B-unsaturated aldehyde [13]

The dynamics of bubble, droplet, or slug formation that appears in the capillary tube can be
described in Figure 8. Since the organic phase has a higher affinity for PTFE, the capillary inner
walls are thoroughly closed by the organic phase (continuous phase), and the aqueous phase is
never in direct contact with capillary walls. Therefore hydrogen gas injected into the L/L mixture
is only in the organic phase.
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Figure 8. The flow dynamic formed within capillary microreactor [13]
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The studies on hydrogenation reactions indicate that the use of a capillary microreactor is
influenced by several operating parameters, one of them related to the catalyst phase. In
determining the effect of the catalyst, the experiment was carried out by varying the volumetric
flow rate of the aqueous phase containing a homogeneous catalyst where the hydrogenation
reaction is expected to take place, whereas the organic phase and hydrogen gas flow rates are
kept constant at 250 pL / min and 2800 pLn / min. The reaction temperature of 50 °C and
hydrogen pressure in the capillary pipe of 2 MPa is selected. Under these conditions, the
conversion and reaction rates observed show a tendency to increase. An increase in the catalyst's
volumetric flow rate has been shown to result in an increase in dimensionless numbers of
Reynolds Number and mass transfer coefficient overall. The overall mass transfer efficiency is
directly related to the Reynolds Number.

In this context, as most multiphase reactions involve gas and liquid-liquid, the rate of mass
transfer in the G/L-phase boundary is one of the controlling factors. However, it does not mean to
obtain a large product yield into the liquid phase that must be injected hydrogen gas with a
tremendous flow rate, but conversely, the optimum vyield can be achieved by only a relatively
small hydrogen gas flow rate of 1.4 mLn/min. The use of hydrogen flow rates of more than 1.4
mLn/min will actually reduce the reaction rate due to at high hydrogen flow rates, hydrogen gas
bubbles occupying the organic phase (Figure 7) as a continuous phase are getting more so that it
has an impact on reducing the effective volume of reaction and the average residence time within
a capillary pipe.

Another parameter of interest in this experiment is the temperature. In this work, the
selection of a high reaction temperature has a potential of decrease in activation energy because,
at high temperature, the mass transfer rate in L/L phase boundary decreases as a result of low
hydrogen solubility in water (~ 1.0 g/L) [13] as a catalyst medium. In this case, the optimum
reaction rate still might be reached by reducing the droplet size, which leads to an increase in the
specific surface area. It may be done by reducing the internal diameter of the capillary tube.

Dan |. Enache et al. (2007) performed a hydroformylation study on cyclododecatriene
(CCDT) (olefin type) using a homogeneous catalyst in a square channel reactor (HEx) under
dimensions of 2 mm x 2 mm. In this work, the concentration of the catalyst of 0.3 mol% was
dissolved in cyclododecatriene (without solvents) under temperature in the range of 50-85 °C,
and 30 bar pressure constant with a backpressure regulator and supported by pressure
transducers and a manometer with 0.1 accuracies [9].
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Figure 9. Schematic diagram of HEx reactor. CDDT = cyclododecatriene [9]

The most interesting section of this work is the integration of channel-reactor and heat
exchanger. The intensification process brings consequence an increase in the heat transfer load
required by a reactor unit. However, the heat requirement can easily be met by this heat
exchanger. Therefore, hydroformylation might perform at the setting temperature desired, then
unwanted side reaction can be prevented. The HEx reactor can produce a high selectivity of
monoaldehyde products; moreover, this reactor has a simple design, no moving parts, give a
better possibility in controlling flow and mixing process, stable flow, and uniform residence time
can be achieved within throughout the reactor.

2.2.2.4. Advantages/disadvantages

The small dimensions of microreactor offer many advantages in chemical processes, i.e.,
improving the process safety, mainly for the chemical processes under high risk operating
parameters such as high temperature and pressure [7]. In case of reactions with high hazard
potential, small volume generates a low impact of possible runaway reactions, as well as a
favorable ratio of surface area to volume for heat/mass transfer rate and controllable phase
dispersion to ensure stable operation and production, that allowing a high reaction yields
achieved [8]. Besides purposed for homogeneous catalysts, microreactors also accommodate
heterogeneous catalyst systems by applying microstructured plate coated catalysts with an
appropriate method. The fluid reacting components flow through a microreactor, and a
multiphase reaction takes place on the plate's coated catalyst.

One disadvantage of preparing G/L/L multiphase flow using microfluidic devices is the low
production rate, which greatly restricts this technology's wide application. Thus, designing a novel
micro-structured device and further developing a droplet swarm is necessary to realize the
application of multiphase flow in chemical reaction and separation processes. One feasible
solution achieving scale-up is operating several microfluidic devices in parallel [23].

2.2.3. Jet Loop Reactor

Jet loop reactor can be described as a hybrid reactor unit between continuous stirred tank
reactor (CSTR) and tubular reactor (PFR), which combines many appropriate attributes of both
reactor concepts. Based on the mixing process, the large specific internal surfaces achieved are
able to create the different mass transfer of convective and diffusion. The fine dispersion of the
reacting components in the reactor can also distribute heat evenly to achieve better reaction
selectivity. Also, the residence time in the reactor that can be controlled makes it flexible for fast
and slow chemical reaction applications.
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Wide application of this reactor for various catalysts reactions has covered jet loop reactor
down-flow and up-flow systems. The appropriate utilization of down-flow and up-flow reactor
systems should consider the physical properties of chemicals involved in fluid density. The
schematic of the jet loop reactor down-flow and up-flow for the different fluid densities is shown
in figure 10. The density (p1) is the density of the continuous phase, and p: is the dispersed phase
density.
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Figure 10. The schematic of jet loop reactor, (a) up-flow system by
placing a nozzle at the bottom, (b) down-flow with a nozzle at the top
[24].
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2 =component 1, 2.
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Jet loop reactor mainly consists of an outer tube, an inner tube, and a nozzle installed in the
draft tube (Figure 11). Nozzle serves to introduce feeding flow supported by pump work that
enables mixing processes to take place well and eliminates the utilization of a mechanical mixer
inside the reactor. That's why a large-capacity pump is a critical item in this design. Gas-phase is
fed to the reactor as per the consumption via a pressure regulator. This reactor type is an efficient
contactor and mixer for the gas and liquid phase due to the rotation of the liquid phase catalyst
carrying unconverted gas raw material into the reactor. The recycled liquid phase is introduced to
the draft tube using a nozzle and forming the jet flows. This circulation takes place in several flow
cycles, and it can be adapted to the processing needs.

The circulation number (n) can be determined by calculating the ratio between the total mass
flow rate (m; + m3) to the throughput mass flow (m,) of the reactor, as can be seen in figure 12.
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Figure 12 Schematic of a loop reactor within and outgoing
stream and internal circulated stream induced by power P [24].
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Hydrodynamic of jet loop reactor resembles CSTR in series with the same reactor volume. High
numbers indicate strong back mixing and, therefore, a performance closer to a CSTR, while low
numbers lead to a plug flow-related flow regime (n 2 20 approximate CSTR, n = 0 approximate
PFR) [24]. The jet flows to enable the formation of very fine gas-liquid dispersions, which can
enhance a large surface area between phases for the mass transfer process. Since yields product
for multiphase reactions is primarily determined by mass transfer rate, thus the use of a jet loop
reactor is an appropriate decision for various applications of gas-liquid-liquid reactions. The jet
loop reactor is also adequate to provide high Reynold numbers in generating a high intensity of
reactants mixing. It also has shown the opportunity to reduce the space-time, increase in
selectivity, as well as require low energy consumption in its operation [10][25][26][27].

Then, for measuring the mass transfer rate within a reactor, an appropriate model should
be determined at first. Among the existing model, the mass transfer model for the multiphase
system inside the reactor could be elucidated using two-film theory. Some general trends related
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to the value of mass transfer coefficient within Jet Loop Reactor: (1) The mass transfer coefficient
increase with increasing the gas and liquid flow rate. (2) The volumetric mass transfer coefficient
is 11-13% higher in the square draft tube than in the cylindrical draft tube. (3) The addition of salt
or coalescence suppressing substances like isopropyl alcohol leads to fine bubbles in the
gas/liquid system. Therefore, it can produce a higher mass transfer coefficient.

Moreover, Jet loop reactor also offers advantages such as a simple design, no moving parts,
the flow and mixing are easily controlled, the inlet section of the liquid/gas phase could be
modified adjusted to the reaction system referenced. Furthermore, the jet loop reactor is
characterized by a mixing control and bubble size that is better than conventional bubble
columns. The mass transfer rate is highly affected by the reactant flow rate and jet stream
velocity within the reactor. For that reason, Jet loop reactor was already used for several
chemicals, and biochemical catalyzed reactions consist of homogenous and heterogeneous
catalysts and biocatalysts [25].
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Figure 13. Flowsheet of Hydroformylation of propene with Jet Loop Reactor [10]

Tim Seifert et al. (2014) studied hydroformylation of propene to synthesis butyraldehyde,
which was carried out using a jet loop reactor as a new design and a bubble column reactor, a
conventional design comparing both reactors performances. The proposed new design consists of
a jet loop reactor followed by an external heat exchanger and a separator unit to separate the
unconverted gas from the product mixtures containing catalyst. The catalyst and product were
separated in the next process in the multistage organophilic nanofiltration unit, and then, the
separated catalyst flowed back into the reactor. An attractive design aspect is applying an
external heat exchanger behind the reactor unit adequate in providing a flexible surface area
needed for the heat transfer process. Further, the high flexibility in the jet loop reactor unit can
be easier realized.
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Butyraldehyde is widely applied as a vulcanization accelerator, synthesis resin, and
plasticizer. The developed process designs follow the "Ruhrchemie process" scheme under
operating parameters: the reaction temperature of 110 °C and 21 bar pressure, 20 min residence
time, and the reaction conversion attain 75% with a selectivity of propene to butyraldehyde was
97% [10]. Besides propene was transformed into the n-/iso-butyraldehyde, other reactions that
took place consisted of a side reaction and the consecutive reaction 1 and 2. In these 2
consecutive reactions, the butyraldehyde products were transformed into butanol and 2-ethyl-2-

hexenal.
Main reaction : Propene + CO/H, LalySt» n-/iso-butyraldehyde
Side reaction : Propene + H, — Propane
Consecutive reaction 1: Butyraldehyde + H, — Butanol
Consecutive reaction 2: 2-Butyraldehyde — 2-ethyl-2-hexenal + H,0

Unlike a jet loop reactor, the conventional process applied a bubble column reactor for
conducting hydroformylation in a more complicated design and larger reactor in size and higher
energy consumption mainly for stirring and compressor/pump to drain gas/liquid. In a
conventional system using a bubble column, the reactor has a high to diameter ratio of around
2.5, and a stirrer is used to disperse gas to a liquid phase. Then, a flash separator unit followed
the reactor, which is operated at 1 bar pressure. The liquid mixture containing catalyst and
solvent is recycled into the reactor, and the main product leaves for the separator unit to obtain a
high purity of the final product.

The current works on hydroformylations using a jet loop and bubble column reactor
showed that propene's selectivity to butyraldehyde could be improved 1%, the reaction
conversion significantly increased from 75% to 90% in the same operating conditions applying jet
loop reactor [10]. These improvements undoubtedly reduce raw material and utility consumption
by almost 7%, which has an economic impact on operational costs compared to the
hydroformylation processes in bubble columns.

2.2.4. Rotor-Stator Reactor (RSR) + Stirred Tank Reactor (STR) Tandem Process

Unlike other reactors, the tandem reactor integrates two kinds of continuous reactors and
separators in one process cycle. The continuous reactors involved in this section are the rotor-
stator reactor (RSR) and the stirred tank reactor (STR). The RSR unit utilizes the rotor's rotation
between the stator to create intensive contact between phases involved in a reaction, i.e., the gas
phase and the liquid-liquid phases. A similar mixing principle was found in the second type of
reactor (stirrer tank reactor). In the STR, gas, and liquids phases come into contact due to stirring
activities like the rotor's function at the RSR. Next, after contacting processes between phases in
the second reactor, the gas will be separated from the liquids mixture and exit through a
condenser. The separation is possible to occur, even though the STR works at atmospheric
temperature, because of the very small gas solubility in the liquid phase; even if the STR works at
the higher temperatures, the separation of gas will be easier to take place. In the flow cycle
described in Figure 15, the liquid phase is recycled into the RSR in several cycles. This cycle allows
liquids reactants which have not reacted yet in the previous period to carry out the chemical
reactions both with liquids reactants and fresh gas reactant. Therefore, utilizing the tandem
reactor is capable of increasing yield and reaction conversion of three-phase gas-liquid-liquid
reactions.
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In this section, it is described a rotor-stator reactor with the detail specification is shown in
table 3. The RSR is composed of rotor rings that act as the rotating component, and stator rings
are the disturbing component with 6 and 5 pieces, respectively. The rotor ring is attached to the
rotor seat while the stator ring is concentrically mounted on the cover cap. Rotor rings and stator
rings are arranged alternately in the radial direction. Part of the rotor has many perforations with
a diameter of 4 mm as a fluid channel besides open space between rotor and stator. The rotor's
high rotation speed and strength by the presence of perforations in the rotor field can break gas
bubbles and liquid droplets in tiny sizes and create the violent turbulence of fluids that drove the
formation of a large surface area-interface for mass transfer. The high gravity level produced in
the RSR is one to three orders of magnitude larger than the gravitational acceleration [28],
resulting in intense mass transfer and micromixing effects.

Table 3. The specification of RSR [28]

Remark Value

Layer number of rotor rings 6

Layer number of stator rings 5

Number of perforations in the rotor rings 180, 240, 294, 348, 408,
Number of pins in the stator rings 462

The diameter of perforations in the rotor rings (mm)

12, 16, 20, 24, 24

The diameter of pins in the stator rings (mm) 4
The inner diameter of rotor rings (mm) 5
The inner diameter of stator rings (mm) 70,94, 118, 142, 166,
The inner diameter of RSR (mm) 190
Height of rotor rings (mm) 80, 104, 128, 152,176
Height of stator rings (mm) 300
Height of RSR (mm) 61
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Figure 14. Schematic diagram of RSR. (a) Structure of RSR. (b) 3D diagram of rotor rings and stator rings: (1) gas
inlet; (2) cover cap; (3) stator; (4, 7, 11) bolts; (5) liquid distribution; (6) gas outlet; (8) liquid outlet; (9) seal; (10)

shaft; (12) rotor; (13) rotor seat; (14) casing [28].

The second reactor involved a stirred tank reactor (STR) under 250 ml volumes and a condenser
as the main components. Oil batch and circulation thermostatic batch are adopted to maintain
RSR and STR's operating temperature at specific temperatures.
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Figure 14 shows a detail schematic diagram of RSR. The operating stages of RSR are as
follows: first, the liquids mixture is pumped into the RSR through a liquid inlet and jetted into the
cavity of the RSR via a liquid distributor installed in the middle near the shaft. The liquids mixture
then flowed radially outwards through the fluid channels in the rotor-stator arrangement. It was
fragmented into tiny liquid droplets under the influence of centrifugal force generated by the
rotating rotor rings at a specified rotation speed. Simultaneously, the gas-phase was introduced
into the RSR from a gas inlet and flowed inwardly through the fluid channels; counter-current
contact takes place with the liquids mixture. Then, excess gas was stripped out of the liquids
mixture, and they were flown out the RSR via the gas and liquid outlet, respectively, toward
stirred tank reactor (see Figure 15). In a short processing time, only in minutes, a specific volume
of the liquid mixture product was removed from STR.
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Figure 15. Schematic of RSR+STR tandem process [14]

However, this reactor has a more complicated design than other types of reactors and
higher energy consumption, and it becomes more significant as the reactor capacity. Besides that,
this reactor needs supporting equipment. It has moving parts, it requires maintenance regularly
to avoid the risk of wear, and periodically, it needs to change the moving parts to keep the
reactor's performance.

The synthesis of 2,3,5-trimethyl-1,4-benzoquinone (TMQ) is carried out through a catalytic
oxidation reaction of 2,3,6-trimethylphenol (TMP) in a three-phase gas-liquid-liquid in a reactor
system that combines a rotor-stator (RSR) and a conventional stirred tank reactor (STR) [14]. The
2,3,5-trimethyl-1,4-benzoquinone (TMQ) is an essential intermediate compound in the synthesis
of vitamin E. Vitamin E is a necessary nutrient for humans to resist oxidation and slow down
aging. The need for it increases up today.
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CuCl,
2,3,6, -trimethylphenol + O, —» 2,3,5-trimethyl-1,4-benzoquinone + H,0

Conventionally, TMQ is generated through a sulfonation reaction of TMP with H,SO4,
followed by an oxidation reaction using manganese dioxide. Since TMQ-products synthesized
through this reaction are often contaminated by water and inorganic salt, so this process is
gradually not used anymore and replaced by TMP catalytic oxidation, which is the primary
method for industrial production for TMQ at present by considering simple in the process,
environmentally friendly, generate a high purity product. The process is capable of producing high
yield TMQ. Generally, the industry chooses CuCl2 as the primary catalyst and oxygen/H,0; as an
oxidation agent to realize the catalytic oxidation TMP to TMQ in STR. As to GLL three-phase
reaction, this reaction is restricted by the mass transfer process; therefore, their study tried to
intensify mass transfer efficiency as a condition for achieving yield and optimum reaction
conversion by utilizing high gravity technology and involving the influence of centrifugal force.

The various operating parameters, including the rotational speed of RSR, volumetric gas
flow rate, liquid volumetric flow rate, water volume fraction in the liquid phase, reaction
temperature, on TMQ vyield, were systematically examined. Results reveal that the high
conversion could be achieved at the RSR rotor rotational speed of 600 rpm, and the optimal
temperature for safety is 75 °C. The use of gas flow rates up to 80 L/h tends to deliver a stable
TMP conversion because, at a low gas flow rate, gas has a little effect on liquid-liquid mixing in
RSR where the mixing is a very crucial process for TMP activation that triggered by the contact
between CuCl; catalyst and TMP. The contact between gas and liquid in RSR is the cause of this
phenomenon due to the liquid dispersion in RSR will face a gas resistance at too high a gas
volumetric flow rate. A similar result was found out by raising the water fraction contained CuCl;
catalyst. Water in this reaction system is a solvent for the CuCl; catalyst. The use of water up to
0.98 fraction increases the solubility of CuCl2 in liquid water, facilitating the TMP activation.

These results elucidate that the increase in TMQ synthesis in the RSR + STR tandem reactor
results from an intensive process involving liquid-liquid mixing, gas-liquid mass transfer, and
oxidation reactions in RSR [14].

The performance of gas-liquid-liquid reaction in the developed reactors is shown in Table 4.

Table 4. Reactors performance in gas-liquid-liquid reactions

Gas-liquid-liquid Operating Parameters

Reaction R_esudence Yield Conversion Temperature/ Type of Reff
time pressure Reactor

Hydrogenation of a,B- 2-3 - - 60 °C/ 2 MPa Microreactor [13]

Unsaturated Aldehydes minutes

Coupling process of 6.5 sec - 100% & 50°C/ 300 Minichannel [11]

oxidation and extraction for Murphree KPa

H,0; synthesis eff =90%

Hydroformylation of 58 min 94% 97% 65 °C/ 25 bar Minichannel [7]

styrenes
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Hydroformylation of 5 sec Selectivit - 40 °C Tubular [6]
propene =99% reactor with
static mixers

Hydroformilation of 1200s Selectivit  90% 110°C/21bar Jetloop [10]
propene y=97% reactor
Hydroformilation of 6 min Selectivit  30% 85 °C/ 30 bar Minichannel [9]
cyclododecatriene y =99%

Oxidation of 2,3,6- 10 min 20% 86.9% 75°C/ 1 atm RSR-STR [14]
trimethylphenol (TMP) tandem

2.3. Reactor Selection

GLL multiphase reactions have unique characteristics involving immiscible gas and liquid-
liquid phases under a higher complexity compared to the reactions involving reactants with the
same phase and two different phases [23][29]. The overall rate of gas-liquid-liquid reactions
would depend on the following parameters: (1) Intrinsic kinetics of the reaction steps, (2)
Solubility of gases in two liquid phases, (3) Gas-liquid and liquid-liquid mass transfer coefficient,
(4) Drop size of the dispersed phase, (5) Bubble size of the gas phase, and (6) liquid-liquid
equilibrium properties for the reactants and products [21]. Gas-liquid-liquid reactions in their
applications take place in several diffusion stages. The diffusion resistance might be a serious
burden if it is not facilitated by selecting the right process system and the fluid contact strategy.

The basic concept of the chemical process in a multiphase reactor involves the diffusion
resistances removal at various process stages to bring up a high mass transfer rate and the
maximum productivity that can be realized. The developed mass transfer models (see table 4,
chapter 1) have described the transfer's possible route. The derived equations for mass transfer
resistance in each model show a similar form for the gas-liquid route (gas to oil and gas to water)
and liquid-liquid route (oil to water and water to oil). Transfer rate increases with a decrease in
gas or liquid resistance, which can be realized by enhancing the mass transfer coefficient (kg, ki),
and surface area contact (a). There are some possible strategies for improving mass transfer
between phases:

- First, reducing the droplets sizes of gas bubbles and or liquid. Reducing sizes will be able to
create high surface area contact and a smaller distance of diffusion. Enhancing the surface
area contact can be reached through good mixing/agitation.

- Second, increase in the partial pressure of the gas. Higher partial pressure reduces the value of
Henry's law constant.

- Third, enhancing the concentration of gas / liquid solute and lowering the liquid-liquid
equilibrium constant.

Therefore, selecting appropriate gas-liquid contactors becomes a critical step in realizing a
high mass transfer rate. Some aspects that should be considered in determining gas/liquid
contactor [30]:

1. Contacting pattern. The contacting method through the flowing gas and liquid phase
resembles a plug flow in a contactor with the largest mass transfer driving force. In contrast,
the contacting method corresponds to a mixed flow with the smallest mass transfer driving
force. As we shall see in figure 20, towers have the most extensive mass transfer driving force
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and, in this respect, have an advantage over tanks. Agitated tanks have the smallest driving
force. Figure 20 shows the approximate plug G/plug L, bubble tanks approximate plug
G/mixed L, agitated tanks approximate mixed G/mixed L.

G
Steady
L= —>» -  state
operations

Plug G/plug L Plug G/plug L Plug G/mixed L Mixed G/mixed L
G G
B;ftih Unsteady-state operations
—~§—= (semibatch) where the liquid
composition changes with time
Mixed G/batch uniform L Plug G/batch uniform L

Figure 20. Contacting pattern between gas and liquid phase in G/L contactors [30]

kg and k.. Liquid droplets in gas give a high k; and low k;. Conversely, gas bubbles rising in the
liquid have a low kg and high k.
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Figure 21. Three dispersion modes for gas-liquid-liquid systems.

2!

B is the ratio of liquid-phase volume to diffusion layer volume. B = , where ¢, the

L.
fractional hold-up of liquid-phase; J, is the thickness of liquid phase diffusion; and ais
interfacial area per unit reactor volume.

Flow rates. The packed-bed contactor and the similar one have the best performance under
relative flow rates of about F,/F; = 10 at 1 bar. Other contactors are more flexible, and they
work well in a wider range of F/F,values.

Solubility. For highly soluble gas in a liquid, the small value of Henry's law constant, gas film
control, it should avoid bubble contactor. For low soluble gas in a liquid, the high value of
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Henry's law constant and liquid film control, it should avoid the use of spray tower.

5. The mass transfer resistance is in the gas phase and or liquid film. If the liquid film resistance
is dominant, stay away from the spray contactor, and contrary, if the gas film resistance
dominates, stay away from the bubble contactor.

Spray tower
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Figure 22. Tower contactors for G/L reactions [30]

Based on the explained aspects above, the characteristic of the developed reactors for GLL

applications described in this chapter can be classified in table 5.

Table 5. Characteristics of each reactor for GLL applications

Contactor/ Contacting II.)e\./e.I of K K F./JF Mass Transfer solubili
Reactor pattern riving - &g or i /Fq Resistances olubility
Force
Tubular witha ~ Mixed low Down flow: Max 10  Down flow: suitable Down flow: suitable for
static mixer G/mixed L high kg low k. at1bar for the dominant k. highly soluble gas in liquid.
Up flow: low kg Up flow: suitable for Up flow: suitable for slightly
high k. the dominant k;. soluble gas in liquid.
Microreactor Plug G/plug  High Low kg and high  Flexible ~ Model bubble, Suitable for slightly soluble
L ki suitable for the gasin liquid
dominant k..
Jet loop Plug G/plug  High Low kg and high  Flexible ~ Model bubble: Down flow: suitable for
(down flow & L ki suitable for the highly soluble gas in liquid.
up flow) dominant k. Up flow: suitable for slightly
soluble gas in liquid
RSR+STR RSR: mixed Medium RSR: low kg high ~ Flexible  RSR: flexible. Suitable RSR: flexible
tandem G/mixed L. k. and high kg for high kg or high k. STR: suitable for slightly
low k¢ (flexible). STR: suitable for the soluble gas in liquid.
STR: plug STR: low kg high dominant k;.
G/mixed L ko

Each reactor has advantages and disadvantages. The use of a specific reactor type should
be adapted to the reacting components' physical/chemical properties. It could be found an
appropriate reactor for performing gas-liquid-liquid reactions in realizing an optimum reaction
yield by adequate consideration. Further, a better process will generate a small volume of waste,
lower pollution impact on the environment, and finally, reduce operational costs.
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2.4. Conclusion

The developed four reactor technology in this chapter is intended for GLL applications. Each
reactor shows a unique design, adapted to its function as a medium to carry out a chemical
reaction, enabling a mass transfer between phases to perform optimally. Three-phase GLL
reactions are also a unique system that involves immiscible gas and liquid-liquid phases with
specific physical and chemical characteristics. That's why knowing about the chemical reactant
behavior in contact is principally necessary to determine a reactor design appropriately. Some
parameters were known to govern the overall reaction rate, consist of intrinsic kinetic of the
reaction steps, the solubility of gases in two immiscible liquids, gas-liquid and liquid-liquid mass
transfer coefficient, drop size of the dispersed phase, bubble size of gas, and liquid-liquid
equilibrium properties for all phases involved. Therefore, a selected contactor should generate a
contacting pattern that triggers a high driving force for mass transfer and generates liquid
droplets and gas bubbles, which have a high mass transfer coefficient. In many cases, the specific
contactor was chosen by considering which film layer will control the transfer process, gas/liquid
film. Finally, a reactor design should be able to provide a large surface area for transfer between
phases. The appropriately selected reactor will facilitate the efforts to realize a high yield and
conversion.
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Chapter 3

Hydrodynamics of gas-liquid flow
in microtube
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3.1. Introduction

Gas-liquid flow in microchannels can develop in different flow regimes. Gas-liquid flow
patterns in microfluidic devices can vary from bubbly to annular flows based on the change in
the volumetric flow rate of gas to a liquid. These two extreme conditions of gas-liquid flow are
characterized by low and high void fractions, respectively. All flow regimes in the microchannel
can be divided into three groups: regimes dominated by capillary forces; regimes dominated
by inertial forces; and transitional regimes, where both of these forces are significant. The
topology of the interface depends on fluid properties, operating conditions, as well as the
geometry of the channel. Much work has been dedicated to the development of flow pattern
maps that define the transition between the following regimes (figure 3.1):

- Bubbly flow, characterized by a number of tiny bubbles, smaller than the inside
diameter of the channel;

- Slug flow or Taylor flow, characterized by bubbles that are longer than the
characteristic dimension of the channel and separated from the walls by a thin liquid
film;

- Annular flow, characterized by a continuous core of gas surrounded by a thin liquid
film;

- Churn flow is between annular and bubbly flow, where the gas core breaks into tiny
bubbles [1][2].

Many previous researchers have conducted a study of the two-phase flow pattern in the
microchannel. Triplet et al., study a two-phase flow pattern in the channel with an inside
diameter 1.09; 1.1; 1.45 mm. The observed flow patterns are slug, bubbly, churn, slug annular,
and annular [1][3].

Ups (m/s)

Annular

0.1

0.01
0.01 0.1 1 10 100

Ugs (m/s)

Figure 3.1. Gas-liquid flow pattern (using air and water) in micro-channel
with inside diameter 1.097 mm; U;s = superficial liquid velocity; Ugs =
superficial gas velocity
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Using gas and liquid superficial velocity on the range of 0.1 to 100 m.s%, and 0.01 to 10 m.s?,
respectively, John W. Coleman (1999) described some flow pattern observed; bubble,
dispersed, elongated bubble, slug, stratified, wavy, annular-wavy, and annular flow patterns.
This study used the horizontal round and rectangular tubes with hydraulic diameters ranging
from 5.5 to 1.3 mm and using air as a gas phase and water as a liquid phase [4]. Akimi Serizawa
(2002) visualized the gas-liquid two-phase flow pattern in circular tubes of 20, 25, and 100 um
inside diameter with air-water as a gas and liquid phase, and for steam-water flow in a 50 um
inside diameter circular tube. The distinctive flow pattern, namely, dispersed bubbly flow, gas
slug flow, liquid ring flow, liquid lump flow, annular flow, frothy annular flow, rivulet flow, and
liquid droplets flow [5]. Then, the study using the superficial velocity of air and water lower
than 0.1 m/s was conducted by Puccetti (2015). The flow pattern of Taylor slug and Taylor
annular regimes only can be produced at the exit of the T-junction [6]. P.S. Saljoshi (2017), his
experiment was conducted using a circular pipe with an inside diameter 1.1 mm and a total
length of 650 mm. Five different two-phase flow patterns were identified, including bubbly,
dispersed bubbly, slug, slug annular, and annular flow. The parameters affecting most of these
patterns and their transition are channel size, superficial phase velocity (air and water), and
surface tension [7].

Two dimensionless groups are introduced to characterize the two-phase flow. The
related dimensionless number is the Reynold number and Capillary number. These
dimensionless numbers are defined as in the following equation:

R :dCh'ULS'pL R :dCh'UGS'pG

el 6= (1)

H, Hs

Ca — luLU LS (2)
(o2
where R.,, and Re,c are Reynold number for liquid and gas phase respectively; dch is the channel
diameter; Uis and Uss are the liquid and gas superficial velocity; p. and pg are the density of
liquid and gas; . and e are the viscosity of liquid and gas, and o is the surface tension of liquid
phase.
Reynold number represents a ratio between inertial forces and viscous forces, whereas the

Capillary number expresses a ratio between viscous forces and surface tension.

3.1.1. Length of bubble

Hydrodynamic gas-liquid flow in the microfluidic with a low Reynold number has been
well characterized by Garstecky et al., 2006 [8]. The flow pattern in the microfluidic generally
has a characteristic low Reynold number. For R, and R.s<<1, the flow system will be

dominated by viscous stresses and pressure gradients, whereas the effect of inertia is minimal,
and it can be neglected.

In his study, the bubble length can be predicted by equation L = d(Qgas/Qiiquia) + W, where
L = the bubble length produced in a T-junction, Qg is the rate of gas inflow to the main
channel given by Qgqs = p/R, where R is the flow resistance and p is the pressures drop between
the inlet gas and the outlet of the main channel, located the length L., downstream from the T-
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junction. Qiquis is the liquid phase rate, d is the diameter of the bubble neck in T-junction, and
w is the width of the main channel. Therefore the length of droplet and bubble is a function of
several parameters (1) rate of continuous fluid, (2) viscosity of continuous fluid, (3) rate of
discontinuous fluid or applied pressure of discontinuous fluid, (4) whether the surface-active
additive, (5) geometry dimension of devices [8].

If Ls denotes the distance between the two consecutive bubbles, so the bubble length L,
increases while Ls; decreases with the flow rate ratio Qges/Qiiguis. Changing the gas and liquid
flow rate can achieve different bubble length. It was found at a fixed liquid flow rate; the
bubble length increases with the gas flow rate. That is because, with a higher flow rate, the gas
has a more significant force to push the liquid and resist the liquid pressure at the neck, so
both the expansion and collapse time t. and t. increase, which leads to a longer bubble. On the
contrary, at a fixed gas flow rate, L decreases with the liquid flow rate. When Qgas/Qiiquid is very
small, L is almost constant. The increasing liquid momentum cuts the neck quickly and
shortens the time of expansion and collapse, which results in a bubble with a short length.

The average value of the air bubble length is a function of the liquid superficial flow
velocity. The bubble length decreases in a logarithmic way, increasing the liquid superficial
flow velocity [6]. Therefore the same conclusion can be obtained in terms of measured void
fraction: void fraction experimentally measured decreases linearly with the superficial liquid
velocity. On the contrary, the measured void fraction is weakly dependent on the air
superficial flow velocity.

3.1.2. Pressure drop two-phase

In a two-phase gas-liquid system, the flow patterns formed along a microtube could not
be separated from the pressure drop that arises. In a tube with a micro dimension and very
long, the pressure change from the fluid inlet section is very different from the outlet section.
Because the system observed involves a gas phase where the gas is very responsive to the
changes in pressure, then, the design of a micro-device intended for a gas-liquid system must
consider these pressure changes. The influence of pressure drop on the formation of gas-liquid
flow patterns in a channel should be a focus-study that should not be ignored.

The pressure drop in the observed channel could be calculated by using Kreutzer's
model. Kreutzer et al. proposed an expression of pressure drop along the channel based on
Bretherton's analysis. Bretherton analysis is valid for vanishing liquid film thickness and for Cap

—» 0. For Cap — 0, the liquid film thickness approaches zero, and the cross-sectional area of
the bubble approaches the channel cross-sectional area A [9]. The pressure drop over a unit
length of the channel —(dP/dz)c, is then given by:

(L

S

_(de AP, 1 [SZy,(ugw.)

2/3
e = +6)+ 716 23Ca) j
z b + S b + s c

D, (1+3.34Ca’"?)
(3)

AP = pressure drop over a unit cell, L = length, b = bubble, s = slug, o = surface tension, D =
diameter, ¢ = channel, U = velocity, 6 = correction of bubble length.
The equation (3) is integrated and rewrite, as shown in the equation below [9]:
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(4)
AP=32.4. U QE;U ) ( LbI:LSL }Az

At a steady-state, gravitational force and temperature difference are neglected, as well as the
phases are in the equilibrium state have the uniform pressure [8]. Therefore, equation (4) can
be applied to calculate the bubble length in the outlet section of the tube using Boyle's law:

P1.Vi= P2 Vs, (5)
P = gas pressure, V = bubble volume.

3.1.3. Superficial velocity

Gas and liquid superficial velocity ygs,U,s are defined as follow:

Q, Q
— _air =W 6
UGS Ach ULS ACh ( )
UTP:%—i_&:UGS—FULS (7)
h h

Where yy»is two-phase superficial velocity, A is the cross-sectional area of the microchannel,

and Q.ir and Qu are the imposed volumetric flow rate of gas and liquid, respectively [6]. Uss
and Uis contribute to the magnitude of pressure in the inlet air before T-junction. Pressure
monotonically increases when Ugs and U.s are increased. The gas pressure established along
the gas inlet branch of the T-junction when the steady-state condition is reached increases
when the liquid superficial velocity is larger than the gas superficial velocity (Uss/Uis < 1) [6].
While average bubble velocity is defined as a function of the total superficial flow velocity of
the liquid and gas, the average velocity of the bubble increases with the increase of the liquid
and gas superficial velocity.

3.2. Experimental apparatus and method

The experimental device detailed in this section and illustrated in figure 3.2 allows gas-
liquid flows to be generated and the bubble dispersion to be studied in terms of flow profile,
bubble/slug length, and velocity. The experimental rig comprises:

- Microtube

- The feeding equipment to provide controlled gas and liquid flow rates (syringe
pump, compressor, indicator, and regulator gas flow)

- Lighted observation board and camera
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(b)

Figure 3.2. Experimental apparatus for the observation of gas-liquid flow in a microtube. It seems there is the two
Nemesys pump for flowing liquid, the observation field with the lamp, tube reactor, and the gas flow meter.

The observations are made based on the image shadows that appear due to evenly distributed
irradiation of lamp on the microtube passed over the transparent plane as an observation
field, allowing the detection of interfaces between gas bubbles and liquid can be observed
well. The visible shadow flows as a representative of the gas bubble recorded using a camera.
Flow characteristics that included flow patterns formed in the microtube, bubble/slug length,
and the influence of superficial gas/liquid velocity on bubble length are studied.

3.2.1. Micro-tube design
3.2.1.1. Materials

The tube used to study the hydrodynamics of gas-liquid flow is a circular microtube in
Poly tetra-fluoro-ethylene (PTFE) with the cross-section as seen in figure 3.3. PTFE presents the
advantages of being transparent for visualizations.
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Figure 3.3. Scheme of experimental set up (P = pressure indicator, CHsOH = methanol, air,
PTFE = Poly tetra fluoro ethylene)
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Figure 3.4. The cross-section of T-junction for gas and liquid phase contacting. The
value of dj, dg, and dc, was varied in these experiments.

Gas and liquid are mixed in the T-junction made from PTFE with a uniform inside diameter (dr
=1.25 mm) in all branches.

3.2.1.2. Tube dimensions

The tube that observed a two-phase flow pattern has an inside diameter of 1 mm and a
length of 20 and 30 m long. As a comparison, in these studies, a tube with an inner diameter
1.5 mm and 6 m length was also used. The use of several diameter sizes and tube lengths is to
study the flow phenomenon/flow stability of liquid and gas when methanol and gas come into
contact inside the tube at specific flow rates. These observations didn't use the smaller tubes
than 1 mm with the consideration the utilization of the smaller tube diameter has a huge
potential for blockage. At the same time, the tube length was chosen regarding the residence
time needed to carry out the reaction by setting the appropriate gas and liquid flow rate.

75



3.2.1.3. Field of observations

The appeared flow pattern inside the microtube was observed by passing through the
microtube at the top of the observation field's surface area that was made of frosted glass, as
seen in Figure 3.2 and Figure 3.5. To facilitate these observations, a high-intensity lamp was
installed at the bottom of this area.
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Figure 3.5. Field of observations of flow pattern inside microtube, (a) tube length =1 m, (b) tube length = 6 m, (c)
tube length = 20 m, (d) tube length =30 m. Symbol G = gas, L = liquid.

3.2.2. Flow control

The scheme of the experimental set-up was given in figure 3.3. Air is supplied from a
pressurized vessel and controlled employing SERV INSTRUMENTATION 0151B, which allows
flow rates ranging from 0.00 to 20 Ncm3/min gas with a maximum gas pressure 1.5 bars abs.

Concerning the liquid methanol, to ensure the stability of liquid flow throughout the
tube length, a syringe-pump (HARVARD Apparatus PHD 2000) is used. This pump can flow
liquid with the minimum and maximum flow rate in the range 0.0001 pl/hr (with 0.5 pl syringe)
to 220.82 ml/min (with 140 ml syringe). In certain observations, especially for the observation
using a longer tube (20 and 30 m), to flow methanol along the tube was required the higher
power of the pump, and for this purposes, the observation used NEMESYS high-pressure
syringe pump type NEM-B203-01 B that could work at high pressure. This pump can flow liquid
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with the minimum and maximum flow rate in the range 171.0 nl/min — 825 ml/min, maximum
pumping pressure 12 bars for 100 ml syringe; and the liquid flow rate in the range of 42.7
nl/min-206 ml/min with maximum pumping pressure around 50 bars for syringe 25 ml.

All observation was conducted at room temperature and 1 atm pressure. The gas inlet
pressure was set and controlled before contact to ensure a constant gas flow rate in the tube.

3.2.3. Fluid properties

For conducting the preliminary experiment, methanol was used as a liquid phase and air
as a gas phase. The properties of gas and liquid significantly contributed to the bubble
formation within the microtube. The following are the properties of gas and liquid used for the
observation at 20 °C.

Table 3.1. The properties of air and methanol

Fluid P H 9
(kg/m?) (kg/m.s) (N/m)
Air 1.2041 1.82E-05 -
Methanol 792 5.90E-04 2.27E-02

p = density, u = viscosity, o = surface tension

3.2.4. Experimental method

For conducting the observation, air and methanol flow rate were set in the range of 2.75
to 6 ml/min for air, and 2 to 6 ml/min for methanol with a constant gas inlet pressure was 1.2
bars. By using these variations, the two-phase flow has a dimensionless number in term of
Reynold number gas in the range of 2.47 < Reg < 5.39; 36.45 < Re, < 109.34; and 0.000706 < Ca
< 0.002117. For the bubble-length measurement, a transparent tube was installed on the
observation field illuminated by light from the bottom, and a ruler was put closest to the tube
observed.

Taking pictures using a digital camera was done after a steady-state flow condition
reached was indicated through the stable air and methanol flow rates in the microtube
system; air-methanol flows smoothly without congestion. Then, bubble length was obtained by
calculating the distinction of number designation on the ruler between the nose and tail of the
bubble (Figure 3.6). The calculation is done with an approach of up to ml units.

- X1 X2 Xa, Flow direction

T — |

( gas (air) ] (m:el?r?;i o { gas (air)
1 |

‘cm 1

2 3 4 5 6 7 8 9 10
Length of bubble = AX = X2 — X3; Length of slug = AX=X3 - Xz

Figure 3.6. Bubble length measurement method (X1, X3 = bubble tail; X, = bubble
head).
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3.3. Gas-liquid flow in micro-tube

Gas-liquid two-phase flow patterns in the microchannel are different from the flow
patterns in a tube with a larger dimension. On a macro scale, the flow system works with
several types of forces; one is the gravitational as a dominant force and a little influence of
surface tension, whereas tube diameter can be negligible. However, in a microchannel with a
dimension in the range of some um until a few mm, surface tension, viscosity, inertia forces,
and tube diameter play an essential role in determining flow patterns flow transition between
them [1][3].

The flow characteristics in this experiment were indicated with the Reynolds number
and Capillary number as shown in the section of 3.1.4 (2.47 < Reg < 5.39; 36.45 < Re < 109.34;
and 0.000706 < Ca < 0.002117). Reynolds number more than one indicates that in the flow
system, inertia forces more dominant than viscous forces. Furthermore, the Capillary numbers
less than 1 (Ca<<< 1) means the surface tension has a greater influence compared to viscous
forces. Therefore, the effect of forces on the two-phase flow in these observations can be
written in order as follows:

Surface tension > inertia forces > viscous forces

3.3.1. Stability and flow pattern description

The flows that appeared inside the channel during the observations included stable and
unstable flow. Generally, the stable flow is defined as a flow that moves smoothly in regular
flow rate/velocity and has the same bubble/slug dimension every time during the observation.
In contrast, the unstable flow appears with the opposite characteristic of the stable flow. In the
unstable flow, the bubble's length varied to time, and the bubble velocity changed during
observation.

In this study, the flow patterns observed on the 20 and 30 m tube length, 1 mm inside
diameter is slug flow or Taylor flow following the previous work [1][3], as seen in the figure

below:
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direction ) . e
BT R —__ I e o———
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Figure 3.7. Air-methanol flow pattern in micro-tube (the closest tube to the ruler is inlet tube section, and another is
outlet tube section). (a) for 30 m tube length, (b) for 20 m tube length.

GEEDEGEES
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methanol

Figure 3.8. The flow models formed inside the tube with
different bubble lengths

The bubbles appeared inside the tube (figure 3.8) with methanol wrapped around it. Methanol
has the characteristic of a wetting tube wall; therefore, methanol formed a thin film on the
surface close to the tube wall so that the bubbles and the tube wall never in contact. The
bubbles are inside the tube flow, like slipping between thin layers of methanol. Generally,
these bubbles flow at a similar velocity, even though the fluctuations sometimes appeared.

The bubbles have a length more than the tube diameter (> 1 mm) in the range of flow
rate observed. The length at the inlet and the outlet section is different. This phenomenon has
a relation to the magnitude of pressure drop across the tube. When the tube length was
getting longer, the two-phase pressure drop throughout the tube also increased. Therefore,
the length of the bubble will decrease as the pressure of the two-phase flow increase.

Flow pattern stability inside the tube for different inside diameter and tube length is
shown in figure 3.9.
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Figure 3.9. Flow pattern stability in the tube with the different inside diameter and tube length (di=
diameter of a liquid inlet section, dc, = channel diameter, L = the length of tube).

Figure 3.9 shows that stable two-phase flow could be found at the two-phase velocities,
which tend to low. Then, in order to bring up stable flow, the liquid velocity has a more
dominant influence than the gas velocity. When compared, at the liquid velocity, which tends
to low and the constant gas velocity, the two-phase flow shows higher stability rather than
that at the contra condition, i.e., at the low gas velocity and the constant liquid velocity.
Furthermore, the two-phase flow pressure drop is getting bigger with increasing tube length
with pressure drop. Therefore, to reach the end of the tube, the liquid pressure in the entrance
section of the tube should be high, and it could be reached only by an increase in the liquid
flow rate. However, at a specific liquid flow rate, the liquid pressure might become higher than
the gas pressure. This condition triggered a part of the liquid phase to enter the gas tube and
block the gas flow to the main channel. Therefore it should be avoided. If this phenomenon
took place, the observed flow in the main channel would be mono-phase flow with the gas
bubbles sometimes emerge inside the tube.

Some reasons, as the cause of unstable flows comprising the pulsation introduced by
pump, which is triggered by the unstable flow of liquid velocity; formation and detachment of
bubbles at the entry section (T-junction); and the plating of bubbles at the outlet of the canal
[10].

3.3.2. Pressure drop gas-liquid Taylor flow

One of the essential parameters to be considered in a microchannel design is a pressure
drop due to gas-liquid flow inside microchannel influenced by the interaction of some of the
works comprising gravitational, interfacial, inertia, and viscous force. If the pressure drop is a
significant fraction of the channel inlet pressure, the expansion of the gas phase along the
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channel cannot be ignored [9]. Therefore, the pressure profile needs to be known for
adequately determining the device's performance.

This study has observed the pressure drop characteristic of an air-methanol system to
grasp how much influence it on the flow pattern formed in the microchannel, focusing on the
bubbles lengths. The pressure drop in the observed channel could be calculated using
Kreutzer's equation (4) section 3.1.2. Setting the outlet pressure is equivalent to the
atmospheric pressure (1 atm). The channel inlet pressure can be determined by adding the
outlet pressure with the pressure drop along the channel. Use equation (5) section 3.1.2, the
bubble volume in the outlet section (V2) can be calculated, and the bubble length can be
derived from this volume. It corresponds to the theoretical bubble length on the exit tube
(Lp,out-theoretical).

Figure 3.10 elucidates that the observed bubble length along the channel changed due
to the more significant pressure drop with an increase in channel length. The bubble length
theoretical (Lvout-theoretical) in every microtube configuration is shown by the data points that
form a straight line obtained by the calculation that was explained in the previous paragraph.
On the other side, outside of the straight line, the data points indicate the exit tube's bubble
length from the experiment (Lpout-experiment). If both values are compared, Lycu-experiment
show a deviation from the theoretical value, and even, for longer bubble length, the deviations
that occur are getting bigger. For a similar inside diameter and length of the tube, the pressure
drop depends on the volumetric flow rate of air. Therefore, the bubble length increases with
an increase in the ratio of air superficial velocity to methanol superficial velocity. In section
3.1.1, it has been explained the correlation between the bubble length to the superficial
velocity ratio of both phases. It means that an increase in the superficial velocity ratio of both
phases (UGs/ULs) would produce Lb,out which is getting bigger, and the deviation of the value
of Ly out—experiment, which is also more prominent due to sometimes the bubbles coalescence
phenomena occurring. Besides that, the air compressor's performance is less stable for flowing
air to the tube might cause these deviations that triggered the flow fluctuation during certain
intervals time of observation. The bubble length experiment in figure 3.10 was an average
length during observation.
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Figure 3.10. The pressure-drop air-methanol influence the bubble length between the entrance and
the end of the channel. (d;= tube diameter of inlet liquid; dc» = tube diameter of the main channel).

Lbout theoretical in figure 3.10, refers to the calculation of the bubble length outside with
bubble length measured at the inlet by taking into account the total pressure drop that arises
between the entrance and the end of the microtube. Plot a curve from the theoretical value
versus the experiment value would produce L, out (€XPp).

3.3.3. Effects of gas and liquid superficial velocity to bubble length

The two-phase flow velocity is the sum of superficial air velocity, and methanol
superficial velocity is shown in equation (7) section 3.1.3.
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Figure 3.11. The effect of air-methanol superficial velocity on the length of bubbles for three types of
tube dimensions. Lb was measured in a 20 cm long inlet tube, which was 30 cm from T-junction (see

figure 3.5 (b), (c), (d))

Since the two-phase velocity is the total of the superficial air and methanol velocity, each
phase's superficial velocity contributes to determining the length of the bubble in the tube. In
the observations, an increase in two-phase flow velocity (Urp) caused a decrease in the
bubbles' length shown in figure 3.11. Two factors could explain this phenomenon: first, at
higher flow rates, the inertia forces worked in the system getting bigger. Inertia forces served
as the breaker for gas penetration at the bubble formation in the T-junction and released gas
bubbles to the main channel. Secondly, at higher flow rates, the gas has a shorter penetration

time than that for a lower flow rate.

By deeper analysis in figure 3.11 and table 3.2, it would be found that methanol
superficial velocity gives a more significant effect than air superficial velocity. Small changes
occurring in Uis provide a considerable impact, as indicated by the sharp decrease in bubble

length. Moreover, conversely, in the greater Ugs, bubble length decreases more gently.

Table 3.2. The influence of air-methanol velocity on the bubble's length formed
inside the tube (dch =1 mm, L = 30 m). Lb was measured in a 20 cm long inlet
tube, 30 cm from T-junction (see figure 3.5 (d)).

Uss Uss Ure Uss/U.s Ly
(m/s) (m/s) (m/s) (cm)
0,0424 0,0636 0,1061 1,50 0,628
0,0636 0,0636 0,1273 1,00 0,411
0,0848 0,1273 0,2121 1,50 0,451
0,1220 0,1273 0,2492 1,04 0,299
0,1273 0,0583 0,1856 0,46 0,196
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Figure 3.12. The influence of air-methanol superficial velocity ratios on the length of bubbles for two
types of tube dimensions. Lb was measured in a 20 cm long inlet tube, which was 30 cm from T-
junction (see figure 3.5 (c), (d)).

The change of air to methanol superficial velocity ratio promoted a shift in bubble length
in the microtube with a linear correlation (Figure 3.12).
Figure 3.12 also confirmed that both superficial velocities influence the bubble length at
different dominance levels. At the same ratio of Ugs/Uis, but in higher methanol flow rate, the
bubble formed tends to be shorter. The methanol flow rate has a more decisive influence on
flow patterns than air [7]. These observations were also performed on tubes of the same
length but using the different methanol inlet tube diameter (ID = 1.5 mm) for confirming the
effect of inlet tube diameter on bubble length. The observation results show that the various
dimensions of the methanol inlet tube produced a similar bubble length.
These results are then considered for deciding the use of a 1 mm inside diameter tube to carry
out further experiments.

3.4. Conclusion

In the preliminary study, the flow pattern observed in the tube with the range of
dimensionless number: 2.47 < Res < 5.39; 36.45 < Re; < 109.34; and 0.000706 < Ca <0.002117
was a slug flow or Taylor flow. This dimensionless number elucidated that in the air-methanol
system observed, the inertia force and the surface tension force give a more dominant
influence than the viscous force with the order of magnitude: surface tension > inertia force >
viscous force. During the observation, it is found the stable flow and unstable flow inside the
tube.

The utilization of a longer microtube in these observations brought up the more
considerable pressure drop along the tube. The higher pressure drop triggered the bubble
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length reduction throughout the tube, although sometimes the bubble coalescence
phenomena are still occurring.

The air and methanol superficial velocities influenced the length of the bubble observed,
with the strong influence was given by methanol velocity. At a constant air velocity and higher
methanol velocity, the bubble dimension will decrease. Conversely, it will increase in line with
the increase in gas velocity at a constant methanol velocity.
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4.1. Introduction

Gas-liquid-liquid three-phase flow develops in many industrial process applications such
as the crystallization of protein [1], catalysis reaction [2], material production [3], and reaction-
separation [4]. A chemical process is always attempted. It appears a large surface area
between immiscible phases to obtain the necessary heat or mass transfer rate and controllable
phase dispersion to ensure stable operation and production. Up to now, the studies on the
gas-liquid-liquid flow system are being developed continuously for micro-fluidic reactor
applications [2][5][6][7][8]. These studies are an essential step that provides much information
to assess the performance of a gas-liquid-liquid micro-fluidic reactor, since knowledge about
the rule of flow inside the tube, like hydrodynamic (characterization of various flow regimes,
bubble/drop/slug formation mechanism), mixing, pressure drop, heat and mass transfer is
required. Moreover, to controllably apply the gas-liquid-liquid systems, the micro-bubbles and
microdroplets preparation control are quite important. Then, bubbles and droplets
generations were individually controlled by several flows focusing on geometries [9], and the
precise manipulation of bubbles, droplets, or immiscible fluid streams in microdevices is
usually achieved by elaborate chip designs that well address fluid-fluid hydrodynamics under
laminar flow conditions and fluid-solid interactions in engineered microchannels [6]. The
generation of a stable and regular triphasic flow is more complicated than for a two-phase
flow because the two different dispersed phases tend to interact with each other [7].

Here are some studies on three-phase flow in microdevices, including the application of
a capillary microreactor for selective hydrogenation of a,B-unsaturated Aldehydes [1],
generating gas/liquid/liquid three-phase micro-dispersed systems in double T-junction [2], and
experimental characterization of gas-liquid-liquid flows in T-junction microchannels [3].

Yucel Onal et al. 2005 [1] applied two mixers connected in line to generate a regular and
stable fluid dynamic behavior of GLL, as seen in figure 4.1.

Agqueous phase
(catalyst RU II-TPPTS) Gas (Hy)

i ggas phase
Mixer 1 Main > .‘ '(J 4 ‘ ®

\_/ channel

Mixer 2

agueous phase catalyst arganic phase

Organic Figure 4.2. Schematic diagram of GLL flow in

phase capillary reactor
(aldehyde)

Figure 4.1. Schematic diagram of double mixer micro-fluidic

Various inside diameter tubes were used (500, 750, 1000 um) with a 3, 6, and 12 m long
capillary tube. The organic phase was pumped with a constant volumetric flow rate of 250
pL/min, and the aqueous phase increased in the range of 0.19 to 0.51 ml/min, whereas the
hydrogen flow rate was kept constant at 2800 pLn/min. The flow presented a plug flow of
alternating fluid elements consisting of the aqueous and organic phase with the hydrogen gas
located in the organic phase-only. The organic phase serves as the continuous phase, and it has
a higher affinity to the PTFE than the aqueous phase [2].
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V.M. Rajesh et al. 2012 [3] performed an experiment applied two mixers (figure 4.3),
where an aqueous phase was introduced inside a tube in the last section. Capillary reactor was
a square tube with dimensions 1000 um width, 950 um depth, and 210 mm long, of the main
channel. The capillary tube was fabricated on a polymethyl methacrylate (PMMA) material.

Aqueous phase
(demineralized water)

Mixer 1
Organic YN Main >
phase " \_/ channel g
(kerosene) Mixer 2
Gas (air)

Figure 4.3. The schematic diagram of the double T-junction micro-fluidic

The regime GLL flow generated in a capillary reactor is presented in figure 4.4. In this figure, air
bubbles/ slugs are seen in black color, form at the first T-junction (not visible), and then flow to
the second T-junction (visible). Water drops/slugs formed at the second T-junction are seen in
gray color [3].

Figure 4.4. GLL flow regimes observed in
microchannel: (a) bubble—drop (B-D)
flow (Qoi = 15 ml/min, Quater = 2.76
ml/min, Qur = 1.66 ml/min, Cay =
0.0138, Wear = 4.60 105Weyater =
0.0475); (b) slug—drop (S-D) flow (Qui
15 ml/min, Quater = 2.76 ml/min, Qair
7.746 ml/min, Caoi = 0.0138, We,; =
0.001, Weyater = 0.0475); (c) slug—two
slugs (5-2S) flow (Qoil = 5 ml/min; Quater
=2.283 ml/min; Qair = 5.119 ml/min, Cag;
= 0.00459, We,ir = 4.37 10* ,Weyater =
0.0325); (d) slug—two slugs (5—-2S) (Quil
5 ml/min; Quwater = 4.19 ml/min; Qair =
5.12 ml/min, Cacy = 0.00459, We,ir = 4.38
104, Wewater = 0.109); (e) slug— long slug
(S—LS) flow (Qoit = 5 ml/min, Quater = 7.53
ml/min, Qar = 5.12 ml/min, Cag =
0.00459, We,r = 4.38 10%, Weyater =
0.353); (f) long slug—slug (LS-S) flow (Quil
=5 ml/min, Quater = 2.76 ml/min, Qar =
13.93 ml/min, Caoyi = 0.00459, We, =
0.00324, Weyater = 0.0475) [3].

Wang et al. 2010 [4] carried out GLL experiment by using two T-junction geometries. The
perpendicular flow cutting method was adopted to generate bubbles at the first T-junction




since it is easy to produce a stabled segmented gas phase in the microchannel. The cross-flow
cutting method was adopted for breaking-up the droplet at the second T-junction, and it was
focused on how the oil droplet ruptures with the shearing of gas/liquid two-phase fluid. The
capillary tube was fabricated from a polymethyl methacrylate (PMMA). The main channel's
cross-section was an isosceles trapezoid, which had a 290 um short edge, 450 um long edge,
and 340 um depth. On the main channel, a wide measurement channel was placed before the
outlet. It was used to observe the flow pattern and analyze the distribution of bubbles and
droplets. The main channel and the measuring channel were designed as short as 25 and 15
mm, respectively [4].

Wide measurement channel
Hexane Width: 800 um
Depth: 400 um

|

|

i |
Air N\ Main LY

1% T-junction
" \_/ channel ! >
« 2" T-junction
Water + "~ side capillary
SDS 2 wit% Diameter: 340 ym (outside)

160 pm (inside)

Figure 4.5. Schematic diagram of double T-junction microfluidic. Cross section of
main channel is an isosceles trapezoid [4].
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Figure 4.6. (a) Schematic diagram of gas-phase rupturing moment. The main forces dominating the break-up
of the bubbles are shown as the hollow arrows in the figure. (b) Schematic diagram of the oil phase
rupturing moment with the cutting of the gas plug [4]

Figure 4.6 (a) (b) describes the bubbles and droplets break-up mechanism in the 1°* and
2" T-junction. Figure 4.6 (a) shows that the gas phase comes into the straight main channel
and bypass the tip of the capillary first. Then it grows bigger and bigger. At the same time,
water flows out of the capillary. Since the bubble almost blocks the main channel, the
continuous phase accumulates in T-junction. Finally, the continuous phase takes up the main
channel, and the bubble ruptures off. The break-up of the bubbles is mainly based on the
competition of the two phases in T-junction. The volume occupied by the continuous phase
increases with the bubble growing. The gas-liquid interface changes its shape to keep the
force balance between the expansion pressure (FE) and the interfacial tension (yew). When the
interfacial tension cannot sustain the expansion pressure, the slot breaks' interface and the
bubble ruptures off [9].
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The break-up of oil droplets at the second T-junction geometry was investigated. It was
found that the droplets were directly cut off by the incoming gas plugs in this situation, as
shown in figure 4.6 (b). Since the gas/water-SDS system's interfacial tension was almost seven
times higher than the oil/water-SDS system's interfacial tension, the gas plug works as a rigid
piston in the channel [9].

The generated gas-liquid-liquid three-phase flows in the main channel are shown in
figure 4.7.

(a)
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Figure 4.7 (a), (b), (c) Three-phase flow patterns in the main channel with different ratios of the droplet to
bubble. (d) The changes of the gap between a droplet and a bubble. The left pictures record the process
with the moving of dispersed fluids, and the right pictures are schematic views of the gap pointed by the
arrows in the left pictures. It can be seen that the curved cap of the droplet become disappeared with the
elapsing of time [4].

It can be seen that the bubbles and the droplets flow alternatively. An interesting
phenomenon in the main channel is that the moving gas plug and its following droplet can
strictly connect, as shown in figure 4.7 (a)(b). The channel's cross-section is nearly occupied
entirely by the oil plug; there it gutters exist between the curved surfaces with the channel
corners. The continuous phase in the gap between the droplet and bubble can slowly pass
through the gutters with the bubbles moving, so the bubbles and the droplets can strictly
connect. One curved cap of the droplets becomes disappeared with the extrusion proceeding

[4].
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4.2. Experimental set-up and method

4.2.1. Set-up description
4.2.1.1. Materials

The schematic diagram of the experimental apparatus is shown in figure 4.8. This
scheme has a small modification from the previous one (in chapter 3) in the feeding of oil and
methanol into the tube. Then, the observations used two types of immiscible liquid phases
besides gas. For flowing immiscible-liquids into the reactor tube, it was used the high-pressure

pumps NEMESYS.

Gas
storage

—

Gas
Compressor

Gas
flowmeter

@r

PTFE tube

PN Gate
valve

oil

NEMESYS
NEM-B203-01B

Methanol

NEMESYS
NEM-B203-01B

gas

storage

Figure 4.8. Experimental set-up for GLL observations (P = pressure indicator).

The gas-liquid-liquid three-phase was created through two T-junctions with similar types and
dimensions, as seen in figure 4.9.

- - - - Gas-Liquid 1-
. : Liquid 1-liquid 2 Liquid 1-liquid 2 - o8 !
Liquid 1y | + + v mixture mixture v | —+ = |  liquid 2 mixture
- d dr dr | den  —» — d | dr dr | don  —
M f ¥ [t 1 f * [*
—» dTJg | O 4e—
Il dr =1.25mm
IREI di = tube diameter of liquid inlet = 1 mm L L
> de dy = tube diameter of gas inlet = 0.5 mm >0
den = channel diameter (main channel) =1 mm t
Liquid 2 Gas

1 T-junction

2" T-junction

Figure 4.9. T-junction used in the experiment three-phase. The 15t T-junction was to mix liquid 1 and liquid 2;
the 2" T-junction was to mix gas and liquid 1 and liquid 2.

All T-junction was fabricated from a PTFE uniform inside diameter (dr = 1.25 mm) in all
branches. Then, figure 4.10 describes two types of feeding configurations for oil, methanol,
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and air. The performance of them in producing a regular and stable flow at experimental
conditions used would be compared.

MeOH air oil air

2 . air-MeOH-oil 2 air-MeOH-oil
(a) (b)

Figure 4.10. Inlet position of methanol/oil used in observation. (a) Configuration of methanol-oil-
air, (b) Configuration of oil-methanol-air [5].

These configurations differ only in the placement of oil and methanol, while the air
position is fixed. The inlet tube for oil and methanol has an inside diameter of 1 mm and 0.5
mm for gas.

4.2.1.2. Tube dimensions

The same inside diameter PTFE tubes of 1 mm in chapter 3 were used to observe the
flow pattern formed inside the tube, with the various tube length including 1, 9, and 20m.
Some tube lengths are used to study the flow phenomenon/stability of gas and two immiscible
liquids, while gas and immiscible-liquids come into contact at specific flow rates. These
observations did not use the smaller tubes than 1 mm inside diameter with the consideration
that the utilization of smaller ones would have a huge potential for blockage, while the tube
length was chosen by regarding residence time needed to carry out the synthesis reaction by
setting of appropriate gas and liquid flow rate.

4.2.1.3. Observation technique

The observation field for GLL flow patterns within the tube was arranged, as shown in
figure 4.11. All tubes here were connected, and they are on a lighted table for a good
observation. The GLL flow pattern images were taken at different points on the tube, i.e., in
figure 4.11 (a), the images were taken at around 50 cm from the beginning of the tube. Figure
4.11 (b) shows that the images were taken at two different positions, i.e., 50 cm and 8.5 m.
Figure 4.11 (c) shows that the images were taken at four different positions, i.e., 50 cm, 6,
12.5, and 19.5 m from the beginning of the tube.

92



24 cm

20 om / T 30 cm
ZQ cm
' G
G 8 L]_ l P
l g T Flow .
S L, direction Coil
Lt +7.3m
T Flow o
L, direction S < <
(e}
3
Tube length=1m Tube length =9 m
(a) (b)
30cm 30cm
/ ...............
G
l Flow

L T direction G OD
< +55m

+55m @@
< +55m

Tube length =20 m

©

(d)

Figure 4.11. Field of flow pattern observation inside microtube, (a) tube length = 1 m, (b) tube length =9 m, (c) tube
length = 20 m, (d) experimental set-up, (e) tube rolls was dipped in water bath. Symbol G = gas, L; = liquid 1, L, =
liquid 2.

4.2.2. Flow control

The scheme of the experimental set-up is given in figure 4.8. Air is supplied from a
pressurized vessel and controlled employing SERV INSTRUMENTATION 0151B, which allows
flow rates ranging from 0.00 to 20 Ncm3/min gas with a maximum gas pressure 1.5 bars abs.

Then, to flow the liquid methanol and oil, the observation applied NEMESYS high-
pressure syringe pump type NEM-B203-01 B. The pump has a specification that it can flow
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liguid with minimum and maximum flow rate in the range of 171.0 nl/min—-825 ml/min,
maximum pumping pressure 12 bars for 100 ml syringe; and the liquid flow rate in the range of
42.7 nl/min-206 ml/min with maximum pumping pressure around 50 bars for 25 ml syringe.

All observation was performed at room temperature and atmospheric pressure. The gas
inlet pressure was set and controlled before contact to ensure a constant gas flow rate in the
tube.

4.2.3. Fluids properties
4.2.3.1. Effect of the temperature

These studies applied chemicals comprised of methanol, oil (sunflower oil), and air. The
hydrodynamic of the gas-liquid-liquid phase inside a microtube depends on each component's
physical properties like density and viscosity (see table 4.1) besides influenced by the
operating parameters used like gas and liquid flow rate, inlet gas pressure, and temperature.

Table 4.1. Physical properties of methanol, oil, and air[6]

Temperatur Density (p), kg.m?3 Viscosity (p), kg.m?.s?
= MeOH  Oil Ar  MeOH  Oil Air
15 799 921.0 1.226 2.223 0.08849 1.802E-05
30 785 9114 1.167 1.816 0.04417 1.866E-05

4.2.3.2. Effect of blue dye

The methylene blue is added to the aqueous phase to identify it in the channel well. In
this way, it was important to be sure that the methylene blue does not modify the liquid's
surface properties.

So, the surface tension, interfacial tensions, and contact angles were measured to
determine how far the influence of the utilization of methylene bleu to the characteristic of
three-phase flow-formed, and also to identify which liquids serve as a dispersed phase and a
continuous phase, similar to section 4.3 but using different methods.

Table 4.2 summarizes the results obtained for measuring surface tension and interfacial
tension of oil, methanol, and methanol with methylene blue by using Tensiometer Nouy
described in Appendix A. Note that the error tolerance by applying these tools is around 1
mN/m.

Table 4.2. Surface tension and interfacial tension of the liquid mixture

— Surface tension- . N Interfacial tension-
Liquid Liquid 1 — liquid 2
average (mN/m) average (mN/m)
Oil 354 Oil — MeOH 2.8
MeOH 24.0 Oil — MeOH + bleu 1.3
MeOH + bleu 24.5

A similar result of surface tension and interfacial tension for methanol pure and
methanol plus methylene bleu (see table 4.2) proves that the presence of methylene blue does
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not affect the surface tension of methanol. Still, it has little influence on the value of interface
tension for the oil-methanol mixture.

Furthermore, the contact angle measurements have provided the contact angle of
methanol, and the teflon surface is 143 °, and 130 ° for oil and teflon surface. Therefore, it
could be concluded that the wetting level of methanol on the Teflon surface is better than oil.

—

-

(a) (b)
Figure 4.12. (a) Methanol drop, (b) oil drop on Teflon surface

4.2.4. Experimental methodology

Principally, the experimental method is similar to section 3.2.4 (chapter 3). In the first
step, liquid 1 and liquid 2 was mixed in the 1% T-junction to present liquid-liquid two-phase
flow. Both liquids flow rates were adjusted in such a way to meet the oil to methanol molar
ratio of 1:3, 1:5, 1:6, 1:7, 1:8, and 1:9 as the ratio that will be used in the next experiment. The
second step, the mixture of liquid 1 and liquid 2, met the gas phase in the 2" T-junction to
form a gas-liquid-liquid three-phase flow. The appearance of gas and specific liquid behaves as
a continuous phase, and another one as a dispersed phase indicated the formation of this flow.
As additional information, the experiments here were performed without a catalyst; therefore,
it could be assumed that no reaction was performed during the observation.

The next step, the flow patterns that appeared inside the tube, was visualized using a
digital camera to measure the bubble/slug's length, either continuous or dispersed phase. The
measurement method refers to section 3.2.4 (figure 3.6, chapter 3).

4.3. Identification of the nature of the continuous /dispersed phases

Gas-liquid-liquid flow formed a specified pattern in the small tube. This part would
determine which component serves as a continuous phase and a dispersed phase. The
determination was based on the geometric of liquid droplets in the small tube. The following
pictures were taken at the observations performed using the molar ratio oil to methanol 1:3,
1:4, 1:5, 1:7, 1:8, 1:9, with total liquid flow rate (oil + methanol) and the gas flow rate was 1.5
respectively, and by using the inlet position of oil and methanol in T-junction followed the
schematic diagram of figure 4.10 (a).
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Figure 4.13. (a),(b),(c) three-phase flow pattern inside a microtube with variables on molar ratio oil to
methanol. Dark color in figure (a),(b),(c) is methanol. (d) GLL flow observed.

Figure 4.13 (a), (b), (c) showed the flow patterns with a sequence of air-oil-methanol
regularly throughout the microtube, as described clearly in figure 4.13 (d). The sequence of air-
oil-methanol was found out for Qi > Queon as well as Qi < Queon. Based on the form of oil
droplets and methanol phase, it could be determined that methanol serves as a continuous
phase; oil and air are the dispersed phases. These results are strengthened by the previous
result in section 4.2.3.2, where the measurement of contact angles shows that methanol has a
higher contact angle than oil drop on the teflon surface.

4.4. Influence of gas and liquids flow rates on a gas-liquid-liquid
flow
4.4.1. Influence of air flow rate on GLL flow in 1 m long tube

The more significant liquid pressure than gas during the observations applying 30 m tube
length has been considered to make observations applying a shorter tube of 1 m long with
molar ratio oil to methanol 1:5 (table 4.3). The purpose of this observation is to investigate the
influences of gas flow rate on the three-phase flow at constant liquids flow rate by using the
inlet position configuration of methanol-oil-air (refers to figure 4.10 (a)).

Table 4.3. Oil, methanol, and air flow rate used in observations

Molar  Oil flow rate  MeOH flow Total liquid flow  Air flow rate

ratio (ml/min) rate (ml/min)  rate (ml/min) (ml/min)
1:5 0.7567 0.5069 1.2636 0.50
1:5 0.7567 0.5069 1.2636 1.00
1:5 0.7567 0.5069 1.2636 1.50
1:5 0.7567 0.5069 1.2636 1.75
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1:5 0.7567 0.5069 1.2636 2.00
1:5 0.7567 0.5069 1.2636 2.50
1:5 0.7567 0.5069 1.2636 3.50

All observable flows refer to table 4.3 showed a stable flow pattern. The stable flow was
indicated by a constant gas-liquid-liquid flow rate inside the tube, and regularly, the flow was
structured by the similar dimensions of bubbles and slugs during the observation times, as
seen in figure 4.14.

—— Flow direction
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(a) Qair= 0.5 ml/min (b) Qair="1.75 ml/min
i & L & 1 flow methanol

— bl
TR AR A T H N > <on)< N >
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(d)

(c) Qair= 3.5 ml/min

Figure 4.14. (a), (b), (c) Three-phase flow pattern inside microtube with the variable on air flow rate
(Quir). The dark color in figure (a), (b), (c) is the methanol phase. (d) GLL flow observed.

To make clear, figure 4.14 (d) shows the schematic diagram of the three-phase flow
observed during the experiments. It shows the sequence of three-phase flow that comprises a
gas bubble in the first part, followed by the oil phase and then the methanol phase.

By increasing gas velocity and keeping liquids velocity constant, the bubble's length
increases linearly and sharply, while the length of the oil phase and the methanol phase
decreases slightly. This section's liquid velocity refers to the total velocity of oil and methanol
(Uroil + Ui-meon) inside the tube. Further, figure 4.15 illustrates that the oil phase's length was
more influenced by the increase in air flow rate than for methanol. The curve in figure 4.15
indicates that the oil phase's length reduced from 3.25 to 1.35 mm, whereas the length of the
methanol phase reduced from 1.6 to 0.8 mm. This phenomenon could be explained by
regarding oil as a dispersed phase and methanol as a continuous phase. Therefore, the
increase in air-flow rate did not much influence on the dimension of the methanol phase. The
unit cell (L.unit cen) is the total length of bubbles, oil drops, and methanol phase.
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Figure4.15. Length of bubbles (L), length of the oil drops (Ls-il), length of methanol phase (Ls-meon),
and length of unit cells (L.unit cell) at operating conditions refer to table 4.2.

4.4.2. Influence of oil/methanol flow rate on GLL flow in 1 m long tube

Further experiments were performed by varying the molar ratio of oil and methanol with
a constant gas flow rate to understand the liquid flow rate's influence on GLL flow in 1 m long
microtube. The gas and liquid flow rate used in the observation are presented in table 4.4.

Table 4.4. Oil, methanol, and air flow rate which was used for investigating the effect of oil/methanol flow rate
on GLL flow

Molar ratio QOil flow rate MeOH flow rate  Total liquid flow Air-flow rate

oil to MeOH (ml/min) (ml/min) rate (ml/min) (ml/min)
1:9 0.6810 0.8211 1.502 1.50
1:8 0.7242 0.7762 1.500 1.50
1:7 0.7266 0.7782 1.505 1.50
1:5 0.8983 0.6017 1.500 1.50
1:4 0.9772 0.5237 1.500 1.50
1:3 1.0702 0.4301 1.500 1.50

The different molar ratio was stated by the different oil and methanol flow rate. The
bubble length and the oil/methanol drop length is presented in figure 4.16 and figure 4.17. All
of the GLL flow observed at these conditions showed stable flows.
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Figure 4.16. Length of oil drops (Ls-il) and length of methanol phase (Ls-meon)at operating conditions
refer to table 4.4
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Figure 4.17. Effect of methanol flow rate on length of bubbles (L), length of oil (Ls.oi), length of
methanol (Ls.veon), and length of unit cells (L.unit cenl) at operating conditions refer to table 4.4.

Figure 4.16 elucidates that the enhancing ratio of oil to methanol superficial velocity (U,
oi/ Ui-meon) would be followed by the increase in oil drop length (Ls.i) and decrease in slug
length of methanol phase (Ls.veon), Which tends to be linear. This ratio has more influence on
the oil drop length than the length of the methanol phase, indicated by the slope of L...il curve
is greater than the slope of Ls.meon curve. Otherwise, if the methanol flow rate was going up,
the oil drop length will decrease, and the length of methanol between two consecutive
bubbles will increase, as indicated in figure 4.17. Further, figure 4.17 explains the correlation
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between the bubbles lengths and the methanol flow rate change. Both show inverse
correlations, it is meant that the enhancement of methanol flow rate caused a reduction of
bubbles lengths, and finally, it is also reducing the length of the unit cell.

flow methanol methanol

— - r
ﬂ air >Mooo§gonx air >M0M air >
\oil \oil

Figure 4.18. Flow phenomenon observed at molar ratio oil to methanol 1:4 and 1:3

Among the molar ratio used in table 4.4, the flow observed in figure 4.18 was only found
at the molar ratio of oil to methanol 1:4 and 1:3. The phenomenon observed was, first, the oil
drops phase appeared to transverse the methanol phase, moving straight toward the next oil
drop in front of it, and the coalescence phenomena occurred. Next, the oil phase gets through
the thin film of methanol around bubbles toward the next oil drop. The small oil drops that
appeared in the methanol phase have the same dimensions, and overall the flow within the
tube remains stable. This phenomenon took place in a certain part of the tube and in all the
methanol phases throughout the microtube.

The appearance of this phenomenon within three-phase flow caused by the much
greater oil flow rate than methanol flow rate at the molar ratio of oil to methanol 1:4 and 1:3,
as seen in table 4.4, which at ratio 1:4, the oil flow rate is almost two times the methanol flow
rate, even, for ratio 1:3, the oil flow rate is more than two times the methanol flow rate.

4.5. Influence of the tube length on gas-liquid-liquid flow

This observation aims to get information about the possibility of utilizing a longer tube to
ensure enough residence time for reaction. The previous observations used 1 m tube length
showed satisfying results in flow stability for all observation variables. However, the residence
times found out in the 1 m microtube were less than 30 seconds, and it is too short and might
be insufficient for carrying out the ozonolysis optimally. Moreover, the previous observations
used 30 m tube length had also shown a slight possibility due to a so long tube that caused the
increase in pressure drop throughout the tube for the gas flow rate applied. The same results
were also shown with the shorter tube length of 29 m for all observation variables. Therefore,
this section observed flow stability inside the microtube using the shorter tube of 20 and 9 m
long. The flow characteristics were indicated in Table 4.5.

Table 4.5. The flow rate of oil, methanol, and air used for observations inside 9 m and 20 m length

Tube Molar . MeOH flow  Total liquid .
. Oil flow rate Air-flow rate Flow
length ratio oil to (el rate flow rate (Tl Characteristic
(m) MeOH (ml/min) (ml/min)

9 1.5 0.92 0.6155 1.5355 3.50 Unstable

9 1.5 0.92 0.6155 1.5355 1.50 Unstable

9 1:5 0.46 0.3050 0.7650 0.75 Unstable

9 1:5 0.46 0.3050 0.7650 0.75 Unstable
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9 1:5 0.46 0.3050 0.7650 0.75 Unstable
9 1:5 0.23 0.1525 0.3825 0.37 Unstable
20 1:5 0.23 0.1525 0.3825 0.37 Unstable

The unstable flow in table 4.5 was demonstrated by the regular flow initially, and
sometimes irregular flow with the bubble dimension varied during observation. The irregular
flow refers to the three-phase flow that flowed smoothly first, but in a certain period, the flow
stopped for a moment and then flowed again. These phenomena took place in the same
period.

If the flow rate of oil, methanol, and the air was added (3™ and 2" columns from the
right side), then, on the total flow rate of around 1.5 and 0.75 ml/min, the obtained residence
time was 5 and 10 minutes respectively, for 9 m long microtube. Therefore, supposing the
observation uses a 20 m long microtube at the same flow rate, the residence time would be
around 10 and 20 minutes. This residence time is probably sufficient to attain a high yield and
conversion of ozonolysis.

4.6. Influence of oil-methanol inlet position at T-junction by using 1
m long tube

There are two possibilities of oil and methanol inlet position in T-junction. Here, it has
been performed the studies to investigate the influence of different inlet position on GLL flow
formed. The schematic of the inlet position refers to figure 4.10 (a)(b).

The flow pattern formed in the microtube is presented in figures 4.19 and 4.20. Figure
4.19 showed the flow pattern by using methanol-oil-air configuration, and further, figure 4.20
showed the flow pattern by using an oil-methanol-air configuration.
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Figure 4.19. The GLL flow pattern used the configuration in figure 4.10(a). Figure 4.19(a) molar ratio
oil to methanol 1:5, Qo = 1.081 ml/min, Qumeon = 0.7241 ml/min, Qair = 3 ml/min; (b) molar ratio oil
to methanol 1:9, Qo = 1.081 ml/min, Queon = 1.3034 ml/min, Qar = 3 ml/min; (c) molar ratio oil to
methanol 1:5, Qi = 1.8376 ml/min, Queon = 1.2310 ml/min, Qair = 3 ml/min; (d) molar ratio oil to
methanol 1:9, Qe = 1.4053 ml/min, Qmeon = 1.6944 ml/min, Qair = 3 ml/min.

101



<3 ~3 0~ ~=
. =l | =
00 —= co— M| o3 00—
0 —3 w0 — w0 — T 0 —3 I :
= E 3 =l
(2) (b) (c) (d)

Figure 4.20. The GLL flow pattern used the configuration in figure 4.10.(b). Figure 4.20(a) molar
ratio oil to methanol 1:5, Qe = 1.081 ml/min, Qmeon = 0.7241 ml/min, Qair = 3 ml/min; (b) molar
ratio oil to methanol 1:9, Qo = 1.081 ml/min, Queon = 1.3034 ml/min, Qair = 3 ml/min; (c) molar
ratio oil to methanol 1:5, Qi = 1.8376 ml/min, Queon = 1.2310 ml/min, Qair = 3 ml/min; (d) molar
ratio oil to methanol 1:9, Qg = 1.4053 ml/min, Qumeon = 1.6944 ml/min, Qair = 3 ml/min.

The flow pattern in both configurations was different. As seen in figure 4.10 (a), the
methanol-oil-air inlet system gave the stable flows, and otherwise, the oil-methanol-air
system, as described in figure 4.10 (b), always gave unstable flows. The Methanol-oil-air
system can produce a stable flow because methanol flow was strong enough to cut off oil flow
(see figure 4.21 (a)).

MeOH air oil air
oil —» ) ) —> MeOH —» —
2 . air-MeOH-oil 2 air-MeQH-oil

(€Y (b)

Figure 4.21 (a) Methanol was able to penetrate the narrow space between oil and channel wall, (b)
oil was difficult to cut off methanol flow.

It was known that oil has a worse characteristic than methanol in terms of wetting wall
channel (see figure 4.12); therefore, it always appeared the narrow space between oil and
channel wall in the observation. The good wetting characteristic of methanol has made it
easier to insert this narrow space, and cut oil flow formed a flow pattern composed of oil
droplets followed by methanol phase [10]. However, a different phenomenon is shown in
figure 4.21 (b). In this condition, it was difficult for the oil phase to fill out of the whole surface
area channel to insert toward methanol flow and cut off it [9]. The last experimental condition
might produce a stable flow by increasing the oil flow rate for making oil has a better power to
cut methanol flow. However, if observed, both the inlet position's configuration above gives a
different flow pattern with others. Here, the flow pattern is structured by a gas bubble (air),
then methanol adheres to the tail of the bubble, and finally, oil is behind methanol. There is no
specific information about it in the literature; therefore, more in-depth studies are critical to
understanding the factors affecting the formation of 3 phase flow pattern.
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4.7. Conclusion

The stable flow pattern was not found in the tube of 20, and 9 m long at all experimental
conditions observed; however, it was found in the tube of 1 m long.

Pressure drop rises in line with an increase in the tube length used. The stable flow was
challenging found out at a high-pressure drop inside the tube. On the ratio of gas to total liquid
velocity was getting bigger, the bubbles' length sharply increased, whereas the methanol and
oil phase tends to decrease slightly.

The Methanol-oil-air configuration for the inlet system produced stable flow patterns. In
contrast, the oil-methanol-air system used in these studies could not produce stable flow
patterns indicated by the variation of flow pattern every time during observation without
repetition of a specific flow pattern in a certain period.
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Chapter 5

Biodiesel synthesis by transesterification
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5.1. Introduction

5.1.1. Biodiesel synthesis

The shortage of petroleum supply will cause the crisis of energy and give impact to the
fluctuation of oil price. Current disposal of waste cooking oil (WCO) as animal feed source may
no longer be accepted due to stringent prohibiting it to be used as animal feed source. Other
ways of converting the WCO as soap precursor and other fatty acid-based products do not give
high value add products. Alternative disposal methods to convert this WCO to high value add
products needs to be developed. Environmental awareness to address global warming due to
CO2 release is increasing. Hence, alternative energy that can ameliorate environmental
degradation and global warming need to be promoted.

During this time, biodiesel is widely produced from foodstuffs such as soybean oil,
rapeseed oil, and palm oil, therefore, the increase in production following the demands of the
need will have an impact on the scarcity of food and the opening of new farming lands that are
at risk of environmental damage.

Further, WCO has high potential as a biofuel source since WCO is still composed of high
fatty acid content. The availability of an enormous volume of waste palm oil in Indonesia
makes it suitable for feedstock of biodiesel synthesis.

Biodiesel is alternative diesel fuel and a renewable energy source that can reduce the
utilization of fossil fuel. Generally, biodiesel synthesis is conducted through transesterification
in a stirred tank reactor, which took place in batches /continuous processes. Biodiesel
transesterification is sensitive to oxidation, and it has low stability due to the high
concentration of unsaturated methyl esters. Further, stirred tank reactors in the synthesis
process might only deliver low yield and conversion besides safety aspects that still become a
serious issue in the chemical processes. In the last decade, some studies dedicated to enhance
the biodiesel product stability have been performed using an ozonolysis reaction, which
involves the cutting process of double bonds carbon chains of methyl ester compounds. The
combination of transesterification and ozonolysis has a great potential in improving yield and
conversion. Here, transesterification is intended to produce methyl ester product, whereas
ozonolysis has the primary function to break the double bond carbon chains in unsaturated
ester compounds to generate short-chain saturated esters. Reducing the total of double bonds
improves the product quality, mainly in terms of higher stability aspect, flashpoint, and lower
viscosity, which is suitable for use in motors in cold climates.

The availability of articles describing biodiesel synthesis using two reaction steps is very

limited. The following are some previous works on biodiesel synthesis through
transesterification and ozonolysis.
Baber et al. (2005) carried out the synthesis of biodiesel using two reaction-steps of
transesterification using soybean oil as a feedstock at 60 °C, and ozonolysis of methyl soyate
(biodiesel), which was conducted in the presence of methanol, dichloromethane (solvent), and
triethyl amine (catalyst) at -75 °C during 2 hours. The molar ratio oil-methanol used was 1:28,
and the synthesis was conducted in a tank reactor equipped with the fritted disk for dispersing
0s[1].

From transesterification, it was obtained long-chain methyl esters consists of methyl
palmitate (C16:0, 11%), methyl stearate (C18:0, 5 wt%), methyl oleate (C18:1, 25 wt%), methyl
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linoleate (C18:2, 51 wt%), and methyl linolenate (C18:3, 7 wt%). The second step, ozonolysis
gives some short-chain methyl esters consisting of methyl myristate, methyl palmitate, methyl
stearate and fragment products of unsaturated methyl esters as dimethyl malonate, methyl
hexanoate, methyl nonanoate, and dimethyl azelate. The total amount of double bonds in the
mixture was reduced by more than 90% in the ozonolysis product[1].

Riadi et.al. (2015), the experiment was carried out in two steps reactions,
transesterification, first, on the oil-methanol molar ratio 1:5, waste palm oil as a feedstock, at
60 °C for 1 hour, and the second step, ozonolysis, was performed at various reaction
temperatures 10, 20, and 30 °C during 2 hours in 2L of the stirred batch reactor. As the
products, it was obtained long-chain methyl esters suck as methyl palmitate, methyl oleate,
methyl stearate, methyl palmitoleate, methyl linoleate as transesterification products, and
short-chain methyl esters consist of methyl nonanoate, methyl hexanoate, and methyl
octanoate as ozonolysis products [2].

Combining transesterification and ozonolysis seems promising to improve biodiesel
product, but this method still has some challenges related to the complexity of gas-liquid-liquid
systems referred. For this, the results obtained in chapters 3 and 4 will give us some guidelines
for the choice of the experimental conditions. The objective of this chapter is to carry out the
biodiesel synthesis in microtube using sunflower oil as a model for waste cooking oil

5.1.1.1. Biodiesel product transesterification and ozonolysis: comparison

From previous studies, it can be made a comparison of the quality of biodiesel
transesterification and ozonolysis (transesterification and ozonolysis simultaneously) as seen in
table5.1.

Table 5.1. The comparison of biodiesel product transesterification and ozonolysis[3][4]

Biodiesel Biodiesel

Remark e .
transesterification ozonolysis

Heat value (kcal/kg) 9490 9730

Ash content (wt %) <0.01 <0.01

Density (gr/cm3) 0.8841 0.8758

Flash point ( °C) 130.1 51.3

Sulfur content (wt %) 0.01 0.01

Nitrogen content (wt %) <0.1 <0.1

Stability Low High

Sediment produce sediment in doesn't produce
machine sediment in the

machine
Viscosity High Low

Further, biodiesel transesterification contains too much methanol producing the
emissions of harmful organic compounds like formaldehyde, acrolein, benzene, and its
derivative, whereas biodiesel ozonolysis is more environmentally friendly.

5.1.1.2. Transesterification and ozonolysis reactions

Ozonolysis can be defined as the reaction between ozone and ethylenic compounds to
form an ozonolysis product. The ethylenic compounds can be double bonds in the vegetable
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oils or free fatty acids and esters[5]. Some researchers pay more attention to the application of
ozonolysis reaction for the synthesis of biodiesel since a high product selectivity can be
achieved, low energy consumption, and environmentally friendly. The mechanism of
transesterification and ozonolysis can be depicted below[6]:

CH,-O0C-R; R;-COO-R’ CH»-OH

‘ [catalyst] ‘
CH-OOC-R; + 3ROH ——> R;-COO-R + CH-OH

CH,-O0OC-R;3 R3-COO-R’ CH»-OH

triglyceride methyl ester glycerol

(a)

RCHO —ROH RCH(OR'),

aldehyde acetal
Os
RCH = CHR 9
R'OH
) H
OR —hmo > RCOOR
2 . .
| biodiesel
RCHOOH
Alkoxy
hydroperoxide

(b)

Figure 5.1. (a) Transesterification reaction, (b) transesterification and ozonolysis
mechanism to produce biodiesel followsthe Criegee mechanism

Ozone is a strong oxidizing agent. Based on this fact, in these syntheses, there is some
possibility where ozone could have attached several chemical compounds, and until now, this
matter has not been explained clearly and is still presumptive. Some possibilities which will
occur related to the use of ozone are:

a. Ozone attacks the double bonds of the carbon chain (C = C) which is found in vegetable
oils/free fatty acid (FFA) and ester compounds.
If the double bond of vegetable oils/FFA is broken, the ozonolysis reaction produces short-
chain methyl ester due to the "C" bond broken will react following the Criegee mechanism
to form alkyl ester product. The same product in the form of a short-chain of alkyl ester will
be found when the ester compound's double bond formed by transesterification is broken.
In the previous work, Baber et al. (2005) managed to inventory short-chain methyl ester
due to the breaking double bonds carbon chain of esters compound (see Figure 5.2).
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(l)Me
NN ‘
C=0

OMe Methyl Nonanoate

|
/\/\/\/\:.;:/\/\/\/\Czo

H
Methyl Oleate (18:1, 9C)

OMe ?Me
[ ‘
O= C/\/\/\/\C =0
Dimethyl Azelate
(a)

(l)Me OMe Cl)l\/le
. | )
N C= 0= C\/C =0
i : ?Me Methyl Hexanoate Dimethyl Malonate
/\/\/:':\/:'W\/\/C =0 ——»
Methyl Linoleate (18:2; 9C, 12C) OMe OMe
I |
O= C/\/\/\/\C =0
(b) Dimethyl Azelate
(|3Nle c|>|v|e Cl)Me
s _ -
, , . Cc=0 20=Cc__C=0
i i i OMe Methyl Propionate Dimethyl Malonate
i i i |
AN NN NN =0 —
Methyl Linoleneate (18:3; 9C, 12C, 15C) OMe OMe

I |
O= C/\/\/\/\C =0
Dimethyl Azelate
(c)

Figure 5.2. (a)(b)(c) The fragment products of unsaturated methyl ester compounds.

b. Ozone tends not to react with saturated methyl esters. The ozonolysis rate is much higher
in fatty ester-containing multiple double bonds than a single bond or no double bond [5].

c. Ozone will react with methanol and other oxygen-containing compounds. The reaction
between ozone and methanol may proceed through the formation of the transition state
below: (i) Ozone attacks C-H bond, (ii) ozone attacks O-H bond and (iii) ozone attacks atom
oxygen.

Since the methylated terminal end between methanol and methyl ester compound have

a similar structure, then ozone could have possibly reacted with this functional group and with

the double bonds simultaneously. Furthermore, the expected esters formed could have been

further attacked by ozone and methanol at these methylated sites[1].
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Figure 5.3. Ozone could attack the methylated terminal end of ester and methanol.

5.1.2. Microdevices application for synthesis of biodiesel

Microreactor is a novel concept in reactor technology that enables introducing new
reaction procedures in chemistry, the pharmaceutical industry, and molecular biology.
Miniaturized reaction systems offer many exceptional technical advantages for a large number
of applications. The high surface-to-volume ratio was allowing a significant enhancement of
process control and heat management. Moreover, the unique possibilities of microchemical
systems pave the way to a distributed point-of-use and on-demand production of extremely
harmful and toxic substances.

Microreactors offer many advantages for the performance of heat and mass transfer-
limited reactions. Large gradients in concentration and temperature are achieved by shrinking
the characteristic dimensions of a microreactor down to the micro-scale. It is especially
advantageous in the case of highly exothermal reaction as well as in the case of mass-
transport-limited processes. Based on these technical advantages, new and unusual process
regimes become technically feasible. These advantages make it a great opportunity for various
GLL applications, especially for hazardous reactions limited by mass and heat transfer such as
ozonolysis. The miniaturized reactors have great potential and suitable for biodiesel synthesis,
which involves two immiscible liquids and dangerous gas.

5.2. Experimental apparatus and method

This chapter shows the synthesis of methyl ester by using two types of reaction, i.e.,
transesterification and ozonolysis, that takes place simultaneously and sequentially, involving
three-phase reactants comprising of oil, methanol (CH30OH),and ozone (Os). The schemeof the
detailed experimental tool is shown in figure 5.4.
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5.2.1. Microtube design

oil
ozone NEMESYS
flowmeter pump
ozone
Ve
storage <
Methanol
“Gate
valve :
v NEMESYS
— @‘ pump
Compressor N D
ozone gas : :
I
I
I
: eactor tube)
1\ PTFE /|
I
I : 03
|
! :
| J

ozone

storage

Figure5.4. Experimental design of simultaneous process

The tube used to study the hydrodynamics of gas-liquid flow is a circular micro-tube in
Poly-tetra-fluoro-ethylene (PTFE). PTFE present the advantage of being transparent intended
to visualize flow patterns. In order to set and maintain the reaction temperature during the
experiment, the PTFE coil tube (red color in figure 5.4) was dipped in a water bath.

5.2.2. Flow control

Ozone was supplied from a pressurized vessel and controlled employing SERV
INSTRUMENTATION 0151B, which allows flow rates ranging from 0.00 to 20 Ncm?3/min O3z with
a maximum gas pressure is 1.5 bar abs.

For liquids, the flow control equipment used was two high-pressure syringes pump
(NEMESYS),which served to flow oil and methanol, respectively. These pumps have a good
performance because they can generate a stable liquid flow with the minimum and maximum
flow rate in the range of 0.0001 pl/hr (for 0.5 ul syringe) to 220.82 ml/min (for 140 ml syringe).

All experiments were performed at ambient pressure in the outlet section of the tube.
The gas pressure was set and controlled to present a constant gas flow rate inside the tube
during the reaction.
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5.2.3. Fluid properties and raw material

The synthesis of biodiesel required the reactants of methanol, oil, and ozone. Their
properties significantly contributed to the bubble/slug formation within a micro-tube, which
influenced the formation of surface area for mass and heat transfer. Table 5.2 presents ozone,
oil, and methanol properties used for conducting the synthesis of methyl ester.

Table 5.2. Ozone, oil and methanol properties

Fluid o o g
(kg/m’) (kg/m.s) (N/m)
Ozone 1.2041 1.82E-05 -
Methanol 792 5.90E-04 2.27E-02
Qil 925 4.914E-2 3.35E-02 [7]

p = density, W = viscosity, o = surface tension. The physical properties of ozone (table 5.2) are
measured at 20 °C, 1 atm.

Sunflower oil has been prepared as a raw material in this work. It is composed of
saturated and unsaturated fatty acids, as shown in table 5.3.

Table 5.3. The composition of sunflower oil[8]

Fatty Acid wt% Characteristic
Palmitic acid 7 Saturated
Stearic acid 5 Saturated
Oleic acid 19 Unsaturated
Linoleic acid 68 Unsaturated
Linolenic acid 1 Unsaturated
Total 100

Oleic and linoleic acid as unsaturated fatty acid is two major components which composing
sunflower oil. Therefore, it is excellent potential to make it a raw material for presenting a
model for the synthesis of biodiesel.

5.2.4. Experimental method

The synthesis of methyl ester was carried out using two methods, i.e., first,
simultaneously reaction between transesterification and ozonolysis, and second, series
reaction transesterification followed by ozonolysis and vice versa. The catalysts of 1 wt% NaOH
and 1.5 wt% H,SO4 was prepared for reaction performing. For simultaneous reaction, the
synthesis of alkyl esters was conducted by flowing oil and methanol through a microtube of 1
mm inside diameter and applying two similar T-junction designs to present gas and liquid-
liquid reaction. The first T-junction is to bring a contact of oil and methanol; then, the second
T-junction serves to introduce ozone gas to the oil-methanol mixture. At the end of the tube,
the product was stored in small storage and at once intended to separate gas from the liquid
product. During a reaction, sometimes, a small volume of warm water was added into the
product storage to prevent the continuous reaction take place. For getting the pure methyl
ester, these products should be purified follow the steps:
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1. Deactivation of the base catalyst (NaOH) using warm water and at once to separate
methyl ester product from glycerol, water, and the remaining methanol by utilizing a
separatory funnel. The addition of warm water into the solution is also intended to
release inert components from biodiesel (washing). The washing step will be stopped
when the pH wash water reaches 7 (neutral).

Methyl ester forms a separated phase, usually occupies the top layer, and does not
dissolve into other liquid-phase.

2. Reducing the water content in the product by adding magnesium sulfate anhydrous
(MgSO4).

3. Separation of methyl ester and magnesium sulfate by using filter paper.

A different method was applied for a series reaction. In this method, oil and methanol
were reacted first (transesterification); then, the product was purified using the same steps as
above. Second, ozonolysis of transesterification product used methanol and ozone at the same
experimental conditions. Finally, to obtain the pure product, the product must be purified to
follow the same procedure as mentioned above.

Another type of series reaction is to carry out ozonolysis first and then followed by the
transesterification. In the implementation, the similar methods used previously are reversed.

5.2.5. Characterization methods

The experiment used two types of chemical analysis; there are the iodine value test and
gas chromatography analysis. lodine value test is used to know the amount of unsaturation in
fatty acid/ester by detecting the total double bond carbon chain in the solution. lodine value is
the mass of iodine in grams that is consumed by 100 grams of a chemical substance.
Further,gas chromatography was used to measure the alkyl ester concentration in the
ozonolysis product. These analyzes are explained as follow:

1. lodine value test
lodine value test applied a method proposed by Wijs. The detailed analysis procedure is as
follow:
- Prepare 0.1 -0.5 gr blank solution and sample in two different erlenmeyer.
- Into each erlenmeyer, add 10 ml chloroform and 25 ml wijs iodine solution.
- Putthese erlenmeyers in a dark place at room temperature for 30 minutes.
- At the end of 30 minutes, in each erlenmeyer, add 10 ml 15% Kl solution and 50 ml
water.
- Titration sample using 0.1 N Na,S,0; until yellow color almost disappeared
- Then, add a few drops of starch indicator, and continue the titration until the blue
color completely disappeared.
- The total required volume of Na;S;0s for titration is known.
Here, chemicals were added with their respective functions. Chloroform was applied to
enhance the oil solubility in the solution due to its solubility in the organic solvent
(chloroform). Qil and chloroform have the same polarity (non-polar). Wijs iodine solution (I-Cl)
served to drive an addition-reaction of double bond carbon chain in oil. I-Cl will be bound by oil
in its double bonds. Then, a blank solution was applied for calibration purposes; Kl solution
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was used to bind the rest of the un-reacted I-Cl compound, and the starch indicator served as a
binding agent to the iode compounds, which were contained in the sample.

o) ol cl
Hzc-o-(“:-(:|-|=CH-R1 H2C-O-(“3-(|3H-C|)H—R1
‘ o ‘ ol cl
HC-O-?Z-CH:CH-Rz + 3I-Cl —» HC-O-g:-CIIH-CIZH-Rg
| o [ oic
HZC-O-(HZ-CH:CH-R3 H2C-O-22-CI2H-C|:H-R3
sample (oil) Wijs iodine

solution

I-Cl + KI —» KCI + I,
excess

I, + 2Na,S,0; —» 2Nal + Na»S;0¢

Figure5.5. Chemical reactionsteps during iodine value test.
lodine value is calculated by using the equation (1).

lodine value = (B—S).N.(1269) . (1)
C

Where S = volume of Na,S,0s3 solution required for titration of samples (ml)
B = volume of Na,S;0s3 solution required for titration of blank solution (ml)
C = weight of sample (gr)
N = normality of Na,S,0; solution

For simultaneous reaction, an iodine value test was conducted on oil and methyl ester product.
Further, for series reaction (transesterification-ozonolysis), iodine value test was carried out to
transesterification product (after purification) and ozonolysis product. A similar method was
performed if the reaction scheme comes first with ozonolysis then transesterification.

2. Characterization Methyl Ester composition of Biodiesel Product by using Gas
Chromatography

Analysis of all standards (FAME mix C4 — Cz4 and Cg — Cy4) and oil samples will be carried
out using Hewlett- Packard (Palo Alto, CA) model HP-5890 Series Il equipped with an Alltech
Associates (Deerfield, IL) Heliflex AT-1 capillary non-polar column (15-m length, 0.53-mm ID,
1.5-um thickness) and a flame-ionization detector. Helium is carrier gas, whereas nitrogen is
auxiliary make up gas with total flow rate for both gases is 25 mL/min. The programming
condition in the column temperature is as follows: temperature is initially set at 40°C for 2 min;
rate 1 is 10°/min from 40 to 180°C, conducted isothermally for 8 min; rate 2 is 5°C/min from
180 to 240°C, conducted isothermally for 5 min; rate 3 is 30°c/min from 240 to a final

113



temperature of 300°C, conducted isothermally for 5 min. The flow rate of hydrogen is 35
mL/min, and the flow rate of air is 400 mL/min. The temperatures of the injector and detector
were 280 and 320°C, respectively. The injection volume is used for a sample size of 1.0uL.

Samples were prepared in vial bottles with the composition of 20 uL sample solution, 10
uL ethyl acetate, and 970 pL n-hexane. Ethyl acetate served as an internal standard and n-
hexane as a solvent.

5.3. Synthesis of methyl esters

The methyl ester was synthesized in two different ways, including simultaneous and
sequential reactions, which involves transesterification and ozonolysis. Each process system
has different challenges. Conducting transesterification and ozonolysis simultaneously faces
some obstacles, i.e., the reaction mechanism is not known clearly; to get optimum yield,
transesterification requires high reaction temperature while ozonolysis requires low reaction
temperature. Further, transesterification needs a base catalyst like NaOH/KOH, while
ozonolysis needs an acid catalyst (H;SO4/HCI). On the other hand, conducting
transesterification and ozonolysis in a consecutive way faces some difficulties, i.e., the overall
process also takes extra time to decrease the reaction temperature from 60 °C (for
transesterification) to room temperature (for ozonolysis) and the conditioning of the use of a
catalyst from base to acid catalyst.

The detailed result of the synthesis process using simultaneous and series reactions was
explained in the following section.

5.3.1. Transesterification and ozonolysis in one pot

In this section, biodiesel was synthesized by using simultaneous reactions. Table 5.4 and
5.5 below show the experimental conditions used and the experimental results, respectively.
Molar ratio oil : methanol of 1 : 5 and 1 : 3 were chosen considering that these ratios can
generate stable gas-liquid-liquid flow inside the microtube used in the experiments. These
ratios represent the oil and methanol flow rates where the number “1” refers to oil and the
number “5” and “3” relates to methanol, respectively. Temperature and catalyst were chosen
based on the previous works on biodiesel synthesis[2][9]. The experiment used the tube length
of 1 and 5 m, considering the residence time needed and flow stability.

Table 5.4.Experimental conditions in simultaneous reactions

Experiments

Experimental conditions

2B 3C 4A 4B 5B
Molar ratio oil :MeOH 1:5 1:5 1:5 1:3 1:3
Quil (Ml/min) 0.1621 0.1621 0.1621 0.1621 0.1621
Quieon (MI/min) 0.1086 0.1086 0.1086 0.0652 0.0652
Qozone(ml/min) 0.6 0.6 0.6 0.6 0.2
Temperature (°C) 30 30 30 30 30
O3 concentration (gr/Nm3) 40 - 44 40- 44 50 - 54 40- 44 60 -64
Ltube (M) 1 5 5 5 5
Catalyst (NaOH) 1 wt% 1 wt% 1 wt% 1 wt% 1 wt%
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Table 5.5. Methyl ester concentration (ppm) from GC analysis

Component 2B 3C 4A 4B 5B
methyl arachidate - - 0.2 0.6 -
methyl myristate - 0.63 1.3 1.3 1.70
methyl octanoate 2.73 6.69 12.1 14.4 15.97
methyl palmitate 22.38 70.94 83.0 112.8 161.82
methyl stearate 9.68 26.14 24.9 38.0 52.79
methyl linoleate 180.27 591.21 698.2 958.7 1351.54
methyl linoleneate - - 0.1 0.4 -
methyl oleate 64.57 228.95 243.0 352.6 515.54
methyl palmitoleate 0.31 3.54 4.1 2.4 2.01
Total concentration 279.93 928.10 1066.9 1481.3 2101.37

Note: methyl linoleate, methyl linoleneate, and methyl oleate are unsaturated methyl esters

Table 5.4 and 5.5 provide information on the effect of the experimental conditions used
in these studies. Molar ratio oil to methanol represents the ratio of oil flow rate to methanol
flow rate. Related to the molar ratio, by comparing the result of experiment 3C with 4B, it was
obtained that molar ratio 1:3 gives a better result than ratio 1:5. It is indicated by the total
concentration of experiment 4B nearly two-fold of 3C. This result is different from the previous
one on the synthesis of biodiesel in a batch stirred tank reactor [9] [11][14][15]. Baber et al.
2005 [11] used the molar ratio of methyl soyate-methanol 1:28 at -75 °C, 2 hours reaction time
for reducing 90% total double bonds, Lieke et al. 2012 [14] found the best molar ratio oil-
methanol 1:5 at 30 °C, 3 hours, and 5.8% ozone concentration.

By referring to the reaction stoichiometry of biodiesel synthesis [12], an ideal molar ratio
needed to reach maximum oil conversion to methyl ester compound is 1:3; one for oil and
three for methanol. However, in many previous works on biodiesel synthesis, yield and
conversion reached were relatively low at applying this ratio. The different result is found in
this work. The utilizing of molar ratio 1:3 within a small tube produced a higher concentration
of methyl ester, as shown in experiments 4B and 5B. It happened since the molar ratio 1:3 was
able to generate a smaller methanol slug length (X3 — X4), which lies between the oil phase and
gas bubble, as shown in figure 5.6 (c). The intensive flow circulation and mass transfer
between phases take place in this location. The smaller methanol slug dimension is able to
create a smaller diffusion route for mass transfer.

rp—————ery  p———
|||||||||||||||||||||||||||||||m|iiW"HIIT||Tﬂ[Hﬂ]T ﬂT'TiWﬂﬂmpiH]mliiiil[lllllllil]lili]ﬂﬂ]ll | Il
8 9

4 5 6 7 R 4 5 6 7 8 9

(a) (b)

Flow direction

X1 le X|3 |X4
’ ; — Figure 5.6. Flow pattern formed while ozonolysis
( ozone ) oiI) ( ozone took place (a) molar ratio 1:5, (b) molar ratio 1:3,
: : IV : (c) slug methanol within tube
methanol
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The methyl ester concentration is continuously increased by applying higher ozone
concentration, as seen in table 5.4 for experiment 5B.

Another quantitative analysis used besides gas chromatography is the iodine value test.
Table 5.6 shows the result of the iodine value test for all experiments simultaneously. The
iodine values obtained is also representing the conversion of ozonolysis. The lowest iodine
value indicates the highest ozonolysis conversion due to the greater total double bond carbon
chain cut by ozone. The lowest conversion was reached by experiment 2B, and the highest
value was obtained the experiment 5B. Several things caused the lowest conversion in
experiment 2B, i.e., utilizing a shorter tube (1 m) and the improper placement of NaOH
catalyst. In experiment 2B, NaOH was placed in the oil phase. Even though NaOH is not soluble
in the oil phase. Whereas for other experiments 3C - 5B, NaOH was put in the methanol phase,
which was proven able to raise the ozonolysis conversion. Figure 5.6 at once can explain the
highest iodine value was in experiment 5B. At experiment 5B, utilizing a lower ozone flow rate
at molar ratio 1:3 can produce a similar flow pattern with figure 5.6 (b) with a smaller bubble
dimension since the ozone flow rate is only 0.2 ml/min.

Table 5.6. lodine value (I.V.) and percent cutting of double bond carbon chain for
simultaneous reactions

Experiments

Remarks g1 nco 2B 3C 4A 48 5B
1.V. average 125.4 122.9 105.4 98.05 83.15 75.4
%
conversionozo - 2.00% 15.93% 21.83% 33.71% 39.88%
nolysis

5.3.2. Sequential reactions (transesterification and ozonolysis)

Sequential processes were performed in this section to obtain information on possible
routes of reaction in optimizing biodiesel synthesis. The purpose of the sequential process
application here is to convert the remaining fatty acid, which has not reacted yet. Some
alternative ways of the sequential process have been done: (1) transesterification and
ozonolysis (2) ozonolysis and transesterification. Both of them applied a similar base catalyst
NaOH. The next sequential process is (3) transesterification and ozonolysis (4) ozonolysis and
transesterification. In the two last points, transesterification was performed using 1 wt% NaOH
catalyst, and ozonolysis using acid catalysts of 1.5 wt% H,SO4. All series reactions above were
performed under the best experimental condition obtained from previous works in the
simultaneous process involved of a molar ratio of oil-methanol 1:3; oil and methanol flow rate
0.1621 ml/min and 0.0652, respectively; ozone flow rate 0.2 ml/min; temperature 30 °C; ozone
concentration 60-64 gr/Nm3; and tube length 5 m. The catalyst used, NaOH/H,SO,4, was put in
the methanol phase, and the transesterification was carried out without involving ozone gas.
The residence time for this operating condition is around 17 minutes.

5.3.2.1. Transesterification (NaOH catalyst), ozonolysis (NaOH catalyst)

The composition of methyl ester obtained is shown in table 5.7. The schematic processes
applied in table 5.7 are the sequential process of:
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(1) ozonolysis — transesterification
(2) transesterification — ozonolysis
The methods applied under the same NaOH catalyst for both reactions, as a whole,
indicate that series reactions did not increase in the concentration of methyl ester, but
conversely, utilizing these methods has decreased each methyl ester concentration in the final
product. The reverse reaction of transesterification might cause a decrease in methyl ester
concentration, because transesterification is a reversible reaction. This result has already been
observed in previous work [2]. The use of the series process meant the use of double residence
time. Therefore, these sequential processes' configurations are not suitable to enhance the
total concentration of methyl ester product, either saturated or unsaturated methyl ester.

Table 5.7. Methyl ester concentration produced by sequential reaction (ppm)

Component 0Oz-1 Trans-1 Trans-2 Oz-2
methyl arachidate 23.8 6.5 33.8 8.5
methyl hexanoate - - - 0.6
methyl laurate 0.3 0.1 0.4 0.3
methyl myristate 9.7 4.1 12.4 4.7
methyl octanoate 5.6 4.5 - 4.3
methyl palmitate 785.7 309.3 1015.9 368.7
methyl stearate 3914 147.0 525.2 181.1
methyl linoleate 6622.3 2633.5 8561.9 3106.5
methyl linoleneate 8.4 3.8 - 4.7
methyl oleate 2909.2 552.4 3813.7 1322.5
methyl palmitoleate 15.8 6.8 21.4 8.0
Total concentration 10772.2 3668.0 13991.0 5009.8

For transesterification—ozonolysis (Trans-2-0z-2), in first reaction (transesterification), it was
not found the components of methyl hexanoate, methyl octanoate, and methyl nonanoate in
the product (see column Trans-2). Nevertheless, methyl hexanoate and methyl octanoate are
found in the product of the second step (ozonolysis) (see column OZ-2). This result indicates
that ozonolysis in these syntheses has produced the components of methyl hexanoate and
methyl octanoate. Methyl hexanoate and methyl octanoate are fragments produced from
unsaturated methyl ester cracking by ozone [16].

If table 5.7 on the sequential reaction is compared to table 5.5 on the simultaneous
reaction, it is known that methyl hexanoate as one of the fragment products of unsaturated
ester was not delivered transesterification-ozonolysis in one pot. Nevertheless, methyl
octanoate, which is supposed to be another fragment product of unsaturated ester, appeared
in both simultaneous and series reactions. Even in the simultaneous reaction under the
smallest molar ratio of oil-methanol (1:5), and low ozone concentration around 40-44 gr/N.m3
and more, using a 1 m long tube only with a residence time 3.39 min, methyl octanoate has
been produced. All reactions compared herein use the same catalyst (NaOH).

Further, the sequential reaction took place in two-step reactions; the sequential reaction has a
longer residence time two times than that in simultaneous reaction. However, it seems that
the longer residence time has not increased the amount of methyl ester produced.
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The methyl ester concentrations in sequential reactions show significantly different
values than simultaneous reactions, although the experiments have already been repeated
two times under the same experimental conditions. This result has not been explained yet.

5.3.2.2. Transesterification (NaOH catalyst), ozonolysis (H.SO, catalyst)

This part implemented the sequential process consist of transesterification and
ozonolysis used NaOH and H,SO, catalyst, respectively. Table 5.8 presents the methyl ester
products of this synthesis. The reaction configurations used involve transesterification (Trans
1Q) followed by ozonolysis (Oz 1QQ) and vice versa, ozonolysis (Oz 2QQ) followed by
transesterification (Trans 2Q).

Table 5.8. Methyl ester concentration produced by sequential reaction (ppm)

Component Trans 1Q 0z 1QQ 0z 2QQ Trans 2Q
methyl hexanoate - 0.69 - -
methyl myristate 0.94 0.66 1.09 1.71
methyl octanoate - 2.59 1.69 1.75
methyl palmitate 78.07 53.66 69.04 113.22
methyl stearate 33.68 23.37 31.21 46.90
methyl linoleate 654.89 469.67 576.58 986.03
methyl linoleneate 4.39 3.09 1.08 1.86
methyl oleate 259.40 176.65 239.39 366.36
methyl palmitoleate 2.22 - 1.86 3.46
Total concentration 1033.60 730.37 921.95 1521.30

Transesterification (Trans 1Q)—ozonolysis (Oz 1QQ) configuration shows that all of the resulting
methyl ester concentrations decrease in the end product. Transesterification did not produce
methyl hexanoate and methyl octanoate, but these methyl esters have been found in the
ozonolysis product. In this sequence, transesterification produced methyl myristate, methyl
palmitate, methyl stearate, methyl linoleate, methyl linolenate, methyl oleate, and methyl
palmitoleate only. Some other methyl ester compounds, such as methyl palmitoleate and
methyl myristate, almost always appear in transesterification and ozonolysis products. The
origin of these compounds is difficult to explain. They are usually derived from palmitoleic acid
and myristic acid, respectively. But refers to the feedstock, sunflower oil does not contain
palmitoleic acid and myristic acid. It indicated that other reactions had taken place.

Further, the different result is indicated by the ozonolysis configuration (Oz 2QQ)
followed by transesterification (Trans 2Q). Here, the series process can improve the
concentration of all methyl ester products. An acid catalyst such as sulphuric acid and
hydrochloric acid is a suitable catalyst for ozonolysis since the acid compound can increase in
ozonolysis rate, while transesterification is most suitably carried out with an acid/base catalyst.
However, the utilizing of acid catalysts will produce methyl ester compounds in a long time of
transesterification. Therefore, the ozonolysis product's transesterification has generated a
higher methyl ester concentration from the remaining methyl ester, which has not yet reacted.
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As a whole, the result obtained in this work shows a good inclination and according to
the fatty acid concentration in the sunflower oil. As mentioned in table 5.3, sunflower oil
contains linoleic acid as the primary component, followed by oleic acid in the second position,
palmitic acid, stearic acid, and linolenic acid fewest component. However, in numbers, the
concentration of all methyl ester products is relatively small. The small methyl ester
concentration was caused by the short residence time due to a short tube (only 5 m). The use
of small ozone concentration since the maximum capacity of generator ozone is around 3.4%.
The challenge in applying a longer tube than 5 m is the high-pressure drop appeared
throughout the tube. Pressure drop increase with an increase in tube length. Therefore, to
flow ozone and viscous liquid (oil), a higher compressor capacity/pressure and a high-pressure
liguid pump will be needed. Further, the observation results indicate that the stable flow
pattern was not found during observation using a longer tube than 5 m. The bubble length
along the tube changed due to more pressure drop, and sometimes occurring the bubbles
coalescence phenomena.

The chromatogram Gas Chromatography shows some methyl esters compound peaks
according to the raw material. These chromatograms prove that transesterification and
ozonolysis have happened. The change in iodine value of oil at the beginning and after
ozonolysis, reinforce that the cutting process of double bonds C=C had been going on.

In series reaction transesterification-ozonolysis, total methyl ester transesterification
produced was + 24 ml from 30 ml virgin oil. Further, in ozonolysis, the total methyl ester
produced was +12 ml from 20 ml product transesterification (after washing and purifying).

In the simultaneous reactions, the total methyl ester produced was + 24 ml from 30 ml virgin
oil.

5.3.3. Reaction kinetics

In order to know the reaction kinetics of simultaneous reaction for synthesis biodiesel,
the simultaneous reactions were performed in a different residence time with the trend of
some methyl ester concentration presented in the following figures. In this part,
transesterification and ozonolysis simultaneously took place at molar ratio 1:3, temperature 30
°C, ozone flow rate 0.2 ml/min with ozone concentration around 60 — 64 gr/Nm3, and tube of
5 m long.
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Figure 5.8. The concentration of methyl linolenate and total methyl hexanoate+methyl
octanoate products

Methyl linoleate, methyl oleate, and methyl linolenate are unsaturated methyl ester
products. The concentration of methyl linoleate and methyl oleate increased nearly linear at
the beginning of ozonolysis but risen sharply in the last step, whereas methyl linolenate
appeared in a low product concentration. The concentration remains low 10-20 ppm. The
fluctuation might be caused by the reaction competition between transesterification and
ozonolysis. Transesterification is to enhance a concentration, but ozonolysis caused a decrease
in the concentration, because of the cutting process.
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Figure 5.9. The concentration of methyl stearate and methyl palmitate products

Figure 5.9 shows a similar trend in figure 5.7. Figure 5.8 indicates the slow increase of
short-chain methyl esters concentration (max 6 ppm), i.e., methyl hexanoate and methyl
octanoate. As a small concentration and there was a reaction competition, so the
concentration of these components fluctuated.

From the result, it can be estimated some important phenomenon for predicting
mechanism and reaction kinetics, as followed:

1. Transesterification and ozonolysis took place spontaneously and simultaneously. It is
indicated in figure 5.7 - 5.9, at residence time 3.39 min has been produced saturated
methyl ester consisted of methyl arachidate, methyl laurate, methyl myristate, methyl
palmitate, and methyl stearate; and unsaturated methyl ester consisted of methyl
linoleate, methyl oleate, methyl linolenate, and methyl palmitoleate) as the
transesterification products, and short-chain methyl ester with total C < 10 (methyl
hexanoate and methyl octanoate) as the ozonolysis fragment products.

2. At once, identification mentioned in point 1 proves that transesterification went well at
temperature 30 °C. In general, transesterification needs a temperature of 60 °C.

3. Figure 5.8 shows that ozonolysis is still going on until the residence time at 16.96 min. The
total concentration of methyl hexanoate and methyl octanoate tends to increase.

4. Ozonolysis performance can utilize acid and base catalyst. In a base catalyst, ozone will not
oxidize the organic compound directly but first, ozone will form OH" radical follows the
reaction mechanism:

O3+ OHF ——» 0,* + HO,*
03+H02* —» 20, + OH*

HOz** — 0, + H,0

H,0,+ O,* — OH + OH* + O,
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In an acid catalyst, ozone will react directly to attack the organic compounds follow the
reaction [10]:

O3+ R — ROX

5. Degradation of organic compounds by ozone follows a 2" order reaction mechanism, first
order for organic compound and ozone concentration, respectively [11].

5.4. Conclusion

Transesterification and ozonolysis can deliver methyl ester compounds at low reaction
temperature 30 °C and high molar ratio oil to methanol 1:3 by using sunflower oil as a
feedstock. The reactions under moderate conditions, of course, have reduced energy
consumption, which has been a challenge for biodiesel synthesis in the last decade.

In this work, transesterification is able to produce saturated methyl ester consisted of
methyl palmitate, methyl stearate, methyl laurate, methyl myristate, methyl arachidate, and
unsaturated methyl ester consisted of methyl linoleate, methyl linolenate, methyl oleate, and
methyl palmitoleate, while ozonolysis succeeded in breaking the double bonds carbon chain
unsaturated methyl esters and produced short-chain methyl ester as the fragment products,
i.e., methyl hexanoate (C;H140;) and methyl octanoate (CoH1502). Some other methyl ester
compounds always appear in the products; however, their origin is difficult to explain.

Two biodiesel synthesis methods were performed in this work involve
transesterification-ozonolysis in one pot and sequential reactions transesterification-
ozonolysis. Transesterification-ozonolysis carried out in one pot, can deliver methyl ester
products in a short time residence time around 16.96 min at low reaction temperature 30 °C.
Therefore, the use of two different reactions in one pot certainly can shorten the time of
synthesis and simplifies the process cycle. Whereas, the sequential reactions show that the
reaction carried out by using a base catalyst in both transesterification and ozonolysis cannot
improve the methyl ester products. Further, it tends to drive the loss of methyl ester, which
perhaps is caused by the reverse reaction of transesterification. Nevertheless, specific for the
sequential reaction of ozonolysis-transesterification by utilizing H.SO4 catalyst for ozonolysis
and NaOH catalyst for transesterification, this system succeeds in improving methyl ester
concentration in the final product. This reaction system can be applied for increasing the yield
of methyl ester product, but the reaction time needed is longer with a more complex synthesis
cycle.

A reaction kinetics approach has been undertaken to provide a clear picture of the
continuity of possible chemical reactions in biodiesel synthesis. From the experiment data,
transesterification and ozonolysis took place spontaneously and simultaneously with a high
mass transfer rate.
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Chapter 6

Conclusion and Future Work

6.1. Conclusion

In order to improve the yield and quality of biodiesel products in terms of stability and to
optimize the synthesis processes of biodiesel, this work has focused on utilizing simultaneous
reaction transesterification-ozonation inside the microtube reactor at involving low energy
consumption and safety in the process.

The first part of this work aims to create a framework to identify different scenarios that
can be used to choose or implement a specific GLL contacting mechanism. Three simple-
contacting models were proposed regarding that every three-phase chemical reactions always
involve the partial dissolution or diffusion of a species from one phase to another. If not, the
different species are not brought into contact, and chemical reaction is not possible. Some of
the gas-liquid-liquid applications were reviewed, and each gas-liquid-liquid reaction system
was classified in one of the proposed models for getting a description of contacting and mass
transfer mechanism so that a chemical reaction can take place. All at once, these models give
information on where the reactions occur and which one is the controlling parameter for
reaction performance. It could be in the liquid-liquid interface with the liquid-liquid mass
transfer as a controlling parameter; gas-liquid interface with the surface contact between gas
and liquid is a controlling parameter, and in the continuous liquid phase with residence time is
a controlling parameter. By understanding the model of a specific reaction, the appropriate
strategy for optimizing reaction performance can be determined. Further, it is useful for
predicting of contacting mechanism in the synthesis of biodiesel that will be explained in the
last chapter [1][2].

The second part elucidated the developed reactor technologies in the previous works for
the gas-liquid-liquid system, including a tubular reactor with static mixers, microreactor-
minichannel reactor, jet loop reactor, and rotor-stator reactor (RSR) + stirred tank reactor
(STR) tandem process. The main objective of this section is to understand gas-liquid-liquid
reactors' performance, strength, and weaknesses of each reactor and the selecting steps of
appropriate reactor type for a specific GLL reaction. Therefore, some aspects were considered
in selecting a gas-liquid contactor, which covers of contacting pattern, the mass transfer
coefficient of gas and liquid, gas and liquid flow rate, the solubility of gas in a liquid, and the
mass transfer resistance in the gas phase and or liquid film [3]. The use of a specific reactor
type must be adapted to the reactant's physical properties involved in realizing an optimum
reaction yield. Further, a better process will generate a small volume of waste, lower pollution
impact on the environment, and finally, reduce operational cost.

The first implementation of this study is the observation of gas-liquid (air-methanol)
two-phase flow in the microtube of 1 mm inside diameter. The studies have focused on the
generation of bubbles/slugs in the various tube lengths, the stability and regularity of flow
pattern inside a small tube, the influence of gas-liquid pressure drop throughout the tube on
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the generation of bubbles/slugs, and more, the effects of superficial gas and liquid velocity to
bubble length. In this preliminary study, the flow pattern observed in the tube at the range of
dimensionless number: 2.47 < ReG < 5.39; 36.45 < Rel < 109.34; and 0.000706 < Ca <0.002117
was a slug flow or Taylor flow. In this value, the inertia force and the surface tension force
have the dominant influence than the viscous force on the order of magnitude is surface
tension > inertia force > viscous force. Further, the higher pressure drop triggered the bubble
length reduction throughout the tube, although sometimes the bubble coalescence
phenomena were still occurring. Moreover, the air and methanol superficial velocities
influenced the observed bubble's length, with the dominant influence is the methanol
velocity.

The second implementation of this study is the observation of gas-liquid-liquid three-
phase flow (air-oil-methanol) in the microtube of 1 mm inside diameter. As in the previous
section, this part focused on the generation of bubbles/slugs in the various tube lengths of 1,
9, and 20 m, the stability and regularity of flow pattern inside the small tube, the influence of
air and oil/methanol flow rate on gas-liquid-liquid flow, the influence of oil-methanol inlet
position in T-junction, the determination of continuous/dispersed phase, as well as the
measurement of surface tension, interfacial tension, and contact angle of oil/methanol, with
the main purpose is to find a stable and regular flow pattern which is able to produce a large
surface area for better mass transfer. The observation result showed that the stable flow
nearly was not found in the tube of 20 and 9 m long at all experimental conditions observed.
However, it was found in a tube of 1 m long. The pressure drop rises in line with an increase in
the tube length used, and the bubbles' length sharply increased on the bigger gas to liquid
velocity ratio. Further, the methanol-oil-air configuration in the T-junction was able to produce
stable flow patterns. The studies in this section did not involve a chemical reaction because the
observations did not use catalysts. The study's results on the two-phase and three-phase flow
have become an important consideration to determine microtube design and operating
parameters to synthesize biodiesel through the three-phase reaction ozonolysis.

Then, in the last section, methyl ester was synthesized in two ways reactions, i.e., first,
transesterification and ozonolysis in one pot, and second, in the sequential reactions. This part
aims to get a biodiesel synthesis model using sunflower oil as a feedstock in the microtube.
The assumption used in this work is that the distribution of concentration is uniform in each
point inside the micro-tube. As the final product, it was found saturated methyl ester consisted
of methyl hexanoate, methyl octanoate, methyl laurate, methyl palmitate, methyl stearate,
methyl myristate, methyl arachidate, and unsaturated methyl ester consisted of methyl
linoleate, methyl oleate, methyl linolenate, and methyl palmitoleate. Some methyl ester
compounds such as methyl palmitoleate and methyl myristate almost always appear in the
product. The origin of these compounds is difficult to explain by refers to the composition of
fatty acid in the feedstock. It is an indication that other reactions have occurred during the
synthesis took place. Methyl hexanoate and methyl octanoate are found in the products.
These components are supposed as the fragmented product of unsaturated methyl ester by
ozonolysis.

The best-operating conditions for the biodiesel synthesis in current studies are the molar
ratio of oil-methanol 1:3 (oil flow rate 0.1621 ml/min and methanol flow rate 0,0652 ml/min),
ozone flow rate 0.2 ml/min, reaction temperature 30 °C, ozone concentration 60-64 gr/Nm3,
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using 5 m long tube of 1 mm ID, and 1 wt% NaOH catalyst for the reactions in one pot, and 1
wt% NaOH and 1.5 wt% H2S04 catalyst for transesterification and ozonolysis respectively in
the sequential process. Methanol is continuous-phase, and oil and ozone is a dispersed phase.
Gas-liquid-liquid contacting models can explain the simultaneous reaction mechanism, but
these models should be modified to describe the sequential reaction mechanism.

6.2. Future Work

The direct outlooks of this work concerning the biodiesel synthesis are, first, to find the
stable and regular bubbles/slugs flow inside the small tube. The caused factors of the
instability/irregularity of gas-liquid flow inside a small tube could be understood initially since
the bubbles/slugs generation step in the T-junction, and then, the flow pattern appeared
across the entire length of the tube. By understanding the cause of instability/irregularity flow
could be cultivated a solution to minimize this irregularity. Therefore, it is essential to use a
transparent PTFE as the tube's raw material and T-junction in this study. The regularity of flow
patterns is principal information required since the reaction carried out in the regular and
stable flow will produce a constant product concentration.

Second, ozone concentration is a critical factor in the study, which involved an ozonolysis
reaction. The current work used a relatively small ozone concentration around 60-62 gr/Nm3
or 3.4 %v/v as the ozone generator's maximum capacity. The utilizing of higher ozone
concentration is required in the studies at purposing to understand the influence of ozone on
the cutting of double-bound carbon chain (C=C) more clearly, and further, it becomes easier to
create the model of synthesis biodiesel. Utilizing small ozone concentration was not clearly
indicated the change that occurred.

Third, related to the catalyst application. The simultaneous reaction of
transesterification-ozonolysis in the previous work took place using a base catalyst
(NaOH/KOH), as has been done in this experiment. For future work, to improve the yield
product, it is necessary to enhance/reduce the percentage of the catalyst of 1 wt% in these
studies by 0.5, 1.5, or 2 wt% refers to the weight of methanol because it is not possible to mix
catalyst and oil. Sodium hydroxide is not dissolved in the oil phase.

Fourth, the experiment's result on ozonolysis in biodiesel synthesis using sunflower oil is
to get a model. In the next steps, it is essential to implement this model for synthesis biodiesel
by using the other oil type as raw material, mainly using the waste palm oil/cooking oil, which
is very abundant in Indonesia. Another interesting point of the kinetic model is the model
could be used to determine the optimum tube length in attaining the highest yield and the
residence time needed, and further, the length of tube optimum could be known.
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Appendix A

I. Calculation

1. The calculation of oil and methanol volume

P methanol (gr/ml) = 0.7915

p WCo (gr/ml) = 0.9251

Composition of sunflower oil :

Free Fatty Acid

0,

(FFA) wt% Mr (gr/gmol)
Palmitic acid 7 256.424
Stearic acid 5 284.477
Oleic acid 19 282.461
Linoleic acid 68 280.446
Linolenic acid 1 278.440
Total 100

WCO mass base =0.15 gram
_r . Zii = (7%/256.424) + (5%/284.477) + (19%/282.461) + (68%/280.446) +
Mr WCO Mr

L%/ 27158.44)

=0.00358203

Molecular weight of WCO = Mr WCO =279.1714 gr/gmole

Mole weo = M2ssOfFWCO _ 1 ¢ /579.1714 = 0.000537 mole

Mr WCO

For mole ratio WCO : methanol = 1:5,

fWCO
Volume WCO (ml) = 123972 0.162145 ml

Pwco
Mole methanol =5 x 0.0005373 = 0.002687 mole

massof methanol _ (NXMF), a0l

Volume methanol = =0.108615 ml

pmethanol pmethanol

The calculation result of WCO-oil molar ratio is shown in table below:

Molar Ratio Volume (ml) Volume
WCO methanol WCO methanol Total (ml)
1 3 0.1621  0.0652 0.2273
1 6 0.1621 0.1303 0.2925
1 7 0.1621 0.1521 0.3142
1 8 0.1621  0.1738 0.3359
1 9 0.1621 0.1955 0.3577
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2. The calculation of KI powder (gr) that is used for Kl solution (ozone trap)
Reaction between ozone and Kl:

2e + O3+ H,0 -——nm- > 0, + 20H- (reduction)
p ) — > 1, + 2e (oxidation)
O; + 2" + HO - > 0z + 20H + I,

The reaction product will be analyzed by titration Na,S,0; to measure the concentration of Kl

solution:
I, + S503 -—------ > .
2e + I -—mm- > 2I
25,03 - > 54062 + 2e
l, + 25,05% —-mmm- > 21 + S,06%

Mass molecule relative: Mr Kl =166 gr/gmole, Mr O; = 48 gr/gmole
The concentration of ozone output ozone generator is 35 gr/m?

Ozone concentration is the ratio between ozone outputs to oxygen flow, therefore it can be
stated that: ozone output = 35 gr/time
Oxygenflow =1 m?/time

Ozone output = 35 gr/time = 35/48 mole/time = 0.7282 mole/time
Assuming that oxygen is an ideal gas, therefore the calculation can be used the formula P.V =
n.R.T

P = 1atm V = 1m3/time
R = 8.21. 10 m*.atm/mole.K T = 298K
= oxygen flow = P.V/(R.T) = 40.9.10™ mole/time
tput
% ozone = ozoneoutput _ 1.78 %
oxygenflow

The concentration of KI needed in Kl solution (ozone trap) is based on the reaction in the right
side:

Mole Kl
Mass Kl

2 xmole O; = 0.0357 mole
mole Kl x the molecular relative of Kl =5.919694 gr

Il. Method to measure contact angle, surface tension and interfacial tension

a. Contact angle

In general, the method used to measure the contact angle between liquid and teflon as a raw
material of the tube consists of first, makes a drop of liquid on the teflon surface using a pipette.
Second, the contact angle formed between liquid and teflon surface was recorded by a camera, and
next, analyzing the photos of contact angle manually using a protractor.

b. Surface tension and interfacial tension
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Nouy tensiometer is a tool for measuring surface tension and interfacial tension. Surface
tension was measured by inserting a platinum ring into a solution and then bringing it to the surface
by lowering the liquid buffer as well as keeping the beam remains horizontal so that the ring could
come out of the surface. The same procedure applied to measure interfacial tension. The ring was
immersed in the first solution, then a second solution was added gently on topside, and the force
was adjusted until the ring released from the two liquid phase interface. The measurements with
methanol were made with pure methanol and concentrated methanol plus methylene blue. Each
measurement was done three times, and the average value was calculated.

Rotating
disk

Support
Support of

liquid tray

Figure 1. Sketch of Tensiometer Nouy
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Appendix B

1. Observation two phases flow pattern (gas-liquid).
a. Tube (ID 1 mm), cross sectional area tube = 0.785 mm?, tube = 30 meters long.

at. QB gm0 Lbin (mm) Lbout — Lsin — Lsout 0 i P OUES
(ml/min (ml/min) (m/s) (mm) (mm) (mm) Lb in
1.50 0.75 0.0318 0.0159 irregular bubble/ slug length - - 0.50 - -
1.00 0.75 0.0212 0.0159 irregular bubble/ slug length - - 0.75 - -
1.00 1.50 0.0212 0.0318 irregular bubble/ slug length - - 1.50 - -
0.40 2.00 0.0085 0.0425 20 40 37.5 22 5.00 40.00 2.00
0.40 2.25 0.0085 0.0478 23 43 37 32 5.63 46.00 1.87
0.40 2.45 0.0085 0.0520 23 45 32 35 6.13 46.00 1.96
0.40 2.70 0.0085 0.0573 26 48 36 36 6.75 52.00 1.85
0.20 2.70 0.0042 0.0573 28 43 20 25 13.50 56.00 1.54
0.20 2.25 0.0042 0.0478 28 40 20 10 11.25 56.00 1.43
0.10 2.75 0.0021 0.0584 35 45 6 37 27.50 70.00 1.286
0.10 2.25 0.0021 0.0478 30 38 7 35 22.50 60.00 1.267
0.10 2.00 0.0021 0.0425 28 35 7.5 36 20.00 56.00 1.250
0.10 1.50 0.0021 0.0318 28 35 8 20 15.00 56.00 1.250
2.00 2.75 0.0425 0.0584 irregular bubble/ slug length 1.38 - -
2.00 2.25 0.0425 0.0478 irregular bubble/ slug length 1.13 - -
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b. Tube (ID 0.53 mm), cross sectional area tube = 0.22051 mm?, tube = 1 meter long.

L G UL uG . .
(ml(/lmin) (ml(;min) (m/s)  (m/s) Lb in (mm) UG/UL Lb/Win
0.05 0.10 0.0038 0.0076 unstable bubble velocity 2.000 -
0.05 0.20 0.0038 0.0151 unstable bubble velocity 4.000 -
0.10 0.20 0.0076  0.0151 unstable bubble velocity 2.000 -
0.10 0.15 0.0076  0.0113 unstable bubble velocity 1.500 -
0.07 0.10 0.0049 0.0076 - 1.538 -
0.07 0.13 0.0049  0.0098 - 2.000 -
0.07 0.15 0.0049 0.0113 unstable bubble velocity 2.308 -
0.07 0.20 0.0049 0.0151 unstable bubble velocity 3.077 -
0.07 0.23 0.0049 0.0174 unstable bubble velocity 3.538 -
1.50 0.75 0.1134  0.0567 unstable bubble velocity 0.500 -
1.00 0.75 0.0756  0.0567 unstable bubble velocity 0.750 -
1.00 1.50 0.0756 0.1134 unstable bubble velocity 1.500 -
0.10 1.00 0.0076  0.0756 49.25 10.000 98.50
0.09 1.00 0.0068  0.0756 55.83 11.111 111.67
0.08 1.00 0.0060  0.0756 65.25 12.500 130.50
0.07 1.00 0.0049  0.0756 94.00 15.385 188.00
0.07 0.80 0.0049  0.0605 93.00 12.308 186.00
0.06 0.80 0.0042  0.0605 121.50 14.545 243.00
0.90 0.80 0.0680 0.0605 20.50 0.889 41.00
0.75 0.80 0.0567  0.0605 18.75 1.067 37.50
0.65 0.80 0.0491  0.0605 20.50 1.231 41.00
0.45 0.80 0.0340 0.0605 24.00 1.778 48.00
0.25 0.80 0.0189  0.0605 34.80 3.200 69.60
0.10 0.80 0.0076  0.0605 77.83 8.000 155.67
0.50 1.15 0.0378 0.0869 25.90 2.300 51.80
0.50 1.35 0.0378 0.1020 24.07 2.700 48.14
0.50 1.55 0.0378 0.1172 26.56 3.100 53.13
0.40 2.25 0.0302 0.1701 54.00 5.625 108.00
0.40 2.45 0.0302 0.1852 55.00 6.125 110.00
0.40 2.70 0.0302 0.2041 60.00 6.750 120.00
0.20 2.70 0.0151 0.2041 71.50 13.500 143.00

c. Tube (ID 1.5 mm), cross sectional area tube = 1.766 mm?, tube = 6 meter long.

QL QG UL uG Lb in Lb out Lsin Ls out . Lb out/

(ml/min)  (ml/min)  (m/s) (m/s) (mm) (mm) (mm) (mm) UGUL Lot Lbin
1.5 0.75 0.0142 0.0071 1.5 2.5 17 18 0.500 3.00 1.667
1.0 0.75 0.0094 0.0071 3.0 2.5 16 17 - 6.00 -
0.4 2.00 0.0038 0.0189 2.0 3.0 3.5 3.5 5.000 4.00 1.500
0.4 2.25 0.0038 0.0212 2.5 3.5 3.5 3.5 5.625 5.00 1.400
0.4 2.70 0.0038 0.0255 2.5 4.0 3.5 3.5 6.750 5.00 1.600
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0.4
0.2
0.1
0.1
0.175
2.0

2.0
0.3

3.25
2.70
2.25
1.50
1.50
2.75

2.25
1.50

0.0038
0.0019
0.0009
0.0009
0.0017
0.0189

0.0189
0.0028

0.0307
0.0255
0.0212
0.0142
0.0142
0.0259

0.0212
0.0142

3.0
1.35
4.5
4.5
4.0

4.0 3.0
1.9 11
5.5 1.5
6.0 1.5
5.0 2.0

3.0
11
1.5
1.5
2.0

8.125
13.500
22.500
15.000

8.571

1.375

1.125
5.000

6.00
2.70
9.00
9.00
8.00

1.333
1.407
1.222
1.333
1.250

d. Tube (ID 1.5 mm), cross sectional area tube = 1.766 mm?, tube = 6 meter long.

L G UL Lbin Lbin .
(ml(/lmin) (ml(}min) (m/s) emie) (cm) (mm) JEGLIL - Loy

0.10 1.00 0.0236 0.2359 1.27 12.67 10.00 25.33
0.09 1.00 0.0212 0.2359 1.14 11.44 11.11 22.88
0.75 0.80 0.1769 0.1887 0.70 7.03 1.07 14.07
0.90 0.80 0.2123 0.1887 0.80 8.00 0.89 16.00
0.08 1.00 0.0189 0.2359 unstable - 12.50 -
0.06 0.80 0.0142 0.1887 unstable - 13.33 -
0.75 1.00 0.1769 0.2359 unstable - 1.33 -
0.65 0.90 0.1533 0.2123 unstable - 1.38 -
0.45 0.90 0.1062 0.2123 unstable - 2.00 -
0.25 0.95 0.0590 0.2241 unstable - 3.80 -
0.25 0.75 0.0590 0.1769 unstable - 3.00 -
0.15 0.75 0.0354 0.1769 unstable - 5.00 -
0.06 1.25 0.0142 0.2949 unstable - 20.83 -

2. The data observation of the influence of the pressure drop air-methanol to the bubble
length between the entrance and the end section of channel.
a. Tube dl =1 mm, deh = 1 mm, 30 meters long

aL QG uL UG fetein  '3o*"  Vbin  Vbout _Lbout(mm)
(ml/min)  (ml/min)  (m/s) (m/s) (bar) (bar) (mm?)  (mm?)  theo exp
0.40 2.00 0.00849 0.04246 0.13199 1.14524 4.86161 5.49489 6.99 8.56
0.40 2.25 0.00849 0.04777  0.13050 1.14375 5.74554 6.48554 8.25 9.93
0.40 2.45 0.00849 0.05202 0.13519 1.14844 6.11735 6.93351 8.82 11.64
0.40 2.70 0.00849 0.05732 0.14269 1.15594 6.33482 7.22695 9.20 11.57
0.20 2.70 0.00425 0.05732 0.10257 1.11582 8.25000 9.08514 11.56 16.00
0.20 2.25 0.00425 0.04777 0.09153 1.10478 7.96939 8.68932 11.06 14.79
0.10 2.75 0.00212 0.05839 0.09334 1.10659 8.39732 9.17086 11.67 18.28
0.10 2.25 0.00212 0.04777 0.07762 1.09087 8.29911 8.93489 11.37 17.11
0.10 2.00 0.00212 0.04246 0.07233 1.08558 8.25000 8.83890 11.25 17.07
0.10 1.50 0.00212 0.03185 0.05725 1.07050 8.08163 8.53828 10.87 16.29
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b. Tube dl = 1.5 mm, dcn = 1 mm, 30 meters long

aL QG uL UG ApTein ' '3'"  Vbin Vbout _ Lbout(mm)
(ml/min)  (ml/min)  (m/s) (m/s) (bar) (bar) (mm3)  (mm3)  theo exp
1.00 3.03 0.02123 0.06433 0.18808 1.20133 6.5040 7.7112 9.8143 13.2500
1.00 2.80 0.02123 0.05945 0.17863 1.19188 6.5040 7.6506 9.7371 12.3889
1.00 2.60 0.02123 0.05520 0.17536 1.18861 6.1548 7.2199 9.1890 11.4375
1.00 2.40 0.02123 0.05096 0.17321 1.18646 5.7455 6.7277 8.5626 11.2500
1.00 2.20 0.02123 0.04671 0.16246 1.17571 5.7357 6.6553 8.4704 10.9000
1.00 2.00 0.02123 0.04246 0.16096 1.17421 5.3036 6.1461 7.8222 10.7143
1.75 2.00 0.03715 0.04246 0.20837 1.22162 5.1071 6.1574 7.8367 9.3333
c. Tube dl =1 mm, den =1 mm, 20 meters long
aL QG uL UG APTPin  '32"  Vbin  Vbout _ Lbout(mm)
(ml/min) (ml/min) (m/s) (m/s) (bar) (bar) (mm?3) (mm3) theo exp
2.00 3.00 0.04246 0.06369 0.1498 1.1630 6.50397 7.46530 9.501 11.188
3.00 3.00 0.06369 0.06369 0.2475 1.2607 3.89286 4.84364 6.165 7.875
4.00 6.00 0.08493 0.12739 0.3465 1.3597 4.22321 5.66731 7.213 9.438
5.75 6.00 0.12208 0.12739 0.4976 1.5109 2.43080 3.62458 4.613 5.308
6.00 2.75  0.12739 0.05839 0.5627  1.5760 1.10000 1.71093 - -
1.50 3.00 0.03185 0.06369 0.0981 1.1113 9.11842 10.00109 12.729 19.000
d. Tube dl =1 mm, dey = 1.5 mm, 6 meters long
aL QG uL UG fetein T 02" Vbin  Vbour Lbout(mm)
(ml/min) (ml/min) (m/s) (m/s) (bar) (bar) (mm?3) (mm?®)  theo exp
0.175 1.500 0.0017 0.0142 0.00161 1.01486 11.73214 11.75077 6.647 6.800
0.100 1.500 0.0009 0.0142 0.00148 1.01473 11.75625 11.77345 6.660 6.875
0.100 2.250 0.0009 0.0212 0.00180 1.01505 14.36384 14.38937 8.139 8.500
0.200 2.700 0.0019 0.0255 0.00276 1.01601 11.49107 11.52232 6.518 6.625
0.400 3.250 0.0038 0.0307 0.00360 1.01685 11.38058 11.42103 6.460 6.813
0.400 2.700 0.0038 0.0255 0.00306 1.01631 11.78571 11.82133 6.687 6.750
0.400 2.250 0.0038 0.0212 0.00281 1.01606 10.98597 11.01644 6.232 6.714
0.400 2.000 0.0038 0.0189 0.00255 1.01580 10.98597 11.01356 6.230 6.714
3. The data observation of the influence of gas-liquid superficial velocity to bubble length
a. Tube deh = 1 mm, 20 meters long
Bubble length
QL QG UL UG UTP UG/UL Std
(ml/min) (ml/min) (m/s) (m/s) (m/s) 0 Lt LtLo a"(‘z:)ge dev
2 3 0.0424 0.0636 0.1061 1.500 1.95 2.75 0.80 0.805556 0.039087
3.50 4,25 0.75
4,70 5.50 0.80
5.95 6.70 0.75
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5.75

3

6

6

2.75

0.0636

0.0848

0.1220

0.1273

0.0636

0.1273

0.1273

0.0583

0.1273

0.2121

0.2492

0.1856

1.000

1.500

1.043

0.458
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7.20
8.75
10.05
11.15
12.50
2.45
3.40
4.45
5.45
6.50
7.55
8.45
9.45
10.45
11.45
12.60
2.25
3.15
4.10
5.05
6.15
7.10
8.05
9.00
9.85
10.85
11.75
12.65
2.75
3.35
4.00
4.70
5.30
5.95
6.65
7.30
7.90
8.60
9.20
9.85
10.55
11.20
11.85
13.15
3.50
4.00

8.00
9.60
10.85
12.00
13.35
2.90
3.85
4.95
5.95
7.00
8.00
9.00
10.00
10.95
11.90
13.15
2.75
3.70
4.65
5.60
6.70
7.65
8.65
9.50
10.45
11.35
12.20
13.20
3.10
3.65
4.30
5.00
5.60
6.25
6.95
7.55
8.25
8.85
9.50
10.15
10.85
11.55
12.20
13.50
3.65
4.15

0.80
0.85
0.80
0.85
0.85
0.45
0.45
0.50
0.50
0.50
0.45
0.55
0.55
0.50
0.45
0.55
0.50
0.55
0.55
0.55
0.55
0.55
0.60
0.50
0.60
0.50
0.45
0.55
0.35
0.30
0.30
0.30
0.30
0.30
0.30
0.25
0.35
0.25
0.30
0.30
0.30
0.35
0.35
0.35
0.15
0.15

0.495455

0.537500

0.309375

0.140000

0.041560

0.043301

0.032755

0.020702



465 480 0.5
545 560 0.15
630 640 0.10
7.00 7.15 0.15
7.55 7.70 0.15
815 830 0.5
885 9.00 0.5
9.70 9.80 0.10
1030 1040 0.10
11.25 11.40 0.15
11.90 12.05 0.15
12.50 12.65 0.15
13.40 13.55 0.15
15 3 0.0318 0.0636 00955 2.000 270 3.75 1.05 1.046429  0.036502
4.20 5.25 1.05
5.95 7.00 1.05
7.40 8.45 1.05
910 1010 1.00
1060 11.60 1.00
12.10 13.10 1.00
3.20 4.25 1.05
4.60 5.65 1.05
5.90 7.00 1.10
7.50 8.60 1.10
10.20 11.25 1.05
11.40 12.40 1.00
13.10 14.20 1.10
b. Tube den = 1 mm, 30 meters long
aL QG UL UG UTP UG/UL Bubble length std
(ml/min) (ml/min) (m/s) (m/s) (m/s) 0 Lt Lo a"(‘zrr:)ge Dev
2 3 0.0424 0.0636 0.1061 1.500 2.55 3.18 0.63 0.627500 0.008660
3.51 4,13 0.62
4.50 5.11 0.61
5.48 6.11 0.63
6.48 7.12 0.64
7.49 8.12 0.63
8.47 9.10 0.63
9.42 10.04 0.62
10.38 11.00 0.62
11.34 1197 0.63
12.30 12.93 0.63
13.25 13.89 0.64
3 3 0.0636 0.0636 0.1273 1.000 3.05 3.45 0.40 0.411429 0.009493
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5.75

6

6

2.75

0.0848 0.1273 0.2121

0.1220 0.1273 0.2492

0.1273 0.0583 0.1856

1.500

1.043

0.458
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3.88
4.70
5.53
6.37
7.19
8.01
8.82
9.64
10.44
11.23
12.05
12.85
13.69
4.60
5.40
6.21
7.02
7.86
8.66
9.47
10.26
11.05
11.83
12.60
13.39
14.18
14.96
15.72
2.69
3.40
4.12
4.89
5.60
6.32
7.08
7.80
8.53
9.29
10.00
10.70
11.44
12.19
12.90
13.65
14.40
4.60

4.30
5.12
5.95
6.78
7.61
8.41
9.23
10.04
10.84
11.65
12.47
13.27
14.09
5.05
5.86
6.68
7.49
8.31
9.12
9.91
10.70
11.50
12.27
13.05
13.84
14.61
15.40
16.18
2.98
3.70
4.41
5.20
5.90
6.63
7.37
8.10
8.82
9.59
10.30
11.00
11.75
12.48
13.20
13.95
14.70
4.80

0.42
0.42
0.42
0.41
0.42
0.40
0.41
0.40
0.40
0.42
0.42
0.42
0.40
0.45
0.46
0.47
0.47
0.45
0.46
0.44
0.44
0.45
0.44
0.45
0.45
0.43
0.44
0.46
0.29
0.30
0.29
0.31
0.30
0.31
0.29
0.30
0.29
0.30
0.30
0.30
0.31
0.29
0.30
0.30
0.30
0.20

0.450667 0.011629

0.298824 0.006966

0.195714 0.006462



5.45 5.65 0.20

6.30 6.49 0.19

7.15 7.35 0.20

8.00 8.20 0.20

8.83 9.03 0.20

9.69 9.89 0.20

10.50 10.70 0.20

11.32 1151 0.19

12.15 1233 0.18

1295 13.14 0.19

13.80 13.99 0.19

14.60 14.80 0.20

15.43 15.63 0.20
c. Tube dch = 1.6 mm, 6 meters long
QL QG UL UG UTP Lbin Lbin Std Lsin Std UG/UL
(ml/min) (ml/min) (m/s) (m/s) (mm) (cm) Dev (mm) Dev
0.175 1.500 0.0017 0.0142 0.0158 6.636 0.664 0.0452 1.682 0.0252 8.571
0.100 1.500 0.0009 0.0142 0.0151 6.800 0.680 0.0412 1.611 0.0220 15.000
0.100 2.250 0.0009 0.0212 0.0222 8.250 0.825 0.0443 1.563 0.0320 22.500
0.200 2.700 0.0019 0.0255 0.0274 6.563 0.656 0.0378 1.625 0.0354 13.500
0.400 3.250 0.0038 0.0307 0.0344 6.438 0.644 0.0417 1.688 0.0530 8.125
0.400 2.700 0.0038 0.0255 0.0293 6.778 0.678 0.0354 1.750 0.0378 6.750
0.400 2.250 0.0038 0.0212 0.0250 6.214 0.621 0.0393 1.786 0.0699 5.625
0.400 2.000 0.0038 0.0189 0.0226 6.214 0.621 0.0267 1.786 0.0636 5.000
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4. The influence of air and oil/methanol flow rate to GLL flow by using tube length of 1 m.
a. The influence of air flow rate to GLL flow

Ratio Quil Quieon Qair Qtot-lig ULsi  Ulmeon UL uG Lb Std Lsoi Std  LSmeon
Oil: MeOH  (ml/min) (ml/min) (ml/min) (ml/min) (m/s) (m/s) (m/s) (m/s) (mm) Dev (mm) Dev (mm)
1:5 0.757 0.507 0.50 1.264 0.016 0.0108 0.0268 0.0106 2.77 0.0634 3.25 0.0771 1.596
1:5 0.757 0.507 1.00 1.264 0.016 0.0108 0.0268 0.0212 3.97 0.1144 2.42 0.0557 1.166
1:5 0.757 0.507 1.50 1.264 0.016 0.0108 0.0268 0.0318 4.88 0.1930 2.00 0.0691 0.954
1:5 0.757 0.507 1.75 1.264 0.016 0.0108 0.0268 0.0372 5.44 0.1447 1.87 0.0593 0.986
1:5 0.757 0.507 2.00 1.264 0.016 0.0108 0.0268 0.0425 594 0.1764 1.77 0.0679 0.922
1:5 0.757 0.507 2.50 1.264 0.016 0.0108 0.0268 0.0531 7.09 0.1290 1.70 0.0628 0.878
1:5 0.757 0.507 3.50 1.264 0.016 0.0108 0.0268 0.0743 9.33 0.3351 1.35 0.0404 0.811
Std .
Dev L-unit UG/UL UG/UL; UG/ULmeoH U Loii/ULmeon
0.1028 7.6166 0.40 0.661 0.9864 1.4928
0.0890 7.5509 0.79 1.322 1.9728 1.4928
0.0929 7.8322 1.19 1.982 2.9592 1.4928
0.0785 8.2964 1.38 2.313 3.4524 1.4928
0.1118 8.6347 1.58 2.643 3.9456 1.4928
0.0773 9.6628 1.98 3.304 49319 1.4928
0.0878 11.4966 2.77 4.625 6.9047 1.4928
b. The influence of oil/methanol flow rate to GLL flow
Ratio Qui Qureon Qur Quotiq ULe ULmeot uL UG Lb Std  Ls(oil)  Std
oil : MeOH (ml/min) (ml/min) (ml/min) (ml/min) (m/s) (m/s) (m/s) (m/s) (mm) Dev (mm) Dev
1:10 0.6411 0.8589 1.50 1.5000 0.013611 0.01823567 0.031847 0.031847 5.480 0.1319 1.818 0.0887
1:9 0.6810 0.8211 1.50 1.5021 0.014459 0.01743312 0.031892 0.031847 3.597 0.2251 1.565 0.1401
1:8 0.7242 0.7762 1.50 1.5004 0.015376 0.01647983 0.031856 0.031847 3.722 0.1633 1.615 0.0499
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1:7 0.7266 0.7782 1.50 1.5048 0.015427 0.01652229 0.031949 0.031847 3.840 0.0852 1.620 0.0484
1:5 0.8983  0.6017 1.50 1.5000  0.019072 0.01277495 0.031847 0.031847 3.820 0.1365 1.928  0.0688
1:4 0.9772  0.5237 1.50 1.5009  0.020747 0.0111189 0.031866 0.031847 5.073 0.1695 2.339  0.0619
1:3 1.0702 0.4301 1.50 1.5003 0.022722 0.00913163 0.031854 0.031847 4.975 0.1381 2.555 0.0764

LSMeOH Std Dev L-unit UG/UL UG/U Lon UG/U LMeOH ULou/ULMeOH

2.0225 0.0658  9.3201 1.00 2.340 1.74642 0.74642

1.2537 0.1936  6.4160 1.00 2.203 1.82682 0.82938

1.2649 0.1688  6.6014 1.00 2.071 1.93249 0.93301

1.2141 0.0667 6.6750 1.00 2.064 1.92753 0.93369

0.9664 0.1061 6.7140 1.00 1.670 2.49294 1.49294

1.1291 0.0640 8.5407 1.00 1.535 2.86424 1.86595

0.8588 0.0646 8.3895 1.00 1.402 3.48756 2.48826
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